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Preface to the Third Edition

The techniques of process design continue to improve
as the science of chemical engineering develops new and
better interpretations of fundamentals. Accordingly, this
third edition presents additional, reliable design methods
based on proven techniques and supported by pertinent
data. Since the first edition, much progress has been made
in standardizing and improving the design techniques for
the hardware components that are used in designing
process equipment. This standardization has been incor-
porated in the previous and this latest edition, as much as
practically possible. Although most of the chapters have
been expanded to include new material, some obsolete
information has been removed. Chapter 8 on Distillation
has incorporated additional multicomponent systems
information and enlarged batch separation fundamentals.
The variety of the mechanical hardware now applied to
distillation separations has greatly expanded, and Chapter
9 has been significantly updated to reflect developments
in the rapidly expanding packed tower field. References
are also updated.

The many aspects of process design are essential to the
proper performance of the work of chemical engineers,
and other engineers engaged in the process engineering
design details for chemical and petrochemical plants.
Process design has developed by necessity into a unique
section of the scope of work for the broad spectrum of
chemical engineering.

The purpose of these 3 volumes is to present tech-
niques of process design and to interpret the results into
mechanical equipment details. There is no attempt to pre-
sent theoretical developments of the design equations.
The equations recommended have practically all been
used in actual plant equipment design, and are consid-
ered to be the most reasonable available to the author, and
still capable of being handled by both the inexperienced
as well as the experienced engineer. A conscious effort has
been made to offer guidelines to judgment, decisions and
selections, and some of this will be found in the illustrative
problems.

The text material assumes that the reader is a graduate
or equivalent chemical or related engineer, having a

ix

sound knowledge of the fundamentals of the profession.
From this background the reader is led into the tech-
niques of design required to actually design as well as
mechanically detail and specify. It is my philosophy that
the process engineeer has not adequately performed
his/her function unless the results of a process calculation
for equipment are specified in terms of something that
can be economically built, and which can by visual or men-
tal techniques be mechanically interpreted to actually per-
form the process function for which it is being designed.
This concept is stressed to a reasonable degree in the var-
ious chapters.

As a part of the objective, the chapters are developed by
the design function of the designing engineer and not in
accordance with previously suggested standards for unit
operations. In fact some chapters use the same principles,
but require different interpretations when recognized in
relation to the process and the function the equipment per-
forms in this process.

Due to the magnitude of the task of preparing such
material in proper detail, it has been necessary to drop
several important topics with which every designing engi-
neer must be acquainted, such as corrosion, cost estimat-
ing, economics and several others. These are now left to
the more specialized works of several fine authors. Recog-
nizing this reduction in content, I'm confident that in
many petrochemical and chemical processes the designer
will find design techniques adaptable to 75-80 percent of
his/her requirements. Thus, an effort has been made to
place this book in a position of utilization somewhere
between a handbook and an applied teaching text. The
present work is considered suitable for graduate courses in
detailed process design, and particularly if a general
course in plant design is available to fill in the broader fac-
tors associated with overall plant layout and planning. Also
see Volumes 1 and 3 of this series.

I am indebted to the many industrial firms that have so
generously made available certain valuable design data and
information. This credit is acknowledged at the appropri-
ate locations in the text, except for the few cases where a
specific request was made to omit this credit.



I was encouraged to undertake this work by Dr. James
Villbrandt, together with the late Dr. W. A. Cunningham
and Dr. J. J. McKetta. The latter two, together with the late
Dr. K. A. Kobe, offered many suggestions to help establish
the usefulness of the material to the broadest group of
engineers. Dr. P. A. Bryant, a professor at Louisiana State
University, contributed significantly to updating the sec-
ond edition’s Absorption and Stripping section.

In addition, I am deeply appreciative of the courtesy of
The Dow Chemical Co. for the use of certain noncredited
materials, and their release for publication. In this regard,
particular thanks are given to Mr. N. D. Griswold and
Mr. J. E. Ross. The valuable contribution of associates in

checking material and making suggestions is gratefully
acknowledged to H. F. Hasenbeck, L. T. McBeth, E. R.
Ketchum, J. D. Hajek, W. J. Evers, D. A. Gibson.

The contribution of Western Supply Co. through Mr.
James E. Hughes is also acknowledged with appreciation.

The courtesy of the Rexall Chemical Co. to encourage
continuation of this work is also gratefully appreciated.

I have incorporated my 27+ years of broad industrial
consulting in process design, project management, and
industrial safety relating to fires and explosions as may be
applicable.

Ernest E. Ludwig, P. E.
Baton Rouge, Louisiana



Chapter
8

Distillation

Part 1: Distillation Process Performance

Efficient and economical performance of distillation
equipment is vital to many processes. Although the art
and science of distillation has been practiced for many
years, studies still continue to determine the best design
procedures for multicomponent, azeotropic, batch, mul-
tidraw, multifeed and other types. Some shortcut proce-
dures are adequate for many systems, yet have limitations
in others; in fact the same might be said even for more
detailed procedures.

The methods outlined in this chapter are considered
adequate for the stated conditions, yet some specific sys-
tems may be exceptions to these generalizations. The
process engineer often “double checks” his results by
using a second method to verify the “ball-park” results, or
shortcut recognized as being inadequate for fine detail.

Current design techniques using computer programs
allow excellent prediction of performance for complicat-
ed multicomponent systems such as azeotropic or high
hydrogen hydrocarbon as well as extremely high purity of
one or more product streams. Of course, the more
straightforward, uncomplicated systems are being predict-
ed with excellent accuracy also. The use of computers pro-
vides capability to examine a useful array of variables,
which is invaluable in selecting optimum or at least pre-
ferred modes or conditions of operation.

The expense of fabrication and erection of this equip-
ment certainly warrants recognition of the quality of meth-
ods as well as extra checking time prior to initiating fabri-
cation. The general process symbol diagram of Figure 8-1
will be used as reference for the systems and methods pre-

sented. Nomenclature for (1) distillation performance
and design is on page 102 (2) absorption and stripping on
page 121 and (3) tray hydraulic design on page 221.

Equilibrium Basic Considerations

Distillation design is based on the theoretical consider-
ation that heat and mass transfer from stage to stage (the-
oretical) are in equilibrium [225-229]. Actual columns
with actual trays are designed by establishing column tray
efficiencies, and applying these to the theoretical trays or
stages determined by the calculation methods to be pre-
sented in later sections.

Dechman [109] illustrates a modification to the usual
McCabe-Thiele diagram that assumes constant molal over-
flow in a diagram that recognizes unequal molal overflow.

Distillation, extractive distillation, liquid-liquid extrac-
tion and absorption are all techniques used to separate
binary and multicomponent mixtures of liquids and
vapors. Reference 121 examines approaches to determine
optimum process sequences for separating components
from a mixture, primarily by distillation.

It is essential to calculate, predict or experimentally
determine vaporliquid equilibrium data in order to ade-
quately perform distillation calculations. These data need
to relate composition, temperature, and system pressure.

Basically there are two types of systems: ideal and non-
ideal. These terms apply to the simpler binary or two
component systems as well as to the often more complex
multicomponent systems.
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Figure 8-1. Schematic distillation tower/column arrangement with total condenser.

Figure 8-2 illustrates a typical normal volatility vapor-liq-
uid equilibrium curve for a particular component of inter-
est in a distillation separation, usually for the more volatile
of the binary mixture, or the one where separation is
important in a multicomponent mixture.

Ideal Systems

The separation performance of these systems (usually
low-pressure, not close to critical conditions, and with sim-
ilar components) can be predicted by Raoult’s Law, apply-
ing to vapor and liquid in equilibrium.

When one liquid is dissolved (totally miscible) in anoth-
er, the partial pressure of each is decreased. Raoult’s Law
states that for any mixture the partal pressure of any com-
ponent will equal the vapor pressure of that component in
the pure state times its mol fraction in the liqguid mixture.

pi = pi* x; =Py x; (8-1)

pii = Pji xj; (for a second component, i, in the system)

(8-2)

where p; = partial pressure, absolute, of one component in
the liquid solution
x; = mol fraction of component, i, in the liquid
solution
pi* = P; = vapor pressure of component, i, in its pure
state; p*;; similar by analogy

There are many mixtures of liquids that do not follow
Raoult’s Law, which represents the performance of ideal
mixtures. For those systems following the ideal gas law and
Raoult’s Law for the liquid, for each component,

(8-3)

(Raoult’s Law combined with Dalton’s Law)

yi = mol fraction of component, i, in vapor
& = system total pressure
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Figure 8-2. Continuous fractionation of binary mixtures; McCabe-Thiele Diagram with total condenser.

Raoult’s Law is not applicable as the conditions
approach critical, and for hydrocarbon mixtures accuracy
is lost above about 60 psig [81].

Dalton’s Law relates composition of the vapor phase to
the pressure and temperature well below the critical pres-
sure, that is, total pressure of a system is the sum of its
component’s partial pressure:

®=pp+pz+ps+t... 8-4)

= partial pressures of components numbered
1,2,...

where p1, po, - . .

Therefore, for Raoult’s and Dalton’s Laws to apply, the
relationship between the vapor and liquid composition for
a given component of a mixture is a function only of pres-
sure and temperature, and independent of the other com-
ponents in the mixture.

Henry’s Law applies to the vapor pressure of the solute
in dilute solutions, and is a modification of Raoult’s Law:

Henry’s Law—
pi=kx (8-5)
where p; = partial pressure of the solute

x; = mol fraction solute in solution
k = experimentally determined Henry’s constant

Referring to Figure 82, Henry’s Law would usually be
expected to apply on the vaporization curve for about the
first 1 in. of length, starting with zero, because this is the
dilute end, while Raoult’s Law applies to the upper end of
the curve.

Carroll [82] discusses Henry’s Law in detail and
explains the limitatdons. This constant is a function of the
solute-solvent pair and the temperature, but not the pres-
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sure, because it is only a valid concept in the stage of infi-
nite dilution. It is equal to the reference fugacity only at
infinite dilution. From [82]:
Strict Henry’s Law

xi Hyj=yi P (8-6)

for restrictions of: x; < 0.01 and P < 200 kPa
Simple Henry's Law

Xj HU = P (8 - 7)
for restrictions of: x; < 0.01, Yj~ 0, and P < 200 kPa

K=Yi_
Xj

(8-8)

o [P,

where Hj = Henry’s constant
x; = mol fraction of solute component, i, in liquid
P = pressure, absolute
y; = mol fraction of solute component, i, in vapor
y; = mol fraction solvent component, j, in vapor
kPa = metric pressure

Care must be exercised that the appropriate assump-
tions are made, which may require experience and/or
experimentation.

Carroll [83] presents Henry’s Law constant evaluation
for several multicomponent mixtures, i.e., (1) a non-
volatile substance (such as a solid) dissolved in a solvent,
(2) solubility of a gas in solution of aqueous electrolytes,
(3) mixed electrolytes, (4) mixed solvents, i.e., a gas in
equilibrium with a solvent composed of two or more com-
ponents, (b) two or more gaseous solutes in equilibrium
with a single solvent, (6) complex, simultaneous phase
and chemical equilibrium.

Values of K-equilibrium factors are usually associated
with hydrocarbon systems for which most data have been
developed. See following paragraph on Kfactor charts.
For systems of chemical components where such factors
are not developed, the basic relation is:

(8-9)

For ideal systems: v; =

where K; = mol fraction of component, i, in vapor phase in
equilibrium divided by mol fraction of component,
i, in liquid phase in equilibrium
K; = equilibrium distribution coefficient for system’s
component, i
p;i™* = vapor pressure of component, i, at temperature
p = total pressure of system = 7

Vv = activity coefficient
€2 = fugacity coefficient

The ideal concept is usually a good approximation for
close boiling components of a system, wherein the com-
ponents are all of the same “family” of hydrocarbons or
chemicals; for example paraffin hydrocarbons. When
“odd” or non-family components are present, the possibil-
ity of deviations from non-ideality becomes greater, or if
the system is a wide boiling range of components.

Often for preliminary calculation, the ideal conditions
are assumed, followed by more rigorous design methods.
The first approximation ideal basis calculations may be
completely satisfactory, particularly when the activities of
the individual components are 1.0 or nearly so.

Although it is not the intent of this chapter to evaluate
the methods and techniques for establishing the equilibri-
um relationships, selected references will be given for the
benefit of the designer’s pursuit of more detail. This sub-
ject is so detailed as to require specialized books for ade-
quate reference such as Prausnitz [54].

Many process components do not conform to the ideal
gas laws for pressure, volume and temperature relation-
ships. Therefore, when ideal concepts are applied by cal-
culation, erroneous results are obtained—some not seri-
ous when the deviation from ideal is not significant, but
some can be quite serious. Therefore, when data are avail-
able to confirm the ideality or non-ideality of a system,
then the choice of approach is much more straightfor-
ward and can proceed with a high degree of confidence.

K-Factor Hydrocarbon Equilibrium Charts

K-Afactors for vaporliquid equilibrium ratios are usually
associated with various hydrocarbons and some common
impurities as nitrogen, carbon dioxide, and hydrogen sul-
fide [48]. The Kfactor is the equilibrium ratio of the mole
fraction of a component in the vapor phase divided by the
mole fraction of the same component in the liquid phase.
K is generally considered a function of the mixture com-
position in which a specific component occurs, plus the
temperature and pressure of the system at equilibrium.

The Gas Processors Suppliers Association [79] provides
a more detailed background development of the K-factors
and the use of convergence pressure. Convergence pressure
alone does not represent a system’s composition effects in
hydrocarbon mixtures, but the concept does provide a
rather rapid approach for systems calculations and is used
for many industrial calculations. These are not well adapt-
ed for very low temperature separation systems.

The charts of reference [79] are for binary systems
unless noted otherwise. Within a reasonable degree of
accuracy the convergence can usually represent the com-
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position of the equilibrium for the vapor and liquid phas-
es, and is the critical pressure for a system at a specific
temperature. The convergence pressure represents the
pressure of system at a temperature when the vapor-liquid
separation is no longer possible [79]. The convergence
pressure generally is a function of the liquid phase, and
assumes that the liquid composition is known from a flash
calculation using a first estimate for convergence pressure,
and is usually the critical pressure of a system at a given
temperature. The following procedure is recommended
by Reference 79:

Step 1. Assume the liquid phase composition or make
an approximation. (If there is no guide, use the total feed
composition.) '

Step 2. Identify the lightest hydrocarbon component
that is present at least 0.1 mole % in the liquid phase.

Step 3. Calculate the weight average critical tempera-
ture and critical pressure for the remaining heavier com-
ponents to form a pseudo binary system. (A shortcut
approach good for most hydrocarbon systems is to calcu-
late the weight average T only.)

Step 4. Trace the critical locus of the binary consisting
of the light component and psuedo heavy component.
When the averaged pseudo heavy component is between
two real hydrocarbons, an interpolation of the two critical
loci must be made.

Step 5. Read the convergence pressure (ordinate) at the
temperature (abscissa) corresponding to that of the
desired flash conditions, from Figure 8-3A [79].

Step 6. Using the convergence pressure determined in
Step 5, together with the system temperature and system
pressure, obtain Kvalues for the components from the
appropriate convergence-pressure K-charts.

Step 7. Make a flash calculation with the feed composi-
tion and the K-values from Step 6.

Step 8. Repeat Steps 2 through 7 until the assumed and
calculated convergence pressures check within an accept-
able tolerance, or until the two successive calculations for
the same light and pseudo heavy components agree with-
in an acceptable tolerance.

The calculation procedure can be iterative after starting
with the first “guess.” Refer to Figure 8-3A to determine
the most representative convergence pressure, using
methane as the light component (see Figure 8-3B for
selecting K values convergence pressure.)

For a temperature of 100°F, the convergence pressure is
approximately 2,500 psia (dotted line) for the pseudo sys-
tem methane-n-pentane (see Figure 8-3C). For n-pentane
at convergence pressure of 3,000 psia (nearest chart) the
K-value reads 0.19. The DePriester charts [80] check this
quite well (see Figures 84A and B, and Figure 8-3D).

Interpolation between charts of convergence pressure can
be calculated, depending on how close the operating pres-
sure is to the convergence pressure. The Kfactor (or K-val-
ues) do not change rapidly with convergence pressure, Py
(psia) [79].

The use of the Kfactor charts represents pure compo-
nents and pseudo binary systems of a light hydrocarbon
plus a calculated pseudo heavy component in a mixture,
when several components are present. It is necessary to
determine the average molecular weight of the system on
a methane-free basis, and then interpolate the K-value
between the two binarys whose heavy component lies on
either side of the pseudo-components. If nitrogen is pre-
sent by more than 3-5 mol%, the accuracy becomes poor.
See Reference 79 to obtain more detailed explanation and
a more complete set of charts.

Non-Ideal Systems

Systems of two or more hydrocarbon, chemical and
water components may be non-ideal for a variety of rea-
sons. In order to accurately predict the distillation perfor-
mance of these systems, accurate, experimental data are
necessary. Second best is the use of specific empirical rela-
tionships that predict with varying degrees of accuracy the
vapor pressure-concentration relationships at specific tem-
peratures and pressures.

Prausnitz [54] presents a thorough analysis of the appli-
cation of empirical techniques in the absence of experi-
mental data.

The heart of the question of non-ideality deals with the
determination of the distribution of the respective system
components between the liquid and gaseous phases. The
concepts of fugacity and activity are fundamental to the
interpretation of the non-ideal systems. For a pure ideal
gas the fugacity is equal to the pressure, and for a compo-
nent, i, in a mixture of ideal gases it is equal to its partial
pressure y;P, where P is the system pressure. As the system
pressure approaches zero, the fugacity approaches ideal.
For many systems the deviations from unity are minor at
system pressures less than 25 psig.

The ratio f/f° is called activity, a. Note: This is not the
activity coefficient. The activity is an indication of how
“active” a substance is relative to its standard state (not
necessarily zero pressure), f°. The standard state is the ref-
erence condition, which may be anything; however, most
references are to constant temperature, with composition
and pressure varying as required. Fugacity becomes a cor-
rected pressure, representing a specific component’s devi-
ation from ideal. The fugacity coefficient is:

(text continued on page 12)
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Figure 8-3B. Pressure vs. K for methane at convergence pressure of 800 psia. Used by permission, Gas Processors Suppliers Association
Data Book, 9th Ed. V. 1 and 2 (1972-1987), Tulsa, Okla.
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Figure 8-3C. Pressure vs. K for n-pentane at convergence pressure of 3,000 psia. Used by permission, Gas Processors Suppliers Association
Data Book, 9th Ed. V. 1 and 2 (1972-1987), Tulsa, Okla.
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Figure 8-3D, Pressure vs. K for ethylene at convergence pressure of 800 psia. Used by permission, Gas Processors Suppliers Association Data
Book, 9th Ed. V. 1 and 2 (1972-1987), Tulsa, Okla.
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(fext continued from page 5)

(8-10)

(8-11)

where B, C, D, etc. = virial coefficients, independent of pres-
sure or density, and for pure components
are functions of temperature only
v = molar volume
Z = compressibility factor

Fugacities and activities can be determined using this
concept.

Other important equations of state which can be related
to fugacity and activity have been developed by Redlich-
Kwong [56] with Chueh [10], which is an improvement
over the original Redlich-Kwong, and Palmer’s summary of
activity coefficient methods [51].

Activity coefficients are equal to 1.0 for an ideal solution
when the mole fraction is equal to the activity. The activi-
ty (a) of a component, i, at a specific temperature, pres-
sure and composition is defined as the ratio of the fugaci-
ty of i at these conditions to the fugacity of i at the
standard state [54].

£ (T,P,x)

a(T,P,x)=
f; (T,P°,x%)

, liquid phase

(Zero superscript indicates a specific pressure and
composition)

The activity coefficient y; is

¥; = gi— = 1.0 for ideal solution
1

The ideal solution law, Henry’s Law, also enters into
the establishment of performance of ideal and non-ideal
solutions.

The Redlich-Kister [55, 57] equations provide a good
technique for representing liquid phase activity and classi-
fying solutions.

The Gibbs-Duhem equation allows the determination of
activity coefficients for one component from data for
those of other components.

Wilson’s [77] equation has been found to be quite accu-
rate in predicting the vaporliquid relationships and activ-
ity coefficients for miscible liquid systems. The results can
be expanded to as many components in a multicompo-
nent system as may be needed without any additional data
other than for a binary system. This makes Wilson’s and

Renon’s techniques valuable for the complexities of mul-
ticomponent systems and in particular the solution by dig-
ital computer.

Renon’s [58] technique for predicting vapor-liquid rela-
tionships is applicable to partially miscible systems as well
as those with complete miscibility. This is described in the
reference above and in Reference 54.

There are many other specific techniques applicable to
particular situations, and these should often be investigat-
ed to select the method for developing the vaporliquid
relationships most reliable for the system. These are often
expressed in calculation terms as the effective “K” for the
components, i, of a system. Frequently used methods are:
Chao-Seader, Peng-Robinson, Renon, Redlich-Kwong,
Soave Redlich-Kwong, Wilson.

Azeotropes

Azeotrope mixtures consist of two or more components,
and are surprisingly common in distillation systems. There-
fore it is essential to determine if the possibility of an
azeotrope exists. Fortunately, if experimental data are not
available, there is an excellent reference that lists known
azeotropic systems, with vapor pressure information [20,
28, 43]. Typical forms of representation of azeotropic data
are shown in Figures 85 and 8-6. These are homogeneous,
being of one liquid phase at the azeotrope point. Figure 87
illustrates a heterogeneous azeotrope where two liquid
phases are in equilibrium with one vapor phase. The sys-
tem butanol-water is an example of the latter, while chlo-
roform-methanol and acetone-chloroform are examples of
homogeneous azeotropes with “minimal boiling point”
and “maximum boiling point” respectively.

A “minimum” boiling azeotrope exhibits a constant
composition as shown by its crossing of the x =y, 45° line
in Figure 88, which boils at a lower temperature than
either of its pure components. This class of azeotrope
results from positive deviations from Raoult’s Law. Like-
wise, the “maximum” (Figure 89) boiling azeotrope rep-
resents negative deviations from Raoult’s Law and exhibits
a constant boiling point greater than either pure compo-
nent. At the point where the equilibrium curve crosses x =
y, 45° line, the composition is constant and cannot be fur-
ther purified by normal distillation. Both the minimum
and maximum azeotropes can be modified by changing
the system pressure and/or addition of a third compo-
nent, which should form a minimum boiling azeotrope
with one of the original pair. To be effective the new
azeotrope should boil well below or above the original
azeotrope. By this technique one of the original compo-
nents can often be recovered as a pure product, while stll
obtaining the second azeotrope for separate purification.
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For a “minimum” boiling azeotrope the partial pres-
sures of the components will be greater than predicted by
Raoult’s Law, and the activity coefficients will be greater
than 1.0,

Y= (yip)/ (x:pi*) (8-12)
where p;* = vapor pressure of component i, at temperature
p = P = total pressure = 7
¥ = a;/x; = activity coefficient of component, i
pi = partial pressure of component i.
Raoult’s Law: p; = x;p;* = x;P1 =y, P

For “maximum” boiling azeotropes the partial pressures
will be less than predicted by Raoult’s Law and the activity
coefficients will be less than 1.0.

In reference to distillation conditions, the azeotrope
represents a point in the system where the relative volatil-
ities reverse. This applies to either type of azeotrope, the
direction of reversal is just opposite. For example in Fig-
ure 8-5 the lower portion of the x-y diagram shows that y;
> x;, while at the upper part, the y; < x;. In actual distilla-
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Lttt Figure 8-6. Acetone (1)-
- () Chloroform (2) system at
0.8} 50°C. Azeotrope formed
B by negative deviations
06k from Raoult’s Law
- | (dashed lines). Data of
ol 04 Sesonke, dissertation,
4 University of Delaware,
B used by permission,
0.2f- Smith, B.D., Design of
o Equilibrium Stage
IS A0 S Processes, McGraw-Hill
0 ?‘-5 10 New York (1963), all rights
! reserved.
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o

Figure 8-7. System with heterogeneous azeotrope-two liquid phas-
es in the equilibrium with one vapor phase. Used by permission,
Smith, B.D., Design of Equillbrium Stage Processes, McGraw-Hill,
New York (1963), all rights reserved.
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tion, without addition of an azeotrope “breaker” or solvent
to change the system characteristics, if a feed of composi-
tion 30% x; were used, the column could only produce (or
approach) pure xg out the bottom while producing the
azeotrope composition of about 65% x; and 35% xg at the
top. The situation would be changed only to the extent of
recognizing that if the feed came in above the azeotropic
point, the bottoms product would be the azeotrope com-
position, Smith [65] discusses azeotropic distillation in
detail. References 153-157, 171, and 172 describe
azeotropic design techniques.

Example 8-1: Raoult’s Law
A hydrocarbon liquid is a mixture at 55°F of:

(a) 41.5 mol % iso-butane
(b) 46.5 mol % pentane
(c) 12.0 mol % n-hexane

A vaporizer is to heat the mixture to 190°F at 110 psia.
Data from vapor pressure charts such as [48]:

900}
700-\\\ p ///
Y} ~ -~
x - N Pl %
£ so0- RN |
s f 25K
300[ //

ol
g
2
E
2
§
- -
50
- (b)
L 1 L L )] L 1 1 -
08| Figure 8-9. Acetone (1)-
2 chloroform (2) system at
0.6+ 76(_).mm Hg. Maximum
- B boiling azeotrope formed
» 04l by negative deviations
) from Raoult’s Law
B (dashed lines). Used by
0.2- permission, Smith, B.D.,
(c) Design of Equilibrium
0 o Y TS N | 015 1 L1 1 10 Stage Processes,

McGraw-Hill, New York,
(1963), all rights reserved.

(a) vapor pressure of iso-butane at 190°F = 235 psia
(b) vapor pressure of pentane at 190°F = 65 psia
(c) vapor pressure of n-hexane at 190°F = 26 psia

Specific gravity of pure liquid at 55°F [79]:
(a) iso-butane = 0.575

(b) pentane = 0.638

(c) n-hexane = 0.678

Moles in original liquid. Basis 100 gallons liquid.
Assume Raoult’s Law:

Mols iso-butane = 41.5 (8.33 x 0.575) /MW = 198.77/58.12

= 342
Mols pentane = 46.5 (8.33 x 0.638) /MW = 247.12/72.146

= 3.425
Mols n-hexane = 12 (8.33 x 0.678) /MW = 67.77/86.172

= 0.786
Total Mols = 7.681
Mol fraction iso-butane in liquid = x; = 3.42/7.631 = (.448
Mol fraction pentane in liquid = xy = 3.425/7.63 = 0.449
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Mol fraction n-hexane in liquid = xg = 0.786,/7.631 = 0.103

1.000

Mol fraction in vapor phase at 190°F. Raoult’s Law:

¥i = pi/® = (p;* x;)/x (for a binary system) (8-3)
vi = (x; P})/ (1P + x9Pg + x3P3) (for multicomponent
mixtures) (8 -13)

yi = 0.448 (235)/[(0.449) (65) + (0.448) (235) + (0.103) (26)]
=105.28/[29.185 + 105.28 + 2.678] = 105.28/[157.143]
=0.767

yo = 0.449 (65)/137.143 = 0.212
ys = 0.103 (26)/137.143 = 0.0195
3y, = 0.998 (not rounded)

Because, Pyop1 = (0.448) (235) + 0.449 (65) + 0.103 (26)
=137.14 psia

This is greater than the selected pressure of 110 psia,
therefore, for a binary the results will work out without a
trial-and-error solution. But, for the case of other mixtures
of 3 or more components, the trial-and-error assumption
of the temperature for the vapor pressure will require a
new temperature, redetermination of the component’s
vapor pressure, and repetition of the process until a clos-
er match with the pressure is obtained.

Binary System Material Balance: Constant Molal
Overflow Tray to Tray

Refer to Figure 8-1. (For an overall review see Reference
173.)
® Rectifying Section:
V,=L; +D (8-14)

For any component in the mixture; using total con-
denser see Figures 8-2 and 8-13.

Va Yni = Lo+ 1 X(n + 1)i + Dxp; (8-15)

_Ln+1 D

X i +— Xpj
Vn (n+ Di Di

Yni v, (8-16)

® Operating Line Equation:

L D
Yni =V_:X(n+l)i +V_rxDi (8-17)

For total condenser: y (top plate) = xp
e Stripping Section:

L=V,+B (8-18)

L(m +1) X(m + 1)i = Vm Ymi + Bxp; (8-19)
¢ Operating Line Equation:
y Ls X X (8-20)
= i — — XB; }
mi Vs (m+ Di Vs i

Conditions of Operation (usually fixed):

1. Feed composition, and quantity.

2. Reflux Ratio (this may be a part of the inidal
unknowns).

3. Thermal condition of feed (at boiling point, all
vapor, sub-cooled liquid).

4. Degree, type or amount of fractionation or separa-
tion, including compositions of overhead or bottoms.

5, Column operating pressure or temperature of con-
densation of overhead (determined by temperature
of cooling medium), including type of condensation,
i.e., total or partial.

6. Constant molal overflow from stage to stage (theo-
retical) for simple ideal systems following Raoult’s
Law. More complicated techniques apply for non-
ideal systems.

Flash Vaporization (see Figure 8-10)

At a total pressure, P, the temperature of flash must be
between the dew point and the bubble point of a mixture
[144~148]. Thus:

T (Bubble Point) < T (Flash) < T (Dew Point)

Flash Vapor, V -
Temperature, T
Pressure, P
Feed, F
U8 PAVAVAVAVAVAVAVAVAY
Spray from
Sparger 3
Liquid Level
]
»~ r ]
Steam, or other C
Heat Source
A — —
Liquid after, L
Vapor Flash

Figure 8-10. Schematic liquid flash tank. Note: Feed can be pre-
heated to vaporize feed partially.



16

Applied Process Design for Chemical and Petrochemical Plants

For binary mixtures [147]:

1. Set the temperature and pressure of the flash chamber.
2. Make a material balance on a single component.
FtXi=Vlyi +in (8-21)
3. Knowing F, calculate amount and composition of V
and L.
F; =F + V= mols of feed plus mols of non-condensable gases
From Henry’s Law:
FXg = Vi + L (1i/Ky) (8-22)
V=V + V; = mols of vapor formed plus mols non-
condensed gases
¥i = Ki %
4. F=Vi+L (8-224)
F E,
yi= ‘XﬁL— txﬁL (8-23)
Vi+— FE-L+—
K; K;
v =—_Lxﬂ 1 (8- 23A)
1-— (1 - —)
12 K
After calculating V, calculate the x;’s and y;’s:
iV = —FX‘L— (8-23B)
1+
R,V
Then,
)
A\
) 3 (8- 23C)
1+
KV
Calculate each y; after calculating the y;’s, calculate x;’s
as follows:
¥i = Kix; (8-8)
s0, X; = vi/K;
K =Py/n (8-23D)
Relation for K:
¥i = Kixg (8-8)
pi=Pix; (8-23E)
Pi = i (8 - 23F)
wy; = Pxy (8-23G)
i B
Xi T

where X; = mols of a component i in vapor plus mols of same

component in liquid, divided by total mols of feed
(both liquid and vapor)

= total mol fraction, regardless of whether compo-
nent is in liquid or vapor.

FXj = Vy; + Lx; (8-23H)
¥ = y/K
yi =V + L/K; (8-231)
Vav([1e L (8-28])
¥i KV
By; = 1.0
M \
yiV= FX'L (8- 23K)
= =1+ —
i=1 i=1 +KiV

v

To calculate, V, L, yi’s, and x;’s:

1

2
3

. Assume: V
. Calculate: L=F -V
. Calculate: L/V

4. Look up Kj’s at temperature and total pressure of sys-

5

6

tem
. Substitute in:
C FX‘
DI
=Ry
. If an equality is obtained from:

Veale = Vassumed the amount of vapor was satisfactory
as assumed.

' (8-24)

1+

FXg
L
KV

FX
st T
1+ 1+

KoV KsV

(8-25)
1+

(8-23B)

FX; /V

1+ L
K;V

and y; =

(8-23C)

8. Calculate each y; as in (7) above, then the x;’s are

determined:

vi = Kix
or, x; = yi/Kj
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9.K, = Py/n (8-23D)

where & = total system pressure absolute
P; = vapor pressure of individual component at
temperature, abs
X; = X = mols of a component, i, in vapor phase plus
mols of same component in liquid divided by
the total mols of feed (both liquid and vapor)
x¢ = mol fraction of a component in feed

Xr = mol fraction of any component in the feed, F,
where X¢ = F x¢/F, for all components in F; for
the non-condensable gases, xf= V;/F,

F = mols of feed entering flash zone per unit time
contains all components except non-condens-
able gases

F,=F+V;

V, =V + Vy mols of vapor at a specific temperature
and pressure, leaving flash zone per unit time

V; = mols of non-condensable gases entering with
the feed, F, and leaving with the vapor, V, per
unit time

V = mols of vapor produced from F per unit time,
F=V+L

L = mols of liquid at a specific temperature and
pressure, from F, per unit time

i = specific individual component in mixture

K = equilibrium K values for a specific component
at a specific temperature and pressure, from
References 18, 65, 79, 99, 131, 235

T = temperature, abs

¥; = mol fraction of a specific component in liquid
mixture as may be associated with feed, distil-
late, or bottoms, respectively

y; = mol fraction of a specific component in vapor
mixture as may be associated with the feed,
distillate or bottoms, respectively

10. For the simplified case of a mixture free of non-condens-
able gases, see Equation 8-23A, where X¢ = x¢.

Example 8-2: Bubble Point and Dew Point

From the hydrocarbon feed stock listed, calculate the
bubble point and dew point of the mixture at 165 psia,
and using K values as listed, which can be read from a
chart in 3rd edition Perry’s, Chemical Engineer’'s Handbook.

Feed Stock:

Composition Mol Fraction
CoHg 0.15
CgHg 0.15

n—C4H10 0.30
i-CqHyg 0.25
n—C_r,ng Q,lﬁ

1.00

17

Calculate the Bubble Point: Assume composition is liquid.

K, at Assume
Mol assumed T = 100°F,
Composition Fraction T =90°F Kx K Kx
CoHg 0.15 3.1 0.465 3.4 051
C3Hg 0.15 1.0 0150 12 0.18
n-CgHjq 0.30 0.35 0.105 0.39 0.117
i-C4Hyq 0.25 0.46 0.115 052 0.13
n-CsHyo 0.15 0.12 0.018 0.13 0.0195
1.00 0.853 0.956
(Too low)
Assume T = 105°F
K Kx
3.45 0.517
1.25 0.187
0.41 0.123
0.55 0.157
0.15 0.022
0.986
By interpolation:
0.986-0.956  1.000 - 0.986
105-100 X
x = 2.34°F
So, T = 105 + 2.34 = 107°F Bubble point at 165 psia
Calculation of Dew Point
Composition Mol Frac. Assume, T = 160°F
Vapor in Vapor _K (from charts) x=y/k
CoHg 0.15 5.1 0.0294
CgHg 0.15 1.85 0.081
n-C4H,q 0.30 0.80 0.375
i-C4Hjyg 0.25 1.00 0.250
n—C5H12 0.15 0.32 0.469
1.00 1.204=2y/K=1
Assume T Assume T
=180°F, K x=y/K =175°F K x=y/K
5.95 0.0252 5.6 0.0268
2.25 0.0666 2.2 0.0682
0.98 0.3060 0.91 0.330
1.30 0.1920 1.2 0.208
0.41 0.3660 0.39 0.385
0.9558 = Zy/K = 1 1.018 =Xy/K=1.0

Dew point is essentially 175°F at 165 psia

Example 8-3: Flashing Composition

If the mixture shown in Example 8-2 is flashed at a tem-
perature midway between the bubble point and dew point,
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and at a pressure of 75 psia, calculate the amounts and
compositions of the gas and liquid phases.

Referring to Example 8-2:
Composition Mol Fraction
CoHg 0.15
CsHg 0.15
n-C4H1g 0.0
i-C4Hjyg 0.25
n-CzHyo 0.15

1.00

Must Calculate Bubble Point at 75 psia:

Composition Mol Frac. K@30°F y=Kx K.@40°F y=Kx

CsHp 0.15 50 0.5 45 0.675
CsHg 0.15 1.2 0.18 1.07  0.1608

n-C4Hyg 0.30 0.325 0.0975 028  0.084

iC4H 1o 0.25 048 0.2 0415  0.104

n-CsHjo 0.15 0.089 0.0133 0074 0011
1.16 1.0344

Bubble point = 40°F (as close as K curves can be read)

1.00 - 1.03

Extrapolating = (1 16-1.03

] (50° - 40°) = 2.8°

Therefore, a close value of bubble point would be: 40° -
2° = 38°F

Calculate Dew Point at 75 psia

Compo- Mol K Ix = K Ix = K Ix =

_siion  Frac. @70°F yw/K @100°F _y/K @I30°F _y/K
CHg 015 59 00254 76 0.0197 95  0.0158

CsHg 015 155 0.0969 2.18 0.0688 3.0  0.050

n-C4H;p 030 045 0.668 0.70 0.428 1.06 0.283

iCqHyp 025 058 043 1.0 0.250 145 0172

0-CsHjp 015 013 1.15 0.225  0.665 037 0.405
2.87 1.4315 0.9258

(too Jow temp.)

Refer to extrapolation curve, Figure 8-11.
At 2x =y/K = 1.0, dew point = 124°F

Flash this mixture at temperature midway between bubble

38+124
point and dew point, or flash temperature = +12 = 81°F

Assume: F (feed) = 100
Pressure: = 75 psia; then tabulating the calculations:

Compo- Feed Mol. _L L X
sition Frac, x FX L/V K@B8I°F VK _ 1+VK ZyV=1+L/VK
CoHg 0.15 15 6.6 0.352 1.352 11.1
CsHpg 0.15 15 2.34 1.78 1.831 2.31 6.5

n-C4H,q 0.30 30 054 4.32 5.32 5.65

iC4H)o 0.25 25 0.77 3.02 4.02 6.22

n-CyH,9 0.15 13 0.16 146 15.6 _0.96

30.43

180° —

150° ~—%

180" —

124°
120° —

TEMPERATURE, F°

110° —

e R

CALCULATED Ex=y/K

Figure 8-11. Extrapolation curve for dew point for Example 8-3.

Vapor phase after flashing at 75 psia and 81°F = 30.4%
of original feed.
Liquid phase = 100 — 30 = 70% of original feed

Composition of Vapor

Composition Mol Fraction
CoHg 11.1/%0.43 = 0.365
CsHg 6.5/30.43 = 0.214
n-C4Hyg 5.65/30.43 = 0.186
iC4H;p 6.22/30.43 = 0.204
n-CsH;o 0.96/30.43 = 0.031
1.000
Comgposition of Liquid
Feed
Composition K@81°F Mol Fracton = x = y/K
CoHg 6.6 0.365/6.6 = 0.05b4
CsHg 1.78 0.214/1.78 = 0.120
n-C4H;q 0.54 0.186/0.54 = 0.345
iFCqHyg 0.77 0.204/0.77 = 0.265
n-CsHjo 0.16 0.031/0.16 = 0.1935
0.9789

This should be = 1.00. Inaccuracy in reading K values
probably accounts for most of the difference.

Distillation Operating Pressures

To determine the proper operating pressure for a dis-
tillation system, whether trays or packed column, exam-
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ine the conditions following the pattern of Figure 8-12
[149]. It is essential to realistically establish the condens-
ing conditions of the distillation overhead vapors, and
any limitations on bottoms temperature at an estimated
pressure drop through the system. Preliminary calcula-
tions for the number of trays or amount of packing must
be performed to develop a fairly reasonable system pres-
sure drop. With this accomplished, the top and bottom
column conditions can be established, and more detailed
calculations performed. For trays this can be 0.1 psi/actu-
al tray to be installed [149] whether atmospheric or
above, and use 0.05 psi/tray equivalent for low vacuum
(not low absolute pressure).

Because low-pressure operations require larger diame-
ter columns, use pressures for operations only as low as
required to accomplish the separation.

For high vacuum distillation, Eckles et al. [150] suggest
using a thin film or conventional batch process for indus-
trial type installations; however, there are many tray and
packed columns operating as low as 4 mm Hg, abs Eckles
[150] suggests “high vacuum” be taken as 5mm Hg, and
that molecular distillation be 0.3 — 0.003 mm Hg pressure,
and unobstructed path distillation occur at 0.5 — 0.02 mm
Hg. These latter two can be classed as evaporation process-
es. Eckles’ [150] rules of thumb can be summarized:

1. Do not use a lower pressure than necessary, because
separation efficiency and throughput decrease as
pressure decreases.

Start

Distillate and bottoms
compositions known
or estimated

Calculate bubble-point

Pressure (P} of Pp, <215 psia (1.48 MPa)
D

The requirement of bottoms temperature to avoid
overheating heat sensitive materials may become con-
trolling.

2. When separating volatile components such as a single
stream from low-volatility bottoms, use a molecular or
unobstructed path process, either thin film or batch.

3. When separating a volatile product from volatile
impurities, batch distillation is usually best.

4. Do not add a packed column to a thin film evapora-
tor system, because complications arise.

Note that good vaporliquid equilibrium data for low
pressure conditions are very scarce and difficult to locate.
However, for proper calculations they are essential. See
References 151 and 152 dealing with this.

Studies with high-pressure distillation by Brierley [239]
provide insight into some FRI studies and the effects of
pressure on performance as well as the impacts of errors
in physical properties, relative volatility, etc. This work pro-
vides important contributions to understanding and set-
ting operating pressures.

Total Condenser

In a total condenser all of the overhead vapor is con-
densed to the liquid state. When the heat load or duty on
the condenser is exactly equal to the latent heat of the sat-
urated or dew point of the overhead vapor from the distil-
lation column, the condensed liquid will be a saturated
bubble point liquid. The condenser and accumulator

Ty < Bottoms
Calculate bubble-point | decomposition or critical
temperature {Tg) temperature

of bottoms i
atPp

distillate at Use total condenser
120°F (49 °C) (Reset Py, to 30 psia
if P, <30 psi
{ Pp>215psia P psia)
Calculate Dew-point | Fp <365 psia | Estimate
pressure {P) of {2.62 MPa) bottoms
distillate at Use partial *| pressure
120°F (49°C) oon:enser (Pg)
\ Py, > 365 psia

Choose a refrigerant
0 as to operate

Ty > Bottoms
decomposition or critical
temperature

Lower pressure

partial condenser
at 415 psia
{2.86 MPa)

Py, appropriately

Figure 8-12. Algorithm for establishing distillation column pressure and type condenser. Used by permission, Henley, E. J. and Seader, J. D,
Equilibrium Stage Separation Operations in Chemical Engineering, John Wiley, © (1981), p. 43, all rights reserved.
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Vi ¥t

Distillate Product

Column A
Conditions : yy = Xp

yr in Equilibrium with
Top Tray
D is Liquid

Total Condenser

Viyg Partial Condenser
QC
Top) L1%o D,yo (Vaper) Product
Xo
| Receiver
Column B

Conditions: yp in Equilibrium with x,

Yp s Vapor

D is Vapor Product
Partial Condenser acts as One Plate with
¥p in Equilibrium with Top Tray Condensate, X,

Partigl Condenser

Figure 8-13. Total and partial condenser arrangements.

pressure will be the total vapor pressure of the conden-
sate. If an inert gas is present the system total pressure will
be affected accordingly. When using a total condenser, the
condensed stream is split into one going back into the col-
umn as reflux and the remaining portion leaving the sys-
tem as distillate product.

Partial Condenser

The effect of the partial condenser is indicated in Fig-
ure 8-13 and is otherwise represented by the relations for
the rectifying and stripping sections as just given. The key
point to note is that the product is a vapor that is in equi-
librium with the reflux to the column top tray, and hence
the partial condenser is actually serving as an “external”
tray for the system and should be considered as the iop tray
when using the equations for total reflux conditions. This
requires just a little care in step-wise calculation of the col-
umn performance.

In a partial condenser there are two general conditions
of operation:

1. All condensed liquid is returned to column as reflux,
while all vapor is withdrawn from the accumulator as
product. In this case the vapor y, = xp; Figure 8-1 and
Figure 8-14.

2. Both liquid and vapor products are withdrawn, with
liquid reflux composition being equal to liquid prod-
uct composition. Note that on an equilibrium dia-
gram the partial condenser liquid and vapor stream’s
respective compositions are in equilibrium, but only
when combined do they represent the intersection of
the operating line with the 45° slope (Figure 8-14).

1.0
y Partial Condenser -,
[+
i
\ !
g A
3 9\@ ::<
S S N
[5 &
5 &
RIS &
w v
% D =D, = Vapor
Xp =Y
0
0 Mol Fraction in Liquid, x, 10

Figure 8-14. Diagram of partial condenser; only a vapor product is
withdrawn.

Thermal Condition of Feed

The condition of the feed as it enters the column has an
effect on the number of trays, reflux requirements and
heat duties for a given separation. Figure 8-15 illustrates
the possible situations, i.e., sub-cooled liquid feed, feed at
the boiling point of the column feed tray, part vapor and
part liquid, all vapor but not superheated, and superheat-
ed vapor. The thermal condition is designated as “q,” and
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Figure 8-15. Operating characteristics of distillation columns.

is approximately the amount of heat required to vaporize
one mol of feed at the feed tray conditions, divided by the
latent heat of vaporization of the feed.

Ls=L; +gF (8-26)

q=(Ls-L)/F (8-27)

The slope of a line from the intersection point of the
feed composition, xg, with the 45° line on Figure 8-2 is
given by q/{q - 1) = - q/(1 - q). Physically this gives a
good approximation of the mols of saturated liquid that
will form on the feed plate by the introduction of the feed,
keeping in mind that under some thermal conditions the
feed may vaporize liquid on the feed plate rather than
condense any.

Liebert [218] studied feed preheat conditions and the
effects on the energy requirements of a column. This topic
is essential to the efficient design of a distillation system.

As an alternate to locating the “q” line, any value of x;
may be substituted in the “q” line equation below, and a
corresponding value of y; determined, which when plot-
ted will allow the “q” line to be drawn in. This is the line

for SV-1,V -1, PV -1, BP - I and CL - I of Figure 8-15.

yi= -l x; +-2E (8-28)
1-q 1-q
Total Reflux, Minimum Plates

Total reflux exists in a distillation column, whether a
binary or multicomponent system, when all the overhead
vapor from the top tray or stage is condensed and
returned to the top tray. Usually a column is brought to
equilibrium at total reflux for test or for a temporary plant
condition which requires discontinuing feed. Rather than
shut down, drain and then re-establish operating condi-
tions later, it is usually more convenient and requires less
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energy in the form of reboiler heat and condenser coolant
to maintain a total reflux condition with no feed, no over-
head and no bottoms products or withdrawals.

The conditions of total liquid reflux in a column also
represent the minimum number of plates required for a
given separation. Under such conditions the column has
zero production of product, and infinite heat require-
ments, and Ly/V; = 1.0 as shown in Figure 8-15. This is the
limiting condition for the number of trays and is a conve-
nient measure of the complexity or difficulty of separation.

Fenske Equation: Overall Minimum Total Trays with

Total Condenser
log (XL) ("Lh)
Xph/ \ XBI

Sm=Wmpjpp +1) =
m = Nmin +1) log a avg.

(8-29)
This includes the bottoms reboiler as a tray in the system.
See tabulation below.

Npin includes only the required frays in the column
itself, and not the reboiler.

Oayg = (Qui/hk) AVE:
D refers to overhead distillate
B refers to bottoms

_ log [(xik /Xn ) Xnk /X1 )B1
log (alk /hk) avg

(8-30)

Sm = Nmin

This applies to any pair of components. My experience
suggests adding +1 theoretical tray for the reboiler, thus
making the total theoretical trays perhaps a bit conservative.
But, they must be included when converting to actual trays
using the selected or calculated tray efficiency:

Sm+1=Nmi.n

For a condition of overall total trays allowance is to be
made for feed tray effect, ther add one more theoretical tray to
the total. As demonstrated in the tabulation to follow,
allowance should be made for the reboiler and condenser.

(8-31)

Total Partial
Condenser Reboiler Condenser Tota
Nmin +1 0 +0 Npn+1
Sm { Nmin +1 +1 +0 Np +2
Nmin +0 +1 +1 Np +2

Note that the approach recommended here is not in
agreement with Van Winkle [74], because he assumes the
reboiler and partial condenser are included in the overall
calculation for Ny ;..

Various average values of o. for use in these calculations
are suggested in the following section on “Relative Volatility.”

Because the feed tray is essentially non-effective it is sug-
gested that an additional theoretical tray be added to
allow for this. This can be conveniently solved by the
nomographs [21] of Figures 8-16 and 17. If the minimum
number of trays in the rectifying section are needed, they
can be calculated by the Fenske equation substituting the
limits of xp; for xpy, and xp;, and the stripping section can
be calculated by difference.

From Fenske’s equation, the minimum number of equi-
librium stages at total reflux is related to their bottoms (B)
and distillate or overhead (D) compositions using the
average relative volatility, see Equation 8-29.

To solve for the component split [100] in distillate or
bottoms:

(XLI() =( XLK ) (aLK_HK )Sm
XHK / p XuK /p

where

(8-32)

Sy = total number of calculated theoretical trays
at total reflux, from Equation 8-30
Xjx = X1 g = liquid mol fraction of light key
Xpk = XgK = liquid mol fraction of heavy key
Ik — hk = LK - HK = average relative volatility of column (top to
bottom)

Because a column cannot operate at total reflux and
produce net product from the column, a reflux ratio of
about 1.1 to 1.5 times the minimum reflux will usually give
practical results. Be aware that as the reflux ratio comes
down approaching the minimum, the number of theoret-
ical and then corresponding actual trays must increase.

Relative Volatility

Relative volatility is the volatlity separation factor in a
vaporliquid system, i.e., the volatility of one component
divided by the volatility of the other. It is the tendency for
one component in a liquid mixture to separate upon dis-
tillation from the other. The term is expressed as the ratio
of vapor pressure of the more volatile to the less volatile in
the liquid mixture, and therefore o  is always equal to 1.0
or greater. o1 3 means the relationship of the more volatile
or low boiler to the less volatile or high boiler at a constant
specific temperature. The greater the value of o, the easier
will be the desired separation. Relative volatility can be cal-
culated between any two components in a mixture, binary
or multicomponent. One of the substances is chosen as the
reference to which the other component is compared.

Definition of Relative Volatility: Relative Volatility of
Component 1 with respect to component 2.

oq,9 = (P1 X2)/ (Pg x1) = (y1 X2)/ (y2 X1) (8-33)

where 1,2, etc. are component identification

p = partial pressure of a component
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xg @ Mol Fraction Low Boiler in Boiler

oC @ Relative Volatility of Components,Ave.
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L/D B Actucl Refiux Ratfio at N Plates
Ny = Number of Perfect Plates at Total Reflux
N = Number of Perfect Plates at L/D Reflux

Figure 8-16. Approximate solution for N and L//D in distillation of ideal binary mixtures. Used by permission, Faasen, J.W., Industrial & Eng.
Chemistry, V. 36 (1944}, p. 248., The American Chemical Society, all rights reserved.
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Figure 8-17. Minimum reflux at infinite theoretical
plates. Used by permission, The American Chemical
Society, Smoker, E. H., Ind. Eng. Chem V. 34 (1942), p.
510, all rights reserved.
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x = liquid mol fraction of a component
y = vapor mol fraction of a component
n = system total pressure, absolute

Partial pressure:
(8-3)

Pa=TYa
Pb=7Yb

When temperature is constant and at equilibrium for a
homogeneous mixture (such as azeotrope), the composi-
tion of the liquid is identical with the composition of the
vapor, thus x; = y;, and the relative volatility is equal to 1.0.

K; =v;/x;, that s, mol fraction ofi in vapor phase

; PET— (8-9)
mol fraction of i in liquid phase

o, = K, /Ky, = relative volatility of components a to b (8-34)
where i = compound identification
r = reference compound

As previously discussed, the charts of K values are avail-
able, but do apply primarily to hydrocarbon systems. Ref-
erence 79 presents important other data on K value rela-
tionships. See Figures 84A and 84B for charts with
pressure effects included (not ideal, but practical charts).

01,2 =Ki/Kg = P1/m (8-35)
For multicomponent mixtures [79, 59]:
2=01/2x1+x2+a3/;(2}(3+a4/2)(4+.... =% (8-36)

where 1,2,3,4, . . . are components in a multicomponent

mixture

01,9 = relative volatility of component 1 with respect to
component 2

03,9 = relative volatility of component 3 with respect to
component 2,

X3/y2 = @179 (X1/¥1) (8-37)
¥1 = a1/9 X3/ (Zox) (8-38)
Y3 = Qg/2 Xg/ (Eox), etc. (8-38A)
y1/@1/9 y2/%9/9 ys/ag 9
== == =220 2/ 8-39
R Ty S e Ty IR A T S

For a binary system with constant relative volatilities:

Y1/%]

= 717/ 8-40
*2 T/ ) ©6-40)

or,

ax)

T Tr@-Dx ®-4D

Y1

Winn [99] proposes a modification to recognize tem-
perature variation effects on relative volatility. The
method does not apply to mixtures forming azeotropes or
at conditions near the critical. Kister [94] proposes:

Ki=019K

(i) \ Xnk)p
Npip =— (8-42)
In B /hi

b
In [(xlk D ( (thl )B \] Ik

« can vary with temperature, so some average o. should be
used between top and bottom temperature.

When by and By sk are constants at a fixed or constant
pressure, but evaluated for the light (1) and heavy (h) keys
at top and bottom temperatures, their relationship is [94]:

Bik/nk = K/ (Kni) PIk, at fixed pressure (8-43)

Winn’s equation reduced to Fenske’s at by, = 1.0 and

Prx/hx = Ok/nk (8-44)
Example 84: Determine Minimum Number of Trays by
Winn’s Method (used by permission [99])

The minimum number of trays necessary to debutanize
the effluent from an alkylation reactor will be calculated.
The feed, products, and vaporliquid equilibrium costants
of the key components at conditions of temperature and
pressure corresponding to the top tray and reboiler are
shown in Table 8-1.

The constants f and b are evaluated using Equation
8-43 as follows:

0.94 = p (0.70)P
3.55 = B (3.00)®

Divide to solve for value of b. Then:

3.78 = (4.29)P
b =0.913
B =1.801

By use of Winn'’s Method [99] for product rates:

b, 1-b
gl =(LTVD_) (L_”—) (%) for liquid overhead product  (8-45)
D
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Table 81
Data for Alkylation Deisobutanizer; Example 8-4 Using
Winn’s Method
Over- Equilibrium K’s
Feed, head, Bottoms, Top
Component moles moles moles tray  Reboiler
Ethylene 1 1
Ethane 2 2
Propane 48 48
Isobutane 863 848 15 0.94 3.55
n-Butane 132 71 61 0.70 3.00
Isopentane 33 e 33
n-Pentane 5 R 5
Alkylate 277 R 277
1861 970 391

Used by permission, Winn, F. W., Pet. Ref V. 37, No. 5 (1958), p. 216, Gulf
Pub. Co.

b 1-b

pU+2 o (X[l) W (E) , for vapor overhead product (8- 46)
w/\{vp) \D

where B = mols of bottoms

b = exponent in Equation 843

D = total mols of overhead product

n = minimum number of equilibrium trays in tower
K = y/x = vaporliquid equilibrium ratio for a component
L = mols of a component in liquid phase

P = vapor pressure, psia

T = absolute temperature, °R

V = mols of a component in vapor phase
W = total mols of bottoms product

x = mol fraction of a component in liquid phase

y = mol fraction of a component in vapor phase

o = relative volatility

B = constant in Equation 8-43

% = total pressure, psia

L = total mols in liquid phase

V = total mols in vapor phase

subscripts or superscripts:
D = distillate

B = bottoms
(') = heavy key component
1,2 .. .= tray number

The minimum number of theoretical stages is calculat-
ed as follows:

(1.801)7+! = (848/15) (61/71)%913 (391,/970)0-087
=453
n+l=145

This is exactly the number of stages obtained by tray-to-
tray calculations with the K correlation of Winn [236]. The

minimum number of stages by the Fenske equation, with a
geometric average o of 1.261, is 16.8. The Fenske equation
gives an answer that is too high by 2.3 stages or 16%.

For ideal systems following Raoult’s Law; relative volatil-
ity a1, = p1/pn, ratio of partial pressures.

For a binary distillation, a is calculated at top and bot-
tom conditions and a geometric mean used where the dif-
ferences are relatively small.

Cavg =D (0B)

Kister [94] recommends that the determination of o for
calculation as:

(8-47)

(1) Gtayg = @ evaluated at Tyyg = (Tiop + Tot) /2
where T = °F

(2) agyg = o at feed tray temperature

(3) Winn’s [99] method previously discussed.

(8-48)

For hydrocarbon systems, the following is often used [65]

Qir = i¥ X (8-36A)
X Kp
where i =any component
r = component to which all the relative volatilities are
referred
K; = equilibrium distribution coefficient for component, i
K; = equilibrium distribution coefficient for component
to which relative volatilities are referred

For values of a near 1.0, extreme care must be used in
establishing data, as a small change in the value of Gy,
may double the number of trays.

The exact procedure is to estimate a temperature pro-
file from top to bottom of the column and then calculate
o for each theoretical tray or stage by assuming a temper-
ature increment from tray to tray. For many systems this,
or some variation, is recommended to achieve good sepa-
ration calculations.

o = 22 (8-35)
X1 Yn

For non-ideal systems:

ay, =151 (8- 49)
Yh Ky

The vaporliquid equilibrium relationship may be deter-
mined from
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1+ (alh - 1) X]
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(8-50)

By assuming values of x1, the corresponding y; may be cal-

culated.

For hydrocarbon systems, where K; = y;/x;, then,

y1/y2 = (K1/Ks) (x1/%9), and

o;r = K;i/K; = relative volatility

(8-31)

(8-36A)

Example 8-5: Boiling Point Curve and Equilibriuun
Diagram for Benzene-Toluene Mixture

Using the vapor pressure data for benzene and toluene

[59]:

1. Construct a boiling point diagram at a total pressure
of 760 mm Hg, Figure 8-18.
2. From the boiling point diagram construct the equi-
librium x-y curve for a total pressure of 760 mm Hg,

Figure 8-19.
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Figure 8-18. Boiling point diagram for Example 8-5. Benzene-
toluene, total pressure = 760 mm Hg. Used by permission of Robin-

son & Gilliland.
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Figure 8-19. X-y diagram for benzene in benzene-toluene mixture at

760 mm Hg total pressure, Example 8-5.

Vapor pressure data as read from tables or graphs:

Temp, °G Vapor Pressure-
°C Benzene. mm Hg
80 760
90 1,000
100 1,320
110 1,740
111.5 1,760

Use Raoult’s and Dalton’s Laws:

PB = PT = TTotal

ps =Py xp

pr="Prxr

Then:x5=ﬂ
(Pg - Pr)

xr=1-xp

yr=1-ya

¥B = PB/T

where pp = vapor pressure, benzene
PT = vapor pressure, toluene

Vapor Pressure-

Toluene, mm Hg
280
410
550
740
760

1.0
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PB XB
Temp°C (Pp-Pr) (®-Pr) xg  xr B™"w  yp
80 480 480 1.0 0 1.0 0
90 590 350 0593 0.407 0.780 0.220
100 770 210 0278 0.727 0474 0.526
110 1,000 20 0.0 0.980 0.0457 0.954
111.5 1,000 0 00 1.0 0.0 1.0

Plot values of xg, xT, yT, and yg on Figure 8-18.

Example 8-6: Repeat Example 8-5 using K-values. Refer
to basis of Example 84.

Using the data from Reference 59 (pp. 221, and 233):

Temp. Rel.
°C KT Vol., aB/T* KB = (I.KJ‘ 1- KT (KB - KT)
80 0.37 2.65 0.981 0.63 0.611
90 0.53 2.48 1.314 0.47 0.784
100 0.73 2.39 1.745 0.27 1.015
110 0.97 2.35 2.28 0.03 1.31
1115 1.0 2.35 2.35 0.0 1.35
*Read from chart {59].
Xg=1-Kg/
(Kp - K1) xy=1-xg  yp=Ksxg yr=Kgxgr
*1.031 0.0 *0.981 0.0
0.60 0.40 0.789 0.212
0.266 0.734 0.464 0.535
0.0229 0.977 0.0523 0.946
0.0 1.0 0.0 1.0
*Note: If graphs could be read close, these values would be equal to 1.0.
Procedure
1. Read K value for toluene from tables or charts.
2. Read o values for benzene/toluene from Reference 59.
3. Calculate K (benzene) from: ap,1 = Kg/Kr
4. Calculate Xpenzene:
yB = K xB
yr = Kr X1

21.0= KBXB + KTXT = KBXB + KT (1 - XB)
=xg (Kg - K1) +K1
xg = (1 - K1)/ (Kg - Kr)

5. Calculate Ypenzene: Y8 = Kg %
6. Plot boiling point diagram, see Figure 8-20.
7. Plot x-y diagram, see Figure 8-21.

Example 8-7: Flash Vaporization of a Hydrocarbon
Liquid Mixture

What fraction of a liquid mixture containing 10 mole%
propane, 65% n-butane and 25% n-pentane would be

1IN

110°

100° —

TEMPERATURE, °C

90° —

¥

T T T T T T T T T

0 0.1 0.2 0.3 04 0.5 0.6 07 0.8 0.9 1.0

MOL FRACTION BENZENE ~——>
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Figure 8-20. Boiling point diagram for benzene-toluene mixture
using K values, total pressure 760 mm Hg; for Example 8-6.
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Figure 8-21. x-y diagram for benzene in benzene-toluene mixture,
760 mmHg total pressure, based on K-values, Example 8-6.
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vaporized in a flash vaporization process at a temperature
of 40°F and a pressure of 600 mm Hg abs?
The following vapor pressure data for 40°F are available:

propane 3,800 mm Hg
n-butane 820 mm Hg
n-pentane 190 mm Hg

Assume Raoult’s Law is applicable. At a total pressure, T,
the temperature of flash must be between the dew point
and bubble point.

Raoult’s Law:  p; =p1 X1 Flosg | S00mm |
K1 =y1/% {hssumed 100 m0l)) g0
myp = Py xq 7
1/x1=P1/x L
= Kl
Vapor Press. K= P L L 1 +_L_
Mol% mmHg=P 600 FX V KV KV
CsHg 10 3,800 6.34 10 0.158 1.158
nCH;,, 65 820 187 65310 078 178
nCgHyp 25 190 0317 25 316 4.16
Ve —T%
1+L/(K;V)
8.64
37.6
+6.0

V = 52.24 NOT a check, reassume

and recalculate. See Figure 8-22 for plot of results and the
resultant extrapolation. Use this type chart as a guide to
reduce the number of “guesses” to reach an acceptable
solution, After several assumptions:

1. Assume feed = 100 mols
2. Assume L = 30
3. Then: V = 100 - 30 = 70 mols

X = mols of component i in vapor plus mols of component i in
liquid divided by the total mols of feed (liquid + vapor)
F = mols of feed

Following the same headings as previous table it con-
tinues:

Vapor L L L

Mol% FX Press. _V KV _ 1+KV

CsHg 10 10 3,800 0429 0.0677 1.067
nCH;, 65 65 820 0429 0314 1314
nCsHis 25 25 190 0429 1352  2.352

NUMBER TOTAL MOLS

Applied Process Design for Chemical and Petrochemical Plants
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Figure 8-22, Extrapolation curve to determine approximate value of
“\V” for Example 8-7.

Ve FX
1+ L *y; mol. frac.
— KV R
9.38 0.135
49.4 0.711
10.63 0.153
69.41 0.999

These values are close enough for most calculations.

Therefore, after several trial-and error calculations
these results indicate that after flashing, there would be
70% vapor (approximately) of above composition and
30% (mol) liquid.

Quick Estimate of Relative Volatility

Wagle [92] presents an estimate method for the aver-
age relative volatility of two components, related to the
normal boiling points and the latent heats of vaporization
of the two components, in the temperature range of their
boiling points:

a = exp [0.25164 (1/Ty - 1/Tpe) (L} + Lg)] (8-52)
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where o = relative volatility between the two components in
the temperature range Ty, to Tyg
Ty = normal boiling point of Component 1,°K
Tpg = normal boiling point of Component 2, °K
L; = latent heat of vaporization for Component 1 at
Ty, keal/kmole
Ly = latent heat of vaporization for Component 2 at
Tb2: kcal/kmole

If a compound’s latent heat is not known, it can be esti-
mated from the normal boiling points and molecular
weight.

Example 8-8: Relative Volatility Estimate by Wagle’s
Method [92] (used by permission)

The average relative volatility of benzene and toluene
can be determined using the following data: Ty}, = 353.3
K, Ty = 383.8 K, L, = 7,352 kcal/kmole, and L; = 7,930
kcal/kmole (where the subscripts b and t denote benzene
and toluene, respectively). Substituting these values into
Equation 8-52 above, we find that:

0.25164 (—1-_—1_)
353.3 3838
Qpy = €Xp
x (7,352 + 7,930) | = 2.375

This compares with a value of 2.421 for o determined
using vapor-pressure/temperature charts.

Minimum Reflux Ratio: Infinite Plates

As the reflux ratio is decreased from infinity for the
total reflux condition, more theoretical steps or trays are
required to complete a given separation, until the limit-
ing condition of Figure 8-23 is reached where the operat-
ing line touches the equilibrium line and the number of
steps to go from the rectifying to stripping sections
becomes infinite.

If the operating lines of Figure 823 intersect at x, ¥,
outside or above the equilibrium line when insufficient
reflux is used, the separation is impossible.

This graphical representation is easier to use for non-
ideal systems than the calculation method. This is anoth-
er limiting condition for column operation, i.e., below
this ratio the specified separation cannot be made even
with infinite plates. This minimum reflux ratio can be
determined graphically from Figure 8-23, as the line with
smallest slope from xp intersecting the equilibrium line
at the same point as the “q” line for mixture following
Raoult’s Law.
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Figure 8-23. Fractionation of binary mixture at minimum reflux con-
dition.

External reflux ratio = L/D
Slope of line from xp:

(L/D)min _XD Ve

(L) - (8- 53)
Vmin (L/D)mjn +1  xp —x,

L/V = internal reflux ratio

For non-ideal mixtures the minimum L/V may be as
indicated in Figure 8-15, and hence not fixed as indicated
above.

Figure 8-17 presents a convenient and acceptably accu-
rate nomogram of Smoker’s [66].

(_1-_4) _XD~Yc
D min Yec " ¥c

where x, and y, are coordinates of intersection of mini-
mum reflux “operating” line with equilibrium curve. At
Boiling Point x. = xr.

Underwood’s algebraic evaluation [73] for minimum
reflux ratio is acceptable for handling ideal or near ideal
systems:

(8-54)
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Bubble Point Liquid, q = 1.0

xp  (I-xF)

o=—L X _od-Xip) 8-55

(L/D)min o 1|xp  (-xg) ( )
All vapor feed, no superheating, q = 0

(L/D)min=a1_1[axm _L-%p) }-1 (8-56)

For the general case the relation is more complex in
order to solve for (L/D)yin-

(L/ D)min (X1¥) + 9Xp
(L/D)min A-xr)+q1-xp)

__ 9@/ Dmin + Dy +(q-Dxip]
[(L/D)pin +11A-xp)+ (q-1) A -x)p)

(8-57)

Short et al. [230] discuss minimum reflux for complex
fractionators.

Theoretical Trays at Actual Reflux

The Gilliland correlation [23] of Figure 8-24A has
proven satisfactory for many binary as well as multicom-
ponent mixtures over a wide range of reflux ratios and
number of plates.

Many systems appear to be economically designed for

(L/D) - L./ D)in
(L/D)+1

= 0.1 to 0.33 and using actual reflux ratios

of 1.2 to 1.5 times the ratio at minimum reflux. For systems
of greatly varying relative volatility this should not be used;
instead, a Ponchon or enthalpy method must be followed.

Eduljee [84] suggests an equation to replace the
Gilliland plot as easier to use. The data input must be the
same. For tray towers:

Yr = 0.75 - 0.75X0:5668 (8-58)
Y = S—l(;—f%ﬁ (8-39)

L/D+1

where S, = theoretical actual trays at actual reflux, L/D,
including overhead total condenser and reboiler
YT = correlation expression similar to Gilliland’s
X = correlation expression similar to Gilliland’s
R = reflux ratio, L/D where L is liquid returned to
the column in mols/hr
D = distillate rate in mols/hr
L = liquid returned to column, mols/hr
NTU = total number of transfer units

Ina
(a-1)

,where a;, taken as 1.0

09

(L/D)ygjp.= Minimum Reflux Ratio

{L/D) = Actual Retlux Ratio

Sy = Theoretical Stages at Minimum Reflux
S = Theoretical Stages ot Actual Reflux,
08 Inciuding Reboiler and Partial
Condenser(if o part of System)
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0.6

b .
"I’ + 05 S\
1 04 ™

! —

\
03 [
\

0.2

0.1

0 0.l 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0

(L/D)‘(L/D)mn_
{L/D)+1

Figure 8-24A. Correlation of theoretical plates with reflux ratio.
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subscripts:
h = heavy
min = minimum
P = for packed towers
T = for tray column

After calculating X, and solving for Y using Equation 858,
then solve for the theoretical trays, S;, at the actual selected
reflux ratio (I./D) from the equation for Y. The equation
appears to represent several reliable data references.

For packed towers, the corresponding relation for trays
is [84]:

Yp = 0.768 — 0.763 x0.5806 (8 - 60A)
NTU - NTU_;
and, YP = -—mmﬁ (8 - GOB)

Mapstone [122] and Zankers [123] developed the chart
shown in Figure 8-24B to follow Figure 8-24A to allow for

MINIMUM NUMBER OF THEORETICAL PLATE, Sy

o
IO IO <

TIE LINE NO. 2

NN

TIE LINE NO. |

/ Q
ILIJITIIIILIJ_IIJIIIIIIIIINVI||4LIJ;IJ__I_TALIII|IJIIT

MINIMUM REFLUX RATIO, Rm

Figure 8-24B. Chart for reflux vs. trays. Use this nomogram for Gilliland’s calculations for number of theoretical plates/trays. Used by per-
mission, Mapstone, G.E., Hydrocarbon Processing, V. 47 No. 5 (1968), p. 169, Guif Publishing Co., all rights reserved.
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a quick evaluation of Gilliland’s equation for theoretical
plates at any reflux and minimum theoretical plates and
minimum reflux ratio. The accuracy appears to satisfy
industrial design needs, therefore it can be time saving
when evaluating a range of values. For another interesting
atternpt to improve the Gilliland plot by use of equations,
see Reference 136.

Example 8-9: Using Figure 8-24B to Solve Gilliland’s
Equation for Determining Minimum Theoretical Plates
for Setting Actual Reflux (used by permission [122])

If the minimum reflux ratio is 2.0 and the minimum
number of theoretical plates is 20, how many plates will be
required if a reflux ratio 1.5 times the minimum is used?

Solution. The required reflux ratio, R = 1.5 x 2.0 = 3.0

1. Connect 2.0 on left hand R.,;, scale with 3.0 on left
diagonal R scale and extend to cut Tie Line 1.

2. Transfer this value across the central maze to Tie
Line 2.

3. Connect this point on Tie Line 2 with 20 on the right
hand S,;;, scale to cut the right diagonal S scale at 35
(calc. 34.9).

The number of theoretical plates required will be 35.
It will be noted that if any three of the four variables, S,
Smin: R, and Ry, are known, this chart can be used by an
analogous procedure to give the fourth.
where S = theoretical plates at any reflux
Smin = Minimum number of theoretical plates
R = any reflux ratio
Riin = minimum reflux ratio

“Pinch Conditions” on x-y Diagram at High Pressure

Wichterle et al. [91] identify that near the critical pres-
sure point of the more volatile component, all systems
exhibit a “pinch” phenomenon at high pressure as shown
in Figure 825 [91]. To obtain accurate separation perfor-
mance, the K-value data used must be accurate in this nar-
row range of separation. For hydrocarbon systems, as well
as systems involving hydrogen, nitrogen, and methane, the
data must be accurate and not necessarily just a general
equation for the particular compound. This is crucial to
high accuracy computer performance analysis. Space does
not allow inclusion of this method in this text.

McCormick [97] presents a correlation for Gilliland’s
chart relating reflux, minimum reflux, number of stages,
and minimum stages for multicomponent distillation.
Selecting a multiplier for actual reflux over minimum
reflux is important for any design. Depending on the com-

1.0

Composition

Phase

Vapor

0 1.0
Liquid Phase Composition

Figure 8-25. Example of typical “pinch point” for critical region for
high-pressure distillation. Used by permission, Wichterle, |.,
Kobayashi, R., and Chappelear, P. S., Hydrocarbon Processing, Nov.
(1971) p. 233, Gulf Publishing Co., all rights reserved.

plexity and analysis of the component’s separation by the
stages, the actual reflux can vary from 1.2 to 1.5 to 2.0,
depending on the economics. The proposed equation
agrees satisfactorily with other methods, and especially in
the extreme ranges of Gilliland’s plots [97], as well as the
most used region.

R =A Ry
X=R_Rmin =(A‘1)(Rmin)= A-1 (8-61)
R+1 ARpin +1) A+1/Rpin)

Representative values of X calculated with Equation 8-61
are given in the following table for values of Rj,;, and mul-
tiplier A. Reflux actual values can be assumed, and the sys-
tem tested for Ry, or used vice versa.

For actual versus minimum stages in a column,

Y=(N-Nyin)/(N+1) (8-62)
(0.04561n X + 0.44)
- R- Rmin ) _
Y—1+[—————(R+1) ] (8-63)

X = (R = Rpyn) /(R +1) (8-64)



Distillation 33

Operational Values of X Calculated via Equation 8-61 for a

Range of Reflux Ratios*

Ruin Multiplier A

002 1.05 107 L10 112 115 117 1.20

130 140 1.50

1 0.010 0.024 0.034 0.048 0.063 0.070 0.092 0.091
3 0.015 0.086 0.050 0.070 0.092 0.101 0.182 0.180
3 0.016 0.040 0.055 0.077 0.102 0.111 0.145 0.143
10 0.018 0.043 O 060 0. 083 0.110 0.120 0.157 0.154

0.130 0.167 0.200
0.184 0.231 0.278
0.200 0.250 0.294
0.214 0.267 0.313

Total
reflux 0.020 O. 048 0063 0 091 0 120 0.130 0.170 0.167

0.231 0.286 0.393

*Used by permission, .\kCormlck J E Clmmml Engineering, v. 93 no. 13 (1988), all rights reserved.

where A = parameter in correlating equation or multiplier

on Rmin
B = parameter in correlating equation
In = natural logarithm
log = logarithm to the base 10

N = actual theoretical stages required for a given sepa-

ration

Nmin = minimum theoretical stages required for a given

separation

R = external reflux ratio for a given separation
Ripin = minimum external ratio for a given separation

X = (R~ Rpin) /(R + 1)
Y= (N - Npin)/(N+1)

The following is a short approximation method for min-
imum reflux ratios for multicomponent mixtures [98]:

1
[(xprK defr [(1K )avg -1]]

Rmin =

where (XpL ) eff = XFLK/ (XFLE + XFHK)
n = number of components
Rpin = minimum reflux ratio
% = liquid mol fraction

(8-63)

o; = relative volatility of component i based on

heavy key

oy g = relative volatility of component, i, based on

light key.

subscripts:
avg = average
ef = effective
F =feed
FHK = heavy key in feed
FILX =light key in feed
i = component
LK = light key
HK = heavy key

Kister [94, 95] examines binary distillation systems
with multiple feeds, one or more side products, one or

more points of heat removal or addition,

combinations.

and various

Mol Fraction Benzene in Vapor

Example 8-10: Graphical Design for Binary Systems [59]

The benzene-toluene example of Robinson and Gilliland
[69] has been elaborated on and expanded after the
advanced distillation course of Holland [25], Figure 8-26.

It is desired to separate an equimolal mixture of ben-
zene and toluene into a top product containing 95 mol %
benzene and a bottom product containing 95 mol %
toluene. The distillation is to be carried out at atmospher-
ic pressure. Use a total condenser.

A, Calculate the minimum reflux ratio if the feed is lig-
uid at its boiling point.

B. Calculate the theoretical plates required if a reflux
ratio (L/D) of 1.5 times the minimum is employed.

Feed = 50 mols benzene + 50 mols toluene
Overhead = 95% benzene
Bottoms = 95% toluene

Material balance with respect to benzene:

0.50 (100) = (0.95) (D) + 0.05B
30 = .95D + .05 (100 - D)
50 = .95D + 5 - .05D
45 = 90D
D = 45/.90 = 50 mols overhead product
D = overhead product, mols
B = bottoms, mols

Step-wise Trays for Operating
Reflux =15 X Min.=0.653,

Theoretical Plates = [1.3 Q
p QQ )
09 Minimum Reflux Ratio LV = 0.55 | <=~ NS N
) | Q! \\\)*
Operating Reflux LAV = 0.653 =
08 (Rectifying Section) 7 | T
t
ol __ / |
Feed ot Boiling Point . |
6 Represented by this '
O. Ilq " Line l (
. . -~ N
Operating Line 1 & Tap
05| Stripping Section ! Q.\év' r’Producr
(R Y s l
04 1 A
: | l
- |
03
E | |
02 - { |
' {
; l eed i
ol A |
N Qg"oms Product br X0

0 01 02 03 04 05 06 07 08 09 IO
Mol Fraction Benzene in Liquid

Figure 8-26. Equilibrium curve; benzene-toluene for Example 8-10
(curve data only). Used by pemmission, Robinson, C. S. R. and
Gilliland, E. R., Elements of Fractional Distillation, 4th Ed. McGraw-
Hill Book Co. (1950), all rights reserved.

653
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A. For a Feed at its Boiling Poind:

Ly __L/D L _ZXp-yr ,¥F = 0.70 (from curve)
Vo, L/D+1 V xp-xp
~ 0.95-0.70
0.95-0.50

Minimum L/V = 0.55 mol reflux/mol vapor up

L/D
L/D+1

substituting: 0.55=

0.55 L/D + 0.55 =L/D
0.45 L/D =0.55
Reflux/Product = L/D = 0.55/0.45 = 1.22

The value of L/D minimum should be equal to:

L12 Xp — V¢ 0.95 - 070 .25

=—=1.25
0.70-0.50 .20

The slight difference is probably due to inaccuracy in
reading y. = 0.70 from equilibrium curve.

B. Theoretical Plates at L/D = 1.5 Times Minimum:
Operating Reflux Ratio = (1.5) (1.25) = 1.878 =L/D

Slope of operating line at this reflux ratio:

L_ L/D
V L/D+1

L 1.878

—=2 L0653
vV 1878+1

From Graph, L/V = 0.653 was plotted based on feed at
its boiling point, No. of theoretical plates (step-wise
graph) = 11.3

Now, to calculate theoretical plates:

Rectifying section:

Lyl

D
X +—xp operating line
¥n Vn n+l Vn D Op g

At: L/D =1.878, D = 50 mols overhead
L = (1.878) (50) = 93.9 mols reflux to column
V=L+D=93.9 + 50 = 143.9 mols to vapor overhead

93.9 50

Yn = m—- Xn4+l + "m (095) =0.652 Xn+1+ 0.331

Fora total condenser: yiop = Xp = xg = 0.95

From the equilibrium curve at y, = 0.95
then: X, = 0.88
Ye-1p= 0.651 (Xt) +0.331
¥(t~1) = 0.651 (0.88) + 0.331 = 0.903
Yi— 1= 0.903, then x; _ 1 from equilibrium curve = 0.788

Now calculate y; _ o

yi-9 =0.651 (.788) + 0.331 = 0.844
Aty,_o = 0.844, curve reads: x,_o = 0.69
Then:y;_9 =0.651 (0.69) +.331 = 0.780
Aty, _ s, curve reads: x, _3 = 0.60
Then: y; _ 4 = 0.651 (0.60) +.331 = 0.722
Aty _ 4, curve reads: X, _ 4 = 0.52 (Feed Tray)
Then: y; _5 = 0.651 (0.52) +.331 = 0.669 (too far below feed).

Now go to stripping section curve:

~LIme1Xme1 W

Ym Vo, v,

XB

The feed was at its boiling point:
V, =V, =143.9
B = Bottoms = 50
Ly=B+V=>50+1439=193.9

193.9) 50 .

=222 -2 050
Ym (143.9 Xm+1~ Ty39 (050)

=1.85 X, .. 1 ~ 01736
Starting at t - 4 = feed tray:

Xt—-4= 0.52

y (feed - 1) = 1.35 x¢ — 0.0176 (f - 1)
Y- 1) = 1.35 (0.52) — 0.01736 + 0.685
At Yi-1= 0.685, Xf_1= 0.475,

Note: This is not too accurate due to switched operating
line equations before the feed compositions were reached,
yet, one more calculation on the stripping line would have
placed us below the feed plate composition. Hence a
change in reflux ratio is necessary in order to split right at
the feed composition.

continuing:
ye_ 2 = 1.35 (0.475) - .01736 = 0.624

From curve at yy_ 9 = 0.624
Xf_9= 0.405
yr- 3 = 1.35 (.405) - .01736 = 0.531

From curve, x5 _ g = 0.32

Vi— 4= 1.35 (.32) - .01736 = 0.416
Xf_4= 0.23

yr-5=1.35 (.23) - .01736 = 0.294
Xf_p5= 0.15
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yr_g=1.35 (.15) — .01736 = 0.186

Xe_g=0.092

yr- 7= 1.35 (.092) - .01736 = 0.107

X¢_ 7= 0.05 (The desired bottoms composition)

Total theoretical trays:

rectifying section = 4

feed tray =1
stripping section = 7
total = 12 Trays

Example: 8-11 Thermal Condition of Feed

Using the same operating reflux (same fraction times
the minimum) as was used in Example 8-10, calculate the
theoretical plates required for feed of the following ther-
mal conditions: Use Figure 8-27.

(a) g=1.3

(b)q=0
(¢) q=-15

A Frg=15

Slope of “q” line = -q/1 ~ q

Equilibrium Curve\

1.0 Operating Line Minimum
Reflux,Slope 0.50
0.9 "3" Line Siope=3.0 for q=-1.5

Operating Line af % =059

Operating Line at Minimum
Reflux, Slope =0.688

0.7 /
Actual Operating Line, >

0.6 S|opeLv=.763
" Li = [ . Operating Line at Minimum
a e Slopes0 g Reflux, Slope =0.844

Actual Operating Line,
Slope Ve 0.879 :

o
>

o
o

"q" Line Slope =0.6
for"q" = 1.5

Mol Fraction Benzene in Vapor
o
[

SR U U L SO

0.2 i |
7 Stripping Section Operating Line,
, Part (a) of Problem
0.1 |
4 1
0 'Xp IXe Xp,
0 0ol 02 03 04 05 06 07 08 09 IO

Mol Fraction Benzene in Liquid

— Part {a) = |13 Tota! Plates
—~  Part {b} = {1 Total Plotes
-------- Part (¢} =8.5 Total Plates

Figure 8-27. Equilibrium curve; benzene-toluene for Example 8-11
{curve data only). Used by permission, Robinson, C. S. R. and
Gilliland, E. R., Elements of Fractional Distillation, 4th Ed. McGraw-
Hill Book Co. (1950), all rights reserved.

1-15 -05

Referring to calculations of Example 810, for an
equimolal mixture of benzene and toluene in feed:

overhead product, D = 50 mols/100 mols feed

calculate (Li) S U /-2 ;
min Yc " Xc

where xp = 0.95
Ve = 0.774*
Xc = 0.50*
0.95-0.774
T 0.774~ 0.59

0176

0.184

(L/D)min = (Lr/D)min = 0.956 min. reflux ratio,
reflux/product

“w,

*Read from graph at intersection of “q” line for 1.5 and minimum reflux
operating line.
Slope of Operating Line at Min. Reflux:

(L)_(EL) __L/D _ 0956 _
V) \ V) L/D+1 0956+1

(Graph reads 0.59 but this depends much on accuracy
of plot.)

calculating
( l‘_) _¥D~Yc
V/min XD = X%c

95-.774

= =0.49
.95 -.59

Actual Operating Line:

Operating reflux ratio = (1.5) (L/D) = 1.5 (0.956)
= 1.432 reflux/product

Slope of actual operating line:

L/D 1482 0.3
L/D+1 1,432+1

L
v



36 Applied Process Design for Chemical and Petrochemical Plants

Graphically, read 13 steps or theoretical plates from the
top plate through bottom reboiler (assuming a total con-
denser).

rectifying section = 5
feed plate =1
stripping section = 7 (includes reboiler)
13 Plates including reboiler

To calculate this stepwise:
Operating line of rectifying section:

. L Dyp
Yn+l =\_,r'xn + v,

L/V =059

L/D = 1.432, D = 50 mols product
L = (50) 1.432 = 71.6 mols liquid reflux
Ve=L,+D =716 + 50 = 121.6 mols

then: yp,.1=0.59 x, + 50 (.95)/121.6
Yn + 1 = 0.59 x5 + 0.39, operating line equation
At top:yp 4+ 1 =xp = 0.95

So: From equilibrium curve at y; 11 = 0.95, read the liquid
in equilibrium, which is x;, (or top plate in this case) x, =
Xeop = 0.88.

Now substitute this value x = 0.88 into the equation and
calculate the vapor coming up from the first plate below
the top (t - 1). Thus, if x,, = top plate, y, . 1 = vapor from
plate below top. Now, read equilibrium curve aty(, _ 1y and
g€t X(n + 1) OF X¢_ 1 Which is liquid on plate below top. Then
using x; _ 1, calculate y; _ 9 (second plate below top, etc.).
Then, read equilibrium curve to get corresponding liquid
X¢ — 9. Continue until feed plate composition is reached,
then switch to equation of stripping section and continue
as before until desired bottoms composition is reached.

Operating line of stripping section:

- Ls X1 _ B

Ym v, v,

Because the feed is a super cooled liquid, L/ V; is not

«, %,

equal to L,/ V,. From definition of “q":

L, =L +qF
L, =716 + (1.5) (100)
L, = 221.6
Also: Vs _q_g
F
1216-Vs 4 45
100
121.6 - V, = =50
V, = 171.6

6. L _2216_ o0
V, 1716
B __ 50 _4991
vV, 1716

Stripping section operating line:

Ym = 1.29 xp, . 1 — 0.291 xp
Xp = 0.05
Ym = 1.29 %, , 1 — 0.01455

Use this equation as described above following down
from the feed plate cross-over from the rectifying equation
to the stripping equation.

B. Forq=10

This represents feed as all vapor (not superheated).

@

Slope of “q” line:

This represents no change in overflow from the feed
plate, and the increase in vapor flow is equal to the mols
of feed.

Minimum reﬂux:(k) = ED——Y—C—,
D min Yo ~¥¢
where: xp = 0.95
Vo= 0.50}
% = 0.29 read from graph
_0.95-0.50
~ 0.50-0.29

=2.14 min. reflux ratio, reflux/product

Slope of operating line at minimum reflux:

(L) __L/D _ 214 oo
V)min L/D+1 21441

Slope from graph = 0.688

Operating reflux ratio = (1.5) (2.14) = 3.21, reflux/product,
(L/D)op

Slope of operating line = (L/V)op = 3.21/(3.21 + 1) = 0.763
No. of theoretical plates from graph = 11

No. plates rectifying section =5
feed plate =1
stripping section = 3 (includes reboiler)

total =11 (includes reboiler)
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Rectifying Section Equation for Operating Line:

D
Yn+1= Vr‘ Xp + —erﬂ
L/V =0.763
L/D =321

L = (3.2i) (50 mol product, D) = 160.6 mols (reflux liquid)
V=L, +D=160.6 + 50
V; = 210.6 mols vapor up column

then: y,,1=0.763x, +

50 _ 0.95)
210.6

Yn+1 = 0.763 x, + 0.225
Liquid Down Stripping Section:
Li=L; +qgF
L, =160.6 + (0) (100 mols feed)
L, =160.6 =L,

Vapor Up Stripping Section:

‘Q _‘G
F

=1—q

210.6 -V,
100

=1-0

210.6 -V, = 100
Vs = 110.6 mols

Stripping Section Equation for Operating Line

Ym =75 Xm+1—75XB
160.6 50
_ 000 -2 0.05
Ym =106 *™+1 " 1105 009

Y = 1.452 x4 1 - 0.0226

Use these equations as described for the (a) part of prob-
lem in solving for number of theoretical plates stepwise.

C. Forg=-15

This represents feed as a superheated vapor, and there
is a decrease in liquid overflow from feed plate.

i B ) BT

Sl f “q” line = =0.
ope of “q” line =g 1-CL5)

Minimum reflux: (L/D )y = -2—2¢
Yo~ Xc
where xp = 0.95
Ve = 0.277}
% =0.138 read from graph
_ .95-.277
~277-.138

(L/D)min = 4.84 reflux/product

Slope of operating line at minimum reflux:

~L/D 484
min y/D+1 4.84+1
= 0.830 (graph reads 0.844)

L/V)

Actual Operating Line:

Operating reflux ratio = (1.5) (4.84) = 7.26 reflux/product

7.26
725+ 1

Slope of actual operating line = (L/V) = =0.879

Graphically we read 8.5 total plates thru bottom reboiler

rectifying section = 5

feed plate =1
stripping section = 2.5 (includes reboiler)
total = 8.5 (includes reboiler)

Equations for Stepwise Tray to Tray Calculations Rectifying
Section Operating Line

Dxp
=—Lx, +2
Yn+l V. n v,
L./V,=0.879
L/D =7.26

L, = (7.26) (50) = 363 mols liquid reflux
Ve =1;:+D =363 +50=413

50

413

Yos1=0.879x, + —— (0.95)

Yn+1=0.879 x, + 0.115

Liquid Down Stripping Section:

L =L, +qF
L, = 863 + (-1.5) (100) = 213 mols liquid
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Vapor Up Stripping Section:

Vr 'Vs

=1—q

M-V, (-1.5)=2.5
100

-V, =250 - 413
V; = 163 mols vapor

Stripping Section Operating Line:

Ym =7 ¥*m+l1~ G ¥B

Vs Vs

218 50
- =—— (.05
Ym 163 Xm+1 163( )

Ym = 1.307 x5, , 1 — 0.01535

Use these equations as described for Part (a) in solving
for theoretical plates.

Example 8-12: Minimum Theoretical Trays/Plates/Stages
at Total Reflux

A finishing column is required to produce 99.9% (vol.)
trichlorethylene purity from 10,000 Ib/hour of a feed of
40% (wt.) trichlorethylene and 60% (wt.) perchlorethyl-
ene. Only 1% (vol.) of the trichlorethylene can be accept-
ed in the bottoms.

Because the process system that will receive vents from
this condensing system is operating at 5 psig, allow 5 psi
pressure drop to ensure positive venting and set top of
tower pressure at 10 psig.

(1) 2 1 (2) Mol
Feed (158°F) Wt % Mol Wt Mols Fraction
Trichlorethylene 40 131.4 0.00304 0.456
Perchlorethylene _60 165.9 0.00362 0.544

100 0.00666 1.000

Avg mol wt 1.00/.00666 = 150.0
Overhead

Overhead temperature for essentially pure products at
10 psig = 223°F from vapor pressure curve.

Bottoms

Allow 10 psi tower pressure drop, this makes bottom
pressure = 20 psig = 1,800 mm Hg.

Material Balance:

10,000lb/hr

Feed rate: mols/hr= = 66.7
(150.0)
XIF = XlD + XlB
0.456 (66.7) =0.999D +0.01 B
30.4=.999 D + .01 (66.7 - D)
D = 30.05 mols/hr
bottoms: B=F~D
B = 66.7 - 30.05 = 36.65 mols/hr
V.P.
Bottoms Mol (316°F) V.PR
Composition: Fraction Mols/hr mm Hg Frac.
Trichlor 0.01 0.3665 4,200 42
Perchlor 0.99 36.2835 1,780 1,762
1.00 36.656 1,804 mm

The 1,804 mm compares to the balance value of 1,800 mm = 20
psig.

Overhead Composition Mol Fraction Mols/Hr
Trichlor 0.999 30.02
0.001 0.03
1.000

Relative Volatility: overhead conditions

otri/per v.p.(tri) 1,280mm
oy = = =3.32
(223°F)  v.p.(per) 3885mm

Bottom Conditions
atri/per v.p.(tri) 4,200mm
(316'F) ~ v.p.(per) 1,780 mm

2.36

mean o

top/bottom ~ (3.32)(2.36) =2.80

Thermal Condition of the Feed at 158°F

At conditions of feed tray, assume pressure is 15 psig =
1,533 mm Hg. Determine bubble point:

assume t =
266°F Partial
Component Xir v.p. mm Hg Press. x (V.P.)
Trichlor 0.456 2,350 1,072
Perchlor 0.544 880 _478
1,550
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This is close enough to 1,533 mm; actual temperature
might be 265°F, although plotted data are probably not
that accurate. Because the feed enters at 158°F and its
bubble point is 266°F, the feed is considered sub-cooled.

Heat to vaporize one mol of feed,

Btu/Mol

(°F) Cp

Xp) (Ly) @ I58°F
5,600 30.9

Latent
Ht. @
266°F

12,280
Btu/mol
14,600
Btu/mol

(xg) (Cp)
(266—158)

1,523

Component X

Trichlor 0.456

Perchlor 0.544 7,950 36.4 2,180

3,703
Btu/mol

13,550
Btu/mol

_ heat required to vaporize one mol of feed

- latent heat of one mol of feed

_13,550-3,708 17,253
13,650 13,550

=1.272

Minimum Number Tray at Total Reflux

Xp1 = 0.999
Xph = 0.001
Xg] = 0.01
XBh = 0.99
aAvg =28

For a total condenser system:

_ log (xp1 /*pp) (xph /XB1)
log Cavg
log (.999/.001) (.99/.01)
log 2.8

(Nmin +1)

Npin + 1 =11.18
Npin = 10.18 trays, not including reboiler

Summary:

Min. total physical trays in column =10.18
Reboiler 1.0

For conservative design, add feed tray 1.0
Minimum total theoretical stages 12.18, say 12

Minimum Reflux Ratio

Because this is not feed at its boiling point, but sub-
cooled liquid, the convenient charts cannot be used with
accuracy. Using Underwood’s general case:

(L/D) (xiF) + 9 XIp
(L/D)(A-xp)+q (1-xpp)
__0/D)+ 1y + (@ - 1) (xp)}

[(L/D)+11(1-xp)+(q-1) (- xyp)

Solve first for y1y, assuming that the system follows the
ideal (as it closely does in this instance).

____xf (o)
NF =
1+ (G.F - 1) XiF

This takes the place of drawing the equilibrium curve
and solving graphically, and is only necessary since the “q”
is not 1.0 or zero.

The o should be for the feed tray. However, the value of
o = 2.8 should be accepted for feed tray conditions (not
158°F). It would not be if this were predominantly a recti-

fying or a stripping operation.

~ 0456(28)
T 14 (2.8-1)(0.456)

YIF

Now, substituting to solve for (L/D)pyn-

(L/D) (0.456) + 1.272 (0.999)
(L/D) (1~ 0.456)+1.272 (1- 0.999)

_ 2.8{[(L/D)+1]0.70 + (1.272 - 1) (0.999)}
C((L/D)+ 1) (1- 0.456) + (1.272 - 1) (1 - 0.999)

(L/D) (0.456)+1.271  2.8[(L/D) (0.70) + 0.70 + 0.271]
(L/D) (0.544) + 0.00127 (L/D) (0.544) + 0.544 + 0.000271

Solving this quadratic:
(L/D)min = 0.644

Reading Figure 817 for (L/D)mi, assuming a liquid
feed at the boiling point, (L/D)pi, = 1.2. This demon-
strates the value of taking the thermal condition of the
feed into account.

Actually, any point on one of the curves represents a
condition of reflux and number of trays that will perform
the required separation.

Theoretical Trays at Actual Reflux

Assume actual reflux ratios of 1.2, 1.8, 2.25, 3.0 times
the minimum and plot the effect on theoretical plates
using Gilliland plot.
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Actual Conservative \
Reflux (From Add 1 \‘
Ratio (L/D) - (L/D)pin  Fig. 8-24A) N For Feed, 32 A
L/D+1 N-Nmjy  (Theo.) TotalN ‘ Movement of Reflux—Plates Curves
30 I A as Pressure of Overhead Increases {7
0.772 0.0722 0.552 26.2 27 | \ | at Constant Overhead Composition
1.16 0.239 0.416 19.8 21 28 TN\ [7] Movement of Some Curves as ]
\ Overhead € ion B
1.45 0.329 0.356 179 19 2 Jl N Hither i Ligh o Key Companant
1.93 0.439 0.288 16.1 17 " . Y \\ / at Constant Overhead Pressure
NN
22 34 % N
(L/D)~ (L/D)mip, _ 0.772-0.644 _ .o, 20 :EI y,% 1 UL
(L/D)+1 0ori2el o fos) EI % 5o, Vil
- =1 Il N | T
Read value from curve Figure 8-24A. £ 6 '| '}\;‘é@ ~~
§ 14 [ b\.;u):"(.
N - Npjin s LS 1
—————=0.552 120 % Minimum Trays
N+1 Ic—j——j—]—‘-—-—j——r T T T T T 1T
- I
NoLLIS o A
N+1 L
6
N =26.2 ’
4
Note that these values for theoretical trays do not contain 2
corrections in overall efficiency, and hence are not the 0644 Jia3
actual trays for the binary distillation column. Efficiencies 0 10 20

generally run 50-60% for systems of this type which will
yield a column of actual trays almost twice the theoretical
at the operating reflux.

Figure 8-28 presents the usual determination of opii-
mum or near optimum theoretical trays at actual reflux
based on performance. It is not necessarily the point of
least cost for all operating costs, fabrication costs or types
of trays. A cost study should be made to determine the
merits of moving to one side or other of the so-called opti-
mum point. From the Figure 8-28:

First choice actual reflux ratio, /D = 1.33
Corresponding theoretical trays or stages, N = 18.6

Note that the 18.6 includes the reboiler, so physical trays
in column = 17.6. Do not round-off decimal or fractions of
trays until after efficiency has been included.

Tray Efficiency

Base at average column temperature of (158 + 266) /2 =
212°F.

Component XF Viscosity, cp (W (x;)
Trichlor 0.456 0.27 0.123
Perchlor 0.544 0.36 0.196

0.319 cp.

From Figure 8-29:

Efficiency = 47.5%

Actual Reflux Ratio,L/D

Figure 8-28. Relationship of reflux ratio and theoretical trays, for
Example 8-12.

Actual Trays at Actual Reflux

Actual L/D = 1.33
Actual trays = 18.6/0.475 = 39.2 (including reboiler)
Physical trays: 39.2 — 1 (reboiler) + 1 (conservative, feed) = 39.2

Round-off to: 40 trays plus reboiler plus total condenser.

Note: If there is any reason to know that the efficiency of
this system is usually lower (or in same chemical family),
then either the efficiency should be reduced to account for
this or the trays should have an additional allowance. In
practice, this same column might be installed as 40 trays in
one plant, 45 in another and 50 in another.

Tray Details
Tray details will be considered in a later example.
Tray Efficiency

Several empirical efficiency correlations have been
developed from commercial equipment and some labora-
tory data and serve most of design problems for the aver-
age hydrocarbon and chemical systems. They are empiri-
cal correlations and the application in new systems is
unpredictable. For this reason results for efficiencies are
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evaluated by more than one method to obtain some idea
of the possible spread. Even so, in light of the AIChE study
discussed below, some of these empirical methods can be
off by 15-50%. Comparisons indicate these deviations are
usually on the safe or low side. The relation of Drickamer
and Bradford [16] of Figure 8-29 has been found to agree
quite well for hydrocarbon, chlorinated hydrocarbons, gly-
cols, glycerine and related compounds, and some rich
hydrocarbon absorbers and strippers.

The relation of O’Connell [49] (Figure 8-29) has gen-
erally also given good results for the same systems but gen-
erally the values are high. The absorber correlation of
O’Connell (Figure 8-29) should be used as long as it gen-
erally gives lower values than the other two relations. It
can be used for siripping of gases from rich oils provided
care is exercised to not accept too high values.

The area of absorption and stripping is difficult to cor-
relate for the wide range of peculiarities of such systems.
The correlation of Gautreaux and O’Connell [22] allows
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a qualitative handling of tray mixing to be considered with
overall and local efficiencies. In general it agrees with the
Drickamer correlation at least for towers to seven feet in
diameter. Although the effect of liquid path apparently
must be considered, the wide variety of tray and cap
designs makes this only generally possible, and the overall
correlations appear to serve adequately.

The American Institute of Chemical Engineer’s Distilla-
tion Tray Efficiency Research (2] program has produced a
method more detailed than the short-cut methods, and
correspondingly is believed to produce reliable results.
This method produces information on tray efficiencies of
new systems without experimental data. At present there is
not enough experience with the method and its results to
evaluate its complete range of application.

Murphree [85] developed “point” and “overall” distilla-
tion tray efficiencies, which are examined in detail in Ref-
erence 2. The expressions are [59]:

{Equilibrium K of Key Component){Mol Wt. of Liquid) (g}

HP _ {Liquid Sp.Gr.in ib./cu. ft)

B

Figure 8-29. Empirical correlations of overall efficien-
cies for Fractionation and Absorption.
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Plate / Tray Efficiency :EMVO _Ji~Yeo

(8-66)
Yi—Ye*

The plate/tray efficiency is the integrated effect of all
the point efficiencies.

Point Efficiency : Eypy * = 2—22 (8-67)
Yi~—Ye
Overall tray efficiency, E, = o Lacoretical Trays (8- 68)

No. of Actual Trays

where y; = average composition of vapor entering tray
Yo = average composition of vapor leaving tray
ye* = composition of vapor in equilibrium with liquid
flowing to plate below
i = vapor composition entering local region
Yo = vapor composition leaving local region
Ye = vapor composition in equilibrium with the liquid in
the local region

The proposal for calculating column vapor plate effi-
ciencies by MacFarland, Sigmund, and Van Winkle [86]
correlates with the Murphree vapor plate efficiencies in
percent:

EM=YH__YI1;1’(72 (8- 69)

Y*= Yn+l

where vy, = average light key mol fraction of vapor leaving
plate n
Yn + 1 = average light key mol fraction of vapor entering
plate n
y* = light key mol fraction of vapor in perfect equilib-
rium with liquid leaving plate n

Data from bubble cap and perforated tray columns for
the Murphree vapor plate efficiencies are correlated [86]:

Ey = 7.0 (Npg)®1* (Ngg) 0% (Ng,)0-08 (8-70A)
or,
Epm = 6.8 (NReNsc)®! (Npg Ng¢) 118 (8-70B)

Referenced to 806 data points for binary systems, Equa-
tion 8-70A gives absolute deviation of 13.2%, which is
about as accurate, or perhaps more so, than other effi-
ciency equations. Equation 8-70B uses the same data and
has an absolute average deviation of 10.6%. See Example
8-13 for identification of dimensionless groups.

Example 8-13: Estimating Distillation Tray Efficiency by
Equations 8-70A and 8-70B (used by permission of
McFarland et al. [86])

Solving the problem defined in the following table will
show the equations for estimating system physical proper-
ties and their relation to the calculation of Murphree
vapor plate efficiencies:

System properties* Acetone Benzene
Molecular weight, M, 1b/Ib mole 58.08 78.11
Viscosity, u Ib/hrft 0.5082 0.8155
Parachor, [P] 162.1 207.1
API specific gravity coeff [240]:
A 0.8726 0.9485
B 0.00053 0.00053
C 21.6 18.0
E 536.0 620.6
Operating data
Acetone mole fraction, x4 = 0.637
Benzene mole fraction, xg =0.363
Temperature, T, °F =166
Superficial vapor mass velocity, G, Ib/hrsq ft = 3,820
Vapor velocity, Uy, ft/hr = 24,096
Weir height, h,,, ft =0.2082

Fraction free area, FA = 0.063

*Used by permission of McFarland et al. [86].

Liquid densities for pure hydrocarbon are calculated
[240] as a function of temperature using the following
equation for specific gravity:
sg.=A-BT-C/(E-T)

The liquid density is then:
pL = (62.32) (sgL)

For acetone,

pL1 = (62.32) [0.8726 - 0.00033 (166) — 21.6/(536.0 — 166)]
=453 Ib/f

For benzene,

pL2 = (62.32) [0.9485 ~ 0.00053 (166) — 18.0/(620.6— 166)]
=51.2 Ib/f3

Vapor densities are calculated from the ideal gas relation:
pv = MP,/555(T + 460)

where total pressure P, is given in millimeters of mercury.
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Mixture densities of the binary mixtures require a
knowledge of volume fraction for each component. The
component molar volume is:

Vi =Mi/p;
For acetone and benzene, respectively:

Vi1 = (58.08)/45.3
= 1.282 fi3/1b mole
Vo = (78.11)/51.2
= 1.526 £t3/1b mole

For the liquid mixture:

Ve mix=X1VL1 + X2V 9
= (0.637) (1.282) + (0.363) (1.526)
= 1.371 fi3/1b mole

Then the volume fraction of a component is calculated
assuming an ideal mixture.

i = Vi/Viix
For acetone and benzene, respectively:
v = 0.817/1.371 = 0.596
vLg = 0.554/1.371 = 0.404
The liquid density of the binary mixture is then:

PLmix =VL,1 PL1 +VL2PL2
= (0.596) (45.3) + (0.404) (51.2)
=476 Ib/f3

The vapor density can be found in an analogous manner.

Pvmix =Vv,1 Pv,1 + Vy2 Pye

However, the example problem does not require a cal-
culation for vapor density. Instead, the superficial vapor
mass velocity G can be substituted into Equation 8-73
because:

G =Uypy

Liquid viscosity of the binary mixture, when not report-
ed with the experimental efficiency results, is estimated
using:

ML mix = (Exip;'/2)?

The pure component viscositics are given in the literature
[240, 241] as a function of temperature.

For the example,

urmix= 1(0.637) (0.5082)1/% + (0.863) (0.8155)!/3]3
= 0.609 Ib/hr-{t

Liquid surface tension is calculated using the Sugden
Parachor method [242]. Neglecting vapor density, surface
tension for the liquid mixture is:

O] mix = [(pmix/i\/lmix) |P]mixJ4
where o is in dynes/cm, p is in gm/cm3 and the parachor,
[P]mix = in[P]i

Values of the parachor are given in the literature [240].
Then the example gives:

Mnix = (0.637) (58.08) + (0.363) (78.11)
= 65.35 Ib/1b mole
[Pl = (0.637) (162.1) + (0.363) (207.1)
=178.4
Pmix = 47.6/62.32 = 0.7638 gm/cu cm
Omix = [(0.7638/65.35) (178.4)]4
= 18.96 dynes/cm

Diffusivity of the liquid light key component is calculat-
ed by the dilute solution equation of Wilke-Chang [243].

DI,K = (324 X 10_8) (meix)l/2 (I + 460)/“mix (VLK)Qﬁ

Wilke-Chang reported the recommended values for y
as follows: water, 2.6; benzene, heptane and cther, 1.0;
methanol, 1.9; ethanol, 1.5; unassociated solvents, 1.0.
The mixture parameter for the example problem is con-
sidered unity.

Then,

Dik = (3.24 x 1078) (65.35)172 (166 + 460)/(0.609) (1.282)0-6
=232 x 1074 fi2/hr

Dimensionless groups for the example problem arc:

Npg =o01/m Uy
= (5.417 x 10%)/(0.609) (2.4092 x 10%)
=37

Nse = ni./prPix
= (0.609)/(47.6) (2.32 x 10~%)
=55

NRe = hyG/up (FA)
= (0.2082) (3.82 x 10%)/(0.609) (0.063)
=2.07 x 101

Murphree vapor plate efficiency is calculated two ways:

Ey; = 7.0 (Npg) M (Ngo) 25 (Ng,.) 008 (8-70A)
=7.0 (37)011 (55)0:25 (2,07 x 10%)0.08

=7.0 (1.66) (2.72) (2.26) =71%



44 Applied Process Design for Chemical and Petrochemical Plants

Ey = 6.8 (NgeNsc) 0! (NpgNg) 0115
= 6.8 [(2.07 x 10%) (55)19! [(37) (55)10-115
= 6.8 (4.04) (2.40) = 66%

(8-70B)

In this example, Equation 8-70B gives a more conserva-
tive design basis.

where A, B, C, E = constants in equation
D = molecular diffusion coefficient, sq ft/hr
Ejp; = Murphree vapor plate efficiency, %
FA = fractional free area
h,, = weir height, inches
G = superficial mass vapor velocity based on the
cross-sectional area of the column, lb/hrsq ft
M = molecular weight, Ib/Ib mole
N = dimensionless number
P = pressure, consistent units
[P] = Sugden parachor
sg = specific gravity
T = temperature, °F
U = superficial velocity, ft/hr
V = molar volume, ft2/1b mole
v = volume fraction
x = mole fraction in the liquid
y = mole fraction in the vapor
u = liquid viscosity, Ib/hr-ft
p = density, Ib/ft3
o = surface tension, dynes/cm
P = mixture parameter

Subscripts
i = component
L = liquid
LK = liquid light key
mix = binary mixture
n = plate number
t = total
V = vapor

Biddulph [90] emphasizes the importance of using
point efficiencies rather than tray efficiencies or overall
column efficiencies, due to the wide fluctuations that
often exist.

Kessler and Wankat [101] have examined several column
performance parameters, and for O’Connell’s [49] data
presented in Figure 8-29 they propose equations that report-
edly fit the data generally within about +10% limits:

A. Distillation Trays

E, = 0.54159 — 0.28531 log;o o (8-74)

B. Plate Absorbers (data fit +5%)

E, = 0.37237 + 0.19339 log; (HP/p) + 0.024816
(logyo(HP/p)? (8-75)

where E, = overall efficiency
H' = Henry’s law constant, Ib mole/ (atm) (f3)
P = pressure, atmospheres
o. = relative volatility
1 = viscosity, centipoise, cp

Gerster [176] presents the results of studies on the tray
efficiencies of both tray and packing contacting devices.
Note that Gerster compares his work to the AIChE Manu-
al [2].

In terms of the change in gas composition [2]:

Y ~¥n+1

(8-'76)
¥Y*=Yn+1

Eg =Eog =

where Eg = overall column efficiency
Eog = overall point efficiency in vapor terms (see Ref.
2, page 38)
Yn+1 = component mol fraction in the gas to the point
considered
y =component mol fraction in the gas from the
point considered
y* = composition the leaving gas would have if it left
the point in equilibrium with the liquid

In Table 82 Proctor [178] compares efficiencies of sieve
and bubble cap trays (plates). He concludes that the sieve
design provides a 15% improvement in plate efficiencies.
To fully evaluate the actual efficiencies in any particular sys-
tem, the physical properties, mechanical details of the trays,
and flow rates must be considered. See Reference 2 also.

Table 8-2
Comparative Efficiencies of Sieve and Bubble-Cap
Trays/Plates [178]

Vapor Throughput, Over-all Plate Efficiency, %
Plate Type Lb Mole/Hr of Dry HyS Cold Tower  Hot Tower
Sieve 18,200 69 +5 75 £(8)*
Bubblecap 16,200 60 +5 69 £5

*See the discussion of accuracy of the plate efficiency results in the text.
Used by permission of the American Institute of Chemical Engineers; all
rights reserved.

Strand [179] proposes a better agreement between
experimental and predicted efficiencies when recognizing
a liquid by-passing factor to correct predicted values deter-
mined by the AIChE method. The results suggest that for
the representative systems studied recognition of a liquid
by-passing factor for a tray can lower the AIChE method
results by as much as 5 to 10% to be in better agreement
with experimental results. A vapor by-passing effect was
not required to correlate the data. Because the Murphree
vapor efficiencies vary considerably for various systems,
the data in Reference 179 can only be a guide for other
systems not studied.
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This suggests that caution must be exercised when estab-
lishing a tray efficiency for any type contacting device by (1)
using actual test data if available for some similar system or
(2) comparing several methods of predicting efficiency,
and (3) possible use of a more conservative efficiency than
calculated to avoid the possibility of ending up with a com-
plete column with too few actual trays—a disastrous situa-
tion if not discovered prior to start-up operations.

Sakata {180] evaluates the degree of mixing of the lig-
uid as it flows across a tray and its effect on the tray effi-
ciency, Figure 8-30. For plug flow the liquid flows across
the tray with no mixing, while for partial or “spot” mixing
as it flows over the tray, an improved tray efficiency can be
expected. For a completely mixed tray liquid, the point
efficiency for a small element of the tray, Egg, and tray
efficiency, EyV, are equal.

From Figure 831 the effect of mixed and unmixed
“pools” of liquid can be noted. For a completely mixed tray,
there is no concentration gradient from inlet to outlet, and
therefore the entire tray has a uniform composition. The
degree of mixing across the tray as determined by the num-
ber of discrete mixing pools on the tray has an effect on
the relationship between Egg and Enpy as a function of A.

where A =mV/L
m = slope of vapor-liquid equilibrium curve
V = vapor rate, b mols/hr
L =liquid rate, 1b mols/hr

Hughmark [181] has proposed empirical correlations
for better fit of experimental data to transfer units and thus
tray efficiency comparison with the AIChE method [2].
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Figure 8-30. Effect of vapor mixing on tray efficiency. Reprinted by
permission, Sakato, M., The American Institute of Chemical Engineers,
Chem. Eng. Prog. V. 62, No. 11 (1966), p. 98, all rights reserved; reprint-
ed by permission from Lewis, W. K., Jr., Ind & Eng. Chem. V. 28 (1936),
and by special permission from Fractionation Research, Inc.
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Figure 8-31. Typical effect of liquid mixing on tray efficiency. Reprint-
ed by permission, Sakato, M., The American Institute of Chemical
Engineers. Chem. Eng. Prog. V. 62., No. 11 (1966), p. 98, all rights
reserved; reprinted by permission from Lewis, W. K., Jr., Ind. & Eng.
Chem. V. 28. (1936}, p. 399, and by special permission from Frac-
tionation Research, Inc., all rights reserved.

Ryan et. al. [185] examined the prediction of misting
and bubbling in towers, tray and packed, and assessed the
impact.

Batch Distillation

Batch distillation [129, 130, 131, 133, 138, 140, 142, 170]
as compared to continuous distillation is used for process
requirements in which (1) feed composition may change
from batch to batch; (2) batches are relatively small fixed
volumes of a mixture wherein certain components(s)
is/are to be separated into relatively pure components,
leaving a heavier residue; (3) the process improvement
requirement is on an irregular cycle; and (4) negligible
holdup in the column (when used) and condenser relative
to that in the receiver and kettle. The system operates on a
fixed feed quantity, thereby yielding a fixed distillate and
residue. See Figure 8-32. In the batch operation the vessel
is charged with a fixed amount of liquid mixture that is to
be separated by boiling in the charge vessel, allowing the
vapors to rise either through an open, trayed column, or
packed column contacting section above the “pot,” then
condensing the vapors, and collecting the components
according to their boiling points. Thus, the separation can
be developed by the boilup to collect essentially only, or
nearly only, the light boilers, then followed by the next
higher boiling fraction and collecting it, etc., until the light
ends and the heavies or residues are at the collection and
concentration levels desired.
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Figure 8-32. Batch operations: constant refiux ratio and variable
overhead composition for fixed number of theoretical stages/trays.
Used and modified by permission, Treyball, R. E., Chem. Eng. Oct. 5
(1970), p. 95.

Differential Distillation; Simple Batch, No Trays or
Packing; Binary Mixtures, No Reflux

For systems of high (above approximately 3.0) constant
relative volatility the Raleigh equation can be expressed:

In = BTl _ 1 (1—X0)X1 +1 (l—Xo) (8-77)
Bro a-1 (-xpxg  Q-x%p)
1
or:ln—Bﬂ=f dx (8-178)
Bro Jxo v*-¥

Equation requires graphical integration.

where Brg = total moles liquid in bottom of still at start, Ty
BTy = total moles liquid in bottom of still at time, T
X¢ = mol fraction of component, i, in bottoms Bryg at
start, time T
%] = mol fraction of component, i, bottoms Br, at time,
T

o = relative volatility of light to heavy components
y* = equilibrium value of x;

The condensed vapor is removed as fast as it is formed.
The results of either relation allow the plotting of an
instantaneous vapor composition for given percents of
material taken overhead.
The outline of Teller [70, 133] suggests using the dif-
ferential form above. Vapor is assumed to be in equilibri-
um with liquid.

1. Calculate or obtain an x-y equilibrium diagram for
the light component.

2. Select values of x; and read equilibrium values of y;
from Step 1 above.

3. Calculate values of 1/ (y; — x;) and tabulate.

4. Plot curve of 1/(y; — %) versus x;; see Figure 8-38,
graphical integration by Simpson’s rule.

5. From the plot of Step 4, determine the area under
the curve from inital bottoms concentration of x;,
mol fraction at beginning of distillation down to the
final lower concentration of x;; in bottorms.

6. The area from Step 5 represents

In W/W; or In Wi1/Wi,, or (B,/BT)

where Wj; = the final kettle/still pot content, mols
Wjo = the initial kettle/still pot content, mols

or, for constant relative volatility for a binary mixture

for a simple still/kettle/bottoms pot with no internal
packing or trays, a direct analytical solution is [133]:

In=

] (8-179)

) xi (1- %) 1-x,)

w, 1 In Xy (1-%5) +ln 1-x;)
Wio oa-1

where Wj = content of kettle at any time, mols
Wi, = initial content of kettle, mols
W, = mols liquid initially in still or kettle
o. = relative volatility
D = distillate rate, mols/hr
L = liquid rate, mols/hr
V = vapor rate, mols/hr
x = mol fraction of a specific component in
liquid
y = mol fraction of a specific component in
vapor
6 = time, hours

Subscripts:
D = distillate related
i, or o = initial
1 = final or later
w = relating to bottoms (kettle/still pot)
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7. For each value of x, and the values of (Bro/Br;)
found

_B
__—BT% TL (100), the percent of material

TO

above, calculate

taken overhead.

8. A plot of the distillate composition, y versus percent
distilled (from Step 7) will show the value of the
instantaneous vapor composition.

The usual Raleigh Equation form [130] is for the con-
ditions of a binary simple differential distillation (no trays
or packing), no reflux, but with constant boilup.

NEAT
w; X1 (y - x)
For a binary mixture the values of x and y can be
obtained from the equilibrium curve. Select values of x;
and read the corresponding value of y from the equilib-
rium curve. Tabulate values of 1/(y — x), and plot versus
X1, resulting in a graphical integration of the function dx
(y = x) [130] between xg and x;. This system would have
no column internals and no reflux.

(8-80)

Simple Batch Distillation: Constant o, with Trays or
Packing, Constant Boilup, and with Reflux [129] Using
x-y Diagram

The system material balance from Treybal [129] using a
heated kettle and distillation column following a McCabe-
Thiele diagram, using reflux, but having only a batch (ket-
tle) charge:

F=D+W (8-81)
Fxg = Dxp + Wxw (8-82)
D =F (xf - xw)/ (xp - xw) (8-83)

G = mol/hr boilup overhead
L = mols reflux in the column
D = overheac. receiver contents, mols

Starting with an empty overhead receiver, the time 0y to
condense D mols of vapor to fill the receiver, when the
vapor boilup rate is G mols/hr.

6, =D/G

during which time the receiver is filling and there is no
reflux and the kettle mixture follows a Raleigh distillation
[129]. Under this condition, when the distillate receiver
just becomes full, the composition of the kettle contents
are xg;, and [129],

Fxp F(l-xp)
lo =alog |——— (8-84A
8 Wxg g[w 1-xg) )
—_ L) a-1 —_ o
or, d=2si)_ =(£) U=xg)” (8- 84B)
Xsi w Xp

Solve for xg; by trial and error.

After this reflux runs down the column the desired
lighter components leave, and a desired residual composi-
tion is left, following the Raleigh equation to express the
material balance.

Most batch distillations/separations are assumed to fol-
low the constant relative volatility vapor-liquid equilibrium
curve of

ax

"Trx(@-1) ®-50

Y
After filling the receiver, reflux runs down the column at
the same molar rate as the vapor back up (L = G). The oper-
ating line has a slope of 1.0. Then there are “n” plates/trays
between composition x;, and x; (the mol fraction in distil-
late). As the distillation continues, the operating line moves
closer to the 45° line of the diagram, and x; and Xp (and Xs)
become richer and leaner, respectively, until at the end x;
becomes xp and x; becomes x,. The required time is 0.

During a batch distillation at constant pressure, the tem-
perature rises to accomplish the separation as the more
volatile component’s concentration is reduced in the bot-
toms (kettle) or residue.

For a batch differential distillation where no reflux is
used, there is only boilup of a mixture of the desired
lighter component, which leaves the kettle, and a desired
residual bottoms composition is left in the kettle. This type
of distillation follows the Raleigh equation to express the
material balance. However, while simple, not having tower
packing or trays or reflux does not offer many industrial
applications due to the low purities and low yields
involved. Repeated charges of the distillate back to the
kettle and redistilling will improve overhead purity.

The minimum number of plates [129], for infinite time
for separation:

o720 (52
-Xp Xw

log o

Nppig +1= (8-85)

For operating line with slope of unity, from Smoker’s
equation:

cla-1)x) c@-1xj

1 rlo—— P A ) P il §

o O s
N = (8-86)

log (a/ c2)
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Equilibrium curve:
ax

"1+ @-1)x (8-50)

y

Operating line: y = x + b (see Reference 129 for dia-
gram). They intersect at x = k.

Then,y=——L=k+b,whenx=k (8-87)

1+ (a-Dk
where b = (ak/c) -k

c=1+(a-1)k
Then,xp + b= ELL: N
0+ (@-1)x]

Coordinates:
Xll =X]- k
y =y-(b+Kk)
xp' =xp—k
For the more volatile component at any time:
x1 = (Fxp - Wx)/D (8-88)

b=y;—xp
09 = (W/G) fx * (dx, /b), time, hrs for refluxed distillation
Xw

Fixed Number Theoretical Trays: Constant Reflux Ratio
and Variable Overhead Compositions

Raleigh equation form [130]:

In (Wy/Wo)= [ dit /6xp =%,) (8-90)
Xwo

where W, = mols liquid mixture originally charged to still
Wi = mols final content in still
Xyo = Initial mol fraction of more volatile component
in mixture
X = composition of liquid in still, mol fraction
%; = mol fraction of component in liquid phase
x = mol fraction of more volatile component in liquid
xp = instantaneous mol fraction of the component in
the distillate that is leaving the condenser at time 6.
Xp; = initial distillate composition, mol fraction
x; = mol fraction cornponent in liquid phase
yi = mol fraction of component in the vapor phase
D = mols of distillate per unit time, or mols of distil-
late at time 6, or distillate drawoff.
K4, Kp = equilibrium vaporization constants for A and B,
respectively

L = mols of liquid per unit time, or liquid return to
column

P = distillate drawoff percentage = 100/ (R + 1)

P; = pure component vapor pressure, mm Hg

R = reflux ratio (liquid returned to column)/ (distil-
late drawoff); subscripts indicate number of
plates, Ryin

V = vapor rate up column, mols per unit time

6 = time

Batch with Constant Reflux Ratio, Fixed Number
Theoretical Plates in Column, Overhead Composition
Varies

At any time 06 [131]:

s X dx
In (W /w0)=1ni=f dx, v w (8-91)
X

S0 So (XD = xs) Xwo (xD - xw)

where S, = mols originally charged to kettle
S = mols in mixture in still (kettle) at time 0
xp = mol fraction of a more volatile component in the
distillate entering the receiver at time 0
Xqo = ol fraction of a more volatile component in the
initial kettle charge
X = mol fraction of a more volatile component in the ket-
tle at time 6
D = mols of distillate at time 6

To solve the right side of the Raleigh-like equation, inte-
grate graphically by plotting:

1/(xp - %) vs. %

The area under the curve between Xy, and X, is the value
of the integral. Plot the equilibrium curve for the more
volatile component on x — y diagram as shown in Figure
8-33. Then, select values of xp from the operating line hav-
ing the constant slope, L/V, from equation

Lys1=Lp+D

are drawn from the intersection of xp and the diagonal.
Then from these L/V lines, draw steps to the equilibrium
curve, the same for a binary McCabe-Thiele diagram
[130]. The proper operating line is the one that requires
the specified number of theoretical plates (stages) in mov-
ing stepwise down from the initial desired distillate com-
position to the composition of the mixture initially
charged to the kettle (or pot or still). The kettle acts like
and is counted as one theoretical stage or plate. The inter-
section of the last horizontal step (going down the col-
umn) from xp with the equilibrium curve is the still or ket-
tle bottoms composition, xyw, at the completion of this
batch distillation. Using the system material balance and
the constant reflux ratio used (L/V), calculate the total
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Figure 8-33. Variable reflux ratio at various theoretical plates to
achieve a specified separation from x, kettle o x5 distillate over-
head. Note, all reflux ratios shown yield same separation, but with
different numbers of theoretical plates/stages; D = Distillate; F = Ket-
tle Conditions; x,, Yo at equilibrium. Used by permission, Ellerbee,
R. W. Chem. Eng. May 28 (1973), p. 110.

vapor generated by the kettle. The heat duty of the kettle
can be calculated using the appropriate latent and sensi-
ble heat of the mixture components.

For a constant reflux ratio, the value can be almost any
ratio; however, this ratio affects the number of theoretical
plates and, consequently, actual trays installed in the recti-
fication section to achieve the desired separation. Control
of batch distillation is examined in Reference 134.

The internal reflux ratio is L/V, and is the slope of the
operating line. The external reflux is {133]:

R=L/D

andV=L+D
V/L=L/L+D/L=1+1/R=(R+1)/R
Then L/V=R/(R+1)

and, R = (L/V)/[1 - (L/V)], see Figure 8-33.

Point F on the figure represents conditions in the kettle
or stll with x;, y;, Or X,, Yo. Line DF represents slope of the
operating line at minimum reflux. The step-wise develop-
ment from point D cannot cross the intersection, F, where
the slope intersects the equilibrium line, and leads to an
infinite condition, as point F is approached. Thus, an infi-
nite number of theoretical trays/stages is required, and

thus a minimum reflux requirement. Minimum reflux is
calculated [133]:

(L/Vmin) = (yp - yi)/ (xp - 3); (see Figure 8-33) (8-92)

Note that yp = xp on the diagonal of the equilibrium
plot, and y; and x; are points of intersection with the equi-
librium curve. For an abnormal equilibrium curve (as
compared to regular or normal shape) see Figure 8-34.

Once a minimum reflux has been established (which is
not an operating condition), then a realistic reflux ratio of
from 1.5 to as much as 10 times the minimum can be
selected. Of course, the larger the reflux value down the
column the more vapor has to be boiled up, and the
greater will be the required column diameter. So, some
economic balance must be determined.

Solving the typical Raleigh equation:

W, W dx,,

In— = —_—w
(Xp = Xy )

8-93%
w X{ ¢ )

The average distillate composition will be:

% - Wixi - Wxy
P2 =W W)
Equilibrium

T

Mol Fraction Component C4 in Vapor

Mol Fraction Component C; in Liquid

Figure 8-34. Minimum reflux for abnormal equilibrium curve for
Batch Operation, constant reflux ratio.
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A trial-and-error calculation is necessary to solve for W
until a value is found from the In W;/W equation above
that matches the Xp ay which represents the required
overhead distillate composition. By material balance:

V=L+D,and R=L/D

V/D=L/D+1=R+1

D=V/(R+1)
W =W; - D8 =W, ~V8/(R+1) (8-94)
o___ W
T, Ve
YR+
Q- f _dxw (8-95)
x5 (xp-xw)
W/e \
R+1 8-96
-®eD| g (8-96)
6= (W; -W)/D= (R;” (W; - W) (8-97)

Referring to Figure 8-35 the constant internal reflux
ratio, L./V is shown for several selected values of reflux
ratios [131]. Only one at a time can be used for actual
operation. Starting at the intersection of the diagonal line
(distillate composition), step off the theoretical plates. For
example, from Figure 8-35 at constant reflux, using oper-
ating line No. 1, starting at xp = 0.95, for one theoretical
plate, the bottoms composition in component A would be
approximately xw = 0.885; then going down one more
plate at the same L/V, a second theoretical plate yields a
bottoms of xp or xy = 0.83, still yielding xp = 0.95. If the
L/V for the operating line No. 4 is used (same slope as
line No. 1), then the expected performance would be xp
= 0.60, and after one theoretical plate, the bottoms would
be 0.41 at the same reflux ratio as the first case; and for xp
= 0.60 and two theoretical plates, xyw = 0.31.

where D = relates to distillate
i = relates to initial condition
W = relates to bottom or pot liquors

Batch with Variable Reflux Rate Rectification with Fixed
Number Theoretical Plates in Column, Constant
Overhead Composition

Overall material balance at time 0 [130, 131]:

s-s, (ED_""_)
Xp — X

(8-98)

1.0 — — T Distillate o' hd
, ’ | 74~ comp=0.94
:-' 71— Operating line 1
g 09 A %,=0.95
g T Operating line 2
g o’ AW
: 0.8 T Xp=0.85
£ i V4t [-Anws constant
g 07 7~ i Operating line 3
< 06_ ., Ly Lx.,=o.7o
s w : HH I Operating line 4
g B 1% / DAl T %,=0.60
g 0.5 Z T n
I % 1l
8 0.4 : — e i
— 1 [ LI
L [
5 03 A ALA i
E A P
L 020 / T i
g o Pl i
= ol ' i L 1 Kettle bottoms
st IJ [ comp=0.47

o0 0.1 02 03 04 0.5 0.6 0.7 0.8 09 1.0
Mol Fraction Component A in the liquid, x

Figure 8-35. Batch distillation: constant reflux ratio after McCabe-Thiele
diagram. Revised/adapted and used by permission, Schweitzer, PA.
Handbook of Separation Techniques for Chemical Engineers, McGraw-
Hill Book Co. (1979); also reprinted by special permission, Chem. Eng.
Jan. 23 (1961), p. 134., © 1961 by McGraw-Hill, Inc., New York.

W=W, (M\ (8-99)

XD — Xy
where W = mols in still/bottoms at any time
W, = mols in still/bottoms at initial charge time

This mode of batch rectification requires the continuous
adjustment of the reflux to the column in order to achieve
a steady overhead distillate composition. Starting with a
kettle obviously rich in the more volatile component, a rel-
atively low reflux ratio will be required to achieve the spec-
ified overhead distillate composition. With time, the reflux
ratio must be continuously increased to maintain a fixed
overhead composition. Ultimately, a practical maximum
reflux is reached and the operation normally would be
stopped to avoid distillate contamination.

At constant molal overflow: The time required for the
distillation only,

Wo de

xw (1—%) (xp = xw ¥’

8 =W, (xp —xw)/V] (8-100)

does not include charging the kettle, shutdown, cleaning,
etc.

To determine the column (with trays) diameter, an
approach [130] is to (1) assume 6 hours; (2) solve for V,
Ib/hr vapor up the column at selected, calculated, or
assumed temperature and pressure; (3) calculate column
diameter using an assumed reasonable vapor velocity for
the type of column internals (see section in this volume on
“Mechanical Designs for Tray Performance”).
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Solve for the value of 0 by graphically or otherwise plotting
1/[1 = (L/N)] (xp - xw)*

versus xw and determining the area under the curve
between xw, and xyw. Then substitute this value for the
integral in the Equation 8-100 and solve for 6.

Figure 8-36 illustrates the variable reflux batch process
with operating lines with different L/V slopes all passing
through xp; (distillate desired overhead composition for
i}. Establish the McCabe-Thielelike steps down each oper-
ating line until the last horizontal step or stage intersect-
ing the equilibrium line indicates the accepted bottoms
composition, xw;. This must be done before the integral of
the previous equation can be determined, because xwy; is
determined in this manner.

Using Figure 8-33 the separation from x,, initial kettle
volatile material to x5 as the distillate of more volatile over-
head requires three theoretical plates/stages at total
reflux. Using finite reflux Ry, and four theoretical plates
the same separation can be achieved with infinite theoret-
ical plates and the minimum reflux ratio, Ry,. The values
of reflux ratio, R, can be determined from the graph with
the operating line equation as,

y (intercept) = xp/ (R + 1)

where xp = concentration of volatiles in the overhead distillate,
mol fraction
R = reflux rato (L/D), where L is the liquid returned
as reflux to the column
D = quantity of liquid distillate withdrawn (see Figure
8-32)

The distillate percentage drawoff, P,

P=100/(R+1), %

All Oper. Lines pass

thru Xpi

Bottoms Kettle——,

Operating Lines with
comp. - peratig

different slopes, (L/V)

Mol fraction of volatiles In vapor, y

a

xb—— e —

l
I
|
|
|
I

Mol fraction of volatiles in liquid, x

Figure 8-36. Variable-reflux batch process solution. Modified and used
by permission, Ellerbee, R. W., Chem. Eng., May 28 (1973), p. 110.

P =100 (y/Dp), %

The values of overhead composition can be varied from
xg of Figure 8-33 to other values as the drawoff percentage
changes. As the drawoff percentage decreases, the distil-
late specification can be better maintained as the distilla-
tion operation continues for a fixed number of plates. For
further discussion see References 129, 130, 131, 133.

Example 8-14: Batch Distillation, Constant Reflux;
Following the Procedure of Block [133]

Purify a mixture of ethanol and water; 11,500 1b

Lb Mols Mol Fraction
Feed to kettle:
ethanol, 35 wt% 4,025 95.42 0.187
water, 65 wt % 7.475 415.27 0.803
Totals 11,500 510.69 1.000

Overhead distillate product desired: 91.5 wt% ethanol.

Kettle bottoms residue: Not specified, as results from
separation.

Vaporization rate: Assume 72 mols/hr

Average mol. weight of feed: = 11,500/510.69 = 22.51

Overhead Product:
Weight % Lb Mols Mol Fraction
Ethanol 91.5 91.5 1.99 0.808
Water 8.5 8.5 0.472 0.192
100.0 100.0 2.465 1.000

Select L./V (internal reflux) = 0.75

Then: L/V =R/(R+ 1) = 0.7875 = R/(R + 1), see below;
R = 3.705 (external reflux, L/D)

Because V=L +D

72 mols/hr = (0.7875 V) + D

Use the ethanol curve similar to Figure 8-37, or refer to
the data of Reference 133; the point of tangency of the
line from the distillate composition of the diagonal is xp =
0.80 and y, = 0.80. Thus the minimum internal reflux is set
by this tangent line:

=0.525

V= YD—-YT - 0.80 - 0.695

L
/ Xp ~xp  0.80-0.60

For practical design, select L/V = (1.5) (0.525) = 0.7875.

Select L/V internal reflux lines and add to the equilib-
rium plot, similar to that shown for a “normal” curve of
Figure 8-35, but unlike the abnormal ethanol curve
shown.
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Figure 8-37. x-y diagram for ethanol-water mixture, showing minimum
reflux. Used by permission, Block, B. Chem. Eng. Feb. 6 (1961), p. 87.

Tabulate:
Select xpy Xy (xp - Xw) 1/(xp — xw)
0.808
0.770
0.750 read, 0.085 0.665 1.5037

For a plot of xp = 0.750, slope = 0.7875, read xyy at the
equilibrium line for each theoretical tray and plot similar
to Figure 8-38. Then determine the area under the curve
between the selected xw and the product xp. Then:

Xw  d
Inw /W= [ & —Ew
X (XD - Xw

= area under the curve (8-100A)

For this example, In (W;/W) = approximately 0.210
Then, Wi/W = 1.2336

W = 510.69 = 413.98 mols bottoms for xyy = 0.085
1.2336

Wixi - \'VX\,\!

Average overhead composition, xpy avg =
§ P B2 7w, -w

~ [(310.69) (0.187) - (418.98) (0.085)]
- (510.69 — 413.98)

XD avg = 0.6236

=
I
x -
= I —
1 ]
1 ]
| 1
[} ]
| ]
1 I =
1 ]
1 '
1 L
I ]
P e ] e ESS TS S (10 e o T
Xi1 X Xy— Xio
Final Initial
Bottoms/Kettle/Still

Figure 8-38. Graphical integration of Rayleigh or similar equation by
Simpson’s Rule, for Example 8-14.

Time required for distillation only (not set up, draining,
cleaning, etc.):

6= (R+1) [Wi/V] [(eR~1)/e9

W dxy W,
Q=f ¢ =1In Wi (see right side of Equation 8- 100A)
xj XD T Xw w

(510.69) (210 _ 1y
[72 (60'210)]

0=(3.705+1) =6.32 hours

W, - Wy 510.69-413.98
Distillation rate = —! w_>2

0 6.32

=15.30 mols/hr

Checking:

0=(R+1) (W,-W)/Vv

0 =(3.705 + 1) (510.69 — 413.98) /72
0 =6.31 hours

where D = distillate rate, moles/hr
L = liquid flow, moles/hr
V = vapor rate, moles/hr
V = quantity of vapor, moles
W = contents of still pot, moles
x = mole fraction of substance in liquid
y = mole fraction of substance in vapor
a = relative volatility
0 = time, hr

Subscripts
D = relating to distillate

i = initial
w = relating to pot liquors
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Example 8-15: Batch Distillation, Vapor Boil-up Rate for
Fixed Trays (used by permission of Treybal [129];
clarification added by this author)

Distill a small quantity each day to obtain relatively pure
o-xylene from a mixture of ortho and para xylene, having
boiling points of 142.7°C and 138.4°C, respectively. The
feed is 15 Ib-mols (about 225 gallons) per batch, at 0.20
mol fraction para. The desired residue product is 0.020 in
the kettle, while the distillate is to be 0.400 mol fraction
para. A distillation column equivalent to 50 theoretical
plate is to be used.

The time requirement is to complete the distillation/
recovery in six hours, allowing an extra two hours for
charging, emptying, and cleaning. What is the constant
rate that the distillation must be carried out?

F = 15 Ib-mols/hr

xr=0.20

xp = 0.400

Xy = 0.02

The material balance:

D =F (x¢ - Xy)/ (XD — Xy)

D =15 (0.2 - 0.02) /(0.400 - 0.020) = 7.105 mols
Then, F=D-W

W =15-7.105 = 7.895 mols
8;=D/G

and, 8 = 7.105/G

<1—xsi>“_(i 1 1-xp)®
X B W) Xg

si

1152-1 §_ g gy1152

0.2

(1-0.18530)1-132 _( 15 )
0.18530 7.895

4.26=4.26

At 138.4°C, the vapor pressures of ortho and para are
660 and 760 mm Hg, respectively. Because Raoult’s law
applies:

o =760/660 =1.152

Solving the equation by trial and error shows that xg =
0.18530. Solving for the minimum number of plates
required:

o 522) (1220)

1-x X
Nmin +1= D ¥

log a

0.40 1-0.02
log
1-0.40 0.02

log 1.152

Nmin +1=

1514
0.06145

Nmin +

Nmin (in column) + 1 (kettle) = 24.6

The results indicate that 25 theoretical plates are mini-
mum; then by assuming an efficiency of 50%, total actual
trays of 50 should be adequate. Choose values of k (see
nomenclature) and solve for b and x, by:

b = (ak/c) -k
c=14+(a-1)k
Ax2 +Bx, +C=0

The tabulated results are:

k b X
0.0200 0.00297 0.01899
0.0500 0.00716 0.04842
0.0750 0.01043 0.07301
0.1000 0.01347 0.09728
0.1250 0.01631 0.12109
0.1500 0.01895 0.14470
0.1750 0.02137 0.17145
0.2000 0.02360 0.18133

Graphical integration shows the area under the curve,
Figure 8-38A, to be 15.764. Applying this to:

6o =(W/G) [ (dx,/b)
x“’

Then, 09 = 7.895 (15.764) /G = 124.46/G
01+ 89 =6 hr="7105/G + 124.46/G
G = 21.93 Ib-mols vapor/hr

This is the boilup rate, which is approximately 3.3 ft?
vapor/sec. An approximately 1 ft 0 in. diameter column
can handle this rate; however, because it is in the usual size
for a packed tower (or cartridge trays), the diameter must
be checked using the packed tower calculations in Chap-
ter 9 of this volume.
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Figure 8-38A. Graphical integration for boil-up rate of batch distil-
lation for Example 8-15. Used by permission, Treybal, R. E., Chem.
Eng. Oct. 5 (1970), p. 95.

where A, B, G, E, H, J, K = constants developed in article [129]
b = y-intercept of operating line
¢ = constant
D = distillate, Ib-moles
F = charge to batch distillation, Ib-moles
G = vapor boilup rate, lb-moles/hr
k = value of x at intersection of operat-
ing line and equilibrium curve
L = liquid reflux rate, Ib-moles/hr
N = number of ideal plates in column
Nmpin = minimum value of N
W = residue, Ib-moles
x = mole fraction more volatile compo-
nent in liquid
xp = mole fraction more volatile compo-~
nent in final distillate
xX¢ = mole fraction more volatile compo-
nent in feed
xp = mole fraction more volatile compo-
nent in liquid leaving column at any
time
X; = mole fraction more volatile compo-
nent in kettle at any time
Xg; = value of x; when distillate receiver is
first filled
Xw = mole fraction more volatile compo-
nent in final residue
x) = mole fraction more volatile compo-
nent in distillate at any time
y = mole fraction more volatile compo-
nent in vapor
¥s = mole fraction more volatile compo-
nent in vapor entering column at
any time

o = relative volatility
81 = time for filling distillate receiver, hr
89 = time for refluxed distillation, hr

Example 8-16: Binary Batch Differential Distillation

Dimethyl ether is to be separated from methanol. A
batch type operation is to be tried to see if an existing coil-
in-tank can be used. The pressure of the system will be
about 55 psia. How many total mols will remain in the bot-
toms when the bottoms liquid composition contains 0.5
mol percent dimethyl ether? What is the composition of
the total overhead collected?

Initial Charge At 104°F

Vap.
Mol Press.
Component Mols Fraction psia K=P/x y*=Kx
Dimethyl ether 61 0.427 125.0 227 0.97
Methanol 82 0.573 51 0.093 0.05
143 1.000 Z=1.02

Initial boiling point of mixture = 104°F.

mBrL_ 1 g, G-%)x ) (-%) (8-101)
By a-1 (Q-x1)&o) (1-xq)
Bt =143 mols
Xo = 0.427
x1 = 0.005

o =125/5.1 =245

JBm__ 1, (1-0427)(0.005) | (1-0427)
143 245-1  (1-.005)(.427) (1- 0.005)

- 0042615 00286 | 0573

425 0.995

=0.0426 In 148.5 — In 1.73
= 0.0426 (In 1.485 + In 100) - In 1.73
=-0.0426 (0.395 + 4.605) — 0.548

nBTL_ _g761
143

In 143 =0.761
B

T1

Br; = 143/2.14 = 67 mols remaining in bottom when dimethyl
ether is 0.5 mol %.

Total vapor collected overhead = 143 - 67 = 76 mols

Mols dimethyl ether in bottoms = 0.005 (67) = 0.335
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Mols dimethyl ether overhead = 76 - 0.335 = 75.663
Composition of total overhead collected:

75.665

100)=99.6
76.0 (100) %

Dimethyl ether =

Methanol = 100.0 -~ 99.6 = 0.4%

Differential Distillation—Simple Batch, Without Trays,
Multicomponent Mixture

For multicomponent systems, the relation of the system
can be expressed using the relative volatility:

Qaj
B; =B, (i) (8-102)
Boo
where B; = mols of component, i, after a given time of
distillation

B;, = mols of component, i, at start of distillation
B}, = mols of component, b, used as reference for
volatility after a given time of distillation

By, = mols of component, b, used as reference for
volatility, at start of distillation.

Knowing the amount of components present at the
beginning, the quantity remaining after the distillation
can be calculated.

Example 8-17: Multicomponent Batch Distillation

A mixture of hydrocarbons at 80 psia is to be differen-
tially distilled until the mols of propane is reduced to 10
mols per 100 mols of bottom feed material. A kettle with
bottom coil is to be used, and no trays.

Material in kettle at start of distillation:

Component Mol Fraction
CoHg 0.10
CsHg 0.25

N-C4H1 0.85
i-C4Hjg 0.30
1.00

Basis: 100 mols of bottoms feed

Bubble Point of Initial Charge
x Mol. @ 50°F Assumed @ 50° o105 «
Component Fract K; y=k 105°K; Ki/K, K/K, Avg
CoHg 010 45 045 72 381 328 3854
CgHg 0.25 1.18 0.295 2.2 1.0 1.0 1.0
nCiH;g 035 033 0115 075 028 0341 0310
iC4Hyo 030 048 0144 10 0.407 0.454 0.430
1.00 1.004
O.K

Note: K values at 80 psia from Natural Gasoline Supply
Man’s Assoc. Data Book [48].
Propane is reference material.

Cti50° = ——Iil—— = —41 =3.81
Koropane  1.18
ai_ 105° =—Ki— = B = 3.28

Kpropam: 2.2

B(Total) = 3B, = 3B, (—B‘L) l
By,

(o]

10\ 10
B(ethane) = (10) (—) =——=0.39 mols in bottoms
25 25.6
Vapor
Final Press.
Component B; Bottoms x; at 105°, P; pi = Pixg
CoHp 0.39 0.00686 840 psia 5.75
CsHg 10.00 0.176 200 35.2
n-C4Hyyp 26.30 0.463 57 26.4
i-C4Hyo 20.20 0.355 78 27.6
56.89 1.000 94.9
(Too high,
assume
lower
tem-
perature
and re-
calculate)

xj = 0.39/56.89 = 0.00686

Vapor pressure from N.K. Rector chart in Reference 48.

Second Try
Iniial o  Asume  o95 o
Component x; 50° 95°, K; Ki/Ky Avg.
CoHg 0.10 3.81 6.7 3.3b 3.58
CsHg 0.25 1.0 2.0 1.0 1.0
n-C4Hjg 0.35 0.28 0.67 0.335 0.307
i-C4Hjg 0.30 0.407 0.92 0.46 0.432
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Vapor

Final Press. Final Zp;

Component B; @95°P; X; =Pix;
CoHg 0.378 750 0.0066 48
CsHg 10.0 174 0.175 30.4
n-C4Hjo 26.4 47 0.464 21.8
i-C4Hjo 20.2 67 0.354 237
56.97 80.7

psia

Therefore the final temperature should be close to
95°F, because 80.7 psia compares satisfactorily with the
operating pressure of 80 psia.

Total mols of bottoms remaining at end: 56.9 mols liquid
Total mols vaporized = 100 - 56.9 = 43.1

Liquid composition mol fraction is given in column
“Final x;,” and corresponds to the actual mols B;, noting
that there are the required 10 mols of propane in the bot-
toms under these conditions.

Batch Distillation With Fractionation Trays—Constant
Overhead Product Composition, Multicomponent and

Binary

The method of Bogart [4] is useful in this case. The
basic relation is:

o< BTo &Xip ~ %) *F dx
v xg (1-L/V) (xip - X;p)°

(8-108)

Application may be (1) to determine a column diame-
ter and number of plates or (2) to take an existing column
and assume an operating reflux for the fixed trays and
determine the time to separate a desired cut or product.

where 0 = time from start when given L/V will produce
constant overhead composition, x;p
Bto = mols total batch charge to still
V = total mols per hour vapor overhead
xip = mol fraction light key component in overhead
product
x;g = mol fraction light key component in original
charge

Suggested procedure for situation (2) above: using exist-
ing column

1. Calculate minimum number of plates and minimum
reflux ratio
(a) For multicomponent mixture, select key compo-
nents, light and heavy

(b) Calculate relative volatility, ocj, referenced to
heavy key component, at top and bottom temper-
atures, and determine geometric average .

(c) Calculate minimum theoretical plates at total
reflux by Fenske’s equation (8-32).

(d) Use Gilliland correlation to determine actual
reflux ratio, using an estimated number of actual
plates, and a minimum reflux ratio from:

(L/Dygin = (_1_) [(m) o (m)}
a-1 XIB XhB
(e) Calculate:

L/D
L/D+1

Internal (L/V) =

. Set up table: Keep xp values constant

*Assumed “x;”

values (L/v)y (1-L/V) (xp-~%* A B
x (Bottoms) o ° d e ®
X9 [ ° [ ] ] L
xs [ ) [ ] [ ] [ ]
. ° ° . ° O
x (Feed) o ° ° *
A=(1-L/V) (xp - x1*)*
B 1

T A-L/V) (ki - 300

*Assume “x;” values of bottoms compositions of
light key for approximate equal increments from
final bottoms to initial feed charge. Calculate L/V
values corresponding to the assumed “x;” values by
inserting the various “x;” values in the Fenske equa-
tion for minimum reflux ratio of 1-(d). The “x;” val-
ues replace the x1p of this relation as the various
assumptions are calculated. The actual (L/D) are cal-
culated as in 1-(d) keeping the minimum number of
trays constant. Complete the table values.

1

. Plot vs (xp) *

(1~L/V) (xp - 5 *f

The total area, XA, under the curve may be
obtained in several ways; the rectangular or trape-
zoidal rules are generally quite satisfactory. The area
concerned is between the original feed and the final
bottoms composition for the particular component.

. Time required for a batch

0=Br, D _XB) (54, (8-104)
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V is an assumed or known value, based on reboiler
capacity.

. Plot of reflux quantity versus time.

From the L/D values of 1-(e), knowing the L/V,
using V assumed as constant, calculate the necessity
reflux fluid, L. Figure 8-39 indicates a plot of time to
produce a constant product composition and the nec-
essary external reflux returned to the tower.

The batch distillation of a binary is somewhat sim-
plified, as L./V values can be assumed, and since there
is only enrichment of the overhead involved, only one
operating line is used per operating condition. Theo-
retical trays can be stepped off and x; values read to
correspond. The plots involved are the same as previ-
ously described.

ot

Steam Distillation

Live steam is in direct contact with fluids being distilled,
either batch or continuous. Often, this process is called
open steam distillation.

Ellerbee [127, 128] provides an excellent summary of
steam distillation basics. The theory of direct steam distilla-
tion evolves around the partial pressures of the immiscible
organics/petroleum/petroleum component and the pres-
ence of direct open steam in the system. The system may
consist of the organic immiscible plus steam (vapor
and/or liquid). Each liquid exerts its own vapor pressure
independent of the other. Thus, the total pressure of the
systemn is the sum of the individual vapor pressures of the
two liquids (assuming the liquids do not dissolve in each
other). An important use of this approach is to separate a
volatile organic from non-organic impurities.

At constant temperature, the partial pressure for each
component and the composition of the vapor phase are

100 j
80 /
2L 60 i
Areas for
T‘? integration Fﬁ
e
: \
3 20 V//‘\ AW AR nitial
= /\?v \ighurge”
. é Mposnwn

or 02 03 04 05 06
xj ,in Bottoms

independent of the mols of liquid water or organic com-
pound present. For example, for a system held at 800 mm
Hg, the mixture could boil at, say, 250°F, and both liquids
present would boil over together. Should one evaporate
(boiling away before the other), the system vapor pressure
then would fall to the temperature corresponding to the
remaining material.

For a system such as discussed here, the Gibb’s Phase
Rule [59] applies and establishes the “degrees of freedom”
for control and operation of the system at equilibrium.
The number of independent variables that can be defined
for a system are:
¢0+F=C+2 (8-105)
where ¢ = number of phases present

F = degrees of freedom
C = number of components present

For example, for steam (saturated vapor, no liquid) dis-
tillation with one organic compound (liquid), there are
two phases, two components, and two degrees of freedom.
These degrees of freedom that can be set for the system
could be: (1) temperature and (2) pressure; or (1) tem-
perature and/or (2) concentration of the system compo-
nents, or either (1) pressure and (2) concentration. In
steam distillation steam may be developed from water pre-
sent, so there would be both a liquid water and a vapor
phase water (steam) present. For such a case, the degrees
of freedomare F=2+2-3=1.

The basis laws of operation involve the partial pressures
of the components as discussed earlier.

For batch steam distillation: stripping [127, 128]

¥s = Ps/® (8-106)
220
8 200 <
3 pd
S 7
8 180
. 7
3 /]
‘S
* 160 //
l400 2 4 6 8
Time,Hours

Figure 8-39. Batch distillation with trays; constant overhead product.
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7 = total system pressure (also see Equation 8-3)  Any non-volatile material in the mixture will be left in the
still bottoms.
Yim = Pim/ The Hausbrand vapor-pressure diagram [127, 128] in

Figure 840 is a useful approach for the steam distillation
calculation. This particular diagram was prepared for six
organic compounds and the corresponding water vapor
pressure as (m - ps) for three system pressures of 760, 300,
and 70 mm Hg versus temperature,

The steam required for the distillation is

7 = ps + Pim (8-107)
(also see Equation 8-4)

%~ Pim
7 where M = molecular weight of material

p = partial pressure, mm Hg

W = weight of material in vapor

N = number of mols
N, = number of mols of non-volatile material present
== (8-1074) y = mol fraction of material in vapor
i T = system pressure, mm Hg
Pim = pure component vapor pressure of the immiscible

liquid being distilled

Ys =

The steam required per mol of immiscible liquid vapor-
ized is

N; = Nim (% = Pim)/Pi

When the sum of the partial pressures of the steam and
the material distilled reach the system pressure, boiling
begins and both components go overhead in the mol ratio
of their partial pressures. Upon condensation of the over-

Subscripts:

im = immiscible liquid

s = steam
head mixture, the condensate receiver will contain two 1 = initial
layers that can be separated by gravity. 2 = remaining
The weight ratio of steam to the immiscible liquid in the
vapor is The water curve intersects the particular organic com-
pound and at that point the temperature is the one at
W, . .
S = (ps My)/ (Pim Mim) (8-108) whlc_h the steam dlStlllatl'O.n can ta.ke p_lace, because the
Wim partial pressures are additive at this point. For example,
800
L 17 17 /
NEReN 1 // J /
N\ / £ /
o E/ \ H
; /
g N 5 8 g 5
£ 100 cgl ag o 9 EBZ by,
i A /
E
] s00 Water ___| / ;EQ A [
AW/ /
- 4 \
4/ \ )
é ¥/ : .
100 | water » A Figure 8-40. Hausbrand vapor-pressure dia-
702 7 \ \ A gram for various liquids and at three system
L-// steam pressures. A similar diagram can be
° constructed for other organic/hydrocarbon
o % 100 150 20  systems. Used by permission, Ellerbee, R. W.,

Temperaturs, °C Chem. Eng. Mar. 4 (1974), p. 108.
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for 300 mm Hg total pressure system, reading the inter-
section point for benzene and steam at 46°C, gives 220
mm Hg for benzene and (300 - 220) or 80 mm Hg. Then
the mol ratio of benzene to water vapor 220/80 = 2.75; or
2.75 parts of benzene to 1 part of water.

When the composition of the compounds in the still or
bottoms changes significantly as the batch distillation pro-
gresses, an unsteady state condition will exist as for differ-
ential distillation (see discussion of this subject later).

When nonvolatile material in the bottoms is significant,
and no liquid water exists there—that is, ps is below satu-
ration of the steam pressure at the still temperature—then
the Raoult’s Law steam efficiency is [127]: Values of E are
found to range from 60% to 70% for many organics, but
values of 90% to 95% are reported [127] for good sparger
design for steam injection, and molecular weight of organ-
ics < 100, and 50% for many lubricating oils.

Fe— Pim (8-109)

Pim (— Nim )
Nim + No

where E = vaporization efficiency of steam distillation

Note that for this discussion now, pin, just above and in
equations to follow, refers to the pure component vapor
pressure of the immiscible liquid being distilled [127].
When steam is added to the still [127]:

(8-110)

and, for a constant distillation temperature, pjy is con-
stant. Then for constant pressure:

a N,

- 1) (Nim1 = Nimg) + = Nim

In 4=
Pim Nimg

4
N = 8-111
s (E ( )

Pim

As the organic or volatile material is reduced due to the
batch distillation, the steam pressure rises during the
progress of the operation due to the loss of the volatile
material, and the decrease of p;p,- When the volatile mate-
rial is stripped down to a low residual concentration, then
ps approaches the total system pressure, n. When the
steam saturation pressure and temperature is greater than
7, no steam condensation will occur during the operation.

When the non-volatile concentration is low to insignifi-
cant in the still feed, then N, is small relative to Nj,. Then
Pim is considered constant [127]:

Pim = E Pim (8-112)

N; = (Ps/Pim) (Nim1 = Nim2) (8-113)

Then, the distillate:

W - (7 - pim ) My
Wim  Pim Mim

(8-114)

Operation of the open still with only a steam injection
sparger to bring steam below the liquid level in the still
may not be totally efficient as for the same condition oper-
ating the unit with internal trays as a stripping column.
This should be examined for each situation, as the instal-
lation of trays can be expensive, particularly if they do not
aid significantly in achieving the desired separation. Gen-
erally, when no liquid water is present, the best operations
of an open still (with condenser) may be at the highest
working temperature suitable for the effects on the fluids
(i.e., no polymer formation, no breakdown, etc.). Often,
direct steam injection can be reduced for any operation by
careful heating of the still by an internal reboiler coil, or
possibly a steam jacket. The heat sensitivity of the com-
pounds involved must be recognized.

Steam Distillation—Continuous Flash, Multicomponent
or Binary

This system requires direct steam injection into the still
with the liquid, all the steam leaves overhead with the boiled-
up vapors (no internal condensation) in a steady-state oper-
ation, and system at its dew point. Steam is assumed immis-
cible with the organics. Steam distillation is usually applied
in systems of high boiling organics, or heat sensitive materi-
als which require separation at vacuum conditions.

My __ = E_Bl_o -1
Bro Py By, o B P

b is more volatile reference component

(8-115)

i=s = components, j, are not to include steam, s
M; = total mols steam required
By, = total mols hydrocarbons at start (not including the
steam)
Bt1 = mols liquid in bottoms of still at time, T
B;, = mols of component, i, at start
o; = relative volatility of more volatile to each of other
components
Py, = vapor pressure of reference more volatile component, b
7 = total system pressure, absolute
By, = mols of component, b, used as reference for volatility,
after a given time of distillation
B, = mols of component, b, used as reference for volatility, at
start of distillation

Example 8-18: Multicomponent Steam Flash

A mixture of bottoms material of composition B;, below
has accumulated in the run-down tank. It is necessary to
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separate the volatile organic heavies from the tarry poly-
merized residue (heavy liquid). Steam is to be injected
into the insulated tank containing heating coils. The sys-
tem is to operate at 200 mm Hg absolute pressure and
250°F with no condensation of the steam. The organic
volatile heavies contain:

Vapor Pressure Mols
Component @ 250°F o=P;/Py By, Bio/ 04
A 35 mm Hg 1.0 45 45
B 20 0.57 40 70
G 6 0.171 _26 152
111 267
mols

My EE_ _1
BTo PbBTo O

M, 200

111 85 (111)

[267]-1

=13.75 -1=12.75
M; = 1,417 total mols steam required for 111 mols mixture
Mols steam/mol of mixture organic volatiles = 1,417/111 = 12.8

Steam Distillation—Continuous Differential,
Multicomponent or Binary

The results of the differential distillation end the same
as the flash distillation, although the mechanism is some-
what different. This is a batch type operation distilling dif-
ferentially. All sensible and latent heat are supplied sepa-
rately from the steam or by superheat in the steam. Steam
acts as an inert in the vapor phase, and quantity will vary
as the distillation proceeds, while temperature and pres-

sure are maintained.
aj
(B—b) -1” (8-116)
Bpo

If all the volatile materials are distilled : ( ;‘3 ) =0

o]
and BTl =0

M, =1- T 2 Bio.
Bt1 - Bro Py, (B11 — Bo) Q;

This relation is handled very similar to the flash steam
separation.

If all of the material is not to be removed as overhead
vapors from the still, leave a percentage of a particular
compound in the bottoms, then select the particular com-
pound as the reference material “b” for o determinations.

By, = (Fraction retained) (Bj,)

a.nd( By ) = (Fraction retained)
Byo

substitute and solve for Brj.

ai
B = EBio (B%) (8-117)
i=S o

Knowing Br, the relation for Mg can be solved to deter-
mine mols of steam to reduce initial material to percent-
age of a compound in the remaining bottoms. If steam
condenses, the requirement for steam increases by this
amount.

Steam Distillation—Continuous Flash, Two Liquid
Phases, Multicomponent and Binary

Because water will be present in this system, and is
assumed immiscible with the other components, it will exert
its own vapor pressure. This situation is similar to many sys-
tems where the liquid to be flashed enters below its dew
point, and hence requires the use of steam to heat (sensible
+ latent) as well as steam for the partial pressure effect.

Mols steam in vapor phase only:

M, (vapor) =P E -lt—o (at assumed flash temperature)
1

where Py = vapor pressure of steam
P; = vapor pressure of each component at the flash
temperature

Mols steam to heat is sum of sensible plus latent.
Total mols steam is sum of M (vapor) plus heating steam.
System total pressure:

Ms + BTo

L
>

18

, absolute (8-118)

B, = mols (total) volatile material at start

Open Live Steam Distillation—With Fractionation
Trays, Binary

Open or direct injection of steam into a distillation sys-
tem at the bottom may be used to heat the mixture as well
as to reduce the effective partial pressure of the other
materials. In general, if steam is used to replace a reboiler,
one tray is added to replace the reboiler stage, and from
one-third to one or more trays may be needed to offset the
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dilution of the system with water in the lower portion. Of
course, where steam is acceptable, it replaces the cost of a
reboiler and any cleaning associated with this equipment.
For most columns, quite a few trays can be purchased to
offset this cost.

When one of the components of the binary is water, and
steam is used, the following equation is used for the oper-
ating stripping line (there is no rectifying section):

For component not including water:

Vs¥i (m) = Ls Xi (m + 1) — Bxip

Slope of operating line (L/V), = B/S

Operating line intersects the x-axis at x;p.

The step-off of trays starts at x;g on the x-axis, y = 0.

Open steam is used for stripping of dissolved or
absorbed gases from an absorption oil, with all of the
steam going overhead, and the stripped oil leaving at the
bottom. This absorption coefficient of the oil for the com-
ponent must be known to construct the equilibrium
curve. The operating curve is constructed from several
point material balances around the desired component,
omitting the oil as long as its volatility is very low. The trays
can be stepped off from a plot of y vs. x as in other binary
distillations, again using only the stripping section.

Example 8-19: Continuous Steam Flash Separation
Process: Separation of Non-Volatile Component from
Organics

It is desired to separate a non-volatile material from an
equimolal mixture of benzene, toluene, and xylene at
80°C. Vapor pressure data for these compounds are shown
in several physical property sources. The following
approximate values for the specific heats and latent heats
of vaporization may be used:

Benzene: cp= 0.419 cal/gm-°C
AH, = 97.47 cal/gm

Toluene: ¢, = 0.44 cal/gm-°C
AH, = 86.53 cal/gm

Xylene: cp = 0.40 cal/gm-°C
AH, = 82.87 cal/gm

If the mixture is separated by a continuous flash
process and the components are considered insoluble in
water (check references) and the feed enters at the flash
chamber at 20°C, calculate the mols of steam condensed,
the total mols steam required per 100 mols of feed, and

the total pressure. Use steam at 212°F and atmospheric
pressure.

1. This is to be done by a continuous flash process.
2. All the feed is to be flashed.

3. Steam does the heating.

4. Some steam condenses.

5. Water is immiscible with the materials.

Feed:
Benzene: 33.33 + mols
Toluene: 33.33 + mols
Xylene: 33.33 + mols
100.00 mols feed

Because water will be present in liquid phase, it will only
exert its vapor pressure. Temperature of flash = 80°C.

Ng = P, = Lo,/P;

where Ng = mols steam in vapor only
P, = vapor pressure of steam
L% = mols of each component at start
P; = vapor pressure of each component at temperature

Mols at start P; Lo/
Component LY at80°C,mm Hg P; Mol Wt
Benzene 33.33 760 0.043 78
Toluene 33.33 280 0.1190 92
Xylene 33.33 120 0.277 106

0.4397

P at 80°C (176°F) = 6.868 Ib/sq in. abs (from steam tables)

= —;i(; (6.868) = 354 mm Hg abs

Ng = P, Lo,/P;

= 354 (0.4397) = 155.7 mols steam in vapor per 100 mols of
feed (volatile) material

Steam required to heat feed to 80°C:

Benzene: Sensible heat
(78) (38.33) [(0.419 cal/gm-"C) (1.8)]1(80°-20°)

=117,800 Btu
Latent heat
(78) (33.33) (97.46 x 1.8) = 454,000
Toluene: Sensible heat
(92) (83.33) [0.44 x 1.8] (80°-20°) = 145,600
Latent heat
(92) (38.33) (86.53 x 1.8) = 477,000
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Xylene: Sensible heat Example 8-20: Open Steam Stripping of Heavy Absorber
(106) (33.33) [0.40 x 1.8] (80°-20°) = 153,000 Rich Oil of Light Hydrocarbon Content (used by
Latent heat permission following the method of R. W. Ellerbee,
(106) (33.33) (82.87 x 1.8) = 525,000 Chemical Engineering [127])
Total heat load: 1,872,400 Btu .
A gas processing plant selectively extracts ethylene and
. 1,872,400 Btu /100 mols ethane from an incoming natural gas mixture stream.
Lbs steam required for heat load = 970 Btu /b at 212°F These two light hydrocarbons are absorbed in a heavy gaso-
line type absorber “oil,” and then stripped with open steam
= 1,932 lbs steam/100 mols in an open tower. The system data are (see Figure 8-41):
volatile
1.939 Rich oil rate to tower: 8,500 mol/hr
Mols steam required for heat load = = Overhead product of ethylene and ethane: 775 mol/hr
1 Overhead product from
=107.2 mols steam /100 mols volatile material accumulator: 55% vapor and 45% liquid
Accumulator conditions: 48 psia and 135°F
) . Reflux hydrocarbon in top vapor @ 175°F: 850 mol/hr
Total mols steam/100 mols volatile feed = 153.7 + 107.2 Steam (superheated) enter bottoms
=262.9 below tray: 14,000 Tb/hr
Water partial pressure in the mixed vapor
Total pressure of system: at bottoms: 20 psi
o Hydrocarbons mix partial pressure: 50 psi ~ 20 psi = 30 psi
ne2 LT
E L/P Neglect pressure drops through the system.
ims Determine: How much water is removed from the over-
Ly = Total mols volatile material at start = 100 head accumulator and the intermediate dehydrator or
water removal tray? No water is removed from the bottoms
= 155.7+100 =580 mm Hg abs due to the use of superheated steam.
0.4397
Hydrocalibon537:s ;2%'%’1;: . Hydmcarbon535gs ;2‘?1‘:{)"":: .
(HC + et 1 oo )~/ 4 55% Vapor Vapor
Dehydrator tra)\/ — 48 psia @ 135°F
“‘ Condenser :m Accummulator
\ L Water 243 mols/hr
Rich OIl 8,500 moIsIL < Reflux 850 HC mols/hr Hydrocarbon -
Y 509 mols/hr Water -
50 psia
Stripping
column
ps=20 psi
300°F

Steam 14,000 Ib/h 777.77 mols/hr

Figure 8-41. Open steam stripping
light hydrocarbons from a rich oil.
Modified for Example 8-20 and
used by permission, Ellerbee, R. W.,
o Chem. Eng. Mar. 4 (1974), p. 108.

Lean Oil 8,500 mals/hr
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From steam tables (saturated) at:

Top of tower, 175°F, vapor pressure water, psia =6.8
Mol fraction water vapor at top of tower: 6.8/48 psia = 0.1416
Mol fraction hydrocarbon at top of tower: 1 - 0.1416 = 0.8584
Total mols mix HC vapor and water vapor

775 + 830

=1,893.0
0.8584

at tower overhead :

Mols of water vapor in tower overhead:

1,898 — (775 + 850) = 268
Accumulator @ 48 psia & 135°F, water
vapor pressure: = 2.6 psia
Mol fraction water in accumulator vapor: =2.6/48 = 0.0541
Mol fraction HC in accumulator vapor: =1 - 0.0541 = 0.9459
75) (0.55
Total mols vapor leaving accumulator: = (775)(0.55) = 450.6
0.9459
Mols water vapor leaving accumulator: = 450.6 — (773) (0.55)
=24.35

Mols liquid water withdrawn from
accumulator: = 268 — 24.35 = 243.65
Mols liquid water collected on dehydrator
tray and removed at that point up tower
above where reflux returns below this tray:
(water vapor in tower overhead)
Mols steam entering tower:

=777.7 - 268
= 509.7 mols/hr
=14,000/18 = 777.7 mols/hr

Distillation With Heat Balance

This type of evaluation of a distillation system involves a
material and heat balance around each tray. It is extreme-
ly tedious to do by conventional means, and is now han-
dled with computers. But even with this untiring worker,
the volume of calculations is large and requires a relative-
ly long time. Only those special systems that defy a rea-
sonable and apparently economical solution by other
approaches are even considered for this type of solution.

The detailed method involves trial and error assumptions
on both the material balance as well as the heat balance.

Unequal Molal Overflow

This is another way of expressing that the heat load
from tray to tray is varying in the column to such an extent
as to make the usual simplifying assumption of equal
molal overflow invalid. The relations to follow do not
include heats of mixing. In general they apply to most
hydrocarbon systems.

1. Equation of operating line in rectifying section, light
component [59]

Lhy1=Vy-D

- H,-h
Yn"/ Mp - H, \Xn+]+{ n n+1\xD
LMD_hn+1) kI\ID_hn+1)

H. -
—1-_2_mtl (8-119)
MD_hn+1

I-'n+1__ MD_Hn
Vn MD" n+1

2. Equation of operating line in stripping section, light
component

Lns1=Vm+B

( MB_Hm \ /Hm_hm+1\
Yo ™| My b, ) ™ T\ My by

Lm+1 I_Im _hm+l
=1- (8-120)
Vm MB _hm+1
D Hm _hm+]
Vm Mm _hn+1

where MB = hB - QB/B

MD =QC/D+hD

H,, = total molal enthalpy of vapor at conditions of plate
n, Hp =2 Hy; (yni)
h;, = total molal enthalpy of liquid at conditions of
plate n, hy, = Z hy; (Xp;)
s = b (or mols) steam per Ib (or mol) bottoms
Hy, = total molal enthalpy of vapor at plate m (below
feed)
N = mols residue or bottoms per unit time
Qp = heat added in still or bottoms

Ponchon-Savarit Method—Binary Mixtures

This graphical method allows solution of many distilla-
tion systems which would require considerable work if
attempted by rigorous methods. Robinson and Gilliland
have technical and descriptive details substantiating the
method [8, 59]. Figure 842 presents a summary of the use
of this method and appropriate interpretations. Scheiman
[104] uses the Ponchon-Savarit diagrams to determine
minimum reflux by heat balances. Campagne [216, 217]
suggests a detailed technique for using the Ponchon-
Savarit method with a computer simulation, which leads to
designs not possible before. Many illustrations given in the
reference aid in understanding the technique.

The basic method allows the non-ideal heat effects of
the system to be considered as they affect the plate-to-plate
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Figure 8-42A-E. Performance analysis of unequal molal overflow for
binary systems using Ponchon-Savarit Method.

performance. The systems as represented in the diagrams
are usually at constant pressure, but this is not necessarily
the case. The equilibrium tie lines connect points fixed by
the x-y values to corresponding saturated liquid and satu-
rated vapor conditions at a constant temperature, such as
“a” °F or “b” °F. The mol fractions are obtained from the
usual x-y diagram for the system, and the enthalpy values
are relative to a fixed datum for the available heat data of
the particular components. For such systems as ammonia-
water and ethanol-water the data are readily available. The
saturated liquid line represents the enthalpies of liquid
mixtures at the various compositions all at a constant pres-
sure. This is the bubble point curve. The dew point curve
is produced by plotting the enthalpies of the various vapor
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mixtures at the saturation temperature at a constant pres-
sure.

An effort has been made to present the basic under-
standing of the method as it applies to systems involving
unequal molal overflow, open steam distillation and single
flash vaporization in Figures 842 and 843,

To obtain extreme or even necessary accuracy for some
design conditions, the end portions of the graphical rep-
resentation may require enlargement from the usual size
for graphical plotting. In most cases a size of 11 x 17 inch-
es is suggested.

Example 8-21: Ponchon Unequal Molal Overflow

An ammonia-water recirculating solution of 62 wt % is
to be stripped of the ammonia for recovery by condensa-
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Figure 8-43A—C. Graphical solution of unequal molal overflow, binary
systems.

tion at 260 psia with river water cooling. The overhead
ammonia product is to be at least 99.5 wt % and the bot-
toms should approach 0.05 wt % ammonia. The feed
enters as a liquid at its boiling point, with an enthalpy of
42 Btu/Ib.

Enthalpy Diagram

Prepared by reading the h and H values from the Jen-
nings and Shannon Aqua-Ammonia Tables [35] at 260
psia and various wt %’s of ammonia in the liquid. The te
lines connect the vapor compositions with the equilibrium
liquid values, Figure 8-44.

Vapor-Liquid Equilibrium Diagram

Prepared from corresponding x and y values in Refer-
ence 35 at 260 psia, Figure 8-45.

Number of Trays

xp = 0.62 weight fraction ammonia
xp = 0.995 weight fraction ammonia
xp = 0.0005 weight fraction ammonia
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From enthalpy-composition diagram:

(Mp min ~ Hp

8-121
Hp - Iy ( )

Hp = 590 Btu/1b
hp = 92 Btu/Ib (assuming no subcooling)
(Mp) min = 396 Btu/Ib

(MD) pin is determined by reading the equilibrium
y value corresponding to the feed composition 0.62
from the x-y diagram, noting it on the enthalpy dia-
gram on the saturated vapor curve, and connecting
the tie line, then extending it on to intersect with the
xp ordinate 0.995, reading (Mp)min = 596 Btu/Ib

596 — 590

L/ Dlmin = 35502

=0.012

08

09 L0 Figure 8-44. Ponchon type diagram for

ammonia-water distillation.

2. Operating reflux ratio, L/D

Select (L/D)acmat = 10 (L/D) min = 10 (0.012) = 0.12

This is not unusual to select an operating reflux
ratio ten, or even fifty times such a low minimum.
Selecting a higher reflux can reduce the number of
trays required, and this becomes a balance of the
reduction in trays versus operating and capital
expense in handling the increased liquid both exter-
nal to the column and internally.

. Operating Mp

Mp - 590

L/D).., =0.12=
(L/D)ay = 0.12 590 - 92

Mp = 649.8 Btu/Ib

Locate this value on the diagram and connect it to the

feed point, xp. Extend this line to intersect the bottoms
condition ordinate (extended), xp. In this case, it is impos-
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sible to represent the value, x = 0.005, accurately, but con-
struct it as close as possible to the required condition. Mg
is now located. Improvement of this accuracy will be
shown later in the problem.

Following the procedures shown in Figures 843, 844,
and 845, the trays are constructed from the top or over-
head down toward the bottom. The x values are read to
correspond to the y values constructed. This establishes
the tie line. When the x value tie line points (representing
the trays) cross the feed ordinate, the construction is
shifted from using the point Mp to the point Mg. Note
that only 1% theoretical trays are required above the feed,
since this is predominantly a stripping type operation. The
number of theoretical trays or stages which can be easily
plotted is six to seven counting down from the top. The
sixth tray is too inaccurate to use graphically. Instead of
calculating the balance of the trays assuming a straight
line equilibrium curve from tray seven to the end, the plot
could be enlarged in this area and the trays stepped off. By
reference to the x-y diagram it can be seen that the equi-
librium line from x = 0.02 to x = 0 is straight.

For the condition of straight operating and equilibrium
curves, the number of plates can be calculated including
the “reference” plate (number seven in this case) [59].

67

In

[(VK/L)—l][(xm/xm)—l]+l
(V/L) (K-1)
In VK /L

Np = (8-122)

where Np =number of trays from tray m to bottom tray, but
not including the still or reboiler

Xm = tray liquid mol fraction for start of calculations
(most volatile component)

Xx1g = mol fraction most volatile component in bottoms
For the lower end of the equilibrium curve,

Ym = 5.0 %y, (by slope calculation of x-y diagram)

For the stripping section: consider top seven trays, vapor
entering tray No. 6, y7 = 0.02, m = tray 7, m + 1 = tray 6,
reading from diagram,

_Hp-hpa (1190~ 369)

L/V)y, =1 =1.618
/¥ Mg -h.q -960 ~ 369
use Hp, =1,190
hy ;1 =369
Mjp = 960

100
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Diagram Calculations of
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I
LXF Xp
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Figure 8-45. McCabe-Thiele diagram for ammonia-
water system.
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_ Y7 0.02 (from graph)

X7 - = 0.004
5.0 5.0
In (5.0/1.618 - 1) 0.004/0.0005 - 1) 1]
(1/1.618) (5.0-1)
NB =

In 5/1.618

Np = 1.71 trays (theoretical) not including reboiler, but
including tray number 7, the one used as
reference.

Total trays = 7 (from diagram plus (1.71 - 1) = 7.7 theoretical,
plus a reboiler or 8.7 including a reboiler.

Tray efficiency is calculated as previously demonstrated
and will not be repeated, except that normally stripping
tray efficiencies run lower than rectification efficiencies.
For ammonija-water stripping such as this example most
over-all efficiencies run 50-60%.

Note that if the problem of accurate graphical repre-
sentation occurs in the rectification end of the diagram,
the corresponding relation to use to calculate the balance
of the trays, assuming straight line operating and equilib-
rium lines in the region is [59]:

Rectifying section:
1n [ =L/V)+ 3, /yh L/V-K')
N 1-K 1 (8-123)
n InL/K'V

where K' = equilibrium constant for the least volatile
component, K’ = y/x

N, =number of plates above (but not including)
reference plate n

y,x' = mol fractions least volatile component
Multicomponent Distillation

The basic background and understanding of binary dis-
tillation applies to a large measure in multicomponent
problems. Reference should be made to Figure 8-1 for the
symbols.

Multicomponent distillations are more complicated
than binary systems due primarily to the actual or poten-
tial involvement or interaction of one or more compo-
nents of the multicomponent system on other compo-
nents of the mixture. These interactions may be in the
form of vaporliquid equilibriums such as azeotrope for-
mation, or chemical reaction, etc., any of which may affect
the activity relations, and hence deviations from ideal rela-
tionships. For example, some systems are known to have
two azeotrope combinations in the distillation column.
Sometimes these, one or all, can be “broken” or changed
in the vapor pressure relationships by addition of a third
chemical or hydrocarbon.

To properly handle the changing composition relation-
ships it is almost essential to utilize some electronic com-
puter techniques if good accuracy is to be achieved. Even
three component systems become tedious using desk size
electronic calculators without significant internal memo-
ry. Computers can be well programmed to handle the
complexities of trial and check for convergence to a pre-
set acceptable limit.

Techniques for convergence of the digital computer
program are often the heart of an efficient multicompo-
nent calculation. There are several techniques incorporat-
ed into many programs [27, 76, 112, 135, 139, 168].

Key Components

The two components in a feed mixture whose separa-
tions will be specified.

1. Adjacent keys: key components that are adjacent with
respect to their volatilities.

2. Split keys: key components that are separated in
volatilities by a non-key component, i.e., the system of
components contains one or more whose volatilities
fall between the volatilities of the designated keys.

3. Light key: the designation of the key component with
the highest volatility of the two key components.

4. Heavy key: the designation of the key component
with the lowest volatility of the two key components.

5. Example: component designations

Relative Volatility
Component aj/,—7°F. and 550 psia _ Designation
Hydrogen 11.7 Lighter than Key
Methane 3.7, oq Light Key, 1
Ethylene 1.0, oy Heavy Key, h
Ethane 0.72 Heavier than Key
Propylene 0.23 Heavier than Key
Propane 0.19 Heavier than Key

Hengstebeck [137] presents a simplified procedure for
reducing a multicomponent system to an equivalent bina-
ry using the “key” components. From this the number of
stages or theoretical plates and reflux can be determined
using conventional binary procedures and involving the
McCabe-Thiele method.

Liddle [136] presents a shortcut technique for multi-
component calculations based on improving the Fenske
and Gilliland correlations.

Minimum Reflux Ratio—Infinite Plates

This is the smallest value of external reflux ratio (L/D)
which can be used to obtain a specified separation. This is
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not an operable condition. Knowledge of the minimum
reflux ratio aids considerably in establishing an economi-
cal and practical operating ratio. Ratios of 1.2 to 2.0 times
the minimum are often in the economical range for
hydrocarbon chemical systems. However, it is well to rec-
ognize that high reflux rates increase column size (but
reduce number of trays required), reboiler size, steam
rate, condenser size and coolant rate.

For adjacent key systems, all components lighter than
the light key appear only in the overhead, and all compo-
nents heavier than the heavy key appear only in the bot-
toms, and the keys each appear in the overhead and bot-
toms in accordance with specifications.

For a split key system the lights and heavies distribute
the same as for adjacent key systems. However, the com-
ponent(s) between the keys also distribute to overhead
and bottoms.

At minimum reflux, the regions in which the number of
trays approaches infinity (called the pinch zones and
region of constant compositions) are:

1. Binary system: pinch zone adjacent to feed plate
2. Multicomponent:

a. Three components with no component lighter
than light key: pinch zone in stripping section adja-
cent to feed plate.

b. Three components with no component heavier
than heavy key: pinch zone in rectifying section
adjacent to feed plate.

c. Three components mixture: pinch zones may be
above and below feed plate.

d. Greater than four components: pinch zones
appear in rectifying and stripping sections.

For systems with one sidestream drawoff, either above
or below the feed, Tsuo et al. [102] propose a method for
recognizing that the minimum reflux rato is greater for a
column with sidestream drawoff. At the sidestream the
operating line has an inflection. For multifeed distillation
systems, the minimum reflux is determined by factoring
together the separate effect of each feed [103].

Lesi [105] proposes a detailed graphical procedure for
figuring multicomponent minimum reflux by a graphical
extension of a McCable-Thiele diagram, assuming infinite
plates or equilibrium stages. In this traditional model the
concentration in the distillate of the components heavier
than the heavy key component are assumed to be zero,
and the heavy key component reaches its maximum con-
centration at the upper pinch point (see Figures 823 and
8-25). Therefore, this assumption is that only the heavy
and light keys are present at the upper pinch point, simi-
lar in concept to the handling of a binary mixture [106].
The method assumes (a) only the key components are dis-

tributed, (b) no split key components exist, (c) total molal
overflow rates and relative volatilities are constant. This
method provides good agreement with the detailed
method of Underwood.

Yaws [124] et al. provide an estimating technique for
recovery of each component in the distillate and bottoms
from multicomponent distillation using short-cut equa-
tions and involving the specification of the recovery of
each component in the distillate, the recovery of the heavy
key component in the bottoms, and the relative volatility
of the light key component. The results compare very well
with plate-to-plate calculations, Figure 846, for a wide
range of recoveries of 0.05 to 99.93% in the distillate.

The distribution of components for the distillate and
the bottoms is given by the Hengstebeck-Geddes equation
[124, 125, 126]:

log (di/b;) =A + B log o (8-124)

where d; = mols of component i in distillate
b; = mols of component i in bottoms
o = relative volatility of component i

A, B = correlation constants
A material balance for the i component in the feed is:

fi=d; +b; (8-125)

Then the quantity of componenti in the distillate can be
expressed as a mol fraction recovered, or d;/f;. Likewise,
the mol fraction of component i recovered in the bottoms
is b;/f;, or 1 — dj/f;. Substituting into Equation 8-124:

100 -
4
o %
9\_- 80 3 —[
< 7 (LK)
he)
(=}
e
o 60
8
%
5
£
> 40
g 8 (HK)
[
8 9
20
10
1
13 12 J
Ol_a
0.6 0.8 1.0 1.2 1.4 16 1.8

Relative volatility, a,

Figure 8-46. Yaws short-cut method compared to plate-to-plate cal-
culations. Used by permission, Yaws, C. L. et al. Hydrocarbon Pro-
cessing, V. 58, No. 2 (1979) p. 99. Gulf Publishing Co., all rights
reserved.
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(8-126)

log di/§)
1-(d; /%)

]=A+Blogai

Solving for recovery of component i in the distillate
gives
di/f = (104 o) /(1 + 104 oB) (8-127)
From a material balance, recovery of component i in the
bottoms is
bi/fi =1/(1 + 104 a;B) (8-128)
The correlation constants required for Equations 8-127
and 8-128 are obtained by specifying a desired recovery of
the light key component LK in the distillate and the recov-

ery of the heavy key component HK in the bottoms. Then
the constants are calculated as follows:

o (brk / fug ) i
=-log T (e / fe) (8-129)
[( dig /fix )( brk / fuk )]
i-(@d 1-(b f;
_ (dig /fix) (bpk / 1)/ | (8-150)
logay g

Example 8-22: Multicomponent Distillation by Yaw’s
Method [124] (used by permission)

Assume a multicomponent distillation operation has a
feed whose component concentration and component rel-
ative volatilities (at the average column conditions) are as
shown in Table 8-3. The desired recovery of the light key
component O in the distillate is to be 94.84%. The recov-
ery of the heavy key component P in the bottoms is to be
95.39%.

The recoveries of the non-key components are estimat-
ed by first calculating the correlation constants:

bug/fug = 0.9539, given

A=—log( 0.9539 )

1-0.9539
= -log 20.69 = -1.3158
dyg/fix = 0.9484, given
oy g = 1.45, from Table 8-3
0.9484 0.9539
log
B 1-0.9484) \ 1- 0.9539

' log 1.45

= (log 380.3)/ (log 1.45) = 15.988
The recovery of component M in the distillate is then

dM/fM - (10—1.3158 2_3015.988)/(1 + 10—1.3158 2_3015.988)
= 0.99997, from Equation 8-127

The recovery of component M in the bottoms is

bm/fu = 1/(1 + 10713158 9 3(15.988)
= 0.00003, from Equation 8-128

Repeating Equations 8-126 and 8-127 for each of the
other non-key components in the feed mixture gives the
results shown in Table 8-4. Good agreement was demon-
strated.

Algebraic Plate-to-Plate Method

Like any plate-to-plate calculation this is tedious, and in
most instances does not justify the time because shorter

Table 84
Results for Example 8-22 for Multicomponent
Table 8-3 Distillation
Yaws’ Method for Selected Distillation Recovery from a
Specific Feed for Example 8-22 Percent recovery
In dist. In btms.
Component f; o4 Component (100 d;/f;) (100 b;y/£)

M 0.10 2.30 M 99.997 0.003
N 0.13 1.75 N 97.731 2.269
O (LK) 0.25 1.45 O (LK) 94.840 5.160
P (HK) 0.23 1.00 P (HK) 4.610 95.390
Q 0.15 0.90 Q 0.889 99.111
R 0.08 0.83 R 0.245 99.755
S 0.06 0.65 S 0.005 99.995

Used by permission, Hydrocarbon Processing, Yaws, C. L., et al V. 58 No. 2
(1979), p. 99, Gulf Pub. Co., all rights reserved.

Used by permission, Hydrocarbon Processing, Yaws, C. L., et a1 V. 58 No. 2
(1979), Gulf Pub. Co., all rights reserved.
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methods give reasonably acceptable results. VanWinkle
[75] outlines the steps necessary for such calculations.

With current computer technology there are several
commercial programs available (as well as personal and
private) that perform tray-to-tray stepwise calculations up
or down a column, using the latest vapor pressure, K-val-
ues, and heat data for the components. This then provides
an accurate analysis at each tray (liquid and vapor analy-
sis) and also the heat duty of the bottoms reboiler and
overhead total or partial condenser.

Torres-Marchal [110] and [111] present a detailed
graphical solution for multicomponent ternary systems
that can be useful to establish the important parameters
prior to undertaking a more rigorous solution with a com-
puter program. This technique can be used for azeotrop-
ic mixtures, close-boiling mixtures and similar situations.

An alternate improved solution for Underwood's
method is given by Erbar, Joyner, and Maddox [113] with
an example, which is not repeated here.

Underwood Algebraic Method: Adjacent Key Systems [72]

This system for evaluating multicomponent adjacent
key systems, assuming constant relative volatility and con-
stant molal overflow, has proven generally satisfactory for
many chemical and hydrocarbon applications. It gives a
rigorous solution for constant molal overflow and volatili-
ty, and acceptable results for most cases which deviate
from these limitations.

Overall Column—Constant o

(L/D)ypyy + 1= G2 Xa)D O Xpdp | (XD (g g9
o, -0 op -0 oy -

In arriving at (L/D)pin the correct value of 6 is

obtained from:
”((Xixi)F=2 XFj (8-1
o; -6 1-6/q

The “q” value is the same as previously described for the
thermal condition of the feed.
Rectifying section only:

_ ((7..‘1 Xa)F+ (Gb Xb)F .

1-
1 a, -6 ap -6

vo= § D¥bi (8-183)
_ 1-6/q;
i=Lh,L
Stripping section only:
V, = _Bxpi (8-184)
1- 6/

i=Lh,H

At the minimum reflux condition all the 0 values are
equal, and generally related:

op <0<

Suggested Procedure

1. From Equation 8-131 expressing 6 and q evaluate 6 by
trial and error, noting that 0 will have a value between
the a of the heavy key and the o of the light key eval-
uated at or near pinch temperatures, or at o avg. Sug-
gested tabulation, starting with an assumed 0 value, 6,:

Compo-
pent Xp OiXm -0 0ixp/(ci-8)  oxp/(0;~6)*

aé Xpa OaXFa Oa— 0, a; xp./ (05— 8;) O Xpa/ (0 —
82)

b XFb Ob XFp Op — 0, Op Xpp/ (0 — 0)  op xpp/ (0p —
8)2

[ ] [ ] [ ] [ ] L ] [

L ] L ] L ] L ] [ ] L

W (8,) TW (8,

Y, ¥, represents function.
Corrected 0 by Newton’s approximation method:

¥ (06,)

6. =0 d)-
c (assumed) v @,)

(8-135)

Repeat the same type of tabular computation, sub-
stituting the corrected 0. for the 6,. If the second cor-
rected 0'c checks closely with 8., the value of 6 has
been obtained, if not, a third recalculation should be
made using the 0'c value as the new assumed value.

Note that average o. values should be used (con-
stant) for each component unless the values vary con-
siderably through the column. In this latter case fol-
low the discussion given elsewhere in this section.

2. Calculate (L/D) i by substituting the final 8 value in
Equation 8-130 solving for (I./D)pj,. Note that this
requires evaluating the functions associated with 0 at
the composition of the distillate product. The a val-
ues are the constant values previously used above.

Underwood Algebraic Method: Adjacent Key Systems;
Variable o

For varying o systems, the following procedure is sug-
gested:

1. Assume (L/D)pn and determine the pinch tempera-
ture by Colburn’s method.

2. At this temperature, evaluate a at pinch and a at
overhead temperature, obtaining a geometric aver-
age o. As an alternate, Shiras [63] indicates a tyyg
value which gives acceptable results when compared
to pinch and stepwise calculations. This suggestion
calculates,

tayg = (Dto + Btg) /F
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3. Determine Underwood’s 8 value as previously
described, using the average a value.

4. Calculate (L/D) i, and compare with assumed value
of (1) above. If check is satisfactory, (L/D)pjp is com-
plete; if not, reassume new (L/D) i, using calculated
value as basis, and repeat (1) through (4) until satis-
factory check is obtained.

where t, = overhead temp °F
tg = bottoms temp °F
tayg = avg temp, °F

To aid in solving the tedious Underwood equation to
ultimately arrive at (L/D)p;in, Frank [100] has developed
Figure 847, which applies for liquid feed at its bubble
point and whether the system is binary or multicompo-
nent, but does require that the key components are adja-
cent. Otherwise, the system must be solved for two values
of 8 [74]. To obtain the necessary parameters for Figure

centrations that were used in or calculated by the Fenske
equation for the Underwood solution. (6 = Underwood
constant.)

Underwood Algebraic Method: Split Key Systems:
Constant Volatility [72]

Although this method appears tedious, it is not so
unwieldy as to be impractical. It does require close atten-
tion to detail. However, a value of (L/D)pi, can be
obtained with one trial that may be satisfactory for “order
of magnitude” use, which is quite often what is desired
before proceeding with detailed column design and estab-
lishment of operating L/D

1. Assume 6 values and check by

_ Eﬂ_ﬁ_=1_q (8-136)
847, Frank recommends using the same overhead con- a; - 04
0
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Figure 8-47. Short-cut solution of Fenske-Underwood-Gilliland theoretical trays for multicomponent distillation. Used by permission, Frank, O.,

Chem. Eng. Mar. 14 (1977), p. 109.
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There are a total solutions of 05 equal to one more
than the number of split components between the
keys. The O values will be spaced:

013 O3 a4 O 05 O apg

where oy is the light key and component number 3,
and correspondingly for the heavy key, component
number 6. Determine 6 values as for constant volatili-
ty case of adjacent keys.

For some systems, the 8 values can be assumed with-
out further solution of the above relation, but using
these assumed values as below.

2. Calculate,

L
(P) (65)
i=h-1

V=-—1:-1— (8-137)

P) (o)
i=h-1

which represents (for the hypothetical system set up
in (1)) the product of (6g5) (654) (Og3) divided by the
product of (ag) (04), based upon the lightest compo-
nent being numbered one, the next two, etc., the
heaviest components having the higher numbered
subscripts. P means product,and 1,i=h-1,i=1+1
are limits for evaluation referring to components
between the keys, and the light and heavy keys.

3. Calculate,

1+1 / ai\
0|7y
;= ‘=};“1 (8-138)
® !, 8)
l=h—1( (1_}}

For the 6 example shown in (1) above:

w3 _ (1-ay/0ag)(1-04/03)
(lightkey) (1-6¢5/03)(1-6p4/ag)(1-6¢3/0a3)

Also calculate o for all components lighter than
light key.

g _ (1-ag/ag)(1-ay/ag)
(heavy key) (1-8¢5/06) (1—-6f4 /ag) 1- 63/ 05)

: @j @j
Component,j @; @j — xp; @jxp; — (¥p;)
% %
1 (light key) e o o ° °
h (heavy key) s o o o o o
Lj,1 )lighter
Li,o than light o e o o ° -
L . W
1+3 |key, etc Zojxpy; 2 (XD_])
aj
4. Calculate (L/V)pin: (internal)
[ ;)
2\
L/ Vi = (v) D( ) (8-139)
j=hLL
5. Calculate External (L/D)min:
1
(L/D)pin =—o—— (8 -140)
mn (V/L)min -1

For variable o conditions, the pinch temperature can
be used for a determinations as previously described.

Example 8-23: Minimum Reflux Ratio Using Underwood
Equation; Calculate the Minimum Reflux Ratio

Use ¢g = 0.584 to begin, (assumed).
Expanding to determine more exact value of ¢g.

Q=060 +¢-¢paQ ¢,

O Xr _
“@e 2( a; —9) v
=¢a_g¢a
Q' ¢,

o Xg

Al parsy

dq

Compo- [ ;X5 } a; Xg
nent Xz o;Xg o-¢, (%% (@; - 9,)°
1 0.10 0.025 -0.334 -0.0749 +0.224
2 0.225 0.1125 -0.084 -1.34 +15.9
3 0.450 0.450 +0.416 +1.08 +2.6
4 0.225 0.450 +1.416 +0.318 +0.224

3= -0.016 +18.948 = Q'¢,

Q¢, =0.016 - (1 - q)
¢y =-0.016 - (1 - 1)
¢, =-0.016
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®flcorrected = 0.584 — (~0.016) / (18.948) = 0.584 + 0.00084
= 0.58484

Now use this new value of ¢f; in Underwood’s equa-
tions;

Z _Dxi_vrq)
i=h1,L 1—¢—r

1

For minimum reflux: ¢g = ¢, = ¢
From calculations of related problem* the value of Dxp;
has been calculated:

Dxp; = 0.01072 for heavy key

Dxp; = 0.428 for light key

Dxp; = 0.225 for lighter than light key.
0.01072 0.428 0.225

05848 * 05848 © 03848 -V, =0
0.50 1.0 2.0

1-

[-0.638 + 1.03 + 0.318] ~ V. =0

From related problem, D has been determined to be =
0.6657 mols/mol feed.

-V, =-~1.285
V, = 1.285
(Vr) min = (Lr) min + D

(Ly) min = 1.285 — 0.6637 = 0.622

(h) _ 06622 = 0.94, Minimum Reflux Ratio

D)., 0.6637

Minimum Reflux Colburn Method: Pinch
Temperatures [12]

This method has also found wide usage and might be
considered less tedious by some designers. It also yields an
approximation of the rectifying and stripping section
pinch temperatures. For adjacent keys,

Rectifying:

(L) L (X_D o ﬁv_)

D/, a-1{x, X hn

where o = relative voladlity of any component referenced to
the heavy key component

xpp = overhead composition of heavy key component,
mol frac

(8-141)

Xpp = pinch composition of heavy key component, mol

frac

Xp = overhead composition of any light component,
mol frac

Xp = pinch composition of any light component, mol
frac

1. Calculate D, B, Dxp; and Bxg; from problem specifi-
cation.

2. Assume or set the operating pressure and overhead
temperature (may be calculated).

3. Calculate the liquid and vapor quantities and their
respective compositions in the feed to the column.
4. Calculate estimated ratio of key components on feed

plate based on the liquid portion of the feed.

_ Mol fraction light key
g Mol fraction heavy key

(a) For all liquid feed at feed tray temperature (boil-
ing point)

rr = mol fraction ratios in feed.
(b) For a part or all vapor feed just at its dew point,

r¢ = ratio of key components in the equilibrium liquid
phase of feed.

(c) For all liquid feed below feed plate temperature

17 = ratio of key components at intersection point of
operating line (from a McCabe-Thiele diagram).

5. Determine approximate pinch zone liquid composi-
tion for light key component

I
- 8-142
0 "0 ) L+ Zogxe g ( )

2o Xpi=sum of Oy + 1 XFh+1+ O + 9 XFh +2 + . . . for

all components in liquid portion of feed heavier than
heavy key. Note that xg; values are the mol fractions of
the component in the liquid portion of feed only and
the Zxg; equal to 1.0.

6. Calculate approximate value for (L/D)pjn.

(L) 1 (m _a Xh_D)
D min aj - 1 Xin Xhn

The second term in the right hand parentheses can
be omitted unless the mol fraction of the heavy key in
the distillate, xpp, is 0.1 or greater. Use xp,, = X1,/T.

7. Estimate stripping and rectifying pinch temperatures
at values one-third and two-thirds of the interval
between the column bottoms and overhead, respec-
tively.
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8. Calculate internal vapor and liquid flows.
(L;/D)min = assumed
Solve for (L;/Vy) min

1

S - (8-143)
1+ (/L min

(Le /¥ Imin =
Ly = (number) (Vi) = (Le/D)min(D)
D is known

Calculate V; and L, from above.
In stripping section:

Solve directly for Lg

Ly =L, +qF

Solve for Vs:

V, -V,
S =1-
= q

(8-144)

Calculate Ly/B

. Evaluate pinch compositions at the assumed temper-
atures of Step 7. If this temperature does not give a
balance, other temperatures should be assumed and
a balance sought as indicated below. Either of the fol-
lowing balances can be used, depending upon the
convenience of the designer:
Rectifying:

Dxp; / Vi - e
EXDH EX = 2 ((l Ky - L,/V) 1 (8-145)
Dxp; /V; \
orEXn PZ’ (K L /V) =1

XDj Yo
o Y 2 ((a BETYTZ S Ne——

When the heavy key in the overhead is very small,
less than 0.1 mol fraction, the last term of the denom-
inator can be omitted.

_ XDi =

Note that the calculations are only made for the
heavy key, h; light key, 1; and all components lighter
than it, L. If there are split keys, the calculation is to
include all components lighter than the heavy key.

Stripping pinch compositions:

75

Bxg /V,
Brw/Ve 1 (8-145)

Sin-Sran 3

A —’—a K,

O Xp;

or yx_ = =1
2 - i-Z.A,l () —a; YLy /B)pin +0; X1/ Xyg

Because the second term of the denominator is
usually negligible when the light key in the bottoms is
very small; less than 0.1 mol fraction, this term is
often omitted.

_ XBi =
orzxm i=;11 K; + (1-X;) (Ls /Bdmin

Note that these calculations are made for the light
key, 1; heavy key, h; and all components heavier than
the heavy key, H. For split key systems, the calcula-
tions are made for all components heavier than the
light key.

10. Calculate mol fraction ratio:

11.

(a) Stripping pinch

light key
Tps =7 ————
heavy key

(b) Rectifying pinch

light key
D=7 ———
heavy key

(c)p=r ps/ Tpr
Calculate for each component in pinch.

Rectifying: apply only to components lighter than
light key, i =L’

((Xi - l) ai

g

Read from Figure 848 value of Cy; for each com-
ponent.
Calculate for each component:

(Cai) (i)

Sum these values:

Zcm Xip
i=L’
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Stripping: apply only to components heavier than
heavy key, i = H.
(o - 1) (aq)

Read from Figure 8-48 value of Cmi for each com-
ponent.
Calculate for each component:

Coni 04 Xipg

Sum these values:

Z{Cmi Qi Xips
{=

12. Calculate:

p’ ! (8-147)

"0~ 2 Cp Ripr 11— X Gy 4 Xy ]

If the two values of p are not very nearly equal,
this requires a retrial with a new (L/D)pj,, and a
follow through of the steps above.

When rps/1pr > p', the assumed (L/D)miy is too high.
Note that rps/rpr changes rapidly with small changes in
(L/D)min, p' changes slightly. When p = p’, the proper
(L/D)mjn has been found. Colburn reports the method
accurate to 1%. It is convenient to graph the assumed
(L/D)pin versus p and p’ in order to facilitate the selec-
tion of the correct (L/D)mnjin.

Example 8-24: Using the Colburn Equation Calculate the
Minimum Reflux Ratio

The mixture of four components is as listed below,
using n-butane as the base component.

Component Relative Vol. Xf (Sp);i = Dxp/Bxp
1 0.25 0.10 —
Hvy Key 0.50 0.225 0.05
n-butane 1.0 0.450 20.00
4 2.0 0.225 —
DxDi (Sr )i FXFi
1+(Sp )
Dxp;

S, = separation ratio =
BXBi

If all at top, Sy =1
If all at bottom, S; = 0

For component No. 3; Basis; 1 mol feed,

_(20)[(1) (0.450)]
1+20

DXD3 = 0428

For component No. 2,

_ (0.05) (1 + 0.225)
1+0.05

Dxpg =0.01072

Because this is at minimum reflux, and adjacent keys system,

Therefore, for component No. 4, lighter than light key,
FXgs = (1) (0.225) = 0.225
Then, Dxp4 = 0.225

For component No. 1, heavier than heavy key, this com-
ponent will not appear in the overhead.
Bottoms:

FXpg; = Dxp; + Bxp;

g Xxr _Dxpi

BXBi BXBi
FxFi
=(S) +1
BXBi ( r)l

(S, ) =2XDi. by definition
Bxp;

Bi

FxFi
(Sp) +1

Then, BXBi =

Component No. 1:
FXp; = Bxg; = (1) (0.1) =0.10

Component No. 2:

Substituting in equation previously established,

_ (1) (0.225)
(0.05)+ 1

=0.214

or, because Dxpo has been calculated,
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Component No. 3:

DXD2 0.428

=0.0214
(Sr)i 20

Component No. 4: This component will not be in the bot-
toms because it is lighter than the light key
Overhead:

Dxpy + Dxpg + Dxpg + Dxpgy =D
0+0.01072 + 0.428 + 0.225 =D

D = 0.66372 mols overhead product/mol feed

Composition of Overhead:

Component Dxp; Mol%
1 0 0
2 0.01072 1.6
3 0.428 64.6
4 0.225 339
0.66372 100.1%
Composition of Bottoms:
Comgonent Bxp; Mol %
1 0.10 29.9
2 0.214 63.8
3 0.0214 6.3
4 0 0
0.3354 100.0%

To have some idea of what value to use in Colburn’s
“exact” method for minimum reflux, use Colburn’s
“approximate” method to establish the order-of-magni-
tude of the minimum reflux:

(L) _L(x_n_az‘_m)
D/ in @-1ix, Xhn

where xp and x;, = top and pinch composition of a given light
component
xnp and xpy, = top and pinch composition of the heavy
key component
o. = relative volatility of the given component
with reference to the heavy key

Estimating Pinch Composition:

¥
A+5)(1+Zax, )

Xp (approx)=

where  rf = ratio of liquid composition of light to heavy key
component on feed plate
X, = mol fraction of a component in the liquid in the

rectifying column pinch

x, = mol fraction of a component in the liquid part of
the feed where the feed is part vapor
¢ = 0.450/0.225 = 2.0
Zox, = (0.5) (0.10) = 0.05

1
Qight / heavy key = 63 =2.0

20 2 g6
(1+2.0)(1+0.05) 3.15

X, (approx)=
In terms of heavy key:
oj/h = 2.0

oy = 0.25

ay/n = (ag/n) (@) = (2.0) (0.25) = 0.5

(L) 1 (0.645)
approx | — = —_—
D), (20-1)10635

Xp3 = 0.646

(—I;) =1.017 approx.
min

Now: Use Colburn’s more detailed method:

Assume (L) =1.017
min

L 1
(V) = Torrer - 0%
min -
1.017

L = (0.506) (Vy)
And: L = (1.017) (D;)
Then: (0.506) V= (1.017) (D) = (1.017) (0.66372)

_ (1.017) (0.6637)

g 0506 =1.332 mols/ mol feed

L, = (1.017) (0.6687) = 0.674 mols/mol feed.
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The feed is a boiling point liquid from statement of problem:
q=1.0

Ly=L,+qF

Basis: 1 mol feed:

L, =0.674+ (1)(1) = 1.674

(min)
Lr -V
s NS SUS S
F q

1332-Vs 1 1.0

1
V, =1.332
Es_=_1'6_74=1_255
V, 1332

Determine temperature of rectifying section pinch.

toms bubble point could be determined, and from this an
approximation could have been made of the pinch tem-
perature. Because these cannot be calculated, one must
use trial-and-error to get correct pinch temperature.

Because the 1.017 is reasonably close to 1.0, continue
calculations composition of rectifying pinch:

= DXDi / Vr - DxDi / Vr
PiTR -L/V,  aKp-L/V,
Compo- Dxpi/Vy/

nents (K - L/Vp) Revised Mol Fraction

2=h 0.333 0.333/1.017 = 0.328

3=1 0.580 0.572

4=L 0.104 0.102
1.017 1.002

Determine temperature of stripping section pinch:

BXBi / Vvs - BxBi / VS

1= 2 Dxpi / Ve 1= I I
Lr
i-hlL K --% i=sih] — —-XK; —-o;Kp
i Ty, Vs A
Compo- Dxp; Kp@ h K - Ly Dxpi/Vr Compo- Kg @ Ly/Vs- _ Bxpi/V,
nents  Dxp; Vi 118°F o %_KB \'A \'A K- (Lr/vr) nents BE Bxgi/Vy  Ls/Vs 130°F L] Ky o Kp (Ly/Vi)—a;Kp
h  0.01072 0.00805 0.50 0.53 0.024 0.333 0.10
1 0428 0.321 {1.06 1.0 1.06 {0.506 0.554 0.580 1=1h{ 3'2(1)4 1-53§1=6%-g752 1955 {193 02 8222 g-g:g gg;gi
2= . A - ! 0.560 0. . .
L 0.225 0.169 20 212 1.614 M 3=1 0.0214 0.0160 1.00 123 0.025 0.640
Note: 0.225/1.382 = 0.169 = =1.017 0.9714
Ki=0a; Kg

B = reference

Assume temperature at rectifying pinch. If the compo-
nents were known, then the overhead dew point and bot-

Exact Kg must lie between 1.23 and 1.24. Because there
is a difference involved in calculation, the result is very
sensitive to small changes in K.

2.0

I.o -

O

80 m(or G )—

60 L‘ Cp(or C,

40 4

20 ~ //

CnorCy (orC, orCs )

Figure 8-48. Colburn minimum reflux factors,

above (Cp) and below (Cy) feed point. Used by

ol .02 04 060810 .20

{o<g—exg

40 .60 8010 20

for cn  lecg—1)oc for Cn

40 608010 permission, Colburn, A. P. The American Institute

of Chemical Engineers, Trans. Amer. Inst. Chem.
Engr. V. 37 (1941), p. 805, all rights reserved.
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Composition of Stripping Pinch:

Components  See Last Col. Above Revised Mol Fraction
1=H 0.0794 0.0794/0.9714 = 0.0817
2=h 0.252 0.2585
3=1 0.64 659

0.9714 0.9992

Calculate C; for each component lighter than light key.
There is only one component lighter than light key in this
example, #4

(29030 -l

Reading curve, G; = 1.0 = C;, (see Figure 8-48)
Evaluate Cg for No. 1:

(2}

Reading curve, Cg = 0.875 (see Figure 848)
Now, substitute into Colburn correlation, for check,

1.0 ;
_ (KE - 1) (0.25)] = (2-1) (0.25) = 0.25

Xprl *psh xpsh 1_ C \

*prh ¥psl Z Crxprl psh SXPSHJ
050258 o025

6358 0 659) (1- (@ (0.102)))(1 ( o2 ) (0.875) (0. 0817))

0.684 = (1 -0.102) (1 - 0.0818) = (0.898) (0.9682)
0.684 = 0.868

Because left side of equation is smaller than right side, (—E)
min

assumed was too large. Try a smaller value around 0.95.

Right side of equation is not so sensitive to change.

where L = all components lighter than light key

Z = sum of all components lighter than light key,
does not include light key

2 = sum of all components heavier than heavy key,
does not include heavy key

P = pinch

r = rectifying
s = stripping
1= light key
h = heavy key

H = all components heavier than heavy key, not
including the heavy key

L = all components lighter than light key, not includ-
ing the light key
C;, Cg = empirical constants

Scheibel-Montross Empirical: Adjacent Key Systems:
Constant or Variable Volatility [611

Although this method has not found as much wide
acceptance when referenced to use by designers or con-
troversial discussion in the literature, it nevertheless allows
a direct approximate solution of the average multicompo-
nent system with accuracy of 1-8% average. If the key com-
ponents are less than 10% of the feed, the accuracy is
probably considerably less than indicated. If a split key sys-
tem is considered, Scheibel reports fair accuracy when the
split components going overhead are estimated and com-
bined with the light key, the balance considered with the
heavy key in the L/D relation.

1

(L/D)min o ——
XJF + b XrL

’ X
X|F R’ + (th +ZXFH)ETFH_
R G

ay

+ Ef& (1 +ﬂ-) (8-148)
oy, oy,

where  xjr = mol fraction of light key in feed
2 xpr, = sum of all mol fractions lighter than light key in
feed
= pseudo minimum reflux
2 xpy = sum of all mol fractions heavier than heavy key
in feed
xpr = mol fraction heavy key in feed
a1 = relative volatility of light key to heavy key at feed
tray temperature
ay = relative volatility of components heavier than
heavy key at feed tray temperature
oy, = relative volatility of components lighter than
light key at feed tray temperatures
x;t = mol fraction liquid at intersection of operating
lines at minimum reflux. (Calculated or from
graph.)
Xio = mol fraction light key in overhead expressed as
fraction of total keys in overhead.

Pseudo minimum reflux:

_Q-%){e -1

(1 - xio)ai

’ X10
(al -Dx;

(8-149)

When the overhead contains only a very small amount
of heavy key, the second term in the equation may be
neglected.

Intersection of operating lines at Equilibrium Curve:
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joen

(o - 1) 1+ m)(—L
XIF +XhF

-' 2

(8-150)

[(al 1)1+ m)(—LJ . —m]
X|F + XpF

+4m (o —1)(1+m)(—L)
X[F + XhF

Xjt = iV'

The proper value for x;; is positive and between zero
and one. Actually this is fairly straightforward and looks
more difficult to handle than is actually the case.

Pseudo ratio of liquid to vapor in feed:

2m (o - 1)

XL -Zxm K-Sy
Xy _EXFL Fv —EFL

(8-151)

where xj = mol fraction of feed as liquid
X, = mol fraction of feed as vapor
F1, = mols of liquid feed
Fy = mols of vapor feed
ZFy = total mols of components heavier than heavy key
in feed

ZFy, = total mol of components lighter than light key in
feed.

Example 8-25: Scheibel-Montross Minimum Reflux [61]

A tower has the following all liquid feed composition:

Feed Overhead Bottoms
Component Mols/hr Mols/hr Mols/hr
A 30 30.0 —
B (light key) 20 19.5 0.5
C (heavy key) 20 0.5 19.5
D 30 — 30.0
100 50.0 50.0

Relative volatilities referenced to the heavy key, C:

op = 4.0
ag =2.0=09
ac = 1.0= Op
aop =05

x - Sxpy  1.0-0.30
0-~0.30

Calculate: m =

=-2.33
Xy — ZXFL,

Intersection of Operating Lines:

| 0.2 ]
~1)(1-233)| —= | -2- (2.
@-1)( 233)(0.%0.2) 9 (-2.38) =
' 2
Xjr = ’ 2-1)y(1-2.33) 0.2 -2-(-2.33)
0.2+0.2
[ 02
4(-233)2-1)(1-2.
\j +4-233@-DI 33)(0.2+0.2J
2(~233)(2-1)
x; = 0.610, or -0.459 (not acceptable)
Pseudo minimum reflux ratio:
Xl =—23__ _ 0,975
195+ 0.5
' 0.975 _ (1.0-0.975) (2)
(2-1)(0.610) (1-0.610)(2-1)
R'=1.472
Minimum reflux ratio:
(L/D) iy =
™0.2+0.3
{ \
x [0.2(1.472)+(0.2+0.3) 0.3 + -0—§(l + 2)
2 4 4
0.5

(L/D) min = 0.912

Minimum Number of Trays: Total Reflux—Constant
Volatility

The minimum theoretical trays at total reflux can be
determined by the Fenske relation as previously given

o) )
XDh XBl

log Oayg

S = N + 1= (8-152)

Note that Ny;n is the number of trays in the column and
does not include the reboiler. When o varies considerably
through the column, the results will not be accurate using
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the oy, as algebraic average, and the geometric means is
used in these cases.

aa\'g = [((1() (ah)]%

For extreme cases it may be necessary to calculate down
from the top and up from the bottom until each section
shows a fairly uniform temperature gradient from tray to
tray. Then the Fenske relation is used for the remaining
trays, using the conditions at the trays calculated as the
terminal conditions instead of the actual overhead and
bottoms.

Chou and Yaws Method [96]

This. method for multicomponent distillation involving
more than one feed and more than one side stream
requires a reliable minimum reflux.

In summary, the calculation procedure is as presented
by the authors:

For the systems rated above, the minimum reflux ratio
is [96]:

Ryin = RF + Ror + Rs (8-153)

Rin = Rp + ZFFR, j r + ZFsR k Sk (8-154)

This includes recognizing the contribution from the
feed (Rf), “other feeds” (Ror), and sidestreams (Rg). The
RF portion is determined assuming no other feeds or side-
streams are present. The Rgp and Rg parts represent the
summation of the contributions of other feeds and side-
streams to the overall column minimum reflux ratio. The
calculation sequence consists basically of three steps, here
reproduced by permission of Chemical Engineering,
Chou and Yaws, April 25, 1988, all rights reserved [96]:

The column 1. Determine Underwood 6 for each feed, using equation involving feed concentration:
01,09, ..., 0,
— > D .
a; Z;, K
1-qp = )y -1 8-155
F1 qFn E o _en ( 55)
1=
— S; 2. Determine the “minimum reflux ratio” candidate for each feed:
Rmin.l» Rmin,2r; - Rmin,nf
Fo —{ ¢ ¢ Rmmn-RF+R0F+Rs—RFn EFFRJ EFSRL Sk (8-156)
. L ] L] J = 1
. —> Sm : 4
. aiXi>p
: where:Rg | = ) —————~1
Fn_1 —_ ; = (’.i —'ﬂn
oo — LR )
DL 6| Tmamea( 32, )
an — : :
° F 1S %2 sk 4 1\
—> Sps SRk Dk;ai—en sy J
; 3. Compare the candidates for minimum reflux ratio. The candidate having the largest
(maximum) numerical value is the minimum reflux ratio for the column.
Ryyin = Max (Rmin,l’ Rmin,2» e Rmin,nf)
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Example 8-26: Distillation With Two Sidestream Feeds
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Data for Example 8-26, which includes two sidestreams

Component

1 (LK)

2 (HK)

3 (HK+1)

Feeds: F| =
Fo =

Sidestreams

Distillate: D

Relative Mole Fraction

Volatility Feed Distillate Sidestream
o z;, Fy z;, Fy Xp z;, Sy z;, Sg
2.0 .58 A5 .999 975 900
1.0 .20 .30 001 025 .099
0.5 .22 .25 0 0 .001

50 mol/hr, qf; =1 (saturated liquid)

100 mol/h, qf, = 0 (saturated vapor)

: S1 =20 mol/h, qs; = 1 (saturated liquid)
So =20 mol/h, Gso = 1 (saturated liquid)

= 36 mol/h

Minimum reflux and other results for Example 8-26

1. UNDERWOOD THETAS:
FORFEED 1 THETA (1) =1.164
FORFEED 2 THETA (2) = 1.485

2. MINIMUM REFLUX CANDIDATES:
FOR FEED 1 RMIN (1) = 3.450271
FORFEED 2  RMIN (2) = 4.375502

3. TRUE MINIMUM REFLUX RATIO:
RMIN = 4.38

Column representation of results of Example 826

RMIN = 4.38

'—>S(1)
> S
Fpea

—

F(2)

L > B
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B = bottoms flowrate, mol/h
¢ = number of components
D = distillate flowrate, mol/h
F = flowrate of feed, moi/h
Fj = flowrate of feed j, mol/h
Fggr = factor for contribution of other feed flow to mini-
mum reflux
Frg; = factor for contribution of feed j flow to minimum
reflux
Fgg = factor for contribution of sidestream flow to mini-
mum reflux
Fgg x = factor for contribution of sidestream k flow to
minimum reflux
HK = heavy key component
L = liquid flowrate, mol/h
LK = light key component
nf = number of feeds
ns = number of sidestreams
m = number of sidestreams above feed n
gr = thermal condition of feed
gs = thermal condition of sidestream
R = reflux ratio
Rf = feed component of minimum reflux
Rg,, = feed component of minimum reflux for feed n
Ror = otherfeeds component of minimum reflux
Rpin = minimum reflux ratio
Rg = sidestream component of minimum reflux
S = flowrate of sidestream, mol/h
Sy = flowrate of sidestream k, mol/h
V = vapor flowrate, mol/h
x; = mole fraction of component i in liquid
y; = mole fraction of component i in vapor
zi§ = mole fraction of component i in feed
7; §j = mole fraction of component i in feed j
z; s = mole fraction of component i in sidestream
z; sx = mole fraction of component i in sidestream k
a = relative volatility
6 = underwood parameter

where

Subscripts
B = bottoms
D = distillate
F = feed
F; = feed j

F,, = intermediate feed

Theoretical Trays at Operating Reflux

The method of Gilliland [23] (Figure 8-24) is also used for
multicomponent mixtures to determine theoretical trays at
a particular operating reflux ratio, or at various ratios.

The Brown and Martin [9] curve of Figure 849 is also
used in about the same manner, and produces essentially the
same results, but is based on internal vapor and liquid flows.

The values needed to use the graph include:

1

Vo

(8-158)
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Figure 8-48. Brown and Martin: operating reflux and stages correlat-
ed with minimum reflux and stages. Used and adapted by permis-
sion, Van Winkle, M., Oif and Gas Jour. V. 182, Mar. 23 (1953).

where (D/L) =1/(L/D)

Ly=Lr+qF (8-159)
L; = (L/D) (Dy)

Vi = (L/D) D,/(L/V) (8-160)
Vi=V;-F (1-q) (8-161)

Note than when (L/D)p;, is used as the starting basis,
the L, Lg, Vi, V; and their ratios will be for the minimum
condition, and correspondingly so when the operating
reflux is used.

The combined Fenske-Underwood-Gillilland method
developed by Frank [100] is shown in Figure 8-47. This
relates product purity, actual reflux ratio, and relative
volatility (average) for the column to the number of equi-
librium stages required. Note that this does not consider
tray efficiency, as discussed elsewhere. It is perhaps more
convenient for designing new columns than reworking
existing columns, and should be used only on adjacentkey
systems.
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Eduljee [107] evaluated published data and corrected
relationships for determining the number of actual trays
versus actual reflux with reasonably good agreement:

First Trial:

when 1.1 <R/Rp, < 2.0

(S/Sm) (R/Rp) =2.82

when R/Rp, > 2.0

(S/Sm) (R/Rp) = 0.7 + 1.06 (R/Ryy) (8-162)

If the number of actual trays, S, calculates to be 27 or
greater, then revert to the following for better accuracy:
Second Trial:

when 1.1 <R/R, 220

§ =271 (Ry/R) (Sp) + 0.38 (8-163)
when R/Rp, > 2.0
S = [0.67 (Ry/R) +1.02] (Syy,) + 0.38 (8-164)

where n = number of theoretical trays in the rectifying section
R = reflux ratio (O/D)
S = number theoretical trays in the column, including
reboiler

Subscript
m = minimum

The feed plate location, for either rectifying or strip-
ping sections:

For R/Ry, from 1.2 to 3.6:
(n/ng) (R/Rp) = 1.1 +0.9 (R/Rp) (8-165)

Hengstebeck [224] presents a technique for locating
the feed tray by plotting.

Example 8-27: Operating Reflux Ratio

The minimum reflux ratio (L/D)yin has been deter-
mined to be 1.017. Using the Brown and Martin graph
[9], evaluate the theoretical number of trays at an operat-
ing reflux of 1.5 times the minimum. The minimum num-
ber of stages was determined to be 22.1 including the
reboiler. See Figure 8-49.

The column will have a total condenser. Product rate D is
0.664 mols/mol feed, and the feed is a boiling point liquid.

Minimum values:

=0.506

(¥) " 15070~ 77
V)pin 1#(0/Lgin  1+1/1.017

0.506 V; = 1.017 (D,) = 1.017 (0.664)
V; = 1.332 mols per mol of feed
L, = 1.017 (0.664) = 0.674 mols/mol feed
q=10
L = (0.674) + (1) (1) = 1.674 mols/mol feed
Ve =1.332 — (1) (1 - 1) = 1.332 mols/mol feed

(L) <107y g
V), 1.882

Operating values:

Operating (L/D), = (1.5) (1.017) = 1.525

(L) -1 _o0603
V), 1+1/1525

_ (1525) (0664) ., o mols/ mol feed

r 0.603
L, = (1.525) (0.664) = 1.013 mols/mol feed
q=10
L =1.018 + (1) (1) = 2.013

Vy=1.68- (1) (1-1) =168
(L/V)s = 2.013/1.68 = 1.198

For graph:

[(_‘%)s (%)r -1L - 1.198(@) ~1=0.985
(5.,

Read curve for “greater than 8” minimum equilibrium
steps:

1
=(1.255)| ——| -1=1.
( )(O.SOGJ 48

min

at 0.985/1.48 = 0.666

Curve reads: S,/Sy = 1.64

Theoretical stages at reflux (L/D) = 1.525

So = Sy (1.64) = 22.1 (1.64)

8o = 36.2 stages

Theoretical trays at the operating reflux (L/D) = 1.525

N, = 36.2 — 1 (for reboiler) = 35.2 trays in column
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Actual Number of Trays

From the theoretical trays at operating reflux the actual
trays for installation are determined:
Nace = No/Eo (8-166)

The reboiler is considered 100% efficient, and likewise
any partial condenser, if used. Therefore the value N, rep-
resents the theoretical trays or stages in the column proper,
excluding the reboiler and partial condenser. E, repre-
sents the overall tray efficiency for the system based upon
actual test data of the same or similar systems, or from the
plot of Figure 8-29, giving operating information prefer-
ence (if reliable).

Feed Tray Location

The approximate location can be determined by the
ratio of the total number of theoretical stages above and
below the feed plate from the Fenske total reflux relation:

Sy n+l log(x;/xp)p Bn/XF

S _ _ (8-167)
S m+1 log (x;/xp)F (X /X1)8

The relation is solved for S./S;. The results are not
exact, because the feed tray composition is very seldom
the same as the feed; which is the assumption in this rela-
tion. Actually, the feed point or correct location for the
feed may be off by two or three theoretical trays. This will
vary with the system. It does mean, however, that when this
approach is used for feed plate location, alternate feed
nozzles should be installed on the column to allow for
experimental location of the best feed point. These extra
nozzles are usually placed on alternate trays (or more)
both above and below the calculated location. A minimum
of three alternate nozzles should be available.

When the feed point is located by a match from tray-by-
tray calculation, the correct point can be established with
greater confidence, but still alternate nozzles are suggest-
ed since even these detailed calculations can be off to a
certain extent.

The actual number of trays in the rectifying section
(Nacy)r can be determined by:

Sy = S; + 54 (8-168)

Sm = Ss (5:/8s) + Ss

Solve for S, because Sy and S,/S; are known.
Obtain S; by difference.

(Nact)r = S¢/E, (for total condenser; if partial condenser use
(5: - 1)/E,

(Nact)s = (S5 = 1)/E, (for columns with reboilers) (8-169)

For systems with wide variation in relative volatility, the
suggestion of Cicalese, et al. [9] is often used to evaluate
the theoretical total equilibrium stages in the rectifying
and stripping sections:

oz KL/ %0)D
. (x] /hh )F (8-170)
log o (average above feed)
log (1 /bp)F
. (x1/%n)B (8-171)

B log o. (average below feed)

where S; = number theoretical trays/plates in rectifying section
S, = number theoretical trays/plates in stripping section

Maas [108] presents a useful analysis for selecting the
feed tray in a multicomponent column. For accuracy it
involves the use of a tray-by-tray computer calculation.

Kirkbride’s [174] method for estimating the ratio of
theoretical trays above and below the feed tray allows esti-
mation of the feed tray location:

E(xhp)(xlw)
D \ xir / \ XpD

where N, = number of trays above feed tray
Np, = number of trays below feed tray
D = mols per hour of overhead product
W = mols per hour of bottoms product

2
(Ng)
log —2~ = 0.206 lo
g (N.) g

m

(8-172)

Subscripts
h = heavy key
I = light key
F = feed
W = bottoms
D = overhead

Estimating Multicomponent Recoveries

Yaws et al. [141] present a useful technique for estimat-
ing overhead and bottoms recoveries with a very good
comparison with tray-to-tray computer calculations. The
procedure suggested uses an example from the reference
with permission:

1. Plot relative volatility (o) and % desired recovery for
LK and HK. Draw a straight line through these two
points. The non-key component points will also be on
this straight line.
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2. Using a; and the component distribution line, esti-
mate % recovery of non-key components in distillate
and bottoms.

From the references [124, 141]:

log (dj/bj) =a+blog oy (8-173)
where d; =mols of component i in distillate
b; =moles of component i in bottoms
o; = relative volatility of component i
a, b = correlation constants

log (di/b;) vs. log o gives a straight line (Figure 8-50). By
superimposing a Yjp scale over the d;/b; scale,

99.9 0.1
o
99.8 L
A 0.2
99.6 0.4
09.4 b= 8 - 0.6
99.2 |- 4 0.8
99.0 1.0
98.5 ' 15
98 2
o7 = 3
96 LK ¢ = 4
94 ] 8
92 = - 8
90 10
85 15
g 80 7 20 §
g 70 &= s a0 §
£ & A w0 £
S
g 50 50 2
E 4 60 3
8 F §
& I A 5 R®
20 71
15 |~ A - 85
10 = I i~ 90
8 §— 92
6 = 94
HK
4 [ ]
3 o7
2 = 08
o= == E Y Mmp— [ S =
1.0 = 90.0
0.8 99.2
0.6 99.4
04 99.6
F
0.2 fp=—=t e 99.8
0.1 H 99.9
02 03 04 0506 08 1 2 8 4 5 8

Relative volatility,o;

Figure 8-50. Estimation of recovery of non-key components using
short-cut method of Yaws, et al. Used by permission, Yaws, C. L. et
al., Chem. Eng., Jan. 29 (1979), p. 101.

d;/b; = Yip/Yip

where Yip = % recovery of i in distillate
Yig = % recovery of i in bottoms
f; = total mols of component i in distillate and bottoms

Then Yig = 100 - Y;p (8-174)

and di/bi = YiD/ (100 - YiD) (8- 175)

From Equation 8174, Table 85 is constructed for select-
ed values of d;/b; at various values of Yjp from 99.9% to
0.1%.

Component Recovery Nomograph (Figure 8-50)

A nomograph is constructed by plotting d;/b; vs. o4 on
log-log graph paper and then superimposing a Yjp scale
over the d;/b; scale, according to the values given in Table

Table 85
Material Balance for Estimated Multicomponent
Distillation Recoveries for Example 8-28 Using Method

of Yaws, Fang, and Patel
Feed Composition, Relative
Component Mol. Fr. Volatility Keys
A 0.05 35
B 0.20 3.0
C 0.30 2.3 Light
D 0.25 1.0 Heavy
E 0.15 0.83
F 0.05 0.65
Distillate Recovery Recovery
Component Desired, % Derived, %*
A 99,79%:
B 99.20%**
C 95 —
D 5 —
E 1.30%*
F 0.22%
Bottoms Recovery Recovery
Component Desired, % Derived, %*
A 0.28%*
B 0.80%*
C 5 —
D 95 —
E 98.70%*
F 99.78%*

*See calculations
**From Figure 8-50
Used by permission, Yaws, C. L., et al., Chem. Eng., Jan. 29 (1979), p. 101,
all rights reserved.
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8-6. The resulting nomograph, relating component recov-
ery and component relative volatility, is given in Figure 8-51.
This may be used to estimate component recovery in distil-
late and bottoms, as follows:

Example 8-28: Estimated Multicomponent Recoveries by
Yaws’ Method [141] (used with permission)

Component C is to be separated from Component D by
distillation. A 95% recovery of both key components (LK,
HK) is desired. Saturated-liquid feed composition and rel-
ative volatilities (at average column conditions) are given
in Table 8-5.

Using the graphical short-cut method for component
distribution, estimate the recovery of non-key components
in distillate and bottoms.

Solution:

1. aj and % desired recovery are plotted for LK and HK
(o = 2.3, 95% recovery of C in distillate and ap =1,
95% recovery of D in bottoms), as shown in Figure
8-50. See Figure 8-51 for working chart. A straight line
is then drawn through the two points.

2. Using ap = 3.5, ap = 3.0, Of = 0.83, ap = 0.65, and the
component distribution line, the recovery of non-key
components is estimated. The results are shown in
Table 8-6.

Recovery Recovery
Component in distillate, % in bottoms, %  Remarks
A 99.72 0.28 Graph
B 99.20 0.80 Graph
C (LK) 95 5 Specified
D (HK) 5 95 Specified
E 1.3 98.7 Graph
F 0.22 99.78 Graph
Table 8-6

Table of Y;jp Values for Solving Yaws, Fang, and Patel
Short Cut Recoveries Estimate

Yip di/by Yjp di/bi  Yip  di/b; Yip di/b;
99.9 999 96 24.0 40 0.6670 2 0.02040
99.8 499 94 15.7 30 0.4290 1.0 0.01010
99.6 249 92 1156 20 0.2500 0.8 0.00806
994 166 90 9.00 15 0.1760 0.6 0.00604
99.2 124 85 5.67 10 0.1110 0.4 0.00402
99.0 99.0 80 4.00 8 0.0870 0.2 0.00200
98.5 65.7 70 2.33 6 0.0638 0.1 0.00100
98.0 49.0 60 1.50 4 0.0417

97.0 323 50 1.00 3 0.0309

Used by permission, Chem. Eng., Yaws, C. L., et al Jan. 29 (1979), p. 101,
all rights reserved.

Table 8-7 [141] illustrates the good agreement between
the proposed method with the tray-to-tray calculations for
Case I-High Recovery: 95% LK recovery in distillate, 94%
HK in bottoms; Case II, Intermediate Recovery: 90% LK
recovery in distillate, 85% HK recovery in bottoms; and
Case III Low Recovery: 85% LK recovery in distillate, 81%
HK recovery in bottoms.

Tray-by-Tray

Rigorous tray-by-tray computations for multicomponent
mixtures of more than three components can be very
tedious, even when made omitting a heat balance. Com-
puters are quite adaptable to this detail and several com-
putation methods are in use.

The directsolution method of Akers and Wade [1] is
among several which attempt to reduce the amount of
trial-and-error solutions. This has been accomplished and
has proven quite versatile in application. The adaptation
outlined modifies the symbols and rearranges some terms
for convenient use by the designer [3]. Dew point and
bubble point compositions and the plate temperatures
can be determined directly. Constant molal overflow is
assumed, and relative volatility is held constant over sec-
tions of the column.

Rectifying section: reference component is heavy key, x

Table 8-7
Comparison of Yaws, et al. Short Cut Nomograph
Results vs. Plate-to-Plate Calculations

Composition X;
Distillate Bottoms
Plate to Plate to
Component Nomograph plate Nomograph plate
Case I A 0.0901 0.0901 0.0002 0.0002
High B 0.3588 0.3591 0.0026 0.0023
recovery C (LK) 0.5197 0.5190 0.0269 0.0278
(16 trays) D (HK) 0.0271 0.0271 0.5271 0.5271
E 0.0041 0.0045 0.3314 0.3308
F 0.0002 0.0002 0.1118 0.1118
Case II A 0.0879 0.0880 0.0016 0.0012
Inter- B 0.3466 0.3464 0.0128 0.0120
mediate C (LK) 0.4814 0.4770 0.0683 0.0726
recovery D (HK) 0.0668 0.0682 0.4839 0.4835
(13 trays) E 0.0155 0.0187 0.3218 0.3187
F 0.0018 0.0018 0.1116 0.1120
Case III A 0.0866 0.0872 0.0034 0.0028
Low B 0.3376 0.3395 0.0250 0.0227
recovery C (LK) 0.4561 0.4552 0.1015 0.1027
(9 trays) D (HK) 0.0844 0.0839 0.4606 0.4610
E 0.0308 6.0295 0.3016 0.3031
F 0.0045 0.0046 0.1079 0.1077

Used by permission, Chem. Eng., Yaws, C. L., et al Jan. 29 (1979), p. 101,
all rights reserved.
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(11_) _i[(L/D)(xi)MﬁXDi (8-176)

Xn) 0 | (L/D)(Xn)n+1 +XDh

2, = 1.0 (Including xp)

3 (L) _(_1_)

Xh n Xh n

The compositions of each component are obtained
from the (x;/xp), ratio.

The tray temperature is obtained from:

_ 1
LA

Ky, (8-177)

Kj, is evaluated at the column pressure by use of suitable
K charts.

Stripping section: reference component is heavy key,
Xhs yh.

(_VLJ e o |-Y5/B) ()1 +Xp;
Yhlm | V6/B) Ghdm-1+XBh

(8-178)

2 (yi/¥h)m = 1.0 (including vy,)

The composition of each component on a tray is
obtained from (¥i/yh)m.

The tray temperature is obtained from:
Ky =Zyi/oy (8-179)
at the column pressure using K charts for the heavy key or
reference component.

Procedure:
A. Rectifying Section

1. Determine material balance around column, includ-
ing reflux L, distillate product D, bottoms product B.
(a) With total condenser, the reflux composition is

equal to the condensed distillate product compo-
sition.

(b) With a partial condenser, the product D is a
vapor, s0 a dew point must be run on its compo-
sition to obtain the liquid reflux composition.

2. Determine top tray temperature for use in relative
volatility calculations by running a dew point on the
overhead vapor. For total condenser its composition
is same as distillate product. For a partial condenser,
run a dew point on the column overhead vapor com-
position as determined by a material balance around
the partial condenser, reflux, and product.

3. Determine (x;/%p)9, for tray No. 2 (second from
top), for each component, using the x values for the
reflux as the initial x; (n + 1).

4. Total this column to yield Z(x;/xy). This equals 1/xp,.

5. Determine x; for each component by:

;= &i/%n) (8-180)
Z (% /xp)
This is liquid composition on tray.

6. Continue down column using the composition calcu-
lated for tray above to substitute in Equation 8-176 to
obtain the (xi/xyp) for the tray below.

7. Test to determine if o is varying to any great extent by
calculating o;x; for a test tray. Joyx; = 1/Kyp. Deter-
mine temperature and evaluate corresponding val-
ues. Use new a; if significantly different.

8. Continue step-wise calculations until the ratio of light
to heavy key on a tray equals (or nearly so) that ratio
in the liquid portion of the feed. This is then consid-
ered the feed tray.

9. If there are components in the feed and bottoms
which do not appear in the overhead product, they
must gradually be introduced into the calculations.
The estimated position above the feed tray to start
introducing these components is determined by:

P
XF _ [——1——] (8-181)
X, |{d+D/L)K;
where xp; =mol fraction of a component in feed that does
not appear in overhead
X, = small arbitrary mol fraction in the liquid p”
plates above the feed plate
p” =number of plates above the feed where introduc-
tion of components should begin

B. Stripping Section:

1. Determine bubble point temperature of bottoms and
composition of vapor, yg;, up from liquid. Calculate
relative volatility of light to heavy component at this
temperature.

2. From these calculate vapor compositions, using Equa-
tion 8-178 calculate the ratio (yi/yp) for the first tray
at the bottom.

3. Total X (yi/yn) to obtain 1/yp

4. Calculate v; for tray one

_ bi/yn)

» 2Vi/Vh =Vyn (8-182)
2Y¥i/¥n '

Yi

Syi = 1.0
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5. Calculate (y;/yn) for next tray, using the y; values of
tray one (m - 1) in the equation to solve for (yi/yn) m-

6. Test to determine if o is varying significantly by Ky, ~
2 (yi/a;). Evaluate temperature of heavy component
at the column bottoms pressure (estimated) using K
charts or the equivalent. If necessary, calculate new o;
values for each component at the new temperature.
Recheck every two or three trays if indicated.

7. Introduce components lighter than the light key
which are not found in the bottoms in the same gen-
eral manner as discussed for the rectifying section.
xpi/%Xa = [(1 + D/L)Ki]P’ (8-183)
where p’ is the number of trays below the feed tray
where the component, i, is introduced in an assumed
amount (usually small) x,. Then xp; is the mol frac-
tion of the component in the feed.

8. Continue step-wise calculations until ratio of light to
heavy keys in the liquid portion of the feed essential-
ly matches the same component ratio in the liquid on
one of the trays.

9. The total of theoretical trays in the column is the sum
of those obtained from the rectifying calculations,
plus those of the stripping calculations, plus one for
the feed tray. This does not include the reboiler or
partial condenser as trays in the column.

Tray-by-Tray: Using a Digital Computer

Multicomponent distillation is by far the common
requirement for process plants and refineries, rather than
the simpler binary systems. There are many computer pro-
grams which have been developed to aid in accurately
handling the many iterative calculations required when
the system involves three to possibly ten individual com-
ponents. In order to properly solve a multicomponent
design, there should be both heat and material balance at
every theoretical tray throughout the calculation.

To accommodate the step-by-step, recycling and check-
ing for convergences requires input of vapor pressure rela-
tionships (such as Wilson’s, Renon’s, etc.) through the
previously determined constants, latent heat of vaporiza-
tion data (equations) for each component (or enthalpy of
liquid and vapor), specific heat data per component, and
possibly special solubility or Henry’s Law deviations when
the system indicates.

There are several valuable references to developing and
applying a multicomponent distillation program, including
Holland [26, 27, 169], Prausnitz [52, 53], Wang and Henke
[76]1, Thurston [167], Boston and Sullivan [6], Maddox and
Erbar [115], and the pseudo-K method of Maddox and
Fling [116]. Convergence of the iterative trials to reach a
criterion requires careful evaluation [114]. There are sever-

al convergence techniques with some requiring consider-
ably less computer running time than others.

Example 8-29: Tray-to-Tray Design Multicomponent
Mixture

A column is to be designed to separate the feed given
below into an overhead of 99.9 mol % trichloroethylene.
The top of the column will operate at 10 psig. Feed tem-
perature is 158°F.

Overhead Bottoms

Mol Mol Mol

Frac- Frac- Frac-

Feed tion Mols tion Mols tion
(A) Trichloroethylene 0.456  0.451 0.999 0.00549 0.010
(B) B Trichloroethane 0.0555 0.00045 0.001 0.05505 0.101
(C) Perchloroethylene 0.3625 0.36250 0.661
(D) Tetras (1) 0.0625 0.0625 0.114
(E) Tetras (2) 0.0635 ce ... 0.0625 0.114
1.0000 0.45145 1.000 0.54804 1.000

Note: the material balance for overhead and bottoms is based on:

(a) 99.9 mol % trichlor in overhead

(b) 1.0 mol % trichlor in bottoms

(c) 1.0 mol feed total

(d) Light key = trichloroethylene
Heavy key = trichloroethane

Determine Overhead Temperature

Because trichlor is 99.9% overhead, use it only to select
boiling point from vapor pressure curves at 10 psig over-
head pressure = 223°F (1,280 mm Hg abs).

Determine Bottoms Temperature (Bubble Point)

Allowing 10 psig column pressure drop, bottoms pres-
sure = 20 psig (1,800 mm Hg abs)

Try t = 320°F
Vapor Press.
Component xR mm Hg x; (vp.) y)B
A 0.01 4,500 45 0.0249
B 0.101 2,475 250 0.1382
C 0.661 1,825 1,210 0.67
D 0.114 1,600 183 0.1012
E 0.114 1,050 120 0.0664
1,808 1.0007
mm Hg abs.

This compares quite well with the selected 1,800 rom
bottoms pressure. Bottoms temperature is 320°F.



Distillation 91

Relative Volatilities: Light to Heavy key

Attopia=—P T _ 22 _913
v.p.pTri 600
At bottoms:a = ~P- L _ 4500 _, oq
v.p. Tri 2275

a (average) = [(2.13) (1.98)}% = 2.06

Minimum Stages at Total Reflux

log (xp1 /Xph) (XBh /XB1)
log oy

Sy =Npjg +1=

_ log (0.999/0.001) (0.101/0.01)
log 2.06

_ 2008 _ 12.6 theoretical stages
0.31

[o~R BRI}

Minimum Stages Above Feed:

_ log (0.999/0.001) (0.0555/ 0.456)

Se
log 2.13

= 2.082 = 6.35 theoretical stages
0.32

o | N

Thermal Condition of Feed

Feed temperature = 158°F

Calculated bubble point of feed = 266°F at assumed
feed tray pressure of 15 psig.

Heat to bring feed to boiling point
+ Heat to vaporize feed

1= Latent Heat of one mol of feed

q = 1.298 (Calculations not shown, but handled in same man-
ner as for example given in binary section, however all feed
components considered, not just keys.)

Minimum Reflux—Underwood Method, Determination of o. Aug.

Assume pinch temperatures (usually satisfactory
because a does not vary greatly) at % and % of over-all col-
umn temperature differences.

Lower pinch = 320 - % (320-228) = 288°F

Upper pinca = 320 - % (320-223) = 255°F

@255°F @288°F
Component v.p- o v.p. a a; (avg)
A 2050 2.00 3050 1.91 1.955
B 1025 1.00 1600 1.00 1.00
C 750 0.732 1180 0.737 0.735
D 650 0.634 1035 0.647 0.641
E 390 0.380 650 0.406 0.393

To start, assume 8 = 1.113 (it must lie between 1.00 and 1.955).

oxp/  OXE/
Component  xp; axp (-0 (4-8) (05— 6)2
A 0.436 0.891 0.842 1.058 1.252
B 0.0555  0.0555 -0.113 -0.491 433
C 0.3625  0.266 -0.378 ~0.704 1.86
D 0.0625 0.0401 -0.472 -0.085 0.18
E 0.0625 0.0246 -0.720 =0.0342 0.0472

2 =-0.2562 _2_]7.669

8. =1.113 - (-0.2562/7.669) = 1.113 + 0.0334
6. = 1.146 (this is close enough check to original, to not require
recalculation.)

The correct value of 1.146 should be used.
Check for balance:

1_q=2 301 =Eaixn
l—e/ai (X.i—e

1-1.298 = -0.298 = -0.256

=-0.256

This could be corrected closer if a greater accuracy were
needed. This is not as good a match as ordinarily desired.

(L/ D) +1=C2%2)D , (o Xb)p
a, -6 o, -0

(for all distillate components)

1.00 (0.001)
(1.00 - 1.146)

_ (1.953) (0.999) |

L/D)ig +1=
(L/D)rmin (1.955 - 1.146)

= 2.41 + (-0.00685)
= 2.404
(L/D)min = 2.404 ~ 1.0 = 1.40

Operating Reflux and Theoretical Trays—Gilliland Plot
Min trays = Sy = 12.6

(L/D)in = 1.4
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Theo
(L/D)o - (L/ D) Read: Stages
Assume (L/D), L/D)o+1 S-Sm/(S+1) S
1.4 0 e %
1.6 0.0768 0.546 29
2.0 0.20 0.445 23.5
3.0 0.40 0.312 18.8
4.0 0.52 0.245 17
o — — 12.6

These values are plotted in Figure 8-52. From the curve,
the operating (L/D), was selected, and the theoretical
stages corresponding are 19.

Tray-by-Tray Calculation—Ackers and Wade Method

Rectifying Section, (L/D), = 3:1
Light key = Trichlor; Heavy key = § Tri

Relative Volatilities to start: Use average of top and feed

Olavg
A 2.0
B 1.00
C 0.7%4
30 \
1\
<t
A
25 2
g\
“ wl N Select (L/D) Operating = 3.0
o 21 \ Theoretical Stages = I9
2 @|
1773 o
_20 et
8 gl
s E4 B
§ = i T~
15 Il
E I Minimum Stages =12.6
g |
= 1
10 +
|
|
1
I
5 I
|
|
1
l
1
0 10 2.0 30 40 50

Reflux Ratio, L/ D

Figure 8-52. Gilliland Plot for multicomponent Example 8-28.

Neglect the heavier than perchlor components in the
rectifying section.

In order to carry the perchlor it is assumed at (.0001
mol fraction in overhead and reflux, the p-Tri is reduced
to 0.0005 mol fraction for these calculations being tighter
specifications than the initial calculated balance. The
overall effect will be small.

XiD = Xj

Component  (Reflux)  (%3/%p)1 (=1 /gh)e (X2

A 0.9994 975.02 0.9984 545.5 0.9971

B 0.0005 1.00 0.001024 1.0 0.001828

C 0.0001 0.273  0.000280 0.359 0.000656

= =976.293 0.999704 546.859
(close
enough)

Typical calculations:

(i) _1 [ (L/D) (X )n+1 + Xpj
1

Xp B a; | (L/D) (Xp)n+1 + Xph

For component A: Tray 1

"~ 92.05

(ﬁ) _ 1 1(3)(0.9994) + 0.9994
Xh/q (3) (0.0005) + 0.0005

] =975.02

Component B:

(i) _ 1 | 3(0.0005)+ 0.0005 ~1.00
1 1.00

X 3 (0.0005) + 0.0003

Component C:

x| __1 13(0.0001)+0.0001
Xh/q 0.734 | 3 (0.0003) + 0.0005

] =0.272

(xa)1 = 975.02/976.293 = 0.9984
(xp)1 = 1.00/976.293 = 0.001024
(x0)1 = 0.273,/976.298 = 0.000280

Tray 2: Component A

%) _ 1 [3(0.9984)+0.9994
o 2.05

=543.5
| 3(0.00102) + 0.0005

Xh

Component B

x| __1 [ 3(0.00102) + 0.0005
o 1.00

=1.00
Xp 3(0.00102) + 0.0005

Component G

x) 1 [3(0.00028)+0.0001
, 0.734

=0.359
Xp 3 (0.0005) + 0.0005
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(xi/Xp)3 (%33 (Xi/%n)4 (x3)4 (%3/Xn)5 (6.5)]
A 82524 0.9952 200.81 0.9916 126.61 0.9851
B 1.0 0.00306 1.0 0.004938 1.0 0.007781
C 0.514 0.001573 0.682 0.00387 0.908 0.007065
326.754 202.492 128.518
(X/Xp)6 (%96 (%i/Xn)7 (=)7 (%;/%Xp)g (x)s8
A 80.60 0.9736 52.05 0.9520 33.97 0.9138
B 1.0 0.01208 1.0 0.01829 1.0 0.0269
C 1.213 0.01465 1.633 0.02987 2.21 0.05945
82.813 54.683 37.18
(x3/Xn)e ()9  (%/Xn)10 (=10 (/31 (%) 11
A 2247 0.8491 15.196  0.7501 7.716 0.5421
B 1.0 0.03779 1.0 0.04936 1.0 0.07026
C 2.994 0.1131 4.061 0.2005 5.516 0.3876
26.464 20.257 14.232

Ratio of keys in feed = 0.456/0.0555 = 8.2
Ratio of keys on Tray No. 10 = 0.7501,/0.04936 = 15.2
Ratio of keys on Tray No. 11 = 0.5421/0.07026 = 7.7

Tray Ne. 11 should be used as feed tray (counting down
from the top). Note that since the relative volatility did not
change much from top to feed, the same value was satis-
factory for the range.

Stripping Section

Determine Vj: per mol of feed

(L/V) =

1

1+D/L

_(L/D)D _ 3(0.45145)

1

——1—=O.75
+ —

3

Ve

5

0.75

=1.806

L; = (L/D) (D) = 3(0.45145) = 1.35 mols/mol feed

Lo =L, + qF = 1.35 + 1.298 (1.0) = 2.648

Vs=V,-F(1-q)=1.806-(1.0) (1-1.298) =2.104

Vi/B =2.104/0.54804 = 3.84

Relative volatilities, a;, determined at average tempera-
ture between bottom and feed of column. Usually the
pinch temperature gives just as satisfactory results.

Component X;g

YiB

(avg (i/ysh 1 Gi/ywz Ow)2

A 0.010 0.0249 1.905 0.319 0.0543 0.552 0.107

B 0.101 0.1382 1.00 1.000 0.170 1.00 0.194

G 0.660 0.6700 0.740 3.800 0.647 3.08 0.597

D 0.114 0.1012 0.648 0517 0.088 0.389 0.0754

E 0.114 0.0664 0411 0241 0.0411 0.1476 0.0286
5.877 5.1686

93

Typical calculations: starting at bottom and working up
the column.

Tray 1: Component A

(Vs/B) (yh)m-1+ XBh

_ 1,005 | (3:84) (0.0249) + 0.010
' 3.84 (0.1382) + 0.101

(yi/yn)1 = 0.319
(yi)1 = 0.319/5.877 = 0.0543

Tray 2: Component A

(yi/Yn)o = 1.905 [(3-84) (0.0543) + 0.0 10]

3.84(0.170) + 0.101
= 0.552

Continuation of the calculations gives an approximate
match of ratio of keys in feed to those on plate 10. Then
feed tray is number 10 from bottom and this is also num-
ber 11 from top.

Liquid mol fraction ratio from vapor mol fraction ratio:

(x1/xy,) = 1/¥n)
%1/h

Ratio on tray no. 9 = 15.018/1.905 = (xj/xp) = 7.9

Ratio on tray no. 10 = 19.16/1.905 = 10.05

Ratio in feed = 8.2

Total theoretical trays = 11 + 10-1 (common feed tray count)
= 20 not including reboiler

Total theoretical stages = 20 + 1 (reboiler) = 21

This compares with 19 theoretical stages from Gilliland
Plot.

Tray Efficiency

Use average column temperature of 271°F and feed
analysis.

Component

XiF u, cp U XiF vp- a1/n
A 0.456 0.28 0.128 2500 1.94
B 0.0555 0.36 0.020 1290
C 0.362 0.37 0.134
D 0.0625 0.40 0.025
E 0.0625 0.48 0.030
2=0.337cp

a X (1) (xi) = 1.94 (0.337) = 0.654

Using Figure 8-29
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Drickamer and Bradford curve, E, = 46%
O’Connell curve, E, = 53.8%

In this case, recommend using:
E, = (46 + 53.8) /2 = 49.6%
Actual trays in column:

Nyt = 20/0.496 = 40.3 trays

From tray-by-tray calculations, feed tray is 10/0.496 =
20.1 trays from bottom, use 20.

Generally, practice would be to select a column allowing
a few extra trays, making column total trays = 45.

No.

Rectifying trays = 22
Feed =1

Stripping =22
45

Feed nozzles should be located on trays Nos. 21, 23, and
25 counting up from the bottom tray as No. 1.

Heat Balance—Adjacent Key Systems with Sharp
Separations, Constant Molal Overflow

Total Condenser Duty

Refer to Figure 853 (System (1)).

Fe——————— e —— -
' WV Hi - |
' AN Qe
| Conden,ser \‘|
l Receiver }{
: 1 LlhD \ /I
n= \
| oo — ,’| D.xutp.hp
|
Feed,F,hf |-———-] System ]
T iy |
: Column r\Syﬂem @
A |
I - !
l |
‘ |
| Reboiler |
|l I Qs
| 1 B,hp
L o o 3

Figure 8-53. Heat balance diagram.

1. Assume or set condenser liquid product temperature,
tp-

2. Calculate condensing pressure, with tp as bubble
point (if subcooling exists, and tp is below bubble
point, use bubble point temperature for pressure cal-
culation only).

3.Vi=L+D

H;Vy=[Lhp+Dhp] +Q, (8-184)
1

Hy= Y Hy yy atty (8-185)
1
i

hp = E hp; xpy
1

Qc =V; (H; - hp) (8-186)

4. Calculate t; and x3 by dew point on vapor V;. Then
determine Hj, referring to top tray as number one in
this case.

where Hj = total vapor enthalpy above reference datum
for sum of all contributing percentages of
individual components, i, in stream, Btu/Ib,
or Btu/mol
hp = total liquid enthalpy above reference datum
for sum of all contributing percentages of
individual components, i, in product stream.
(Also same as reflux), Btu/1b or Btu/mol.

5. For partial condenser: replace Dhp by DHp in Step 3.
A dew point on compositions of yp (vapor) give tp or
total pressure. Also get liquid composition xp (liquid
reflux in equilibrium with product vapor yp. Over-
head vapor is sum of compositions of yp and xp. A
dew point on this vapor (overhead from tray one
top)) gives top tray temperature, tj.

ViHj + Q. =Lhp + DHp
Reboiler Duty
Refer to Figure 8-53 (System (2))
1. Determine bottoms temperature by bubble point on
liquid xg.
2. From feed condition determine enthalpy.

_ZVr (Hiyi)p +Z Lp (hix;)p

hy - (8-187)
3. Solve for Qp, reboiler duty, Btu/hr
F hy + Qg = Dhp + Bhg + Q. (8-188)

where hp = total enthalpy of distillate product, Btu/mol
or Btu/lb
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hg = total enthalpy of bottoms product, Btu/mol
or Btu/lb
hy = total enthalpy of feed, Btu/mol or Btu/Ib

Example 8-30: Tray-By-Tray Multicomponent Mixture
Using Digital Computer

This example summarizes a typical short multicompo-
nent distillation using the techniques previously cited (see
Computer Printout).

The problem was to separate component 4 from com-
ponent 5 while keeping component 5 losses into the over-
head at less than 5 weight % of the total overhead or to
recover in the bottoms better than 90% (weight) of the
component 5 entering in the feed.

The feed composition is:

Component Mols Poun Boil Point, °F
1 0.623 53.68 155.7
2 7.234 130.36 313.0
3 80.223 7423.03 244.2
4 1.717 127.20 332.6
) 9.678 1395.28 380.3
6 0.525 85.37 476.6
100.000 9214.91

Enthalpy, Btu/unit flow 2,901.076; 1b = 31.48

Feed temperature: 90°F, liquid at stage 5 from top,

Equimolal overflow not assumed

Column Pressure: 0.39 (top) to 0.86 (bottom) psia, dis-
tributed uniformly to each tray

Reflux Ratio: 0.50 (assumed)

Assumed No. Theoretical Stages: 8 including condenser
and reboiler

Summary of input data to computer:

1. Molecular weights

2. Boiling points

3. “K” value equations for each component as a function
of pressure

4. Equations for calculating enthalpy of liquid of each
component as a function of temperature

5. Equations for calculating enthalpy of vapor of each
component as a function of temperature

6. Initial values for stages to start calculations
a. linear temperature gradient
b. linear pressure gradient

The results of the computer calculation are as summa-
rized by copies of the printouts. Note that Stage oneis the
product from an overhead condenser and is liquid, as is
the bottoms or reboiler outlet product. The results show
that the initial criteria have been met for recovery of com-
ponent 5; however, this does not reflect any optimization
of reflux or final number of stages (theoretical trays) that
might be required to accomplish the separation in a final
design.

As an example, if this were the final column selection,
then the column trays = 8condenser-reboiler = 6 theoret-

(text continued on page 99)

Computer Printout for Multicomponent Distillation

NOMBER OF STAGES = L]
NUNBER OF COMPONEBHIS = 6
COMPOYNENTS MOLECULAR WEIGHT
1 96. 170
2 18.029
3 92.539
[ 74,080
5 44,170
6 162. 610
COLUMN PRESSURE = 0.39 T0 0.86

REPLUX RATIO = 0.5200

EQUIMOLAL OVEERPLOW NOT ASSUMED

FEED STREANS

STAGE 5 (LLQUZD FEED STREAY), TEMP. =
COMPONENT

CVNEWN 2

AL

—n
130

T
ENTHEALPY, B%U/ UNLIT FLOW z9

L I = WIS N T VRO

(INCLUDING CONDENSEm AND REBOILLEK)

NORMAL S0QILING P20INT, D2G.P.

.
MR NICO
CoOLOO

20.0) DZIG.F.
MOLS

LBS.

L6243 53.66
J234 133736
1223 7523233
717 127220
673 1335228
525 85037
339 2213291
976 31,43
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4

STAGE NO.
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(text continued from page 95)

ical. Actual trays at an estimated 65% tray efficiency =
6/0.65 = 9.23 or use 10 actual trays in the column itself.

Example 8-31: Multicomponent Examination of Reflux
Ratio and Distillate to Feed Ratio

The detailed calculations of Figure 8-54 present an
example of the excellent performance analysis informa-
tion that can be developed by an orderly or systematic
study of the variables in a multicomponent system. There
are other variables to be studied as well.

This design is targeted to produce 99.5 weight % propy-
lene overhead while not allowing more than 1 weight % in
the bottors.

Note that in a high purity condition as is represented in
this example, the system is quite sensitive to the overhead
withdrawal rate (product from the system). This system is
for the purification of propylene from a feed high in propy-
lene, with lessor amounts of propane, butane, and ethane.

Without a digital computer the detail of Figure 8-54
would be practically impossible and cost prohibitive in
terms of time involved.

Stripping Volatile Organic Chemicals (VOC) from Water
with Air

Li and Hsiao [143] provide a useful approach to the
environmental problem of removing (by stripping)
volatile organics from solution in a contaminated water
stream by using fresh air as the stripping medium. It
should be noted that a number of industrial firms per-
form this stripping with steam. The mass balance on the
VOC component around the column (trayed or packed)
as shown in Figure 8-55 uses the symbols of Reference 143.

L_YizYon (slope of operating line) (8-189)
\' Xo — XN
where x, = VOC mol fraction (ratio of number of mols of a

specific VOC component in water solution to the
total mols of all contaminants contained in the
water)
XN = mol fraction of VOC component in the stripped

water

N = number of trays (theoretical) or transfer units for
a packed tower

i = mol fraction VOC component in exiting VOC
contaminated air

I3 1

100.0

R

99.8

99.6

99.5

99.4

Wt. % Purity of Propylene Product

99.2

7 8 910

Wt. % Propylene in Bottoms

Figure 8-54. Effect of reflux ratio and distillate feed ratios on propylene content of product and bottoms for Example 8-29.



100 Applied Process Design for Chemical and Petrochemical Plants

yN + 1 = mol fraction VOC component in the incoming
fresh air, equals zero for fresh air
L = volumetric flow rate for incoming contaminated
water
V = volumetric flow rate for incoming fresh air
Vmin = minimum fresh air flow required based on slope
of operating line L/V on x-y diagram
xn = mol fraction VOC contaminant in exiting water
stream, usually aimed at meeting the environmen-
tal regulations
Smin = Mminimum stripping factor at minimum flow rate
for air
Sopt = optimum stripping factor, where treatment costs
are a minimum, referenced to costs of utilities,
maintenance, depreciation, labor. As economic
conditions change one may need to adjust Sopt,
see Reference 143.

The concentrations of most of the VOC compounds in
the contaminated water are usually expressed in ppm as
are the remainder residue compounds in the water exiting
the tower. These are usually small values. As an approxi-
mation:

(L/ Vinin) = K

where K = equilibrium constant (varies for each component)
K = y*/x*
y* = equilibrium molar fraction of VOC components in
air
x* = equilibrium molar fractions of VOC components in
water

Minimum stripping factor at corresponding minimum
air flowrate:

Smin = K/ (L/Vpgin) = 1.0 (8-190)

Vmin = L/K

The component with the lowest equilibrium constant is
called the key component in the stripping process,
because it yields the largest value of Vpn. This largest
value is the “true” minimum air flowrate, whereas the actu-
al air flowrate should be selected at 1.20 to 2.0 times the
minimum. This becomes a balance between fewer theo-
retical stages at actual air flowrate, yet requires a larger
diameter column to carry out the operation.

It can be important to examine the problem and evalu-
ate the optimum stripping factor based on related costs,
thus:

Sopt =K (L/Vopr) (8-191)

Vopt = Sopt (Vmin) (8-192)

The Henry’s Law constant, H, can be substituted for the
equilibrium constant, K, when the system operates at or
very close to atmospheric pressure:
H = p*/x* (8-198)

where p* = the partial pressure, atm, of the contaminant in
equilibrium with x*

Tables 8-8 and 89 provide values for selected Henry’s
Law Constants respectively [143].

The optimum stripping factor, Sopt, is expressed as a
percent of residue, (100) (xx/x,), for water rates of 30
gpm, 300 gpm, and 3,000 gpm.

Sopt = 1 +aH®

Constants a and b were determined from a linear
regression for xN/x, = 4.75% and xy and x, = 0.05% for
the packed and tray towers. The optimum stripping factor
decreases as the Henry’s Law constant decreases. Due to
the complex relationship between cost and performance,
the authors [143] recommend caution in attempting to
extrapolate from the water flowrate ranges shown.

Example 8-32: Stripping Dissolved Organics from Water
in a Packed Tower Using Method of Li and Hsiao [143]

Using a packed tower, remove hexachloroethane
(HCE) concentration of 110 ppm in water to 0.05 ppm
using fresh air operating at essentially atmospheric pres-
sure using a fan/blower putting up 1-4 in. water pressure.
The concentration of propylene dichloride (PDC) in the
contaminated water is 90 ppm, and is to be reduced to
0.05 ppm in the exiting water. The water flowrate = 300
gpm. The required packing (or trays) must be determined
by using a vapor-liquid equilibrium plot, setting slope L/V
and stepping off the number of stages or transfer units.
See Figure 8-55.

From Table 89 (Packed Tower):

= 547.7 atm
Propylene dichloride: Henry’s Law constant = 156.8 atm

Hexachloroethane: Henry’s Law constant

1. For hexachloroethane: xn/X, = 0.05 ppm/100 ppm
= 0.05%
For propylene dichloride: xn/X, = 0.05 ppm/100
ppm = 0.05%

2. Sopt = 6.0 for HCE, and 3.9 for PDC.

3. For HCE:

Viin = L/K = (300) (8.33) (359 scf/mol)/ (18 1b/mol)
(547.7) = 91.1 scf/minute
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Table 8-8
Henry’s Law Constants and Optimum Stripping Factors for Selected Organic Compounds for Use With Tray Towers
@ 25°C (77°F)
Henry’s Law L=30 L =300 L = 3,000
Chemicals constant XN/Xo T gpm gpm gpm
1,1,2,2-tetrachloroethane 24.02 4.75 1.7 1.65 1.35
0.05 2.3 2.1 1.6
1,1,2-trichloroethane 47.0 4.75 1.98 1.98 1.56
0.05 3.10 3.00 2.18
1,2-dichloroethane 61.2 4.75 2.09 2.14 1.67
0.05 3.34 3.31 2.40
propylene dichloride 156.8 4.75 3.1 3.3 2.5
0.05 5.1 5.5 4.0
methylene chloride 177.4 4.75 2.96 3.38 2.57
0.05 5.38 5.84 4.1
chloroform 188.5 4.75 3.15 3.6 2.72
0.05 5.8 6.3 4.37
1,1,1-trichloroethane 273.56 4.75 41 4.6 3.2
0.05 7.1 7.2 5.5
1,2-dichloroethene 295.8 4.75 3.7 4.7 3.4
0.05 7.59 8.6 5.84
1,1-dichloroethane 303.0 4.75 3.81 4.84 3.5
0.05 7.8 8.9 6.0
hexachloroethane 547.7 4.7 6.3 7.5 5.1
0.05 10.5 14.5 8.4
hexachlorobutadiene 572.7 4.75 6.5 7.8 5.3
0.05 11.0 15.2 9.1
trichloroethvlene 651.0 4.75 6.6 8.3 5.8
0.05 13.9 16.9 10.9
1,1-dichloroethene 834.03 4.75 7.2 10.5 6.9
0.05 12.0 19.2 12.0
perchloroethane 1,5696.0 475 9.8 13.3 11.8
0.05 16.1 36.1 22.4
carbon tetrachloride 1,679.17 4.75 9.2 11.7 12.1
0.05 15.4 33.0 21.0

Used by permission, Chem. Eng. Li, K. Y. and Hsiao, K. J., V. 98, No. 7 (1991), p. 114; all rights reserved.

For PDC:

Vhin = L/K = (300 gpm) (8.33) (359)/(18) (156.8)
= 317.8 scf/min

4, Use the larger air rate as control required, which is
the 317.8 scf/minute required for PDC, to calculate
the optimum flowrate.

5. Vopt = (3.9) (317.8) = 1,239.4 scf/min

Sopt = K/(L/Vopt)
Vopt = Sopt (Vmin)
6. Therefore, the operating conditions would be:

L =300 gpm

V =1,239 scf/min (minimum, may want to consider actu-
ally using 10~15% more for some assurance that the
required conditions will be met.

7. Determine the tower diameter based on the flows of
(6) above. See Chapter 9, this volume for packed
tower design.

Troubleshooting, Predictive Maintenance and Controls
for Distillation Columns

Troubleshooting currently is much more sophisticated
due to the technical tools available for investigating and
analyzing performance than several years ago. The
gamma radiation scanning technique of several distilla-
tion specialist companies [158, 182] provides one type of
data gathering that can significantly aid in determining
whether a column is having liquid/vapor flow and or dis-
tribution problems. Figure 8-56 is one case study of a prob-
lem column. This system provides an accurate density pro-
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Contaminated air out,
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Contaminated
Liquid (water) in, ﬁ‘{
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Figure 8-55. Schematic stripping tower using air to strip organics
from water solution. Adapted and used by permission, Li, K. Y. and
Hsiao, K. J., Chem. Eng., V. 98, No. 7 (1991) p. 114.

file of the operating fluids on each tray or through the
packing of a packed column.

Other troubleshooting techniques can include comput-
er modeling, checking the reliability of instrumentation,
measuring quality of product streams with varying reflux
rates, measuring column tray temperatures at close inter-
vals, stabilizing the feed rate, bottoms withdrawal and
overhead condensing rates. Surprising results can be
obtained, including:

1. Trays may have damage to caps, valves, distributors,
sieve holes, or packing for packed towers.

2. The contacting devices of (1) above may actually be
missing, i.e., blown off one or more trays, so all that is
existing is a “rain-deck” tray with no liquid-vapor con-
tacting.

3. Crud, polymer, gunk and other processing residues,
plus maintenance tools, rags, or overalls may be plug-
ging or corroding the liquid flow paths.

. Entrainment.

. Weeping of trays, or flooding of packing or trays.

. Foaming limitations.

. Unusual feed conditions, unexpected or uncon-
trolled.

8. Many other situations, almost too odd to imagine.

References on this topic include 159-166, 182, 238.

O Ot h

The topic of control of distillation columns has been
discussed by many authorities with a wide variety of expe-
rience [117-120, 237], and is too specialized to be covered
in this text.

Nomenclature for Part 1: Distillation Process
Performance

A, B thru K = Constants developed in original article
a, b, ¢ = Correlation constants (distillation recoveries
[1411)
a = Activity of component
a; = Activity of component, i
av or avg = Average
B, C, D = Virial coefficients, Equation 8-11
B = Bottoms product or waste, Ib mols/hr, also =W
By, = Mols of component, b, used as reference for
volatility, after a given time of distillation
By, = Mols of component, b, used as reference for
volatility, at start of distillation
B; = Mols of component, i, after a given time of
distillation
B;, = Mols of component, i, at start of distillation
Br; = Total mols of liquid in bottoms of still at time, Ty
By, = Total mols liquid (not including any steam) in
bottom of still at start time T, (batch charge)
b =y intercept of operating line; or constant at fixed
pressure for Winn'’s relative volatility
b; = Mols of component, i, in bottoms
C = No. components present, phase rule; or no. com-
ponents, or constant
Cpj = Factor in Colburn Minimum Reflux method,
pinch conditions, stripping
Cp;j = Factor in Colburn Minimum Reflux method,
pinch conditions, rectifying
= Specific heat, Btu/1b (°F)
= Mols of distillate or overhead product, Ib
mols/hr; or batch distillation, mols
d; = Mols component, i, in distillate
E = Vaporization efficiency of steam distillation
Eg = Overall column efficiency
E, = Overall tray efficiency
Emy* = Eog = Murphree point efficiency, fraction
Epmv©® = Murphree plate/tray efficiency, = Ey
F = Degrees of Freedom, phase rule; or, charge to
batch still, mols
F = Feed rate to tower, Ib mols/hr; or, mols of feed,
(batch distillation) entering flash zone/time all
components except non-condensable gases
Frr = Factor for contribution of other feed flow to min-
imum reflux
F1, = Mols of liquid feed
Fy = Mols of vapor feed
F, = F + V5 = mols feed plus mols of non-condensable
gases
FR = Fsgr x = Factor for contribution of sidestream, k,
flow to minimum reflux
Fsr = Factor for contribution of sidestream flow to min-
imum reflux
FFRJ = Factor for contribution of feed, j, flow to mini-
mum reflux
f = Fugacity at a specific condition
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Table 8-9
Henry’s Law Constant and Optimum Stripping Factors for Selected Organic Compounds for Use With Packed Towers
@ 25°C (77°F)

Henry’s Law L=30 L=300 L = 3,000
Chemicals constant xN/%xq % gpm gpm gpm
1,1,2,2-tetrachloroethane 24.02 4.75 1.39 1.66 1.84
0.05 1.88 2.30 2.59
1,1,2-trichloroethane 47.0 4.75 1.45 1.89 2.32
0.05 2.00 2.79 3.37
1,2-dichloroethane 61.2 4.7 1.46 1.97 2.54
0.05 2.03 2.95 3.73
propylene dichloride 156.8 4.75 1.6 2.43 3.9
0.05 2.3 3.9 6.13
methylene chloride 177.4 4.75 1.57 2.37 3.90
0.05 2.23 3.87 6.20
chloroform 188.5 4.75 1.59 2.46 4.10
0.05 2.28 4.05 6.61
1,1,1-trichleroethane 273.56 4.75 1.67 2.7 5.08
0.05 2.43 4.62 8.37
i,2-dichloroethene 295.8 4.75 1.65 2.68 5.08
0.05 2.40 4.50 8.40
1,1-dichloroethane 303.0 4.75 1.67 2.72 5.20
0.05 2.40 4.63 8.66
hexachloroethane 547.7 4.75 1.85 3.27 7.74
0.05 2.7 6.0 13.6
hexachlorobutadiene 572.7 4.75 1.88 3.48 8.1
0.05 2.78 6.20 14.27
trichloroethylene 651.0 4.75 1.82 3.27 7.78
0.05 2.68 5.87 14.0
1,1-dichlorcethene 834.03 4.75 1.84 3.837 8.50
0.05 2.70 6.10 15.9
perchloroethane 1,596.0 4,75 2.10 4.20 18.2
0.05 3.10 7.90 26.1
carbon tetrzchloride 1,679.17 4.75 2.06 4.2 13.2
0.05 3.1 7.9 26.45

Used b\ permission, Chem. Eng. Li, K. Y. and Hsiao, K. J., V. 98, No. 7 (1991), p. 114; all rights reserved.

f° = Fugacity at reference standard condition hp = Molal enthalpy of product or total liquid enthalpy

f; = Feed composition, i,; or, = total mols of compo- above reference datum for sum of all contributing
nent, i, in distillate and bottoms percentages of individual components

G = Boilup rate, mols/hr h;, ; 1 = Molal enthalpy of liquid leaving plate n + 1

H = Total enthalpy, above reference datum, of vapor h, = Total molal enthalpy of liquid at conditions of
mixture at tray or specified conditions, Btu/Ib tray, n; by, = Thy;(x5)
mol, or Btu/lb K = Equilibrium constant for a particular system

H = Hjj = Henry’s Law constant, 1b mols/ (cu ft) (=y/x)
(atm) K’ = Equilibrium constant for least volatile compo-

H,, = Total molal enthalpy of vapor at conditions of
tray, n, entering tray; Hy, = 2 Hp; (yni)
H, = Total enthalpy of steam, Btu/Ib mol, or Btu/Ib
HK = Heavy key component in volatile mixture
h = Enthalpy of liquid mixture or pure compound at
tray conditions of temperature and pressure, or

nent, K' =y/x

K; = Equilibrium distribution coefficient for compo-
nent, i, in system

k = Experimentally determined Henry’s Law con-
stant, also can be K

specified point or condition, Btu/1b mol, or k =Value of x at intersection of operating line and
Btu/lb equilibrium curve on x-y diagram (batch opera-
h,, = Total molal enthalpy of liquid at conditions of tion)

tray, n; h'y, = hp; (Xp;) kpa = Metric pressure
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Figure 8-56. Examples of gamma ray scanning “diagnostic diagnosis” of depropanizer column to evaluate performance. Used by permission,
Tru-Tec Division, Koch Engineering Co., Inc.
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L = Liquid flowrate return to tower as reflux, lb
mols/hr, mols component in liquid phase; or, Ly,
Ly = Latent heat of vaporization; or, volumetric
flowrate for incoming contaminated water (strip-
ping VOC with air); or mols liquid produced
from F per unit time, leaving flash zone
L, = Liquid flowrate down rectifying section of distilla-
tion tower, 1b mols/hr
L; = Liquid flowrate down stripping section of distilla-
tion tower, Ib mols/hr
LK = Light key component in volatile mixture
L/V = Internal reflux ratio
L/D = Actual external reflux ratio
(L/D) min = Minimum external reflux ratio
M = Molecular weight of compound
M; = Total mols steam required
m = Number of sidestreams above feed, n
N = Number of theoretical trays in distillation tower
(not including reboiler) at operating finite
reflux. For partial condenser system N includes
condenser; or number theoretical trays or trans-
fer units for a packed tower (VOC calculations)
Ng = Number of trays from tray, m, to bottom tray, but
not including still or reboiler
Nnin = Minimum number of theoretical trays in distilla-
tion tower (not including reboiler) at total or
infinite reflux. For partial condenser system,
Nmin includes condenser; also, minimum value of

Np = Number of theoretical trays above feed, or refer-
ence plate, n, but not including n
N = Number of theoretical trays before feed tray
Nim = Mols of immiscible liquid
N, = Mols of non-volatile material present; or, number
of theoretical trays/stages in column only, not
reboiler or condenser
N; = Mols of steam
n = Number of theoretical trays in rectifying section
or number of components, or minimum number
of equilibrium trays
n¢ = Number of feeds
ns = Number of sidestreams
P = Pressure, atmospheres; or, vapor pressure of com-
ponent, atm.; or, P = number of phases; or, P =
for batch operations, percentage draw-off
P; = Vapor pressure of each component
P, = Vapor pressure of steam, absolute
Py, = Vapor pressure of reference more volatile compo-
nent, b
p = pi = Partial pressure of one compound in liquid,
absolute units, or, rato rps/ I'py; also, p; = partial
pressure of solute (Henry’s Law)
p = Total pressure of system =t
p’ = Number of trays below feed where introduction
of light components should begin, Akers-Wade
calculation method
pi* = Vapor pressure component, i, in pure state at
temperature
pii* = Similar to above by analogy
p" = Number of trays above feed where introduction
of heavy components should begin. Akers-Wade
calculation
Pim = Pure component vapor pressure of immiscible
liquid, mm Hg
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ps = Partial pressure of steam, mm Hg
Qg = Net heat in through reboiler, reboiler duty,
Btu/hr; or heat added in still or bottoms
Q. = Net heat out of overhead condenser, Btu/hr, =
wCp (& — to)

q = qr = Thermal condition of feed, approximately
amount of heat to vaporize one mol of feed at
feed tray conditions divided by latent heat of
vaporization of feed

qs = Thermal condition of sidestream (s)

R = Reflux ratio = External reflux ratio for a given
separation, = L/D, L = liquid rectifying column

R = Actual reflux ratio, O/D

R, = Minimum reflux rato, O/D

R’ = Pseudo minimum reflux ratio
Rpin = Minimum external reflux ratio for a given

separation

Ry = Feed component of minimum reflux
Rg ,, = Feed component of minimum reflux for feed, n
Ror = Other feed components of minimum reflux

Rg = Sidestream component of minimum reflux

Tps = Ratl:o of light to heavy keys, strippi.ng pi_nch

rpr = Ratio of light to heavy keys, rectifying pinch

r¢ = Ratio mol fraction light key to heavy key in feed

S = Steam flowrate, Ib/hr or Ib mols/hr; or theoreti-
cal stages at actual reflux (Figure 8-24) including
reboiler and partial condenser, if any; or batch,
mols in mixture in still kettle at time 6

S, = Theoretical stages at minimum reflux
Sym = Minimum theoretical stages at total reflux from
bottoms composition through overhead product
composition, including reboiler and any partial
condenser (if used); or minimum stripping fac-
tor at minimum flowrate of air
Sk = Flowrate of sidestream, k, mols/hr
S, = Theoretical stages at a finite operating reflux; or
batch, mols originally charged to kettle
Sy = Theoretical stages in total rectifying section,
including partial condenser, if used
S; = Theoretical stages in total stripping section,
including reboiler

S; = Theoretical trays/stages at actual reflux, L/D,
including reboiler and total condenser

Sopt = Optimum stripping factor
(SRgi = Separation factor

s = Pounds (or mols) steam per pound (or mol) of
bottoms; or flowrate of sidestream, mols/hr

T = Temperature, Abs R

tg = Bottoms temperature, °F
t; = Temperature in, °F
t, = Temperature out, °F; or overhead temperature,

V =V, = Total vapor leaving flash zone/unit time at
specific temperature and pressure; or total over-
head vapor from tower, mols/hr; or mols of com-
ponent in vapor phase; or volumetric flowrate for

__incoming fresh air

V = Quantity of vapor, mols

V; = Vapor flowrate up rectifying section of tower, Ib
mols/hr

V; = Vapor flowrate up stripping section of tower, lb
mols/hr; or mols non-condensable gases entering
with feed, F, and leaving with vapor, V/time
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Vinin = Minimum fresh air flow based on slope of operat-
ing line, L/V, on x-y diagram
v = Vapor flowrate, mols/hr; or molar volume

W = Bottoms product, or still bottoms, or kettle bot-
toms, mols; also see B; or mols/hr bottoms prod-
uct; or mols of residue or bottoms/unit time
(Ponchon heat balance)

W = Weight of material in vapor (steam distillation)

W = Mols final content in still
Wi1 = Contents of still pot or kettle at any point, 1, after
start for components, i, mols
W, = Initial contents of kettle or still pot, mols, for
component, i
W, = Mols liquid mixture originally charged to still pot
w = Pounds coolant per hour

x; = X = Mol fraction of component in liquid phase;
or mol fraction solute in solution (Henry’s Law)

Xf = X1F = Mol fraction of any component in feed,
vapor + liquid, Fy; x¢ = Fxe/Fy

x' = Mol fraction of least volatile component

X'l =Xj— k

Xp=xp-k

X = Nfol fraction more volatile component in liquid

X1 = Mol fraction of component, i, in liquid mixtures
as may be feed distillate or bottoms, B, at any
time, T;; or mol fraction more volatile in vapor
entering column at any time (or in distillate)

Xt = Mol fraction liquid at intersection of operating
lines at minimum reflux, Scheibel-Montross
equation

Xp¢ = Mol fraction heavy key in feed

Xp = Pinch composition any light component mol
fraction

XN = Mol fraction VOC component in the stripped
water exiting, usually targeted at meeting envi-
ronmental regulations

xip = Mol fraction light key component in overhead
product; or, any light component (Colburn)

x;g = Mol fraction light key component in keys in origi-
nal charge

Xjo = Mol fraction light key in overhead expressed as
fraction of total keys in overhead

x1p = Mol fraction most volatile component in bottoms

xpp = Overhead composition of heavy key component,
mol fraction

Xpp = Pinch composition of heavy key component, mol
fraction

X1 = Mol fraction of component in liquid phase; or
mol fraction more volatile component in vapor
entering column at any time

xs = Mol fraction of a more volatile in kettle at time 0

X, = Value of x; when distillate receiver is first filled

Xg0 = Mol fraction more volatile in kettle at time 0

Xy = Mol fraction more volatile component in bottoms
residue (final); or, composition of liquid in still,
mol fraction

Xywo = Initial mol fraction of more volatile component
in liquid mixture

Xr = Mol fraction more volatile component in feed

xp = Mol fraction more volatile component in final
distillate = mol fraction in distillate leaving con-
denser at time 6

Xp = Mol fraction of more volatile component in lig-
uid leaving column at any time

x|, = Mol fraction of feed as liquid, Scheibel-Montross
X10 = Mol fraction light key in overhead expressed as
fraction of total keys in overhead, Scheibel-Mon-
tross equation
Xm = Tray liquid mol fraction for start of calculations
(most volatile component)
Xo = Mol fraction of component, i, in bottoms B, at
start time, T,; or VOC mol fraction
xy = Mol fraction of feed as vapor, Scheibel-Montross
equation
y =¥; = Mol fraction of component in vapor phase, as
may be feed, distillate, or bottoms; or Henry’s
Law, y; = mol fraction solute in vapor
¥i = Mol fraction VOC component in the exiting
VOC contaminated air
y = Mol fraction of least volatile component
y* = Equilibrium value corresponding to x;
¥n = Average light key mol fraction vapor leaving
plate, n
Yn +1 = Average light key mol fraction vapor entering
plate, n + 1
YN + 1 = Mol fraction VOC component in the incoming
fresh air (equals zero for fresh air)
¥; = Mol fraction solvent component in vapor
ys = Mol fraction steam in vapor
Yip = Percent recovery of, i, in the bottoms
Yip = Percent recovery of, i, in the distillate
Z = Compressibility factor
zi r = Mol fraction component, i, in feed
Zf = Mol fraction component, i, in feed, j
z;s = Mol fraction component, i, in sidestream
z; sk = Mol fraction component, i, in sidestream, k

Greek Symbols

o, a; = Relative volatility of light key to heavy key compo-
nent, or any component related to the heavy key
component, except Equation 865, o is based on
heavy key

Oayg = Average relative volatility between top and bot-
tom sections of distillation tower/column
a; = Relative volatility of more volatle to each of
other components (steam distillation)
a; = Relative volatility of component, i
ay = Relative volatility of components heavier than
heavy key, at feed tray temperature
a; = Relative volatility of more volatile to each of
other components
oy, = Relative volatility of components lighter than
light key at feed tray temperature
B = Constant of fixed pressure in Winn'’s relative
volatility, Equation 843
0 = Time from start of distillation to fill receiver, or
value of relative volatility (Underwood Parame-
ter) to satisfy Underwood Algebraic Method
0y = Time for filling distillate receiver, hrs
B9 = Time for refluxed distillation (batch), hrs
u = Viscosity, centipoise
v = Activity, coefficient
® = total system pressure, absolute; atm, mm Hg, psia
@ = 3.14159
X = Sum
¢ = First derivative function
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1y’ = Second derivative function

wj = Function in Underwood’s Algebraic method for

minimum reflux ratio
Q = Fugacity coefficient
¢ = No. phases from phase rule

Subscripts

a, b, ¢, etc. = Specific components in a system or mixture
Avg, Av = Average
B = Any consistent component in bottoms product
B =b = Bottoms
b = Exponent in Winn'’s relative volatility equation
D = Any consistent component in condensed over-
head product or distillate
eff = Effective
F =Feed
F; =Feed,
F;. = Intermediate feed, Scheibel-Montross method
FL = FH = All mol fractions lighter than light key in
feed, Scheibel-Montross method
FHK = Heavy key in feed
FLK = Light key in feed
HK = h = hk = Heavy key component
H = Components heavier than heavy key
h = Heavy, or heavy or high boiling component in
mixture; also heavy key component
i = Any component identified by subscripts 1, 2, 3,
etc, or by a, b, ¢, etc.; or initial condition, i
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im = Immiscible liquid
J = Specific components in a system or mixture
1 =1k = Light key component; or light or low boiling
component in mixture
lIh = Refers to light component referenced to heavy
component
LK = Light key component
L = Liquid, Scheibel-Montross method only; or com-
ponents lighter than light key
M = min = Minimum
m = No. trays in stripping section; or tray number
n = No. trays in rectifying section; or tray number
o = Initial conditions; or i; or operating condition
pr = Pinch condition in rectifying section
Ps = Pinch condition in stripping section
P = For packed towers
w = Relates to bottoms or pot liquor, or kettle
bottoms
r = Rectifying section; or component to which all the
relative volatilities are referred
s = Steam, or stripping section of column

t = Top, or total
T = For tray towers
v = Vapor

1 = Initial, steam distillation
2 = Remaining, steam distillation

1, 2, 3, etc. = Tray numbers; or specific components in a sys-

tem or mixture
(") = Superscript, heavy key component or least
volatile



Part 2: Hydrocarbon Absorption and Stripping

(With Contributions by Dr. P. A. Bryant)

Many operations in petrochemical plants require the
absorption of components from gas streams into “lean”
oils or solvents. The resultant “rich” oil is then stripped or
denuded of the absorbed materials. The greatest use of
this operation utilizes hydrocarbon materials, but the
basic principles are applicable to other systems provided
adequate equilibrium data are available.

Several methods [17, 18, 29, 40, 62, 67, 223] for han-
dling this design have been offered and each has intro-
duced a concept to improve some feature. An approxima-
tion method combination of Kremser-Brown [40, 67] and
a more complete method of Edmister [18] will be sum-
marized. Figure 8-57 summarizes the system and termi-
nology. The accepted nomenclature for absorption and
stripping is located on page 121.

Kremser-Brown-Sherwood Method—
No Heat of Absorption [18]

This method gives reasonably good results for systems
involving relatively lean gas and small quantities being
absorbed. For rich gases the error can be considerable
(more than 50% for some components). It has given gen-
erally good results on natural gas and related systems.

Absorption—Determine Component Absorption in Fixed
Tray Tower (Adapted in part from Ref. 18).

1. Calculate the total mols of gas inlet to the absorber
identifying the quantities of individual components.

2. Assuming the tower pressure as set and an average of
top and bottom temperatures can be selected (these
may become variables for study), read equilibrium K;
values from charts for each component in gas.

3. Assume or fix a lean oil rate.

4. Calculate

L, _ Mols/hrlean oilin
VN4+1 Mols/hrrich gasin

(8-194)

Assume this value constant for tower design.
5. Calculate absorption factor, A; = L,/(VN + 1) (KD,
using values of (2) and (4) above for each component.
6. Calculate fraction absorbed for each component,
assuming a fixed overall tray efficiency for an
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10.

11.

12.

13.

14.

L
A= 5o (42 XiR)

assumed number of actual trays (or an existing col-

umn with trays).

(a) Theoretical trays, N = (tray efficiency, E,) (no.
actual trays)

(b) Fraction absorbed

N+1
_ YWY AT oA
YN+l _Yo * Ai1\+1 -1

(8-193)

al

where Y,* is often considered zero or very small.
Solve using A; values.

. Mols each component absorbed/hr.

= (VoY (n+1)1) (Ea)

. Mols each component absorbed/ (mol inlet lean oil)

(br) = X;r

. Mols of each component in gas out top of absorber:

= (mols component in inlet gas)—(mols component
absorbed)

Mols of component in gas out top of absorber/mol
of inlet rich gas:

INa1—Y
YN+ - Yo *

Solve for Y

Correct values from first calculation, Steps 1
through 10, using the ZX;p values of Step 8, as fol-
lows.

Calculate A;:

(8-196)
~+1 K

Calculate absorption cfficiency, Ey, using new A
value

CN+1 _A.
A—‘—i, read Figure 8 - 58

Eyi =
al AiN"'l—l

Calculate mols absorbed/hr:

= (E) (mols component in inlet rich gas)

.Mols of each component in gas out top of

absorber/hr = (mols component in)—(mols com-
ponent absorbed)
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16. Mols of component in outlet gas/mol inlet rich gas
Solve for Yi;

YNy - Yy
Ey =l i
YNi Yo
If the X; in equilibrium with Y7 is desired:

g = L0 2 Xer)

(8-197)
K2Y,

17. Improved values can be obtained by recalculation
from Step 11 if there is too great a difference between
the “X mols absorbed” from trial no. 1 and trial no. 2.

First Trial
Inlet Mols/Hr A= L
Component YN+ i In K; T VE;
[ ] [ ] ® [ ] [ ]
[ [} L e [ ]
[ ] [ ] ® [ ] [ ]
1.00 DI
Fraction

Absorbed, Mols Mol/Hr

Component Ea Absorbed Xjg Off Gas Yiyj(ou)
e o L L L] e
L [ [ ] L] L]
L] L] L] ° [

For second trial, see Step 11.

18. A graphical stepwise procedure offered by Sherwood
[62] also summarized by Reference 18. Y and X are
plotted and handled stepwise as in distillation. The
equilibrium line equation is for any single component:

2l
X 1+ X

For a complete denuded inlet solvent at the top ZX
= 0, using K at top column conditions. The slope of
the operating line = L,/Vy ; 1 = mols lean oil enter-
ing/mols wet gas entering.

(8-198)

Absorption—Determine Number Trays For Specified
Product Absorption

1. For fixed tower temperature, pressure, gas feed rate,
specified or assumed operating (L,/Vw41) times
minimum value, specified component recovery out
of inlet gas.

2. Calculate:

(a) Mols component in inlet gas/hr
(b) Mols in outlet gas

100 — (% recovery) (total molsin)
B 100

(c) Mols component absorbed = inlet — outlet

3. Calculate: E for specified component (specified in
L)

mols component in — mols component out

Ey; ;
mols component in

= specified fraction recovery
4. Minimum (L/V) for specified component:

(Lo /VisDimin = KEq [ Y ]

1+32X

Assuming equilibrium at bottom, Y = 1. Ignoring
2X gives slightly conservative value,

( Lo ) =K;E,
VN+1/ i

5. Operating (Lo/VN +1)o

= (specified unit) (Lo/VN +1)min

6. Operating

i
Vn+1/,\ K4

7. Theoretical plates at operating (L,/Vy 4 1): solve for
N.

(8-199)

AN+L_ A,
Eai = 10N+1 io (8-200)
Ajg -1
(Ao — Eai)
N +1)log (Aj, ) = log | —i—2°
(N +1)log (Ajo) og[ 0o Ey)

8. Actual trays at operating (L,/Vn +1):
N, = N/E,

E, values may be calculated from Figure 829 or
assumed at 20 to 50% as an estimating value for
hydrocarbon oil and vapors, pressures atmospheric
to 800 psig, and temperatures of 40°F to 130°F (see
Table 8-11).

9. Lean oil rate:
Lo = (&) (K) (VN4 1)o, mols/hr (8-201)

10. For other components: E,; is estimated by
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By = (Em)(—llz—;)mth (8-202)

a limiting value of unity.

Stripping—Determine Theoretical Trays and Stripping
Steam or Gas Rate For a Component Recovery [18]

The rich gas from the absorption operation is usually
stripped of the desirable components and recycled back to
the absorber (Figure 8-57). The stripping medium may be
steam or a dry or inert gas (methane, nitrogen, carbon
oxides—hydrogen, etc.). This depends upon the process
application of the various components.

1. The rich oil flow rate and absorbed component
compositions (this is the only composition of con-
cern, not the oil composition, unless reaction or
change takes place under the system conditions) are
known. From the temperature levels of the available
condensing fluids (water, refrigerant, etc.), deter-
mine a column operating pressure which will allow
proper condensation of the desirable components
at the selected temperature, allowing for proper At
for efficient heat transfer. The condensing pressure
(and column operating pressure) may be dictated
by the available steam pressure used in stripping or
the pressure on the inert stripping gas.

2. From K charts, determine K; values for each compo-
nent at the column temperature and pressure.

VoYm
Off Gas
Vast Yi LoXo Lmtt X1 Condenser
2] XN
L. Preheater -2 Row
?fcwer :?) == C Gasoline
T Ti
EE?- Lean Oil 3. Q Finishing
Wet Gas | --- l---1 Stripping Steam
Va1 Ya+1 Vo Yo
Lmst X
Lox m4l X
22— Rich 0il
Exchanger
Absorber Stripper

Figure 8-57. Flow diagram of absorption-stripping for hydrocarbon
recovery from gaseous mixture. Used by permission, Edmister, W. C.,
Petroleum Engr., Sept. (1947) to January (1948).

3. From a fixed percentage of recovery for key compo-
nent (= Eg for key component), mols component
stripped/hr = G = (lm + 1) (Xm +1) (Esi)

4. Estimate stripping efficiency for components other

than the key by:
(Kkey\
Ep=E — 8-203
2 = Lgkey L Ky ) ( )

Assume Known ZX; =
Vo Lo Vo/Lo (IXj)m+1/Lo 1+32X; Eg gey (1+IX))
— Same
—  for
— all
—_ trials

2Y; = Es, key (a+
2X;) -
SGymi (Step 3)/V, Kiey (1+3¥)  Tigy (1 +2Y)

1+2Y;

Note that no recovery can be greater than 1.00, so
any value so calculated is recorded as 1.00, indicat-
ing that the component is completely stripped from
the rich oil. Calculate mols stripped per hour for
each component as in Step 2.

5. The minimum stripping medium (steam or gas)

lean oil ratio is estimated by a trial and error proce-
dure based on key component:
By assuming several values of V,, plot V,/L,, versus
EsKey (1 + 2X;) /Kgey (1 + ZYj). The point where they
are equal gives the minimum value for V,/L,. This
calculation can be thought of as assuming equilibri-
um at the gas outlet end and being slightly conserv-
ative by including the (1 + ZX;) term. Operation at
this point requires infinite plates; therefore, values
larger than the minimum should be used. For eco-
nomical as well as reasonable operation several val-
ues of (Vo/Lo)oper should be tried and correspond-
ing plates evaluated.

V, (operating) = (assumed (Vo/Lo)oper) (L, inlet),
mols/hr

6. Calculate §; for the key component, using the value
of (1 + ZX;) calculated in Step 5. Calculate

Y (Step 3)

1+ZY)=1+2
V, (oper)

v, 1+3Y

then, S;, = K; (—) (——) (8-204)
Lo oper 1+2%



Distillation 111

Sometimes the last term on right can be neglected. At lean end, Y; = 0 (or nearly so in most cases); if
7. Calculate number of theoretical trays, M. not, plot accordingly.
sl - L . - . .
e V% S (8-205)  Stripping—Determine Stripping-Medium Rate For Fixed
S -1 Recovery [18]
(M,, +1)log Sy, = log Sio —Esi] (8- 206) 1. The composition and quantity of rich oil, and per-
1-Eg cent recovery of a specified key component are
known, also column pressure and temperature.
8. Actual trays at operating reflux: 2. Using Figure 858, assume a value for theoretical
M plates, read S, corresponding to specified value of
Myt = AE S (8-207) recovery Eg; for key component, since:

0

— (M +1 _ M+ 1 _
9. Calculate for each component corrected amount Es= (S $)/(5 D

stripped: Note that with this procedure, the effect of the num-
For each component: ber of theoretical plates available can be determined.
In an existing column where the number of trays are

(8-208) fixed, the theoretical trays can be obtained by evalu-

S; =K;
b ating an efficiency for the system.

(22, (755
L, oper L 1+2 X

(Vo/Lo)oper = fixed in Step 5.
(1 + 2Y;) and (1 + 2Xj;) come from Step 6.

3. The value of S, = §; for key component obtained in
Step 2 is equal to

v, 1+2Y: \
10. From Figure 858, read (SM*1-8)/SM+1_1) = Eg Si=KiT%>= (TT)EZI ]
for each component at the fixed theoretical required °
trays and at individual S; values.

. . Using key component:
11. For final detail, recalculate mols stripped per hour

from new Eg values and the total quantities of each V, (1+42Y\( 8

component in the incoming rich oil. If values do not L (“_E)Z) (K_)' known

check exactly, adjustments can be made in steam ° '

rate and ZY; to give exact values. In many cases this Set up table: use K; for each component to calcu-
accuracy is not justified since the method is subject late Column 4.

to some deviation from theoretically correct values.
12. A graphical solution is presented by Edmister [18]

i ! . X Com- Mols/hr K; at Col. Vo (1 +XYp) Mols/hr
and handled like step-wise distillation. poment inRichOil Cond. XK |Lo(1+3X)] Eq Stripped
Equilibrium line: starts at origin of X-Y plot. - :
For assumed X values, calculate Y corresponding - - T - -
for key component from _ _ _ _ —
X 1 (1+zxi) . 2
Y, K \1+IY;

e A From values of S; calculated (=S.), read Eg values
At lean oil end of tower: 2Z; = 0 and ZY; = 0. from Figure 8-58 at the number of theoretical trays
Slope of equilibrium line is Y/X = K; assumed in Step 2. Note that the S, corresponds to
At rich oil end of tower: the number of trays selected, hence will give a value

for performance of the system under these particular
[1+32Y;) conditions.

- =K. X, | ——L -9209 .

% i % Ll +2X; J R (8-209) 4. Calculate the mols of each component stripped/hr
Where Xj, X and ZY; are known. R = rich end. =(LMm+1 XM+ 1)R (Es)

Operating line: 5. Calculate, V,, mols/hr. of stripping medium required
: . : (steam or gas)

Slope =L /V, = Molls l(?a.n oil leaving stripper '
Mols stripping steam (or gas) entering
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Figure 8-58. Absorption and stripping factors, E; or Eg vs. effective values Ag or S, (efficiency functions). Used by permission, Edmister,

W. C., Petroleum Engr., Sept. (1947) to Jan. (1948).

Vo (1+2ZY),
From Step 3,L—° (m) is known (equals S; /K;)

‘0
for key component.

Multiply by L.

(1+ 2 meols/hrinrich oil/L,)
(1+ Z mols/hrstripped (Step 3)/V,)

Then, multipy result by

This is equal to V,,. Note that V,, also is in the right
hand side of the denominator, so fractions must be
cleared.

Absorption—Edmister Method

This method [18] is well suited to handling the details
of a complicated problem, yet utilizing the concept of
average absorption and stripping factors. It also allows for
the presence of solute components in the solvent and the
loss of lean oil into the off gas. Reference 18 presents
more details than are included here. Reference 18 is
Edmister’s original publication of the basic method for
absorbers and strippers. Reference 18 also generates the

treatment to include distillation towers and presents the
same graphical relationships in a slightly modified form.

Absorption: Lean Oil Requirement for Fixed Component
Recovery in Fixed Tower [18]

1. The rich gas is known, the theoretical trays are fixed
(or assumed and corresponding result obtained), the
operating pressure and temperature can be fixed.

2. For key component and its fixed recovery, E,, read
Ae from Figure 8-58 at the fixed theoretical trays, N.

_ Ae.\l+1 ‘Ae

E
a AeN+1 -1

3. Assume: (a) Total mols absorbed

(b) Temperature rise of lean oil (Normally
20-40°F)
(c) Lean oil rate, mols/hr, L,
4. Using Horton and Franklin’s [29] distribution rela-

tion for amount absorbed (or vapor shrinkage), per
tray:
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(%)
Va1
/N

( Vi ) \/
or. ; =
VN4l Vil

Mols off gas leaving top tray

(8-210)

=V] = Vx +1 — Mols absorbed (assumed)
Mols gas leaving bottom tray No. N
=VN=Vxs1 (Vi/Vn )R

Vi
5
VN+1

Liquid leaving top tray No. 1 =L =L, + Vo - V)

Mols gas leaving Tray No. 2 (from top) =Vy = S

where Vg = vapor leaving tray No. 2 from top, mols/hr
L, = lean oil entering (assumed completely free
of rich gas components), mols/hr
Ly = liquid leaving bottom tray, mols/hr
Vn = vapor leaving bottom tray, mols/hr

Liquid leaving bottom tray
= L4 = Ly + Mols absorbed (assumed)

. Calculate: At top, L1/V;
At bottom, Ly/Vyn
. Use Horton-Franklin method to estimate tempera-
tures at tower trays:

Tn-Ti _ Vg1 = Vied
Tn-To  VNna1—W1

(8-211)

where T, = lean oil temperature, °F
Ty = bottom tray temperature, °F
T; = tray, i, temperature, °F
Tw +1 = inlet rich gas temperature, °F

These relations assume constant percent absorp-
tion per tray, and temperature change propor-
tioned to the vapor contraction per tray. For esti-
mating use only.

Temperature bottom tray = Ty = Ty + 1 +
(assumed rise)

Temperature top tray

BNAND VTray?\
=Ty — (assumerise) | —————
L VN1 - V1

. Read K values from equilibrium charts for compo-
nents in feed at temperatures of (a) top tray and (b)
bottom tray.

8. Calculate Ay and Ag; for each component.

Ar; (for top conditions) = L/ (K;V7)
Ag; (for bottom conditions) = L/ (K;Vy)

whereArt; = absorption factor for each component at
conditions of top tray
Ap; = absorption factor for each component at
conditions of bottom tray.

9. Read A¢ values corresponding to At; and Ag; values
from Figure 8-59.

10. Read E; values for fraction absorbed from Figure
8-58 using the A, values of Step 9 and the fixed or
assumed theoretical trays.

11. Calculate the mols of each component absorbed by:
(Mol component in inlet rich gas) (Ej;)

Suggested tabulation:

Absorption
Com- Mols Rich K Factors Egj, Frac. Mols
GasIn Top Bottom At Ag A, Absorbed Absorbed

ponent

12. If the result does not yield the desired amount of the
key component absorbed, then reassume the lean oil
quantity, L,, and recalculate. Adjustments may have
to be made separately or simultaneously in the
assumed absorption quantity until an acceptable
result is obtained. After two or three trials a plot of
the key variables will assist in the proper assumptions.

Absorption: Number of Trays for Fixed Recovery of Key
Component

Here we also consider the more general case when the
lean oil contains some of the components to be absorbed
from the entering gas. The relationships are most conve-
niently written as follows [18], for a given component:

vi=fdo+ (1 -f)Vvn+1 (8-212)
n+l
“Se =S (8-213)
Sen+1 1
n+1
£, = E_;A_C (8-214)
Aen+1 -1
Rearranging 8-213 yields
Ao -1
1-f, =—2e 0 (8-215)
Aen+1 -1

Combining Equations 8-211, 8-212 and 8-214 results in

/S n+1_se\

1
P SR P 1_{Ln+l‘;“‘e\ Vil (8-216)
ksem '1J LAeM _1J
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Figure 8-59. Effective absorption and stripping factors used in absorption, stripping and fractionation as functions of effective factors. Used
by permission, Edmister, W. C., Petroleum Engr. Sept. (1947) to Jan. (1948).

which can be written as fsi = the fraction of Vj, 4 j; that is absorbed by the
liquid phase
(s.-11) [ Ae-1) fai = the fraction of Vy, , 1 that is absorbed by the
vi=|1-| 5 o+ T 7| Vas1 (8-217) " liquid "
S -1 Ao

n = absorber theoretical trays, also = N

where  vj; = molar gas flow rate of component “i” leaving m = stripper theoretical trays, also = M

plate 1 in absorber
Ioi = molar flow of component “i” in entering liquid

to absorber A material balance on the key component fixes vy, 1,
Vn+l; = molar gas flow rate of component “i” in enter- and Vn+1 for the key Ae is estimated after AT and Ap are
ing gas to absorber calculated using approximate conditions at the top and

bottom, with a multiple of the minimum solvent rate,
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which is estimated by assuming equilibrium at the bottom
of the tower. S is estimated from St and Sg. Note that St
= 1/At and Sg = 1/Apg. A trial and error solution for the
number of theoretical stages is effected by using Equation
8-217 (or 8-216 and Figure 8-58). Values of v; for the non-
keys can be calculated by using these relationships direct-
ly with the calculated value of n. If necessary, the entire
procedure can be repeated, using the better estimates of
the component flowrates in the leaving streams that were
estimated in the first iteration.

Example 8-33: Absorption of Hydrocarbons with Lean Oil

The gas stream shown in Table 8-10 is fed to an isother-
mal absorber operating at 90°F and 75 psia. 90% of the n-
butane is to be removed by contact with a lean oil stream
consisting of 98.7 mol% non-volatile oil and the light com-
ponents shown in Column 2 of Table 810. Estimate the
composition of the product streams and the required
number of theoretical stages if an inlet rate of 1.8 times
the minimum is used.

Solution:

1. Initial estimates of extent of absorption of non-keys.
As a rough approximation, assume the fraction
absorbed of a given component is inversely propor-

tional to its K value (Equation 8-202). For example:

n-Cy, in off gas = 33.6 — (0.9) (33.6) = 3.36

C), in off gas = 1,639 - (0.9) (%?—) (1,639.2) = 1,616.6
D

Co, in off gas = 165.8 - (0.9) (%5-) 165.8=152.5

The other estimates in column 5 of Table 810 are
calculated in a similar manner. Note that the Css are
assumed to be completely absorbed for this first iter-
ation.

2. Inlet rate of rich oil.

The maximum mol fraction n-Cy in the leaving lig-
uid is taken as that in equilibrium with the incoming
gases. Thus, for n-Cy,

_h = 0.017 =0.02617
(Ln)min  0.65

A material balance of n-Cy4 yields
I, = 0.002 Ly, + (0.9) 33.6

With the absorption efficiencies assumed above,
L, =L, + 126.34

Combining the above equations yields the estimate

of the minimum lean oil rate:

0.002 (Ly in + (0.9) 33.6
(Lo )min +126.38

or (L) min = 1,114.3 mols/hr

=0.02617

Thus, L, = 1.8 (1,114.3) = 2,005.7 mols/hr

3. Effective Absorption Factor for n-Cy.
The total rich oil out is estimated as

L, =1,975 + 2,005.7 - 1,848.66 = 2,132.04
The absorption factors are calculated by
At =2,005.7/(.65) (1,848.66) = 1.669

Ag = 2,182.04/(.65) (1,973) = 1.661

Table 8-10

Calculation Summaries for Example 8-33

Initial
Estimate Off-Gas
Lean Oil Of Net
90°F Feed in Amount Initial After First  After Second  After Third Lean Oil Rich Qil
K Gas In (Mol. Absorbed Estimate Iteration Iteration Iteration In Out
Component 75 psia  (mols/hr) Fraction) (mols/hr) (mols/hr) (mols/hr) (mols/hr) (mols/hr) (mols/hr) (mols/hr)
Methane 42.5 1,639.2 — 22.6 1,616.6 1,597.5 1,598.4 1,598.4 — 40.8
Ethane 7.3 165.8 — 13.3 152.5 141.2 141.8 141.8 —_ 24.0
Propane 2.25 94.9 — 24.67 70.23 49.84 50.76 50.76 — 44.14
i-Butane 0.88 17.8 0.001 11.83 5.97 3.10 3.13 3.13 1.91 16.58
n-Butane 0.65 33.6 0.002 30.24 3.36 3.36 3.36 3.36 3.83 34.07
i-Pentane 0.28 7.9 0.004 7.9 0 2.08 2.03 2.03 7.66 13.33
n-Pentane 0.225 15.8 0.006 15.8 0 2.51 2.44 2.44 11.49 24.85
Heavy Oil 0 — 0.987 0 0 0 0. 0. 1,889.83 1,889.83
1,975.0 1.000 126.34 1,848.66 1,799.57 1,801.92 1,801.92 1,914.72 2,087.78
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A, =4/1.661(2.669) +.25 - 0.5 =1.664

The stripping factor, S, is taken as 1/A. = 0.6010

. Calculation of required number of theoretical stages.

Using Equation 8-216 for n-butane,

{ 0.601°*1 - 0.601) [ (1.664°*! - 1.664)
3.3610601 0601} , | (16647 1664} | o

0.6017+1 _1 1.664°*1 _1

which is equivalent to

1.664-1 \
1.6647+1 _ 1J

{ 0.601-1
0.601°*1 _1

3.36= [1 - ] 4.0+ ] 33.6

Solving for n by trial and error yields, n = 5.12

. Calculation of absorption of non-keys.

Equation 8-217 is used with n = 5.12 to calculate vy,
as for example, for i-butane,

Ar=1233
Ap = 1.227

A = J1.227 (2.333) + 0.25 - 0.5=1.229

S, = —— = 0.8187
1.229

v, =178
1, = (0.001) (2,005.7) = 2.01
[ 08187-1 ) { 1.229-1 )

S 12,014 —————|17.8=8.10
(0.81375-12 -1 J L1.229“‘-12 -1 J

V1=

1, =178 +2.01 - 3.10 = 16.71

The remaining non-keys in the off-gas are calculated
in a similar manner and are tabulated in Column 6 of
Table 8-10. Note that the calculated values are some-
what different from the assurmned values in Column 5.

. Second Iteration.

Using the previous calculated values, the net amount
absorbed is 1,975 — 1,799.59 = 175.41 mols/hr. The
minimum rate of lean oil is calculated from

(0.002) (L )i + 0.9 (33.6)
(Lo )pnin + 17541

=0.02617

from which (Lg)min = 1,061.2 mols/hr and
L, =1.8 (1,061.2) = 1,910.2 mols/hr
An overall material balance gives Ly, = 2,085.6. The

effective absorption factor for n-Cy4 is A = 1.627, and
Se = 0.6145, n is calculated from

3.36=[1-/M\]3.82 [ 1.627-1 )

LO.6145“+1 - 1) * LW J 83.6

from which n = 5.20 theoretical stages.

The non-key components are computed and tabu-
lated in Column 7 of Table 8-10.
7. Third Iteration.

A third iteradon gave (Lo)min = 1,068.73, L, =
1,914.72, L, = 2,087.8, and V; = 1,801.92, with no
change in the calculated off gas component flows.

The stripping calculations are handled in a man-
ner similar to the steps above, and using the figures
indicated.

Intercooling for Absorbers

Most absorbers require some intercooling between
some stages or trays to remove heat of absorption and to
provide internal conditions compatible with proper or
required absorption. Some temperature rise (10-30°F) is
usually designed into the initial conditions. The rise above
this must be handled with intercoolers.

The total intercooler duty is the difference between the
total heat in of the rich gas and lean oil and the total heat
out of the off gas and rich oil all at the terminal calculat-
ed or design conditions. The total duty is often divided
between several coolers placed to re-cool the oil as it pass-
es down the column. If intercoolers are not used, then the
absorption cannot meet the design terminal outlet condi-
tions and the quantity of material absorbed will be
reduced. If the intercooling is too great so as to sub-cool,
then greater absorption may be achieved, but this can be
controlled by the intercooler operation.

A second approach to the same result involves the same
requirements as for a balanced “heat” design; the heat of
absorption of the actual components absorbed must equal
the sum of the heat added to the lean oil and to the lean

180
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Figure 8-60. Component heats of absorption. Used by permission,

Hall, R. J., and Raymond, K., Oil and Gas Jour., Nov. 9 (1953) thru
Mar, 15 (1954).
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gas. For hydrocarbon materials these factors can be devel-
oped by using total heats.

The relation of Hull and Raymond [32] considers heat
loss through the column wall, and indicates that either the

20

7
w 15 7
o
S0 /
N /
] /
3 -900 PSIG
!:? 5 V4 40-9 —
1] 2 4 € 8 10
Top Section AH, BTU/Ib.
Lean Oil

Figure 8-61. Hydrocarbon systems; overhead gas minus lean oil
temperature for components absorbed in top “theoretical” tray (or
top actual three trays). Used by permission, Hull, R. J., and Ray-
mond, K., Oif and Gas Jour., Nov. 9 (1953) thru Mar. 15 (1954).
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total heat of absorption or the rich oil outlet temperature
for system balance can be calculated. Thus, if a reasonable
temperature balance is not obtained, the heat load for the
intercoolers can be set.

WLo CpLo (TRo = TLo) + Wpe Cppe (Tng — Tig) + WsCps
(Tgo - Tig = AHj - 0.024 U A” (Tay — Aamp) (8-218)

Figure 8-60 presents actual total heats of absorption
based on experimental studies [32]. As long as the hydro-
carbon absorption is in the range of 80-120°F, the values
read from the graph should apply.

Estimation of discharge gas temperature may be made
from Figure 8-61 based on test data.

The design of absorbers has not received the empirical
design guidelines study so prevalent in distillation prob-
lems. The graph of Hutchinson [34], Figure 862, is con-
venient to examine a problem to determine preliminarily
the effects of design. This curve is compatible with the
conventional absorption factor graphs. The percent
extraction gives a quick evaluation of the possibilities of
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Figure 8-62. Absorption equilibrium curve. Used by permission, Hutchison, A. J. L., Petroleum Refiner, V. 29 (1950), p. 100, Gulf Pub. Co., all

rights reserved.
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accomplishing the desired absorption. As the number of
trays in the absorber is increased, the amount of heavier
material (larger A values) absorbed increases greater than
the lighter components (lower A values). More heavier
materials are also absorbed as the temperature of absorp-
tion is lowered. Thus, a cold lean oil has more capacity per
gallon than a warm oil. This requires a study of the entire
process and not just the one unit. Heat economy, oil flows,
and tower costs all enter into a full evaluation of the
absorber as it fits into the plant system.

Many designs are set up by assuming the number of the-
oretical trays, using best available information for tray effi-
ciencies and then calculating the expected performance.
A series of such studies might be made.

Absorption and Stripping Efficiency

Unfortunately, the efficiencies for tray and overall col-
umn operation are incomplete and nullify to a certain
extent some very high quality theoretical performance
design. Tray efficiencies may be estimated by Figure 8-29
or Table 8-11.

Table 8-11
Absorption-Stripping Approximate Tray Efficiencies™*
Pressure Range
Type Range, psig Temp., °F  Efficiency %
Absorption
Hydrocarbon Oils &

Vapors 0-800 30-130 35-50
Propane-key 100-2,100 — 30-37%-38
Butane-key 100-2,100 — 28-33*-36
Stripping
Hydrocarbon Oils

with Steam 0-130 300550 50-80
Unsaturates in Oil

with closed reboiler 0-50 — 25-35

*Average value
**Hull, R J. and K. Raymond, Oil and Gas Journal, Nov. 9, 1953-March
15, 1954 [32], used by permission,

Example 8-34: Determine Number of Trays for Specified
Product Absorption

A gas stream is to have the ethylene removed by absorp-
tion in a lean oil of molecular weight 160, sp. gr. 0.825.
The inlet gas is at 70 psig and 100°F and the oil is at 80°F.
The gas rate is 16,000,000 scf/day (60°F). Examine the
tower performance for 98% ethylene recovery at 1.25
times the minimum Ly/VN.

Feed Gas

Co ent Mol or Volume %
Hy 18.5
CHy 22.3
CoHy 20.5
CoHg 0.5
CsHg 22.0
CsHg 0.7
n, 04}110 2.5
n, 05H12 13.0
100.0

Determine the oil rate and the number of theoretical and
actual trays required. (Note: this example illustrates that
unreasonable results must be examined, not just accepted.)

16,000,000

359 (ﬁ) 460+ 60) (94
14.7)\ 460+ 82

1.Inlet rich gas rate =

= 1,756 mols/hr
Mols ethylene in = (20.5/100) (1,756) = 360 mols/hr
Mols ethylene in outlet gas = (100 — 98/100) (360)

= 7.20 mols/hr
Mols ethylene absorbed in oil = 360 — 7.2 = 352.8 mols/hr
2. Specified ethylene separation = 0.98 = Ey;

_ Mols in — Mols out
Mols in

3. Minimum L/V for ethylene:

( Lo ) =K Ey
VN+1/ min

Average tower conditions for K:

Temperature = (100 + 80) /2 = 90°F

Pressure: allow 20 psi pressure drop, then top pressure
would be 70 - 20 = 50 psig

Average: (50 + 70)/2 = 60 psig
K (ethylene) at 60 psig and 90°F = 11.5 (from equilibrium
charts).

( Lo ) = (11.5) (0.98) = 11.28
VNt min

4. Operating (Lo/Vy 1 1)o = (1.25) (11.28) = 14.1

5. Operating Ajq = (VI;,O 1) (KL) - % ~1.227
+1/¢ i .

6. Theoretical trays at operating (Lo/VN +1):
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AN e o1a997

E =0.98

ETTANHI ] T (1997)VH g
1.227-0.98
N+ 1) log 1.227 = log | 2=/ =998
(N+1)log1.22 Og[ 1-098 ]
N-11.92

. Actual plates at operating (Lo/VN +1):
Efficiency of oil at 90°F, and sp. gr. of 0.825 corre-
sponding to API of 40.

Viscosity = 0.81 centipoises
For O'Connell’s efficiency correlation, Figure 8-29.

0.825 (62.31b/ft®)
(11.5) (160) (0.81)

0.0345

Reading curve (3), Eff. = 14%

This value is low, but agrees generally with the spe-
cific data in O’Connell’s [49] report.

Although Drickamer’s data are not so specific for
absorption, the graph of this correlation gives Eff. =
20% for the 0.81 cp. Because no better information is
available, use Eff. = 15%.

Actual trays, N, = N/E, = 11.22/0.15 = 74.8
Use N, = 75 trays

.Leanoilrate = L, =A; () (Vx + 1)o = (1.227) (11.25)
(1,756)
L, = 24,200 mols/hr

24,200 (160)

GPM oil = —————
(8.33) (0.825) (60)

= 9,400

This is unreasonable, and is due to the effect of
a. Operating pressure being too low, thus giving a
high K value
b. Ethvlene being light component and difficult to
absorb
c. Temperature too high.
. Recalculation of Steps 3 thru 8.

Assume operating pressure is 700 psig, K = 1.35.
Note that this same K value could have been achieved
by lowering the operating temperature to —90°F. This
is also not practical from the oil standpoint or even
from the economics of operating the entire system and
refrigeration system at this Jevel, unless (1) the refrig-
eration is available and (2) a suitable oil is available.

Min (L/V) = (1.35) (0.98) = 1.32

Operating (L/Vx ; 1)o = (1.25) (1.32) = 1.65

Operation Ay, = 1.65/1.35 = 1.222

Theoretical trays at operating (Lo,/Vy 4 1):

1.222-0.98
N+ 1) log 1.999 = Jog | =225~ 20
( )log og[ o9 ]
N=11.2 trays
Efficiency : (0.825) (62.3) 204

Y (1.85) (160) (0.81)

Reading curve 3, Eff. =29%
Actual trays = 11.1/0.29 = 38.6. Say 40 trays.
Lean oil rate = (1.222) (1.35) (1,756) = 2,900 mols/hr

Py - (2900) (160)

= 1122
(8.33) (0.825) (60)

This is still a large quantity of oil to absorb the ethylene.
Under some circumstances it might be less expensive to
separate the ethylene by low-temperature fractionation.

Example 8-35: Determine Component Absorption in
Fixed-Tray Tower

An existing 40-tray tower is to be examined to deter-
mine the absorption of a rich gas of the following analysis:

104°
Component Mols/hr Mol wt K; 176 psia
Hy 500.0 2 59.0
CH,4 20.9 16 56.0
CoHy 131.5 26 8.1
Co 230.0 28 12.3
CsHy 3.5 40 0.07
CqHy 4.1 50 0.009

890.0

1. The key component is methyl acetylene, CsHy.
Recovery will be based on 96.5% of this material.

The tower average temperature will be assumed =
104°F.

The operating average pressure will be = 161 psig.

2. The K, values are tabulated for the conditions of (1),
and were determined from laboratory test data for
the special solvent oil being considered.

K; = 14.7 (H;)/176, where H; is Henry’s constant
expressed as atm/mol fraction for each component.
Note that conventional K charts are only applicable to
hydrocarbon oil systems, and do not apply for any
special solvents.
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3. Calculate tray efficiency for CgHy.
Using O’Connell’s correlation:

(solvent) at 104°F = 2.3 cp
Sp. gr. = 1.0

Mol. wt. solvent = 180
K=0.07

Sp. Gr. solvent _ (1.0y(62.3)

HP

Efficiency = 46.5% (From Figure 8-29)
Use: 45%
Actual number trays in column = 40

- (K, n,) (M. W. solvent) T 0.07)(180)

Applied Process Design for Chemical and Petrochemical Plants

From Figure 8-58 at n = 18 trays theoretical, and A; =
0.001235 read E,;, except that in this low region some
values cannot be read accurately. When A; is consider-
ably less than 1.0, use Ey = A; (very little light material
recovered), and when A,; is quite a bit larger than 1.0,
use Eyj = 1.0 (heavy material mostly recovered).

Mols component absorbed/hr = (VN 4 1) (YN + 1)i) Eai
= (890) (0.562) (0.001235)
=0.617

Mols component absorbed/mol lean oil = X;g = 0.0617/64.8
= 0.00953

Mols of component in off gas out top of absorber:
= 500.0 - 0.617 = 499.383 mols/hr

Mols component in, out top of absorber/mol inlet
rich gas

Theoretical trays based on 45% efficiency = (40) (.45)

Y; -Y
=18 Eai =M 1etY° *=0
YNy - Yo *
4. Using E,; = 96.5% for CgHy, read A; from Figure 8-58. 0.569_ Y
Atn=18 0.001235 = > 1
Ae = A= 1.04 0.562
A;j=Lo/KVN .1
VN + 1 =890 mols/hr Yy =0.5614

Lo = (1.04) (0.07) (890) = 64.8 mols/hr
Lo/Vx + 1 = 64.8/890.0 = 0.0728

6. Correcting values and recalculating

B. A=
T Tal L Inlet Lo (1 + 2 XRp)
et .= Component Y, :  Mols/Hr Vi . Ey
Component Y(N +1)i Mols/Hr A Vn+1 K Ey P (N + i N1 K ?
) Ho 0.562 500.0 0.00144  0.00144
Hp 0.562 500.0 0.001235  0.001235 CH,4 0.0285 20.9 0.001513  0.001513
CoHp 0.1478 1315 0.009 0.009 co 0.258 230.0 0.00689  0.00689
co 0.258  230.0 0.00592  0.00592 CsH, 000393 35 191 0.98
C4Ho 0.00462 4.1 8.1 1.000
0.99985  890.0
Mols/Hr Off Gas
: Component Absorbed i Mols/Hr Yi;
Mols/Hr Mols/Hr P ¥ S
Component Absorbed Xir Off Gas Yj; (out) Hy 0.72 0.0111 499.28 0.561
CH4 0.0317  0.000488 20.869  0.0232
CH, 0.0272  0.00042 20.8728  0.02348 co 1585 00244 998 415 0.957
CoHs 1.185 0.0183 130.315 0.14647 CsH, 3.43 0.0599 0.07 0.00008
co 1.36 0.021 9298.64 0.2565 CoH, 41 0.0638 0 0
CsHy 3.87 0.052 0.13 0.00014 11.246  0.1734 878.754  0.9775
C4Ho 4.1 0.0633 0 0
10.659 0.1645

*These are subtraction differences and do not infer that the results are

this accurate.

Typical calculations: for hydrogen
A; =0.0728/59.0 = 0.001235

Typical calculations, using hydrogen:

0.0728
59.0

Ai _L0—(1+2XiR)=

= (1+ 0.1645) = 0.00144
Vi1 K)

Mols component absorbed/hr = (0.00144) (500) = 0.72
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Mols component absorbed/mol lean oil = 0.72/64.8 = 0.0111
Mols of component in off gas out top of absorber:

=500.0 - 0.72 = 499.28

These results do not justify recalculation for greater
accuracy. Note that 98% of the CgHy is absorbed
instead of 96.5% as initially specified. This could be
revised by reassuming a lower (slightly) oil rate, but
this is not considered necessary.

The off gas analysis Y; represents mols gas out per
mol entering rich gas.

For a new design a study should be made of num-
ber of trays against required lean oil for a given
absorption.

Nomenclature For Part 2, Absorption and Stripping

(Special notations, all others same as for Distillation
Performance Nomenclature, Part 1)

A’ = Edmister’s effective absorption factor
A" = Outside surface area of absorber, ft®
A = Absorption factor, average
A, = Effective absorptive factor
Ag; = Absorption factor for each component at conditions
of bottom tray
Ari = Absorption factor for each component at conditions
of top tray
Cp =cp= Specific heat, Btu/1b (°F)
E, = Absorption Efficiency, or fraction absorbed
E, = Overall tray efficiency, fraction
E, = Stripping efficiency, or fraction stripped
f,; = Fraction of vy, ; 1 absorbed by the liquid
f5i = Fraction of l,; stripped out of the liquid
Gni = Mols individual components stripped per hour
AH = Total heat of absorption of absorbed components,
thousand Btu/day
K = Equilibrium constant, equals y/X, at average tower
conditions
Lys 4+ 1 = Mols/hour rich oil entering stripper
Ly = Liquid leaving bottom absorber tray, mols/hr
L, = Mols/hr lean oil entering absorber, or leaving
stripper
lp; = Molar flow of component
absorber
M = Number theoretical stages in stripper
m = M (see above)
N = Number theoretical stages in absorber
n = N (see above)
S, S, = Stripping factor, average and effective, respectively
S' = Edmister’s effective stripping factor
T; = Tray i, temperature, °F
Tn = Bottom tray temperature, °F
Ty + 1 = Inlet rich gas temperature, °F

uin

in entering liquid to

T, = Lean oil temperature, °F
U = Overall heat transfer coefficient between absorber
outside surface and atmosphere, Btu/ (fi2) (°F) (hr);
usual value = 3.0
V} = Mols/hr lean gas leaving absorber
Vj = Gas leaving tray i, mols/hr
Vi 4+ 1 = Gas leaving tray, i + 1, mols/hr
VN = Vapor leaving bottom absorber tray, mols/hr
VN + 1 = Mols/hr rich gas entering absorber
V, = Mols/hr stripping medium (steam or gas) entering
stripper
v1; = Molar gas flowrate of component
absorber
Vn + 1i = Molar gas flowrate of component “i” in entering gas
to absorber
W = Rate of flow, thousand 1b/day
X = Number mols absorbed component or stripped per
mol lean oil entering column
X; = Number mols liquid phase component in equilibrium
with Y
Xir = Mols of a component in liquid absorbed per mol of
lean oil entering column
2X; = Total mols of all liquid phase components absorbed
per mol of lean oil (omitting lean oil present in
liquid phase, considered = 1.0)
XM + 1 = Number liquid phase mols of component entering
stripper per mol of lean oil
Xoi = Number liquid phase mols of component entering
absorber with iean oil per mol of lean oil
Y; = Number vapor phase mols of component leaving top
plate of absorber per mol rich gas entering absorber
Y; = Mols component in vapor phase from tray “i”/mol
rich gas entering absorber
2Y; = Total mols of all vapor phase components stripped
per mol) of stripping medium
Yy + 1 = Number vapor phase mols of component entering
absorber per mol rich gas entering
Y,* = Number vapor phase mols of component in
equilibrium with lean oil per mol of rich gas entering

nin

leaving plate 1 in

Subscripts

1, 2, etc. = Components in a system
Amb = Ambient
Avg, Ay = Arithmetic average
DG = Discharge gas

e = Effective
i = Individual components in mixture
IG = Intake gas

Key = Key component

L = Lean concentration end of column
LO = Lean oil
Min = Minimum condition

o = Operating condition

R = Rich concentration end of column
RO = Rich ail

S = Absorbed components



Part 3: Mechanical Designs for Tray Performance

Determining the number of theoretical and actual trays
in a distillation column is only part of the design necessary
to ensure system performance. The interpretation of dis-
tillation, absorption, or stripping requirements into a
mechanical vessel with internal components (trays or
packing, see Chapter 9) to carry out the function requires
use of theoretical and empirical data. The costs of this
equipment are markedly influenced by the column diam-
eter and the intricacies of the trays, such as caps, risers,
weirs, downcomers, perforations, etc. Calculated tray effi-
ciencies for determination of actual trays can be lost by
any unbalanced and improperly designed tray.

Contacting Trays

The particular tray selection and its design can materi-
ally affect the performance of a given distillation, absorp-
tion, or stripping system. Each tray should be designed so
as to give as efficient a contact between the vapor and lig-
uid as possible, within reasonable economic limits. It is not
practical in most cases to change the design of each tray to
fit calculated conditions. Therefore, the same tray design
is usually used throughout the column, or the top section
may be of one design (or type) while the lower section is
of another design. The more individual tray designs
included in a column, the greater the cost.

This concept has not gained commercial popularity due
to the proprietary nature of the Fractionation Research,
Inc. (FRI) data being limited to member organizations,
and the public literature does not contain much indepen-
dent research and application data. General industrial
and commercial proprietary designs available are listed in
Table 8-12, but may not be all-inclusive:

Tray Types and Distinguishing Application Features

Bubble Cap

Vapor rises up through “risers” or “up-takes” into bub-
ble cap, out through slots as bubbles into surrounding lig-
uid on tray. Bubbling action effects contact. Liquid flows
over caps, outlet weir and downcomer to tray below, Fig-
ures 8-63-67, 79, and 81.

Capacity: moderately high, maintains efficiency.
Efficiency: most data are for this type, as high as other
tray designs.

Entrainment: about three times that of perforated type
plate or sjeve tray. Jet-action accompanies bubbling.

Flexibility: most flexible of tray designs for high and low
vapor and liquid rates. Allows positive drain of liquid from
tray. Liquid heads maintained by weirs.

Application: all services except extremely coking, poly-
mer formation or other high fouling conditions. Use for
extremely low flow conditions where tray must remain wet
and maintain a vapor seal.

Tray Spacing: 18-in. average, 24- to 36-in. for vacuum
conditions.

Sieve Tray or Perforated Tray With Downcomers

Vapor rises through small holes (} to 1-in.) in tray floor,
bubbles through liquid in fairly uniform manner. Liquid
flows across tray floor over weir (if used), through down-
comer to tray below. Figures 8-67A~C, and 8-68B.

Capacity: As high or higher than bubble cap at design or
down to 60% of design rates with good efficiency. At lower
thruputs performance drops as efficiency falls off rapidly.

Efficiency: As high as bubble caps in region of design, but
falls to unacceptable values when capacity reduces below
60% (approximately)

Entrainment: Only about one-third that of bubble cap
trays.

Flexibility: Not generally suitable for columns operating
under variable load, falling below 60% of design. Tray
weeps liquid at low vapor rates.

Application: Systems where high capacity near-design
rates to be maintained in continuous service. Handles sus-
pended solid particles flushing them down from tray to
tray. Holes become plugged in salting-out systems where
trays run hot and dry (as underside of bottom tray).

Tray Spacing: Can be closer than bubble cap due to
improved entrainment. Fifteen inches is average, 9-in., 10-
in. and 12-in. are acceptable, with 20- to 30-in. for vacuum.

Perforated Plate Without Downcomers: (Dual-Flow, from FRI)

Vapor rises through holes (¥ to 1-in.) in tray floor and
bubbles through liquid. At the same time liquid head
forces liquid countercurrent through these holes and
onto tray below. Liquid flow forms random patterns in
draining and does not form continuous streamlets from
each hole. See Figures 8-67D and 8-68A.
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Table 8-12
General Listing and Comparison of the Major Contacting Trays*

Efficiency Pressure Operating
Type Tray Manufacturer Capacity Turn-down Drop Flexibility
Bubble Cap Several Med. to 60% Good low High “Good
Figures 8-63, 64, 66 flows, exceeds Valve Tray
Sieve Several High High/Limited Medium Medium
Figures 8-67A, 67C, 68B
Sieve Linde High High/Medium Low Good/Medium
Dual Flow* Shell Dev. High High/Medium Low Low
Figure 868A
Float Valve Nutter High High/High Medium Good
Figures 8-69A, 69B
Fixed V-Grid Nutter Out High/High Medium Good
Figure 8-70 performs

Sieve Tray
MVG Tray Nutter High High/4:1 Medium Good
Figures 8-71A, 71B > by 15-/ratio

30%

Flexitray Koch Higher Wide range Low Good
Type A Figure 8-72 than Sieve
valve lift Tray. Lower
w/srp edge entrain
orifice, round than Sjeve
Flexitray Koch Ditto above Ditto above Ditto above
Type Aw/
contoured hole
Figure 8-73B
Flexitray Koch Ditto above Ditto above Ditto above
Type T, rnd.
Figure 8-73A
retained by
fixed hold
down, srp
edge hole
Flexitray Koch Higher than Wide range Low Good
Type Ty Sieve, w/
lift, con- lower entr.
toured hole
Figure 8-72
Flexitray Koch Medium Good, fixed Medium Good to
Type §, fixed by design Medium
triangular
valve
Figure 8-72
Ballast, Glitsch Higher than High/High Medium Good
Valve Sieve Similar
V-Series to Sieve
V-1 thru
V-5 valves
Figure 8-74 and 8-77
Ballast Glitsch Higher than High/High Medium Good
Valve Bubble Cap to low
Figures 8-75 and 8-76 or Sieve

A-Series

lift, A-3

A-5 w/cages
Figure 8-75
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Table 8-12 (Cont’d)
General Listing and Comparison of the Major Contacting Trays

Efficiency Pressure Operating
Type Tray Manufacturer Capacity Turn-down Drop Flexibility
N_yc;,' Tray Glitsch Same or Similar to Low Good
Figure 8-78 better than Sieve or
FK Sieve/Valve Valve
Bubble Cap Norton Good High/High Medium Good
(FRI plain
3in. and 4 in.)
Figure 8-79
Valves, MR2L Norton Good Medium/Good Medium Good
Figure 880
Valve, L Norton Good Medium/Good Medium Good
Caged, MR2 Norton Good Medium/Good Medium Good
Valve, M Norton Good Medium/Good Medium Good
Caged, MR7 Norton Good Medium/Good Medium Good
Caged, G Norton Good Medium/Good Medium Good

*Not in wide usage.

**Nye Tray, 10-20% increased tray (over sieve or valve) capacity and good efficiency. More capacity from existing column. Improved inlet area for sieve

or valve tray with greater area for vapor-liquid disengagement.

*Not offered as all inclusive analysis, but as somewhat general guidelines based on the respective manufacturer’s literature description and best inter-
pretation by this author. This Table is not intended to be a decision-making guide, and the author recommends that the engineer discuss and pre-
sent separation requirements to the respective manufacturers. There is no intention to suggest a negative performance by any manufacturer’s

designs or fabricated equipment.

# This specialized Sieve Tray design is of high efficiency and operates with exceptional short tray spacings, sometimes as low as 6 in. between trays.
Compiled from recent manufacturer’s literature. Credit is acknowledged for the use of this material, which is not all-inclusive in this table.

Capacity: Quite similar to sieve tray, as high or higher
than bubble cap tray from 50% up to 100% design rate
(varies with system and design criteria). Performance at
specification quality falls off at lower rates.

Efficiency: Usually not quite as high as bubble caps in
region of design, but falls to unacceptable values below
60% design rate.

Entrainment: Only about one-third that of bubble cap tray.

Application: Systems where high capacity near-design
rates to be maintained in continuous service. Handles sus-
pended crystal and small solid materials, as well as polymer
forming materials. Holes become plugged in salting-out
systems where trays run hot and dry (as underside of bot-
tom tray). Good in vacuum or low-pressure-drop design.

Tray Spacing: Can be closer than bubble cap due to
improved entrainment. Twelve-inch is average; 9 to 18-in.
acceptable; 18 to 30 in. for vacuum.

Proprietary Trays

There are many special tray designs which solve special
problems and exceed the capabilities of the conventional
trays. The comments regarding performance are those
claimed by the manufacturer, see Table 8-12.

Not all tray designs solve special problems, even though
some may have unique performance features. Most of

these trays have the bubbling contact action from valves,
either moveable (liftable) or fixed (usually stamped or cut
from the tray floor itself). In addition to the valve trays
above, there are sieve trays (with multiple downcomers) of
Union Carbide Corp., Linde Div,, and the Turbogrid tray
of Shell Development Co., and Ripple Tray (sieve type) of
Stone and Webster Engineering Corp.

Bubble Cap Tray Design

The bubble cap has been studied extensively and sever-
al design recommendations have been presented over the
years. The most complete and generally applicable is that
of Bolles [5]. It should be stressed that proper mechanical
interpretation of process requirements is essential in
design for efficient and economic operation. There is not
just one result, but a multiplicity of results, each unique to
a particular set of conditions, and some more economical
than others. Yet at the same time, many of the mechanical
design and fabrication features can be identical for these
various designs.

The tray and caps operate as a unit or system; therefore
they must be so considered in design (Figures 863 and 8-66).

Due to the public nature of so many design techniques,
the individual engineer has sufficient information to pre-
pare a design that can be expected to perform satisfactorily.
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Figure 8-64. Bubble cap tray in large column. Used by permission,
Glitsch, Inc.

In addition nearly all of the major tray manufacturers can
and do design bubble cap trays as well as the other types on
request for comparison with competitive types of trays.

The Fractionation Research, Inc. design procedures are
proprietary for the financial participants in this extensive
test program,
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Figure 8-65. Slip-type cartridge
assembly for bubble cap trays in
small column, 1-ft-10'%s-in. 1.D.
Used by permission, Glitsch,
Inc.

Standardization

The custom design of the trays for each application is
usually unnecessary and uneconomical. Instead most
designers use a standard reference tray layout and cap size
to check each system. If the results of the tray hydraulics
study indicate operation unsatisfactory for the standard
tray, then alterations of those features controlling the out-
of-line performance is in order, using the same method as
will be outlined for the initial design of a custom tray. It is
understood that such a standard tray cannot be optimum
for every application but experience has demonstrated
that many applications fit. The economic advantages of
using a limited number of bubble cap sizes and designs
are reflected in warehouse stocks. The standardization of
layouts, downcomer areas, weir lengths and many other
features are reflected in savings in engineering mechani-
cal design time.

At the same time, systems that do not adapt themselves
to this standardization should be recognized and handled
as special designs.

Design Obijectives

Each tray design should ultimately resolve and achieve
the following:
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Figure 8-66. Bubble cap performance.

Downcomer Edge or Inlet Weir (if used) design. In some systems pressure drop is not a con-
Holes on 80° Triangular Pitch trolling feature, within reasonable limitations.
Deflector Baffies 3. Efficiency: high efficiency is the objective of each tray
gﬂlf; s;!'ell Clearance performance. The better the contact over a wide
Downcomer Weir range of capacities, the higher will be the efficiency
throughout this range.
4. Fabrication and Installation Costs: details should be
simple to maintain low costs.
5. Operating and Maintenance Costs: mechanical
L > details must account for the peculiarities of the sys-
S P . - . . = =
. < tem fluids (coking, suspended particles, immiscible
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zl;?n."" |2 Hole Area 7} e-3" to 5" Min. fluids, etc.) and accommodate the requirements for
| Active Hole Area | drainage, cleaning (chemical or mechanical), corro-
r I

sion, etc., in order to keep the daily costs of operation
and downtime to a minimum.

a R ISP Bubble-Cap-Tray Tower Diameter
qu.lgdr .Qﬁ (L.alo.:_“_:a.. 50 - hOI
\/‘g‘_o’ i ™ 2 Column diameter for a particular service is a function
- R ———————— = ) . -
Vopor wit of the ph_ys_xcal properties of the vapor and hqmq at the
Mist F tray conditions, efficiency and capacity characteristics of
the contacting mechanism (bubble trays, sieve trays, etc.)
Y Top of Froth St as represented by velocity effects including entrainment,
ARG h :

UL CANRY M hy and the pressure of the operation. Unfortunately the
p — i 0 He interrelationship of these is not clearly understood.
Kj_— _________ hu Therefore, diameters are determined by relations corre-

lated by empirical factors. The factors influencing bubble

cap and similar devices, sieve tray and perforated plate
Figure 8-67A. Sieve or perforated tray with downcomers. columns are somewhat different.
The Souders-Brown [67] empirically correlated maxi-
mum allowable mass velocity is represented in Figure 8-82
for “C” Factor determination, and in Figure 8-83 for solu-
1. Capacity: high for vapor and/or liquid as required.  tion of the relation:
This yields the smallest column diameter for a given e
throughput. Flexibility or adaptability to high and W =C [pv (PL—pv)] (8-219)

low fluctuations in vapor and liquid rates. where W = maximum allowable mass velocity through column

2. Pressure Drop: low pressure drop is necessary to using bubble cap trays, Ib/ft2 crosssection) (hour)
reduce temperature gradients between top and bot- C = factor from Figure 8-82 related to entrainment
tom of the column. High pressure drop is usually py = vapor density, Ihs/ft3
(but not always) associated with uneconomical pL = liquid density, Ibs/ft3
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Figure 8-67B. For sieve tray layout

arrangements; typical one-, two-, and
four-pass tray flow patterns with

FOUR PASS

Figure 8-67C. Linde muitiple-downcomer tray. Used by permission,

Union Carbide Corp., Linde Division.

clarifying flow markings by this
author. Used by permission, Glitsch,
Inc., Bul. 4900-5th Ed.

Figure 8-67D. Ripple tray {(no downcomers). Used by permission,
Stone and Webster Engineering Corp., Boston, Mass.
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OPEN POSITION

Figure 8-68A. Perforated tray without downcomer. Used by permis-

sion, Hendrick Mfg. Co., Carbondale, Pa.
Figure 8-69B. Nutter float valves™ in open and closed positions for

use on distillation trays. Used by permission, Nutter Engineering,
Harsco Corp., Bul. N-2.

Figure 8-68B. Sieve tray with integral downcomer. Used by permis-  pigre 8-70. Nutter V-Grid™ fixed valve for trays. Used by permis-
sion, Hendrick Mfg. Co., Carbondale, Pa. sion, Nutter Engineering, Harsco Corp., Bul. N-2.

Figure 8-71A. Nutter MVG™ high performance fixed valve tray with
4:1 turndown ratio. Used in new installations and to replace sieve
trays. Used by permission, Nutter Engineering, Harsco Corp., Bul.

Figure 8-69A. Nutter BDH™ Float valve tray with downcomer. Used
by permission, Nutter Engineering, Harsco Corp. CN-4.
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Figure 8-73A. Type “T” Flexitray®. Used by permission, Koch Engi-
neering Co. Inc.

Figure 8-71B. Nutter LVG™ long, SVG™ short, and MVG™ tray
slots. MVG™ tray slots are always placed in a triangular pattern.
Used by permission, Nutter Engineering, Harsco Corp.

Figure 8-73B. Type “A” Flexitray® with double pass. Used by per-
mission, Koch Engineering Co., Inc.

A Standard valve with integral legs used for most services,
utilizing a sharp-edged orifice in the tray floor.

Ao, Same “A” valve, but with a contoured hole in the tray
floor for lower operating pressure drop.

T Round valve retained by a fixed holddown and a sharp-
edged hole in the tray floor for all services, including foul-
ing, slurry and corrosive applications.

To The same “T” valve and holddown with a contoured, low-
pressure drop hole in the tray floor.

S Stationary valve punched up from the tray floor.

The A, A,, T and T, valves can be supplied either with a
flat periphery for tightest shutoff against liquid weepage
at turndown rates or with a three-dimpled periphery to
minimize contact with the tray deck for fouling or corrosive
conditions.

Figure 8-72. Types of standard Koch valves. Used by permission,
Koch Engineering Co., Inc., Bul. KT-6A.
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—

Standard Dimensions:
Diameter: 178"
Initial Opening: 0.10"

V-1, V-4, GV-1, and V-1H
Figure 8-74a.

Standard Dimensions:
Diameter: 17/8"
Initial Opening: none (flush seating)

V-1X, V-4X, GV-1X, and V-1HX
Figure 8-74b.

V-1 TYPE
(Flat Orifice)

Figure 8-74c¢.

Diameter of Orifice Opening: 1 17/32"

V-4 TYPE
(Extruded Orifice)

Figure 8-74d.

Figures 8-74a-d. Glitsch Ballast® Valves, V-series. Used by permis-
sion, Glitsch, Inc., Bul. BU-69 (Rev.).

The “C” factor is determined at the top and bottom
(or intermediate) positions of the column in order to
evaluate the point of maximum required diameter. The
“W” rate obtained in this solution is the maximum allow-
able, and hence corresponds to the minimum acceptable
diameter for operation with essentially no entrainment
carryover from plate to plate. Normally a factor of
“safety” or “ignorance” of 1.10 to 1.25 would be applied
(W divided by 1.10 to 1.25) if irregularities in capacity,
system pressure or other significant variables can be
anticipated. Recent experience indicates that the rela-
tion is somewhat conservative for pressure (5 to 250 psig)
operated distillation systems, and the maximum allow-
able rate can be increased by 5-15% (W times 1.05 to
1.15) exercising judgment and caution. Basically this
reflects the satisfactory operation at conditions tolerat-
ing some entrainment with no noticeable loss in frac-
tionating efficiency. In any case the shell diameter
should be rounded to the nearest inches on the diameter
for fabrication standardization. Diameters such as 3 ft,
8% in. inside diameter are to be avoided, but can be used
if conditions warrant. Standard tray layouts for caps,
weirs, etc. are usually set at 6-in. intervals of diameter
starting about 24 to 30 in.

The diameter based on vapor flowrate, V', in the region
of greatest flow:

4(V /2
2]
Entrainment may not be the controlling factor in
proper design. In cases of high liquid load or with
extremely foamy or frothy fluids the tendency to flood
is generally increased by close tray spacing. The
hydraulics of the tray operation must be evaluated and
the liquid height in the downcomer reviewed for
approach to flooding. If liquid height in the downcomer
exceeds one-half the tray spacing, the spacing should be
increased and the column rechecked. In such cases
entrainment is of no worry as the allowable entrainment

vapor capacity will be greater than needed to satisfy the
increased tray spacing.

D- (8-220)

Tray Layouts

Flow Paths

The simplest tray arrangement considering fluid flow
and mechanical details is the cross-flow shown in Figure
8-84 (page 137). It fits the majority of designs. When lig-
uid flows become small with respect to vapor flows the
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Figure 8-75. Glitsch Ballast® Valves, A-Series. Used by permission, Glitsch, Inc., Bui. BU-69 (Rev.).

reverse flow tray is recommended; when liquid load is
high with respect to vapor, the double pass tray is suggest-
ed, as the path is cut in half and the liquid gradient
reduced; and for the extremely high liquid loads the dou-
ble-pass cascade is suggested. These last two are usually
encountered only in large-diameter towers.

The liquid flow paths across the tray are important,
as channeling to one area or another prevents efficient
vapor contact. Short tray baffles are often installed to pre-
vent short circuiting, particularly near the column shell
wall. The segmental downcomer with straight chordal type
weirs provides an efficient initial distribution pattern for
liquid. Circular or pipe-type downcomers with corre-
sponding shaped weirs require careful attention to the lig-
uid path as it leaves or enters such a downcomer. For small
liquid flows they serve very well. A guide for tentative
selection of the tray type for a given capacity is given in
Table 8-13 [5] (page 137).

Figure 8-85 (page 138) and Table 8-14 (page 138) iden-
tify the distribution of areas of a tray by the action of the
tray area.

A tray design guide is given in Table 8-15 (page 138) and
is as presented by Bolles [5] except with modifications
where noted.

Figure 8-86 (page 139) is a 3-ft 0-in. diameter tray, and
is representative of details associated with tray design.A
typical 4-in. pressed cap is shown in Figures 8-79 and 81.

The details of these figures are only one set of many
which will adequately serve as a general purpose tray.
Because such a tray is adaptable to many services, it can-
not be as specific for optimum design, as the designer of a
particular system might prefer. Table 8-16 (page 154) gives
bubble cap and riser layout data and weir lengths for other
sizes of general purpose trays.

Caps suitable for particular tray designs are shown in
Figures 8-87, 88 and 89. The rectangular caps require lay-
outs differing from the bell caps, but similar in design
principles of flow path evaluation.

Liquid Distribution: Feed, Side Streams, Reflux

For tray columns, bubble caps, valves or sieve, the feed
liquid usually enters the column either in between func-
tioning trays or at the top (reflux). The liquid or lig-
uid/vapor mixture for flashing liquids must be dispersed
uniformly across the tray. Such an arrangement often
requires a special tray designed for the purpose to allow
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Figure 8-76. Type A-1 Ballast® Tray. Used by permission, Glitsch,
Inc.

Figure 8-78. Glitsch Nye™ Tray action to improve conventional sieve
and valve tray performance by 10-20%. Used by permission, Glitsch,
Inc., Bul. GLI-5138.

The Nye Tray increases the area available for disengagement of this
light froth. In addition to the normal perforated section, vapor can
now flow into the inlet area below the downcomer. Vapor enters the
contact zone of the Nye Tray through the perforated face of the inlet
panel, under the liquid coming out of the downcomer.

Specifically, the Nye Tray achieves this improvement by using a
patented inlet area on a sieve or valve tray, which increases the area
available for vapor-liquid disengagement.

Figure 8-77. Type V-1 Ballast® Tray. Used by permission, Glitsch, Inc.

Figure 8-79. Norton FRI Plain Bubble Cap (3 in. and 4 in.), slotted
skirt caps available. Used by permission, Norton Chemical Process
Products Corp., Stow, Ohio.

The Norton standard bubble cap is the Fractionation Research Inc.
(FRI) plain cap. It is available in 3-in. and 4-in. OD and custom sizes
as well.

The FRI cap has a plain skirt; however, we also manufacture caps
with various cap slot designs. Caps and risers can also be offered to
our clients’ specific requirements.
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CAGED-G
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M-VALVE

L-VALVE

Figure 8-80. Typical Norton Valve Tray Valves. Used by permission, Norton Chemical Process Products Corp., Stow, Ohio., Bul. FT-2.

liquid to flow downward to the next active separation tray,
and at the same time allow vapors to rise uniformly to the
underside (entering) of the vapor flow devices on the next
active (working) tray above. This requires attention to the
respective flow to avoid upsetting the separation perfor-
mance of the working trays. An allowance should be made
for upset separation performance at this location in the
column by adding two actual trays or minimum of one the-
oretical tray divided by the estimated tray efficiency to the
total actual trays in the column, and locating accordingly.

Feintuch [221] presents calculations for a pipe distribu-
tor with tray and downcomers to disperse the reflux or feed
liquid uniformly across the tray (which should not be
counted as a “working tray,” but a distribution device) and

allow the liquid flow from the downcomer to the tray below
to be the first “working™ tray. The same concept applies to
intermediate feed trays. Designs may vary depending on
diameter of the column (see Figure 884) and require-
ments for liquid and vapor flow. Some designs direct the
incoming liquid into the downcomer of the top trav of a
column with only some adjustments for weir heights.

Layout Helps

The scheme for arranging caps and downcomers as pro-
posed by Bolles [5] is one of several. Plain drafting using
the suggested guides is a bit longer than the short cuts.
The layout sheet of Figures 890 and 891 is convenient
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Figure 8-81. Typical 3%-in. 1.D. (nominal 4 in.) pressed bell bubble cap.

once cap-pitch master layouts are made for the sizes nor-
mally used. Figures 8-92-8-99 and 8-86 present tray layouts
to match the data given in Table 8-16. These have success-
fully fitted many different processing situations.

Cap Layout

Caps should be arranged on the plate in 60° equilateral
layout, with the liquid flowing into the apex of the triangle
rather than parallel to the base. The liquid flows normal
to each row of caps.

Cap Pitch Center to Center

Cap sizes 2-in., 3-in., and 4-in.: recommended cap lane
distance of 1% in. (with 1%-in. minimum, 1%inch maxi-
mum) plus cap outside diameter.

For cap sizes of 6 and 8 in.: recommended cap lane dis-
tance of 1% in. (1%in. minimum, 2/in. maximum) plus
cap outside diameter.

Weirs

Figure 8-100 is convenient for arriving at weir lengths
relative to their effect on segmental downcomers.

(a) Inlet

These contribute to the uniform distribution of liquid
as it enters the tray from the downcomer. There are about
as many tray designs without weirs as with them. The
downcomer without inlet weir tends to maintain uniform
liquid distribution itself. The tray design with recessed seal
pan ensures against vapor backflow into the downcomer,
but this is seldom necessary. It is not recommended for
fluids that are dirty or tend to foul surfaces. The inlet weir
is objectionable for the same reason.

The first row of caps next to the weir or inlet downcomer
must be set back far enough to prevent bubbling into the
downcomer. The inlet weir prevents this, although it can be
properly handled by leaving about 3 in. between inlet down-
comer and the nearest face of the first row of caps.

The height of an inlet weir, if used, should be 1 to 1% in.
above the top of the slots of the bubble caps when
installed on the tray.

If inlet weirs are used they should have at least two slots
Y%in. by 1l-in. flush with the tray floor to aid in flushing out
any trapped sediment or other material. There should also
be weep or drain holes below the downcomer to drain the
weir seal area. The size should be set by the type of service,
but a minimum of ¥-in. is recommended.

(b) Outlet

These are necessary to maintain seal on the tray, thus
ensuring bubbling of vapors through liquid. The lower the
submergence, i.e., the distance between top of slots of
bubble caps and liquid flowing on the tray, the lower the
tray pressure drops. However, this submergence must be
some reasonable minimum value (%4 to %-in.) to avoid
excessive by-passing of vapor through void spots in the
surging, moving liquid body as it travels across the tray
from inlet to outlet.

The adjustable weir feature of many tray designs allows
a standard tray to be utilized in different services by read-
Jjusting the weir height as needed. The fixed portion of the
weir should never be lower than the top of the slots of the
bubble caps. Depending upon service, the adjustable weir



Distillation 135

700 [ [ [ T TITIT ||4§ // 3
| {w=¢C |:pv(;>|."PvD'/2 é}‘& $ - ,/
W = Maximum Allowable Mass Velocity, G,,Q/f 5 / / A
600 1bs./{sq. 1. Cross-Section)(Hour) ..\(8\ . y y
| pv= Vapor Density , Ibs./cu. 1. Y /
pL=Liquid Density , Ibs./cu. . Al 7 //1/
Note : Generafly Applicoble to Fractional Vo 4 - |
Distillation and Others as Noted: / yZ L) A
500"—1 For Absorbers , Multiply C by 0.55 N Yz
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Absorber 0il Stripper, Multiply C /
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o e
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Figure 8-82. “C" factors for column diameter using bubble cap trays. Adapted by permission, The American Chemical Society, Souders, M.,
Jr,, and Brown, G. G. Ind. and Eng. Chem. V. 26 (1934), p. 98, all rights reserved.

should be capable of traveling a minimum of 2 in., with
designs for some trays being 4 to 6 in.

Downcomer

Figure 8-100 is convenient for determining the down-
comer area and width for a given weir length (see Table
8-16 also).

The downcomer from a tray must be adequate to carry
the liquid flow plus entrained foam and froth. This foamy
material is disengaged in the downcomer as only clear lig-
uid flows onto the tray below. The vertical and straight seg-
mental downcomer is recommended, although the seg-
mental tapered design has been used quite successfully
(Figures 8-67a and 8-86). In the latter design the wide
mouth of the inlet as compared to the outlet is considered
to provide better foam disengagement conditions.

The consensus seems to be that a ratio of the upper area
to the outlet area (lower) be in the range of 1.5 to 2.0 [190].

Circular or pipe downcomers are also used, usually for
low liquid flow and small diameter columns, generally
below 18 in. diameter. The pipe projects above the tray to

serve as the overflow weir. (Note: Calculate flow down on
this circular basis, assuming the pipe can be surrounded
by liquid on the tray.)

The downcomer seal on the tray is recommended [5]
based on the liquid flow path:

Liquid Path, Downcomer to Outlet

Weir, ft Downcomer Seal, in.
Below b 0.5
5-10 1.0
Above 10 1.5
Liquid By-Pass Baffles

Also known as redistribution baffles, these short stub
baffles guide the liquid flow path to prevent excessive by-
passing of the bubble cap field or active tray area. Unfor-
tunately this action is overlooked by many designers with

(lext continued on page 154)
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Weir
—l e
Cap ( ) Cap
Area ‘.
A

inlet Downcomer Qutlet Downcomer Downcomer Downcomer Note: Elliptical
(With or Without Shapes also used.
Weir or Sea! Box)

sl ] ey

Cross-Flow Cross-Flow Cross-Flow
Inlet Downcomer Inlet Downcomer Inlet Downcomer
ad - ‘
Weir ‘1
Cap Area
. V'
d 4 >
Cutlct Downcomer Qutlet Downcomer Qutlet Downcomer Weir
| | RSN |
Qirs
N = NS o ey P
Inlet View
N
f'——l 'T—"—\’—"\' B () P,_T—A’—L_f]v
Qutlet View
Reverse - Flow Double - Pass Double - Pass Cascode Figure 8-84. Tray types by liquid paths.

Table 8-13
Guide for Tentative Selection of Tray Type

Range of Liquid Capacity, GPM

Estimated
Tower Dia. Reverse Cross Double Cascade P
ft. Flow Flow Pass Double-Pass %
3
3 0-30  30-200 8
4 0-40 40-300 e
6 0-50 50-400 400-700
8 0-50 50-500 500-800 ..
10 0-50 50-500 500-900 900-1,400
12 0-50 50-500 500-1,000 1,000-1,600
15 0-50 50-500 500-1,100  1,100-1,800
20 0-50 50-500 500-1,100  1,100-2,000
Used by permission, Bolles, W. L., Petroleum Processing, Feb. thru May Figure 8-85. Classification of tray area. Used by permission, Bolles,

(1956). W. L., Petroleum Processing, Feb. thru May (1956).
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Table 8-14
Approximate Distribution of Areas as Percent
of Tower Area
(Allocated cap area is determined by difference)
Downflow Area Liquid Distribution Area
Tower
Diam- | Cross | Double | Cross | Double | Cascade End
eter ft. | Flow Pass | Flow | Pass Double | Wastage
3 10-20 10-25| .... e 10-30
4 10-20 | .... 820 .... 7-22
6 10-20 | 20-30 | 5-12 [ 15-20 e 5-18
8 10-20 | 1827 | 4-10 | 12-16 e 4-15
10 1020 | 16-24 | 3-8 9-13 20-30 3-12
12 10-20 | 14-21 36 8-11 15-25 3-10
15 1020 | 12-18 | 2-5 6-9 12-20 2-8
20 R [ (120 - T A 5-7 9-15 2-6

Used by permission, Bolles, W. L., Petroleum Processing, Feb. thru May
(1956).

Table 8-15
Tray Design Guide for Bubble Caps*

Materials of Construction

Type. .o e Light gage metal®
Material . ............ Determined by corrosion conditions
Tray Type
Generaluse ........... it Cross-flow
LowL/Vratio. .. ..ot i it i ieieieeeenns Reverse-flow
HighL/Vorlargetowers................... Double-pass
Very high L/V or very
largetowers. . ................... Double-pass, cascade
Downcomers and Weirs
DOWNCOMET tYPE « .« o v v e e iie e iiineiaanannnns Segmental
Downflowbaffle......................oion.. Vertical
Weirs fornormalloads ........................ Straight
Weirs forlowloads.................... ... Notched
Weir adjustment. . ........ ..ot 1-3 in.}
Length: Cross-flow trays, % Tower Dia. ........... 60-70%*
Length: Double pass trays, % Tower Dia. ......... 50-60%1
Downcomer width for double-pass trays .......... 8-12in.t
Bubble-Caps
Nominal size for:
253 ft. LOWETS. ..o \otititeeieaa s, 4in.t
4-10ft. tOWETS . . ..ot iti i it e s 4in.
10-20ft. towers ... .. .ovii it e 6 in.
Design .......cooviiiiian, Use suggested standards?
Pitch............... Equil. triangular, rows normal to flow
Spacing . ....... ... . il 1-3 in.
Skirt height. . . ... oov i 0.25-1.5 in.t

Fasteming........covviiivvinnnn.n. Removable design

Bubble-Caps (Cont.)

Clearances
Captotowerwall. ..................... 1.5 in. minimum
Captoweir. ... ...oovviiiiiiiin i 3 in. minimum
Cap to downcomer or downflow baffle ... .. 8 in. minimum*
Tray Dynamics
Mean slot opening
Maximum . ......o.eviniienn. 100% slot height
Minimum ......... ..o i 0.5 in.
Mean dynamic slot submergence
Vacuum operation ...................... 0.25-1.5 in.t
AtmOoSpheric . . .. .vvvt i 0.50-2.0 in.t
50=100 PSIg. « v v v vve e e 1.0-3.0 in.t
200-500 PSIZ. -+« v v v 1.5-4.0 in.t
Vapor distribution ratio (A/hg) ............. 0.5 maximum
Height clear liquid
in downcomers ........ 50% downflow height, maximum
Downflow residence time . ........... b seconds, minimum
Liquid throw over weir. . ... 60% downflow width, maximum
Entrainment
As mol/mol dryvapor ................. 0.10 maximum
Pressuredrop..................... As limited by process
Tray Spacing
Fortowers 25-10ft.T .............. ... .. ... 18 in.
Fortowers4-20ftT.. ... ... ... .. ... ... ... 24 in.

Miscellaneous Design Factors
Inletweirs ......... Use as required for liquid distributiont
Intermediate weirs:
............. Minimum height > height liquid downstream
Reverse-flow baffles:
..................... Minimum height twice clear liquid

Redistribution baffles
Location:
All rows where end spaceis 1-in.> .......... cap spacing
Clearancetocaps................. Same as cap spacing
Height...................... Twice height clear liquid
Downflow baffle seal
Weirtobaffle<5ft. ......... ... ... L. 0.5 in
Weirto baffle 5-10ft.......................... 1.0 in
Weirtobaffle>10ft. ......................... 1.5 in.
Tray design deflection (structural).................. % in.
Drain holes
SIZE .o e e e %% in.
Area........... ... ... ... 4 sq. in./100 sq. ft. tray area
Leakage .............. Max. fall 1.0 in. from top of weir in

20 min. with drain holes plugged
Construction Tolerances
Tray levelnesst. . ........ Y%inch Max. under 36-inch dia.t
Ye-inch Max. 86-60-inch dia.t
Yinch Max. over 60-inch diat
Weirlevelness . ........iieririnnnennnnnnn. +Yein.t

*Used by permission, Bolles, W. L., Petroleum Processing, Feb. thru May
(1956); T indicates modification by Ludwig.
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A\! Fixed riser with re-
P taining plate and
wedge key holddown.

Fixed riser with
“‘quarter-turn” cap
arrangement,

“Set-on” riser
with “snap-in” and flared cap
frog and wedge key > with “snap-in frog and
holddown. stud and nut holddown.

“Set-on” riser

. 7 8
Fixed riser with "Pull-up” riser with “pyll-up” riser with
retaining plate and stud clinched to stud welded to crots

bolt and nut. cross har. bar.
9 10 12

Fixed riser with
“quarter-tum’ hex=
agonal cap.

Welded-on riser,
cap centering lugs,
cross bar and hook
bolt.

N Fixed riser with
) clinched in “Y* lug
and wedge key.

Sot-on” riser,
clinched in
centering lug
and “snop-in” frog.

15

i “Pull-up” riser with
stieamlined cap (De-
pressed Top).

{®anlllly
Fixed riser with ad-

justable “Y* lug and
wedge key.

§ “Pull-up” riser
with clinched ‘T
bar and wedge.

9 clinched to cross bar
and self centering, ad-
justable height cap.

) 20
! Fixed riser and
pyramidel cop of
welded construc.
tion with cap tack
welded to tray.

Fixed rur with
% streamlined cup
”" and clinched inlugs.

“pyli-up” flared riser
14y ond three legged cap.

mond or hexagonal
cap, “Y” lug and
wedge key.

7
Removoble rectangular cap
and riser and “snap-in” frog.

Rectangular cap and
riser assembly with re-
movable or fixed riser.

Figure 8-87. Bubble cap and riser design. Used by permission, Glitsch, Inc.
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Distiltation

GENERAL NOTES
“a’ dimension should not be less than metal thickness on closed tooth slots,
and preferable 1.5 times metal thickness. (Does not apply on open tooth slots
if slots are tapering fo o top tooth width of 2 times metal thickne:
Bubble cap 1.D. has been set as a fixed dimension with the O.D. of the cap a
minor variable. This permits the use of a standard slotting mondre! for various
gauges of material vsed on a cap with a fixed 1.D. dimension. Fixing the cap
1.D. will also maintain o constant inside area and its relationship to annvlar
areq.
Riser O.D. has been set a1 o fixed dimension 1o prevent disturbing balance be-
tween riser area and annular area and allow ease of fitting of risers to deck
sections irrespective of metal thickness used on risers. This portant prin-
cipally on | “pull-up’’ riser inserted through the deck from beneath the tray.
Columns ““U”, "V’ and "“W" are assumed and established to give a cap slot
areo of approximately 1.7 1o 1.85 times the riser area. The size and shape of
the slots have been av[i"mily ectod 30 that column “’Z” could be calculated.
These columns are-of academic interest and may be of value as a compariton
in sslecting a slot shape or area of greoter desirability.
Formula to find riser 1.D. *'D** {with a wall thick =1,.) whan

¢. Vapor uptake area. § = any desired ratio of vapor uptake orea to annular
E)

area. () = ¢
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Figure 8-88. Bubble cap and riser comparison data. Used by permission, Glitsch, Inc.
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BURBLE CAP AND RISERS - TYPES AND HOLD DOWNS
EXPLANATION

The slols shown helew for p dh moy be fumished: in any of the. riser styles and

kelddown sfyles shown above with oll!m open wduod slot urrangement os limited In the chart.
Eapu: sorslcase lomen | B | € | R IICupI.D.Em', cose [omn | B | € | R ]lt:apl.o.,{‘g,-,m‘,‘,,, omn|BlC|R
1% |32 % | Ml%(%|— 9| %| %i%|%(% [AREAREEE AR AR
3 |14 (1% |[%|%|— 12 Wl % | % | %] X% 4% 321 e | U | o | ==
;gzl 12 | % | % | %1% %|33% /18] Yl %% [ % 1% [ [ %% |[—
28 % W |X%|0|O 18| 1% |14 |% (X% | % 25 1% (W [ %1% %
38 [ % | WK% |4~ 19 1% (W iI%l%lx 20 ( ¥ (W% (% 4| %
234 (38 [ % | MK |%[{— 2|18 (e | % %] % 27| v (1% | %] %] %
18 | % | WX |u|— 19 1% | w4 1% % %) 47530 | 26 |2 [%|%|4%
25 | % [ K %[ %]|— 21 % (v [ %] %1% HIAERAEIRARS
B % | %% |%]|— M| We | % |3 |— 20 [ 1% V% (X | %%
8| % | M[%n|n|— 21 [ 1 W X | % |— 20 (% [V |% %] %
50 | % | Y% |%|— 34 1% | | K% |— 30 [ 1% (v | % | %%
18| % | %% |%]|— 2% (1% | ki%|[— 20 (1% [ 13| %% | %
21 |1 W | % | % |— 24 1% [ (%] X|— 48 | 1% [V | % | % | %%
38| % | Wl%|%]% 0| 1% | |[%]|X%]|% 26| % | W% 4U]|—
2% 125 | 1% [V |Y%|%|— 18 1% [ | %% X% 48 | % | M| %[ % |—
18 | |1 | %% %137 |20] W% | |%|%]|X% 2|1 Y| % | Y% |—
AR ERRARAR 52) % | % %|k|% AR AEAFARG
18 {1 Wl %] % 50| 1 Wl K (%% 30 1% | W | % [% [ %
21 |1 L AL ARARS 51| 1% | W | % | % | %l 57160 1% |V (% %%
38 | 4% | K| KN |%]|— 0| % | %i%|k%|K 25 1% (W (% | %%
25 | % | W | % | %|— 2|1 | [ %K% 48 | | 1% | % %] %
48 |1 (1% (% [%([— IR ARAAR? 20 |24 (26 | %[ %[ %
18 {14 W | % |%]|% 40| % | % |%|% [— 38 2% (2 | % |4 | %
O | % | % | %[%|{— 28| V% W | % | % |— AR ERR A A
18 (1% (¥ [ %% % 16| 1% (14 | %% % 30 | W (V% K| % |—
8| % [ K |4 |%]|— 28| W | W% | 4| Y% |— so|w [ (%% |—
16 |1 LA AL IR 66| % | NMlKk|% %) § |28 | ¥4 | | % |% %
24 1 % l% %] % 281 Wl % | % |— 2[1% [ | %% |%
3 |2 % % (%] % 32]1 % | ¥ | % |— 40 (1% (V% | % | % |—
18 |1 W % | %|—141p |26 1% |V | % | % |— 2| 1% [V [ %|%|%
21 {1 % | % | % | — 22| 1% | [ %|%]|% 2|2 | %| %%
28 1% [ W | % | %[ — 26 | 1 w.x.m-—“" 2| (1% (%(%|%
40 | |1% |3 |3%6(— 2| 1% [ | 4%|4%|— 32 | 1% |14 [ KIU[X%
3% 25 [ 1% | % %] —14V 2] v [ [ %% |%]Qlpia0] 1% [1|ni{n]%
624 1 Y | %l ¥e| — 24 1% w6 (%[ %% 28 [ WG |14 [ %1% | %
%am e [%I%TWl gac {02} % | He | Mo [— 22 |3 | 2% | | % | %
18 {1 [ y% [ % [%][ % 40! 1 Wo | X | Ho | — 24| W% 1% || K%

Figure 8-89. Bubble cap and risers—types and hold-downs. Used by permission, Glitsch, Inc.
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" 1/2"@ bolt stud
14 w/2" hex nut
/4" thick gasket
11" 11" Tray, \
1/10" thick shim
all around
Y4"x1" cont.
backing strip
) DETAIL *A”
- MANWAY CLIPS
/ Scale: None
o |- s i =
23y ! £
o b4 ]
‘%_ 8 E i ?; Adjustable weir ¥/a" J-.J... < 11 .
! b 314" *-:ﬂ: —ﬂ: e o AN
& ”
A i £ slotted __} L T 4 | o3
L H u‘i holes for ~
] ' w /8"s bolts [~ 19918" e 1"
1 ' it |
] L
2 ol o 3 DETAIL *B°
Ik E: Vo 2 Scale: 1'2"=1'0"
Did| R~ HE & Note: Fabricator shall fumish 3-%"a machine
- § \ bolts with hex nuts and washers for each tray.
3a"x1" siot
18 risers on \ 1
51/4"-60° triangular ]
pitch L
2 weep holes——— ) DETAIL *C"
See Notes for size 81/4" 10" Scale: None
1 1
Walr travel, 0"—4 v 209" ,
PLAN 1 a"lm" G‘lz" 612" 310! 3-7h¢" holes
_ Scale: 3"=1'0" it % for ¥s"a bolts
PN T L.
© & g N
\' /4" x 1" Backing slip é. .L
e See Det_ail “A" for manway dips Downcomer %" R ]
Adjustable weir plate i
with slotted bolt holes H
3 U)
g: g_etl:ilﬂ“Bb"ons Downcomer 5
See Detall ' ki DOWNCOMER DETAIL ‘D"
£ Scale: 1'/2"=1'0"
&
°
2
' 8
2
- \
21/2';I 4u
28/4‘1 H
N XTT -"-‘III b ] N -
_ a

Figure 8-92, 2-ft-6-in. dia. column—4-in. caps.
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1/2""@ bolt stud

with 2 hex nuts
174" Weld nut to tray
1/16" thick gasket _.‘ 1/g
Flanged for slip fit into 3'-6'" ID shell Tray W T
CW~ UM ] S ,
. 2 /4" x 1" clip
/16" thick shim
3/5a" 134"t ! Y/l
4 weep holes 15%16 1413/ | ?/1_6_ B all around / I'J“/i" .
See Notes i . 4" x 1" cont,
forsize TN\ t~ 37 risers on 51/4" 60° backing strip .
N triangular pitch DETAIL “A
MANWAY CLIPS
Scale: None
MBSt % Adjustable welr " R gy T
w | ow| @ N : o
= H [ = o™ =
T} ¥ MNP 3-172" x 4" slotted = @
| ©lg % 2 ho!esfor = T 7 335
e1e|@ 5 %s''o bolts I
] = " 5
§ 8 £ % 37/
[}
g 87 = WEIR DETAIL “B"
el % \ Scale: None
> 3 Fabricator shall furnish 3-1/2"@ machine bolts
J SN OOy XYV T - with hex nuts and washers for each tray
Manhole 2 baffles 31/2" high x 3'/2" | L
es 31/2" high x 3'/2" long A/, g 4N
2 spaces @ 4.55" = 9.10" |»—| ‘l’ /4" x 1" slot
3 spaces @ 4.55" = 15.15" 1 l,,
“N-Tray
Pl-AN " "
Scale 11/2"'=1'0" Adjustable Weir DETAIL “C
See Detail “B" Scale: None
Weir Travel 0" to 4' S
n 1 T 1013/16"' 2'6"_—. 3ii/4e"
: 3 311"
. =~ - —— 37/16"2 holes
E 1/ backing 3 b SEyS o A Sy for /8" bolts
2 biod SN W | N Hh b i
8 See Detall
@ for Manway Clips
g’ L Downcomer
— Wi
g - See Detail "D” d\_
% Downcomer.
° 3" P,
] !
(i) 312" h»—'d 33/16"
e - r——7l—--—- DOWNCOMER - DETAIL “D”
2-3/4" slots — Scale: None
See Detall “C” N
Successive trays to be tumed 180° to each other
23/ "
- 4" SECTION “A-A”
| 8'/8" Scale 11/2''=1'0"'

Figure 8-93. 3-ft-6-in. dia. column—4-in. caps.
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1"

« /28 bolt stud w/2 hex nuts
1he" thick gasket_i 1"

- Weld nut to tray

Tray — L. v < Manway
cw
Vie" thick sbim . { [ £ k=t W x 1" clip
aym P. all around 3 ==
17 17" . 6V S L1 g U/
I ' P 14" x 1" cont— ™
| -i ! backing strip DETAIL “A”
1 |
oz ) i % ! - MANWAY CLIPS
seoDaai’cr | g - 1O v : Scale: None
| - O _iGl '
LAt O oA goint. ® %l !_ Adjustable weir %a" B v %
' DR AR 7512 I =
l'  HONEE S Nla 3'/2" slotted holes ; 5
8 spaces @ 51/a'" = -6 i ’1 e |? for ¥s"e bolts ﬁ [ ] 1@
0 L -
7 spaces @ 514" = 303" [ : e —;fOi :@ & LEQ - —-‘-‘J ! g
: e d - = t ul 0 0 . 3
& spaces @ 52" =274 \ ) 74 w O ZZ. 224 = ’
. HC o] ”
5 8paces 8 612" = 22V4" ‘ N o 5 WESlza Ii)eE‘lr'\lAgL B
i il t ] . ‘g o ne
" 3 (b > ¢/ 3§ Fabricator shall fumish 3-%/s"'a machine bolts
l }; SRR :@ | ! with hex nuts and washers for each tray.
) - @ 4 './ ‘
- - —-{9 1 Ay |
-7 3/ " "
s Y 0'{ ‘4 weep holes :‘ /4" x 1" slot
P—‘Q‘;—‘ I See Notes for size 4
51 Risers on e s ———— — 1. E-T R
61/¢"'-60° Triangular | 133/ J 2oz Tray
Pitch =~ —=—— y
- DETAIL “C”
3 @ 455" = 13.65"
spaces Scale: None 12
Scale 11/2"=1 0" 2o
21/t 12" 129" 24e'{,— 378" holes
» % I “— 1 for%"a bolts
— =9 T-L =1 __?
1 i
See Detail “A” Weir travel s
For Manway Clips 0" to 312"
e i - Adjustable weir
See Detail "B”
(3 8 4¥ o Downcomer %" P.
Stiffener bars—” 6"
by tray {— Downcom
bricator | 4'-0" (0] shell S66 Dotall 4D -
Adjustable weirlplate with Hlotted w DOWNCOMER DETAIL “D”
boltholes_Sed Detall 8 A e /16" Scale: None
L
Y L8
/ Successive frays to be Sea lower drwg
., lumed 180° to each other. for this dimension.
3'e" g,
8if3"
SECTION “"A-A"

Scale 11/2"'=1'0"

Figure 8-94. 4-ft-0-in. dia. column—4-in. caps.
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117 *f2" @ Bolt stud with
2 Hex nut

Weld nut to tray

he" Asbestos gasket

Tray. Manway
4 spaces @ 4.55 = 18.20" 116" Thick
- s i 2 Shim B
All d 17,1 ;
aroun e e /" x 1 Clip
79 Risers on 5'/4"-60" 114" x 1" cant.
Triangular Pitch backing strip DET'AIL “pn
. , A o, 4 Scale: None
T Z |
. 2
= @
-l% a Adjustable %" B. ]
Sl 5 T T
= |= | el
2= 2L 2 2
o SR m :m : ©
®|® atol e u " N
§ § % 39g" 2 A0 a1 _f
gl e o
|3 2 WEIR DETAIL “B" "
: g Scale: None
! o Fabricator shell furnish 3-%g" &
l Machine bolts with Hex nuts 4 Washers for each tray
{ L"._ I .I 3/ 34" x 1" slot
Drains, see detail “C" qf
4 Weep holes . . Tray
See Notes for size i 293" Yot T ’
i - av T DETAIL “C”
PLAN Scale: None — 2 Req'd
Scale 11/2" = 1'-0"
Waeir travel Yig"
For manway cfips 0" to 3'/2" 418

See Detail “A” Adjutable weir plate 32507 164" 1 16%" 3%; .
h T =2 Wit = with slotted holes. S 160 4, 6% S8 397" 0" Holes

LI —w See Detail "8 S T Ak T W Ff:] for #g" @ Boits
s B S ‘---_—1 ST e
/4" = 1" Backing strips

Downcomer
I~ Ses Detail “D"

50" I.D. Shell
o -_,2_‘/_2"'
—
W!L 2 A Downcomer /4" EZ
S B ]

Successive trays to be tumed
180° to each other.

DOWNCOMER DETAIL “D”
Scale None

B-R Seal Port
l A g

e | g | SECTION “A-A”
Scale 112" = 1"

Figure 8-95. 5-ft-0-in. dia. column—4-in. caps.
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93/1g" f‘

261/16"

267/18"

131/2"
oo

|

b | x
i~
T | { .1
- ! ' I & .
5 3
£ ! 1 g
@ \ ®
) | ? - ] g
H = | ll | = 8
e o \ , Y g
7 2lw ) ' 4" N
> gl eyl ¢ I !
A = s
[} al¥ N by g &
© = : -
3 r X L < L
a S Iy & 3
2 L | L ®
c | ! ) 8
] 1 §
s | 8
1 <
|
| .
II ll -
1 2
1l ~

7
41/2"-dia. weep holes

Adjustable weir plate

5 spaces @ 4.55" = 22.75"

Weir travel

w/slotted bolt holes

Successive trays to be

12" x 1"loacking strips

tumed 180° to each other

1/4" x 1" slots.

5 spaces @ 4.55" = 22.75"

129-2" |PS risers welded or
expanded into tray 1

60" ID‘sheIl i

Figure 8-96. 6-ft-0-in. dia. column—4-in. caps.
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2'-41/g"

l I

! I

i 21"
= 131/4"

60 ' Manhole

| L)

B
j
2
w
© >
o &
et
=213 1%
= |5 oy
o. L
= J B
[ -—
- j
-] ]
5 |1=
o
o
Notes:
Work to dimensions only.
Any warping of tray due

to cutting of holes must
be removed and finished
plates shall be made
perfectly flat for
installation in tower.
Manhole plates to have
suitable clamps or hook
bolts and gaskets.

All plates to be /2" thick
except as noted.

O O I: Ox |;© o O

el

' e
]
l i

i
'

2-3/4" x 1" slots in weir plate

@)

0535200

W—

258" = 101"

O _0 -0 _0

' O
%0 %0

1

12"

=21" o5 25/y" 4 Spaces @ 514" = 21" 4 spaces @

4spaces @ 4 spaces @ 514"

25/8" == 101/2"

‘ . "
275"~ 2.275" 65
L T ).
= ]
5 spaces @ 4.55" = 229/a" 5 spaces @ 4.55" = 229/4" !
Adjustable weir plate
w/slotted bolit holes
, . 31/2“ 2\"
. . -
HalluliallnllslisiTmcs
ol | ” )
o [| 150-2"1P.S. risers |
E ¥ welded or expanded|
§ into tray
: |
*2 |
5
t
1 1 H i 1
e | _l_ﬁ L ) e aii B
1 |
6'-6" dia. shell ]
A} o i
SECTION “A-A” U

Figure 8-97. 6-ft-6-in. dia. column—4-in. caps.
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| 6spaces @ 4.55" =27.30"

-

PLAN
Scale: 11/2" = 1'0"
=44l

14 spaces @ 51/2" = 6—11/2"
10 spaces @ 51/4"

[y

‘ 21/2"
i //2
B

137;8"\

/4" x 1" siots

137/8"

™~

1/4u

Notes:

Work to dimensions only.
Any warping of tray due
to cutting of holes must
be removed and finished
plates shall be made
perfectly fiat for
Installation in tower.
Manhole plates to have
suitable clamps or hook
bolts and gaskets.

All plates to be /2" thick
except as noted.

271"

4-1/2" dia. weep holes ~]

1 173-2" 1.P.S. risers welded

or expanded into tray

/4" x 1" backing strip
| 7-0"ID shell

6 spaces @ 4.55" =27.30"
Manhole 131"
I
l‘. 51"

1

I

1
o B
®
s | ]

| 1 Z

| :
Vi ' Yul 2
< i i r\i T =
i > o ¥ £
S
/ —
4 S
< @5 8
| [ L

|

|

|

i!

Weir travel

=

HHES

Successive trays to be turned
180° to each other

SECTION “A-A”
Scale 11/2" = 1'-0"

TuT

e

Figure 8-98. 7-ft-0-in. dia. column—4-in. caps.

" Adjustable weir plate
w/slotted holes
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7 spaces @ 4.55" = 31.85"

52"~ ~"Manhole

‘ 7 spaces @ 4.55" = 31.85"

S

11 spaces @ 5'/4" = 4'-93/4"

16 spaces @ 51/2"

155"\,

i
L

; 155/8"

Notes:

Work to dimensions only,
Any warping of tray due
to cutting of holes must
be removed and finished
plates shall be made
perfectly flat for
installation in tower.
Manhole plates to have
suitable clamps or hook
bolts and gaskets.

All plates to be 1/2" thick
except as noted.

4-1/2" weep holes .

512"

361/2" 351/2" 111/2"
233-2" 1.P.S. risers welded
or expanded into tray . 1
Weir travel
M : N N 6“
Auhniaiak ! R
e i u'.* ==
/ 21"

1
1/4" x 1" backing strip

80" ID shell

o

{ Successive trys to be turned
180° to each other

l

1
nlzlallals

SECTION “A-A”
Scale 11/2" = 1'-0"

Figure 8-99. 8-ft-0-in. dia. column—4-in. caps.

R

Flanged for slip fit into 8'-0" 1D shell
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Table 8-16
General Purpose Distillation Trays Using 3%-in. I.D. Pressed Metal Bell Caps on 5%-in. Centers

Inside Diameter 2ft6in. 3 ft-0in. 3 £t-6 in.
Total Area, ft 491 7.07 9.62
Liquid Flow Cross Cross Cross
No. Downflow Weirs (1) One One One
No. Downflow Seals (2) One One One
No. Caps & Risers/Tray 18 27 37
No. Rows/Tray 4 5 6
Total Slot Area, ft2 (3) 1.15 1.73 2.98
Percent of Tower Area 23.4 24.5 24.8
Total Riser Area, ft? (4) 0.683 1.04 1.42
Percent of Tower Area 13.9 14.7 14.8
Overflow Weir Length, ft (1) 1.625 2.05 2.35
Percent of Tower Diameter 65.0 68.0 67.1
Downflow Segment Area (5)
Maximum Area, ft? 0.338 0.642 0.80
Minimum Area, ft2 0.167 0.225 0.33
Under Flow Clearance, in. 2% 2% 2%
Under Flow Area, ft® 0.274 0.354 0.426
Up Flow Area,
Minimum ft? (6) 0.137 0.365 0.335

4ft0in, 5ft0in. 6fi0in. 6 ft-6in. 7 ft- Oin. 8 ft-0 in.

12.56 19.63 28.28 33.18 38.48 50.26
Cross Cross Cross Cross Cross Cross
One One One One One One
One One One One One One
51 79 129 150 173 223
7 9 11 12 13 15
3.27 5.08 8.29 9.64 11.1 14.29
26.0 25.9 29.3 29.1 28.9 28.50
1.96 3.00 4.95 5.56 6.64 8.57
15.6 15.3 17.5 16.75 17.25 17.05
2.686 3.35 4.0 4.31 4.62 5.21
67.0 67.0 66.7 66.0 66.05 65.1
0.96 1.41 2.12 2.39 2.85 3.50
0.45 0.69 0.886 1.027 1.14 1.47
2% 2% 2% 3 3 3
0.473 0.604 0.710 0.750 0.887 1.01
0.5352 0.795 0.740 0.882 1.000 1.21

(1) 2% in. minimum height above tray floor, with adjustable weir 0 to 34 in. additional.

(2) 3% in. high above tray floor.

(3) Slots are 50-% in. x 1% in. per cap. Caps on triangular pitch.
(4) Riser inside diameter = 2.68 in.

(5) Design uses tapered segmental downcomer and inlet weir.

(6) Area between downcomer and inlet weir for up-flow of inlet liquid. All trays included access manway.

(vext continued from page 135)

resulting low tray efficiencies. Table 8-15 gives recommen-
dations for layout.

Liquid Drainage or Weep Holes

Holes for drainage must be adequate to drain the col-
umn in a reasonable time, yet not too large to interfere
with tray action. Draining of the column through the trays
is necessary before any internal maintenance can be start-
ed or before fluid services can be changed, when mixing is
not desirable. The majority of holes are placed adjacent to
the outlet or downcomer weir of the tray. However, some
holes are placed in the downcomer inlet area or any sus-
pected low point in the mechanical layout of the column.

The study of Broaddus et al. [7] can be used to develop
the following drainage time relation, and is based on flu-
ids of several different densities and viscosities:

o (018N +0.15) @2 @A)

(8-221)

where 6 = time to drain tower, minutes
Ap = net open liquid area of one tray, equal to total
tower cross section minus area occupied by caps

and minus area of segmental or other downcomer
at outlet of tray, ft2
p = liquid density, grams/cc at liquid temperature in

tower

.1 = viscosity of liquid at tower temperature, centipoise

dp, = weep hole diameter, in. Note that this is the diame-
ter equivalent to the area of all the weep holes/tray

b’ = height of overflow weir or bubble cap riser,
whichever is smaller, in.

N = total number of actual trays in tower

The accuracy of this relation is given as 14% maximum,
6% average.

A general recommendation [5] is to provide four
square inches of weep hole area per 100 ft* of net open
liquid tray area in the tower. This latter refers to the total
of all trays in the tower.

Bottom Tray Seal Pan

The bottom tray of a tower must have its downcomer
sealed to prevent upflow of reboiled vapors. The down-
comer of this tray is usually equal to or 6 in. longer than
the other downcomers to ensure against bottom vapor
surges or pulses in pressure breaking the seal. The seal
pan is designed to avoid liquid back pressure and mini-
mum restrictions to liquid flow.
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DOWNCOMER AREA (ONE SIDE), % TOWER AREA
or DOWNCOMER WIDTH, % TOWER DIAMETER

25

20

o
40 50 60 70 80 90
WEIR LENGTH, % TOWER DIAMETER

Figure 8-100. Segmental downcomer design chart. Used by permis-
sion, Bolles, W. L. Pet. Processing; Feb. thru May (1956).

Turndown Ratio

Turndown can be applied to all types/styles of tray
columns; however, it is more relevant to sieve and valve
trays. The generally accepted explanation of turndown is
as follows [199] (also see Figure 8-101):

Turndown ratio is the ratio of the maximum allowable
vapor rate at or near flooding conditions (rates) to the
minimum vapor rate when weeping or liquid leakage
becomes significant; it may be termed the minimum allow-
able vapor velocity [193, 199, 200].

1. For bubble cap trays, this ratio is approximately 10:1.
2. For sieve trays, this ratio is approximately 2-3:1.
3. For valve trays, this ratio is approximately 4-5:1.

Bubble Caps

Although there are many styles and dimensions of caps
in use, the round bell shaped bubble cap is quite practical
and efficient. It is recommended as a good basis for the
contacting requirements. This selection does not infer
that other contacting caps are not acceptable, in fact many
are in use in the chemical and petroleum industry. Their
design criteria is limited to the proprietary knowledge of
the manufacturer and not available to the designer.
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Figure 8-101. Qualitative effect of liquid and vapor loads on bubble
cap tray performance. Used by permission, Bolles, W. L., Pet. Pro-
cessing, Feb. thru May (1956).

Dimensions

The most popular and perhaps most adaptable size is
about 4 in. O.D. (8% in. 1.D.). The 3-in. and 6-in. are also in
common use for the smaller and larger diameter towers,
although it is not necessary to change cap size with change
in tower diameter. For a given active cap area the cost of
installing the smaller diameter caps is 10-15% greater than
the 4-in., while the larger (and fewer number) 6-in. caps
are about 15% cheaper. There is usually less waste tray area
with the 3-in. caps than the 4-in. or 6-in. caps. Table 8-17.

For the sake of standardization and developing a feel on
the part of the designer for the effect of various design
variables on tray performance, the 4-in. cap (or 3%-in. or
4%-in.) caps are recommended as good general purpose
units, This means that any application trom a 2.5-ft dia. to
10-ft dia. tower is first evaluated using the 4-in. cap. If
there are points of poor performance, cap sizes can be

Table 8-17
General Purpose Guide for Pressed Cap Size Selection

General Purpose

Tower Diameter, Possible Alternate,
Ft Size, 1.D., In. In.
2.5,3 3% 20: 3y 3%
3.5,4 3% 35X
56,7,8,9,10 3% 6

11,12, 13, 14 6 34
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changed and the performance re-evaluated to adjust in
the direction of optimum performance.

Pressed steel caps of 12 to 14 U.S. Standard gage are the
most frequently used, although cast iron caps are used in
some services such as corrosive chlorinated hydrocarbons,
drying with sulfuric acid, etc. Alloy pressed caps maintain
the light weight desirable for tray construction, yet fre-
quently serve quite well in corrosive conditions. Special
caps of porcelain, glass, and plastic are also available to fill
specific applications. The heavier caps require heavier
trays or more supports in the lighter trays. The use of
hold-down bars on caps is not recommended for the aver-
age installation; instead, individual bolts and nuts are pre-
ferred. Some wedge type holding mechanisms are satisfac-
tory as long as they will not vibrate loose.

Slots

The slots are the working part of the cap, i.e., the point
where the bubbling action is initiated. Slots are usually
rectangular or trapezoidal in shape, either one giving
good performance. A single comparison [5] indicates the
rectangular slots give slightly greater capacity than the
trapezoidal, while the trapezoidal slots give slightly better
performance at low vapor rates (flexibility). This study
shows that triangular slots are too limited in capacity,
although they would be the better performers at low vapor
rate. Generally, the capacity range offered by the rectan-
gular and trapezoidal slots is preferred.

Slot Sizes

Width: %~%in., %in. recommended rectangular %in. x
Y-in, to %4in. x %4in., #ein. x Hein. recommend-
ed trapezoidal

Height: %-in. to 1%-in., I4in. to 1)4in. recommended

Shroud Ring

This is recommended to give structural strength to the
prongs or ends of the cap. The face of the ring may rest
directly on the tray floor or it is recommended to have
three short legs of )4-in. for clean service. For all materials
the skirt clearance is often used at % to 14n., and for dirty
service with suspended tarry materials it is used as high as
1) in. These legs allow fouling or sediment to be washed
out of the tray, and also allow emergency cap action under
extremely overloaded conditions—at lower efficiencies.

Tray Performance—Bubble Caps
A bubble cap tray must operate in dynamic balance, and

the closer all conditions are to optimum, the better the
performance for a given capacity. Evaluation of perfor-

mance requires a mechanical interpretation of the rela-
tionship of the tray components as they operate under a
given set of conditions. This evaluation includes the deter-
mination of:

1. Tray pressure drop
a. Slot opening
b. Static and dynamic slot seals
c. Liquid height over weir
d. Liquid gradient across tray
2. Downcomer conditions
a. Liquid height
b. Liquid residence time
c. Liquid throw over weir into downcomer
3. Vapor distribution
4. Entrainment
5. Tray efficiency

The evaluation is made in terms of pressure drops (sta-
tic and friction) through the tray system. Figures 8-63 and
8-66 diagrammatically present the tray action.

An understanding of the action of the bubble cap tray is
important to good design judgment in deciding upon the
acceptance of a particular design. The passage of vapor
through the caps and liquid across the tray is complicated
by fluid actions associated with the mechanical configura-
tion and with the relative velocities of the fluids at various
points on the tray. The quantitative considerations will be
given in more detail in later paragraphs. However, the
qualitative interpretation is extremely valuable. The fol-
lowing descriptions are presented for this purpose.

Tray Capacity Related to Vapor-Liquid Loads

Figure 8-101 presents a generalized representation of
the form useful for specific tray capacity analysis. Instead of
plotting actual vapor load versus liquid load, a similar form
of plot will result if actual vapor load per cap (here the cap
row relative to inlet or outlet of tray is significant) versus
the liquid load per inch or foot of outlet weir length.

Although each plot must be for a specific system of con-
ditions, Figures 8-102 and 8-103 are extremely valuable in
analyzing the action of a bubble tray.

For Figure 8-103 Bolles points out that the cap loads for
inlet and outlet rows will be essentially balanced or “lined
out” when the shaded areas are equal.

From Figure 8-101, the region of satisfactory tray opera-
tion is bounded by performance irregularities. Here all
the caps are flowing vapor; the bubbling action is accept-
able from an efficiency standpoint; entrainment is within
design limits; there is no dumping (or back flow) of liquid
down the risers, and no undesirable vapor jetting around
the caps.
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Figure 8-103. Effect of liquid gradient on vapor distribution with 0.5
vapor distribution ratio. Used by permission, Bolles, W. L., Pet. Pro-
cessing, Feb. thru May (1956).

Tray Balance

A tray is in balance when it operates with acceptable effi-
ciency under conditions at or very near those of design.

Tray Flexibility

A tray is flexible when it operates with acceptable effi-
ciency under conditions which deviate significantly from
those established for design. The usual changes affecting
flexibility are vapor and/or liquid loading. A tray may
operate down to 50% and up to 120% of vapor load, and
down to 15% and up to 130% of liquid load and still be
efficient. Beyond these points its efficiency may fall off,
and the flexible limits of the tray would be established.

Tray Stability

A tray is stable when it can operate with acceptable effi-
ciencies under conditions that fluctuate, pulse, or surge,
developing unsteady conditions. This type of operation is
difficult to anticipate in design, and most trays will not
operate long without showing loss in efficiency.

Flooding

A bubble tray tower floods when the froth and foam in
the downcomer back up to the tray above and begin accu-
mulating on this tray. The downcomer then contains a
mixture of lower density than the clear liquid, its capacity
becomes limited, disengagement is reduced, and the level
rises in the downcomer. This level finally extends onto the
tray above, and will progress to the point of filling the col-
umn, if not detected and if the liquid and vapor loads are
not reduced. Flooding is generally associated with high
liquid load over a rather wide range of vapor rates. The
foaming tendencies of the liquid influence this action on
the tray. The design condition for height of clear liquid in
the downcomer for flooding is usually set at 0.60 to 0.80 of
(S¢ + hy). See Figure 8-63.

Pulsing

A bubble tray pulses when the vapor rate is low and
unsteady, when the slot opening is low (usually less than %
in.), and when the liquid dynamic seal is low. With irregu-
lar vapor flow entering the caps, the liquid pulses or
surges, even to the point of dumping or back-flowing lig-
uid down the risers. The best cure is a steady vapor rate
and good slot opening to allow for reasonable upsets.
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Blowing

A bubble tray blows when the vapor rate is extremely
high, regardless of the liquid rate, causing large vapor
streams or continuous bubbles to be blown through the
liquid. The efficiency and contact is low and entrainment
is usually high. Here also low slot seals contribute to the
sensitivity of the tray to such action,

Coning

A bubble tray cones when the liquid seal over the slot is
low and the vapor rate is so high as to force the liquid com-
pletely away from the cap, thus bypassing the liquid entire-
ly. Obviously, efficiency is unsatisfactory. The dynamic slot
seals recommended in Table 8-18 normally will prevent
such action.

Entrainment

A bubble tray has high entrainment when mist and liq-
uid particles carry up in the vapor from the liquid on one
tray through the riser and cap on to the tray above. Bub-
ble caps tend to entrain by jetting liquid-vapor mixtures
high above the tray. Sufficient tray spacing must be avail-
able to prevent the quantity of material from significantly
affecting the efficiency of the system. The quantitative pre-
sentation of entrainment in later paragraphs is designed
to work to this end.

Overdesign

Overdesign is often necessary in designing a tray,
although caution must be exercised to prevent a piling-up
or accumulation of safety factors resulting in numbers
which are totally unrealistic for performance. In other
words, the magnitude, effect, and significance of overca-
pacity figures must be continuously monitored as each fac-
tor is calculated. A factor of 10-15% on liquid and vapor
rates is usually acceptable. However, each should be

Table 8-18
Suggested Slot Seals
Tower Operating Static Slot Seal Dynamic Slot Seal
Pressure [15], In. [51, In.
Vacuum, 30-200 mm
Hg. abs 0-0.25 0.5-1.5
Atmospheric 0.5 1.0-2.0
50-~100 psig 1.0 1.5-3.0
300 psig 1.5 2.0-4.0
500 psig 1.5 2.04.0

Used by permission, Bolles, W. L., Petroleum Processing, Feb. thru May
(1956), and Davies, J. A., Pet. Refiner V. 29, No. 93 (1950}, Gulf Pub. Co.

checked relative to the effect on maximum cap vapor
capacity and entrainment, and on liquid gradient and
buildup in the downcomer.

Total Tray Pressure Drop

This is normally taken as the wet bubble cap pressure
drop plus the “mean dynamic slot seal” in inches of clear
or unaerated liquid on the tray.

Guide values for normal operations, drop per tray.

Pressure
2~4 in. water

Vacuum (500 mm Hg and below)
2—-4 mm Hg

Liquid Height Over Outlet Weir

For a straight (non-circular) weir, the head of liquid
over its flat top is given by the modified Francis Weir rcla-
tion (Figure 8-104; also see Figure 863):

how = 0.092 Fy, (Ly/1,)%/3 (8-222)

The modifying factor F,, developed by Bolles [5] for
restriction at the shell due to segmental downcomer appli-
cation is determined from Figure 8-105.

When hg,, values exceed 1% to 2 in., consider special
downcomers or down pipes to conserve cap area for high
vapor loads.

Notched outlet weirs (usually 60° V-notch) are only used
for low liquid flow rates, and the head over this type of
weir with notches running full [13].

Ly = 14.3 (1,/n) [how®? - (hgy — hp)%/2] (8-223)
For notches not running full
Lg =13.3 (Ly/n) (hey)5/2 (8-2234)

where hgy, = height of liquid crest over flat weir, in.
Iy, = length of weir (straight), feet
Ly = liquid flow rate, gallons per minute, tray or tray
section
n = depth of notches in weir, in.
hgy' = height of liquid above bottom of notch in weir, in.
h;, = depth of notches in weir, in.

For circular weirs (pipes) hg,, = Lg/ 10 d,, (8-224)

where d,, = diameter of circular weir, in.

Slot Opening

The slot opening is the vertical opening available for
vapor flow during operation of the cap under a given set
of conditions. It has been found to be essentially indepen-
dent of surface tension, viscosity and depth of liquid over
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the cap. When the required opening exceeds the avail- 1/2

able, the vapor will either flow under the cap, create V,, = 0.79 (Ay) |H, [PL -Pv)
greater pressure drop or both.

A. Caps with Rectangular Slots [60]

1/3

2/3

e
PL — Py Nc (Ns) (ws)

where hg = slot opening, or pressure drop through slot, in.

liquid

V = total vapor flow through tray, ft3/sec

N, = number of caps per tray

N; = number of slots per cap

w; = width of slot (rectangular), in.

Figure 8-106 presents a quick solution of this relation.

Maximum slot capacity [5]:

hg , Slot Opening - inches of Flowing Liquid on Tray

(8-226)

v

where A = total slot area per tray, ft?
H; = slot height, in.
Vi, = maximum allowable vapor load per tray, ft3/sec

(8-225)

B. Caps with Trapezoidal Slots
A trial solution is involved in determining the slot open-

ing for trapezoidal slots [5]. The relation for maximum
capacity at full slot opening is:

2( R, ) 4(1-R,
3l1+R,) 15(1+R,

_ \ 1/2
x [HS[P_L_p". ] (8-227)
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Figure 8-106. Opening of rectangular-vertical slots for bell type bubble cap. Used by permission, Stone and Webster Engineering Corp.,

Boston, Mass.
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where R = ratio of top to bottom widths of trapezoid slot.

Figure 8-107 is useful in solving for the slot height as a
percentage of the vapor capacity and of full opening.

Whenever possible, the slots should be designed to be
50-60% open to allow for pulses and surges in vapor flow.

Liquid Gradient Across Tray

The difference in height of liquid between the liquid
inlet and liquid outlet sides of a tray is the liquid gradient.
This is the result of frictional drag on the caps and inter-
nals plus resistance created by the bubbling action. A tray
with high liquid gradient may be operating inefficiently
and at reduced capacity if the rows of caps covered by high
liquid are not bubbling, thus forcing all the vapor through
the rows of caps nearer the tray outlet where the liquid
head is lower. Liquid gradient is one of the criteria which
must be checked to assure proper understanding of a tray
design and its performance.

The recommendation of Bolles [5] is based on the work
of Davies [14, 15] and serves the average design ade-
quately. It assumes an I.D. of bubble cap to I.D. of riser of
1.42 and this is close to the range for 85% of the installa-
tions. Small deviations will be negligible. It must be
remembered that the agreement between the several
investigators is good [24, 38, 44] but still lacks a final solu-
tion to all situations. In general, calculated values should
not be considered better than =0.2-in.
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Figure 8-107. Trapezoidal slot generalized correlation. Used by per-
mission, Bolles, W. L., Pet. Processing, Feb. thru May (1956).

The relation:

/Lg/lfw\

| "¢

Solve for left side expression, and determine (Q/L,)
from Figure 8-108, or use Figures 8-109-112

=258 (-Y—) (A2 [1.6 A, +3 (hl + 0'35)] (8-228)
1+y ¥

where  Lg = total liquid load in tray or tray section, gpm
Ly, = Ig, = total flow width across tray normal to flow, ft
C4 = liquid gradient factor (Ref. 5, Figure 7, not
needed to solve
¥ = ratio of distance between caps to cap diameter
A’p = liquid gradient per row of caps, uncorrected, in.
h; = depth of clear liquid on tray, in.
s = cap skirt clearance, in.
Ly =g
Q-1

hy = hy + hoy + A/2 (8-229)

Some designers use A/5 to A/3 in place of A/2.

The charts of Figures 8-109-112 were developed [5]
from the modified Davies equation to simplify the solution
of a tedious problem. The mean tray width is usually taken
as average of weir length and column diameter. Special
tray patterns may indicate another mean value.

The values of liquid gradient read from these charts are
uncorrected for vapor flow. This correction is a multiplier
read from Figure 8-113.

Corrected A = A'C, (8-230)

Vo =V = vapor load for tray, ft3/sec

Although this method appears to be conservative for
the average case, it is not strictly correct for towers with lig-

(text continued on page 166)
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Figure 8-108. Modified liquid gradient factor chart for no hold-down
bars. Used by permission, Bolles, W. L. Pet. Processing, Feb. thru
May (1956).
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Figure 8-110. Liquid gradient chart—cap spacing 31.25% cap diameter. Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956).
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Figure 8-111. Liquid gradient chart—cap spacing 37.5% cap diameter. Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956).

UNCORRECTED LIQUID GRADIENT PER ROW OF CAPS, HUNDREDTHS INCHES
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Figure 8-112. Liquid gradient chart—cap spacing 50% cap diameter. Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956).
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Figure 8-113. Correction of liquid gradient for vapor load. Used by
permission, © The American Chemical Society, Davies, J. A., Ind. and
Eng. Chem, V. 39, (1947) p. 774.

(text continued from page 161)

uid flowing over the cap. Therefore it would be well to
check the results of gradients over 1.0 in. by comparing
with some of the other methods and with the tabulation of
data of Reference 38.

Adjustments to the tray or caps is usually not considered
unless the calculated gradient exceeds % to 1 in. liquid.
Several schemes are in use:

1. Raise cap in inlet half of tower by one-fourth to one-
half the calculated gradient, but not exceeding 1 in.

2. For large towers (usually over 8 ft in diameter) check
the hydraulic gradient for sections of the tray normal
to liquid flow, adjusting each section by not more
than one-half the gradient.

3. Slope the trays downward from liquid inlet to outlet,
with the total drop from inlet to outlet weir not
exceeding one-half the calculated gradient.

4. Cascading the tray by using weirs as dams to divide the
tray in steps, each step or section of the tray having no
significant gradient from its inlet to outlet. This is usu-
ally only considered for trays 10 ft in dia. and larger, as
it adds considerably to the cost of each tray.

5. More elaborate tests and adjustments can be made
[5]. However, they are usually unnecessary except in
unusual cases of very high liquid loads and/or large
columns,

In any case, the average head over the cap slots for the
section should approximately equal the average head over
the adjoining sections, and the inlet and outlets of the sec-
tion should not be extreme, even though the average is
acceptable. The object of fairly uniform head over the
slots should be kept in mind when reviewing the gradient
adjustments.

Riser and Reversal Pressure Drop

The method proposed by Bolles fits the average design
problem quite satisfactorily. However, for low pressure
drop designs as in vacuum towers, it may well require
checking by the more detailed method of Dauphine [13].

A. Bolles’ Design Method [5]:

Solve for the combined riser, reversal, annulus, and slot
pressure drop by:

fpe = Ke (pr-v pv) (Alr)

The constant, K, is obtained from Figure 8-114, noting
that the annular area between riser and cap must always
be larger than the riser area for K. to be valid.

2

(8-231)

where hp, = cap assembly pressure drop, including drop
through riser, reversal, annulus, slots, in. liquid
A, = total riser area per tray, ft?
K. = constant for Bolles bubble cap pressure drop equa-
tion, Figure 8-114

B. Modified Dauphine Relations [5, 11]:

1. Riser pressure drop
(1) Reversal Area Greater than Riser Area

d v 2.09
h, =0.111-%| (p, )V2 (-—) (8-232)
PL A;
(2) Reversal Area Less than Riser Area
4 v 2.1
h, =0.099L (a_/2,)2 | (o, )2 [—)] (8-233)
PL Ar

2. Reversal and annulus pressure drop

The reversal area is the area of the cylindrical verti-
cal plane between the top of the riser and the under-
side of the bubble cap through which the incoming
vapor must pass. The vapor then moves into the annu-
lus area between the inside diameter of the cap and
the outside diameter of the riser before entering the
slots in the cap.
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;——Kc , CONSTANT
0.8 o

0.7 :
oot Koo ) (o ’
pe” e PPy /\ A
0.6
0.5
~REVERSAL AREA=
0.4 1.35 x AVERAGE OF RISER AND ANNULAR AREAS
0.3 -
10 1. 12 1.3 14 ]

RATIO: ANNULAR/RISER AREA

Figure 8-114. Bubble cap pressure drop constant (Bolles’ Method).
Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May
(1956).

The pressure drop due to reversal is independent
of slot height and riser height as long as riser height
is greater than 2 in. and the cap slot height does not
exceed the riser height [13]. When riser height is less
than 2 in., the reversal pressure drop increases as long
as the slot height is less than the riser height.

For riser height greater than 2.5 in.:

1.71
n 2
b, = 068 [/ 222 \(pv)w( V)

(8-2%4)
PL ay a¢ Ay

3. Dry cap pressure drop: rectangular slots.
The slot pressure drop through the dry cap increas-
es nearly linearly with cap diameter.

L [ (de py)/2 (1) " (8-285)
PL Ar
4. Total dry cap pressure drop
h'c=h, +hgy + h'; (8-236)
5. Wet cap pressure drop
he=h'e/Cy (8-237)

The correction factor, G, is obtained from Figure
8-115. Figure 8-115 applies to cap slots 1 in. through
2 in., and if slots are smaller (around ¥ in.) the Gy
factor increases about 25% average (10-50%). The
relation applies only to the pressure drop attributable
to the conditions of liquid on the tray up to the top of
the slots.

——Cw, WET CAP PRESSURE DROP CORRECTION FACTOR
1.0
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Figure 8-115. Correction for wet pressure drop, C,,, (after Dauphine);

used by permission, Bolles, W. L., Pef. Processing, Feb. thru May
(1956), using data of Dauphine [13].

6. Total bubble cap pressure drop

he = hpe + by (8-238)
h, from Equation 8-225 and Figure 8-106

Total Pressure Drop Through Tray

A. Bolles’ Method

hy = (bpc + hg) + hgg + hoy + A/2 (8-239)

B. Dauphine Method

hy =he + hy + hgy + A/2 (8-240)

Downcomer Pressure Drop

The head loss in liquid flowing down the downcomer,
under its underflow edge (and up over an inlet weir, if
used) and onto the tray is important in determining the
back up of liquid in the downcomer. There are many sug-
gested relations representing this head loss.

A. Segmental Type Downcomer

1. Downcomer friction loss plus underflow loss
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2

Lg

hgy = 0.56 | ——8— (8-241)
449 (Aq)

or, (alternate)

L2
gy =0.08| —=-—| ,in. liquid (8-242)
=T 00a9) |

2. Loss through inlet weir

When an inlet weir is used, the additional resistance to
flow may be approximated by:

h'q = 0.3 v34, (8-243)

B. Circular or Pipe-Type Downcomer

These downcomers are suggested only where liquid flow
is relatively small for the required tower diameter, allowing
a maximum of space for bubble caps.

hgc = 0.06 (Lg/ag)? (8-244)

Liquid Height in Downcomer

The backup of clear liquid during flowing conditions
must be determined in order to set the proper tray spac-
ing. Tray spacing is usually set at twice the liquid height in
the downcomer. This can be adjusted to suit the particular
system conditions.

Hyg=hy+hgy+A+hg+h (8-245)

Downcomer Seal

The importance of the downcomer seal is to prevent
vapor from the tray from bubbling into the downcomer
(see Figure 8-63), whether the trays are bubble cap, valve
or sieve types. If a seal weir is not included in the tray
design, then operation problems to avoid flooding, weep-
ing and unstable performance, including pressure drop,
are increased, particularly during the start-up phase.

The major factors governing the proper design for clearance
under the downcomer (see Figure 863), and the distance
between the bottom of the downcomer and the tray it is
emptying onto are [190]: (a) downcomer sealing, (b) down-
comer pressure drop, and (c) fouling and/or corrosive
nature of the fluids. The smaller the clearance, the more sta-
ble will be the tray startup due to the greater restriction to
vapor flow into and up the empty liquid downcomer.

Referring to Figure 863, the weir height, hy, must
always be greater than the clearance under the downcom-
er, i.e., between bottom of downcomer and tray floor, hgc1.
Always avoid too low clearance as this can cause flooding
of liquid in the downcomer. There are flow conditions

where this condition may not be valid, therefore, the tray
flow range from start-up to overload should be examined
by the designer before finalizing the physical details.

Some authors recommend clearance of X in. to ¥ in. less
than the tray weir height, but always greater than ) in. [190].

The bottom of the downcomer must be sealed below
the operating liquid level on the tray. Due to tolerance in
fabrication and tray level, it is customary to set the down-
comer seal referenced to the weir height on the outlet side
of the tray. Recommended seals, based on no inlet weir
adjacent to the downcomer, and referenced as mentioned
are given in Table 819.

For trays with inlet weirs, seal values may be reduced if
necessary for high flow conditions. A good tray design is
centered about a 1.5-in. clearance distance between tray
floor and bottom of downcomer edge.

Tray Spacing

Adequate tray spacing is important to proper tray opera-
tion during normal as well as surging, foaming, and pulsing
conditions. Because the downcomer is the area of direct
connection to the tray above, the flooding of a tray carries
to the tray above. To dampen the response, the tray must be
adequately sealed at the downcomer and the spacing
between trays must be approximately twice the backup
height of liquid in the downcomer. Thus for normal design:

St=2Hg

where §; = tray spacing, in.
Hy = height of liquid in downcomer, in.

Once foam or froth in the downcomer backs up to the
tray above, it tends to be re-entrained in the overflowing
liquid, making it apparently lighter, and accentuating this
height of liquidfoam mixture in the downcomer. The
downcomer must be adequate to separate and disengage
this mixture, allowing clear liquid (fairly free of bubbles)
to flow under the downcomer seal.

A tray inlet weir tends to ensure sealing of the down-
comer, preventing the bubbling caps from discharging a
mixture into the downcomer.

Table 8-19
Downcomer Liquid Seal [15]

Tower Diameter, Seal, Outlet Weir Height minus Distance
Ft Downcomer Off Tray Floor, In.
6 and below 0.5
7-12 1
13 and above 1.5

Used by permission, Davies, J. A., Pet. Refiner; V. 29 (1950) p. 121. Gulf
Publishing Co., all rights reserved.
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The residence time in the downcomers is another crite-
rion of adequate tray spacing.

Residence Time in Downcomers

To provide reasonably adequate time for disengage-
ment of foam and froth from the liquid in the downcom-
er, the total downcomer volume is checked against a min-
imum allowable average residence time of 5 seconds.

For various foaming characteristics of the liquid of the
system, Kister [190] reports a recommendation of W. L
Bolles based on course lectures at the University of New
South Wales and the University of Sydney as follows:

Foaming Residence Time,
Tendency Example Seconds
Low Low MW hydrocarbons, 3

and alcohols
Medium  Medium MW hydrocarbons 4
High Mineral oil absorbers 5
Very High Amines, glycols 7

Table 8-20 gives suggested downcomer clear liquid
velocities based on relative foaming characteristics of the
fluid on the tray at tray conditions.

Liquid Entrainment from Bubble Cap Trays

The work of Simkin, Strand, and Olney [64] correlates
most of the work of other investigators, and can be used
for estimation of probable entrainment from bubble cap
trays as shown in Figure 8-116. It is recommended that
the liquid entrainment for design be limited to 0.10
mols/mol dry vapor.

Eduljee’s [19] correlation of literature data appears to
offer a route to evaluating the effect of entrainment on
tray spacing and efficiency. It is suggested as another
check on other methods. Figure 8-117 may be used as rec-
ommended:

Table 8-20
Suggested Downcomer Velocities
Approximate System Foaming Characteristics
Tray Spacing, Allowable Clear Liquid Velocities, ft/sec
In. High Medium Low
18 0.15-0.2 0.35-0.42 0.45-0.52
24 0.25-0.32 0.48-0.52 0.55-0.60
... 3% _ __ 030035 048052 _ 0.65-0.70_
Typical Repre- Amine, Oil systems  Gasoline,
sentative System Glycerine Light Hydro-
carbons

Used by permission, Pet. Processing, Bolles, W. L., Feb. thru May (1956).
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Figure 8-116. Correlation of entrainment for bubble caps. Used by
permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956),
using data of Simkin et al. [64].
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Figure 8-117. Eduljee’s entrainment correlation for bubble caps.
Used by permission, Eduljee, H. E., British Chemical Engineer, Sept.
(1958).

1. Assume or establish a level of acceptable entrain-
ment, such as 10 mols liquid /100 mols vapor.

2. Determine effect on efficiency by Colburn’s relation
(see Efficiency section).

3. Calculate total entrainment as pounds of liquid per
hour, based on total vapor flow in tower.

4. Determine area of tray above caps (equals tower
area minus area of two downcomers for cross-flow
tower).
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5. Calculate liquid entrainment, W', as pounds of lig-
uid per square foot of net tray area, equals (Step
8)/(Step 4), Ibs/hr (ft?)

6. Calculate vapor velocity, v, based on area of (Step

4), ft/sec

. Calculate density factor, [py/py. ~ py) 1172

. Calculate v [py/ (p1. - pv)11/2

. From Figure 8117, read Log W.*

10. Calculate S” from

Log W*, =Log W', +2.59 Log S" + Log n + 0.4 Log G

O O~

11. Assume a foam height, by, of approximately twice the
height of the dynamic tray seal, in. This agrees with
several investigators for medium foaming systems.

12. Minimum tray spacing S; = hg + §’, in.

where vg = vapor velocity based on free area above caps (not
including two downcomers), ft/sec
We* = entrainment corrected for liquid properties and
plate spacing
We =liquid entrainment mass velocity, Ibs entrainment
per minute per/ ft2, based on net tray area.
S' = effective tray spacing, distance between top of
foam, froth, or bubbles, and tray above, in.
S” = clear height above foam or froth (equals tray spac-
ing minus foam height above tray floor), ft

u = viscosity of liquid, centipoise

o = surface tension of liquid, dynes/cm

W.' = entrainment (based on assumed allowance) lbs
liquid/ (£t2 free plate area) (hr)
h¢ = height of top of foam above tray floor, in.

Free Height in Downcomer

F =S+ hy, - Hy (8-246)

Slot Seal

The static slot seal is the fixed distance between the top
of the outlet weir and top of the bubble cap slots.

The actual operating or dynamic slot seal is more
indicative of conditions pertaining to the tray in operation
and is [B]:
hgs = hes + hoy + A/2 (8-247)

Note that this seal varies across the tray, although the
tray design must be such as to make the value of hys near-
ly the same for each row of caps.

In order to ensure good efficiencies and yet a definite
seal consistent with allowable pressure drops, suggested

values for hys are modified from the references and shown
in Table 8-18.

Bolles [5] recommends dynamic slot seals on bubble
caps to check against calculated values. See Table 8-18.

Inlet Weir

The inlet weir, see Figure 892, for any tray, i.e., bubble
cap, valve or sieve, is important in ensuring a seal on the
inlet downcomer as well as maintaining a more uniform
liquid level across the flowing tray. The recessed seal pan,
Figure 8-63, provides the same benefits plus it reduces
sieve tray leakage on the inlet side of the tray due to lower
immediate liquid head increase usually occurring at the
tray weir. It is necessary to drill weep holes for drainage of
the tray at shut-down in the blocked-off inlet weir area, but
limit the number and size of holes to avoid excessive weep-
drainage during tray operation.

Bottom Tray Seal Pan

This seal acts like a typical downcomer seal from the tray
above, and should be dimensioned approximately the
same, except:

1. To avoid liquid backup in the downcomer, provide a
downcomer height that is about 1.5 times the select-
ed tray spacing in the column,

2. To ensure non-surging liquid flow under the down-
comer, use a clearance, hg.), of at least 3 times the
design for the other trays, or a minimum of 2 in. to 4 in.

3. Enlarge the clearance between the downcomer face
and the inlet weir (or equivalent), (see Figure 892
or 63) to 1.5 to 2 times the dimensions used for the
other trays.

4. Provide drainage holes in seal pan to allow adequate
drainage, flushing and cleaning, but not too large
(number) to prevent liquid backup sufficient to
maintain a seal on the tray.

Throw Over Outlet Segmental Weir

To ensure unobstructed vapor passage above the froth
and liquid in the downcomer from a tray, the liquid mixture
must not throw against the shell wall. The distance of throw
over the weir is given by Reference 5. See Figure 8-63.

ty = 0.8 [how (F)11/2, in, (8-248)

he =S, + hy, - Hy, in. (8-249)

For center downcomers as in a two-pass design, the
throw must be conservatively less than a distance that
would cause the opposing streams entering the same
downcomer to interfere with each other. Sometimes the
installation of a splash baffle will help avoid conditions
leading to flooding and loss of tray efficiency.
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Vapor Distribution
The vapor distribution approximation
R, = A/h,

is an indication of the uniformity of vapor flow through the
caps on the inlet side of the tray to those on the outlet side
and the tendency of inlet caps to stop bubbling. Davies [14,
15] recommends values for the ratio of 0.4, not to exceed
0.6; Bolles recommends 0.5. Only at values around 0.1 is
essentially uniform vapor flow maintained through all the
caps. As the R, ratio increases, a smaller percentage of the
vapor flows through the inlet tray caps and a larger per-
centage is shifted to the outlet caps. This crossflow of
vapor increases the effect of A on the tray and accentuates
the problem. Unfortunately it is often overlooked in many
tray examinations. When the ratio reaches the value equal
to the cap drop at full slot capacity (usually 1.75 to 2.5 in.)
liquid will flow or dump back down the risers at the inlet
row of caps. This is definitely improper tray operation, pro-
viding markedly reduced tray efficiencies.

For stepped caps (tray level, risers of different heights)
or cascade tray (tray consisting of two or more levels) care
must be taken to analyze all the conditions associated with
level changes on the tray. Reference 5 discusses this in
some detail.

Bubble Cap Tray Design and Evaluation
Example 8-36: Bubble Cap Tray Design

Check the trays for a finishing tower operating under
vacuum of 75 mm Hg at the top. The estimated pressure
drop for the twenty trays should not exceed 50-60 mm Hg.
Fifteen trays are in the rectifying section, five in the strip-
ping section.

Following the suggested form, and starting with the
standard tray design existing in the unit, the calculations
will be made to check this tray, making modifications if
necessary. The 6-ft 0-in. diameter tower was designed orig-
inally for a significantly different load, but is to be consid-
ered for the new service. The tray features are outlined in
Table 8-16. It becomes obvious that the tray is too large for
the requirements, but should perform reasonably well.
The weakest point in performance is the low slot velocity.

Tray Design*®

Tower application or service: Product Finishing
Tower Inside Diameter: 6 ft, 0 in.
Tray Type: Cross Flow

*Adapted by permission from Ref. 15, modified to suit recommendations
offered in this presentation.

Tray Spacing, 24 in.; Type outlet weir: End

Note: Tray spacing was set when the 6-ft, 0-in. diameter
was determined.

No. downcomers/tray I; Located: End

Cap Data:

(1) Cap LD., ID, 3% in., Spacing: 5% in. A 60° centers

(2) Total height, 3'%s in.

(3) No./tray, N, 129

(4) Slots: No., Ng, 50

(3) Height, Hy, 1% in.

(6) Width, wy, %4 in.

(7) Skirt Height, s, % in.

(8) Shroud Ring height, hg, % in.

(9) Height of inside surface of cap above tray, 3.94 in.
(10) Riser ID., 2.68 in.
(11) Riser height above tray floor, 3 in.

Areas:

(12) Riser inside cross-sectional, a,, 5.43 in.2 per riser

(13) Total riser inside cross-sect. area/tray, A, 4.95 ft?

(14) Riser outside crosssectional area a,, 5.94 in2 per
riser. Riser is 2%in O.D.; £2.752/4 = 5.94

(15) Cap inside cross-sectional area a., 11.79 in? per
cap. Cap is 3%in. LD.; n(3%)2/4 = 11.79

(16) Total cap inside cross-sectional area, A, 10.53 ft2

(17) Annular area per cap, a,, in.2, (11.79 - 5.94) = 5.85

(18) Total annular area per tray, A,, 5.24 ft2

(19) Reversal area per cap, ar, in.2 = 1(2.69) (8.94 - 3.0)
=795.d = (2.75 + 2.63) /2 = 2.69 in.

(20) Total reversal area, per tray, Ay, ft® (129/144)
(7.95) = 7.12

(21) Slot area per cap, a5, (50) (%) (1.5) =9.39 in.2

(22) Total slot area per tray, A, 8.40 ft?

Tray Details

(23) Length of outlet overflow weir, 1, 4.0 ft

(24) Height of weir (weir setting) above tray floor, hy,
2.5 in.

(25) Inlet weir (downcomer side) length (if used), 4.0 ft

(26) Inlet weir height above tray floor, 3 in.

(27) Height of top of cap slots above tray floor, 2 in.

(28) Static slot submergence or static slot seal (2.5-2.0),
hg, 0.5 in.

(29) Height of bottom of downcomer above tray floor,
2% in.

(830) Downcomer flow areas: (a) Between downcomer
and tower shell, 0.886 ft?

(31) (b) Between bottom downcomer and tray floor,
0.710 fi2

(32) (c) Between downcomer and inlet weir, 0.740 fi2

(33) Riser slot seal, (3.0 — 2), 1.0 in.
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Tray Operations Summary and
Pressure Drop Top Bottom
A. Tray number 20 1
B. Operating pressure, mm. Hg 75 100
C. Operating temperature, °F 60 100
D. Vapor flow, Ibs/hr 6,565 6,565
E. Vapor volume, f3/sec @
operating conditions, V 132.2 105
F. Vapor density, 1bs/ft? operating
conditions 0.0138  0.01735
G. Liquid flow, gallons/minute, L, 3.74 3.74
H. Liquid flow, Ibs/hr., L' 1,515 1,515
L. Liquid flow, ft3/sec @ operating
conditions 0.00834 0.00776
J. Liquid density, lbs/ft3 @ operating
conditions 50.5 54.2
K. Superficial vapor velocity, based
on Tower L.D., ft/sec, 132.2/28.28  4.67 3.7
L. Vapor velocity based on cap area
between inlet and outlet weirs,
ft/sec 132/[28.28 — 2(2.12)] 5.49 4.37
M. Volume of downcomer: Area top
segment, Perry’s Hdbk. 3rd Ed.
pg- 32. h/D = 9¥%s in./72 =
0.1276, A = 0.05799(6)2 = 2.08 fi?  4.04 4.04
Lower taper, use h @ % of vert.
taper for estimate. 8/72 = 0.111,
A = 0.04763(6)2 = 1.71 ft2 Volume
= (2.08) (0.5) + (1.71) (21/12) = 4.04 f3
N. Liquid residence time in downcomer,
seconds, (4.04)/0.00834 = 485 485 520
O. Throw over downcomer weir
(sideflow), inches 1.17 1.17
P. Throw over downcomer weir
(center flow), min. = — —
Q. Tray layout, actual downcomer 9%s 9%e
width, in. 5% 5%
Taper downcomer has 6 in. vertical
dimension at 9%s in. wide. Tapers to
5% in., 24 in. below tray.
R. Slot velocity: minimum 8.4 /(pg)1/2
ft/sec 29 25.9
S. Slot velocity: maximom = 12.1/
(pG)1/2 =12.1/(.0138)!/2 and 12.1/
(0.01735)1/2, ft/sec 103.1 92
T. Slot velocity: Superficial, u, =
V/As=132.2/8.40 and 105/8.4
ft/sec 15.7 12.5
Pressure Drop, Inches Liquid on Tray Top Bottom

a. Height of liquid over weir (straight weir)
Lg/ ()25 = 3.74/(48/12)%5 = 0.1168
1,/D = 4/6 = 0.667
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Read F, = 1.018 from Figure 8105
how = 0.092 (1.018) (8.74/4)%/3

Use % in.-V-notched weir, 2.5 in. from
tray floor to bottom of notch. This

is necessary because of low liquid flow.

b. Static submergence, hg, in.

c. Caps
Modified Dauphine and Cicalese,
[11, 18] dry cap basis.

1. Riser pressure drop, reversal area
greater than riser area.

50.5 4.95

0.0989

0.5

2.09
h, =0.111 (2_@) [(0.0138)1/2 (132.2)}

= 0.06333
2. Reversal and annulus pressure drop
Riser height > 2.5 in.

92(5.48)2
(7.95) (11.79)

= ?662 [ (0.0138)Y/2 (
folUN
= 0.043

3. Rectangular slot dry pressure drop

~ 0.163

hl
* 505

1.
1/2 132.2)
[[3.875 (0.0138)1 (—8.40 ]

= 0.0308
4. Total dry cap pressure drop
h'c = h; + hy, + hy' = 0.0633
+0.045 + 0.0308 = 0.139
5. Wet cap pressure drop

)

1/2
1322 [0.0138 (9.39)] —0.85

1/2
v

A

"~ 840 | 505 \5.85

From Figure 8-115, C,, = 0.16
h.=h.//Cy =0.1391/0.16 = 0.87
6. Check maximum pressure drop
through wet caps:
h, max. = 0.0633 + 0.045 +
(1.5 + 0.25), in.
Since h, is less than h max., cap is
O.K. and not blowing under shroud
ring
Bolles’ recommendation
7. Riser, reversal, annulus pressure drop
a,/a; = 5.85/5.43 = 1.075
From Figure 8-114, K, = 0.598

132.2)
4.95

0.0633

1.71

0.045

78

0.0308

0.1391

0.87

1.8

0.0989

0.5

0.0462

0.0322

0.0231

0.1015

0.847

1.3
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0.118 0.0861

2

0.0138 (1822
ho,c = 0.598
pe= o2 (50.5—0.0138](4.95)

8. Slot pressure drop, Rectangular slots

2/3

/3!
oo138 )"

] 132.2
50.5 - 0.0138 [129 (50) (%)J

= 0.626
d. Liquid Gradient
Mean tray width = (4 + 6)/2 =5 ft
GPM/ft mean tray width = 3.74/5 = 0.75
Assumed mean liquid depth, hy =
2.5 +0.0989 + 0.1
Uncorrected A’ /row caps = approx.
0.02 in.
Vo (py)1/2 = 4.67 (0.0138)1/2 = 0.548
C,, from Figure 8113 = estimated
0.55 (off chart)
No. cap rows = 11
Corrected A = (0.02) (0.548) (11)
= 0.1206 inches 0.12 0.2
A/2, inches (essentially negligible
in this case) 0.06 0.06
e. Total pressure drop per tray, in. liquid
1. Modified Dauphine
hy = he + hg + how + A/2
h, = 0.87 + 0.5 + 0.0989 + 0.06
2. Bolles
he¢=hpc + hy + hg +hoy + A/2 =
0.118 + 0.626 + 0.5 + 0.0989 +
0.06 1.502
f. Pressure drop for 15 trays in
rectifying section
1. Modified Dauphine, 15 (1.528)
= 22.9 in. liquid = 34.2 mm
Hg 34.2 mm
2. Bolles, 15 {1.502) = 22.4 inches
liquid = 33.4 mm Hg
Pressure drop for 5 trays in
stripping section
1. Modified Dauphine, 5 (1.505)
= 7.52 in. liquid =
2. Bolles, 5 (1.42) = 6.56 in. liquid =
Total pressure drop for 20 trays
1. Modified Dauphine
2. Bolles
g. Height liquid in downcomer
1. Segmental, underflow plus
friction

hs=32(

0.626 0.566

1.528 1.505

1.310

33.4 mm

11.1 mm
9.7 mm

45.3 mm

43.1 mm

0.000077  0.000077

2

hay = 0.56( —2/%__
449 (0.710)

2. Segmental, upflow when inlet
weir used Neg. Neg.
hy' = 0.8 vg,2
3. Total segmental loss, hg
. Circular downspout
5. Liquid height in downcomer
Hd=hw+how+hd+ht+A
= 2.5 + 0.0989 + 0.000077 +
1.638 + 0.35 4.58 4.56
6. Free height in downcomer
F=S+hy-Hg=24+
2.5 - 4.58
7. Throw over weir
tw = 0.8 [hoy (F)]1/2
= 0.8 [0.0989 (21.69)]1/2 1.17 1.17
h. Vapor distribution ratio

0.000077  0.000077

A

21.69

R;=A/h.=0.12/0.87 0.138 0.141
i. Slot seal
Dynamic, hgg = hg + hgy +
A/2 =05+ 0.0989 + 0.06 0.65 0.65
Liguid Velocity in Downcomer

Minimum cross-section area of downcomer = 0.886 ft2

Liquid rate = 0.00834 ft3/sec
Velocity = 0.00884/0.886 = 0.00942 ft/sec

This is very low and confirms that there should be
ample disengaging capacity in the downcomers. The
downcomers are too large for good design.

Slot Velocity

The results of lines R, S, and T indicate that the vapor
velocity through the cap slots is lJower than desirable for
good bubbling.

Slot Opening
The slot opening, hs, given in line ¢8 is only slightly

lower than the normal design of 50-60% of Hj, or 0.75 in.
to 0.90 in.

Vapor Distribution Ratio

The values of line (h) are quite in line with good vapor
flow through all the caps. This is as would be expected,
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since the hydraulic gradient is low; too low to require any
compensation.

Liquid Entrainment
ve=132.2/[28.28 - 2(2.12)] = 5.5 ft/sec

1/2

278 1075 v, [ Py )
St PL — Py

1/2
~ 278 | 1075 (5.5) [ 0138 __
24 50.5— 0.0138

=1.13 + 0.978 = 2.108

Reading Figure 8-116
For 27 dynes/cm surface tension

We/hgy + g + hy = 0.026

W, = (.026)(0.098 + 0.5 + 0.626) = 0.0317 1bs/min £i2)
Entrainment = (0.0317) [28.28 - 2(2.12)] = 0.764 lbs/min
Entrainment ratio = 0.764/ (6565,/60) = .00698

This value of entrainment is negligible. For a new col-
umn design, this would indicate that the tower was too
large, and a smaller shell should be considered.

Top Removable Manway

Typical Ring Support,
Shop or Field Welded
to Tower Wall.

Large Diameter Tray
Supported by Major
Beam.

Conclusion

This is not a good tray design, but it should operate.
However, a reduced efficiency is to be expected due to low
vapor velocities.

Because the liquid flow is low also, J-in. v-notched weirs
should be used to ensure uniform flow and level across the
tray. The bottom of the notches should be 2.5 in. above
the tray floor.

Sieve Trays with Downcomers

The performance analysis of these trays is quite similar
to bubble caps, but more so to valve trays, because the tray
has the same basic mechanical features. The difference
being that bubble caps and valves are replaced by perfo-
rations or holes in the tray for entrance of the gas to the
liquid on the tray. Figures 8-67A and 8-118 and 119 repre-
sent the general construction of a sieve tray.

Sieve trays have been used in both clean and fouling ser-
vice, including solutions of suspended particles. The bub-
bling action seems to wash the solids down from tray to
tray provided there are no corners or “dead” spots on the
tray. Sieve trays are preferably selected for applications
which can be operated at from 50-100% of capacity with-
out too sudden a surge from one rate to another signifi-
cantly different. When operating within the design range,
the efficiency of these trays for many systems is better than

Varied Beam Designs-
Fabricated to Meet
Specific Job Demands.

Top and Botfom

/ Removable Manray.

Perforated to Meet
Individua! Requirements

Perforated Shower
Tray

Special Supporting Ring

Downcomer-
Affixed to a
Downcomer Bar

Weir - Fixed or
\\Adjusfqble , per
Specifications
{or as Required).

Disc or Accummulator
Trays-and Traps,Seal
Pans and Draw Off

Boxes Fabricated to
Your own Design
Specifications.

Figure 8-118, Sieve tray with downcomers, tower
assembly. Used by permission, Hendrick Mfg. Co.



Distillation 175

Downcomer and Weir

Manway

Major Beam

Major Beam Clamp =

Welded to Tower Wall

Stilling Area

Tray Support Ring

Minor Beam

Minor Beam

Minor Beam
Support Clamps

Subsupport Angle Ring

Support Clamps

Peripheral Ring Clamps-
Note Siotted Tray,
Frictionally Held to
Promote Breathing.

Subsupport Tray Ring-
Used with Angle Ring.

Figure 8-119. Sieve tray with downcomers, tray components. Used by permission, Hendrick Mfg. Co.

for bubble cap trays, although without specific test data it
is still impossible to safely take advantage of this feature of
performance.

In some sieves the capacity is 1.5 to as much as 3 times
that of a bubble cap tray provided careful consideration
has been given to all design features.

The “type tray” guide proposed by Huang and Hodson
[30] serves to identify the major breaks in type of tray
design (Figure 8120). In the region between types, the
selection is not sharp and the design should be evaluated
based on other criteria.

2,000

1,000
.; SOOE- Double Pass
S -
< B
S 200}~
g Cross Flow
s 100
= -
3 o
= 50_
=3
T B
- 20} Reverse Flow

o 1 L1 1l I
2 3 4 5678910 20

Tower Diameter ,Feet

Figure 8-120. Selection guide, perforated trays with downcomers.
Used by permission, Chen-Jung and Hodson, J. R. Petroleum Refin-
er, V. 37 (1958) p. 104, Gulf Publishing Co., all rights reserved.

Various aspects of sieve tray performance have been
studied [30, 31, 33, 36, 41, 42, 45, 71, 78] and several
design methods have been recommended [30, 31, 41, 42
189, 197]. The following composite method has given
good performance in operating towers, and is based on
satisfying the three critical capacity features, i.e., entrain-
ment, flooding, and weeping.

The action on this type of tray seems to produce fewer
jets of liquid froth than a bubble cap tray. The entrain-
ment from the surface of the bubbling liquid-froth mix-
ture is less (about %) than a bubble cap tray for the same
superficial tower velocity and tray spacing. Generally the
trays will flood before capacity reaches a limitation set by
entrainment.

The proprietary “Linde Tray,” Figure 8-67C, is a proven
tray design used for new installations [198], and also often
for improving the performance of existing distillation
columns by replacing the older and possibly less efficient
trays. One of the advantages of this type tray is its capabil-
ity of being installed at tray spacings as low as 9 to 10 in.
and frequently at 12 in. The tray efficiency varies with the
distillation system, but as a general guide, will be equal to
that of a multipass tray.

A definition of terms, some more related to sieve trays
than other types, are provided by Chase [192] (used by
permission, Chem. Eng., July 31, 1967):

Cross flow: Liquid flowing across a plate (rather than
straight down through the holes) so that it falls to the
plate below through a channel at one side of the plate.
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Liquid throw: The horizontal distance traveled by the lig-
uid after flowing over a weir.

Dual flow: Both liquid and vapor pass through the per-
forations on the tray; there are no downcomers.

Radial flow: Liquid flowing radially from, or to, an inlet
(or outlet) located at the center of the tray, to (or from)
downcomers (or inlets) at the tray periphery.

Reverse flow: Liquid flowing from the inlet on one side of
the tray (around a center baffle) reverses its direction at
the other side of the tray, and flows back to the downcom-
er on the same side of the tray where the inlet is.

Split flow: Liquid flow across the tray is split into two or
more flow paths.

Double pass: A splitflow tray with two liquid flowpaths on
each tray. Each path handles half of the total liquid flow.

Blowing: A condition where the rising vapor punches
holes through the liquid layer on a tray and usually carries
large drops and slugs of liquid to the next tray.

Coning: A condition where the rising vapor pushes the
liquid back from the top of the hole, and passes upward
with poor liquid contact.

Dumping: A condition caused by low vapor rates where
all of the liquid falls through some holes (rather than over
the weir) to the tray below, and vapor rises through the
remaining holes.

Raining: A condition similar to dumping (no liquid goes
over the weir) except that, because of higher vapor rates,
the liquid fall through the holes is more uniform.

Weeping: A condition occurring when the vapor rate is
not large enough to hold all the liquid on the tray, so that
part of the liquid flows over the outlet weir while the rest
falls through the holes.

Flooding: A condition that gives rise to a sharp decline in
tray efficiency and a sharp increase in pressure drop.
Flooding is commonly due to either an excessive carryover
of liquid to the next tray, or to an inability of the system to
convey the liquid flow to the tray below.

Oscillation: A wave-type motion of the liquid on the tray,
perpendicular to the normal direction of flow.

Seal point: The point at which a weeping condition
changes to raining.

Injection regime: A condition in which the liquid above
the plate is in the form of individual drops dispersed in
the vapor; thus, there is virtually no mixing in the main
bulk of the liquid.

Stable regime: The preferable hydrodynamic condition of
the aerated liquid on a sieve tray. The aerated material
exists as a stable froth; gas-liquid contact is good.

Turndown ratio: A term used by designers to denote ratio
of minimum-allowable to operating throughput.

Segmental downcomer: The channel for liquid flow
formed by an enclosed segmental tray section.

F factor: The vapor kinetic-energy parameter, often used
as a correlating term for flooding velocity, foam density, etc.

Souder and Brown equation: G/A = K[d, (dy, - d,)1V/2,
where G/A = superficial vapor flow, Ib/ (hr) (ft2), and d,
and dy, = vapor and liquid densities, Ib/ft3. See Equation
8-219.

Tower Diameter

The tower diameter may be calculated for first approxi-
mation by the Souders-Brown method; however, this has
been found to be conservative, since it is based on no lig-
uid entrainment between trays. Actually, some entrain-
ment can be tolerated at negligible loss in efficiency or
capacity.

There are several approaches to column diameter
design [65, 74] as well as the proprietary techniques of
major industrial and engineering designers. Some of these
use the proprietary Fractionation Research Institute meth-
ods which are only available on a membership basis and
do not appear in the technical literature.

In general, a better first approximation and often a

more economical tower diameter is determined using Fig-
ure 8121 [33].

ev=022(2) (%)

S'=8,—~25h,

3.2
(8-250)

(8-251)

where e,, = weight of liquid entrained/unit weight of vapor

flowing in sieve tray column

G = liquid surface tension, dynes/cm

v, = vapor velocity based on column cross-section,
ft/sec

§' = effective tray spacing, distance between top of
foam and next plate above, in.

h; = height of clear liquid in bubbling zone, in.

This is based on a frothed mixture density of 0.4 that of
the clear liquid on the tray, and has been found to be a
reasonable average for several mixtures.

Entrainment values of 0.05 lbs liquid/1b vapor are usu-
ally acceptable, with 0.001 and 0.5 lb/lIb being the
extremes. The specific design dictates the tolerance on
entrainment. From the calculated vapor velocity, v, the
diameter of the column can be calculated using:

1/2
é(l)] ,feet
T\ v,

D= (8-252)

Entrainment does not usually become a problem until
the tray is operating at 85-100% of the flooding conditon.
Figure 8-121 is convenient for solving for e,.
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Figure 8-121. Sieve tray entrainment correction. Used by permission, Hunt, C. D'A,, Hanson, D. N., and Wilke, C. R., The American Institute of
Chemical Engineers, Chemical Engineers Journal, V. 1 (1955), p. 441, all rights reserved.

Tray Spacing

Tray spacing can usually be about 6 in. less than for a cor-
responding bubble tray. Sieve trays are operating on spac-
ings of 9 in. and up to 30 in., the latter being necessary for
high vacuum service. Spacing of 12-16 in. is common.

Minimum spacing is the same as recommended for bub-
ble cap trays, i.e., S; = 2 Hy.

Downcomer

Downcomers are designed for the same conditions as
bubble tray towers.

Biddulph, Thomas, and Burton [209] studied the
effects of downcomer designs, i.e., chordal or segmental,
circular downpipe, low liquid flows, sloped downcomer
(good for disengaging foam/bubbles, etc.) and envelope
type, for use with sieve trays and then developed a modifi-
cation of the segmental style by installing a downcomer
weir on the tray floor inside the weir outlet (see Figures
8-122A and B). This replaces the usual weir, which is
placed outside of the outlet of the downcomer. Note that
it runs for only about 75% of the chordal length of the
downcomer width. The authors state that this still provides
a liquid seal all along the inlet, but does provide space at

the ends to exert a positive influence on the tray liquid
flow pattern. For the segmental downcomer:

1. Mechanism 1 of Figure 8122B [209] is dominant
when the underflow clearance at a given liquid rate is
increased, the underflow velocity decreases and the
severity of recirculation decreases.

2. Mechanism 2 of Figure 8-122B becomes apparent
when the flow recirculation on the tray increases with
increasing underflow clearance. The curvature of the
column wall influences the movement of the liquid
toward the center. High underflow clearance does not
even out maldistribution due to backup where the
irregular flow pattern enters into the tray below. This
allows flow separation to occur on the downcomer
floor, and leads to enhanced retrograde flow.

Biddulph [209] et al. summarize “rules of thumb” that
have been expressed elsewhere in the literature for down-
comer sizing (used by permission of Chem. Eng. Prog. V. 89,
No. 12, 1993).

“Rules of thumb that have developed out of many years
of industrial experience relating to downcomer sizing
include:
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Downcomer Weir

—

S~

A. Downcomer Weir.

Recirculation

Zone
a. Mechanism 1,
Channelling
Retrograde
Flow

b. Mechanism 2.

B. Mechanisms of flow separation.

Figure 8-122. Modification of downcomer weir at tray floor outlet; (A) downcomer weir; (B) mechanism of flow separation. Used by permission,
Biddulph, M. W. et al. The American Institute of Chemical Engineers, Chem. Eng. Prog. V 89. No. 12 (1993), p. 56, all rights reserved.

1. Set the velocity of the unaerated liquid under the
downcomer to 1.6 ft/sec (0.5 m/sec).

2. Let the liquid velocity under the downcomer equal
the liquid velocity on the tray to give a smooth entry
[237].

3. Hold the head loss due to the underflow clearance,
hydc, to no more than 1.0-1.5 in. of hot liquid [117].

4. Allow at least 3 sec residence time in the downcomer
for disengagement of vapor for a nonfoaming system,
and 6 sec for a foaming system [238].”

Figure 8-123 illustrates a typical sieve tray capacity chart.
Entrainment by jet flooding or limitation by downcomer
flooding are two of the main capacity limiting factors. The
liquid backup in the downcomer must balance the pres-
sure drop across the tray, with the process balance [209].
aghgg = hwr + hy; + hyge - hy (8-253)
where hgg = downcomer backup, in.

hwr = wet tray head loss, in.
hyj; = clear liquid head at the inlet to tray, in.
hyqc = head loss due to underflow clearance, in.
h, = head in the back of downcomer, in. (usually negli-
gible except at high liquid load)

a4 = mean aeration factor of froth, dimensionless (see
Figure 8-126)

Entrainment Flood

Excessive

Entrainment Downcomer Flood

Area of Normal Operation

Weep

Point Moderate Weepind

Vapor Rate

Dumping Heavy Weeping

Liquid Rate >

Figure 8-123. Sieve tray capacity chart. Used by permission, Bid-
dulph, M. W,, et al. The American Institute of Chemical Engineers,
Chem. Eng. Prog. V. 89 No. 12 (1993), p. 56, all rights reserved.

Hole Size and Spacing

Most of the literature has presented data for trays with
holes of %-in. through %-in. diameter. The work of Hunt et
al. [33] includes %-in. holes. Some commercial units have
used %- and l-in. holes, although these sizes should be
used with caution when adequate data are not available.
The recommended hole size for the average clean service
is #+-in. based on present published data. Holes of -in.
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may be used for any service including fouling and fluids
containing solids with no loss in efficiency. Holes of %-in.
dia. are often used in vacuum service.

Holes spaced closer than twice the hole diameter lead
to unstable operation. The recommended spacing is 2.5
d, to 5 d, witht 3.8 d,, being preferable [42]. Holes are usu-
ally placed on 60° equilateral triangular pitch with the lig-
uid flowing normially to the rows. Holes should not be
greater than 2.5-3 in. apart for effective tray action.

The percentage hole area in a tray varies according to
the needs of the design; the usual range is 4-15% of the
total tower cross-section. Experience has indicated that
this is a questionable basis, and it is clearer to refer areas
to the active bubbling section of the tray, provided liquid
cannot by-pass this area. Thus, rather arbitrarily, but refer-
enced to test literature, the effective tray action area might
be the area enclosed by encircling the perforated hole
area a distance 2-3 in. from the periphery holes. On this
basis, the hole area would be 6-25% with a usual value
range of 7-16% with about 10% being preferred.

Tray Hydraulics

Figure 8-124 illustrates a typical pressure drop diagram
for a sieve tray. Note that the figure is for liquid flowing

w9 Log (total pressure drop)

]

" Possible__> 'l
; flooding ] !
! zone ',
‘E

D
C
4 Possible !
- ] oscillation
7™~ Modified i points
seal point ! \ !
\Graphical
weep point

Raining region |

———i
Log (vapor velocity)

Figure 8-124. Typical operating curve of sieve trays with downcom-
ers. Note modes of operation; used by permission, Chem. Eng.,
Chase, J. D., July 31 (1969}, p. 105. Also see Klein [201], Figure 8-148.
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with gas countercurrent. For dry tray only gas is flowing
and no liquid, and the pressure drop is a function of the
orifice coefficient. For wet tray pressure drop, gas and lig-
uid are both flowing, and the pressure drop is a tunction
of clear liquid head, head over the weir, and hydraulic gra-
dient, residual pressurc drop, foam density and height,
aeration and two-phase regime factors, bubbling frequen-
cy [192]. The pressure drop associated with the down-
comer is a function of liquid backup, foam density and
aeration factor, and liquid throw at the outlet weir [192].
See Figure 8-101, which relates similar factors tor bubble
cap trays, as well as valve travs,

Figure 8-125 [192] presents a typical performance dia-
gram of the operating features of a sieve trav.

Height of Liquid Over Outlet Weir, h,,,

This may be calculated as recommended for bubble cap
trays. Minimum weir height is 0.5-in,, with 1-3 in. pre-
ferred. See Figure 8-67A.

Hydraulic Gradient, A

Tests have indicated that the hydraulic gradient is neg-
ligible or very small for most trav designs. Usual design
practice is to omit its effect unless the value of A is expect-
ed to be greater than 0.75 in. If hydraulic gradient is
appreciable, then the holes nearer to the tray inlet (lig-
uid) will tend to weep before those nearer the tray outlet.

- Liquid rate :
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I .
| Weeping Flooding
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I I
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| velocity limitation
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! I
| Design limits
I ]
/ ]
' : '
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satisfactory
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’ " Lo - l
e e e Soning Blowing
B
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Figure 8-125. Performance diagram of sieve trays (note article refer-
ence No. 18); used by permission, Chase, J. D., Chem. Eng., July 31

(1969), p. 105.
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This creates the same type of cross-flow and improper dis-
tribution as was discussed for bubble cap tray operation.
The recommendation of Hughmark and O’Connell [31]
includes corrections to the friction factor of Klein [39].

For stable tray operation, the hydraulic gradient should
be less than one half the dry tray pressure drop. For con-
ditions of high weir height and high v, (p,)1/2 the greater
the friction factor affecting the hydraulic gradient [25].
Also, the greater the liquid flow the higher the pressure
drop and gradient.

For the tray liquid to move from inlet to outlet of tray,
there must be a liquid flow gradient on the tray in that
direction. See Figure 8-67A. The sieve tray usually has less
problems with liquid gradient than bubble cap or valve
trays, the general guide to avoid gradient problems (good
tray stability) is similar to bubble cap design [193]:

Hydraulic Gradient, A = (hy; - hyo), < 0.5 hy, (8-254)
Fve)*l, .
=————,in.(f from Figure 8-127) (8-255)
12gR,

v = velocity of froth, crossflow, ft/sec
Use velocity of aerated mass same as for clear liquid.

Ry, = hydraulic radius of the aerated mass for cross-flow, ft

cross section

Ry=—m——ieovr, (8-256)
wetted perimeter
- _hflfw_. (8-257)
2hf +121g,

where l, = total flow width across tray, normal to flow, ft. For
this equation, use arithmetic average between tower
diameter, D, and weir length, 1,
h'¢g = height of froth (aerated mass) above tray floor, in.,
estimated from discussion under “Total Wet Tray
Pressure Drop” (see Figure 8-126)
f = friction factor for froth cross-flow
Iy’ = length of flow path, ft
g = acceleration of gravity, ft/secsec
hy = equivalent height of clear liquid on tray, in
hy, = height of clear liquid at overflow weir, in
hy; = height of clear liquid on inlet side of tray, in
hy = height of weir above tray floor, in
hy, = head loss due to vapor flow through perforations,
in. liquid
p1 = density of clear liquid, Ib/ft3
w = viscosity of liquid, Ib/ft sec
q = liquid flow rate, ft3/sec
vg = velocity of froth crossflow, ft/sec

Figure 8127 [193] is used to determine friction factor, £.
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Figure 8-126. Aeration factor, sieve trays. Used by permission,
Smith, B. D. Design of Equilibrium Stage Processes, Chapter 15, by
J. R. Fair, McGraw~-Hill Book Go. (1963), all rights reserved.
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Figure 8-127. Friction factor for froth crossflow, sieve trays. (Note
extrapolation by this author). Used by permission, Smith, B. D., Design
of Equilibrium Stage Processes, Chapter 15, by J. R. Fair, McGraw-Hill
Book Co. (1963), all rights reserved.

Reynolds No. Modulus:

Reh =§M

(8-258)
uy

The relationship between f and Rey, is given in Figure
8127 and is recommended for design purposes. The veloc-
ity of the aerated mass is the same as for the clear liquid.

ve =12 q/ (hy 1g) (8-259)
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Dry Tray Pressure Drop

This is the drop occurring when the vapor passes
through the holes on the tray. The relation below [25] cor-
relates the data of several of the major investigators with a
maximum deviation of less than 20% and an average devi-
ation of 10%.

hg = 0.003 [v,,2 pv][i";a—tef) (1-82)/C,2 (8- 260)
L

Fs = v, (p)1/2, F2 = v,2(py) (8-261)

where hy, = pressure drop through dry perforated tray, inches
liquid on tray
Vo = vapor velocity through perforated holes, ft/sec
B = fraction perforated hole area in perforated tray
area only
G, = orifice coefficient from Figure 8-128

Note that B is not the fraction of hole area in the active
tray region, but is limited to the perforated section only.

Fair’s Method [193]

This method calculates the dry tray pressure drop and
allows for correcting the two-phase flow effects at various
entrainment ratios.

6‘\’02 Py 2

hy = 9 _ - 0.186 [py (v /GCo) I/P1 (8-262)
8C." M

C, is a function of the velocity of approach, hole diam-

eter/tray-thickness ratio, Reynold’s number through the
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Figure 8-128. Orifice coefficient for perforated trays. Used by per-
mission, Hughmark, G. A., and O’Connell, H. E., The American Insti-
tute of Chemical Engineers, Chem. Eng. Prog., V. 53, (1957), p. 127M,
all rights reserved.
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hole, condition or design of the “lip” of the hole, and
some other less prominent variables. The correlation for
this concept for the orifice discharge coefficient is from
Liebson, et al. [42], see Figure 8-129. Use C,, from this fig-
ure in Equation 8-262,

where Ay, = net perforated area of tray, ft2

A, = active or “bubbling” area of tray, generally,
(Ac - 2Aq), fi

A4 = downcomer area, cross-sectional area for total
liquid down-flow, ft2

A, = total tower cross-sections, area, ft2

C, = vapor discharge coefficient for dry tray

g = acceleration of gravity, 32.2 ft/sec?

hy, = head loss due to vapor flow through perforations,
in. liquid

Vv, = vapor velocity through perforations, ft/sec

p1 = clear liquid density, Ib/ it

py = vapor density, Ib/ft3

Static Liquid Seal on Tray, or Submergence

Aeration of the liquid by gas bubbles reduces density. The
usual and somewhat conservative approach recommends
that this aeration effect be neglected. Many successful tow-
ers have trays operating on this design basis [45].

A. hy = (Hhy, + hoy
f=1.0
f = aeration factor
hg = static liquid seal on sieve tray, in. liquid

(8-263)

where
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Figure 8-129. Discharge coefficients for vapor flow, sieve trays. Used
by permission, Smith, B. D., Design of Equilibriurn Stage Processes,
Chapter 15, by J. R. Fair, McGraw-Hill Book Co. (1963); data from I.
Liebson, R. E. Kelley, and L. A. Bullington, Petroleum Refiner, V. 36
(2), Feb. (1957) p. 127; V. 36 (3), (1957) pg. 288, all rights reserved.
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B. A second and also successful method accounts to a cer-
tain extent for the aeration effect, based on test data from
many references. This method is not quite as conservative
when estimating total tower pressure. This follows the
effective head concept of Hughmark et al. [31]. Effective
head, he, is the sum of the hydrostatic head plus the head
to form the bubbles and to force them through the aerat-
ed mixture. Figure 8-130 is the correlation for he plotted
against submergence, hg; [31]). See “Dynamic Liquid
Seal.”

Dynamic Liquid Seal

When hydraulic gradient is a factor in the tray design,
the dynamic liquid seal should be used in place of hy for
the determination of effective head.
hat = () hy + hey + A/2 (8-264)
where hg = dynamic liquid seal for sieve tray, in. liquid

h, = effective liquid head taking aeration of liquid into
account, in. liquid, from Figure 8-130

The aerated liquid pressure drop includes that generat-
ed by forming bubbles [193] due to surface tension
effects. The equivalent height of clear liquid on the tray is
given [193]:
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Figure 8-130. Effective liquid head for sieve trays with downcomers.
Used by permission, Hughmark, G. A. and O’Connell, H. E., The
American Institute of Chemical Engineers, Chem. Eng. Prog. V. 53,
(1957), p- 127M, all rights reserved.

hy =B (hy + hgy) (8-265)

The term, hy, represents the hydrostatic head on the
tray, while (hy, + hgy,) is the liq