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Preface to the Third Edition 

The techniques of process design continue to improve 
as the science of chemical engineering develops new and 
better interpretations of fundamentals. Accordingly, this 
third edition presents additional, reliable design methods 
based on proven techniques and supported by pertinent 
data. Since the first edition, much progress has been made 
in standardizing and improving the design techniques for 
the hardware components that are used in designing 
process equipment. This standardization has been incor- 
porated in the previous and this latest edition, as much as 
practically possible. Although most of the chapters have 
been expanded to include new material, some obsolete 
information has been removed. Chapter 8 on Distillation 
has incorporated additional multicomponent systems 
information and enlarged batch separation fundamentals. 
The variety of the mechanical hardware now applied to 
distillation separations has greatly expanded, and Chapter 
9 has been significantly updated to reflect developments 
in the rapidly expanding packed tower field. References 
are also updated. 

The many aspects of process design are essential to the 
proper performance of the work of chemical engineers, 
and other engineers engaged in the process engineering 
design details for chemical and petrochemical plants. 
Process design has developed by necessity into a unique 
section of the scope of work for the broad spectrum of 
chemical engineering. 

The purpose of these 3 volumes is to present tech- 
niques of process design and to interpret the results into 
mechanical equipment details. There is no attempt to pre- 
sent theoretical developments of the design equations. 
The equations recommended have practically all been 
used in actual plant equipment design, and are consid- 
ered to be the most reasonable available to the author, and 
still capable of being handled by both the inexperienced 
as well as the experienced engineer. A conscious effort has 
been made to offer guidelines to judgment, decisions and 
selections, and some of this will be found in the illustrative 
problems. 

The text material assumes that the reader is a graduate 
or equivalent chemical or related engineer, having a 

sound knowledge of the fundamentals of the profession. 
From this background the reader is led into the tech- 
niques of design required to actually design as well as 
mechanically detail and spec$. It is my philosophy that 
the process engineeer has not adequately performed 
his/her function unless the results of a process calculation 
for equipment are specified in terms of something that 
can be economically built, and which can by visual or men- 
tal techniques be mechanical& interpreted to actually per- 
form the process function for which it is being designed. 
This concept is stressed to a reasonable degree in the mr- 
ious chapters. 

As a part of the objective, the chapters are developed by 
the design function of the designing engineer and not in 
accordance with previously suggested standards for unit 
operations. In fact some chapters use the same principles, 
but require different interpretations when recognized in 
relation to the process and the function the equipment per- 
forms in this process. 

Due to the magnitude of the task of preparing such 
material in proper detail, it has been necessary to drop 
several important topics with which every designing engi- 
neer must be acquainted, such as corrosion, cost estimat- 
ing, economics and several others. These are now left to 
the more specialized works of several fine authors. Recog- 
nizing this reduction in content, I’m confident that in 
many petrochemical and chemical processes the designer 
will find design techniques adaptable to 75-80 percent of 
his/her requirements. Thus, an effort has been made to 
place this book in a position of utilization somewhere 
between a handbook and an applied teaching text. The 
present work is considered suitable for graduate courses in 
detailed process design, and particularly if a general 
course in plant design is available to fill in the broader fac- 
tors associated with overall plant layout and planning. Also 
see Volumes 1 and 3 of this series. 

I am indebted to the many industrial firms that have so 
generously made available certain valuable design data and 
information. This credit is acknowledged at the appropn- 
ate locations in the text, except for the few cases where a 
specific request was made to omit this credit. 
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Chapter 

Distillation 
Part 1: Distillation Process Performance 

Efficient and economical performance of distillation 
equipment is vital to many processes. Although the art 
and science of distillation has been practiced for many 
years, studies still continue to determine the best design 
procedures for multicomponent, azeotropic, batch, mul- 
tidraw, multifeed and other types. Some shortcut proce- 
dures are adequate for many systems, yet have limitations 
in others; in fact the same might be said even for more 
detailed procedures. 

sented. Nomenclature for (1) distillation performance 
and design is on page 102 (2) absorption and stripping on 
page 121 and (3) tray hydraulic design on page 221. 

Equilibrium Basic Considerations 

Distillation design is based on the theoretical consider- 
ation that heat and mass transfer from stage to stage (the- 
oretical) are in equilibrium [225-2291. Actual columns 

The methods outlined in this chapter are considered 
adequate for the stated conditions, yet some specific sys- 
tems may be exceptions to these generalizations. The 
process engineer often “double checks” his results by 
using a second method to verify the “ball-park” results, or 
shortcut recognized as being inadequate for fine detail. 

Current design techniques using computer programs 
allow excellent prediction of performance for complicat- 
ed multicomponent systems such as azeotropic or high 
hydrogen hydrocarbon as well as extremely high purity of 
one or more product streams. Of course, the more 
straightforward, uncomplicated systems are being predict- 
ed with excellent accuracy also. The use of computers pro- 

with actual trays are designed by establishing column tray 
efficiencies, and applying these to the theoretical trays or 
stages determined by the calculation methods to be pre- 
sented in later sections. 

Dechman [lo91 illustrates a modification to the usual 
McCabe-Thiele diagram that assumes constant molal over- 
flow in a diagram that recognizes unequal molal overflow. 

Distillation, extractive distillation, liquid-liquid extrac- 
tion and absorption are all techniques used to separate 
binary and multicomponent mixtures of liquids and 
vapors. Reference 121 examines approaches to determine 
optimum process sequences for separating components 
from a mixture, primarily by distillation. 

vides capability to examine a useful array of variables, 
which is invvaluable in selecting optimum or at least pre- 
ferred modes or conditions of operation. 

The expense of fabrication and erection of this equip 
ment certainly warrants recognition of the quality of meth- 
ods as well as extra checking time prior to initiating fabri- 
cation. The general process symbol diagram of Figure 8-1 
will be used as reference for the systems and methods pre- 

It is essential to calculate, predict or experimentally 
determine vapor-liquid equilibrium &a in order to ade- 
quately perform distillation calculations. These data need 
to relate composition, temperature, and system pressure. 

Basically there are two types of systems: ideal and non- 
ideal. These terms apply to the simpler binary or two 
component systems as well as to the often more complex 
multicomponent systems. 

1 
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Figure 81. Schematic distillation tower/column arrangement with total condenser. 

Figure 8-2 illustrates a typical normal volatility vapor-liq- 
uid equilibrium curve for a particular component of inter- 
est in a distillation separation, usually for the more volatile 
of the binary mixture, or the one where separation is 
important in a multicomponent mixture. 

Ideal Systems 

The separation performance of these systems (usually 
low-pressure, not close to critical conditions, and with sim- 
ilar components) can be predicted by Raoult's Law, apply- 
ing to vapor and liquid in equilibrium. 

When one liquid is dissolved (totally miscible) in anoth- 
er, the partial pressure of each is decreased. Raoult's Law 
states that for any mixture the partial pressure of any com- 
ponent will equal the vapor pressure of that component in 
the pure state times its mol h t i o n  in the l ipid mixture. 

p~ = Pii qi (for a second component, ii, in the system) 

where 

(8 - 2) 

pi = partial pressure, absolute, of one component in 

xi = mol fraction of component, i, in the liquid 

pi* = Pi 0 vapor pressure of component, i, in its pure 

the liquid solution 

solution 

state; p*ii similar by analogy 

There are many mixtures of liquids that do not follow 
Raoult's Law, which represents the performance of ideal 
mixtures. For those systems following the ideal gas law and 
Raoult's Law for the liquid, for each component, 

Pi Pi *xi yi ---- 
a x  

(Raoult's Law combined with Dalton's Law) 

yi = mol fraction of component, i, in vapor 
a - system total pressure 
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Figure 8-2. Continuous fractionation of binary mixtures; McCabe-Thiele Diagram with total condenser. 

Raoult’s Law is not applicable as the conditions 
approach critical, and for hydrocarbon mixtures accuracy 
is lost above about 60 psig [81]. 

Dalton’s Law relates composition of the vapor phase to 
the pressure and temperature well below the critical pres- 
sure, that is, total pressure of a system is the sum of its 
component’s partial pressure: 

(8 - 4) lc=pp1+ p2 + p3 + . . . 

where p1, p2, . . . = partial pressures of components numbered 
1, 2,. . . 

Therefore, for Raoult’s and Dalton’s Laws to apply, the 
relationship between the vapor and liquid composition for 
a given component of a mixture is a function only of pres- 
sure and temperature, and independent of the other com- 
ponents in the mixture. 

Henry’s Law applies to the vapor pressure of the solute 
in dilute solutions, and is a modification of Raoult’s Law: 

Henry’s L a w  

where pi = partial pressure of the solute 
xi = mol fraction solute in solution 
k = experimentally determined Henry’s constant 

Referring to Figure 8-2, Henry’s Law would usually be 
expected to apply on the vaporization curve for about the 
first 1 in. of length, starting with zero, because this is the 
dilute end, while Raoult’s Law applies to the upper end of 
the curve. 

Carroll [82] discusses Henry’s Law in detail and 
explains the limitations. This constant is a function of the 
solute-solvent pair and the temperature, but not the pres- 
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sure, because it is only a valid concept in the stage of infi- 
nite dilution. It is equal to the reference fugacity only at 
infinite dilution. From [82]: 
Strict Henry’s Law 

xi Hij = yi P (8 - 6) 

for restrictions of: 3 < 0.01 and P < 200 kPa 
Simple Henry’s Law 

for restrictions of: 3 < 0.01, yj - 0, and P < 200 kPa 
* 

K = E = &  
Xi P 

where Hy = Henry’s constant 
xi = mol fraction of solute component, i, in liquid 
P = pressure, absolute 
yi = mol fraction of solute component, i, in vapor 
fi = mol fraction solvent component, j, in vapor 

kPa = metric pressure 

Care must be exercised that the appropriate assump 
tions are made, which may require experience and/or 
experimentation. 

Carroll [83] presents Henry’s Law constant evaluation 
for several multicomponent mixtures, i.e., (1) a non- 
volatile substance (such as a solid) dissolved in a solvent, 
(2) solubility of a gas in solution of aqueous electrolytes, 
(3) mixed electrolytes, (4) mixed solvents, i.e., a gas in 
equilibrium with a solvent composed of two or more com- 
ponents, (5) two or more gaseous solutes in equilibrium 
with a single solvent, (6) complex, simultaneous phase 
and chemical equilibrium. 

Values of K-equilibrium factors are usually associated 
with hydrocarbon systems for which most data have been 
developed. See following paragraph on K-factor charts. 
For systems of chemical components where such factors 
are not developed, the basic relation is: 

(8 - 9) 

For ideal systems: vi = Mi 

where I(1 = mol fraction of component, i, in vapor phase in 
equilibrium divided by mol fraction of component, 
i, in liquid phase in equilibrium 

component, i 
& = equilibrium distribution coefficient for system’s 

pi* = vapor pressure of component, i, at temperature 
p = total pressure of system = x 

nical and Petrochemical Plants 

Y = activity coefficient 
Q = fugacity coefficient 

The ideal concept is usually a good approximation for 
close boiling components of a system, wherein the com- 
ponents are all of the same “family” of hydrocarbons or 
chemicals; for example paraffin hydrocarbons. When 
“odd” or non-family components are present, the possibil- 
ity of deviations from non-ideality becomes greater, or if 
the system is a wide boiling range of components. 

Often for preliminary calculation, the ideal conditions 
are assumed, followed by more rigorous design methods. 
The first approximation ideal basis calculations may be 
completely satisfactory, particularly when the activities of 
the individual components are 1.0 or nearly so. 

Although it is not the intent of this chapter to evaluate 
the methods and techniques for establishing the equilibri- 
um relationships, selected references will be given for the 
benefit of the designer’s pursuit of more detail. This sub- 
ject is so detailed as to require specialized books for ade- 
quate reference such as Prausnitz [54]. 

Many process components do not conform to the ideal 
gas laws for pressure, volume and temperature relation- 
ships. Therefore, when ideal concepts are applied by cal- 
culation, erroneous results are obtained-some not seri- 
ous when the deviation from ideal is not significant, but 
some can be quite serious. Therefore, when data are avail- 
able to confirm the ideality or non-ideality of a system, 
then the choice of approach is much more straightfor- 
ward and can proceed with a high degree of confidence. 

K-Factor Hydrocarbon Equilibrium Charts 

K-factors for vapor-liquid equilibrium ratios are usually 
associated with various hydrocarbons and some common 
impurities as nitrogen, carbon dioxide, and hydrogen sul- 
fide [48]. The K-factor is the equilibrium ratio of the mole 
fraction of a component in the vapor phase divided by the 
mole fraction of the same component in the liquid phase. 
K is generally considered a function of the mixture com- 
position in which a specific component occurs, plus the 
temperature and pressure of the system at equilibrium. 

The Gas Processors Suppliers Association [ 791 provides 
a more detailed background development of the K-factors 
and the use of convergence pessure. Convergence pressure 
alone does not represent a system’s composition effects in 
hydrocarbon mixtures, but the concept does provide a 
rather rapid approach for systems calculations and is used 
for many industrial calculations. These are not well adapt- 
ed for very low temperature separation systems. 

The charts of reference [79] are for binary systems 
unless noted otherwise. Within a reasonable degree of 
accuracy the convergence can usually represent the com- 
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position of the equilibrium for the vapor and liquid phas- 
es, and is the critical pressure for a system at a specific 
temperature. The convergence pressure represents the 
pressure of system at a temperature when the vapor-liquid 
separation is no longer possible [79]. The convergence 
pressure generally is a function of the liquid phase, and 
assumes that the liquid composition is known from a flash 
calculation using a first estimate for convergence pressure, 
and is usually the critical pressure of a system at a given 
temperature. The following procedure is recommended 
by Reference 79: 

Step 1. Assume the liquid phase composition or make 
an approximation. (If there is no guide, use the total feed 
composition.) 

Step 2. Identlfy the lightest hydrocarbon component 
that is present at least 0.1 mole % in the liquid phase. 

Step 3. Calculate the weight average critical tempera- 
ture and critical pressure for the remaining heavier com- 
ponents to form a pseudo binary system. (A shortcut 
approach good for most hydrocarbon systems is to calcu- 
late the weight average T, only.) 

Step 4. Trace the critical locus of the binary consisting 
of the light component and psuedo heavy component. 
When the averaged pseudo heavy component is between 
two real hydrocarbons, an interpolation of the two critical 
loci must be made. 

Step 5. Read the convergence pressure (ordinate) at the 
temperature (abscissa) corresponding to that of the 
desired flash conditions, from Figure 8-3A [79]. 

Step 6. Using the convergence pressure determined in 
Step 5, together with the system temperature and system 
pressure, obtain K-values for the components from the 
appropriate convergence-pressure Kcharts. 

Step 7. Make a flash calculation with the feed composi- 
tion and the K-values from Step 6. 

Step 8. Repeat Steps 2 through 7 until the assumed and 
calculated convergence pressures check within an accept- 
able tolerance, or until the two successive calculations for 
the same light and pseudo heavy components agree with- 
in an acceptable tolerance. 

The calculation procedure can be iterative after starting 
with the first “guess.” Refer to Figure 8-3A to determine 
the most representative convergence pressure, using 
methane as the light component (see Figure 8-3B for 
selecting K values convergence pressure.) 

For a temperature of 1OO”F, the convergence pressure is 
approximately 2,500 psia (dotted line) for the pseudo sys- 
tem methane-n-pentane (see Figure 8-3C). For n-pentane 
at convergence pressure of 3,000 psia (nearest chart) the 
K-value reads 0.19. The DePriester charts [SO] check this 
quite well (see Figures 8 4  and B, and Figure 8-3D). 

Interpolation between charts of convergence pressure can 
be calculated, depending on how close the operating pres 
sure is to the convergence pressure. The K-factor (or K-val- 
ues) do not change rapidly with convergence pressure, Pk 
(psia) [79]. 

The use of the K-factor charts represents pure compo- 
nents and pseudo binary systems of a light hydrocarbon 
plus a calculated pseudo heavy component in a mixture, 
when several components are present. It is necessary to 
determine the average molecular weight of the system on 
a methane-free basis, and then interpolate the K-value 
between the two binarys whose heavy component lies on 
either side of the pseudo-components. If nitrogen is pre- 
sent by more than 3-5 mol%, the accuracy becomes poor. 
See Reference 79 to obtain more detailed explanation and 
a more complete set of charts. 

Non-Ideal Systems 

Systems of two or more hydrocarbon, chemical and 
water components may be non-ideal for a variety of rea- 
sons. In order to accurately predict the distillation perfor- 
mance of these systems, accurate, experimental data are 
necessary. Second best is the use of specific empirical rela- 
tionships that predict with varying degrees of accuracy the 
vapor pressure-concentration relationships at specific tem- 
peratures and pressures. 

Prausnitz [54] presents a thorough analysis of the appli- 
cation of empirical techniques in the absence of experi- 
mental data. 

The heart of the question of non-ideality deals with the 
determination of the distribution of the respective system 
components between the liquid and gaseous phases. The 
concepts of fugacity and activity are fundamental to the 
interpretation of the non-ideal systems. For a pure ideal 
gas the fugacity is equal to the pressure, and for a compo- 
nent, i, in a mixture of ideal gases it is equal to its partial 
pressure yip, where P is the system pressure. As the system 
pressure approaches zero, the fugacity approaches ideal. 
For many systems the deviations from unity are minor at 
system pressures less than 25 psig. 

The ratio f / f  is called activity, a. Note: This is not the 
activity coefficient. The activity is an indication of how 
“active” a substance is relative to its standard state (not 
necessarily zero pressure), f .  The standard state is the ref- 
erence condition, which may be anything; however, most 
references are to constant temperature, with composition 
and pressure varying as required. Fugacity becomes a cor- 
rected pressure, representing a specific component’s devi- 
ation from ideal. The fugacity coefficient is: 

(text continued on page 12) 
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PRESSURE. PSlA - 

PRESSURE, PSlA - METHANE 
CONV. PRESS. 800 PSIA 

Figure 8-38. Pressure vs. K for methane at convergence pressure of 800 psia. Used by pennission, Gas Procesmfs Suppliem Association 
Data Book, 9th Ed. V. 1 and 2 (1 972-1 983, Tulsa, Okla. 
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PRESSURE, PSlA - n - PENTANE 
CONV. PRESS. 3000 PSlA 

Figure 8-3C. Pressure vs. K for n-pentane at convergence pressure of 3,000 psia. Used by permission, Gas Processors Suppliers 
Data Book, 9th Ed. V. 1 and 2 (1 972-1 987), Tulsa, Okla. 

Association 
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PRESSURE. PSlA - 

K =  

PRESSURE, PSlA - ETHYLEYE 
CONV. PRESS. aoo PSIA 

Figure 8-3D. Pressure vs. K for ethylene at convergence pressure of 800 psia. Used by permission, Gas Processors Suppliers Association Data 
Book, 9lh Ed. V. 1 and 2 (1 972-1 987), Tulsa, Okla. 
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(text continuedj-om page 5) 

fi 

’ Yip 
p. =- (8 - 10) 

The Vinal Equation of State for gases is generally: 

Pv B C D  z=---lc-+-+-+ ... 
RT v v2 v3 

(8 - 11) 

where B, C, D, etc. = vinal coefficients, independent of pres- 
sure or density, and for pure components 
are functions of temperature only 

v = molar volume 
Z = compressibility factor 

Fugacities and activities can be determined using this 
concept. 

Other important equations of state which can be related 
to fugacity and activity have been developed by Redlich- 
Kwong [56] with Chueh [lo], which is an improvement 
over the original Redlich-Kwong, and Palmer’s summary of 
activity coefficient methods [jl] . 

Activity coefficients are equal to 1.0 for an ideal solution 
when the mole fraction is equal to the activity. The activi- 
ty (a) of a component, i, at a specific temperature, pres- 
sure and composition is defined as the ratio of the fugaci- 
ty of i at these conditions to the fugacity of i at the 
standard state [54]. 

a (T, P, x) = fi (T’ py ,liquid phase 
fi (T,Po,xo) 

(Zero superscript indicates a specific pressure and 
composition) 

The activity coefficient yi is 

y i = 5 = 1 .O for ideal solution 
Xi 

The ideal solution law, Henry’s Law, also enters into 
the establishment of performance of ideal and non-ideal 
solutions. 

The Redlich-Kister [35, 571 equations provide a good 
technique for representing liquid phase activity and classi- 
fying solutions. 

The Gibbs-Duhem equation allows the determination of 
activity coefficients for one component from data for 
those of other components. 

Wilson’s [77] equation has been found to be quite accu- 
rate in predicting the vapor-liquid relationships and activ- 
ity coefficients for miscible liquid systems. The results can 
be expanded to as many components in a multicompo- 
nent system as may be needed without any additional data 
other- than for a binary system. This makes Wilson’s and 

Renon’s techniques valuable for the complexities of mul- 
ticomponent systems and in particular the solution by dig- 
ital computer. 

Renon’s [ 581 technique for predicting vapor-liquid rela- 
tionships is applicable to partially miscible systems as well 
as those with complete miscibility. This is described in the 
reference above and in Reference 54. 

There are many other specific techniques applicable to 
particular situations, and these should often be investigat- 
ed to select the method for developing the vapor-liquid 
relationships most reliable for the system. These are often 
expressed in calculation terms as the effective “K” for the 
components, i, of a system. Frequently used methods are: 
Chao-Seader, Peng-Robinson, Renon, Redlich-Kwong, 
Soave Redlich-Kwong, Wilson. 

Azeotropes 

Azeotrope mixtures consist of two or more components, 
and are surprisingly common in distillation systems. There 
fore it is essential to determine if the possibility of an 
azeotrope exists. Fortunately, if experimental data are not 
available, there is an excellent reference that lists known 
azeotropic systems, with vapor pressure information [20, 
28,431. Typical forms of representation of azeotropic data 
are shown in Figures 8 5  and 8-6. These are homogeneous, 
being of one liquid phase at the azeotrope point. Figure 8 7  
illustrates a heterogeneous azeotrope where two liquid 
phases are in equilibrium with one vapor phase. The sys- 
tem butanol-water is an example of the latter, while chlo- 
roform-methanol and acetone-chloroform are examples of 
homogeneous azeotropes with “minimal boiling point” 
and “maximum boiling point” respectively. 

A “minimum” boiling azeotrope exhibits a constant 
composition as shown by its crossing of the x = y, 45” line 
in Figure 8-8, which boils at a lower temperature than 
either of its pure components. This class of azeotrope 
results from positive deviations from Raoult’s Law. Like- 
wise, the “maximum” (Figure 8-9) boiling azeotrope rep- 
resents negative deviations from Raoult’s Law and exhibits 
a constant boiling point greater than either pure compo- 
nent. At the point where the equilibrium curve crosses x = 
y, 45” line, the composition is constant and cannot be fur- 
ther purified by normal distillation. Both the minimum 
and maximum azeotropes can be modified by changing 
the system pressure and/or addition of a third compo- 
nent, which should form a minimum boiling azeotrope 
with one of the original pair. To be effective the new 
azeotrope should boil well below or above the original 
azeotrope. By this technique one of the original compo- 
nents can often be recovered as a pure product, while still 
obtaining the second azeotrope for separate purification. 
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Figure 8-5. Chloroform 
(1)-methanol (2) system at 
50°C. Azeotrope formed 
by positive deviations 
from Raoult’s Law 
(dashed lines). Data of 
Sesonke, dissertation, 
University of Delaware, 
used by permission, 
Smith, B.D., Design of 
Equilibrium Stage 
Processes, McGraw-Hill 
New York, (1 963), all 
rights reserved. 

For a “minimum” boiling azeotrope the partial pres- 
sures of the components will be greater than predicted by 
Raoult’s Law, and the activity coefficients will be greater 
than 1.0. 

Y (YiP)/(xiPi*) (8 - 12) 

where pi* = vapor pressure of component i, at temperature 
p = P = total pressure = x 
y = 

pi = partial pressure of component i. 
= activity coefficient of component, i 

Raoult’s Law: pi = xipi* = %PI = YIP 

For “maximum” boiling azeotropes the partial pressures 
will be less than predicted by Raoult’s Law and the activity 
coefficients will be less than 1.0. 

In reference to distillation conditions, the azeotrope 
represents a point in the system where the relative volatil- 
ities reverse. This applies to either type of azeotrope, the 
direction of reversal is just opposite. For example in Fig- 
ure 8-5 the lower portion of the x-y diagram shows that yi 
> xi,  while at the upper part, the yi < xi. In actual distilla- 

-0.4L 
- 

0.8 - 

I I 1 1 1 l 1 1  I .  

0 0.5 l d  
=I  

Figure 8-6. Acetone (1)- 
Chloroform (2) system at 
50°C. Azeotrope formed 
by negative deviations 
from Raoult’s Law 
(dashed lines). Data of 
Sesonke, dissertation, 
University of Delaware, 
used by permission, 
Smith, B.D., Design of 
Equilibrium Stage 
Processes, McGraw-Hill 
New York (1 963), all rights 
reserved. 

=I 

Figure 8-7. System with heterogeneous azeotrope-two liquid phas- 
es in the equilibrium with one vapor phase. Used by permission, 
Smith, B.D., Design of Equilibrium Stage Processes, McGraw-Hill, 
New York (1963), all rights reserved. 
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Liquid 
5 0 t  

Figure 8-8. Chloroform 
(1)-methanol (2) system at 
757 mm Hg. Minimum 
boiling azeotrope formed 
by positive deviations 
from Raoult’s Law 
(dashed lines). Used by 
permission, Smith, B.D., 
Design of Equilibrium 
Stage Processes, 
McGraw-Hill, New York 
(1963), all rights reserved. 

tion, without addition of an azeotrope “breaker” or solvent 
to change the system characteristics, if a feed of composi- 
tion 30% 3 were used, the column could only produce (or 
approach) pure x2 out the bottom while producing the 
azeotrope composition of about 65% and 35% x2 at the 
top. The situation would be changed only to the extent of 
recognizing that if the feed came in above the azeotropic 
point, the bottoms product would be the azeotrope com- 
position, Smith [631 discusses azeotropic distillation in 
detail. References 153-157, 171, and 172 describe 
azeotropic design techniques. 

Example 8-1: Raoult’s Law 

A hydrocarbon liquid is a mixture at 55°F of: 

(a) 41.5 mol % iso-butane 
(b) 46.5 mol % pentane 
(c) 12.0 mol % n-hexane 

A vaporizer is to heat the mixture to 190°F at 110 psia. 
Data from vapor pressure charts such as [48] : 

M 
I 
E 500 
E 

300 

I t- Vaoor 

Figure 8-9. Acetone (1)- 
chloroform (2) system at 
760 mm Hg. Maximum 
boiling azeotrope formed 
by negative deviations 
from Raoult’s Law 
(dashed lines). Used by 
permission, Smith, B.D., 
Design of Equilibrium 
Stage Processes, 
McGraw-Hill, New York, 
(1963), all rights reserved. 

(a) vapor pressure of iso-butane at 190°F = 235 psia 
(b) vapor pressure of pentane at 190°F = 65 psia 
(c) vapor pressure of n-hexane at 190°F = 26 psia 

Specific gravity of pure liquid at 55°F [79] : 

(a) iso-butane = 0.575 
(b) pentane = 0.638 
(c) n-hexane = 0.678 

Moles in original liquid. Basis 100 gallons liquid. 
Assume Raoult’s Law: 

Mols iso-butane = 41.5 (8.33 x 0.575)/MW = 198.77/58.12 

Mols pentane = 46.5 (8.33 x 0.638)/MW = 247.12/72.146 

Mols n-hexane = 12 (8.33 x 0.678)/MW = 67.77/86.172 

Total Mols = 7.631 
Mol fraction iso-butane in liquid = x1 = 3.42/7.631 = 0.448 
Mol fraction pentane in liquid = x2 = 3.425/7.63 

= 3.42 

= 3.425 

=0.786 

= 0.449 
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Mol fraction n-hexane in liquid = x3 = 0.786/7.631 = 

1 .ooo 

Mol fraction in vapor phase at 190°F. Raoult’s Law: 

yi = pi/= = (pi* xi)/x (for a binary system) 

f7i = (xi Pi)/(xlP~ + x& + ~ $ 3 )  (for multicomponent 

(8 - 3) 

mixtures) (8 - 13) 

yi= 0.448 (235)/[(0.449) (65) + (0.448) (235) + (0.103) (26)J 
= 105.28/[29.185 + 105.28 + 2.6781 = 105.28/[137.143] 
= 0.767 

y2 = 0.449 (65)/137.143 = 0.212 
y3 = 0.103 (26)/137.143 = 0.0195 

xyi = 0.998 (not rounded) 

Because, Prod = (0.448) (235) + 0.449 (65) + 0.103 (26) 
= 137.14 psia 

This is greater than the seIected pressure of 110 psia, 
therefore, for a binary the results will work out without a 
trial-and-error solution. But, for the case of other mixtures 
of 3 or more components, the trial-and-error assumption 
of the temperature for the vapor pressure will require a 
new temperature, redetermination of the component’s 
vapor pressure, and repetition of the process until a clos- 
er match with the pressure is obtained. 

Binary System Material Balance: Constant Molal 
Overflow Tray to Tray 

Refer to Figure 8 1 .  (For an overall review see Reference 
173.) 

Rectifying Section: 

V r = L + D  (8-14) 

For any component in the mixture; using total con- 
denser see Figures 8-2 and 8-13. 

vn h i  = + 1 X(n + 1)i + DxDi (8-15) 

L+l D 

vn vll Yni =- X(n+ l)i -t - XDi 

Operating Line Equation: 

For total condenser: y (top plate) =‘XD 

Stripping Section: 

L, = V, + B 

(8- 16) 

(8 - 17) 

(8 -18) 

L(m + 1) X(m + 1)i = v m  Ymi + BxBi 

Operating Line Equation: 

Conditions of Operation (usually fixed): 

15 

(8-19) 

(8 - 20) 

1. Feed composition, and quantity. 
2. Reflux Ratio (this may be a part of the initial 

3. Thermal condition of feed (at boiling point, all 
vapor, subcooled liquid). 

4. Degree, type or amount of fractionation or separa- 
tion, including compositions of overhead or bottoms. 

5. Column operating pressure or temperature of con- 
densation of overhead (determined by temperature 
of cooling medium), including type of condensation, 
i.e., total or partial. 

6. Constant molal overflow fiom stage to stage (theo- 
retical) for simple ideal systems following Raoult’s 
Law. More complicated techniques apply for non- 
ideal systems. 

unknowns). 

Flash Vaporization (see Figure. 8-10) 

At a total pressure, P, the temperature of flash must be 
between the dew point and the bubble point of a mixture 
[ 161481.  Thus: 

T (Bubble Point) < T (Flash) < T (Dew Point) 

Flash Vapor, V b 

Temperature, T 
Pressure, P 

Vapor Flash 

Figure 8-10. Schematic liquid flash tank. Note: Feed can be pre- 
heated to vaporize feed partially. 
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For binary mixtures [147]: 
1. Set the temperature and pressure of the flash chamber. 
2. Make a material balance on a single component. 

FtXi = Vyi + I x i  (8-21) 

3. Knowing F, calculate amount and composition of V 
and L. 

Ft = F + V, = mols of feed plus mols of noncondensable gases 

From Henry’s Law: 

FtXfi = Vtyi + L (yi/Ki) (8 - 22) 

Vt = V + V, = mols of vapor formed plus mols non- 
condensed gases 

&=&xi 

4. Ft = V, + L (8 - 22A) 

where Xi = mols of a component i in vapor plus mols of same 
component in liquid, divided by total mols of feed 
(both liquid and vapor) 

nent is in liquid or vapor. 
= total mol fraction, regardless of whether compo- 

FXi=vyi+LXi (8-23H) 

xi = yi/& 

(8-231) 

(8 - 235) 

y i = V + L / &  

2yi = 1.0 

(8-23) 
(8- 23K) 

To calculate, V, L, yi’s, and xi’s: 
Y i  x, (8 - 23A) 

1. Assume: V 
2. Calculate: L = F - V 
3. Calculate: L/V 
4. Look up q ’ s  at temperature and total pressure of sys- 

5. Substitute in: 
tem 

After calculating V, calculate the xi’s and yi’s: 

Fx, yiv = - L 1+- 
KiV 

(8 - 23B) 

(8 - 24) Then, 

(7) y.  =- 6. If an equality is obtained from: 
Vcdc = Vassmed the amount of vapor was satisfactory 

as assumed. 

(8 - 23C) 
L l+-  

KiV 
Calculate each y; after calculating the yi’s, calculate xi’s 

as follows: F1(, (8 - 25) -1 +-+- Fx, Fx, 
L + * . e .  - 

V=- 
1+- L l+-  1+- 

K1V K2V K3V KiV 
L l+- L 

(8-8) 

(8-23D) Fx; 7. vyi =- L 1+- 
KiV 

(8 - 23B) 

(8- 8) 

(8  - 23E) 

(8 - 23F) 

(8 - 23G) 

(8 - 23C) 

8. Calculate each yi as in (7) above, then the xi’s are 
determined 

Y i  - Pi 
xi Jd 
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9. Ki = P ~ / x  (8- 23D) 

where x = total system pressure absolute 

temperature, abs 

mols of same component in liquid divided by 
the total mols of feed (both liquid and vapor) 

Pi = vapor pressure of individual component at 

Xi = X = mols of a component, i, in vapor phase plus 

xf = mol fraction of a component in feed 
xf = mol fraction of any component in the feed, Ft 

where Xf = F xf/F, for all components in F; for 
the non-condensable gases, xf = VJF, 

F = mols of feed entering flash zone per unit time 
contains all components except noncondens- 
able gases 

F, = F + V, 
V, = V + V, mols of vapor at a specific temperature 

and pressure, leaving flash zone per unit time 
'V, = mols of non-condensable gases entering with 

the feed, F, and leaving with the vapor, V, per 
unit time 

V = mols of vapor produced from F per unit time, 

L = mols of liquid at a specific temperature and 

i = specific individual component in mixture 

F = V + L  

pressure, from F, per unit time 

K, = equilibrium K values for a specific component 
at a specific temperature and pressure, from 
References 18, 65, 79, 99, 131, 235 

T = temperature, abs 
xi = mol fraction of a specific component in liquid 

mixture as may be associated with feed, distil- 
late, or bottoms, respectively 

yi = mol fraction of a specific component in vapor 
mixture as may be associated with the feed, 
distillate or bottoms, respectively 

10. For the simplified case of a mixture free of non-condens- 
able gases, see Equation 8-23A, where Xf = xf. 

Example 8-2: Bubble Point and Dew Point 

From the hydrocarbon feed stock listed, calculate the 
bubble point and dew point of the mixture at 165 psia, 
and using K values as listed, which can be read from a 
chart in 3rd edition Perry's, Chemical Engineer's Handbook. 

Feed Stock 

ComDosition Mol Fraction 
C2H6 0.15 

n-C4H10 0.30 
tC4H10 0.25 

1 .oo 

C3H8 0.15 

n-CFiH12 0.15 

Calculate the Bubble Point: Assume composition is liquid. 

Mol 

C2H6 0.15 

n-C&10 0.30 

Composition Fraction 

C3H8 0.15 

i-C4H10 0.25 
n-C5H12 0.15 

1.00 

K, at 
assumed 
T = 90°F 

3.1 
1 .o 
0.35 
0.46 
0.12 

Assume 
T = lOO"F, 
-- K x K  Kx 

0.465 3.4 0.51 
0.130 1.2 0.18 
0.105 0.39 0.117 
0.115 0.52 0.13 
- 0.018 0.13 0.0195 
0.853 0.956 

(Too low) 

Assume T = 105°F 
- K & 
3.45 0.517 
1.23 0.18'7 
0.41 0.123 
0.55 0.13'7 
0.15 0.022 

0.986 

By interpolation: 

0.986 - 0.956 1.000 - 0.986 - - 
105 - 100 X 

x = 2.34"F 
So, T = 105 + 2.34 = 107°F Bubble point at 165 psia 

Calculation of Dew Point 

Composition Mol Frac. 
Vapor in Vapor 

CZH6 0.15 

nC4H1o 0.30 
C3H8 0.15 

i-C4H10 0.25 
n-CjH12 0.15 

1.00 

Assume, T = 160°F 
K (from charts) x = y/k 

5.1 0.0294 
1.83 0.081 
0.80 0.375 
1.00 0.250 
0.32 0.469 

1.204 z Xy/K = 1 

Assume T Assume T 
= 180°F. K x = v/K = 175°F. K x = p/K 

5.95 0.0232 5.6 0.0268 
2.25 0.0666 2.2 0.0682 
0.98 0.3060 0.91 0.330 
1.30 0.1920 1.2 0.208 
0.41 0.3660 0.39 0.385 

0.9558 # Ey/K = 1 1.018 E Xy/K= 1.0 

Dew point is essentially 175°F at 165 psia 

Example 8-3: Flashing Composition 

If the mixture shown in Example 8-2 is flashed at a tem- 
perature midway between the bubble point and dew point, 
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and at a pressure of 75 psia, calculate the amounts and 
compositions of the gas and liquid phases. 

Referring to Example &2: 

ComDosition Mol Fraction 

C2H6 0.15 
CsH8 0.15 

n44HlO 0.30 
i-C4H10 0.25 

1.00 
n-CjH12 0.15 

Must Catculate Bubbb Point at 75 psia: 

Composition MolFrac. K@jO"F Y = K x  K.@ 40°F v - K x  
c 2 H 6  0.13 5.0 0.75 4.5 0.673 
CSHS 0.15 1.2 0.18 1.07 0.1603 

n W 1 0  0.30 0.325 0.0975 0.28 0.084 
i W 1 0  0.25 0.48 0.12 0.415 0.104 
nC5H12 0.15 0.089 0.0133 0.074 0.011 

1.16 1.0344 

0.7 0.8 0.9 1.0 1.1 1.2 1.3 1.4 1.5 

c A L c u w m / K  

Figure 8-11. Extrapolation curve for dew point for Example 8-3. 

Bubble point = 40°F (as close as K curves can be read) 

1.00 - 1.03 0 1.16- 1.03 
(50" - 40") = 2.3" Extrapolating = 

Therefore, a close value of bubble point would be: 40" - 
2" = 38°F 

Calculate Dew Point at 75 psia 

Compe Mol K Px= K 
sition F-. @a v/K @I 100°F 

C& 0.15 5.9 0.0254 7.6 
c3H8 0.15 1.55 0.0969 2.18 
n-10 0.30 0.45 0.668 0.70 
i-10 0.25 0.58 0.43 1.0 
n-C5H12 0.15 0.13 1.15 0.225 

2.37 
(too low temp.) 

EX= K 
v/K @ 130°F 

0.0197 9.5 
0.0688 3.0 
0.428 1.06 
0.250 1.48 
0.66j 0.37 
1.4318 

Zx = 
v/K 
0.0158 
0.050 
0.283 
0.172 
0.405 
0.9258 
- 

Refer to extrapolation curve, Figure 8-1 1. 
At Zx = y/K = 1.0, dew point = 124°F 

Flash this mixture at temperature midway between bubble 
38 + 124 point and dew point, or flash temperature = - 

2 
Assume: F (feed) = 100 
Pressure: = 75 psia; then tabulating the calculations: 

81°F 

Compe FeedMol. - L z Fx 

C& 0.15 6.6 0.352 1.352 11.1 

nC4H10 0.30 0.54 4.32 5.32 5.65 
i W 1 0  0.25 25 0.77 3.02 4.09 6.22 
nC5Hlp 0.15 15 0.16 14.6 15.6 A96 

30.43 

sition Frac.,x Y V  Ka81"F VK 1 +VK W - l + L / v K  

C3H, 0.15 i] 2.34 1.78 1.31 2.31 6.5 

Vapor phase after flashing at 75 psia and 81°F = 30.4% 
of original feed. 
Liquid phase = 100 - 30 = 70% of original feed 

Composition of Vapor 

Composition Mol Fraction 
C2H6 11.1/30.43 = 0.365 
C3H8 6.5/30.43 = 0.214 

n-C&10 5.65/30.43 = 0.186 
i-10 6.22/30.43 = 0.204 
n-C5H12 0.96/30.43 = 0.031 

1 .ooo 
Com@tirm of Liquid 

Feed 
Composition K@81"F Mol Fraction = x = v/K 

C2H6 6.6 0.365/6.6 = 0.0554 
C3H8 1.78 0.214/1.78 = 0.120 

0.54 0.186/0.54 = 0.345 n-C4H10 
i-C4H10 0.77 0.204/0.77 = 0.265 
n-C5H12 0.16 0.031/0.16 = 0.1935 

0.9789 

This should be = 1-00. Inaccuracy in reading K values 
probably accounts for most of the difference. 

Didlation operating pxeasureS 

To determine the proper operating pressure for a dit+ 
tillation system, whether trays or packed column, exam- 
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Calculate Dew-point P~ <365 P i a  Estimate Calculate bubble-point 
temperature (TB) pressure ( P D )  of (2.52 MPa) - bottoms 

120 O F  149 OC) condenser at Ps 
Use partial - of bottoms distillate at 

h e  the conditions following the pattern of Figure 8-12 
E1491. It is essential to realistically establish the condens- 
ing conditions of the distillation overhead vapors, and 
any limitations on bottoms temperature at an estimated 
pressure drop through the system. Preliminary calcula- 
tions for the number of trays or amount of packing must 
be performed to develop a fairly reasonable system pres- 
sure drop. With this accomplished, the top and bottom 
column conditions can be established, and more detailed 
calculations performed. For trays this can be 0.1 psi/actu- 
a1 tray to be installed [149] whether atmospheric or 
above, and use 0.05 psi/tray equivalent for low vacuum 
(not low absolute pressure). 

Because low-pressure operations require larger diame- 
ter columns, use pressures for operations only as low as 
required to accomplish the separation. 

For high vacuum distillation, Eckles et al. [150] suggest 
using a thin film or conventional batch process for indus- 
trial type installations; however, there are many tray and 
packed columns operating as low as 4 mm Hg, abs Eckles 
[l50] suggests "high vacuum" be taken as 5mm Hg, and 
that molecular distillation be 0.3 - 0.003 mm Hg pressure, 
and unobstructed path distillation occur at 0.5 - 0.02 mm 
Hg. These latter two can be classed as evaporation process- 
es. Eckles' [150] rules of thumb can be summarized: 

decomposition or critical 
temperature - - 

1. Do not use a lower pressure than necessary, because 
separation efficiency and throughput decrease as 
pressure decreases. 

A A PD > 365 psia 

The requirement of bottoms temperature to avoid 
overheating heat sensitive materials may become con- 
trolling. 

2. When separating volatile components such as a single 
stream from low-volatility bottoms, use a molecular or 
unobstructed path process, either thin film or batch. 

3. When separating a volatile product from volatile 
impurities, batch distillation is usually best. 

4. Do not add a packed column to a thin film evapora- 
tor system, because complications arise. 

T,, > Bottoms 
decomposition or critical 

1 1  temperature 

Note that good vapor-liquid equilibrium data for low 
pressure conditions are very scarce and difficult to locate. 
However, for proper calculations they are essential. See 
References 151 and 152 dealing with this. 

Studies with high-pressure distillation by Brierley [239] 
provide insight into some FRI studies and the effects of 
pressure on performance as well as the impacts of errors 
in physical properties, relative volatility, etc. This work pro- 
vides important contributions to understanding and set- 
ting operating pressures. 

Choose a refrigerant 
so as to operate 

Total Condenser 

* Lower pressure 

In a total condenser all of the overhead vapor is con- 
densed to the liquid state. When the heat load or duty on 
the condenser is exactly equal to the latent heat of the sat- 
urated or dew point of the overhead vapor from the distil- 
lation column, the condensed liquid will be a saturated 
bubble point liquid. The condenser and accumulator 

partial condenser 
at 415 psia 
(2.86 MPa) 

Start - 

PD appropriately 

Distillate and bottoms 
compositions known 

or estimated 

Calculate bubble-point pD < 215 psia (1.48 MPa) 

Pressure distillate (PD) at of 1 Use total condenser 
120 F (49 a c )  (Reset P, to 30 psia 

I 1 

Figure 8-12. Algorithm for establishing distillation column pressure and type condenser. Used by permission, Henley, E. J. and Seader, J. D., 
Equilibrium Stage Separation Operations in Chemical Engineering, John Wiley, 0 (1981), p. 43, all rights reserved. 
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Distillate Product 

Column A 
Conditions : yT = xD 

yT in Equilibrium with 
Tap Tray 

D is Liquid 

ParHal Condenser 
Qc 

Receiver 

Column B 
Conditions: yD in Equilibrium with xo 

yD is Vapor 
D is Vapor Product 
Partial Condenser acts as One Plate with 
yo in Equilibrium with Top Tray Condensate. ~0 

Product 

Total Condenser Partial Condenser 

Figure 8-13. Total and partial condenser arrangements. 

pressure will be the total vapor pressure of the conden- 
sate. If an inert gas is present the system total pressure will 
be affected accordingly. When using a total condenser, the 
condensed stream is split into one going back into the col- 
umn as reflux and the remaining portion leaving the sys- 
tem as distillate product. 

Partial Condenser 

The effect of the partial condenser is indicated in Fig- 
ure 8-13 and is otherwise represented by the relations for 
the rectifying and stripping sections as just given. The key 
point to note is that the product is a vapor that is in equi- 
librium with the reflux to the column top tray, and hence 
the partial condenser is actually serving as an “external” 
tray for the system and should be considered as the top tray 
when using the equations for total reflux conditions. This 
requires just a little care in stepwise calculation of the col- 
umn performance. 

In a partial condenser there are two general conditions 
of operation: 

1. All condensed liquid is returned to column as reflux, 
while all vapor is withdrawn from the accumulator as 
product. In this case the vapor yc = XD; Figure 8-1 and 
Figure 8-14. 

2. Both liquid and vapor products are withdrawn, with 
liquid reflux composition being equal to liquid prod- 
uct composition. Note that on an equilibrium dia- 
gram the partial condenser liquid and vapor stream’s 
respective compositions are in equilibrium, but only 
when combined do they represent the intersection of 
the operating line with the 45” slope (Figure 8-14). 

s 
i 
0 
Q m > 
c .- 

D = D, = Vapor 

0 Mol Fraction in Liquid, x, 1 .o 

Figure 8-14. Diagram of partial condenser; only a vapor product is 
withdrawn. 

Thermal Condition of Feed 

The condition of the feed as it enters the column has an 
effect on the number of trays, reflux requirements and 
heat duties for a given separation. Figure 8-15 illustrates 
the possible situations, i.e., sub-cooled liquid feed, feed at 
the boiling point of the column feed tray, part vapor and 
part liquid, all vapor but not superheated, and superheat- 
ed vapor. The thermal condition is designated as “q,” and 
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1.1 
X 

Total  Reflux 

1.0 

2. 

0 

Minimum Reflux 
Abnormal Equilibrium 

3 1.0 
X 

Thermal Condition of 
Feed to Column 

P a r t i a l  Condensation 
of  Overhead Vapors 

Figure 8-15. Operating characteristics of distillation columns. 

is approximately the amount of heat required to vaporize 
one mol of feed at the feed tray conditions, divided by the 
latent heat of vaporization of the feed. 

Ls = Lr + qF (8-26) 

The slope of a line from the intersection point of the 
feed composition, XF, with the 45” line on Figure 8-2 is 
given by q/ (q - 1) = - q/ (1 - 9). Physically this gives a 
good approximation of the mols of saturated liquid that 
will form on the feed plate by the introduction of the feed, 
keeping in mind that under some thermal conditions the 
feed may vaporize liquid on the feed plate rather than 
condense any. 

Liebert [218] studied feed preheat conditions and the 
effects on the energy requirements of a column. This topic 
is essential to the efficient design of a distillation system. 

As an alternate to locating the “q” line, any value of xi 
may be substituted in the “q” line equation below, and a 
corresponding value of yi determined, which when plot- 
ted will allow the “q” line to be drawn in. This is the line 
for SV - I, V - I, PV - I, BP - I and CL - I of Figure 8-15. 

y i = - -  XF xi+- 
1 - q  1 - q  

(8 - 28) 

Total Reflux, Minimum Plates 

Total reflux exists in a distillation column, whether a 
binary or multicomponent system, when all the overhead 
vapor from the top tray or stage is condensed and 
returned to the top tray. Usually a column is brought to 
equilibrium at total reflux for test or for a temporary plant 
condition which requires discontinuing feed. Rather than 
shut down, drain and then re-establish operating condi- 
tions later, it is usually more convenient and requires less 
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energy in the form of reboiler heat and condenser coolant 
to maintain a total reflux condition with no feed, no over- 
head and no bottoms products or withdrawals. 

The conditions of total liquid reflux in a column also 
represent the minimum number of plates required for a 
given separation. Under such conditions the column has 
zero production of product, and infinite heat require- 
ments, and L,/V, = 1.0 as shown in Figure 8-15. This is the 
limiting condition for the number of trays and is a conve 
nient measure of the complexity or difficulty of separation. 

Fenske Equation: Overall Minimum Total Trays with 
Total Condenser 

\--min , - I  log Q avg. 
(8 - 29) 

This includes the bottoms reboiler as a tray in the system. 
See tabulation below. 

Nmin includes only the required trays in the column 
itself, and not the reboiler. 

aavg = (alk/hk) 
D refers to overhead distillate 
B refers to bottoms 

(8 - 30) 

This applies to any pair of components. My experience 
suggests adding +1 theoretical tray for the reboiler, thus 
making the total theoretical trays perhaps a bit conservative. 
But, they must be included when converting to actual trays 
using the selected or calculated tray efficiency: 

S,+ 1 =N,h (8 - 31) 

For a condition of overall total trays allowance is to be 
made for feed tray effect, then add one more theoretical tray to 
the total. As demonstrated in the tabulation to follow, 
allowance should be made for the reboiler and condenser. 

Total Partial 
Condenser Reboiler Condenser Total 

Nmin +I 0 +O N m + l  
+1 +O N m + 2  

Nmin +O +1 +1 N,+2 

Note that the approach recommended here is not in 
agreement with Van Winkle [74], because he assumes the 
reboiler and partial condenser are included in the overall 
calculation for NmiW 

Various average values of a for use in these calculations 
are suggested in the following section on “Relative Volatility.” 

Because the feed tray is essentially non-effective it is sug- 
gested that an additional theoretical tray be added to 
allow for this. This can be conveniently solved by the 
nornographs [21] of Figures 8-16 and 17. If the minimum 
number of trays in the rectifying section are needed, they 
can be calculated by the Fenske equation substituting the 
limits of xF1 for XBh and XBl, and the stripping section can 
be calculated by difference. 

From Fenske’s equation, the minimum number of equi- 
librium stages at total reflux is related to their bottoms (B) 
and distillate or overhead (D) compositions using the 
average relative volatility, see Equation 8-29. 

To solve for the component split [loo] in distillate or 
bottoms: 

Sm (”) = (“) ( a L K - m  (8-32) 
x~ D X~~ D 

where S, = total number of calculated theoretical trays 
at total reflux, from Equation &30 

Xlk = XLK = liquid mol fraction of light key 
x a  = x m  = liquid mol fraction of heavy key 

lk - hk = LK - HK= average relative volatility of column (top to 
bottom) 

Because a column cannot operate at total reflux and 
produce net product from the column, a reflux ratio of 
about 1.1 to 1.5 times the minimum reflux will usually give 
practical results. Be aware that as the reflux ratio comes 
down approaching the minimum, the number of theoret- 
ical and then corresponding actua2 trays must increase. 

Relative Volatility 

Relative volatility is the volatility separation factor in a 
vapor-liquid system, i.e., the volatility of one component 
divided by the volatility of the other. It is the tendency for 
one component in a liquid mixture to separate upon dis- 
tillation from the other. The term is expressed as the ratio 
of vapor pressure of the more volatile to the less volatile in 
the liquid mixture, and therefore a1,2 is always equal to 1.0 
or greater. a1,2 means the relationship of the more volatile 
or low boiler to the less volatile or high boiler at a constant 
specific temperature. The greater the value of a, the easier 
will be the desired separation. Relative volatility can be cal- 
culated between any two components in a mixture, binary 
or multicomponent. One of the substances is chosen as the 
reference to which the other component is compared. 

Definition of Relative Volatility: Relative Volatility of 
Component 1 with respect to component 2. 

Q1,2 = (p1 XZ)/(PZ Xl) = (y1 X2)/(Y2 x1) (8 - 33) 

where 1,2, etc. are component identification 
p = partial pressure of a component 
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plates. Used by permission, The American Chemical 
Society, Smoker, E. H., Ind. Eng. Chern V. 34 (1942), p. 

0.3 
0.2 0.2 

0.1 0. I 

Xo[l+(Oc-l)(xF)]-axF 
x D  = Mol Fract ion Low Bai ler  i n  Overhead 

xF  Mol Fract ion Low Boiler in Feed 

(LID),= 

L/D Actual  Ref lux Rat io a t  N Plates 

(-Min.  Re f lux  Ratio) 
S X ~  -xF [I+("c-I)(xF~ 

x B  Mol Fract ion Low Boi ler  in Boi le r  

oc Relative Vo la t i l i t y  o f  Components ,Ave. 

N M  = Number o f  Perfect  Plates a t  To ta l  Ref lux  
N = Number o f  Per fec t  P la tes  ot  LID Ref lux  

Figure 8-16. Approximate solution for N and U/D in distillation of ideal binary mixtures. Used by permission, Faasen, J.W., lndusffid & Eng. 
C h m i w ,  V. 36 (1944), p. 248., The American Chemical Society, all rights reserved. 

O t  

Minimum Reflux at Infinite Theoretical Plates 
1 0 . 0  

=:-..- .a:-:-..- -&I.... -* .I...-u.C..rl 

x g  = Mol Fract ion Low Boiler i n  Overhead 
X F  = Mol Frac t ion  Low Boiler in Feed 
6 = Relat ive Vo la t i l i t y  
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x = liquid mol fraction of a component 
y = vapor mol fraction of a component 
n = system total pressure, absolute 

Partial pressure: 

(8 - 3) 

When temperature is constant and at equilibrium for a 
homogeneous mixture (such as azeotrope), the composi- 
tion of the liquid is identical with the composition of the 
vapor, thus xi = yi, and the relative volatility is equal to 1.0. 

mol fraction of i in vapor phase 
mol fraction of i in liquid phase 

K i  = y i  / x i ,  that is, (8 - 9) 

aab = KJh = relative volatility of components a to b (8- 34) 

where i = compound identification 
r = reference compound 

As previously discussed, the charts of K values are avail- 
able, but do apply primarily to hydrocarbon systems. Ref- 
erence 79 presents important other data on K value rela- 
tionships. See Figures 84A and 84B for charts with 
pressure effects included (not ideal, but practical charts). 

a1,2  = K d K 2  = P1/n (8-35) 

For multicomponent mixtures [79,59] : 

where 1,2,3,4, . . . are components in a multicomponent 
mixture 

a112 = relative volatility of component 1 with respect to 
component 2 

"312 = relative volatility of component 3 with respect to 
component 2. 

-1 (8 - 41) 
y1 = 1 + (a - 1)xl 

Winn [99] proposes a modification to recognize tem- 
perature variation effects on relative volatility. The 
method does not apply to mixtures forming azeotropes or 
at conditions near the critical. Kister [94] proposes: 

K 1 =  a12 K2 

a can vary with temperature, so some average a should be 
used between top and bottom temperature. 

When blk and plk/hk are constants at a fixed or constant 
pressure, but evaluated for the light (1) and heavy (h) keys 
at top and bottom temperatures, their relationship is [94] : 

Plk/hk = &k/(&k)bk, at fmed pressure (8 - 43) 

Winn's equation reduced to Fenske's at blk = 1.0 and 

Plk/hk = alk/hk (8-44) 

Example 84: Determine Minimum Number of Trays by 
Winn's Method (used by permission 1991) 

The minimum number of trays necessary to debutanize 
the effluent from an alkylation reactor will be calculated. 
The feed, products, and vapor-liquid equilibrium costants 
of the key components at conditions of temperature and 
pressure corresponding to the top tray and reboiler are 
shown in Table 8-1. 

The constants f3 and b are evaluated using Equation 
8 4 3  as follows: 

0.94 = p (0.70)b 
3.55 = fi (3.00)b 

Divide to solve for value of b. Then: 

For a binary system with constant relative volatilities: 

(8-42) 

3.78 = (4.29)b 
b = 0.913 

= 1.301 

By use of Winn's Method [99] for product rates: 

b 1-b 
V+l= (+) (2) (;) , for liquid overhead product (8 - 45) 
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Table 8-1 
Data for Alkyiation Deisobutanizer; Example 8 4  Using 

Winn’s Method 

over- Equilibrium K’s 

Component moles moles moles tray Reboiler 

Ethylene 1 1 . . . .  . . . .  . . . .  
Ethane 2 2 .... .... .... 
Propane 48 48 .... .... .... 
Isobutane 863 848 15 0.94 3.35. 
n-Butane 132 71 61 0.70 3.00 
Isopentane 33 . . . .  33 . . . .  . . . .  
n-Pentane 5 .... 5 .... .... 
Alkylate 277 .... 277 .... .... 

1361 970 391 . . . .  . . . .  

Feed, head, Bottoms, Top 

Used by permission, W-inn, E W., Pet. Re$ V. 37; No. 5 (1958), p. 216, Gulf 
Pub. Co. 

1-b on+* = (s) ( x)b (:) ,for vapor overhead product (8- 46) w v;, 

where B = mols of bottoms 
b = exponent in Equation 8-43 
D = total mols of overhead product 
n = minimum number of equilibrium trays in tower 
K = y/x = vapor-liquid equilibrium ratio for a component 
L = mols of a component in liquid phase 
P = vapor pressure, psia 
T = absolute temperature, “R 
V = mols of a component in vapor phase 
W = total mols of bottoms product 
x = mol fraction of a component in liquid phase 
y = mol fraction of a component in vapor phase 
a = relative volatility 
p = constant in Equation &43 
n: = total pressure, psia 
L = total mols in liquid phase 
V = total mols in vapor phase 

subscripts or superscripts: 
D = distillate 
B = bottoms 

(‘) = heavy key component 
1 ,2  .. .= tray number 

The minimum number of theoretical stages is calculat- 
ed as follows: 

(1 301) = (848/ 15) (61/71) O-’’’ (391/970) 
I 4 5 3  

n + 1 = 14.5 

This is exactly the number of stages obtained by tray-to- 
tray calculations with the K correlation of Winn [236]. The 

minimum number of stages by the Fenske equation, with a 
geometric average a of 1.261, is 16.8. The Fenske equation 
gives an answer that is too high by 2.3 stages or 16%. 

For ideal systems following Raoult’s Law; relative volatil- 
ity alh = pI/ph, ratio of partial pressures. 

For a binary distillation, a is calculated at top and bot- 
tom conditions and a geometric mean used where the dif- 
ferences are relatively small. 

Ester [94] recommends that the determination of a for 
calculation as: 

(1) aavg - a evaluated at Tavg = (TtOp + T B ~ ~ ) / ~  
where T - “F (8- 48) 
(2) aavg - a at feed tray temperature 
(3) Winn’s E991 method previously discussed. 

For hydrocarbon systems, the following is often used [65] 

(8- 36A) 

where i = any component 
r = component to which all the relative volatilities are 

Ki = equilibrium distribution coefficient for component, i 
R, = equilibrium distribution coefficient for component 

referred 

to which relative volatilities are referred 

For values of a near 1.0, extreme care must be used in 
establishing data, as a small change in the value of a;.rp. 
may double the number of trays. 

The exact procedure is to estimate a temperature pro- 
file from top to bottom of the column and then calculate 
a for each theoretical tray or stage by assuming a temper- 
ature increment from tray to tray. For many systems this, 
or some variation, is recommended to achieve good sepa- 
ration calculations. 

YIXh 

XI Yh 
alh =- 

For non-ideal systems: 

Y 6 1  
alh 

Yh Kh 

(8- 35) 

(8-49) 

The vapor-liquid equilibrium relationship may be deter- 
mined from 
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By assuming values of xl, the corresponding y1 may be cal- 
culated. 

For hydrocarbon systems, where & = yi/xi, then, 

q,r = KdK,  = relative volatility (8- 36A) 

Example 8-5: Boiling Point Curve and Equilibrium 
Diagram for Benzene-Toluene Mixture 

Using the vapor pressure data for benzene and toluene 
[59] : 

1. Construct a boiling point diagram at a total pressure 
of 760 mm Hg, Figure 8-18. 

2. From the boiling point diagram construct the equi- 
librium x-y curve for a total pressure of 760 mm Hg, 
Figure 8-19. 

'"1 

70" v 
I I I I I I I I 

0 0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1.0 

MOL FRACTION BENZENE 

1.0 0.9 0.8 0.7 0.6 0.5 0.4 0.3 0.2 0.1 0 

f--- MOL FRACTION TOLUENE 

Figure 8-18. Boiling point diagram for Example 8-5. Benzene- 
toluene, total pressure = 760 mm Hg. U s e d  by permission of Robin- 
son & Gilliland. 
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Figure 8-19. X-y diagram for benzene in benzene-toluene mixture at 
760 mm Hg total pressure, Example 8-5. 

Vapor pressure data as read from tables or graphs: 

Temp, "C Vapor Pressure- Vapor Pressure- 
"C Benzene. mm Hg Toluene, mm Hg 
80 760 280 
90 1,000 410 
100 1,320 550 
110 1,740 '740 

111.5 1,760 760 

Use Raoult's and Dalton's Laws: 

XT= 1 -XB 

where PB = vapor pressure, benzene 
PT = vapor pressure, toluene 
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pB XB 
Temp"C (PR-PT) (JG-P~T)  XR yB=. z 

80 480 480 1.0 0 1.0 0 
90 590 350 0.593 0.407 0.780 0.220 

100 770 210 0.273 0.727 0.474 0.526 
110 1,000 20 0.0 0.980 0.0457 0.954 
111.5 1,000 0 0.0 1.0 0.0 1.0 

Plot values of xg, XT, YT, and yg on Figure 8-18. 

Example 86: Repeat Example 8-5 using K-values. Refer 
to basis of Example 8-4. 

Using the data from Reference 59 (pp. 221, and 233): 

Temp. Re1 . 
"C KT Vol., a g / ~ *  Kg =UKT 1 - KT (Kg - KT) -- 
80 0.37 2.65 0.981 0.63 0.611 
90 0.33 2.48 1.314 0.47 0.784 

100 0.73 2.39 1.745 0.27 1.015 
110 0.97 2.35 2.28 0.03 1.31 
111.5 1.0 2.35 2.35 0.0 1.35 

*Read from chart [59]. 

X B  = 1 - KT/ 
(KB - KT) XT 1 - Xg YB = KBXB YT = KTXT 
*1.031 0.0 80.981 0.0 
0.60 0.40 0.789 0.212 
0.266 0.734 0.464 0.535 
0.0229 0.977 0.0523 0.946 
0.0 1 .o 0.0 1 .o 

*Note: If graphs could be read close, these values would be equal to 1 .O. 

Procedure 

1. Read K value for toluene from tables or charts. 
2. Read CY. values for benzene/toluene from Reference 59. 
3. Calculate K (benzene) from: a g / ~  = KB/KT 
4. Calculate Xbenzene: 

YB'GXB 

YT = KT xT 

Z1.0 = KBXB + KTXT = KBXB + KT (1 - XB) 

XB (% - KT) +KT 

XB = (1 - KT)/(KB - KT) 

5. calculate Ybemene: yB = XB 
6. Plot boiling point diagram, see Figure 8-20. 
7. Plot x-y diagram, see Figure 8-21. 

Example &?: Flash Vaporization of a Hydrocarbon 
Liquid Mixture 

What fraction of a liquid mixture containing 10 mole% 
propane, 65% n-butane and 25% n-pentane would be 

11w 

p 100' 

ui K z a 
90' 

70' 

0 0.1 0.2 0.3 OA 0.5 0.6 0.7 0.8 0.9 1.0 

MOL FRACTION BENZENE 
MOL FRACTION TOLUENE 

Figure 8-20. Boiling point diagram for benzene-toluene mixture 
using K values, total pressure 760 mm Hg; for Example 8-6. 
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Figure 8-21. x-y diagram for benzene in benzene-toluene mixture, 
760 rnrnHg total pressure, based on K-values, Example 8-6. 
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vaporized in a flash vaporization process at a temperature 
of 40°F and a pressure of 600 mm Hg abs? 

The following vapor pressure data for 40°F are available: 

propane 3,800 mm Hg 
n-butane 820 mm Hg 
n-pentane 190 mm Hg 

Assume Raoult’s Law is applicable. At a total pressure, TC, 
the temperature of flash must be between the dew point 
and bubble point. 

Vapor Press. 
M S  m m H g = P ~  

C3Hs 10 3,800 
nC$-IIo 65 820 
nCgH12 25 190 

L 

0.158 1.158 

0.317 25 3.16 4.16 

1 +E K=- P1 - 
fjooFxvKv- 

L L  

~ 

8.64 
37.6 

+&& 
V = 52.24 NOT a check, reassume 

and recalculate. See Figure 8-22 for plot of results and the 
resultant extrapolation. Use this type chart as a guide to 
reduce the number of “guesses” to reach an acceptable 
solution. After several assumptions: 

1. Assume feed = 100 mols 
2. Assume L - 30 
3. Then: V = 100 - 30 = 70 mols 

X = mols of component i in vapor plus mols of component i in 
liquid divided by the total mols of feed (liquid + vapor) 

F = mols of feed 

Following the same headings as previous table it con- 
tinues: 

L L Vapor L - 
~ 0 1 %  a Press. Y RV 1 +Kv 

nCqHlO 65 65 820 0.429 0.314 1.314 
nCgH12 25 25 190 0.429 1.352 2.352 

C a s  10 10 3,800 0.429 0.0677 1.067 

1w - 

9 0 -  

8 0 -  

m -  

50 - 

4 0 -  

3 0 -  

20 - 

10 - 

I I I I I I I I I 
0 10 20 30 40 so 60 70 BO 90 100 

ASSUMED MOCS VAPOR 

Figure 8-22. Extrapolatlon curve to determine approximate value of 
V” for Example 8-7. 

Fx V=- 
L 1+- 

Kv 
* y; mol. fmc. 

9.38 0.135 
49.4 0.711 
10.63 u.53 
69.41 0.999 

These values are close enough for most calculations. 
Therefore, after several trial-and error calculations 

these results indicate that after flashing, there would be 
70% vapor (approximately) of above composition and 
30% (mol) liquid. 

Quick Estimate of Relative Volatility 

Wagle [92] presents an estimate method for the aver- 
age relative volatility of two components, related to the 
normal boiling points and the latent heats of vaporization 
of the two components, in the temperature range of their 
boiling points: 
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x (7,332+ 7,930) 

29 

= 2.375 

where ct = relative volatility between the two components in 
the temperature range T b l  to Tb2 

Tbl  = normal boiling point of Component 1,”K 
Tb2 = normal boiling point of Component 2, “K 
L1= latent heat of vaporization for Component 1 at 

L2 = latent heat of vaporization for Component 2 at 
Tbl ,  kcal/kmole 

Tb2, kcal/kmole 

If a compound’s latent heat is not known, it can be esti- 
mated from the normal boiling points and molecular 
weight. 

Example 8-8: Relative Volatility Estimate by Wagle’s 
Method [92] (used by permission) 

The average relative volatility of benzene and toluene 
can be determined using the following data: Tbb = 353.3 

kcal/kmole (where the subscripts b and t denote benzene 
and toluene, respectively). Substituting these values into 
Equation 8-52 above, we find that: 

K, Tbt = 383.8 K, Lb = 7,352 kcal/kmole, and L, = ’1,930 

a b t  = exp 

This compares with a value of 2.421 for a determined 
using vapor-pressure/ temperature charts. 

Minimum Reflux Ratio: Infiiite Plates 

As the reflux ratio is decreased from infinity for the 
total reflux condition, more theoretical steps or trays are 
required to complete a given separation, until the limit- 
ing condition of Figure 8-23 is reached where the operat- 
ing line touches the equilibrium line and the number of 
steps to go from the rectifjmg to stripping sections 
becomes infinite. 

If the operating lines of Figure 8-23 intersect at x,, yc 
outside or above the equilibrium line when insufficient 
reflux is used, the separation is impossible. 

This graphical representation is easier to use for non- 
ideal systems than the calculation method. This is anoth- 
er limiting condition for column operation, i.e., below 
this ratio the specified separation cannot be made even 
with infinite plates. This minimum reflux ratio can be 
determined graphically from Figure 8-23, as the line with 
smallest slope from XD intersecting the equilibrium line 
at the same point as the “q” line for mixture following 
Raoult’s Law. 
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Figure 8-23. Fractionation of binary mixture at minimum reflux con- 
dition. 

External reflux ratio = L/D 
Slope of line from XD: 

L/V = internal reflux ratio 

For non-ideal mixtures the minimum L/V may be as 
indicated in Figure 8-15, and hence not fEed as indicated 
above. 

Figure 8-17 presents a convenient and acceptably accu- 
rate nomogram of Smoker’s [66]. 

where xc and yc are coordinates of intersection of mini- 
mum reflux “operating” line with equilibrium curve. At 
Boiling Point xc = xp 

Underwood’s algebraic evaluation [ 731 for minimum 
reflux ratio is acceptable for handling ideal or near ideal 
sys tems: 
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Bubble Point Liquid, q = 1.0 

All vapor feed, no superheating, q = 0 

(8 - 55) 

(8 - 56) 

For the general case the relation is more complex in 
order to solve for (L/D)min. 

Short et al. [230j discuss minimum reflux for complex 
fractionators. 

Theoretical Trays at Actual Reflux 

The Gilliland correlation [23] of Figure 8-24A has 
proven satisfactory for many binary as well as multicom- 
ponent mixtures over a wide range of reflux ratios and 
number of plates. 

Many systems appear to be economically designed for 

(L/D)- (L'D)min = 0.1 to 0.33 and using actual reflux ratios 

of 1.2 to 1.5 times the ratio at minimum reflux. For systems 
of greatly varying relative volatility this should not be used; 
instead, a Ponchon or enthalpy method must be followed. 

Eduljee [84] suggests an equation to replace the 
Gilliland plot as easier to use. The data input must be the 
same. For tray towers: 

(L/D) + 1 

YT = 0.75 - 0.75X0.5668 (8 - 58) 

(8 - 39) 

(8 - 60) 

where S, = theoretical actual trays at actual reflux, L/D, 
including overhead total condenser and reboiler 

YT = correlation expression similar to Gdliland's 
X = correlation expression similar to Gilliland's 
R = reflux ratio, L/D where L is liquid returned to 

D = distillate rate in mols/hr 
L = liquid returned to column, mols/hr 

the column in mols/hr 

NTU = total number of transfer units 
In a 

(a - 1) 
a=- ,where a h  taken as 1.0 

(L/D)-(L/D)y,,, 
(L/DI+I 

Figure 8-MA. Correlation of theoretical plates with reflux ratio. 
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subscripts: 
h = heavy 

min = minimum 
P = for packed towers 
T = for tray column 

For packed towers, the corresponding relation for trays 
is [84]: 

Yp = 0.763 - 0.763 x ~ . ~ ~ ~  (8 - 6OA) 

(8 - 60B) NTU - N T v , i n  
NTU .t 2a After calculating X, and solving forY using Equation 8-58, 

then solve for the theoretical trays, S, at the actual selected 
reflux ratio (L/D) from the equation for Y.  The equation 
appears to represent several reliable data references. 

and, YP = 

Mapstone [122] and Zankers [123] developed the chart 
shown in Figure &24B to follow Figure 824A to allow for 

\ 
(3 )  
\ 
\ 
\ 
\ 

'3 
8 

TIE LINE NO. 2 \ 

TIE LINE NO, I / 
I 
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a quick evaluation of Gilliland’s equation for theoretical 
plates at any reflux and minimum theoretical plates and 
minimum reflux ratio. The accuracy appears to satisfy 
industrial design needs, therefore it can be time saving 
when evaluating a range of values. For another interesting 
attempt to improve the Gilliland plot by use of equations, 
see Reference 136. 

Example 8-9: Using Figure 824B to Solve Gilliland’s 
Equation for Determining Minimum Theoretical Plates 
for Setting Actual Reflux (used by permission [1221) 

If the minimum reflux ratio is 2.0 and the minimum 
number of theoretical plates is 20, how many plates will be 
required if a reflux ratio 1.5 times the minimum is used? 

Solution. The required reflux ratio, R = 1.5 x 2.0 = 3.0 
1. Connect 2.0 on left hand Rmin scale with 3.0 on left 

diagonal R scale and extend to cut Tie Line 1. 
2. Transfer this value across the central maze to Tie 

Line 2. 
3. Connect this point on Tie Line 2 with 20 on the right 

hand h i n  scale to cut the right diagonal S scale at 35 
(calc. 34.9). 

The number of theoretical plates required will be 35. 
It will be noted that if any three of the four variables, S, 

Smin, R, and Rmin are known, this chart can be used by an 
analogous procedure to give the fourth. 

where S = theoretical plates at any reflux 

R = any reflux ratio 
Smin = minimum number of theoretical plates 

Rmin = minimum reflux ratio 

‘‘Pinch Conditions” on x-y Diagram at High Pressure 

Wichterle et al. [91] identify that near the critical pres- 
sure point of the more volatile component, all systems 
exhibit a “pinch” phenomenon at high pressure as shown 
in Figure 8-25 [91]. To obtain accurate separation perfor- 
mance, the K-value data used must be accurate in this nar- 
row range of separation. For hydrocarbon systems, as well 
as systems involving hydrogen, nitrogen, and methane, the 
data must be accurate and not necessarily just a general 
equation for the particular compound. This is crucial to 
high accuracy computer performance analysis. Space does 
not allow inclusion of this method in this text. 

McCormick [97] presents a correlation for Gilliland’s 
chart relating reflux, minimum reflux, number of stages, 
and minimum stages for multicomponent distillation. 
Selecting a multiplier for actual reflux over minimum 
reflux is important for any design. Depending on the com- 

liquid Phase Canposition 

Figure 8-25, Example of typical “pinch point” for critical region for 
high-pressure distillation. Used by permission, Wichterle, I. ,  
Kobayashi, R., and Chappelear, P. S., Hydrocarbon Processing, Nov. 
(1971) p. 233, Gulf Publishing Co., all rights reserved. 

plexity and analysis of the component’s separation by the 
stages, the actual reflux can vary from 1.2 to 1.5 to 2.0, 
depending on the economics. The proposed equation 
agrees satisfactorily with other methods, and especially in 
the extreme ranges of Gilliland’s plots [9’7], as well as the 
most used region. 

R = A k i ,  

Representative values of X calculated with Equation 8-61 
are given in the following table for values of Rfin and mul- 
tiplier A. Reflux actual values can be assumed, and the s p  
tem tested for Rmin, or used vice versa. 

For actual versus minimum stages in a column, 

Y (N - Nmh)/(N + 1) (8 - 62) 

(0.0456 In X + 0.44) 
Y = l + [  (R - Rmin 1 ] 

(R + 1) 
(8 - 63) 
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Operational Values of X Calculated via Equation 8-61 for a 
Range of Reflux Ratios* 

--- 
Rndm MdtiplierA __ - - - - - -. - .- 

0.04 1.05 1.07 1.10 1.14 1.15 1.17 1.20 1.30 1.40 1.50 

1 0.010 0.024 0.034 0.048 0.063 0.070 0.092 0.091 0.130 0.167 0.200 
3 0.015 0.036 0.050 0.070 0.092 0.101 0.132 0.130 0.184 0.231 0.273 
5 0.016 0.040 0.055 0.077 0.102 0.111 0.145 0.143 0.200 0.950 0.294 

10 0.018 0.043 0.060 0.083 0.110 0.120 0.157 0.154 0.214 0.267 0.313 

Total 
reflux 0.020 0.048 0.063 0.091 0.120 0.130 0.170 0.167 0.231 0.286 0.393 

*Used by permidon, SfcCmmick, J. E., C % e m i m l E ~ @ ~ ~ g ,  v. 95 no. 13 (1988). all rights Ipserved. 

-_ - - .- .- - .- 

- .- 

- __ - 

where A 6 parameter in correlating equation or multiplier 

B = parameter in correlating equation 
In - natural logarithm 

N = actual theoretical stages required for a given sepa- 

on Rmin 

log = logarithm to the base 10 

ration 

separation 
external reflux ratio for a given separation 

K- = minimum theoretical stages required for a given 

R 

X = (R - Rmh)/(R + 1) 
Y = (N - Nmin)/(X + 1) 

Gin E minimum external ratio for a given separation 

The following is a short approximation method for min- 
imum reflux ratios for multicomponent mixtures [98]: 

(8 - 63) 

where(xFLK)eff = x m / ( x m +  xFHK) 
n = number of components 

h i n  = minimum reflux ratio 
x = liquid mol fraction 
q = relative volatility of component i based on 

a L K  = relative volatility of component, i, based on 
heavy key 

light key. 

subscripts: 
avg = average 
e?f = effective 

F = feed 
FHK = heavy key in feed 
FLK = light key in feed 

i = component 
LK = light key 
HK = heavy key 

Ester [94, 951 examines binary distillation systems 
with multiple feeds, one or more side products, one or 
more points of heat removal or addition, and various 
combinations. 

Example 8-10: Graphical Design for Binary Systems [59] 

The benzene-toluene example of Robinson and Gilliland 
[59] has been elaborated on and expanded after the 
advanced distillation course of Holland [25], Figure 8-26. 

It is desired to separate an equimolal mixture of ben- 
zene and toluene into a top product containing 95 mol 76 
benzene and a bottom product containing 95 mol % 
toluene. The distillation is to be carried out at atmospher- 
ic pressure. Use a total condenser. 

A. Calculate the minimum reflux ratio if the feed is liq- 
uid at its boiling point. 

E. Calculate the theoretical plates required if a reflux 
ratio (L/D) of 1.5 times the minimum is employed. 

Feed = 50 mols benzene + 50 mols toluene 
Overhead = 95% benzene 

Bottoms = 95% toluene 

Material balance with respect to benzene: 

0.50 (100) = (0.95) (D) + 0.05B 
50 = .95D + .05 (I00 - D) 
50 =c .95D + 5 - .05D 
45 = .90D 
D = 45/.90 = 50 mols overhead product 
D = overhead product, mols 
B = bottoms, mols 

Step-wise Troys for Operating 

OperatJng Reflux LN - 0.65 ,653 
0.8 (Rectifying Section) 

b 

0. I 

' 0  0.1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 ID 
Pol Fraction Benzene in L iquid  

Figure 8-26. Equillbriurn curve; benzene-toluene for Example 8-1 0 
(curve data only). Used by permission, Robinson, C. S. R. and 
Gilliland, E. R., Elemenis of Fractional Distillation, 4th Ed. McGraw- 
Hill Book Co. (1 950), all rights reserved. 
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A. For a Feed at its Boiling Point: 

= or fi. = m, y F  = 0.70 (from curve) 
Vn L/D+1 V X D - X F  

0.95 - 0.70 
0.95 - 0.30 

- - 

Minimum L/V = 0.35 mol reflux/mol vapor up 

substituting : L/ D 
L/D + 1 

0.55 = - 

0.55 L/D + 0.35 = L/D 

0.45 L/D = 0.59 

Reflux/Product = L/D = 0.55/0.45 = 1.22 

The value of L/D minimum should be equal to: 

L12 XD - yc  - 0.95 - 0.70 .25 
D yc -xC 0.70- 0.50 .20 

= - = 1.25 -=-- 

The slight difference is probably due to inaccuracy in 
reading yc = 0.70 from equilibrium curve. 

B. Theoretical Plates at L/D = 1.5 Times Minimum: 

Operating Reflux Ratio = (1.5) (1.25) = 1.878 = L/D 

Slope of operating line at this reflux ratio: 

L L/D 
V L /D+1  
_=- 

From Graph, L/V = 0.653 was plotted based on feed at 
its boiling point, No. of theoretical plates (step-wise 
graph) = 11.3 

Now, to calculate theoretical plates: 
Rectifyng section: 

L, + 1 D 
Vn Vn 

x , + ~  + - XD operating lime Yn =- 

At: L/D = 1.878, D = 50 mols overhead 
L = (1.878) (50) = 93.9 mols reflux to column 
V = L + D = 93.9 + 50 = 143.9 mols to vapor overhead 

93.9 50 (0.95) = 0.652 xn+1 + 0.331 Yn =143.9Xn+l+145.9 

For a total condenser: ytop = XD = XR = 0.95 

From the equilibrium curve at yt = 0.95 
then: xt= 0.88 

Y ( ~  - 1) = 0.631 (Xt) + 0.331 
Y ( ~  - 1) = 0.651 (0.88) + 0.331 = 0.903 

yt - 1 = 0.903, then xt - 1 from equilibrium curve = 0.788 

Now calculate yt - 2 

yt - 2 = 0.651 (.788) + 0.331 = 0.844 
At yt - 2 = 0.844, curve reads: xt - 2 = 0.69 

Then: yt - 2 = 0.651 (0.69) + .331 = 0.780 
At yt - 3, curve reads: xt - 3 = 0.60 
Then: yt - 4 = 0.651 (0.60) + .331 = 0.722 
At yt - 4, curve reads: xt - 4 = 0.52 (Feed Tray) 
Then: yt - 5 = 0.651 (0.52) +.331 = 0.669 (too far below feed). 

Now go to stripping section curve: 

The feed was at its boiling point: 
V, = V, = 143.9 

L ,=B+V=50+ 143.9~193.9 
B = Bottoms = 50 

Ym = (E) Xm+l-  143.9 50 (0.50) 

= 1.35 X, + 1 - .01736 

Starting at t - 4 = feed tray: 

xt-4-0.52 

y(f- 1) = 1.35 (0.52) - 0.01736 + 0.685 
At yt - 1 = 0.685, ~ f -  1 = 0.475, 

y (feed - 1) = 1.33 xf- 0.0176 (f - 1) 

Note: This is not too accurate due to switched operating 
line equations before the feed compositions were reached, 
yet, one more calculation on the stripping line would have 
placed us below the feed plate composition. Hence a 
change in reflux ratio is necessary in order to split right at 
the feed composition. 

continuing: 

y f - 2  = 1.35 (0.475) - .01736 = 0.624 

From curve at yf- 2 = 0.624 
xf - 2 = 0.405 
yf- 3 = 1.35 (.405) - .01736 = 0.531 

From curve, xf - 3 = 0.32 
yf- 4 = 1.35 (.32) - .01736 = 0.416 
xf-4'0.23 
yf- 5 = 1.35 (.23) - .01736 
xf- 5= 0.15 

0.294 
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)If- 6 = 1.35 (.15) - .01736 = 0.186 

yf-  7 =  1.35 (.092) - .01736 = 0.107 
Xf- 6= 0.092 

xf- 7 =  0.05 (The desired bottoms composition) 

Total theoretical trays: 

rectifylng section = 4 

stripping section = 7 
total = 12 Trays 

Example: 8 1  1 Thermal Condition of Feed 

feed tray = 1  

Using the same operating reflux (same fraction times 
the minimum) as was used in Example 8-10, calculate the 
theoretical plates required for feed of the following ther- 
mal conditions: Use Figure 8-27. 

(a) q = 1.5 
(b) q = 0 
(c) q = -1.5 

A. Fmq = 1.5 

Slope of “q” line = -q/l - q 

Equilibrium Curve, 

-1.5 -1.5 
1- 1.5 - 0.5 

Substituting, slope = - = - - + 3  - 

Referring to calculations of Example 8-10, for an 
equimolal mixture of benzene and toluene in feed: 

overhead product, D = 50 mols/100 mols feed 

calculate ($) =-, XD - Yc 
min YC - X C  

where XD = 0.95 
yc = 0.774” 
xC = 0.59* 

- 0.95 - 0.774 
0.774- 0.59 

- 

0.176 
0.184 

=- 

(L/D)min = ( L R / D ) ~ ~ ~  = 0.956 min. reflux ratio, 
reflux/produc t 

*Read from graph at intersection of =q” line for 1 .?i and minimum reflux 
operating line. 

Slope of Operating Line at Min. Rejlux: 

L/D 0.956 o.49 (3 =(?)min =L/D=.956+1= 

(Graph reads 0.59 but this depends much on accuracy 
of plot.) 

calculating 

XD -Yc 
min XD - x ~  (+) =- 

.95 - .774 
.95 - 3 9  

= 0.49 - - 

Actual Operating Line: 

Operating reflux ratio = (1.5) (L/D) = 1.5 (0.956) 
= 1.432 reflux/product 

Slope of actual operating line: 

Figure 8-27. Equilibrium curve; benzene-toluene for Example 8-1 1 
(curve data only). Used by permission, Robinson, C. S. R. and 
Gilliland, E. R., Elements of Fractional Distillation, 4th Ed. McGraw- 
Hill Book Co. (1950), all rights reserved. 

L L/D 1.432 o.5g 
V L / D + l  1,432+1 
_=-- --= 
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Graphically, read 13 steps or theoretical plates from the 
top plate through bottom reboiler (assuming a total con- 
denser). 

rectifjmg section = 5 

stripping section = 2 (includes reboiler) 
feed plate - 1  

13 Plates including reboiler 

To calculate this stepwise: 
Operating line of rectifying section: 

L/V = 0.59 
L/D = 1.432, D = 50 mols product 

L = (50) 1.432 = 71.6 mols liquid reflux 
V, = L, + D = 71.6 + 50 = 121.6 mols 

then: yn + 1 = 0.59 xn + 50 (.95)/121.6 
yn + 1 = 0.59 xn + 0.39, operating line equation 

At top:yn + 1 = XD = 0.95 

So: From equilibrium curve at yn +1 = 0.95, read the liquid 
in equilibrium, which is x, (or top plate in this case) x, = 
xtop = 0.88. 

Now substitute this value x = 0.88 into the equation and 
calculate the vapor coming up from the first plate below 
the top (t - 1). Thus, if x, = top plate, y, + 1 = vapor from 
plate below top. Now, read equilibrium curve at y(t - 1) and 
get x(, + 1) or xt - 1 which is liquid on plate below top. Then 
using xt - 1, calculate yt - 2 (second plate below top, etc.). 
Then, read equilibrium curve to get corresponding liquid 
xt - 2. Continue until feed plate composition is reached, 
then switch to equation of stripping section and continue 
as before until desired bottoms composition is reached. 

Operating line of stripping section: 

Because the feed is a super cooled liquid, L,/V, is not 
equal to LJV,. From definition of “q”: 

L, = L, + qF 
L, = 71.6 + (1.5) (100) 
L, = 221.6 

1- q 
v* -vs Also: -= 

F 

121.6 - V, 
100 

= 1 - 1.5 

121.6 - V, = -50 
LrS = 171.6 

so: -=-- ‘ 2216 - 1-29 
V, 171.6 

-=-- 50 -0.291 
V, 171.6 

Stripping section operating line: 

ym 
XB = 0.05 
ym = 1.29 X, + 1 - 0.01455 

1.29 X, + 1 - 0.291 XB 

Use this equation as described above following down 
from the feed plate cross-over from the rectifylng equation 
to the stripping equation. 

B. Fmq= 0 

This represents feed as all vapor (not superheated). 
Slope of “q” line: 

-q -0 
1 - q  1 - 0  

=-=-- - 0  

This represents no change in overflow from the feed 
plate, and the increase in vapor flow is equal to the mols 
of feed. 

Minimum reflux : (k) =- XD - y c ,  

min YC - X C  

where: XD = 0.95 
yc = 0.50 
xC = 0.29 ]read from graph 

- 0.95 - 0.50 
0.50 - 0.29 

- 

= 2.14 min. reflux ratio, reflux/product 

Slope of operating line at minimum reflux: 

Slope from graph = 0.688 

Operating reflux ratio = (1.5) (2.14) = 3.21, reflux/product, 
(L/D),, 

Slope of operating line = (L/V),,p = 3.21/(3.21 + 1) = 0.763 
No. of theoretical plates from graph = 11 

No. plates rectifjmg section = 5  
feed plate = 1  
stripping section = 2 (includes reboiler) 
total = 11 (includes reboiler) 
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Rectzfjing Section Equation for Operating Line: 

L/V = 0.763 
L/D = 3.21 

L = (3.21.) (50 mol product, D) = 160.6 mols (reflux liquid) 
V, = L, + D = 160.6 + 50 
V, = 210.6 mols vapor up column 

then : yn+l  = 0.763 x, + - 50 (0.95) 
210.6 

yn + 1 = 0.763 X, + 0.225 

Liquid Down Stripping Section: 

L, = L, + qF 
L, = 160.6 + (0) (100 mols feed) 
L, = 160.6 = L, 

Vapor Up Stripping Section: 

210.6 - V, 
100 

= 1 - 0  

210.6 - V, = 100 
V, = 110.6 mols 

Stripping Section Equation for Operating Line 

50 (0.05) 
160.6 

ym =- 
110.6 Xm+’-- 110.6 

ym = 1.452 X, + 1 - 0.0226 

Use these equations as described for the (a) part of prob 
lem in solving for number of theoretical plates stepwise. 

C. Fmq= -1.5 

This represents feed as a superheated vapor, and there 
is a decrease in liquid overflow from feed plate. 

-9 - = 0.60 Slope of “q” line = - - 
1 - q  1-(-1.5) 

Minimum reflux : ( L / D ) ~ ,  = - XD -Yc 
Yc - xc 

where XD = 0.95 

xC yc = = 0*277]read 0.138 from graph 

.95 - .277 
.277 - .138 

= 

(L/D)min = 4.84 reflux/product 

Slope of operating line at  minimum reflux: 

L/D 4.84 (L/V) . =-=- 
mm L/D + 1 4.84+ 1 

= 0.830 (graph reads 0.844) 

Actual Operating Line: 

Operating reflux ratio = (1.5) (4.84) = 7.26 reflux/product 

7 26 
7.23 i- 1 

Slope of actual operating line = (L/V) = - = 0.879 

Graphically we read 8.5 total plates thru bottom reboiler 

r e c w n g  section = 5 

stripping section = 2.5 (includes reboiler) 
total = 8.5 (includes reboiler) 

feed plate = 1  

Equations for S t q i s e  Tray to Traj Calculations RectiJjing 
Section Operating Line 

L,/V, = 0.879 

L/D = 7.26 
L, = (7.26) (50) = 363 mols liquid reflux 
V, = Lr + D = 363 + 50 = 413 

50 
413 

y n + l  = 0 . 8 7 9 ~ ~  + - (0.95) 

yn + 1 = 0.879 X, + 0.115 

Liquid Down Stripping Section: 

L, = L, + qF 
L, = 363 + (-1.5) (100) = 213 mols liquid 
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Vapor Up Stripping Section: 

-V, 250 - 413 
V, = 163 mols vapor 

Stripping Section Operating Line: 

213 50 
163 163 ym = - xm+1 - (.05) 

ym = 1.307 X, + 1 - 0.01535 

Use these equations as described for Part (a) in solving 
for theoretical plates. 

Example 8-12: Minimum Theoretical Tkays/Plates/Stages 
at Total Reflux 

A finishing column is required to produce 99.9% (vol.) 
trichlorethylene purity from 10,000 lb/hour of a feed of 
40% (wt.) trichlorethylene and 60% (wt.) perchlorethyl- 
ene. Only 1% (vol.) of the trichlorethylene can be accept- 
ed in the bottoms. 

Because the process system that will receive vents from 
this condensing system is operating at 5 psig, allow 5 psi 
pressure drop to ensure positive venting and set top of 
tower pressure at 10 psig. 

(1) (2) (1) (2) Mol 
Feed (158°F) W A  MolWt Mols Fraction 

Trichlorethylene 40 131.4 0.00304 0.456 
Perchlorethylene 60 165.9 0.00362 0.544 

100 0.00666 1.000 

Avg mol wt 1.00/.00666 = 150.0 

Overhead 

Overhead temperature for essentially pure products at 
10 psig = 223°F from vapor pressure curve. 

Bottoms 

Allow 10 psi tower pressure drop, this makes bottom 
pressure = 20 psig = 1,800 mm Hg. 

Material Balance: 

10,0001b/hr = 66.7 Feed rate : mols/ hr = 
(150.0) 

xlF = xlD + xlB 
0.456 (66.7) = 0.999 D + 0.01 B 
30.4 = .999 D + .01 (66.7 - D) 
D = 30.05 mols/hr 
bottoms: B = F - D 
B = 66.7 - 30.05 = 36.65 mols/hr 

v. P. 
Bottoms Mol (316°F) V. P. 

Composition: Fraction Mols/hr mmHg Frac. 
~~~~~~ ~ ~~~~ 

Trichlor 0.01 0.3665 4,200 42 
Perchlor 0.99 36.2835 1,780 1,762 

1 .oo 36.65 1,804 mm 

The 1,804 mm compares to the balance value of 1,800 mm I 20 
psig. 

Overhead Composition Mol Fraction Mols/Hr 

Trichlor 0.999 30.02 
o.001 0.03 
1 .ooo 

Relative Volatility: overhead conditions 

a tri/per v.p. (tri) 1,280 mm 
(2230F) = v.p.(per) - 385mm 

= 3.32 - 

Bottom Conditions 
a t d p e r  v.p.(tri) 4,200mm 
( 31@F) = v.p.(per) - 1,780mm 

= 2.36 - 

mean a 
top / bottom = .,/- = 2.80 

T h a l  Condition of the Feed at 158°F 

At conditions of feed tray, assume pressure is 15 psig 
1,533 mm Hg. Determine bubble point: 

assume t = 
266°F Partial 

Component x, v.p. nun Hg Press. x (V.P.) 

Trichlor 0.456 2,350 1,072 
Perchlor 0.544 880 478 

1.550 
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This is close enough to 1,533 mm; actual temperature 
might be 265"F, although plotted data are probably not 
that accurate. Because the feed enters at 158°F and its 
bubble point is 266"F, the feed is considered sub-cooled. 

Heat to vaporize one mol of@ed, 

. - _. -. _. ___ . _  --- 
Latent Btu/Mol 
Ht. @ (OF) (XF) 

Component X, 266°F (XF) (&) @ 158°F (266-158) 

Trichlor 0.436 12,280 5,600 30.9 1,523 

Perchlor 0.344 14,600 7,950 36.4 2,180 
Btu/mol 

Btu/mol 
13,560 3,703 

heat required to vaporize one mol of feed 
latent heat of one mol of feed 

= 

1.272 
13,560 - 3,703 - 17,253 

--I 

= 13,550 1 3,550 

Minimum Number Tray at Total Reflux 

For a total condenser system: 

- log (.999/.001) (.99/.01) - 
log 2.8 

Nmin + 1 = 11.18 
Nmin = 10.18 trays, not including reboiler 

Summary: 

Min. total phjsical trays in column 
Reboiler 1.0 
For conservative design, add feed tray 1.0 
Minimum total theoretical stages 

= 10.18 

12.18, say 12 

Minimum Reflux Ratio 

Because this is not feed at its boiling point, but sub- 
cooled liquid, the convenient charts cannot be used with 
accuracy. Using Underwood's general case: 

Solve first for YlF, assuming that the system follows the 
ideal (as it closely does in this instance). 

This takes the place of drawing the equilibrium curve 
and solving graphically, and is only necessary since the "q" 
is not 1.0 or zero. 

The a should be for the feed tray. However, the value of 
a = 2.8 should be accepted for feed tray conditions (not 
158°F). It would not be if this were predominantly a recti- 
fjmg or a stripping operation. 

0.456 (2.8) = o.70 
'IF = 1 + (2.8 - 1) (0.456) 

Now, substituting to solve for (L/D)min. 

(L/D) (0.456) + 1.272 (0.999) 
(L/D) (1 - 0.456) + 1.272 (1 - 0.999) 

- 2.8{ [ (L/D) + 110.70 + (1.272 - 1) (0.999)) 
((L/D) + 1) (1 - 0.456) + (1.272 - 1) (1 - 0.999) 

- 

(L/D) (0.456) i 1.271 - 2.8[ (L/D) (0.70) i 0.70 + 0.2711 
(L/D) (0.544) + 0.00127 - (L/D) (0.344) + 0.544 + 0.000271 

Solving this quadratic: 

(L/D)min = 0.644 

Reading Figure 8-17 for (L/D)min assuming a liquid 
feed at the boiling point, (L/D)min = 1.2. This demon- 
strates the value of taking the thermal condition of the 
feed into account. 

Actually, any point on one of the curves represents a 
condition of reflux and number of trays that will perform 
the required separation. 

Theoretical Trays at Actual Reflux 

Assume actual reflux ratios of 1.2, 1.8, 2.25, 3.0 times 
the minimum and plot the effect on theoretical plates 
using Gilliland plot. 
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Actual Conservative 
Reflux (From Add 1 
Ratio (L/D) - ( L / D ) a  Fig. &24A) N For Feed, 

L / D + l  N-Nh (Theo.) TotalN 

0.772 0.0722 0.552 26.2 27 
1.16 0.239 0.416 19.8 21 
1.45 0.329 0.356 17.9 19 
1.93 0.439 0.288 16.1 17 

(L/D) - (L/D),in 0.772 - 0.644 
= 0.0722 

(L/D)+ 1 0.772 + 1 

Read value from curve Figure 8-24A. 

- Nmin = 0.552 
N + l  

N - 11.18 
= 0.552 

N + l  
N = 26.2 

Note that these values for theoretical trays do not contain 
corrections in overall efficiency, and hence are not the 
actual trays for the binary distillation column. Efficiencies 
generally run 50-60% for systems of this type which will 
yield a column of actual trays almost twice the theoretical 
at the operating reflux. 

Figure 8-28 presents the usual determination of opti- 
mum or near optimum theoretical trays at actual reflux 
based on performance. It is not necessarily the point of 
least cost for all operating costs, fabrication costs or types 
of trays. A cost study should be made to determine the 
merits of moving to one side or other of the so-called opti- 
mum point. From the Figure 8-28: 

First choice actual reflux ratio, L/D = 1.33 
Corresponding theoretical trays or stages, N = 18.6 

Note that the 18.6 includes the reboiler, so physical trays 
in column = 17.6. Do not round-off decimal or fractions of 
trays until after efficiency has been included. 

Traj Efficieng 

Base at average column temperature of (158 + 266) /2 = 
212°F. 

Trichlor 0.456 0.27 0.123 
Perchlor 0.544 0.36 0,196 

0.319 cp. 

From Figure 8-29: 

Efficiency = 47.5% 

Actual Reflux Ratio, LID 

Figure 8-28. Relationship of reflux ratio and theoretical trays, for 
Example 8-1 2. 

Actual Trays at Actual Rejlw 

Actual L/D = 1.33 
Actual trays = 18.6/0.475 = 39.2 (including reboiler) 
Physical trays: 39.2 - 1 (reboiler) + 1 (conservative, feed) = 39.2 

Round-off to: 40 trays plus reboiler plus total condenser. 
Note: If there is any reason to know that the efficiency of 

this system is usually lower (or in same chemical family), 
then either the efficiency should be reduced to account for 
this or the trays should have an additional allowance. In 
practice, this same column might be installed as 40 trays in 
one plant, 45 in another and 50 in another. 

Tray Details 

Tray details will be considered in a later example. 

Tray Efficiency 

Several empirical efficiency correlations have been 
developed from commercial equipment and some labora- 
tory data and serve most of design problems for the aver- 
age hydrocarbon and chemical systems. They are empiri- 
cal correlations and the application in new systems is 
unpredictable. For this reason results for efficiencies are 
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evaluated by more than one method to obtain some idea 
of the possible spread. Even so, in light of the AIChE study 
discussed below, some of these empirical methods can be 
off by 1540%. Comparisons indicate these deviations are 
usually on the safe or low side. The relation of Drickamer 
and Bradford [16] of Figure 8-29 has been found to agree 
quite well for hydrocarbon, chlorinated hydrocarbons, gly- 
cols, glycerine and related compounds, and some rich 
hydrocarbon absorbers and strippers. 

The relation of O’Connell [49] (Figure 8-29) has gen- 
erally also given good results for the same systems but gen- 
erally the values are high. The absorber correlation of 
O’Connell (Figure 8-29) should be used as long as it gen- 
erally gives lower values than the other two relations. It 
can be used for stripping of gases from rich oils provided 
care is exercised to not accept too high values. 

a qualitative handling of tray mixing to be considered with 
overall and local efficiencies. In general it agrees with the 
Drickamer correlation at least for towers to seven feet in 
diameter. Although the effect of liquid path apparently 
must be considered, the wide variety of tray and cap 
designs makes this only generally possible, and the overall 
correlations appear to serve adequately. 

The American Institute of Chemical Engineer’s Distilla- 
tion Tray Efficiency Research [2] program has produced a 
method more detailed than the shortcut methods, and 
correspondingly is believed to produce reliable results. 
This method produces information on tray efficiencies of 
new systems without experimental data. At present there is 
not enough experience with the method and its results to 
evaluate its complete range of application. 

The area of absorption and stripping is difficult to cor- 
relate €or the wide range of peculiarities of such systems. 
The correlation of Gautreaux and O’Connell [221 allows 

Murphree [85] developed “point” and “overall” distilla- 
tion tray efficiencies, which are examined in detail in Ref- 
erence 2. The expressions are [59]: 

Figure 8-29. Empirical correlations of overall efficien- 
cies for Fractionation and Absorption. 
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(8 - 66) Y i  -Yo Plate/Tray Efficiency : E w 0  = - 
~i -Ye" 

The plate/tray efficiency is the integrated effect of all 
the point efficiencies. 

Point Efficiency : Em * = - Y l  -Yb (8 - 67) 
~i -Ye 

(8 - 68) No. Theoretical Trays 
No. of Actual Trays 

Overall tray efficiency, E, = 

where yi = average composition of vapor entering tray 
yo = average composition of vapor leaving tray 

ye* = composition of vapor in equilibrium with liquid 
flowing to plate below 

yi' = vapor composition entering local region 
yo' = vapor composition leaving local region 
ye = vapor composition in equilibrium with the liquid in 

the local region 

The proposal for calculating column vapor plate effi- 
ciencies by MacFarland, Sigmund, and Van Winkle [86] 
correlates with the Murphree vapor plate efficiencies in 
percent: 

(8- 69) 

where yn = average light key mol fraction of vapor leaving 
plate n 

plate n 

rium with liquid leaving plate n 

yn + 1 = average light key mol fraction of vapor entering 

y* = light key mol fraction of vapor in perfect equilib 

Data from bubble cap and perforated tray columns for 
the Murphree vapor plate efficiencies are correlated [86] : 

Referenced to 806 data points for binary systems, Equa- 
tion 8-70A gives absolute deviation of 13.2%, which is 
about as accurate, or perhaps more so, than other effi- 
ciency equations. Equation 8-70B uses the same data and 
has an absolute average deviation of 10.6%. See Example 
8-1 3 for identification of dimensionless groups. 

Example 8-13: Estimating Distillation Tray Efficiency by 
Equations 8-70A and 870B (used by permission of 
McFmland et al. [86]) 

Solving the problem defined in the following table will 
show the equations for estimating system physical proper- 
ties and their relation to the calculation of Murphree 
vapor plate efficiencies: 

System properties* Acetone Benzene 

Molecular weight, M, lb/lb mole 58.08 78.11 
Viscosity, p lb/hr-ft 0.5082 0.8155 
Parachor, [PI 162.1 207.1 
API specific gravity coeff [ 2401 : 

-- 

0.9485 0.8726 A 
B 0.00053 0.00053 
C 21.6 18.0 
E 536.0 620.6 

-- ~ 

Operatiug data 
Acetone mole fraction, x1 
Benzene mole fraction, x2 
Temperature, T, "F = 166 

Vapor velocity, Uv, ft/hr 
Weir height, h,, ft 
Fraction free area, FA 

= 0.637 
= 0.363 

Superficial vapor mass velocity, G, lb/hr-sq ft = 3,820 
= 24,096 
= 0.2082 
= 0.063 

~ ~~ 

*Used by permission of McFarland et al. [86]. 

Iiquid densities for pure hydrocarbon are calculated 
[240] as a function of temperature using the following 
equation for specific gravity: 

SgL = A  - BT - C/(E - T) 

The liquid density is then: 

pL= (62.32) ( s a )  

For acetone, 

pL,1 = (62.32) r0.8726 - 0.00053 (166) - 21.6/(536.0 - 166)] 
= 45.3 lb/ft3 

For benzene, 

P L , ~  = (62.32) [0.9485 - 0.00053 (166) - 18.0/(620.6- 166)l 
= 51.2 lb/ft3 

Vapor densities are calculated from the ideal gas relation: 

pv = MPt/555(T + 460) 

where total pressure P, is given in millimeters of mercury. 
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Mixture densities of the binary mixtures require a 
knowledge of volume fraction for each component. The 
component molar volume is: 

Vi = Mi/pi 

For acetone and benzene, respectively: 

VL,~  (58.08)/45.3 

V L , ~  = (78.11)/51.2 
5 1.282 ft3/lb mole 

= 1.526 ft3/lb mole 

For the example, 

p ~ , ~ i ~ =  [(0.637) (0.5082)'/3 + (0.363) (0.8155)'/3]3 
= 0.609 lb/hr-ft 

Liquid surface tension is calculated using the Sugden 
Parachor method [242]. Neglecting vapor density, surface 
tension for the liquid mixture is: 

where (5 is in dynes/cm, p is in gm/cm3 and the pardchor, 

For the liquid mixture: 

VL,mix = X~VL,I + XZVL,~ 
= (0.637) (1.282) + (0.363) (1.526) 
= 1.371 ft3/lb mole 

Then the volume fraction of a component is calculated 
assuming an ideal mixture. 

vi = Vi/Vmix 

For acetone and benzene, respectively: 

V L , ~  = 0.817/1.371 = 0.596 

U L , ~  = 0.554/1.371 = 0.404 

The liquid density of the binary mixture is then: 

PL,mix = V L , ~  PL,I + VL,Z PL,Z 
= (0.596) (45.3) + (0.404) (51.2) 
= 47.6 lb/ft3 

The vapor density can be found in an analogous manner. 

Pv,v,,x = UV,l Pv,l + vv,2 Pv,2 

However, the example problem does not require a cal- 
culation for vapor density. Instead, the superficial vapor 
mass velocity G can be substituted into Equation 8-73 
because: 

G = U v p ~  

Liquid viscosity of the binary mixture, when not report- 
ed with the experimental efficiency results, is estimated 
using: 

The pure component viscosities are given in the literature 
[240, 2411 as a function of temperature. 

Values of the parachor are given in the literature [240]. 
Then the example gives: 

Mmix = (0.637) (58.08) + (0.363) (78.11) 

[PImix = (0.637) (162.1) + (0.363) (207.1) 
= 65.35 lb/lb mole 

= 178.4 
pmix = 47.6/62.32 = 0.7638 gm/cu cm 
omix = [(0.7638/65.35) (178.4)14 

= 18.96 dynes/cm 

Diffusivity of the liquid light key component is calculat- 
ed by the dilute solution equation of Wilke-Chang [243]. 

DLK = (3.24 x ( I # M ~ ~ ~ ) ' "  (T + 460)/pmix (VLK)'.' 

Wilke-Chang reported the recommended values for 
as follows: water, 2.6; benzene, heptane and ether, 1.0; 
methanol, 1.9; ethanol, 1.5; unassociated solvents, 1.0. 
The mixture parameter for the example problem is con- 
sidered unity. 
Then, 

DLK = (3.24 x (65.35)"' (166 + 460)/(0.609) (1.282)0.6 
= 2.32 x ft2/hr 

Dimensionless groups for the example problem are: 

ND, = ~ L / P L U V  (8-71) 
= (5.417 x 105)/(0.609) (2.4092 x lo4) 
= 37 

= (0.609)/(47.6) (2.32 x 
= 55 

= (0.2082) (3.82 x 10")/(0.609) (0.063) 

Nsc = PL/ PLDLK (8-72) 

NRe hwG/ WL (FA) (8 - 73) 

= 2.07 104 

Murphree vapor plate efficiency is calculated two ways: 

EM = 7.0 (ND )0.14 ( N S ~ ) ~ ' . ~ ~  (NRe)'.O8 (8-70A) 
= 7.0 (37)5.14 (55)o.2" (2.07 x 104)0.08 
= 7.0 (1.66) (2.72) (2.26) = 71% 
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EM = 6.8 (N&Nsc)'.' ( N Q N S , - ) ~ . ~ ~ ~  (8-70B) 
= 6.8 [(2.07 x lo4) (?15)]~.~ [(37) (55)I0.ll5 
= 6.8 (4.04) (2.40) = 66% 

In this example, Equation 8-70B gives a more conserva- 
tive design basis. 

where A, B, C, E = constants in equation 
D = molecular diffusion coefficient, sq ft/hr 

EM = Murphree vapor plate efficiency, % 
FA = fractional free area 
h,, = weir height, inches 
G = superficial mass vapor velocity based on the 

M = molecular weight, lb/lb mole 
N = dimensionless number 
P = pressure, consistent units 

[PI = Sugden parachor 
sg = specific gravity 
T = temperature, "F 
U = superficial velocity, ft/hr 
V = molar volume, ft3/lb mole 
u = volume fraction 
x = mole fraction in the liquid 
y = mole fraction in the vapor 
p = liquid viscosity, lb/hr-ft 
p = density, lb/ft3 
o = surface tension, dynes/cm 
I# = mixture parameter 

cross-sectional area of the column, lb/hr-sq ft 

Subscripts 
i = component 

L = liquid 
LK = liquid light key 

mix = binary mixture 
n = plate number 
t = total 

V = vapor 

Biddulph [go] emphasizes the importance of using 
point efficiencies rather than tray efficiencies or overall 
column efficiencies, due to the wide fluctuations that 
often exist. 

Kessler and Wankat [loll have examined several column 
performance parameters, and for O'Connell's [49] data 
presented in Figure 8-29 they propose equations that report- 
edly fit the data generally within about d o %  limits: 

A. Distillation Trays 

E,, = 0.54159 - 0.28531 loglo a p  (8-74) 

B. Plate Absorbers (data fit *5%) 

E, = 0.37237 + 0.19339 loglo (HP/p) + 0.024816 
(log10 (HP/ PI2 (8-75) 

where E, = overall efficiency 
H = Henry's law constant, lb mole/ (atm) (ft3) 
P = pressure, atmospheres 
a = relative volatility 
p = viscosity, centipoise, cp 

Gerster [176] presents the results of studies on the tray 
efficiencies of both tray and packing contacting devices. 
Note that Gerster compares his work to the AIChE Manu- 
al [21. 

In terms of the change in gas composition [2]: 

Y -Yn+l E, = EOG = 
Y"-Yn+1 

(8 - 76) 

where EG = overall column efficiency 
EOG = overall point efficiency in vapor terms (see Ref. 

yn + 1 = component mol fraction in the gas to the point 

y = component mol fraction in the gas from the 

y* = composition the leaving gas would have if it left 

2, page 38) 

considered 

point considered 

the point in equilibrium with the liquid 

In Table 8-2 Proctor [ 1781 compares efficiencies of sieve 
and bubble cap trays (plates). He concludes that the sieve 
design provides a 15% improvement in plate efficiencies. 
To fully evaluate the actual efficiencies in any particular sys- 
tem, the physical properties, mechanical details of the trays, 
and flow rates must be considered. See Reference 2 also. 

Table 8-2 
Comparative Efficiencies of Sieve and Bubble-Cap 

Trays/Plates [ 1781 

Vapor Throughput, Over4  Plate Efficiency, % 
Plate Type Lb Mole/= of Dry HzS Cold Tower Hot Tower 

~~ 

Sieve 18,200 69 55 75 *(8)* 
Bubblecan 16.200 60 ~5 69 *5 

~ ~~~~~ 

*See the discussion of accuracy of the plate efficiency results in the text. 
Used by permission of the American Institute of Chemical Engineers; all 
rights reserved. 

Strand [l79] proposes a better agreement between 
experimental and predicted efficiencies when recognizing 
a liquid by-passing factor to correct predicted values deter- 
mined by the AIChE method. The results suggest that for 
the representative systems studied recognition of a liquid 
by-passing factor for a tray can lower the AIChE method 
results by as much as 5 to 10% to be in better agreement 
with experimental results. A vapor by-passing effect was 
not required to correlate the data. Because the Murphree 
vapor efficiencies vary considerably for various systems, 
the data in Reference 1'79 can only be a guide for other 
systems not studied. 
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CURVE I: LIQUID PLUG FLOW, VAPOR 
COMPLETELY MIXED 

CURVE 2 :  LIQUID PLUG FLOW, VAPOR UNMIXED 

This suggests that caution must be exercised when estab- 
lishing a tray efficiency for any type contacting device by (1) 
using actual test data if available for some similar system or 
(2) comparing several methods of predicting efficiency, 
and (3) possible use of a more conservative efficiency than 
calculated to avoid the possibility of ending up with a com- 
plete column with too few actual trays-a disastrous situa- 
tion if not discovered prior to start-up operations. 

Sakata [180] evaluates the degree of mixing of the liq- 
uid as it flows across a tray and its effect on the tray effi- 
ciency, Figure 8-30. For plug flow the liquid flows across 
the tray with no mixing, while for partial or “spot” mixing 
as it flows over the tray, an improved tray efficiency can be 
expected. For a completely mixed tray liquid, the point 
efficiency for a small element of the tray, EOG, and tray 
efficiency, EMV, are equal. 

From Figure 8-31 the effect of mixed and unmixed 
“pools” of liquid can be noted. For a completely mixed tray, 
there is no concentration gradient from inlet to outlet, and 
therefore the entire tray has a uniform composition. The 
degree of mixing across the tray as determined by the num- 
ber of discrete mixing pools on the tray has an effect on 
the relationship between EOG and E w  as a function of A. 

where h = mV/L 
m = slope of vapor-liquid equilibrium curve 
V = vapor rate, lb mols/hr 
L = liquid rate, lb mols/hr 

Hughmark [ 1811 has proposed empirical correlations 
for better fit of experimental data to transfer units and thus 
tray efficiency comparison with the AIChE method [2]. 

E M V  

EOG 
- 

0 0.2 0.4 0 .6  0 . 8  1.0 

E OG 

Figure 8-30. Effect of vapor mixing on tray Mciency. Reprinted by 
permission, Sakato, M., The American Institute of Chemical Engineers, 
Chem. Eng. Pmg. V. 62, No. 11 (1 966), p. 98, all rights resewed; reprint- 
ed by permission from Lewis, W. K., Jr., Ind & Eng. Chem. V. 28 (1 936), 
and by special permission from Fractionation Research, Inc. 

‘MV 

EOG 
- 

2.5 . 
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Figure 8-31. Typical effect of liquid mixing on tray efficiency. Reprint- 
ed by permission, Sakato, M., The American Institute of Chemical 
Engineers. Chem. Eng. Pmg- V. 62., No. 11 (1966), p. 98, all rights 
reserved; reprinted by permission from Lewis, W. K., Jr., Ind. & Eng. 
Chem. V. 28. (1936), p. 399, and by special permission from Frac- 
tionation Research, Inc., all rights resewed. 

Ryan et. al. [185] examined the prediction of misting 
and bubbling in towers, tray and packed, and assessed the 
impact. 

Batch Distillation 

Batch distillation [129, 130, 131, 133, 138, 140,142, 1701 
as compared to continuous distillation is used for process 
requirements in which (1) feed composition may change 
from batch to batch; (2) batches are relatively small fixed 
volumes of a mixture wherein certain components(s) 
is/are to be separated into relatively pure components, 
leaving a heavier residue; (3) the process improvement 
requirement is on an irregular cycle; and (4) negligible 
holdup in the column (when used) and condenser relative 
to that in the receiver and kettle. The system operates on a 
fixed feed quantity, thereby yielding a fixed distillate and 
residue. See Figure 8-32. In the batch operation the vessel 
is charged with a fixed amount of liquid mixture that is to 
be separated by boiling in the charge vessel, allowing the 
vapors to rise either through an open, trayed column, or 
packed column contacting section above the ‘‘pot,” then 
condensing the vapors, and collecting the components 
according to their boiling points. Thus, the separation can 
be developed by the boilup to collect essentially only, or 
nearly only, the light boilers, then followed by the next 
higher boiling fraction and collecting it, etc., until the light 
ends and the heavies or residues are at the collection and 
concentration levels desired. 



46 Applied Process Design for Chemical and Petrochemical Plants 

CONDENSER 

RECEIVER 

t! molslhr. = I  G, Reflux 

+--- Column equivolent 
to NTheoretlcal 
plates 
{Not u& when only slmple 
dmerentid dlslillath) 

COLUMN 

KETTLE b9 
Residue or Bottoms 

Figure 8-32. Batch operations: constant reflux ratio and variable 
overhead composition for fixed number of theoretical stagedtrays. 
Used and modified by permission, Treyball, R. E., Chem. Eng. Oct. 5 
(1 970), p. 95. 

Differential Distillation; Simple Batch, No Trays or 
Packing; Binary Mixtures, No Reflux 

For systems of high (above approximately 3.0) constant 
relative volatility the Raleigh equation can be expressed: 

(8- 7’7) In=%=- 1 In (1-xo)x1 + I n  ( l -xo )  
BTO a-1 (1-Xl)xo ( l - x l )  

or: In - = (8 - 78) 

Equation requires graphical integration. 

where € 3 ~ 0  = total moles liquid in bottom of still at start, To 
= total moles liquid in bottom of still at time, T1 

xo = mol fraction of component, i, in bottoms %O at 

XI = mol fraction of component, i, bottoms $, at time, 
start, time To 

T 

CI = relative volatility of light to heavy components 
y* = equilibrium value of xi 

The condensed vapor is removed as fast as it is formed. 
The results of either relation allow the plotting of an 

instantaneous vapor composition for given percents of 
material taken overhead. 

The outline of Teller [70, 1331 suggests using the dif- 
ferential form above. Vapor is assumed to be in equilibri- 
um with liquid. 

1. Calculate or obtain an x-y equilibrium diagram for 

2. Select values of q and read equilibrium values of yi 

3. Calculate values of 1/ (yi - xi) and tabulate. 
4. Plot curve of l/(yi - q) versus xi; see Figure 838, 

graphical integration by Simpson’s rule. 
5. From the plot of Step 4, determine the area under 

the curve from initial bottoms concentration of xio 
mol fraction at beginning of distillation down to the 
final lower concentration of xi1 in bottoms. 

the light component. 

from Step 1 above. 

6. The area from Step 5 represents 

In W/Wi or In Wil/Wio, or (BT,/BT) 

where Wil = the final kettle/still pot content, mols 
Wio = the initial kettle/still pot content, mols 

or, for constant relative volatility for a binary mixture 
for a simple still/kettle/bottoms pot with no internal 
packing or trays, a direct analytical solution is [ 1331 : 

where W1 = content of kettle at any time, mols 
Wio = initial content of kettle, mols 
W,, = mols liquid initially in still or kettle 
a = relative volatility 
D = distillate rate, mols/hr 
L = liquid rate, mols/hr 
V = vapor rate, mols/hr 
x = mol fraction of a specific component in 

y = mol fraction of a specific component in 

8 = time, hours 

liquid 

vapor 

Subscripts: 

D = distillate related 

1 = final or later 
w = relating to bottoms (kettle/still pot) 

i, or o = initial 
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7. For each value of x, and the values of (BTO/BT1) 
found 

above, calculate B~~ - B ~ l  (loo), the percent of material 

taken overhead. 
8. A plot of the distillate composition, y versus percent 

distilled (from Step 7) will show the value of the 
instantaneous vapor composition. 

BTO 

The usual Raleigh Equation form [130] is for the con- 
ditions of a binary simple differential distillation (no trays 
or packing), no reflux, but with constant boilup. 

(8 - 80) 

For a binary mixture the values of x and y can be 
obtained from the equilibrium curve. Select values of XI 
and read the corresponding value of y from the equilib- 
rium curve. Tabulate values of 1/ (y - x),  and plot versus 
XI, resulting in a graphical integration of the function dx 
(y - x) [130] between xo and XI. This system would have 
no column internals and no reflux. 

Simple Batch Distillation: Constant u, with Trays or 
Packing, Constant Boilup, and with Reflux [ 1291 Using 
x-y Diagram 

The system material balance from Treybal [129] using a 
heated kettle and distillation column following a McCabe- 
Thiele diagram, using reflux, but having only a batch (ket- 
tle) charge: 

F = D + W  (8-81) 

FXF = DXD + WXW (8-82) 

G = mol/hr boilup overhead 
L = mols reflux in the column 
D = overhead receiver contents, mols 

Starting with an empty overhead receiver, the time 81 to 
condense D mols of vapor to fill the receiver, when the 
vapor boilup rate is G mols/hr. 

during which time the receiver is filling and there is no 
reflux and the kettle mixture follows a Raleigh distillation 
[129]. Under this condition, when the distillate receiver 

just becomes full, the composition of the kettle contents 
are xsi, and [ 1291, 

Solve for xsi by trial and error. 
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(8 - 84A) 

(8 - 84B) 

After this reflux runs down the column the desired 
lighter components leave, and a desired residual composi- 
tion is left, following the Raleigh equation to express the 
material balance. 

Most batch distillations/separations are assumed to fol- 
low the constant relative volatility vapor-liquid equilibrium 
curve of 

a x  
y =  l + x ( a - 1 )  

(8 - 50) 

After filling the receiver, reflux runs down the column at 
the same molar rate as the vapor back up (L = G) . The oper- 
ating line has a slope of 1 .O. Then there are “n” plates/tmys 
between composition xp and XI (the mol fraction in distil- 
late). As the distillation continues, the operating line moves 
closer to the 45” line of the diagram, and XI and xp (and &) 
become richer and leaner, respectively, until at the end x1 
becomes XD and x, becomes xIv The required time is €4. 

During a batch distillation at constant pressure, the tem- 
perature rises to accomplish the separation as the more 
volatile component’s concentration is reduced in the bot- 
toms (kettle) or residue. 

For a batch differential distillation where no reflux is 
used, there is only boilup of a mixture of the desired 
lighter component, which leaves the kettle, and a desired 
residual bottoms composition is left in the kettle. This type 
of distillation follows the Raleigh equation to express the 
material balance. However, while simple, not having tower 
packing or trays or reflux does not offer many industrial 
applications due to the low purities and low yields 
involved. Repeated charges of the distillate back to the 
kettle and redistilling will improve overhead purity. 

The minimum number of plates [ 1291, for infinite time 
for separation: 

(8 - 85) 

For operating line with slope of unity, from Smoker’s 
equation: 

J ‘ 1  a-c’  ‘ I  (8- 86) 
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Equilibrium curve: 
a x  

= 1+ (a-1)x  
(8 - 50) 

Operating line: y = x + b (see Reference 129 for dia- 
gram). They intersect at x = k. 

(8 - 8'7) 
a k  

Then,y = = k + b,whenx = k 
1+ (a - 1) k 

where b = (ak/c) - k 
c = 1 + (CX - l )k  

a xs 
D + (a - 1) x, 1 

Then, xp + b = 

Coordinates: 

XI' = XI - k 

y' = y - (b + k) 

xp' = xp - k 

For the more volatile component at any time: 

XI = (FXF - WxS)/D 

b = ys - xP 

(8 - 88) 

02 = (W / G)S(SI (dx, / b), time, hrs for refluxed distillation 

Fixed Number Theoretical Trays: Constant Reflux Ratio 
and Variable Overhead Compositions 

XW 

Raleigh equation form [ 1301 : 

~ ~ ~ I / W O ) = ~ ~ ~  d%v/(xD-xw) (8 - 90) 

where W, = mols liquid mixture originally charged to still 
W1 = mols final content in still 
G~ = Initial mol fraction of more volatile component 

in mixture 
x, = composition of liquid in still, mol fraction 
xi = mol fraction of component in liquid phase 
x = mol fraction of more volatile component in liquid 

XD = instantaneous mol fraction of the component in 

X D ~  = initial distillate composition, mol fraction 
xi = mol fraction component in liquid phase 
yi = mol fraction of component in the vapor phase 
D = mols of distillate per unit time, or mols of distil- 

KA,KB = equilibrium vaporization constants for A and B, 

the distillate that is leaving the condenser at time 0. 

late at time 0, or distillate drawoff. 

respectively 

L = mols of liquid per unit time, or liquid return to 

P = distillate drawoff percentage = 100/(R + 1) 
Pi = pure component vapor pressure, mm Hg 
R = reflux ratio (liquid returned to column)/(distil- 

late drawoff) ; subscripts indicate number of 
plates, Rmin 

column 

V = vapor rate up column, mols per unit time 
0 = time 

Batch with Constant Reflux Ratio, Fixed Number 
Theoretical Plates in Column, Overhead Composition 
Varies 

At any time 8 [1311: 

(8-91) S In (W, /Wo) =In - = 

where So = mols originally charged to kettle 
S = mols in mixture in still (kettle) at time 0 

XD = mol fraction of a more volatile component in the 

xs0 = mol fraction of a more volatile component in the 
distillate entering the receiver at time 0 

initial kettle charge 

tle at time 0 
xs = mol hction of a more volatile component in the ket- 

D = mols of distillate at time 0 

To solve the right side of the Raleigh-like equation, inte- 
grate graphically by plotting: 

- xs) vs. 4 

The area under the curve between xs0 and x, is the value 
of the integral. Plot the equilibrium curve for the more 
volatile component on x - y diagram as shown in Figure 
&33. Then, select values of XD from the operating line hav- 
ing the constant slope, L/V, from equation 

L, + 1 = Ln + D 

are drawn from the intersection of XD and the diagonal. 
Then from these L/V lines, draw steps to the equilibrium 
curve, the same for a binary McCabe-Thiele diagram 
[130]. The proper operating line is the one that requires 
the specified number of theoretical plates (stages) in mov- 
ing stepwise down from the initial desired distillate com- 
position to the composition of the mixture initially 
charged to the kettle (or pot or still). The kettle acts like 
and is counted as one theoretical stage or plate. The inter- 
section of the last horizontal step (going down the col- 
umn) from XD with the equilibrium curve is the still or ket- 
tle bottoms composition, XW, at the completion of this 
batch distillation. Using the system material balance and 
the constant reflux ratio used (L/V), calculate the total 
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XO x3 

Mol fraction of volatiles in liquid, x 

Figure 8-33. Variable reflux ratio at various theoretical plates to 
achieve a specified separation from x, kettle to ~3 distillate over- 
head. Note, all reflux ratios shown yield same separation, but with 
different numbers of theoretical platedstages; D = Distillate; F = Ket- 
tle Conditions; x,, yo at equilibrium. Used by permission, Ellerbee, 
R. W. Chem. Eng. May 28 (1 973), p. 110. 

vapor generated by the kettle. The heat duty of the kettle 
can be calculated using the appropriate latent and sensi- 
ble heat of the mixture components. 

For a constant reflux ratio, the value can be almost any 
ratio; however, this ratio affects the number of theoretical 
plates and, consequently, actual trays installed in the recti- 
fication section to achieve the desired separation. Control 
of batch distillation is examined in Reference 134. 

The internal reflux ratio is L/V, and is the slope of the 
operating line. The external reflux is [ 1331 : 

R = L/D 

andV = L + D 

V / L = L / L + D / L = l + l / R =  ( R + l ) / R  

Then L/V = K/(R + I)  

and, R =  (L/V)/[I - (L/V)], see Figure 8-33. 

Point F on the figure represents conditions in the kettle 
or still with xi, yi, or x,, yo. Line DF represents slope of the 
operating line at minimum reflux. The step-wise develop- 
ment from point D cannot cross the intersection, F, where 
the slope intersects the equilibrium line, and leads to an 
infinite condition, as point F is approached. Thus, an infi- 
nite number of theoretical traydstages is required, and 

thus a minimum reflux requirement. Minimum reflux is 
calculated [ 1331 : 

(L/Vmin) = (YD - Y ~ ) / ( x D  - xi); (see Figure 8-33) (8-92) 

Note that YD = XD on the diagonal of the equilibrium 
plot, and yi and xi are points of intersection with the equi- 
librium curve. For an abnormal equilibrium curve (as 
compared to regular or normal shape) see Figure 8-34. 

Once a minimum reflux has been established (which is 
not an operating condition), then a realistic reflux ratio of 
from 1.5 to as much as 10 times the minimum can be 
selected. Of course, the larger the reflux value down the 
column the more vapor has to be boiled up, and the 
greater will be the required column diameter. So, some 
economic balance must be determined. 

Solving the typical Raleigh equation: 

The average distillate composition will be: 

(8-93) 

Mol Fraction Component C1 in Liquid 

Figure 8-34. Minimum reflux for abnormal equilibrium curve for 
Batch Operation, constant reflux ratio. 
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A trial-and-error calculation is necessary to solve for W 
until a value is found from the In Wi/W equation above 
that matches the XD which represents the required 
overhead distillate composition. By material balance: 

V =  L + D, and R =  L/D 

V/D = L/D + 1 = R +  1 

D = V/(R + 1) 

W =Wi - Dl3 = Wi -Ve/ (R+ 1) (8 - 94) 

e = ( R + l )  2 - [ T [ ’)I (8 - 96) 

(8 - 97) 

Referring to Figure 835 the constant internal reflux 
ratio, L/V is shown for several selected values of reflux 
ratios [131]. Only one at a time can be used for actual 
operation. Starting at the intersection of the diagonal line 
(distillate composition), step off the theoretical plates. For 
example, from Figure 835 at constant reflux, using oper- 
ating line No. 1, starting at XD = 0.95, for one theoretical 
plate, the bottoms composition in component A would be 
approximately xw = 0.885; then going down one more 
plate at the same L/V, a second theoretical plate yields a 
bottoms of XB or xw = 0.83, still yielding XD = 0.95. If the 
L/V for the operating line No. 4 is used (same slope as 
line No. l) ,  then the expected performance would be XD 
= 0.60, and after one theoretical plate, the bottoms would 
be 0.41 at the same reflux ratio as the first case; and for XD 
= 0.60 and two theoretical plates, xw = 0.31. 

where D = relates to distillate 
i = relates to initial condition 

W = relates to bottom or pot liquors 

Batch with Variable Reflux Rate Rectification with Fixed 
Number Theoretical Plates in Column, Constant 
Overhead Composition 

Overall material balance at time 8 [130,131]: 

(8 - 98) 

Mol Fraction Component A in the liquid, x 

Figure 8-35. Batch distillation: constant retlux ratio after McCabe-Thiele 
diagram. Revisedadapted and used by permission, Schweiizer, PA. 
Handbook of Separation Techniques for Chemical Engineers, McGraw- 
Hill Book Co. (1979); also reprinted by special permission, Chem. Eng. 
Jan. 23 (1 961), p. 134., 0 1961 by McGraw-Hill, Inc., New York. 

(8 - 99) / x D  - x w o \  

\ X D - X w  
w=w, 

where W = mols in still/bottoms at any time 
W, = mols in still/bottoms at initial charge time 

This mode of batch rectification requires the continuous 
adjustment of the reflux to the column in order to achieve 
a steady overhead distillate composition. Starting with a 
kettle obviously rich in the more volatile component, a rel- 
atively low reflux ratio will be required to achieve the spec- 
ified overhead distillate composition. With time, the reflux 
ratio must be continuously increased to maintain a fixed 
overhead composition. Ultimately, a practical maximum 
reflux is reached and the operation normally would be 
stopped to avoid distillate contamination. 

At constant molal overflow: The time required for the 
distillation only, 

does not include charging the kettle, shutdown, cleaning, 
etc. 

To determine the column (with trays) diameter, an 
approach [130] is to (1) assume 8 hours; (2) solve for V, 
lb/hr vapor up the column at selected, calculated, or 
assumed temperature and pressure; (3) calculate column 
diameter using an assumed reasonable vapor velocity for 
the type of column internals (see section in this volume on 
‘‘Mechanical Designs for Tray Performance”). 
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Solve for the value of 8 by graphically or otherwise plotting 

1 / [ 1 - (L/17) 1 (XD - XU.) 

versus xw and determining the area under the curve 
between xw0 and XW. Then substitute this value for the 
integral in the Equation 8-100 and solve for 8. 

Figure 8-36 illustrates the variable reflux batch process 
with operating lines with different L/V slopes all passing 
through xni (distillate desired overhead composition for 
i) . Establish the McCabe-Thiele-like steps down each oper- 
ating line until the last horizontal step or stage intersect- 
ing the equilibrium line indicates the accepted bottoms 
composition, xwi. This must be done before the integral of 
the previous equation can be determined, because xwi is 
determined in this manner. 

Using Figure 8-33 the separation from xo, initial kettle 
volatile material to x3 as the distillate of more volatile over- 
head requires three theoretical plates/stages at total 
reflux. Using finite reflux Q, and four theoretical plates 
the same separation can be achieved with infinite theoret- 
ical plates and the minimum reflux ratio, R i n .  The values 
of reflux ratio, R, can be determined from the graph with 
the operating line equation as, 

y (intercept) = XD/(R + 1) 

where XD = concentration of volatiles in the overhead distillate, 

R = reflux ratio (L/D), where L is the liquid returned 

D = quantity of liquid distillate withdrawn (see Figure 

mol fraction 

as reflux to the column 

8-32) 

The distililate percentage drawoff, P, 

P = 100/(R + l),  9% 

I Opar. Lines pass 
N Xa 

Operating Lines with 
different slopes, (UV) 

X D i l  xwo 0 

Mol fraction of volatiles in liquid, x 

Figure 8-36. Variable-reflux batch process solution. Modified and used 
by permission, Ellerbee, R. W., Chem. Eng., May 28 (1 973), p. 11 0. 

P = 100 (~ /DD) ,  ’31 

The values of overhead composition can be varied from 
x3 of Figure 8-33 to other values as the drawoff percentage 
changes. As the drawoff percentage decreases, the distil- 
late specification can be better maintained as the distilla- 
tion operation continues for a fixed number of plates. For 
further discussion see References 129, 130, 131,133. 

Example 8-14 Batch Distillation, Constant Reflux; 
Following the Procedure of Block [133] 

Purify a mixture of ethanol and water; 11,500 lb 

Lb Mols Mol Fraction 
Feed to kettle: 
ethanol, 35 wt% 4,025 95.42 0.187 
water, 65 wt % 7.475 415.27 0.803 
Totals 11,500 510.69 1.000 

Overhead distillate product desired: 91.5 wt% ethanol. 
Kettle bottoms residue: Not specified, as results from 

Vaporization rate: Assume 72 mols/hr 
Average mol. weight of feed: = 11,500/510.69 = 22.51 

separation. 

Overhead Product: 

Weiht % & Mols MolFraction 
Ethanol 91.5 91.5 1.99 0.808 

100.0 100.0 2.465 1.000 
Water 8.5 8.50.472 QJ$g 

Select L/V (internal reflux) = 0.75 

Then: L/V = R/(R + 1) = 0.7875 = R/(R + l), see below; 

R = 3.705 (external reflux, L/D) 

Because V = L + D 

72 mols/hr = (0.7875 V) + D 

Use the ethanol curve similar to Figure 8-37, or refer to 
the data of Reference 133; the point of tangency of the 
line from the distillate composition of the diagonal is XD = 
0.80 and yv = 0.80. Thus the minimum internal reflux is set 
by this tangent line: 

YD - Y T  - 0.80 - 0.695 
L/V=-- = 0.525 

XD - XT 0.80 - 0.60 

For practical design, select L/V= (1.5) (0.525) = 0.7875. 
Select L/V internal reflux lines and add to the equilib- 

rium plot, similar to that shown for a “normal” curve of 
Figure 8-35, but unlike the abnormal ethanol curve 
shown. 
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Mol Fraction Ethanol in Liquid, x 

Figure 8-37. x-y diagram for ethanol-water mixture, showing minimum 
reflux. Used by permission, Block, B. Chern. Eng. Feb. 6 (1961), p. 87. 

Tabulate: 

Select XD xw (XD - XW) 1/ (XD - xw) 
0.808 
0.770 
0.750 read, 0.085 0.665 1.5037 

For a plot of XD = 0.750, slope = 0.7875, read xw at the 
equilibrium line for each theoretical tray and plot similar 
to Figure 8-38. Then determine the area under the curve 
between the selected xw and the product XD. Then: 

For this example, In (Wi/W) = approximately 0.210 
Then, Wi/W = 1.2336 

w=-- 510'69 - 413.98 mols bottoms for xw = 0.085 
1.2336 

wixi - wxw 
wi - w  Average overhead composition, XD avg = 

- [(510.69) (0.187) - (413.98) (0.085)l - 
(510.69 - 413.98) 

X i 1  Xi2 xx - XI0 

Final Initial 
Bottoms/Kettle/Still 

Figure 8-38. Graphical integration of Rayleigh or similar equation by 
Simpson's Rule, for Example 8-14. 

Time required for distillation only (not set up, draining, 
cleaning, etc.): 

0 = ( R +  1) [Wi/V] [(eQ- l)/eQ] 

Q=Jxw dxw , = In - Wi (see right side of Equation 8 - 100A) 
xi X D - X W  w 

Wi - Ww 510.69 - 413.98 
Distillation rate = - - = 15.30 mols/hr 

0 6.32 

Checking: 

e = 6.31 hours 

where D = distillate rate, moles/hr 
L = liquid flow, moles/hr 
V = vapor rate, moles/hr 
V = quantity of vapor, moles 

W = contents of still pot, moles 
x = mole fraction of substance in liquid 
y = mole fraction of substance in vapor 
a = relative volatility 
0 = time, hr 

- 

Subscripts 

D = relating to distillate 

w = relating to pot liquors 
i = initial 

XD = 0.6236 
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Example 8-15: Batch Distillation, Vapor Boil-up Rate for 
Fixed Trays (used by permission of Treybal[129]; 
clarification added by this author) 

Distill a small quantity each day to obtain relatively pure 
*xylene from a mixture of ortho and para xylene, having 
boiling points of 142.7"C and 138.4"C, respectively. The 
feed is 15 lbmols (about 225 gallons) per batch, at 0.20 
mol fraction para. The desired residue product is 0.020 in 
the kettle, while the distillate is to be 0.400 mol fraction 
para. A distillation column equivalent to 50 theoretical 
plate is to be used. 

The time requirement is to complete the distillation/ 
recovery in six hours, allowing an extra two hours for 
charging, emptying, and cleaning. What is the constant 
rate that the distillation must be carried out? 

F = 15 lb-mols/hr 

Xf = 0.20 

XD = 0.400 

x, = 0.02 

The material balance: 

D = 15 (0.2 - 0.02)/(0.400 - 0.020) = 7.105 mols 

Then, F = D - W 

W = 15 - 7.105 = '7.893 mols 

el = D/G 

and, 0 = 7.105/G 

(1 - Xf 1" a - 1  
(1 - xsi la 

Xsi 

(1 - 0.18330)1.'52 (1 - 0.2)1.'52 
0.18530 0.2 

4.26 = 4.26 

At 138.4"C, the vapor pressures of ortho and para are 
660 and '760 mm Hg, respectively. Because Raoult's law 
applies: 

CI = 760/660 = 1.132 

Solving the equation by trial and error shows that xsi = 
0.18330. Solving for the minimum number of plates 
required: 

N,i, +1=-- 1'514 -24.6 
0.06145 

Nmin (in column) + 1 (kettle) = 24.6 

The results indicate that 25 theoretical plates are mini- 
mum; then by assuming an efficiency of 50%, total actual 
trays of 50 should be adequate. Choose values of k (see 
nomenclature) and solve for b and xs by: 

b = (ak/c) - k 

c = 1 + (a - 1)k 

AX: + Bx, + C = 0 

The tabulated results are: 

k b xs 

0.0200 
0.0500 
0.0750 
0.1000 
0.1250 
0.1500 
0.1750 
0.2000 

0.00297 
0.00716 
0.01043 
0.01347 
0.0 163 1 
0.01895 
0.02137 
0.02360 

0.01899 
0.04842 
0.07301 
0.09728 
0.12109 
0.14470 
0.17145 
0.18133 

Graphical integration shows the area under the curve, 
Figure 8-38A, to be 15.764. Applying this to: 

02 = ( W / G ) r  (dx, / b) 

Then, 02 = 7.895 (15.764)/G = 124.46/G 

x w  

81 + 02 = 6 hr = 7.105/G + 124.46/G 

G = 21.93 Ib-mols vapor/hr 

This is the boilup rate, which is approximately 3.3 ft3 
vapor/sec. An approximately 1 ft 0 in. diameter column 
can handle this rate; however, because it is in the usual size 
for a packed tower (or cartridge trays), the diameter must 
be checked using the packed tower calculations in Chap- 
ter 9 of this volume. 
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a = relative volatility 
01 = time for filling distillate receiver, hr 
02 = time for refluxed distillation, hr 

Example 8-16: Binary Batch Differential Distillation 

Dimethyl ether is to be separated from methanol. A 
batch type operation is to be tried to see if an existing coil- 
in-tank can be used. The pressure of the system will be 
about 55 psia. How many total mols will remain in the bot- 
toms when the bottoms liquid composition contains 0.5 
mol percent dimethyl ether? What is the composition of 
the total overhead collected? 

Initialcharge At104"F 
Vap. 

Mol Press. Figure 8-38A. Graphical integration for boil-up rate of batch distil- 
lation for Example 8-15. Used by permission, Treybal, R. E., Chem. - Mols Fraction Psis K =  p/x J* = & 
Eng. Oct. 5 (1970), p. 95. Dimethyl ether 61 0.427 125.0 2.27 0.97 

Methanol S 2 m  5.1 0.093 0.05 
143 1.000 z = 1.02 

where A, B, C, E, H, J, K = constants developed in article [ 1291 
b = y-intercept of operating line 
c = constant 

D = distillate, lb-moles 
F = charge to batch distillation, lb-moles 
G = vapor boilup rate, lbmoles/hr 
k = value of x at intersection of operat- 

ing line and equilibrium curve 
L = liquid reflux rate, lb-moles/hr 
N = number of ideal plates in column 

Nmin = minimum value of N 
W = residue, lb-moles 
x = mole fraction more volatile compo- 

XD = mole fraction more volatile compo- 

xf = mole fraction more volatile compo- 

xp = mole fraction more volatile compo- 

nent in liquid 

nent in final distillate 

nent in feed 

nent in liquid leaving column at any 
time 

nent in kettle at any time 

first filled 

nent in final residue 

nent in distillate at any time 

nent in vapor 

nent in vapor entering column at 
any time 

x, = mole fraction more volatile compo- 

xsi = value of x, when distillate receiver is 

xw = mole fraction more volatile compo- 

XI = mole fraction more volatile compo- 

y = mole fraction more volatile compo- 

y, = mole fraction more volatile compo- 

Initial boiling point of mixture = 104°F. 

BTo = 143 mols 
x0 = 0.427 
XI = 0.005 
a = 123/5.1 = 24.5 

(1 - 0.427) (0.005) In-=- BT1 ln (1 - 0.427) 
143 24.5 - 1 (1 - .005) (.427) (1 - 0.005) 

+ In 

.00286 0.573 
= 0.0426 In - +ln- 

.423 0.995 

= 0.0426 In 148.5 - In 1.73 
= 0.0426 (In 1.485 + In 100) - In 1.73 
= - 0.0426 (0.395 + 4.605) - 0.548 

BT1 
143 

143 
BT1 

In - = - 0.761 

In - = 0.761 

= 143/2.14 = 67 mols remaining in bottom when dimethyl 
ether is 0.5 mol %. 

Total vapor collected overhead = 143 - 67 = 76 mols 

Mols dimethyl ether in bottoms = 0.005 (67) = 0.335 
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Mols dimethyl ether overhead = 76 - 0.335 = 75.665 Bubble Point of Initial Charge 

Composition of total overhead collected: 
xiM01. Q 50°F 

Component Fract I$ 

Dimethyl ether = - 75'665 (100) = 99.6% 
76.0 

Methanol = 100.0 - 99.6 = 0.4% 

Differential DistiUation4imple Batch, Without Trays, 
Multicomponent Mivture 

For muhicomponent systems, the relation of the system 
can be expressed using the relative volatility: 

(8 - 102) 

where Bi = mols of component, i, after a given time of 

Bi, = mols of component, i, at start of distillation 

B b  = mols of component, b, used as reference for 
volatility after a given time of distillation 

Bbo = mols of component, b, used as reference for 
volatility, at start of distillation. 

distillation 

Knowing the amount of components present at the 
beginning, the quantity remaining after the distillation 
can be calculated. 

Example 8-17: Multicomponent Batch Distillation 

A mixture of hydrocarbons at 80 psia is to be differen- 
tially distilled until the mols of propane is reduced to 10 
mols per 100 mols of bottom feed material. A kettle with 
bottom coil is to be used, and no trays. 

Material in kettle at start of distillation: 

Comoonent Mol Fraction 

C2H6 0.10 
C3HS 0.25 

N-C~HI 0 0.35 
i-C4H10 

1.00 

Basis: 100 mols of bottoms feed 

~ ~~ ~ 

C2H6 0.10 4.5 
CSHS 0.25 1.18 
n-C4Hlo 0.35 0.33 
i-C&lo 0.48 

1.00 

Assumed 
y=k, 105",I(i 

0.45 7.2 
0.295 2.2 
0.115 0.75 
Q&g 1.0 
1.004 
O.K. 

__.__._ 

q 50" 

3.81 
1.0 
0.28 
0.407 

a105 a 
I$/% Avg 
3.28 3.54 
1.0 1.0 
0.341 0.310 
0.454 0.430 

_- 

Note: K values at 80 psia from Natural Gasoline Supply 

Propane is reference material. 
Man's Assoc. Data Book [48]. 

ai500= Ki =-= 4'5 3.81 
Kpropane 1.18 

qlojo = Ki = -= 7.2 3.28 
Kpropane 2-2 

10 3.54 
B(ethane) = (10) - = - = 0.39 mols in bottoms (i!) 25.6 
-- __ - _. - - -. .- .- -. ._ - .- -. 

Vapor 
F i i  Press. 

Component Bi Bottoms at 105", Pi pi = Pix1 
~ ~ ~~ 

C2H6 0.39 0.00686 840 psia 5.73 

i'C4H10 --_ -- - - 

C3HS 10.00 0.176 200 35.2 
n-C4H10 26.30 0.463 57 26.4 

20.20 0.355 78 2'7.6 
56.89 1.000 94.9 

(Too high, 
assume 
lower 
tem- 

perature 
and re- 

calculate) 
- -_.-_-_ _.-- - - - -. -- _- 

xi = 0.39/56.89 = 0.00686 

Vapor pressure from N.K. Rector chart in Reference 48. 

Second Tr); 

--- - .- .- . - - .- __ 
Initial q Assume a95 a 

Component xj 50" 95",& &/I$, Avg. -_-_ - - -. 
C2H6 0.10 3.81 6.7 3.35 3.58 
C3H8 0.25 1.0 2.0 1.0 1.0 
n-C4H10 0.35 0.28 0.6'7 0.335 0.307 
i-CdHin 0.30 0.407 0.92 0.46 0.432 
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Vapor 
Final Press. Final =Pi 

Component Bi @95”Pi Xi = PiWl 

C2H6 0.378 750 0.0066 4.8 
C3H8 10.0 174 0.175 30.4 
n-W10 26.4 47 0.464 21.8 

56.97 80.7 
psia 

iC4H10 20.2 67 0.354 23.7 

Therefore the final temperature should be close to 
95”F, because 80.7 psia compares satisfactorily with the 
operating pressure of 80 psia. 

Total mols of bottoms remaining at end  56.9 mols liquid 

Total mols vaporized = 100 - 56.9 = 43.1 

Liquid composition mol fraction is given in column 
“Final xi,” and corresponds to the actual mols Bi, noting 
that there are the required 10 mols of propane in the bot- 
toms under these conditions. 

Batch Distillation With Fractionation Trays-Constant 
Overhead Product Composition, Multicomponent and 
Binary 

The method of Bogart [4] is useful in this case. The 
basic relation is: 

Application may be (1) to determine a column diame- 
ter and number of plates or (2) to take an existing column 
and assume an operating reflux for the fured trays and 
determine the time to separate a desired cut or product. 

where 0 = time from start when given L/V will produce 
constant overhead composition, X ~ D  

B T ~  = mols total batch charge to still 
V = total mols per hour vapor overhead 

X ~ D  = mol fraction light key component in overhead 

X ~ B  = mol faction light key component in original 
product 

charge 

Suggested procedure for situation (2) above: using exist- 
ing column 

1. Calculate minimum number of plates and minimum 
reflux ratio 
(a) For multicomponent mixture, select key compo- 

nents, light and heavy 

(b) Calculate relative volatility, a i ,  referenced to 
heavy key component, at top and bottom temper- 
atures, and determine geometric average =. 

(c) Calculate minimum theoretical plates at total 
reflux by Fenske’s equation (8-32) 
Use Gilliiand correlation to determine actual 
reflux ratio, using an estimated number of actual 
plates, and a minimum reflux ratio from: 

Calculate: 

L/D Internal (L/V) = - 
L/D + 1 

2. Set up table: Keep XlD values constant 

“Assumed “XI” 

values (L/V) (1 -L/V) (xln -XI”) A B 
x (Bottoms) 8 8 0 0 8  

8 8 a 0 8  

8 a 8 8  

8 8 8 8 0  

x2 
x3 

x (Feed) 8 8 0 8 

A = ( I - L / V )  (xlD-XI*)‘ 

*Assume ”XI” values of bottoms compositions of 
light key for approximate equal increments from 
final bottoms to initial feed charge. Calculate L/V 
values corresponding to the assumed “XI” values by 
inserting the various “XI” values in the Fenske equa- 
tion for minimum reflux ratio of l-(d) . The “XI= val- 
ues replace the X1B of this relation as the various 
assumptions are calculated. The actual (L/D) are cal- 
culated as in l-(d) keeping the minimum number of 
trays constant. CompIete the table values. 

The total area, ZA, under the curve may be 
obtained in several ways; the rectangular or trape- 
zoidal rules are generally quite satisfactory. The area 
concerned is between the original feed and the final 
bottoms composition for the particular component. 

4. Time required for a batch 

(8 - 104) 
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V is an assumed or known value, based on reboiler 
capacity. 

5. Plot of reflux quantity versus time. 
From the L/D values of 1-(e), knowing the L/V, 

using V assumed as constant, calculate the necessity 
reflux fluid, L. Figure 8-39 indicates a plot of time to 
produce a constant product composition and the nec- 
essary external reflux returned to the tower. 

The batch distillation of a binary is somewhat sim- 
plified, as L/V values can be assumed, and since there 
is only enrichment of the overhead involved, only one 
operating line is used per operating condition. Theo- 
retical trays can be stepped off and X ~ B  values read to 
correspond. The plots involved are the same as previ- 
ously described. 

Steam Distillation 

Live steam is in direct contact with fluids being distilled, 
either batch or continuous. Often, this process is called 
open steam distillation. 

Ellerbee [127, 1281 provides an excellent summary of 
steam distillation basics. The theory of direct steam distilla- 
tion evolves around the partial pressures of the immiscible 
organics/petroleum/petroleum component and the pres- 
ence of direct open steam in the system. The system may 
consist of the organic immiscible plus steam (vapor 
and/or liquid). Each liquid exerts its own vapor pressure 
independent of the other. Thus, the total pressure of the 
system is the sum of the individual vapor pressures of the 
two liquids (assuming the liquids do not dissolve in each 
other). An important use of this approach is to separate a 
volatile organic from non-organic impurities. 

At constant temperature, the partial pressure for each 
component and the composition of the vapor phase are 

” 
0.1 0.2 0.3 0.4 0.5 0.6 

x$ , in  Bottoms 

independent of the mols of liquid water or organic com- 
pound present. For example, for a system held at 800 mm 
Hg, the mixture could boil at, say, 250°F, and both liquids 
present would boil over together. Should one evaporate 
(boiling away before the other), the system vapor pressure 
then would fall to the temperature corresponding to the 
remaining material. 

For a system such as discussed here, the Gibb’s Phase 
Rule [59] applies and establishes the “degrees of freedom” 
for control and operation of the system at equilibrium. 
The number of independent variables that can be defined 
for a system are: 

4 + F - C + 2  (8-105) 

where Q = number of phases present 
F = degrees of freedom 
C = number of components present 

For example, for steam (saturated vapor, no liquid) dis- 
tillation with one organic compound (liquid), there are 
two phases, two components, and two degrees of freedom. 
These degrees of freedom that can be set for the system 
could be: (I) temperature and (2) pressure; or (1) tem- 
perature and/or (2) concentration of the system compo- 
nents, or either (I) pressure and (2) concentration. In 
steam distillation steam may be developed from water pre- 
sent, so there would be both a liquid water and a vapor 
phase water (steam) present. For such a case, the degrees 
offreedom are F = 2 + 2 - 3 = 1. 

The basis laws of operation involve the partial pressures 
of the components as discussed earlier. 

For batch steam distillation: stripping [127, 1281 

Ys = P S b  (8-106) 

T i m e ,  Hours 

Figure 8-39. Batch distillation with trays; constant ovemead product. 
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n = total system pressure (also see Equation 8 - 3) 

The steam required for the distillation is 

* = Ps + Pirn (8-107) 
(also see Equation 8-4) 

* - Pim 
Ys =- 

ll 

The steam required per mol of immiscible liquid vapor- 
ized is 

-=-=- Ys X-Pim Ps 
Yim F'im Pim 

(8- 107A) 

When the sum of the partial pressures of the steam and 
the material distilled reach the system pressure, boiling 
begins and both components go overhead in the mol ratio 
of their partial pressures. Upon condensation of the over- 
head mixture, the condensate receiver will contain two 
layers that can be separated by gravity. 

The weight ratio of steam to the immiscible liquid in the 
vapor is 

(8 - 108) 

Any non-volatile material in the mixture will be left in the 
still bottoms. 

The Hausbrand vapor-pressure diagram [127, 1281 in 
Figure &40 is a useful approach for the steam distillation 
calculation. This particular diagram was prepared for six 
organic compounds and the corresponding water vapor 
pressure as (n - p,) for three system pressures of 760,300, 
and 70 mm Hg versus temperature, 

where M = molecular weight of material 
p = partial pressure, mm Hg 

W = weight of material in vapor 
N = number of mols 

No =i number of mols of non-volatile material present 
y = mol fraction of material in vapor 
x = system pressure, mm Hg 

liquid being distilled 
pim = pure component vapor pressure of the immiscible 

Subscripts: 

im = immiscible liquid 
s = steam 
1 =initial 
2 = remaining 

The water curve intersects the particular organic com- 
pound and at that point the temperature is the one at 
which the steam distillation can take place, because the 
partial pressures are additive at this point. For example, 

Figure 8-40. Hausbrand vapor-pressure dia- 
gram for various liquids and at three system 
steam pressures. A similar diagram can be 
constructed for other organidhydrocarbon 
systems. Used by permission, Ellerbee, R. W., 
Chem. Eng. Mar. 4 (1 974), p. 108. 
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for 300 mm Hg total pressure system, reading the inter- 
section point for benzene and steam at 46”C, gives 220 
mm Hg for benzene and (300 - 220) or 80 mm Hg. Then 
the mol ratio of benzene to water vapor 220/80 = 2.75; or 
2.75 parts of benzene to 1 part of water. 

When the composition of the compounds in the still or 
bottoms changes significantly as the batch distillation pro- 
gresses, an unsteady state condition will exist as for differ- 
ential distillation (see discussion of this subject later). 

When nonvolatile material in the bottoms is significant, 
and no liquid water exists there-that is, ps is below satu- 
ration of the steam pressure at the still temperature-then 
the Raoult’s Law steam efficiency is [ 1271 : Values of E are 
found to range from 60% to 70% for many organics, but 
values of 90% to 95% are reported [127] for good sparger 
design for steam injection, and molecular weight of organ- 
ics < 100, and 50% for many lubricating oils. 

where E = vaporization efficiency of steam distillation 

Note that for this discussion now, pirn, just above and in 
equations to follow, refers to the pure component vapor 
pressure of the immiscible liquid being distilled [127]. 
When steam is added to the still [127]: 

(8 - 1 10) 

and, for a constant distillation temperature, pim is con- 
stant. Then for constant pressure: 

As the organic or volatile material is reduced due to the 
batch distillation, the steam pressure rises during the 
progress of the operation due to the loss of the volatile 
material, and the decrease of pirn. When the volatile mate- 
rial is stripped down to a low residual concentration, then 
ps approaches the total system pressure, x. When the 
steam saturation pressure and temperature is greater than 
IC, no steam condensation will occur during the operation. 

When the non-volatile concentration is low to insignifi- 
cant in the still feed, then No is small relative to Ni,. Then 
pim is considered constant [127]: 

Pim = E Pim (8 - 11 2) 

Then, the distillate: 

Operation of the open still with only a steam injection 
sparger to bring steam below the liquid level in the still 
may not be totally efficient as for the same condition oper- 
ating the unit with internal trays as a stripping column. 
This should be examined for each situation, as the instal- 
lation of trays can be expensive, particularly if they do not 
aid significantly in achieving the desired separation. Gen- 
erally, when no liquid water is present, the best operations 
of an open still (with condenser) may be at the highest 
working temperature suitable for the effects on the fluids 
(Le., no polymer formation, no breakdown, etc.) . Often, 
direct steam injection can be reduced for any operation by 
careful heating of the still by an internal reboiler coil, or 
possibly a steam jacket. The heat sensitivity of the com- 
pounds involved must be recognized. 

Steam Distillation-Continuous Flash, Multicomponent 
or Binary 

This system requires direct steam injection into the still 
with the liquid, all the steam leaves overhead with the boiled- 
up vapors (no internal condensation) in a steady-state oper- 
ation, and system at its dew point. Steam is assumed immis- 
cible with the organics. Steam distillation is usually applied 
in systems of high boiling organics, or heat sensitive materi- 
als which require separation at vacuum conditions. 

(8- 115) 

b is more volatile reference component 

i * s = components, i, are not to include steam, s 
M, = total mols steam required 
bo = total mols hydrocarbons at start (not including the 

steam) 
= mols liquid in bottoms of still at time, T 

Bi, = mols of component, i, at start 
cq = relative volatility of more volatile to each of other 

Pb = vapor pressure of reference more volatile component, b 

Bb = mols of component, b, used as reference for vohtibty, 

Bo = mols of component, b, used as reference for volatility, at 

components 

n = total system pressure, absolute 

after a given time of distillation 

start of distillation 

Example 8-18 Multicomponent Steam Flash 

A mixture of bottoms material of composition Bi, below 
has accumulated in the run-down tank. It is necessary to 
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separate the volatile organic heavies from the tarry poly- 
merized residue (heavy liquid). Steam is to be injected 
into the insulated tank containing heating coils. The sys- 
tem is to operate at 200 mm Hg absolute pressure and 
250°F with no condensation of the steam. The organic 
volatile heavies contain: 

Vapor Pressure Mols 
Component @ 250°F a=Pi/PA Q, &,/ai 

~~ 

A 35 mm Hg 1.0 45 43 
B 20 0.57 40 70 
C 6 0.171 2 152 

111 267 
mols 

x 

-- Ms -- 2oo [267]-1 
111 33(111) 

= 13.75 - 1 = 12.15 
M, = 1,417 total mols steam required for 111 mols mixture 

Mols steam/mol of mixture organic volatiles = 1,417/111 = 12.8 

Steam Distillation-Continuous Differential, 
Multicomponent or Binary 

The results of the differential distillation end the same 
as the flash distillation, although the mechanism is some- 
what different. This is a batch type operation distilling dif- 
ferentially. All sensible and latent heat are supplied sepa- 
rately from the steam or by superheat in the steam. Steam 
acts as an inert in the vapor phase, and quantity will vary 
as the distillation proceeds, while temperature and pres- 
sure are maintained. 

If all the volatile materials are distilled : - ( 2 1 - O  
This relation is handled very similar to the flash steam 
separation. 

If all of the material is not to be removed as overhead 
vapors from the still, leave a percentage of a particular 
compound in the bottoms, then select the particular com- 
pound as the reference material “b” for a determinations. 

Bb = (Fraction retained) @bo) 

and - = (Fraction retained) ( z )  
substitute and solve for B T ~ .  

(8-117) 

Knowing the relation for M, can be solved to deter- 
mine mols of steam to reduce initial material to percent- 
age of a compound in the remaining bottoms. If steam 
condenses, the requirement for steam increases by this 
amount. 

Steam Distillation-Continuous Flash, Two Liquid 
Phases, Multicomponent and Binary 

Because water will be present in this system, and is 
assumed immiscible with the other components, it will exert 
its own vapor pressure. This situation is similar to many sys- 
tems where the liquid to be flashed enters below its dew 
point, and hence requires the use of steam to heat (sensible 
+ latent) as well as steam for the partial pressure effect. 

Mols steam in vapor phase only: 

M (vapor) = P, - (at assumed flash temperature) E 2; 
where Ps = vapor pressure of steam 

Pi = vapor pressure of each component at the flash 
temperature 

Mols steam to heat is sum of sensible plus latent. 
Total mols steam is sum of M, (vapor) plus heating steam. 
System total pressure: 

x =  Ms + BTo , absolute 
PBio 

BT0 = mols (total) volatile material at start 

(8 - 118) 

Open Live Steam Distillation-With Fractionation 
Trays, Binary 

Open or direct injection of steam into a distillation sys- 
tem at the bottom may be used to heat the mixture as well 
as to reduce the effective partial pressure of the other 
materials. In general, if steam is used to replace a reboiler, 
one tray is added to replace the reboiler stage, and from 
one-third to one or more trays may be needed to offset the 
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dilution of the system with water in the lower portion. Of 
course, where steam is acceptable, it replaces the cost of a 
reboiler and any cleaning associated with this equipment. 
For most columns, quite a few trays can be purchased to 
offset this cost. 

When one of the components of the binary is water, and 
steam is used, the following equation is used for the oper- 
ating stripping line (there is no rectifylng section): 

For component not including water: 

Slope of operating line (L/V), = B/S 

Operating line intersects the x-axis at %B. 

The stepoff of trays starts at X ~ B  on the x-axis, y = 0. 

Open steam is used for stripping of dissolved or 
absorbed gases from an absorption oil, with all of the 
steam going overhead, and the stripped oil leaving at the 
bottom. This absorption coefficient of the oil for the com- 
ponent must be known to construct the equilibrium 
curve. The operating curve is constructed from several 
point material balances around the desired component, 
omitting the oil as long as its volatility is very low. The trays 
can be stepped off from a plot of y vs. x as in other binary 
distillations, again using only the stripping section. 

Example 8-19: Continuous Steam Flash Separation 
Process: Separation of Non-Volatile Component from 
organics 

It is desired to separate a non-volatile material from an 
equimolal mixture of benzene, toluene, and xylene at 
80°C. Vapor pressure data for these compounds are shown 
in several physical property sources. The following 
approximate values for the specific heats and latent heats 
of vaporization may be used: 

Benzene: cp = 0.419 cal/gm-"C 
AHv = 97.47 cal/gm 

Toluene: cp == 0.44 cal/gm-"C 
AH, = 86.33 cal/gm 

Xylene: cp = 0.40 cal/gm-"C 
AH, = 82.87 cal/gm 

If the mixture is separated by a continuous flash 
process and the components are considered insoluble in 
water (check references) and the feed enters at the flash 
chamber at 20°C, calculate the mols of steam condensed, 
the total mols steam required per 100 mols of feed, and 

the total pressure. Use steam at 212°F and atmospheric 
pressure. 

1. This is to be done by a continuous flash process. 
2. All the feed is to be flashed. 
3. Steam does the heating. 
4. Some steam condenses. 
5. Water is immiscible with the materials. 

Feed: 

Benzene: 33.33 + mols 
Toluene: 33.33 + mols 
Xylene: 33.33 + mols 

100.00 mols feed 

Because water will be present in liquid phase, it will only 
exert its vapor pressure. Temperature of flash = 80°C. 

where N2 = mols steam in vapor only 
P, = vapor pressure of steam 

Pi = vapor pressure of each component at temperature 
L0i = mols of each component at start 

Mols at start Pi Lei/ 
Component LOi at 80°C, mm Hg -- Pi Mol Wt 

Benzene 33.33 760 0.043 78 
Toluene 33.33 280 0.1190 92 
Xylene 33.33 120 0.277 106 

0.4397 

P, at 80°C (176°F) = 6.868 Ib/sq in. abs (from steam tables) 

=% (6.868)- 354mm Hgabs 
14.7 

N2 = P, z LOi/Pi 
= 354 (0.4397) = 155.7 mols steam in vapor per 100 mols of 

feed (volatile) material 

Steam required to heatfeed to 80°C: 

Benzene: Sensible heat 
(78) (33.33) [ (0.419 cal/gm-"C) (1.8)] (80"-20") 

= 11 7,800 Btu 

Latent heat 
(78) (33.33) (97.46 x 1.8) = 434,000 

Toluene: Sensible heat 
(92) (33.33) [0.44 x 1.81 (80"-20") = 145,600 

Latent heat 
(92) (33.33) (86.53 x 1.8) = 477,000 
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Xylene: Sensible heat 
(106) (33.33) [0.40 x 1.81 (80”-20”) = 153,000 

Latent heat 
(106) (33.33) (82.87 x 1.8) 

Total heat load 

= 525,000 

1,872,400 Btu 

I 1,872,400 Btu / 100 mols 
970 Btu/lb at 212°F 

Lbs steam required for heat load = 

= 1,932 lbs steam/lOO mols 
volatile 

1,932 Mols steam required for heat load = - 
18 

= 107.2 mols steam / 100 mols volatile material 

Total mols steam/lOO mols volatile feed = 153.7 + 107.2 
= 262.9 

Total pressure of system: 

Ng + LOT 

Ii/pi 
n =  

igs 

LT = Total mols volatile material at start = 100 

x =  155*7 ’ loo = 580 mm Hg abs 
0.4397 

Hydrocarbon 775 rnolslhr 

Total rnolalhr 
(HC + Water) 1,893 

Dehydrator tray 
\ 

Rich Oil 8 500 rnolalhr - ! - - - - - - . 
50 psia 

p,=20 psi 
300°F 

Example 8-20: Open Steam Stripping of Heavy Absorber 
Rich Oil of Light Hydrocarbon Content (used by 
permission following the method of R W. Ellerbee, 
ChensiCaZ Engineering [ 1271) 

A gas processing plant selectively extracts ethylene and 
ethane from an incoming natural gas mixture stream. 
These two light hydrocarbons are absorbed in a heavy gas* 
line type absorber “oil,” and then stripped with open steam 
in an open tower. The system data are (see Figure 841): 

Rich oil rate to tower: 
Overhead product of ethylene and ethane: 
Overhead product from 

Accumulator conditions: 48 psia and 133.F 
Reflux hydrocarbon in top vapor @ 175°F: 
Steam (superheated) enter bottoms 

Water partial pressure in the mixed vapor 

Hydrocarbons mix partial pressure: 

8,500 mol/hr 
775 mol/hr 

55% vapor and 45% liquid 

850 mol/hr 

below tray: 14,000 lb/hr 

at bottoms: 20 psi 
50 psi - 20 psi = 30 psi 

accumulator: 

Neglect pressure drops through the system. 
Determine: How much water is removed from the over- 

head accumulator and the intermediate dehydrator or 
water removal tray? No water is removed from the bottoms 
due to the use of superheated steam. 

Hydrocarbon 450 rnolslhr 
50 Dsia 140°F 

v a p r  

48 psia 8 135°F 

Condenser Accurnmulator 

Water 243 molslhr 

Reflux 850 HC rnolslhr Hydrocarbon 
45% Liquid 

509 rnolshr Water L- 

Stripping 
solurnn 

Steam 14,000 Ib/h 777.77 mols/hr 
4 

Figure 6-41. Open steam stripping 
light hydrocarbons from a rich oil. 
Modified for ExarnDle 8-20 and + Lean Oil 8,500 rnolslhr used by permission, Ellerbee, R. W., L- Chem. Eng. Mar. 4 (1974), p. 108. 



Distillation 

From steam tables (saturated) at: 
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Top of tower, 175"F, vapor pressure water, psia = 6.8 
Mol fraction water vapor at top of tower: 6.8/48 psia = 0.1416 
Mol fraction hydrocarbon at top of tower: 1 - 0.1416 = 0.8584 
Total mols mix HC vapor and water vapor 

775 + 830 
0.8584 

at tower overhead : = 1,893.0 

Mols of water vapor in tower overhead 

Accumulator @ 48 psia & 135"F, water 

Mol fraction water in accumulator vapor: 
Mol fraction HC in accumulator vapor: 

1,893 - (775 + 850) = 268 

vapor pressure: = 2.6 psia 
= 2.6/48 = 0.0541 

= 1 - 0.0541 = 0.9459 

(775) (0.55) = 450*6 [ 0.9459 ] Total mols vapor leaving accumulator: = 

Mols water vapor leaving accumulator: 

Mols liquid water withdrawn from 

Mols liquid water collected on dehydrator 
tray and removed at that point up tower 
above where reflux returns below this tray: 
(water vapor in tower overhead) 

= 430.6 - (773) (0.55) 
= 24.35 

accumulator: = 268 - 24.35 = 243.65 

= 777.7 - 268 
= 309.7 mols/hr 

= 14,000/18 = 777.7 mols/hr Mols steam entering tower: 

Distillation With Heat Balance 

This type of evaluation of a distillation system involves a 
material and heat balance around each tray. It is extreme- 
ly tedious to do by conventional means, and is now han- 
dled with computers. But even with this untiring worker, 
the volume of calculations is large and requires a relative- 
ly long time. Only those special systems that defy a rea- 
sonable and apparently economical solution by other 
approaches are even considered for this type of solution. 

The detailed method involves trial and error assumptions 
on both the material balance as well as the heat balance. 

Unequal Molal Overflow 

This is another way of expressing that the heat load 
from tray to tray is varying in the column to such an extent 
as to make the usual simplifying assumption of equal 
molal overflow invalid. The relations to follow do not 
include heats of mixing. In general they apply to most 
hydrocarbon systems. 

1. Equation of operating line in rectifjhg section, light 
component [59] 

Ln + 1 = vn - D 

(8-119) 

2. Equation of operating line in stripping section, light 
component 

bn + 1 = Vm + B 

(8 - 120) 

where MB = hB - QB/B 

M g = h w - -  Q 
w 

Hn = total molal enthalpy of vapor at conditions of plate 

hn = total molal enthalpy of liquid at conditions of 

s = lb (or mols) steam per lb (or mol) bottoms 
Hm = total molal enthalpy of vapor at plate m (below 

n, Hn = 2 Hni (Yni) 

plate n, h, = Z hni (xni) 

feed) 
N = mols residue or bottoms per unit time 

QB = heat added in still or bottoms 

PonchonSavarit Method-Binary Mixtures 

This graphical method allows solution of many distilla- 
tion systems which would require considerable work if 
attempted by rigorous methods. Robinson and Gilliland 
have technical and descriptive details substantiating the 
method [8,59]. Figure 8-42 presents a summary of the use 
of this method and appropriate interpretations. Scheiman 
[lo41 uses the Ponchon-Savarit diagrams to determine 
minimum reflux by heat balances. Campagne [216, 2171 
suggests a detailed technique for using the Ponchon- 
Savarit method with a computer simulation, which leads to 
designs not possible before. Many illustrations given in the 
reference aid in understanding the technique. 

The basic method allows the non-ideal heat effects of 
the system to be considered as they affect the plate-teplate 
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Figure 8-42R-E. Performance analysls of unequal molal overflow for 
binary systems using Ponchon-Savarit Method. 

performance. The systems as represented in the diagrams 
are usually at constant pressure, but this is not necessarily 
the case. The equilibrium tie lines connect points fixed by 
the x-y values to corresponding saturated liquid and satu- 
rated vapor conditions at a constant temperature, such as 
“a” “F or “b” O F .  The mol fractions are obtained from the 
usual x-y diagram for the system, and the enthalpy values 
are relative to a fixed datum for the available heat data of 
the particular components. For such systems as ammonia- 
water and ethanol-water the data are readily available. The 
saturated liquid line represents the enthalpies of liquid 
mixtures at the various compositions all at a constant pres- 
sure. This is the bubble point curve. The dew point curve 
is produced by plotting the enthalpies of the various vapor 

I 

) 1.0 
M o l  or Weight Fraction o f  One 
Component in Liquid or Vapor 
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mixtures at the saturation temperature at a constant pres- 
sure. 

An effort has been made to present the basic under- 
standing of the method as it applies to systems involving 
unequal molal overflow, open steam distillation and single 
flash vaporization in Figures 842 and 843. 

To obtain extreme or even necessary accuracy for some 
design conditions, the end portions of the graphical rep- 
resentation may require enlargement from the usual size 
for graphical plotting. In most cases a size of 11 x 1'7 inch- 
es is suggested. 

Example 8-21: Ponchon Unequal Molal Overflow 

An ammonia-water recirculating solution of 62 wt % is 
to be stripped of the ammonia for recovery by condensa- 

uilibrium Tie Lines 

Mol or Weight Fraction o f  One 
Component in Liquid or Vapor 

B 

I x B  !XF 
0 1.0 

Mol or Weight Fraction o f  One  
Component i n  Liquid or Vopor 

Mol or Weight Fraction of One 
Component in Liquid or Vapor 

0 

Figure 8-43A-C. Graphical solution of unequal molal overflow, binary 
systems. 

tion at 260 psia with river water cooling. The overhead 
ammonia product is to be at least 99.5 wt 5% and the bot- 
toms should approach 0.05 wt % ammonia. The feed 
enters as a liquid at its boiling point, with an enthalpy of 
42 Btu/lb. 

Enthalpy Diagram 

Prepared by reading the h and H values from the Jen- 
nings and Shannon Aqua-Ammonia Tables [35] at 260 
psia and various wt $6 '~  of ammonia in the liquid. The tie 
lines connect the vapor compositions with the equilibrium 
liquid values, Figure 8-44. 

Vapor-Liquid Equilibrium Diagram 

Prepared from corresponding x and y values in Refer- 
ence 35 at 260 pia,  Figure 8-45. 

Number of Trays 

XF = 0.62 weight fraction ammonia 
XD = 0.995 weight fraction ammonia 
XB = 0.0005 weight fraction ammonia 
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Dklper.) 
D(Min.1 
D 
=.995 

tual Reflux Rat io (LID) 

See Calculat ions for Coafinuotion 
o f  Tray Count. Graphical  Accuracy 
Stops a t  T r a y  N o . 6 .  

Weight Fract ion Ammonia in Mixfure 

1. Minimum Reflux 

(8- 121) 

From enthalpycomposition diagram: 

HD = 590 Btu/lb 

(MD),~, = 396 Btu/lb 
h D  = 92 Btu/lb (assuming no subcooling) 

(MD),in is determined by reading the equilibrium 
y value corresponding to the feed composition 0.62 
from the x-y diagram, noting it on the enthalpy dia- 
gram on the saturated vapor curve, and connecting 
the tie line, then extending it on to intersect with the 
XD ordinate 0.995, reading ( M D ) ~ ~ ~  = 596 Btu/lb 

Flgure 8-44. Ponchon type 
amrnonla-water distillation. 

diagram for 

2. Operating reflux ratio, L/D 
Select (L/D)=-l= 10 (L/D),i, = 10 (0.012) = 0.12 

This is not unusual to select an operating reflux 
ratio ten, or even fifty times such a low minimum. 
Selecting a higher reflux can reduce the number of 
trays required, and this becomes a balance of the 
reduction in trays versus operating and capital 
expense in handling the increased liquid both exter- 
nal to the column and internally. 

3. Operating MD 

MD - 590 
590 - 92 

(L/D),, = 0.12 = 

MD = 649.8 Btu/lb 

Locate this value on the diagram and connect it to the 
feed point, XF. Extend this line to intersect the bottoms 
condition ordinate (extended), XB. In this case, it is impos- 
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sible to represent the value, x = 0.005, accurately but con- 
struct it as close as possible to the required condition. MB 
is now located. Improvement of this accuracy will be 
shown later in the problem. 

Following the procedures shown in Figures 8-43, 8-44, 
and 8-45, the trays are constructed from the top or over- 
head down toward the bottom. The x values are read to 
correspond to the y values constructed. This establishes 
the tie line. When the x value tie line points (representing 
the trays) cross the feed ordinate, the construction is 
shifted from using the point MI, to the point MB. Note 
that only 1% theoretical trays are required above the feed, 
since this is predominantly a stripping type operation. The 
number of theoretical trays or stages which can be easily 
plotted is six to seven counting down from the top. The 
sixth tray is too inaccurate to use graphically. Instead of 
calculating the balance of the trays assuming a straight 
line equilibrium curve from tray seven to the end, the plot 
could be enlarged in this area and the trays stepped off. By 
reference to the x-y diagram it can be seen that the equi- 
librium line from x = 0.02 to x = 0 is straight. 

For the condition of straight operating and equilibrium 
curves, the number of plates can be calculated including 
the “reference” plate (number seven in this case) [59]. 

where NB = number of uays from tray m to bottom tray, but 

x, = tray liquid mol fraction for start of calculations 

XIB = mol fraction most volatile component in bottoms 

not including the still or reboiler 

(most volatile component) 

For the lower end of the equilibrium curve, 

ym = 5.0 x, (by slope calculation of x-y diagram) 

For the stripping section: consider top seven trays, vapor 
entering tray No. 6, y7 = 0.02, m = tray 7, m + 1 = tray 6, 
reading from diagram, 

use H, = 1,190 
h m + l  =369 

MB = -960 

90 - 

Nofe : That  for th is  Type Diagram for 
Unequal Mola l  Overflow, the 
Match a t  Feed Tray with Feed 
Conditions ( in fhis Case q is 
Actual ly  = 1.0, not as Shown) is 
In f luenced by t h e  N e e d  o f  a 
Continually Changing Slope 

L 
(Ti.)” a n d  ( b ) m  

XD 
Weight Percent Ammonia in Liquid 

Figure 8-46. McCabe-Thiele diagram for ammonia- 
water system. 
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In 

y7 0.02 (from graph) 
5.0 5.0 

x,=-= = 0.004 

(5.0/1.618 - 1) 0.004/0.0005 - 1) + 1- 
(1/1.618) (5.0 - 1) 

NB = 1.71 trays (theoretical) not including reboiler, but 
including tray number 7, the one used as 
reference. 

Total trays = 7 (from diagram plus (1.71 - 1) = 7.7 theoretical, 
plus a reboiler or 8.7 including a reboiler. 

Tray efficiency is calculated as previously demonstrated 
and will not be repeated, except that normally stripping 
tray efficiencies run lower than rectification efficiencies. 
For ammonia-water stripping such as this example most 
over-all efficiencies run SO-SO%. 

Note that if the problem of accurate graphical repre- 
sentation occurs in the rectification end of the diagram, 
the corresponding relation to use to calculate the balance 
of the trays, assuming straight line operating and equilib 
rium lines in the region is [59] : 

Rectdjing section: 

where IS = equilibrium constant for the hmt volatile 
component, K’ = y/x 

reference plate n 
N, = number of plates above (but not including) 

y‘, x‘ = mol fractions least volatile component 

Multicomponent Distillation 

The basic background and understanding of binary dis- 
tillation applies to a large measure in multicomponent 
problems. Reference should be made to Figure 8-1 for the 
symbols. 

Multicomponent distillations are more complicated 
than binary systems due primarily to the actual or poten- 
tial involvement or interaction of one or more compo- 
nents of the multicomponent system on other compo- 
nents of the mixture. These interactions may be in the 
form of vapor-liquid equilibriums such as azeotrope for- 
mation, or chemical reaction, etc., any of which may affect 
the activity relations, and hence deviations from ideal rela- 
tionships. For example, some systems are known to have 
two azeotrope combinations in the distillation column. 
Sometimes these, one or all, can be “broken” or changed 
in the vapor pressure relationships by addition of a third 
chemical or hydrocarbon. 

To properly handle the changing composition relation- 
ships it is almost essential to utilize some electronic com- 
puter techniques if good accuracy is to be achieved. Even 
three component systems become tedious using desk size 
electronic calculators without significant internal memo- 
ry. Computers can be well programmed to handle the 
complexities of trial and check for convergence to a pre- 
set acceptable limit. 

Techniques for convergence of the digital computer 
program are often the heart of an efficient multicompo- 
nent calculation. There are several techniques incorporat- 
ed into many programs [27,76,112,135,139, 1681. 

Key Components 

The two components in a feed mixture whose separa- 
tions will be specified. 

1. Adjacent keys: key components that are adjacent with 
respect to their volatilities. 

2. Split keys: key components that are separated in 
volatilities by a non-key component, i.e., the system of 
components contains one or more whose volatilities 
fall between the volatilities of the designated keys. 

3. Light key: the designation of the key component with 
the highest volatility of the two key components. 

4. Heavy key: the designation of the key component 
with the lowest volatility of the two key components. 

5. Example: component designations 

Relative Volatility 
Component al/h-7’F. and 550 psia Designation 

Hydrogen 11.7 Lighter than Key 

Ethylene 1.0, ah Heavy Kq, h 
Ethane 0.72 Heavier than Key 
Propylene 0.23 Heavier than Key 
Propane 0.19 Heavier than Key 

Methane 3.7, a1 Light Kq, 1 

Hengstebeck [137] presents a simplified procedure for 
reducing a multicomponent system to an equivalent bina- 
ry using the “key” components. From this the number of 
stages or theoretical plates and reflux can be determined 
using conventional binary procedures and involving the 
McCabe-Thiele method. 

Liddle [136] presents a shortcut technique for multi- 
component calculations based on improving the Fenske 
and Gilliland correlations. 

Minimum Reflux Ratio-Infinite Plates 

This is the smallest value of external reflux ratio (L/D) 
which can be used to obtain a specified separation. This is 
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not an operable condition. Knowledge of the minimum 
reflux ratio aids considerably in establishing an economi- 
cal and practical operating ratio. Ratios of 1.2 to 2.0 times 
the minimum are often in the economical range for 
hydrocarbon chemical systems. However, it is well to rec- 
ognize that high reflux rates increase column size (but 
reduce number of trays required), reboiler size, steam 
rate, condenser size and coolant rate. 

For adjacent key systems, all components lighter than 
the light key appear only in the overhead, and all compo- 
nents heavier than the heavy key appear only in the bot- 
toms, and the keys each appear in the overhead and bot- 
toms in accordance with specifications. 

For a split key system the lights and heavies distribute 
the same as for adjacent key systems. However, the com- 
ponent(s) between the keys also distribute to overhead 
and bottoms. 

At minimum reflux, the regions in which the number of 
trays approaches infinity (called the pinch zones and 
region of constant compositions) are: 

1. Binary system: pinch zone adjacent to feed plate 
2. Multicomponent: 

a. Three components with no component lighter 
than light key: pinch zone in stripping section adja- 
cent to feed plate. 

b.Three components with no component heavier 
than heavy key: pinch zone in rectifying section 
adjacent to feed plate. 

c. Three components mixture: pinch zones may be 
above and below feed plate. 

d. Greater than four components: pinch zones 
appear in rectifying and stripping sections. 

For systems with one sidestream drawoff, either above 
or below the feed, Tsuo et al. [lo21 propose a method for 
recognizing that the minimum reflux ratio is greater for a 
column with sidestream drawoff. At the sidestream the 
operating line has an inflection. For multifeed distillation 
systems, the minimum reflux is determined by factoring 
together the separate effect of each feed [ 1031. 

Lesi [ 1051 proposes a detailed graphical procedure for 
figuring multicomponent minimum reflux by a graphical 
extension of a McCable-Thiele diagram, assuming infinite 
plates or eqcilibrium stages. In this traditional model the 
concentration in the distillate of the components heavier 
than the heavy key component are assumed to be zero, 
and the heaky key component reaches its maximum con- 
centration a+, the upper pinch point (see Figures 8-23 and 
8-23). Therefore, this assumption is that only the heavy 
and light keys are present at the upper pinch point, simi- 
lar in concept to the handling of a binary mixture [106]. 
The method assumes (a) only the key components are dis- 

tributed, (b) no split key components exist, (c) total molal 
overflow rates and relative volatilities are constant. This 
method provides good agreement with the detailed 
method of Underwood. 

Yaws [124] et al. provide an estimating technique for 
recovery of each component in the distillate and bottoms 
from multicomponent distillation using short-cut equa- 
tions and involving the specification of the recovery of 
each component in the distillate, the recovery of the heavy 
key component in the bottoms, and the relative volatility 
of the light key component. The results compare very well 
with plate-to-plate calculations, Figure 8-46, for a wide 
range of recoveries of 0.05 to 99.93% in the distillate. 

The distribution of components for the distillate and 
the bottoms is given by the Hengstebeck-Geddes equation 
[124, 125, 1261: 

log (di/bi) = A + B log ~i (8- 124) 

where di = mols of component i in distillate 
bi = mols of component i in bottoms 
ai = relative volatility of component i 

A, B = correlation constants 

A material balance for the i component in the feed is: 

fi  = di + bi (8- 123) 

Then the quantity of component i in the distillate can be 
expressed as a mol fraction recovered, or di/fi. Likewise, 
the mol fraction of component i recovered in the bottoms 
is bi/fi, or 1 - di/fi. Substituting into Equation 8-124: 

Relative volatility. a, 

Figure 8-46. Yaws short-cut method compared to plate-to-plate cal- 
culations. Used by permission, Yaws, C. L. et ai. Hydrocarbon Pro- 
cessing, V. 58, No. 2 (1979) p. 99. Gulf Publishing Co., all rights 
resewed. 
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(8- 126) 

Solving for recovery of component i in the distillate 
gives 

di/fi = (loA qB)/(l + 1oA qB) (8-127) 

From a material balance, recovery of component i in the 
bottoms is 

(8-128) bi/fi = 1/(1 + aiB) 

The correlation constants required for Equations 8-127 
and &128 are obtained by specifying a desired recovery of 
the light key component LKin the distillate and the recov- 
ery of the heavy key component HK in the bottoms. Then 
the constants are calculated as follows: 

(8- 129) 

Example 8-22: Multicomponent Distillation by Yaw‘s 
Method [ 1241 (used by permission) 

Assume a multicomponent distillation operation has a 
feed whose component concentration and component rel- 
ative volatilities (at the average column conditions) are as 
shown in Table &3. The desired recovery of the light key 
component 0 in the distillate is to be 94.84%. The recov- 
ery of the heavy key component P in the bottoms is to be 
95.39%. 

Table 8-3 
Yaws’ Method for Selected Distillation Recovery from a 

Specific Feed for Example &22 

Component fi ai 

0.10 2.30 
0.13 1.75 
0.25 1.43 
0.23 1 .oo 
0.13 0.90 
0.08 0.83 
0.06 0.65 

Used by permission, Hydrocarbon Processing, Yaws, C. L., et a1 V. 58 No. 2 
(1979), p. 99, Gulf Pub. Co., all rights reserved. 

The recoveries of the non-key components are estimat- 
ed by first calculating the correlation constants: 

bHK/f& = 0.9539, given 

A=-log(  0.9539 ) 
1 - 0.9539 

= -log 20.69 = -1.3158 

dLK/fm = 0.9484, given 

a L K  = 1.45, from Table 8 3  

0.9484 ) ( 0.9539 )I 
1 - 0.9484 1 - 0.9539 

B =  
log 1.45 

= (log 380.3)/(10g 1.45) = 15.988 

The recovery of component M in the distillate is then 

dM/fM = (10-1.3158 2.3015.988)/(1 + 10-1.3158 2.3015.988) 
= 0.99997, from Equation 8-127 

The recovery of component M in the bottoms is 

bM/fM = 1/(1 + io-1’3158 2.3015.988) 
= 0.00003, from Equation 8-128 

Repeating Equations 8-126 and 8-127 for each of the 
other non-key components in the feed mixture gives the 
results shown in Table 84. Good agreement was demon- 
strated. 

Algebraic Plateto-Plate Method 

Like any plate-to-plate calculation this is tedious, and in 
most instances does not justify the time because shorter 

Table 8-4 
Results for Example 8-22 for Multicomponent 

Distillation 

Percent recovery 
In dist. In btms. 

Component (100 Wfi) (100 bi/fi) 

M 99.997 0.003 
N 97.731 2.269 

0 (LK) 94.840 5.160 
p (HK) 4.610 95.390 

Q 0.889 99.111 
R 0.245 99.755 
S 0.005 99.995 - 

Used by permission, Hydrocarbon Processing Yaws, C. L., et al V. 58 No. 2 
(1919), Gulf Pub. Co., all rights reserved. 
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methods give reasonably acceptable results. Vanwinkle 
[75] outlines the steps necessary for such calculations. 

With current computer technology there are several 
commercial programs available (as well as personal and 
private) that perform tray-to-tray stepwise calculations up 
or down a column, using the latest vapor pressure, K-val- 
ues, and heat data for the components. This then provides 
an accurate analysis at each tray (liquid and vapor analy- 
sis) and also the heat duty of the bottoms reboiler and 
overhead total or partial condenser. 

Torres-Marchal [110] and [ill] present a detailed 
graphical solution for multicomponent ternary systems 
that can be useful to establish the important parameters 
prior to undertaking a more rigorous. solution with a com- 
puter program. This technique can be used for azeotrop- 
ic mixtures, close-boiling mixtures and similar situations. 

An alternate improved solution for Underwood’s 
method is given by Erbar, Joyner, and Maddox [113] with 
an example, which is not repeated here. 

Underwood Algebraic Method Adjacent Key Systems 1721 

This system for evaluating multicomponent adjacent 
key systems, assuming constant relative volatility and con- 
stant molal overflow, has proven generally satisfactory for 
many chemical and hydrocarbon applications. It gives a 
rigorous solution for constant molal overflow and volatili- 
ty, and acceptable results for most cases which deviate 
from these limitations. 

Overall Column-Constant a 

In arriving at (L /D)min  the correct value of 8 is 
obtained from: 

The “q” value is the same as previously described for the 

Rectifying section only: 
thermal condition of the feed. 

DXDi 

i=l,h,L. 

Stripping section only: 

vs= 2 * 
i=l,h,H 

(8- 133) 

(8-134) 

At the minimum reflux condition all the 8 values are 
equal, and generally related: 

a h  < 8 < a] 

Suggested Procedure 

1. From Equation &131 expressing 8 and q evaluate 8 by 
trial and error, noting that 8 will have a value between 
the a of the heavy key and the a of the light key eval- 
uated at or near pinch temperatures, or at a avg. Sug- 
gested tabulation, starting with an assumed 8 value, 8,: 

Compo- 
nent x F ~  q xFi % - e aj xFi/(ai  - 8) aj xFi/(% - e l z  

a XFa a a  XFa “a - e a  a a  xFa/ ( a a  - ea) xFa/ ( a a  - 
-- - - 

ea) * 
ea)  * 

b xn, ab XFb a b  - ea a b  x n / ( a b  - ea) a b  x m / ( a b  - 
a a m  0 a a 

0 a m  a a 0 

y (ea) y’ (ea) 

Y, VI’, represents function. 

Corrected 8 by Newton’s approximation method: 

( 8 -  135) 

Repeat the same type of tabular computation, s u b  
stituting the corrected 8, for the 8,. If the second cor- 
rected O’, checks closely with €I,, the value of 8 has 
been obtained, if not, a third recalculation should be 
made using the O’c value as the new assumed value. 

Note that average a values should be used (con- 
stant) for each component unless the values vary con- 
siderably through the column. In this latter case fol- 
low the discussion given elsewhere in this section. 

2. Calculate (L/D)kn by substituting the final 8 value in 
Equation 8-130 solving for (L/D)min.  Note that this 
requires evaluating the functions associated with 8 at 
the composition of the distillate product. The a val- 
ues are the constant values previously used above. 

Underwood Algebraic Method Adjacent Key Systems; 
Variable a 

For varying a systems, the following procedure is sug- 
gested 

1. Assume (L/D)min and determine the pinch tempera- 
ture by Colburn’s method. 

2.At this temperature, evaluate a at pinch and a at 
overhead temperature, obtaining a geometric aver- 
age a. As an alternate, Shiras [63] indicates a bvg 
value which gives acceptable results when compared 
to pinch and stepwise calculations. This suggestion 
calculates, 
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3. Determine Underwood’s 8 value as previously 
described, using the average a value. 

4. Calculate (L/D)min and compare with assumed value 
of (1) above. If check is satisfactory, (L/D)min is com- 
plete; if not, reassume new (L/D)mh using calculated 
value as basis, and repeat (1) through (4) until satis- 
factory check is obtained. 

where to = overhead temp “F 
tB = bottoms temp O F  

t..p = avg temp, “F 

To aid in solving the tedious Underwood equation to 
ultimately arrive at (L/D)min, Frank [ 1001 has developed 
Figure 8-47’, which applies for liquid feed at its bubble 
point and whether the system is binary or multicompe 
nent, but does require that the key components are adja- 
cent. Otherwise, the system must be solved for two values 
of 8 [ 7’41. To obtain the necessary parameters for Figure 
8-47, Frank recommends using the same overhead con- 

centrations that were used in or calculated by the Fenske 
equation for the Underwood solution. (8 = Underwood 
constant.) 

Underwood Algebraic Method Split Key Systems: 
Constant Volatility 1721 

Although this method appears tedious, it is not so 
unwieldy as to be impractical. It does require close atten- 
tion to detail. However, a value of (L/D)min can be 
obtained with one trial that may be satisfactory for “order 
of magnitude” use, which is quite often what is desired 
before proceeding with detailed column design and estab- 
lishment of operating L/D 

1. Assume ef values and check by 

(8 - 136) 

102 103 1 04 1 05 106 107 

Figure 8-47. Short-cut solution of Fenske-Underwood-Gilliland theoretical trays for multicomponent distillation. Used by permission, Frank, O., 
Chem. Eng. Mar. 14 (1973, p. 109. 
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There are a total solutions of 8fi equal to one more 
than the number of split components between the 
keys. The 8f values will be spaced: 

a13 "4 ef4 a3 ef5 ah6  

where a1 is the light key and component number 3, 
and correspondingly for the heavy key, component 
number 6. Determine e values as for constant volatili- 
ty case of adjacent keys. 

For some systems, the 8 values can be assumed with- 
out further solution of the above relation, but using 
these assumed d u e s  as below. 

2. Calculate, 

1 

(8- 137) 

which represents (for the hypothetical system set up 
in (1)) the product of (8,) (8,) (0,) divided by the 
product of (a5) (q), based upon the lightest compo- 
nent being numbered one, the next two, etc., the 
heaviest components having the higher numbered 
subscripts. P means product, and 1, i = h - 1, i = 1 + 1 
are limits for evaluation referring to components 
between the keys, and the light and heavy keys. 

3. Calculate, 

For the 8 example shown in (I) above: 

(8- 138) 

Also calculate o for all components lighter than 
light key. 

?i 
aj J 

Component,j wj a. - X D ~  0 . x ~ .  J J ~ ( x ~ j )  
1 (light key) 0 0 . .  0 0 

h (heavy key) 0 

L1+1 1 lighter 

J 

0 

w .  

a. J 
z w j  xDj ZJ (xDj 

4. Calculate (L/V)min: (internal) 

5.  Calculate External (L/D)min: 

(8 - 139) 

(8 - 140) 

For variable CY conditions, the pinch temperature can 
be used for a determinations as previously described. 

Example 8-23: MinimUm Reflux Ratio Using Underwood 
Equation; Calculate the Minimum Reflux Ratio 

Use 0.384 to begin, (assumed). 
Expanding to determine more exact value of b. 

P $ = PQa + $ - $a 8' $a 

1 0.10 0.025 -0.334 -0.0749 +0.224 
2 0.225 0.1125 -0.084 -1.34 +1.5.9 
3 0.430 0.450 +0.416 +1.08 +2.6 
4 0.223 0.450 +1.416 +0.318 +0.224 

P = -0.016 +18.948 = 

Q$a =-0.016 - (1 - 4) 
=-0.016 - (1 - 1) $a 

Qa =-0.016 
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0.01072 + 0.428 + 0.225 
0.5848 1-- 

0.50 1 .o 2.0 
0.6848 l-- 0.5848 l-- 

($flcorrected = 0.584 - (-0.016) / (18.948) = 0.584 + 0.00084 
= 0.58484 

-V, = 0 

NOW use this new value of $fl in Underwood's equa- 
tions; 

For minimum reflux: Cpfl = Cpr = $s 
From calculations of related problem* the value of DXD~ 
has been calculated 

DXD~ = 0.01072 for heavy key 

DXD~ = 0.428 for light key 

DXD~ = 0.225 for lighter than light key. 

-ITr = -1.285 

V, = 1.285 

(Lr)min = 1.285 - 0.6637 = 0.622 

o'6622 0.94, Minimum Reflux Ratio 

Minimum Reflux Colburn Method Pinch 
Temperatures [ 121 

This method has also found wide usage and might be 
considered less tedious by some designers. It also yields an 
approximation of the rectifying and stripping section 
pinch temperatures. For adjacent keys, 

Rectifjmg: 

(8 - 141) 

where a = relative volatility of any component referenced to 
the heavy key component 

mol frac 
XhD = overhead composition of heavy key component, 

Xhn = pinch composition of heavy key component, mol 

XD = overhead composition of any light component, 

x, = pinch composition of any light component, mol 

frac 

mol frac 

frac 

Calculate D, B, DXD~ and BXB~ from problem specifi- 
cation. 
Assume or set the operating pressure and overhead 
temperature (may be calculated). 
Calculate the liquid and vapor quantities and their 
respective compositions in the feed to the column. 
Calculate estimated ratio of key components on feed 
plate based on the liquid portion of the feed. 

Mol fraction light key ' Mol fraction heavy key 

(a) For all liquid feed at feed tray temperature (boil- 
ing point) 

rf = mol fraction ratios in feed. 

(b) For a part or all vapor feed just at its dew point, 

rf = ratio of key components in the equilibrium liquid 
phase of feed. 

(c) For all liquid feed below feed plate temperature 

rf = ratio of key components at intersection point of 
operating line (from a McCabe-Thiele diagram). 

5. Determine approximate pinch zone liquid composi- 
tion for light key component 

(8-142) 

2% x ~ i  = sum of a h  + 1 xfi + 1 + ah + 2 xfi + 2  + . . . for 

all components in liquid portion of feed heavier than 
heavy key. Note that X F ~  values are the mol fractions of 
the component in the liquid portion of feed only and 
the ZXF~ equal to 1.0. 

6.  Calculate approximate value for (L/D)min. 

The second term in the right hand parentheses can 
be omitted unless the mol fraction of the heavy key in 
the distillate, XhD, is 0.1 or greater. Use Xhn = xln/rf. 

7. Estimate stripping and rectifying pinch temperatures 
at values one-third and two-thirds of the interval 
between the column bottoms and overhead, respec- 
tively. 
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8. Calculate internal vapor and liquid flows. 

(LJD)min = assumed 

Solve for (L,/V,) min 

L, - (number) (I7,) = (Lr/D)mk(D) 

D is known 
Calculate V, and L, from above. 
In stripping section: 
Solve directly for L, 

L, = L,. + qF 

Solve for Vs: 

(8 -  143) 

(8- 144) 

Calculate L,/B 
9. Evaluate pinch compositions at the assumed temper- 

atures of Step 7. If this temperature does not give a 
balance, other temperatures should be assumed and 
a balance sought as indicated below. Either of the fol- 
lowing balances can be used, depending upon the 
convenience of the designer: 
Rectifying: 

When the heavy key in the overhead is very small, 
less than 0.1 mol fraction, the last term of the denom- 
inator can be omitted. 

Kote that the calculations are only made for the 
heavy key, h; light key, I; and all components lighter 
than it, L’. If there are split keys, the calculation is to 
include all components lighter than the heavy key. 
Stripping pinch compositions: 

Because the second term of the denominator is 
usually negligible when the light key in the bottoms is 
very small; less than 0.1 mol fraction, this term is 
often omitted. 

lvote that these calculations are made for the light 
key, 1; heavy key, h; and all components heavier than 
the heavy key, H. For split key systems, the calcula- 
tions are made for all components heavier than the 
light key. 

10. Calculate mol fraction ratio: 
(a) Stripping pinch 

light key 
r =  
ps heavy key 

(b) Rectifying pinch 

light key 
heavy key rpr = 

(c) p = rpshpr 
11. Calculate for each component in pinch. 

Rectifying: apply only to components lighter than 
light key, i = L’ 

(ai - 1) ai 
ai 

Read from Figure 848 value of C,i for each com- 
ponent. 
Calculate for each component: 

(Cni) kPr) 
Sum these values: 

2,Gi xip 
i=L 
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Stripping: apply only to components heavier than 
heavy key, i = H. 

(a1 - 1) (all 

ponent. 
Calculate for each component: 

C,i CI' x 1 Ips 

Sum these values: 

Read from Figure 8-48 value of Cmi for each com- 

L ai xips 
i-H 

1 2. Calculate: 

E the two values of p are not very nearly equal, 
this requires a retrial with a new (L/D)min, and a 
follow through of the steps above. 

When rps/rpr > p', the assumed (L/D)min is too high. 
Note that rp,Jrpr changes rapidly with small changes in 
(L/D),in, p changes slightly. When p = pf, the proper 
(L/D)min has been found. Colburn reports the method 
accurate to 1%. It is convenient to graph the assumed 
(L/D)min versus p and pf in order to facilitate the selec- 
tion of the correct (L/D)min. 

Example 8-24: Using the Colburn Equation Calculate the 
Minimum Reflux Ratio 

The mixture of four components is as listed below, 
using n-butane as the base component. 

Component Relative Vol. xf (Sr)i = DXD/BXB 
1 0.25 0.10 - 

Hvy Key 0.50 0.225 0.03 

4 2.0 0.225 - 
n-butane 1.0 0.430 20.00 

DXDi S, = separation ratio = - 
BxBi 

Hall at top, S, = 1 
If all at bottom, S, = 0 

For component No. 3; Basis; 1 mol feed, 

For component No. 2, 

Because this is at minimum reflux, and adjacent keys system, 

FX, = DXDL 

FX, = BXBH 

Therefore, for component No. 4, lighter than light key, 

FXF4 = (1) (0.225) = 0.225 

Then, DXD~ = 0.225 

For component No. 1, heavier than heavy key, this com- 
ponent will not appear in the overhead. 
Bottoms: 

-- FxFi - (S,)i t I 
BxBi 

(S, )i = -, by definition 
BxBi 

FxFi 
(Sr)i + I  

Then, BXB~ = - 

Component No. 1: 

FXF~ = BXB~ = (1) (0.1) = 0.10 

Component No. 2: 

(S r i  ).=-- DxD2 -0.05 
BxB2 

Substituting in equation previously established, 

or, because DXD~ has been calculated, 

D X D ~  0.01072 o.214 
(S,)i 0.05 

BxB2 = - = - = 
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Component No. 3: 

D x ~ 2  0.428 
(Sr)i 20 

Bxgg = - = - = 0.0214 

Component No. 4: This component will not be in the bot- 
toms because it is lighter than the light key 
Overhead: 

D X D ~  + DXD~ + D X D ~  + DXD~ = D 

0 + 0.01072 + 0.428 + 0.223 = D 

D = 0.66372 mols overhead product/mol feed 

Composition of Overhead 

Component DxDi Mol% 
1 0 0 
2 0.01072 1.6 
3 0.428 64.6 
4 0.223 33.9 

0.66372 100.1% 

Composition of Bottoms: 

Component BxBi Mol % 
1 0.10 29.9 
2 0.214 63.8 
3 0.0214 6.3 
4 0 0 

0.3354 100.0% 

To have some idea of what value to use in Colburn’s 
“exact” method for minimum reflux, use Colburn’s 
“approximate” method to establish the order-of-magni- 
tude of the minimum reflux: 

where XD and x, = top and pinch composition of a given light 
component 

key component 

with reference to the heavy key 

xhD and Xhn = top and pinch composition of the heavy 

a = relative volatility of the given component 

Estimating Pinch Composition: 

4 x, (approx)= 
( l + q ) ( l + Z m ,  1 

where rf = ratio of liquid composition of light to heavy key 

x, = mol fraction of a component in the liquid in the 
component on feed plate 

rectifying column pinch 

x, = mol fraction of a component in the liquid part of 

rf = 0.450/0.225 = 2.0 
the feed where the feed is part vapor 

XU, = (0.5) (0.10) = 0.05 

“light /heavy key = ,.5 = 2.0 

2 
3.15 

= - = 0.635 2.0 
(1 + 2.0) (1 + 0.05) xn (approx)= 

In terms of heavy key: 

a l /h  = 2.0 

al/l= 0.25 

al/h = (al/h) (al/l) = (2.0) (0.25) = 0.5 

1 
min (2.0-1) 0.635 

approx (k) = - (E) 

xD3 0.646 

= 1.017approx. Mmin 
Now: Use Colburn’s more detailed method: 

Assume (:) = 1.017 
min 

1 1 
($)mi*=- 1+(+) = 1+- 1 

1.017 min 

= 0.506 ($) min = 1.017+1 
1.017 

V = L + D  

V D  - = I + -  
L L 

_=- L 1  
D 1+- 
L 

L, = (0.506) (\’,) 

A n d  L, = (1.017) (D,) 

Then: (0.506) Vr= (1.017) (D,) = (1.017) (0.66372) 

v, = (1’017) (0.6637) = 1.332 mols/molfeed 
0.506 

L, = (1.017) (0.6637) = 0.674 mols/mol feed. 
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The feed is a boiling point liquid from statement of problem: 

q =  1.0 

Ls = L + qF 

Basis: 1 mol feed: 

Ls = 0.674 + (1) (1) = 1.674 
(min) 

Vs = 1.332 

- _  Ls -.= 674 1.255 
Vs 1.332 

Determine temperature of rectifying section pinch. 

Compo- DxDi - b@ .L &-L, DxDi/V, 
nentS DXD~ Vr 118°F ~i ai& Vr Vr Ki - (Lrflr) - - -___- - -  

0.024 0.333 
0.580 
0.104 1.614 

1 0.428 0.321 1.06 1.0 1.06 0.506 0.554 
h 0.01072 0.00805 

L 0.225 0.169 
Note: 0.225/1.332 = 0.169 

B - reference 

- 
L - 1.017 

1 1 2.0 2.12 

0.50 0.53 

&=UiKg 

Assume temperature at rectifying pinch., If the compo- 
nents were known, then the overhead dew point and bot- 

toms bubble point could be determined, and from this an 
approximation could have been made of the pinch tem- 
perature. Because these cannot be calculated, one must 
use trial-anderror to get correct pinch temperature. 

Because the 1.017 is reasonably close to 1.0, continue 
calculations composition of rectifying pinch: 

Compo- DXDinr/ 
nents (K1-  Lr/Vr) Revised Mol Fraction 
2 = h  0.333 0.333/1.017 = 0.328 
3 = 1  0.580 0.3’2 
4 = L  0.104 0.102 

1.017 1.002 

Determine temperature of stripping section pinch: 

Compo- Ks@ L/V,-  Bxgi/VS 
nents BXB~ Bxpi/V, Ls/Vs 130°F q ~ K B  ~ K B  (L,/Vs)-aiK~ 

1 = H  0.10 1.332=0.0752 
2 = h 0.214 0.1605 
3=1 0.0214 0.0160 

-- 
0.25 0.308 0.947 0.0794 

1.00 1.23 0.028 0.640 
0.9714 

0.10 

Exact KB must lie between 1.23 and 1.24. Because there 
is a difference involved in calculation, the result is very 
sensitive to small changes in K. 

Figure 8-48. Colburn minimum reflux factors, 
above (C,,) and below (C,,,) feed point. Used by 
permission, Colburn, A. P. The American Institute 
of Chemical Engineers, Trans. h e r .  lnst. Chem. 
Engr. V. 37 (1 941), p. 805, all fights reserved. 

(-1- II=p 
for c. bq- lb  for C, oc 
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XlF R' + (XhF +I: Xm) Reading curve, Cs = 0.875 (see Figure 848) 
Now, substitute into Colburn correlation, for check, a H  

79 

(8-148) 

Composition of Stripping Pinch: 

Components See Last Col. Above Revised Mol Fraction Cr, Cs = empirical constants 

L = all components lighter than light key, not includ- 
ing the light key 

l = H  0.0794 0.0794/0.9714 = 0.0817 
2 = h  
3 = 1  

0.252 
0.64 
0.9714 

0.2585 
o.659 
0.9992 

Scheibel-Montross Empirical: Adjacent Key Systems: 
Constant or Variable Volatility [61] 

Although this method has not found as much wide 

troversial discussion in the literature, it nevertheless allows 
a direct approximate solution of the average multicompo- 
nent system with accuracy of 1 4 %  average. If the key com- 
ponents are less than 10% of the feed, the accuracy is 
probably considerably less than indicated. If a split key sys- 
tem is considered, Scheibel reports fair accuracy when the 
split components going overhead are estimated and com- 
bined with the light key, the balance considered with the 
heavy key in the L/D relation. 

cr for each lighter than light acceptance when referenced to use by designers or con- 
There is only One 

example, #4 
lighter than light key in this 

Reading curve, C, = 1.0 = C, (see Figure 848) 
Evaluate Cs for No. 1: 

[ (: - 1) a.] = [ (5 - 1) (0.25)] = (2 - 1) (0.25) = 0.25 

(1- where xw = mol fraction of light key in feed 
Z x n  = sum of all mol fractions lighter than light key in 

feed 
R = pseudo minimum reflux 

Z XFH = sum of all mol fractions heavier than heavy key 
in feed 

'(1 - ((1) (0.102))) (0.572) (0.2.385) 
(0.328) (0.659) 

0.684 = (1 - 0.102) (1 - 0.0318) = (0.898) (0.9682) 
0.684 0.868 

Because left side of equation is smaller than right side, 

assumed was too large. Try a smaller value around 0.95. 
Right side of equation is not so sensitive to change. 

where L E all components lighter than light key 
I; = sum of all components lighter than light key, 

Z = sum of all components heavier than heavy key, 

p = pinch 
r = rectifylng 
s = stripping 
1 = light key 

h = heavy key 
H = all components heavier than heavy key, not 

does not include light key 

does not include heavy key 

L 

H 

including the heavy key 

XhF = mol fraction heavy key in feed 
a1 = relative volatility of light key to heavy key at feed 

a H  = relative volatility of components heavier than 

a L  = relative volatility of components lighter than 

xit = mol fraction liquid at intersection of operating 

tray temperature 

heavy key at feed tray temperature 

light key at feed tray temperatures 

lines at minimum reflux. (Calculated or from 
graph.) 

xio = mol fraction light key in overhead expressed as 
fraction of total kqs in overhead. 

Pseudo minimum reflux: 

When the overhead contains only a very small amount 
of heavy key, the second term in the equation may be 
neglected. 

Intersection of operating lines at Equilibrium Curve: 
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2m (a1 - 1) 

The proper value for xit is positive and between zero 
and one. Actually this is fairly straightforward and looks 
more difficult to handle than is actually the case. 

Pseudo ratio of liquid to vapor in feed 

(8- 151) 

where XL = mol fraction of feed as liquid 
x, = mol fraction of feed as vapor 
FL = mols of liquid feed 
FV = mols of vapor feed 

ZFH = total mols of components heavier than heavy key 

ZFL = total mol of components lighter than light key in 
in feed 

feed. 

Example 8-25: Scheibel-Montross Minimum Reflux [61] 

A tower has the following all liquid feed composition: 

Feed Overhead Bottoms 
Component Mols/hr Mols/hr Mols/hr 

A 30 30.0 - 
B (light key) 20 19.5 0.5 
C (heavy key) 20 0.5 19.5 
D 30 - 30.0 

100 50.0 50.0 

Relative volatilities referenced to the heavy key, C: 

a A  = 4.0 
ag = 2.0 = a1 
aC = l . O = a h  
a~ = 0.5 

XL - Z X ~  
xV - X X ~  

1.0 - 0.30 
0 - 0.30 

= - 2.33 - Calculate : m = - 

Intersection of Operating Lines: 

1 I 0.2 (2 - 1$ (1 - 2.33) 17) - 2 - (-2.33) 2 
0 2 + 0 2  

(2 - 1) (1 - 2.33) 

/ 0.2 + 4 (- 2.33) (2 - 1) (1 - 2.33) 
L 

2(- 2.33) (2 - 1) 

xit = 0.610, or -0.459 (not acceptable) 

Pseudo minimum reflux ratio: 

19.3 
= 0.975 

x10 = 19.5 + 0.5 

(1.0 - 0.975) (2) 
(1 - 0.610) (2 - 1) 

- 0.975 R’ = 
(2 - 1) (0.610) 

R‘= 1.472 

Minimum reflux ratio: 

+””( 4 l+:) 

(L/D)min = 0.912 

Minimum Number of Trays: Total Rdkx-Constant 
volatility 

The minimum theoretical trays at total reflux can be 
determined by the Fenske relation as previously given 

(8- 152) 

. .  iuote mat ~ , i *  is me number or trays in me column and 
does not include the reboiler. When a varies considerably 
through the column, the results will not be accurate using 
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the aavg as algebraic average, and the geometric means is 
used in these cases. 

For extreme cases it may be necessary to calculate down 
from the top and up from the bottom until each section 
shows a fairly uniform temperature gradient from tray to 
tray. Then the Fenske relation is used for the remaining 
trays, using the conditions at the trays calculated as the 
terminal conditions instead of the actual overhead and 
bottoms. 

Chou and Yaws Method 1961 

This method for multicomponent distillation involving 
more than one feed and more than one side stream 
requires a reliable minimum reflux. 

The column 

In summary, the calculation procedure is as presented 

For the systems rated above, the minimum reflux ratio 

by the authors: 

is [96]: 

(8- 153) Rmin = RF + ROF + RS 

This includes recognizing the contribution from the 
feed (RF), “other feeds” (k~) ,  and sidestreams (Rs). The 
RF portion is determined assuming no other feeds or side- 
streams are present. The &F and Rs parts represent the 
summation of the contributions of other feeds and side- 
streams to the overall column minimum reflux ratio. The 
calculation sequence consists basically of three steps, here 
reproduced by permission of Chemical Engineering, 
Chou and Yaws, April 25, 1988, all rights reserved [96] : 
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Example 8-26: Distillation With Two Sidestream Feeds 

Data for Example 8-26, which includes two sidestreams 

Relative Mole Fraction 

~~ - ___ - - 
1 (LK) 
2 (HK) .025 
3 (HK+ 1) 0.5 00 1 

~ _ _ ~ ~  

Feeds: F1 = 50 mol/hr, qF1 = 1 (saturated liquid) 
F2 = 100 mol/h, qF2 = 0 (saturated vapor) 

Sidestreams: S1 = 20 mol/h, qs, = 1 (saturated liquid) 
S2 = 20 mol/h, qs2 = 1 (saturated liquid) 

Distillate: D = 36 mol/h 

Minimum reflux and other results for Example 8-26 

1. UNDERWOOD THETAS: 
FORFEED 1 
FOR FEED 2 

THETA (1) = 1.164 
THETA (2) = 1.485 

2. MINIMUM REFLUX CANDIDATES: 
FOR FEED 1 
FOR FEED 2 

RMIN (1) = 3.450271 
RMIN (2) = 4.375502 

3. TRUE MINIMUM REFLUX RATIO: 
RMIN = 4.38 

Column representation of results of Example 8-26 
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where B = bottoms flowrate, mol/h 
c = number of components 

D = distillate flowrate, mol/h 
F = flowrate of feed, mol/h 
Fj = flowrate of feed j, mol/h 

FFR = factor for contribution of other feed flow to mini- 

Fmj = factor for contribution of feed j flow to minimum 

FSR = factor for contribution of sidestream flow to mini- 

mum reflux 

reflux 

mum reflux 

minimum reflux 
HK = heavy key component 

L = liquid flowate, mol/h 
LK = light key component 
nf = number of feeds 
ns = number of sidestreams 
m = number of sidestreams above feed n 
qF = thermd condition of feed 
qs = thermal condition of sidestream 
R = reflux ratio 

RF = feed component of minimum reflux 

FSR,k = factor for contribution of sidestream k flow to 

RF,, = feed component of minimum reflux for feed n 
ROF r- other-feeds component of minimum reflux 

Rmin = minimum reflux ratio 
RS = sidestream component of minimum reflux 

S = flowrate of sidestream, mol/h 
sk = flowrate of sidestream k, mol/h 
V = vapor flowrate, mol/h 
xi = mole fraction of component i in liquid 
yi =i mole fraction of component i in vapor 

Z ~ , F  =: mole fraction of component i in feed 
zi,q =i mole fraction of component i in feed j 
q,s =i mole fraction of component i in sidestream 

Zi,Sk =i mole fraction of component i in sidestream k 
a =: relative volatility 
0 =i underwood parameter 

Subscripts 
B = bottoms 
D = distillate 
F = feed 
Fj = feed j 

F, = intermediate feed 

Theoretical Trays at Operating Reflux 

The meth.od of GilliIand [23] (Figure 8-24) is also used for 
multicomponent mixtures to determine theoretical trays at 
a particular operating reflux ratio, or at various ratios. 

The Brown and Martin [9] curve of Figure 8-49 is also 
used in about the same manner, and produces essentially the 
same results, but is based on internal vapor and liquid flows. 

The values needed to use the graph include: 

(8- 158) 1 
(L’v)r = 1 + (D/L) 
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2.0 2.2 2.4 2.6 2.8 3.0 3.0 3.4 3.6 
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Sm Minimum Number o f  Equilibrium Steps 

Figure 8-49. Brown and Martin: operating reflux and stages correlat- 
ed with minimum reflux and stages. Used and adapted by permis- 
sion, Van Winkle, M., Oil and Gas Jour. V. 182, Mar. 23 (1953). 

where (D/L) = l/(L/D) 

L, = Lr + qF (8-139) 

Vs=V, -F( l -q )  (8- 161) 

Note than when (L/D)min is used as the starting basis, 
the L,, L,, V,, V, and their ratios will be for the minimum 
condition, and correspondingly so when the operating 
reflux is used. 

The combined Fenske-Underwood-Gillilland method 
developed by Frank [loo] is shown in Figure 8-47. This 
relates product purity, actual reflux ratio, and relative 
volatility (average) for the column to the number of equi- 
librium stages required. Note that this does not consider 
tray efficiency, as discussed elsewhere. It is perhaps more 
convenient for designing new columns than reworking 
existing columns, and should be used only on adjacent-key 
systems. 
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Eduljee [lo71 evaluated published data and corrected 
relationships for determining the number of actual trays 
versus actual reflux with reasonably good agreement: 

First Trial. 

when 1.1 < R/Rm 7 2.0 

when R/Rm > 2.0 

If the number of actual trays, S, calculates to be 27 or 
greater, then revert to the following for better accuracy: 
Second Trial: 

= =0.506 1 
($)min = 1+ (D/L),in 1+1/1.017 

0.506 V, = 1.017 (D,) = 1.017 (0.664) 
V, = 1.332 mols per mol of feed 
L, = 1.017 (0.664) = 0.674 mols/mol feed 

L, = (0.674) + (1) (1) = 1.674 mols/mol feed 
V, = 1.332 - (1) (1 - 1) = 1.332 mols/mol feed 

q = 1.0 

Operating values: 

Operating (L/D), = (1.5) (1.017) - 1.525 
when 1.1 < R&, 7 2.0 

S = 2.71 (Rm/R) (S,) + 0.38 (8-163) 

when R/R, > 2.0 

S = [0.67 (Rm/R) + 1.021 (S,) + 0.38 (8-164) 

where n = number of theoretical trays in the rectifying section 
R = reflux ratio (O/D) 
S = number theoretical trays in the column, including 

reboiler 

Subscript 

m = minimum 

The feed plate location, for either rectlfylng or strip 

For R/%, from 1.2 to 3.6: 
ping sections: 

(n/nm) (R/Rm) = 1.1 + 0.9 (R/Rm) (8-165) 

Hengstebeck [224] presents a technique for locating 
the feed tray by plotting. 

Example 847: Operating Reflux Ratio 

The minimum reflux ratio (L/D)min has been deter- 
mined to be 1.017. Using the Brown and Martin graph 
[9], evaluate the theoretical number of trays at an operat- 
ing reflux of 1.5 times the minimum. The minimum num- 
ber of stages was determined to be 22.1 including the 
reboiler. See Figure 8-49. 

The column will have a total condenser. Product rate D is 
0.664 mols/mol feed, and the feed is a boiling point liquid. 

Minimum values: 

=0.603 ($),= 1+1/1.525 

(1’525) (o’664) = 1.68 mols/molfeed 
0.603 Vr 

L, = (1.323) (0.664) = 1.013 mols/mol feed 

L, = 1.013 + (1) (1) = 2.013 
V, = 1.68 - (1) (1 - 1) = 1.68 

q = 1.0 

(L/V), = 2.013/1.68 = 1.198 

For graph: 

[($)s (3, -11, =1.198(&) -l=O.985 

[ ( $), (E), - 11 = (1.255) (-) 0.506 - 1 = 1.48 1 

min 

Read curve for “greater than 8” minimum equilibrium 
steps: 

at 0.985/1.48 = 0.666 

Curve reads: S o / S ~  = 1.64 

Theoretical stages at reflux (L/D) = 1.525 

so = s, (1.64) = 22.1 (1.64) 

So = 36.2 stages 

Theoretical trays at the operating reflux (L/D) = 1.525 

No = 36.2 - 1 (for reboiler) = 35.2 trays in column 
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Actual Number of Trays 

From the theoretical trays at operating reflux the actual 
trays for installation are determined: 

The reboiler is considered 100% efficient, and likewise 
any partial condenser, if used. Therefore the value No rep- 
resents the thoretical trays or stages in the column proper, 
excluding the reboiler and partial condenser. E,, repre 
sents the overall tray efficiency for the system based upon 
actual test data of the same or similar systems, or from the 
plot of Figure 8-29, giving operating information prefer- 
ence (if reliable). 

Feed Tray Location 

The approximate location can be determined by the 
ratio of the total number of theoretical stages above and 
below the feed plate from the Fenske total reflux relation: 

The relation is solved for SJS,. The results are not 
exact, because the feed tray composition is very seldom 
the same as the feed; which is the assumption in this rela- 
tion. Actually, the feed point or correct location for the 
feed may be off by two or three theoretical trays. This will 
vary with the system. It does mean, however, that when this 
approach is used for feed plate location, alternate feed 
nozzles should be installed on the column to allow for 
experimental location of the best feed point. These extra 
nozzles are usually placed on alternate trays (or more) 
both above and below the calculated location. A minimum 
of three alternate nozzles should be available. 

When the feed point is located by a match from tray-by- 
tray calculation, the correct point can be established with 
greater confidence, but still alternate nozzles are suggest- 
ed since even these detailed calculations can be off to a 
certain extent. 

The actual number of trays in the rectifying section 
(N,J, can be determined by: 

Solve for S,, because SM and S,/S, are known. 
Obtain S, by difference. 

(N,,,), = S,/Eo (for total condenser; if partial condenser use 
(S, - 1)/Eo 

(Nact), = (S, - l)/Eo (for columns with reboilers) (8-1 69) 

For systems with wide variation in relative volatility, the 
suggestion of Cicalese, et al. [9] is often used to evaluate 
the theoretical total equilibrium stages in the rectifylng 
and stripping sections: 

(8 - 170) 

(XI / hh )F 

log (XI / X h  )B (8- 171) s, = 
log a (average below feed) 

where Sr = number theoretical trays/plates in rectifylng section 
S, = number theoretical trays/plates in stripping section 

Maas [lo81 presents a useful analysis for selecting the 
feed tray in a multicomponent column. For accuracy it 
involves the use of a tray-by-tray computer calculation. 

Kirkbride’s [174] method for estimating the ratio of 
theoretical trays above and below the feed tray allows esti- 
mation of the feed tray location: 

(8- 172) 

where Nn = number of trays above feed tray 
N, = number of trays below feed tray 

D = mols per hour of overhead product 
W = mols per hour of bottoms product 

Subscripts 
h = heavy key 
1 = light key 

F = feed 
UT = bottoms 
D = overhead 

Estimating Multicomponent Recoveries 

Yaws et al. [141] present a useful technique for estimat- 
ing overhead and bottoms recoveries with a very good 
comparison with tray-to-tray computer calculations. The 
procedure suggested uses an example from the reference 
with permission: 

1. Plot relative volatility (q) and % desired recovery for 
LK and HK. Draw a straight line through these two 
points. The non-key component points will also be on 
this straight line. 
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2. Using ai and the component distribution line, esti- 
mate % recovery of non-key components in distillate 
and bottoms. 

From the references [124, 1411: 

log (di/bi) = a + b log ~i (8-173) 

where di = mols of component i in distillate 
bi = moles of component i in bottoms 
ai = relative volatility of component i 

a, b = correlation constants 

log (di/bi) vs. log a, gives a straight line (Figure EL50). By 
superimposing a Y ~ D  scale over the di/bi scale, 
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Figure 8-50. Estimation of recovery of non-key components using 
short-cut method of Yaws, et al. Used by permission, Yaws, C. L. et 
al., Chem. Eng., Jan. 29 (1979), p. 101. 

where Y a  = % recovery of i in distillate 
Y ~ B  = 9% recovery of i in bottoms 

fi  = total mols of component i in distillate and bottoms 

Then Y ~ B  = 100 - Y~D (8-174) 

and di/bi = Y~D/ (100 - Y~D) (8-175) 

From Equation 8-174, Table 8-5 is constructed for select- 
ed values of di/bi at various values of YiD from 99.9% to 
0.1%. 

Component Recovery Nomograph (Figure 8-50) 

A nomograph is constructed by plotting di/bi vs. ai on 
log-log graph paper and then superimposing a yiD scale 
over the di/bi scale, according to the values given in Table 

Table 8-5 
Material Balance for Estimated Multicomponent 

Distillation Recoveries for Example 8-28 Using Method 
of Yaws, Fang, and Pate1 

~ ~ 

Feed Composition, Relative 
Component Mol. Fr. volatility * 

0.05 3.5 
0.20 3.0 
0.30 2.3 Light 
0.25 1 .o Heavy 
0.15 0.83 
0.05 0.65 

Distillate 
Component 

A 
B 
C 
D 
E 
F 

Recovery Recovery 
Desired, % Derived, %* 

99.72** 
99.20** 

95 - 
- 5 

1.30** 
0.22* 

Bottoms Recovery Recovery 
Component Desired, % Derived, %* 

0.28** 
0.80** 
- 5 

95 - 
98.70** 
99.78** 

*See calculations 
**From Figure 850 
Used by permission, Yaws, C. L., et al., Chem. Eng., Jan. 29 (1979), p. 101, 
all rights reserved. 
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8-6. The resulting nomograph, relating component recov- 
ery and component relative volatility, is given in Figure 8-51. 
This may be used to estimate component recovery in distil- 
late and bottoms, as follows: 

Example 8-28: Estimated Multicomponent Recoveries by 
Yaws’ Method [141] (used with p e r d o n )  

Component C is to be separated from Component D by 
distillation. A 95% recovery of both key components (LK, 
HK) is desired. Saturated-liquid feed composition and rel- 
ative volatilities (at average column conditions) are given 
in Table 8-5. 

Using the graphical short-cut method for component 
distribution, estimate the recovery of non-key components 
in distillate and bottoms. 
Solution: 

a i  and % desired recovery are plotted for LK and HK 
(ac = 2.3, 95% recovery of C in distillate and a D  = I, 
95% recovery of D in bottoms), as shown in Figure 
8-50. See Figure 8-51 for working chart. A straight line 
is then drawn through the two points. 
Usinga~=3.5,ag=3.0,a~=0.83,aF=0.65,andthe 
component distribution line, the recovery of non-key 
components is estimated. The results are shown in 
Table 8-6. 

Table 8 7  [ 1411 illustrates the good agreement between 
the proposed method with the tray-to-tray calculations for 
Case I-High Recovery: 95% LK recovery in distillate, 94% 
HK in bottoms; Case 11, Intermediate Recovery: 90% LK 
recovery in distillate, 85% HK recovery in bottoms; and 
Case I11 Low Recovery: 85% LK recovery in distillate, 81 % 
HK recovery in bottoms. 

Tray-b y-Tray 

Rigorous tray-by-tray computations for multicomponent 
mixtures of more than three components can be very 
tedious, even when made omitting a heat balance. Com- 
puters are quite adaptable to this detail and several com- 
putation methods are in use. 

The direct-solution method of Akers and Wade [l] is 
among several which attempt to reduce the amount of 
trial-and-error solutions. This has been accomplished and 
has proven quite versatile in application. The adaptation 
outlined modifies the symbols and rearranges some terms 
for convenient use by the designer [3]. Dew point and 
bubble point compositions and the plate temperatures 
can be determined directly. Constant molal overflow is 
assumed, and relative volatility is held constant over sec- 
tions of the column. 

Rectifjnng section: reference component is heavy key, xh 

Recovery Recovery 

A 99.72 0.28 Graph 
Graph B 99.20 0.80 

c (W 95 5 Specified 
D (HK) 5 95 Specified Composition Xj 

Table 8 7  
Comparison of Yaws, et al. Short Cut Nomograph 

Results vs. Plate-to-Plate Calculations 

ComDonent in distillate, % in bottoms. % Remarks 

E 1.3 98.7 Graph Distillate Bottoms 
F 0.22 99.78 Graph Plate to Plate to 

Component Nomograph plate Nomograph plate 

Case I A 0.0901 0.0901 0.0002 0.0002 
Table 8-6 High B 0.3588 0.3391 0.0026 0.0023 

0.5197 0.3190 0.0269 0.0278 
0.0271 0.0271 0.5271 0.5271 

recovery (LK) 
(16trays) D(HK) 

E 0.0041 0.0045 0.3314 0.3308 

Table of Y a  Values for Solving Yaws, Fang, and Pate1 
Short Cut Recoveries Estimate 

~. 

di/bi 

999 
499 
249 
166 
124 
99.0 

-_ YiD - _- 
96 
94 
92 
90 
85 
80 

&/bi 

24.0 
13.7 
11.5 
9.00 
5.67 
4.00 

~ 

YiD 
-. 

99.9 
99.8 
99.6 
99.4 
99.2 

98.5 65.7 70 2.33 6 0.0638 0.1 0.00~00 recovery C (LK) 0.4561 0.4552 0.1015 0.1027 
98.0 49.0 60 1.50 4 0.0417 (9trays) D(HK) 0.0844 0.0839 0.4606 0.4610 
97.0 32.3 50 1.00 3 0.0309 E 0.0308 G.0295 0.3016 0.3031 

F 0.0045 0.0046 0.1079 0.1077 Used by permission, Chem. Eng.,Yaw, C. L., et al Jan. 29 (1979), p. 101, -. ~ ~. . .  -. .- 

all rights reserved. Used by permission, Chem. Eng., Yaws, C. L., et a1 Jan. 29 (1979), p. 101, 
all rights reserved. 

99.0 ~~ 

.. . . .- -- . -- .- - 

- 

&/bi Y a  

0.6670 2 
0.4290 1.0 
0.2500 0.8 
0.1760 0.6 
0.1110 0.4 
0.0870 0.2 

&/bi 

0.02040 
0.01010 
0.00806 
0.00604 
0.00402 
0.00200 

Case I1 
Inter- 
mediate 
recovery 
(13 trays) 

Case I11 
Low 

0.0002 
0.0879 
0.3466 
0.4814 
0.0668 
0.0153 
0.0018 
0.0866 
0.3376 

0.0002 
0.0880 
0.3464 
0.4770 
0.0682 
0.0187 
0.0018 
0.0872 
0.3395 

0.1118 
0.0016 
0.0128 
0.0683 
0.4839 
0.3218 
0.1116 
0.0034 
0.0250 

0.1118 
0.0012 
0.0120 
0.0726 
0.4833 
0.318’7 
0.1120 
0.0028 
0.0227 
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0.1 0.2 0.8 0.4 0.5 0.6 0.8 1 2 8 4 5 6 7 8 1 0  

Relative volatility, ai 

Figure 8-51. Working chart for Yaws, et. al short-cut method for multicomponent distillation for estimating component recovery in distillate and 
bottoms. Used by permission, Yaws, C. L. et al., Chem. Eng., Jan. 29 (1979), p. 101. 
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Z,i = 1.0 (Including xh) 

(8- 176) 

The compositions of each component are obtained 

The tray temperature is obtained from: 
from the (Xi/Xh)n ratio. 

(8- 177) 1 
Z aixi 

Kh =- 

is evaluated at the column pressure by use of suitable 

Stripping section: reference component is heavy key, 
K charts. 

Xhr yh. 

(8- 178) 

(Yi/)'h)m = 1.0 (including yb) 

The composition of each component on a tray is 

The tray temperature is obtained from: 
obtained from (Yi/Yh)m. 

at the column pressure using K charts for the heavy key or 
reference component. 

Procedure: 

3. Determine (Xi/Xh)2, for tray No. 2 (second from 
top), for each component, using the x values for the 
reflux as the initial xi (n + 1). 

4. Total this column to yield Z(xi/xh). This equals 1/Xh. 

5. Determine xi for each component by: 

(8- 180) 

This is liquid composition on tray. 
6. Continue down column using the composition calcu- 

lated for tray above to substitute in Equation 8-176 to 
obtain the (Xi/Xh) for the tray below. 

'7. Test to determine if a is varying to any great extent by 
calculating aixi for a test tray. Zajxi = Deter- 
mine temperature and evaluate corresponding val- 
ues. Use new ai if significantly different. 

8. Continue step-wise calculations until the ratio of light 
to heavy key on a tray equals (or nearly so) that ratio 
in the liquid portion of the feed. This is then consid- 
ered the feed tra~7. 

9. If there are components in the feed and bottoms 
which do not appear in the overhead product, they 
must gradually be introduced into the calculations. 
The estimated position above the feed tray to start 
introducing these components is determined by: 

(8- 181) 

where X F ~  = mol fraction of a component in feed that does 

x, = small arbimy mol fraction in the liquid p" 

p" = number of plates above the feed where introduc- 

not appear in overhead 

plates above the feed plate 

tion of components should begin 
A. Rectzfjing Section 

B. Stripping Section: 
1. Determine material balance around column, includ- 

ing reflux L, distillate product D, bottoms product B. 
(a) With total condenser, the reflux composition is 

equal to the condensed distillate product compo- 
sition. 

(b) With a partial condenser, the product D is a 
vapor, so a dew point must be run on its compo- 
sition to obtain the liquid reflux composition. 

2. Determine top tray temperature for use in relative 
volatility calculations by running a dew point on the 
overhead vapor. For total condenser its composition 
is same as distillate product. For a partial condenser, 
run a dew point on the column overhead vapor com- 
position as determined by a material balance around 
the partial condenser, reflux, and product. 

1. Determine bubble point temperature of bottoms and 
composition of vapor, yBi, up from liquid. Calculate 
relative volatility of light to heavy component at this 
temperature. 

2. From these calculate vapor compositions, using Equa- 
tion 8-178 calculate the ratio (yi/yh) for the first tray 
at the bottom. 

3. Total 2 (yi/yh) to obtain l /yh  
4. Calculate yi for tray one 

zyi = 1.0 

(8 - 182) 
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5. Calculate (yi/yh) for next tray, using the yi values of 
tray one (m - 1) in the equation to solve for (Yi/Yh)m. 

6. Test to determine if a is varying significantly by & = 
Z (yi/ai). Evaluate temperature of heavy component 
at the column bottoms pressure (estimated) using K 
charts or the equivalent. If necessary, calculate new ai 
values for each component at the new temperature. 
Recheck every two or three trays if indicated. 

7.Introduce components lighter than the light key 
which are not found in the bottoms in the same gen- 
eral manner as discussed for the rectifying section. 

al convergence techniques with some requiring consider- 
ably less computer running time than others. 

Example 8-29: Tray-to-Tray Design Multicomponent 
Mixture 

A column is to be designed to separate the feed given 
below into an overhead of 99.9 mol % trichloroethylene. 
The top of the column will operate at 10 psig. Feed tem- 
perature is 158°F. 

XF~/X, = [ (1 + D/L)Ki]P’ (8-183) 

where p’ is the number of trays below the feed tray 
where the component, i, is introduced in an assumed 
amount (usually small) xa. Then X F ~  is the mol frac- 
tion of the component in the feed. 

8. Continue step-wise calculations until ratio of light to 
heavy keys in the liquid portion of the feed essential- 
ly matches the same component ratio in the liquid on 
one of the trays. 

9. The total of theoretical trays in the column is the sum 
of those obtained from the rectifying calculations, 
plus those of the stripping calculations, plus one for 
the feed tray. This does not include the reboiler or 
partial condenser as trays in the column. 

~ 

Overhead Bottoms 
Mol Mol Mol 
Frac- FIIIC- FraO 

Feed tion Mols tion Mols tion 

(A) Trichloroethylene 0.456 0.451 0.999 0.00549 0.010 
(B) p Trichloroethane 0.0555 0.00045 0.001 0.05505 0.101 
( C )  Perchloroethylene 0.3623 . . . . . . 0.36250 0.661 
(D) Tetras (1) 0.0625 . . . . . . 0.0625 0.114 
(E) Tetras (2) 0.0633 . . . . . . 0.0625 0.114 

1.0000 0.45145 1.000 0.54804 1.000 

~- 

Note: the material balance for overhead and bottoms is based on: 

(a) 99.9 mol % uichlor in overhead 
(b) 1.0 mol % trichlor in bottoms 
(c) 1.0 mol feed total 
(d) Light key = trichloroethylene 

Heavy key = p trichloroethane 

Tray-by-Tray: Using a Digital Computer 

Multicomponent distillation is by far the common 
requirement for process plants and refineries, rather than 
the simpler binary systems. There are many computer pro- 
grams which have been developed to aid in accurately 
handling the many iterative calculations required when 
the system involves three to possibly ten individual com- 
ponents. In order to properly solve a multicomponent 
design, there should be both heat and material balance at 
every theoretical tray throughout the calculation. 

To accommodate the stepby-step, recycling and check- 
ing for convergences requires input of vapor pressure rela- 
tionships (such as Wilson’s, Renon’s, etc.) through the 
previously determined constants, latent heat of vaporiza- 
tion data (equations) for each component (or enthalpy of 
liquid and vapor), specific heat data per component, and 
possibly special solubility or Henry’s Law deviations when 
the system indicates. 

There are several valuable references to developing and 
applying a multicomponent distiUation program, including 
Holland [26,27,169], Prausnitz [52,53], Wang and Henke 
[76], Thurston [167], Boston and Sullivan [6], Maddox and 
Erbar [115], and the pseudo-K method of Maddox and 
Fling [116]. Convergence of the iterative trials to reach a 
criterion requires careful evaluation [ 1141. There are sever- 

Detmine Overhead Temperature 

Because trichlor is 99.9% overhead, use it only to select 
boiling point from vapor pressure curves at 10 psig over- 
head pressure = 223°F (1,280 mm Hg abs). 

Detmine Bottoms Temperature (Bubble Point) 

Allowing 10 psig column pressure drop, bottoms pres- 
sure = 20 psig (1,800 mm Hg abs) 

Try t = 320°F 
Vapor Press. 

Component =iB - Hg xi (vp.) W B  

A 0.01 4,500 45 0.0249 
B 0.101 2,475 250 0.1382 
C 0.661 1,825 1,210 0.67 
D 0.114 1,600 183 0.1012 
E 0.114 1,050 120 0.0664 

1,808 1.0007 
mm Hg abs. 

This compares quite well with the selected 1,800 mm 
bottoms pressure. Bottoms temperature is 320°F. 
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Relative Volatilities: Light to Heavy key 

1280 2.13 
v.p. Tri At top :a  - - = 

v.p.PTri 600 

v.p. Tri 4300 - 1.98 At bottoms:a = - = - - 
v.p.p Tri 2273 

- - -- .~ 

@255"F 
Component v.p. a 
. ~. .~ .~ .- 

A 2050 2.00 
B 1025 1.00 
C 750 0.732 
D 650 0.634 
E 390 0.380 ~. ~ 

~. .- . 

@288"F 
v.p. a 

3030 1.91 
1600 1.00 
1180 0.737 
1035 0.647 
650 0.406 

-. . -- . -. 

.- 

- -. 

ai (avg) 

1.955 
1.00 
0.735 
0.641 
0.393 

- 

-. .. 

a (average) = [(2.13) (1.98)]6 = 2.06 
To start, assume 8 = 1.113 (it must lie between 1.00 and 1.955). 

Minimum Stages at Total Reflux 

- log (0.999/0.001) (0.101/0.01) - 
log 2.06 

=-- 4'003 - 12.6 theoretical stages 
0.318 

Minimum Stages Above Feed: 

log (0.999/0.001) (0.0555/ 0.456) 
log 2.13 

s, =- 

=-- 2.082 - 6.35 theoretical stages 
0.328 

- . ._ 

Component 

A 
B 
C 
D 
E 

~ .~ 

~. ~ 

- .- 

XFi 

0.456 
0.0555 
0.3625 
0.0625 
0.0625 

~- 

. 

- - .- 

q x F i  

0.891 
0.0555 
0.266 
0.0401 
0.0246 

__ . ~ 

-. . . . - 

'%xFi/ 
(ai - 0) ( a i  - 0) 

. 

0.842 1.058 
-0.113 -0.491 
-0.378 -0.704 
-0.472 -0.085 
-0.720 -0.0342 

2 = -0.2562 
. . . . - 

BC = 1.113 - (-0.2562/7.669) = 1.113 + 0.0334 
BC = 1.146 (this is close enough check to original, to not require 

recalculation.) 

The correct value of 1.146 should be used. 
Check for balance: 

Thermal Ccndition of Feed 
1 - 1.298 = -0.298 = -0.256 

Feed temperature = 158°F 

Calculated bubble point of feed = 266°F at assumed 
feed tray pressure of 15 psig. 

Heat to bring feed to boiling point 
+ Heat to vaporize feed 

Latent Heat of one mol of feed 
= 

q = 1.298 (C:alculations not shown, but handled in same man- 
ner as for example given in binary section, however all feed 
components considered, not just keys.) 

Minimum KeJw-Underwood lMethod, Determination of a Avg. 

Assume pinch temperatures (usually satisfactory 
because a does not vary greatly) at H and ?4 of over-all col- 
umn temperature differences. 

Lower pinch = 320 - X (320-223) = 288°F 

Upper pincn = 320 - ?4 (320-223) = 255°F 

a i d  
( ~ r i  - el2 

.- 

1.252 
4.33 
1.86 
0.18 
0.0472 
27.669 

This could be corrected closer if a greater accuracy were 
needed. This is not as good a match as ordinarily desired. 

(for all distillate components) 

(1.953) (0.999) + 1.00 (0.001) 
(L'D)min + (1.953 - 1.146) (1.00 - 1.146) 

= 2.41 + (-0.00683) 
= 2.404 

(L/D)min = 2.404 - 1.0 = 1.40 

Operating Reflux and Theoretical Trays-Gilliland Plot 

Min trays = SM = 12.6 

(L/D),,,in = 1.4 
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1.4 0 XI co 
1.6 0.0768 0.346 29 
2.0 0.20 0.445 23.5 
3.0 0.40 0.312 18.8 
4.0 0.52 0.245 17 

- 12.6 - 00 

These values are plotted in Figure 8-52. From the curve, 
the operating (L/D), was selected, and the theoretical 
stages corresponding are 19. 

Tray-&Tray Calculation-Ackers and Wa& Method 

Rectlfyng Section, (L/D), = 3:l 
Light key = Trichlor; Heavy key = fi Tn 

Relative Volatilities to start: Use average of top and feed 

"a% 
A 2.05 
B 1.00 
C 0.734 

R e f l u x  R a t i o ,  L / D  

Figure 8-52. Gilliland Plot for multicomponent Example 8-28. 

Neglect the heavier than perchlor components in the 
recufying section. 

In order to carry the perchlor it is assumed at 0.0001 
mol fraction in overhead and reflux, the P-Tri is reduced 
to 0.0005 mol fraction for these calculations being tighter 
specifications than the initial calculated balance. The 
overall effect will be small. 

A 0.9994 975.02 0.9984 545.5 0.9971 
B 0.0005 1.00 0.001024 1.0 0.001828 
C 0.0001 0.273 0.000280 0.359 0.000656 

L = 976.293 0.999704 546.859 
(close 

enough) 

Typical calculations: 

= 975.02 1 1 (3) (0.9994) + 0.9994 (:),=-[ 2.05 (3) (0.0005) + 0.0005 

Component B: 

3 (0.0005) + 0.0005 = l.oo 1 3 (0.0005) + 0.0006 

Component C: 

1 3 (0.0001) + 0.0001 = o.272 1 (:) = - 0.734 [ 3 (0.0003) + 0.0005 

(XA) 1 = 975.02/976.293 = 0.9984 
(xB)~ = 1.00/976.293 = 0.001024 
(%)I = 0.273/976.293 = 0.000280 

Tray 2: Component A 

3 (0.9984) + 0.9994 = 543.5 
3 (0.00102) + 0.0005 1 

1 
1 

Component B 

3 (0.00102) + 0.0005 = l.oo 
3 (0.00102) + 0.0005 

Component C 

3 (0.00028) + 0.0001 = o.359 
3 (0.0005) + 0.0005 
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~ 

(Xi/xh)l (%)3 (xi/Kh)4 ( 9 ) 4  (%/xh)5 (%)5 

A 325.24 0,9952 200.81 0.9916 126.61 0.9851 
B 1.0 0.00306 1.0 0.004938 1.0 0.007781 
C 0.514 0.001573 0.682 0.00337 0.908 0.007065 

.- ~ 

326.754 202.492 128.518 
.- .~ 

(xi/xh)6 (xi16 (xi/xh)7 (%I7 (xi/Xh)ll (%I8 

A 80.60 0.9736 52.05 0.9520 33.97 0.9138 
B 1.0 0.01208 1.0 0.01829 1.0 0.0269 
C 1.213 0.01465 - 1.633 0.02987 2.21 0.05945 

-. ~ 

82.813 54.683 37.18 
.- -. , -. .- - ~ 

(Xj/Kh)9 (%)9 (xi/xh)lO (%)lo (%/%)I1 (xi111 

A 22.47 0.8491 15.196 0.7501 7.716 0.5421 
B 1.0 0.03779 1.0 0.04936 1.0 0.07026 
C 2.994 0.1131 - 4.061 0.2005 __ 5.516 0.3876 

26.464 20.257 14.232 _- _- - -- - - - 

Ratio of keys in feed = 0.456/0.0555 = 8.2 
Ratio of keys on Tray No. 10 = 0.7501/0.04936 = 15.2 
Ratio of keys on Tray No. 11 = 0.5421/0.07026 = 7.7 

Tray No. 11 should be used as feed tray (counting down 
from the top). Note that since the relative volatility did not 
change much from top to feed, the same value was satis- 
factory for the range. 

Stripping Section 

Determine V,: per mol of feed 
1 1 

1 + D / L  l + L  
3 

(L/V), = ~ = - = 0.75 

vr=-= (L/D)D 3 (0.45145) = 1.806 

L, = (L/D) (D) = 3(0.45145) = 1.35 mols/mol feed 

(L/T.’) 0.75 

L, = L, + qF = 1.35 + 1.298 (1.0) = 2.648 

Vs = Vr - F( 1 - 9) = 1.806 - (1.0) (1 - 1.298) = 2.104 

Vs/B = 2.104/0.54804 = 3.84 

Relative volatilities, ai, determined at average tempera- 
ture between bottom and feed of column. Usually the 
pinch temperature gives just as satisfactory results. 
. - . 
component %B YiB (%)avg (yi/yh)l @i)l 0Ti/yh)2 @i)2 

A 0.010 0.0249 1.905 0.319 0.0543 0.552 0.107 
B 0.101 0.1382 1.00 1.000 0.170 1.00 0.194 
C 0.660 0.6700 0.740 3.800 0.647 3.08 0.597 
D 0.114 0.1012 0.648 0.517 0.088 0.389 0.0754 
E 0.114 0.0664 0.411 0.0411 0.1476 0.0286 

5.877 5.1686 - 

Typical calculations: starting at bottom and working up 
the column. 

Tray 1: Component A 

I (3.84) (0.0249) + 0.010 
3.84 (0.1382) + 0.101 

= 1.905 

Tray 2: Component A 

1 (3.84) (0.0543) + 0.010 
3.84 (0.170) + 0.101 

(K/Yh)Z = 1.905 

= 0.552 

Continuation of the calculations gives an approximate 
match of ratio of keys in feed to those on plate 10. Then 
feed tray is number 10 from bottom and this is also num- 
ber 11 from top. 

Liquid mol fraction ratio from vapor mol fraction ratio: 

Ratio on tray no. 9 = 15.018/1.905 = (xi/xh) = 7.9 
Ratio on tray no. 10 = 19.16/1.905 = 10.05 
Ratio in feed = 8.2 
Total theoretical trays = 11 + 10-1 (common feed tray count) 

Total theoretical stages = 20 + 1 (reboiler) = 21 
= 20 not including reboiler 

This compares with 19 theoretical stages from Gilliland 
Plot. 

Tray Efficiency 

Use average column temperature of 271°F and feed 
analysis. 

.~ 

Component F9 cp .u XiF VP- a d h  
.- . - . . -- - 

A 0.456 0.28 0.128 2500 1.94 
B 0.0555 0.36 0.020 1290 
C 0.362 0.37 0.134 
D 0.0625 0.40 0.025 
E 0.0625 0.48 o.030 

P = 0.337 CP 

a Z (p) (x~F) = 1.94 (0.337) = 0.654 

Using Figure 8-29 
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Drickamer and Bradford curve, E, = 46% 
O’Connell curve, E, = 53.8% 

In this case, recommend using: 

E, e (46 + 53.8)/2 = 49.6% 

Actual trays in column: 

1. Assume or set condenser liquid product temperature, 
tD. 

2. Calculate condensing pressure, with tD as bubble 
point (if subcooling exists, and tD is below bubble 
point, use bubble point temperature for pressure cal- 
culation only). 

3. Vi = L + D 

HlVl= [L h~ + D h ~ ]  + (8-184) 
Nact = 20/0.496 = 40.3 trays 

From tray-by-tray calculations, feed tray is 10/0.496 = 

Generally, practice would be to select a column allowing 
20.1 trays from bottom, use 20. 

a few extra trays, making column total trays = 45. 

No. 
Rectifying trays = 22 
Feed = 1  

45 
Stripping =22 

Feed nozzles should be located on trays Nos. 21,23, and 
25 counting up from the bottom tray as No. 1. 

Heat Balan-Mjacent Key sgstems with Sharp 
Separations, Constant Molal Overflow 

Total Conhser Duty 

Refer to Figure 8-53 (System (1) ) .  

I------------- 1 

L ___---------- J 
Figure 8-53. Heat balance diagram. 

(8 - 185) 

4. Calculate tl and xi by dew point on vapor VI. Then 
determine HI, referring to top tray as number one in 
this case. 

where H I =  total vapor enthalpy above reference datum 
for sum of all contributing percentages of 
individual components, i, in stream, Btu/lb, 
or Btu/mol 

hD = total liquid enthalpy above reference datum 
for sum of all contributing percentages of 
individual components, i, in product stream. 
(Also same as reflux), Btu/lb or Btu/mol. 

5.  For partial condenser: replace DhD by DHD in Step 3. 
A dew point on compositions of yD (vapor) give tD or 
total pressure. Also get liquid composition XD (liquid 
reflux in equilibrium with product vapor YD. Over- 
head vapor is s u m  of compositions of n, and xp. A 
dew point on this vapor (overhead from tray one 
top)) gives top tray temperature, tl. 

Reboiler Duty 

Refer to Figure 8-53 (System (2)) 

1. Determine bottoms temperature by bubble point on 

2. From feed condition determine enthalpy. 
liquid XB. 

3. Solve for Qg, reboiler duty, Btu/hr 
F hF + QJ = DhD + BhB + Qc (8 - 188) 
where hn = total enthalpy of distillate product, Btu/mol - * .  

or Btu/lb 
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hB = total enthalpy of bottoms product, Btu/mol 

hF = total enthalpy of feed, Btu/mol or Btu/lb 
or Btu/lb 

Example 8-30: Tray-By-Tray Multicomponent Mixture 
Using Digital Computer 

This example summarizes a typical short multicompo- 
nent distillation using the techniques previously cited (see 
Computer Printout). 

The problem was to separate component 4 from com- 
ponent 5 while keeping component 5 losses into the over- 
head at less than 5 weight % of the total overhead or to 
recover in the bottoms better than 90% (weight) of the 
component 5 entering in the feed. 

The feed composition is: 

Component Mols 

1 0.623 
2 7.234 
3 80.223 
4 1.717 
5 9.678 
6 0.325 

100.000 

Pounds Boil Point. "F 
53.68 155.7 

130.36 313.0 
7423.03 244.2 

127.20 332.6 
1395.28 380.3 

85.37 476.6 
9214.91 

Enthalpy, Btu/unit flow 2,901.076; lb = 31.48 
Feed temperature: 90°F, liquid at stage 5 from top, 
Equimolal overflow not assumed 
Column Pressure: 0.39 (top) to 0.86 (bottom) psia, dis- 

tributed uniformly to each tray 

Reflux Ratio: 0.50 (assumed) 
Assumed No. Theoretical Stages: 8 including condenser 

Summary of input data to computer: 
and reboiler 

1. Molecular weights 
2. Boiling points 
3. "K" value equations for each component as a function 

of pressure 
4. Equations for calculating enthalpy of liquid of each 

component as a function of temperature 
5. Equations for calculating enthalpy of vapor of each 

component as a function of temperature 
6. Initialvalues for stages to start calculations 

a. linear temperature gradient 
b. linear pressure gradient 

The results of the computer calculation are as summa- 
rized by copies of the printouts. Note that Stage one is the 
product from an overhead condenser and is liquid, as is 
the bottoms or reboiler outlet product. The results show 
that the initial criteria have been met for recovery of com- 
ponent 5; however, this does not reflect any optimization 
of reflux or final number of stages (theoretical trays) that 
might be required to accomplish the separation in a final 
design. 
As an example, if this were the final column selection, 

then the column trays = %condenser-reboiler = 6 theoret- 

(lex6 continued on page 99) 

Computer Printout for Multicomponent Distillation 
N U M B E R  O F  S T A G E S  = 8 ( I N C L J D I N G  C O N D E B S E 3  A B D  B E B O I L E R )  

N U M B E R  OF COHPOBECilS = 6 

C O M P O N E N T S  B O L E C U L A B  B E I G i l T  N O B B A L  SOILING I O I N T ,  3ZG. P. 
96.175 155.73 
l d . 0 2 3  212.33 
92,533 244.20 
74.080 332.65 

144.170 380.30 
162.610 i176. 63 

C O L U H N  P R E S S L I E 2  = 0.3Y T O  9 - 8 6  Fsra 
R E F L U X  R A T I O  = 0.5330 

EI~UILIOLAL O V E B P L O J  N O T  A S S U J E D  

F E E D  ST2EAilS  

r n -  l " 1 A L  1 

3.613 53.66 
7.23ir 135. 36 

1.717 ! 2 7 . L 3  
9.673 13 j5 .2d  
3.525 $5.37 

1 3 0 . 3 3 3  Y 2 1 4 . 9 1  

32.223 i u 2 3 . 2 3  
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PRODUCT ST BEAUS 

OVERHEAD RATE = 89.797 ll0L.S L I  U I D  
0.0 i o L s  VABoa 

BOILTOMS BATE = 10.203 MOLS LIQUID 

SUH OF PRODUCTS = 100.300 MOLS 

85.00 0.39 44.898 0.0 0.0 
0.46 44,898 134.695 0.0 1 

102.86 
0.52 44.898 134.695 0.0 2 

120.71 
0.59 44.898 134.695 0-0 3 

0.0 138.57 
0.66 144.898 134.695 

4 
156.43 

0.73 144.898 134.695 0.0 5 
174.29 

0.0 
6 

192.14 0.79 144.898 134.695 
8 210.00 0.86 10.203 134.695 0.0 7 

STAGE NO. 1 ...*-I O V E R H E A D  CONDESSES. 
TEMPERATURE = 81.75 DEG-F 
PBESSURE = 0.39 PSIA 

3.693787E-02 0.579909E-(31 0.8356649+01 0.62300 53 .68U 0.0 0.0 
0.8055913-01 0.111028E+00 O.l37623E+Ol 7.23397 130.356 0.0 0.0 
0.893344E+00 0.829924E+OO 0.929G18E+00 d0.21964 7422.723 0.0 0.0 
0.180887E-01 0.10167OE-02 0.562068E-01 1.62431 120.329 0.0 0.0 
0.106980E-02 3.384860E-04 0.359752E-01 0.09607 13.850 0.0 0.0 
0.608310E-07 0.566475E-09 0.9312352-02 0.00001 0.001 0.0 0.0 
1.003030 0.999998 89.79700 7740.937 0.0 0.0 

EBTAALPY, BTU/'JNIT P i 0 3  = 2318.02881 26.890 20467,7891 24 4.03 7 

CONDENSEE !!EAT JUTY = 2499393.0 LIT3 

L I  U I D  REFLUX------ ( E = 0,530000 ) ----- 
--- 81.55 I3EG.F.---- 

NOLs---- ___- LBS---- --- 
1 N-SEXANE 0.31150 26.842 
2 WATER 3.61698 65.178 
3 EPICHLOROBY D R I H  40.10982 371 1,361 
4 G L Y C I D O L  0.81216 60.165 
5 G I A  0.04803 6.925 
6 ?ICY 0.00000 0.030 

44.89850 3670.471 

ENTHALPY, BTU/UNIT PLCh = 2318.02881 26.890 

INTERNAL STREAMS LEAVING STAGE 
80.525 0 702365E-03 0 693785--02 0.9877763+01 0.03330 2.611 

0: 4388 18E-01 0' 805594;-0 1 0.183580E+0 1 1.89314 34.114 10.85099 195-53 5 
0 738175"+00 O:d93351E+OO 0.121019E+Ol 31.84622 2946.731 120.33041 11134.172 
O:,I96167~+00 C 180890E-01 0 922004F-01 8.46386 627.003 2,43651 180.496 

130.922 0.14410 20.775 0. L 1 04 94E-0 1 
1: ooocoi) 1.000007 43.14185 37111,413 334,69550 116i1.500 

0.93450 

0.90811 0: 10698 1 E-02 0: 508 22 Si-  0 1 
0 462302E-05 0.6083163-07 0.131582E-01 0.00020 0.032 0.00001 0.001 

ENTHALPY, BTU/UNIT PLOW = 2358-33 1 5 4  34,112 20873.9062 242.14 1 

STAGE TEHPERATURE = 115.04 DEG. P 
PRESSURE = 0.52 PSIA 

0.3 7 9 42 1 E- 0 3 0.4 9 1 4 2 7E- 0 2 0.12 9 5 1 9 E + 0 2 0.01563 1.347 0.65330 56,295 
O.ZU5430E-01 0.686564E-01 0-2797353+01 1.01098 1 8 . 2 1 ~  9-12711 164-47 1 
0.470701E+00 0.842987E+OO 0.179083E+01 19.38924 1794.086 112.06575 10369.441 

747.346 0.414043E+00 0.7588733-01 0.183279I?+OO 17.05534 1263.460 
144.774 0.9026253-01 0.7553773-02 0.836849E-01 3.7 18 12  536-04 1 

0.711249E-04 0.15U139E-05 0.216712E-01 0.00293 0.476 0.00020 0.033 
1.000000 1.000000 41.19226 3613.627 132,93881 11482.352 

10.08837 
1.00419 

ENTHALPY, BTU/UUIT FLOW = 4063.29980 46,318 21326,8906 296.916 
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STAGE NO. 1) 
TEflPERITUdE = 131.91 LEG- F 
PRESSURE = 0.59 PSIA 

I ITEBNAL STREAHS L E A V I N G  STAGE 
0.303078E-03 0.487530E-02 3.16085i)E+02 0.01203 1.037 0.6386 1 55.029 
0.159Y6UE-01 0.629132E-01 0.393465E+01 0.63502 11.4u3 a. 24u 89 148.573 
0.309609Et00 0 7604313tOO 0.245599EtOl 12.29079 1137.266 99,60825 9216.750 
O.U42138E+00 0' 14261 1E+00 0.322527E+00 17.55190 1300.2a4 18.68048 1383.850 
0.231266EtOO 0:291193Z-01 0.125906Et00 9.18075 1323. s a 8  3.8 1431 549.909 

1.00000 I 39.69777 3778.014 130.98926 11354.582 1.30000d 
0.6 a7 12 9 E-0 7 0.22409 1 E- 04 0.316 1 1 OE-0 1 0.3272a 4. Y36 0.00294 0.477 

ENIBkLPY, D T J / U N I T  PLOB = Sn21.289G6 56.965 21947.7530 253.195 

T3SPEKATURE = 144.67 DEG. P 
PRESSURE = 0.b6 PSIA 

SrAGE NO. 5 

----- flOL FRACTIONS---- 
X Y 

TOTAL FEEDS TO STAGE 

Y 

0.62300 5 1  684 0-0  0.0 
7.23430 1361357 3.0 0.0 

80.22301 7423.031 0.0 0.0 
1.71700 127.195 0.3 0.0 
9.67800 1395.277 0.0 0-0  
O . J L > U d  n5.370 0.0 0.0 

99.99998 9214.506 0.0 3.0 
ENTBALPY, BTU/UNIT PLOii = 290 1.07593 0.0 0.0 3.0 

I N T E Y N A L  5TBEAflS L E A V I B G  STAGE 

0.2b6197E-03 5.49037UE-02 0.1338583+02 0.03452 2.975 0.63501 54.71 9 
0.1 2 35 7 3E-0 1 0.6 07559E- 01 0. 4 9 1 7 OOE +O 1 1.59954 7,86887 141.797 
0. ~3 7 15 O E t O O  0.7 1 4384 E + O  0 0.30 12 13E + O  1 30.69696 2840.390 92.50896 8559.852 

1420.659 0.31222dEt00 0.14809UEt00 0.474257EtOO 40.41512 2993.952 19.17737 
O.U33081E+00 0.716411E-01 J. 165407E+00 56.058U3 8081.941 9.27715 1337.486 
O.UY1682E-02 0.2106953-03 0. 428481E-01 0.63644 0.02728 4. 437 
1.000000 0.999999 1 29.4 4 102 1 U 05 1.566 12 9.49 477 1 1 5 1 8.94 1 

213.824 

103.491 

ENTBALPY, BTU/UNIT F L O E  = 694 7. a3980 64.303 22570.4453 253.735 

STAGE NO. 6 
TEflPEKATUBP = 188.49 D E L  P 
PEESSURE 0.73 PSIA 

INTERNAL STEEAMS L E A V I N G  STAG& 

o.n203a2~-05 0 .289519~-03  i1.352913~+02 0.00105 0.091 0.03452 2.975 
28.823 O.lJ7634E-02 J. 1341U4E-01 0.124627EtO2 0.13827 2- 492 

0.356612E-31 0.2574155+00 0.717825Et01 U.60658 426.246 30.69373 2840.093 
0.167536E+00 0.33816!9+00 0.201852E+01 21.52092 1594.270 49.32170 2987.031 
3.7d6222E+00 0.38978>E+00 0.4945243+00 101.251!1 14597.457 46.47696 6700.582 
0.7296251-02 0.935050E- 03 0.128 159EtOG 0 . 9 3 7 ~ 5  152.405 3.1 1 149 18.130 
1.000000 0.399998 128.45580 16772.957 119.23839 12577.629 

1.59951 

263.704 83.257 27816.3281 SNTBALPY, iITU/UNIT ?LOU = 11524.1094 

STAGE NO. 7 
TEfiPEiiAIUPE = 213.25 OEG. F 
PKESSUBE = 0.79 PSIA 

INTE3NAL STREAM L E A V I B G  SIAGE 
O.lM93dLE-06 O.t391154E-C5 0.470578E+32 0.30303 0.002 0.00105 0,091 
0 6115203-04 0.116901E-02 0.191176Et02 0.00838 0,146 0.13829 2.491 
03365365E-02 0.389279E-01 0.106551E+32 0 48272 44.666 4.60334 425,947 
O.UU773UE-01 i).181203E+00 3.7047483+01 5: 9 1546 938.2 i 7  21.42773 1587.366 
0.935104E+00 3.775255Et00 0.628903E+00 113.56973 17815.047 91.67026 13216.098 
0.16227%~-0 1 3.34865 1E- 02 0.2 14363EtOO 2.14403 348.650 0.4 1229 67,043 
1.000000 1.000000 'i31.12006 1864C.711 118.25296 15299,031 

100.5a5 32961.2969 254.772 ENTBALPY, D T U / D N I T  PLOW = 14190.3711 



98 Applied Process Design for Chemical and Petrochemical Plants 

STAGE NU. a (XELIOILER ----- L I Q U I D  STXEAM IS BOTTOAS PRODUCT) 

TEBPERATURE = 224.68 D E L  P 
PRESSURE = 0.86 PSIA 

I N T E a Y A L  STREABS L E A V I N G  STAGI( 

0.45098OE-08 0.20UA98E-06 0-5109833+02 0.00000 O . O O @  0 ~ 0 0 0 0 2  0.002 
0.2991 933-05 0.6601 95E-04 0.220665E+02 0.03053 0.001 0.00805 0.145 
0.324473E-03 0.393227E-02 0.121192E+02 0.00331 0.306 0.47541 44.360 
9.9084193-02 0.477594E-01 0.5257623+01 0.09269 h. fi66 5.82269 43 1.344 
0.9 j9133E+OO 0.934957E+00 O.P95584E+00 5.58198 1381.033 113.98735 16433.555 
0,514552E-01 0.1327581-01 0.25009.3Et00 0.52500 b5.370 1.61904 263.27.1 
1.000000 0.999995 10.20300 1473.976 121.91722 17172.676 

ENTHALPY, BTU/UNIT PLOY = 15248.2773 105.550 35206.3750 2U9.9U7 

R E B O I L E R  H E A T  D U T Y  = 2573009.0 BTU 
CONDENSER dEAT DUTY= 2499393.0 BTU 

OVERALL COHPONENT BALANCES (MOLS) ---- BEPOfE F I N A L  POBCING ---- 
I N  OUT I i i / O U T  

0.62300 0.62300 1.00000000 
7.23400 7.23400 1.00000000 

80.22301 80.22293 1.00000000 
1.71700 1.00000000 1.71700 

9.67800 9.67804 0.99999583 
0.52500 0.52500 0.99999529 

99.99998 99.99995 1.00000000 

NOBHALIZED PRODUCT STBEANS ---- AFTER COMPONENT BALANCES FOaCEJ ---- 

STAGE NO. 1 ...... OVERXEAD CONDENSER 
TEHPEBATURP = 81.75 DEG-F 
PRESSURE = 0.39 PSIA 

COHPOMENT 
0.62300 0.693787E-02 53.684 0.653506E-02 0.0 0-0  
7.23397 0.80559 1 E- 0 1 130.356 0.168398E-01 0.0 0.0 

80.21964 0.8933453+00 7422.723 0.958892E+00 0.0 0.0 
1.62431 0.180887E-01 120.329 0.155445E-01 0.0 0.0 
0.09606 3.10698OE-02 13.850 0.17891UE-02 0.0 0.0 
0.000'51 0.6083073-07 0.001 0.114746E-06 0.0 0.0 

89.79697 7740.937 0.0 

STAGE NO. 6 (RZBOILER) 
TEHPERATOBE = 224.68 DEG. 
PRESSURE = 0.86 PSIA 

C OH POI ENT 

1 
2 

5 
6 

:N iz 

0.0 0.0 
0.0 0.0 
0.0 0.0 
0.0 0.0 
0.0 0.0 
0.0 0.0 

0.0 

0 00000 0 4009893-08 0.000 0.239 18 1 E- 08 0.0 0.0 
3.00331 0.324474E-03 0.306 3.207826E- 03 0.0 0.0 
0.09269 0.908423E-02 6.866 0.465829Y-02 0.0 0.0 
9.58194 0.939133E+00 1381.427 0.937216E+00 0.0 0.0 
3.52493 0.514551E-01 85.363 0,579180E-01 0.0 0.0 

0: 00003 0: 299 19 1 E-35 0.00 1 0.3732 00E-06 0.0 0.0 0-0 0.0 
0.0 0.0 
0.0 9.0 
0.0 0.0 
0.0 0-0 
0.0 0.0 

10.20296 1473.969 0.0 0.0 
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(text continuedfiam page 95) 

ical. Actual trays at an estimated 65% tray efficiency = 
6/0.65 = 9.23 or use 10 actual trays in the column itself. 

Example 8-31: Multicomponent F ' tion of Reflux 
Ratio and Distillate to Feed Ratio 

The detailed calculations of Figure 8-54 present an  
example of the excellent performance analysis informa- 
tion that can be developed by an orderly or systematic 
study of the variables in a multicomponent system. There 
are other variables to be studied as well. 

This design is targeted to produce 99.5 weight % propy- 
lene overhead while not allowing more than l weight % in 
the bottoms. 

Note that in a high purity condition as is represented in 
this example, the system is quite sensitive to the overhead 
withdrawal rate (product from the system). This system is 
for the purification of propylene from a feed high in propy- 
lene, with lessor amounts of propane, butane, and ethane. 

Without a digital computer the detail of Figure &54 
would be practically impossible and cost prohibitive in 
terms of time involved. 

100.0 

c 
0 
3 

99.8 2 a 
a, c 
a, 
2- 
p. 

- 
99.6 

a 
* 
0 
2- 99.5, 
Y .- 
L 
S 
a 
g 99.4 

99.2 

Stripping Volatile Organic Chemicals (VOC) fmm Water 
with Air 

Li and Hsiao [143] provide a useful approach to the 
environmental problem of removing (by stripping) 
volatile organics from solution in a contaminated water 
stream by using fresh air as the stripping medium. It 
should be noted that a number of industrial firms per- 
form this stripping with steam. The mass balance on the 
VOC component around the column (trayed or packed) 
as shown in Figure 8-55 uses the symbols of Reference 143. 

-=  Y i  -Yn+l (slope of operating line) v X o - X N  
(8-  189) 

where xo = VOC mol fraction (ratio of number of mols of a 
specific VOC component in water solution to the 
total mols of all contaminants contained in the 
water) 

water 

a packed tower 

contaminated air 

XN = mol fraction of VOC component in the stripped 

N = number of trays (theoretical) or transfer units for 

yi = mol fraction VOC component in exiting VOC 

.2 .3 .4 .5 .6 .7 .8 .9 1.0 2 3 4 5 6 7 8 9 1 0  
Wt. % Propylene in Bottoms 

Figure 8-54. Effect of reflux ratio and distillate feed ratios on propylene content of product and bottoms for Example 8-29. 
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y~ + 1 = mol fraction VOC component in the incoming 
fresh air, equals zero for fresh air 

water 
L = volumetric flow rate for incoming contaminated 

V = volumetric flow rate for incoming fresh air 

of operating line L/V on x-y diagram 

stream, usually aimed at meeting the environmen- 
tal regulations 

for air 

are a minimum, referenced to costs of utilities, 
maintenance, depreciation, labor. As economic 
conditions change one may need to adjust Sopt, 
see Reference 143. 

Vmin = minimum fresh air flow required based on slope 

xx = mol fraction VOC contaminant in exiting water 

S ~ , ,  = minimum stripping factor at minimum flow rate 

Sop, = optimum stripping factor, where treatment costs 

The concentrations of most of the VOC compounds in 
the contaminated water are usually expressed in pprn as 
are the remainder residue compounds in the water exiting 
the tower. These are usually small values. As an approxi- 
mation: 

where K = equilibrium constant (varies for each component) 
K = y*/x* 

y* = equilibrium molar fraction of VOC components in 
air 

x* = equilibrium molar fractions of VOC components in 
water 

Minimum stripping factor at corresponding minimum 
air flowrate: 

Smin = K/(L/Vmjn) = 1.0 (8-190) 

Vmin = L/K 

The component with the lowest equilibrium constant is 
called the key component in the stripping process, 
because it yields the largest value of Vmin. This largest 
value is the “true” minimum air flowrate, whereas the actu- 
al air flowrate should be selected at 1.20 to 2.0 times the 
minimum. This becomes a balance between fewer theo- 
retical stages at actual air flowrate, yet requires a larger 
diameter column to carry out the operation. 

It can be important to examine the problem and evalu- 
ate the optimum stripping factor based on related costs, 
thus: 

S o p  = K (L/Vopt) (8-191) 

The Henry’s Law constant, H, can be substituted for the 
equilibrium constant, K, when the system operates at or 
very close to atmospheric pressure: 

H = p*/x* (8-193) 

where p* = the partial pressure, atm, of the contaminant in 
equilibrium with x* 

Tables 8-8 and 8-9 provide values for selected Henry’s 
Law Constants respectively [ 1431. 

The optimum stripping factor, Sopt, is expressed as a 
percent of residue, (100) (XK/X,), for water rates of 30 
gpm, 300 gpm, and 3,000 gpm. 

Sopt = 1 + a H b  

Constants a and b were determined from a linear 
regression for XN/X, = 4.75% and XN and x, = 0.05% for 
the packed and tray towers. The optimum stripping factor 
decreases as the Henry’s Law constant decreases. Due to 
the complex relationship between cost and performance, 
the authors [143] recommend caution in attempting to 
extrapolate from the water flowrate ranges shown. 

Example 8-32: Stripping Dissolved Organics from Water 
in a Packed Tower Using Method of Li and Hsiao [143] 

Using a packed tower, remove hexachloroethane 
(HCE) concentration of 110 pprn in water to 0.05 pprn 
using fresh air operating at essentially atmospheric pres- 
sure using a fan/blower putting up 14 in. water pressure. 
The concentration of propylene dichloride (PDC) in the 
contaminated water is 90 ppm, and is to be reduced to 
0.05 pprn in the exiting water. The water flowrate = 300 
gpm. The required packing (or trays) must be determined 
by using a vapor-liquid equilibrium plot, setting slope L/V 
and stepping off the number of stages or transfer units. 
See Figure 8-55. 

From Table 8-9 (Packed Tower) : 

Hexachloroethane: Henry’s Law constant = 547.7 atm 
Propylene dichloride: Henry’s Law constant = 156.8 atm 

1. For hexachloroethane: XN/X, = 0.05 ppm/100 pprn 
= 0.05% 
For propylene dichloride: XN/X, = 0.05 ppm/100 
pprn = 0.05% 

2. Sopt = 6.0 for HCE, and 3.9 for PDC. 
3. For HCE: 

Vmin = L/K = (300) (8.33) (359 scf/mol) / (18 lb/mol) 
(547.7) = 91.1 scf/minute 
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Table 8-8 
Henry's Law Constants and Optimum Stripping Factors for Selected Organic Compounds for Use With Tray Towers 

@ 25°C (77°F) 
~~~-~ 

Henry's Law L = 30 L = 300 L = 3,000 
Chemicals constant XN/% % gPm gPm @m 

.~ 

1,1,2,2-tetrachloroethane 24.02 4.75 1.7 1.65 1.35 
0.05 2.3 2.1 1.6 

1,1,2-trichIoroethane 47.0 4.75 1.98 1.98 1.56 
0.05 3.10 3.00 2.18 

1,2dichloroethane 61.2 4.75 2.09 2.14 1.67 
0.05 3.34 3.31 2.40 

propylene dichloride 156.8 4.75 3.1 3.3 2.5 
0.05 5.1 5.5 4.0 

methylene chloride 177.4 4.75 2.96 3.38 2.57 
0.05 5.38 5.84 4.1 

chloroform 188.5 4.75 3.15 3.6 2.72 
0.05 5.8 6.3 4.37 

l,l,l-trichloroethane 273.56 4.75 4.1 4.6 3.2 
0.05 7.1 7.2 5.5 

1,2-dichloroethene 295.8 4.75 3.7 4.7 3.4 
0.05 7.59 8.6 5.84 

1, l-dichloroethane 303.0 4.75 3.81 4.84 3.5 
0.05 7.8 8.9 6.0 

hexachloroethane 547.7 4.75 6.3 7.3 5.1 
0.05 10.5 14.5 8.4 

hexachlorobutadiene 572.7 4.75 6.5 7.8 5.3 
0.05 11.0 15.2 9.1 

trichloroethylene 65 1 .O 4.75 6.6 8.3 5.8 
0.05 13.9 16.9 10.9 

1, ldichloroethene 834.03 4.75 7.2 10.5 6.9 
0.05 12.0 19.2 12.0 

perchloroethane 1,596.0 4.75 9.8 13.3 11.8 
0.05 16.1 36.1 22.4 

carbon tetrachloride 1,679.1'7 4.75 9.2 11.7 12.1 
0.05 13.4 33.0 21.0 _- -~ ~ .- 

Used by permksion, Chem. 15%. Li, K Y. and Hsiao, K J., V. 98, No. 7 (1991), p. 114; all rights reserved. 

For PDC: 

Vmin = L/K= (300 gpm) (8.33) (359)/(18) (156.8) 
= 317.8 scf/min 

4. Use the larger air rate as control required, which is 
the 317.8 scf/minute required for PDC, to calculate 
the optimum flowrate. 

5. Vopt = (3.9) (317.8) = 1,239.4 scf/min 

Sopt = K/ (L/Vopt) 

Vopt = Sopt (Vmin) 

6. Therefore, the operating conditions would be: 

L = 300 gpm 
\I = 1,239 scf/min (minimum, may want to consider actu- 

ally using 10-15% more for some assurance that the 
required condi~ons will be met. 

'7. Determine the tower diameter based on the flows of 
(6) above. See Chapter 9, this volume for packed 
tower design. 

Troubleshooting, Predictive Maintenance and Controls 
for Distillation Columns 

Troubleshooting currently is much more sophisticated 
due to the technical tools available for investigating and 
analyzing performance than several years ago. The 
gamma radiation scanning technique of several distilla- 
tion specialist companies [la& 1821 provides one type of 
data gathering that can significantly aid in determining 
whether a column is having liquid/vapor flow and or dis- 
tribution problems. Figure 8-56 is one case study of a prob- 
lem column. This system provides an accurate density pro- 
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), Contaminated air out, 
MY -- 

Contaminated 
Liquid (water) in, 4- 

L, xo 

- Packing or Trays 
Contacting Section 
Numbers indicate relative 
locations of either 
theoretical trays (stages), 
or number of transfer unlts 

7 Decontaminated Liquid (water) out, 

Figure 8-55. Schematic stripping tower using air to strip organics 
from water solution. Adapted and used by permission, Li, K. Y. and 
Hsiao, K. J., Chern. Eng., V. 98, No. 7 (1991) p. 114. 

file of the operating fluids on each tray or through the 
packing of a packed column. 

Other troubleshooting techniques can include comput- 
er modeling, checking the reliability of instrumentation, 
measuring quality of product streams with varying reflux 
rates, measuring column tray temperatures at close inter- 
vals, stabilizing the feed rate, bottoms withdrawal and 
overhead condensing rates. Surprising results can be 
obtained, including: 

1. Trays may have damage to caps, valves, distributors, 
sieve holes, or packing for packed towers. 

2. The contacting devices of (1) above may actually be 
missing, i.e., blown off one or more trays, so all that is 
existing is a "rain-deck" tray with no liquid-vapor con- 
tacting. 

3. Crud, polymer, gunk and other processing residues, 
plus maintenance tools, rags, or overalls may be plug- 
ging or corroding the liquid flow paths. 

4. Entrainment. 
5. Weeping of trays, or flooding of packing or trays. 
6. Foaming limitations. 
7. Unusual feed conditions, unexpected or uncon- 

trolled. 
8. Many other situations, almost too odd to imagine. 

References on this topic include 159-166, 182, 238. 

The topic of control of distillation columns has been 
discussed by many authorities with a wide variety of expe- 
rience [ 117-120,2371, and is too specialized to be covered 
in this text. 

Nomenclature for Part 1: Distillation Process 
Performance 

A, B thru K = Constants developed in original article 
a, b, c = Correlation constants (distillation recoveries 

11411) 
a = Activity of component 
ai = Activity of component, i 

av or avg = Average 
B, C, D = Vinal coefficients, Equation &11 

B = Bottoms product or waste, lb mols/hr, also = W 
Bb = Mols of component, b, used as reference for 

volatility, after a given time of distillation 
Bb, = Mols of component, b, used as reference for 

volatility, at start of distillation 
Bi = Mols of component, i, after a given time of 

distillation 
Bi, = Mols of component, i, at start of distillation 
BT~ = Total mols of liquid in bottoms of still at time, T1 
BT,, = Total mols liquid (not including any steam) in 

bottom of still at start time To (batch charge) 
b = y intercept of operating line; or constant at fixed 

pressure for Winn's relative volatility 
bi = Mols of component, i, in bottoms 
C = No. components present, phase rule; or no. com- 

ponents, or constant 

pinch conditions, stripping 

pinch conditions, rectifying 

C,i = Factor in Colburn Minimum Reflux method, 

C,i = Factor in Colburn Minimum Reflux method, 

C, = Specific heat, Btu/lb ( O F )  

D = Mols of distillate or overhead product, lb 
mols/hr; or batch distillation, mols 

di = Mols component, i, in distillate 
E =Vaporization efficiency of steam distillation 

EG = Overall column efficiency 
E, = Overall tray efficiency 

E& = EOG = Murphree point efficiency, fraction 
E w 0  = Murphree plate/tray efficiency, = EM 

F = Degrees of Freedom, phase rule; or, charge to 
batch still, mols 

F = Feed rate to tower, lb mols/hr; or, mols of feed, 
(batch distillation) entering flash zone/time all 
components except noncondensable gases 

Fm = Factor for contribution of other feed flow to min- 
imum reflux 

FL = Mols of liquid feed 
FV = Mols of vapor feed 
F, = F + V, = mols feed plus mols of noncondensable 

FR = FSR,k = Factor for contribution of sidestream, k, 

FSR = Factor for contribution of sidestream flow to min- 

gases 

flow to minimum reflux 

imum reflux 

mum reflux 
Fw = Factor for contribution of feed, j, flow to mini- 

f = Fugacity at a specific condition 
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Table 8-9 
Henry's Law Constant and Optimum Stripping Factors for Selected Organic Compounds for Use With Packed Towers 

@I 25°C (77°F) 
- . .  .- ..... 

L = 3,000 Henry's Law L = 30 L = 300 
a m  gPm wm 

1,1,2,2-tetrachloroethane 24.02 4.75 1.39 1.66 1.84 
0.05 1.88 2.30 2.59 

1,1,2-trichloroethane 47.0 4.75 1.45 1.89 2.32 
0.05 2.00 2.79 3.37 

1,2-dichloroethane 61.2 4.75 1.46 1.97 2.54 
0.05 2.03 2.95 3.73 

0.05 2.3 3.9 6.13 
methylene chloride 177.4 4.75 1.57 2.37 3.90 

0.05 2.23 3.87 6.20 
chloroform 188.5 4.73 1.59 2.46 4.10 

0.05 2.28 4.05 6.61 
1 ,l,l-trichloroethane 273.56 4.75 1.67 2.7 5.08 

0.03 2.43 4.62 8.37 
i ,2-dichloroethene 295.8 4.75 1.65 2.68 3.08 

0.05 2.40 4.30 8.40 
1 ,I-dichloroethane 303.0 4.75 1.67 2.72 5.20 

0.05 2.40 4.63 8.66 
hexachloroethane 547.7 4.75 1.83 3.27 7.74 

0.05 2.7 6.0 13.6 
hexachlorobutadiene 572.7 4.75 1.88 3.48 8.1 

0.03 2.78 6.20 14.27 
trichloroethylene 651.0 4.75 1.82 3.27 7.78 

0.05 2.68 5.87 14.0 
1 ,I-dichloroethene 834.03 4.73 1.84 3.37 8.50 

0.05 2.70 6.10 13.9 
perchloroethane 1,396.0 4.75 2.10 4.20 13.2 

0.05 3.10 7.90 26.1 
carbon tetrzchloride 1,679.17 4.75 2.06 4.2 13.2 

0.05 3.1 7.9 26.43 
Used by permission, Chem. Eng. Li, K Y. and Hsiao, K. J., Lr. 98, No. 7 (1991), p. 114; all rights reserved. 

... .. ~. . .~ ~ .- 
Chemicals constant xN/Xo % 

propylene dichloride 136.8 4.75 1.6 2.43 3.9 

. .- ..... ._ ~- 

f" = Fugacity at reference standard condition 
fi = Feed composition, i,; or, = total mols of compo- 

G = Boilup rate, mols/hr 
H = Total enthalpy, above reference datum, of vapor 

nent, i, in distillate and bottoms 

mixture at tray or specified conditions, Btu/lb 
mol, or Btu/lb 

H' = Hij = Henry's Law constant, lb mols/(cu ft) 

H, = Total molal enthalpy of vapor at conditions of 

H, = Total enthalpy of steam, Btu/lb mol, or Btu/lb 

( a t 4  

tray, n, entering tray; H, = 2 H,i (y,i) 

HK = Heavy key component in volatile mixture 
h = Enthalpy of liquid mixture or pure compound at 

tray conditions of temperature and pressure, or 
specified point or condition, Btu/lb mol, or 
Btu/lb 

tray, n; h', = h,i(x,i) 
h, = Total molal enthalpy of liquid at conditions of 

hD = Molal enthalpy of product or total liquid enthalpy 
above reference datum for sum of all contributing 
percentages of individual components 

h, + 1 = Molal enthalpy of liquid leaving plate n + 1 
ha = Total molal enthalpy of liquid at conditions of 

K = Equilibrium constant for a particular system 

K' = Equilibrium constant for least volatile compe 

Ki = Equilibrium distribution coefficient for compe 

k = Experimentally determined Henry's Law con- 

k = Value of x at intersection of operating line and 

tray, n; h, = Zh,i(x,i) 

(= Y/X) 

nent, K' = y/x 

nent, i, in system 

stant, also can be K 

equilibrium curve on x-y diagram (batch opera- 
tion) 

kpa = Metric pressure 
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r w  DAMAGE AND FLOODING 
63/21/88 16:27:15 
SCALES: 78 - 7000 

I 

PROCESS DIAGNOSTICS 
i - a e e - 2 a ~ - e 9 7 ~  

Figure 8-58. Examples of gamma ray scanning "diagnostic diagnosis" of depropanizer column to evaluate performance. Used by permission, 
Tru-Tec Division, Koch Engineering Co., Inc. 
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L = Liquid flowrate return to tower as reflux, lb 
mols/hr, mols component in liquid phase; or, LI, 
L2 = Latent heat of vaporization; or, volumetric 
flowrate for incoming contaminated water (strip- 
ping VOC with air) ; or mols liquid produced 
from F per unit time, leaving flash zone 

L, = Liquid flowrate down rectifylng section of distilla- 
tion tower, lb mols/hr 

L, = Liquid flowrate down stripping section of distilla- 
tion tower, lb mols/hr 

LK = Light key component in volatile mixture 
L/V = Internal reflux ratio 
L/D = Actual external reflux ratio 

d/D)min = Minimum external reflux ratio 
M = Molecular weight of compound 

M, = Total mols steam required 
m = Number of sidestreams above feed, n 
N = Number of theoretical trays in distillation tower 

(not including reboiler) at operating finite 
reflux. For partial condenser system N includes 
condenser; or number theoretical trays or trans- 
fer units for a packed tower (VOC calculations) 

not including still or reboiler 

tion tower (not including reboiler) at total or 
infinite reflux. For partial condenser system, 
Nmin includes condenser; also, minimum value of 
N 

ence plate, n, but not including n 

NB = Number of trays from tray, m, to bottom tray, but 

Nmin = Minimum number of theoretical trays in distilla- 

N, = Number of theoretical trays above feed, or refer- 

Nm = Number of theoretical trays before feed tray 
Nim = Mols of immiscible liquid 
No = Mols of non-volatile material present; or, number 

of theoretical trays/stages in column only, not 
reboiler or condenser 

N, = Mols of steam 
n = Number of theoretical trays in rectifylng section 

or number of components, or minimum number 
of equilibrium trays 

nf = Number of feeds 
n, = Number of sidestreams 
P = Pressure, atmospheres; or, vapor pressure of com- 

ponent, am.; or, P = number of phases; or, P = 
for batch operations, percentage draw-off 

Pi = Vapor pressure of each component 
P, = Vapor pressure of steam, absolute 
Pb = Vapor pressure of reference more volatile compe 

nent, b 
p = pi = Partial pressure of one compound in liquid, 

absolute units, or, ratio r / r  also, pi = partial 
pressure of solute (Henry s I%) ps 

p = Total pressure of system = TC 
p' = Number of trays below feed where introduction 

of light components should begin, Akers-Wade 
calculation method 

temperature 
pi* = Vapor pressure component, i, in pure state at 

pii* = Similar to above by analogy 
p" = Number of trays above feed where introduction 

of heavy components should begin. hers-Wade 
calculation 

liquid, mm Hg 
pim = Pure component vapor pressure of immiscible 

ps = Partial pressure of steam, mm Hg 
QB = Net heat in through reboiler, reboiler duty, 

Btu/hr; or heat added in still or bottoms 
Qc = Net heat out of overhead condenser, Btu/hr, = 

q = qF = Thermal condition of feed, approximately 
w cp (ti - to) 

amount of heat to vaporize one mol of feed at 
feed tray conditions divided by latent heat of 
vaporization of feed 

q, = Thermal condition of sidestream (s) 
R = Reflux ratio = External reflux ratio for a given 

R = Actual reflux ratio, O/D 

R = Pseudo minimum reflux ratio 

separation, = L/D, L = liquid rectifylng column 

R, = Minimum reflux ratio, O/D 

Rmin = Minimum external reflux ratio for a given 
separation 

RF = Feed component of minimum reflux 
RF, , = Feed component of minimum reflux for feed, n 
ROF = Other feed components of minimum reflux 
& = Sidestream component of minimum reflux 
rps = Ratio of light to heavy keys, stripping pinch 
rpr = Ratio of light to heavy keys, rectifylng pinch 
rf = Ratio mol fraction light key to healy key in feed 
S = Steam flowrate, lb/hr or lb mols/hr; or theoreti- 

cal stages at actual reflux (Figure 8-24) including 
reboiler and partial condenser, if any; or batch, 
mols in mixture in still kettle at time 0 

S, = Theoretical stages at minimum reflux 
SM = Minimum theoretical stages at total reflux from 

bottoms composition through overhead product 
composition, including reboiler and any partial 
condenser (if used); or minimum stripping fac- 
tor at minimum flowrate of air 

Sk = Flowrate of sidestream, k, mols/hr 
So = Theoretical stages at a finite operating reflux; or 

batch, mols originally charged to kettle 
S, = Theoretical stages in total rectifylng section, 

including partial condenser, if used 
S, = Theoretical stages in total stripping section, 

including reboiler 
St = Theoretical trays/stages at actual reflux, L/D, 

including reboiler and total condenser 
Sopt = Optimum stripping factor 

(SR)i = Separation factor 
s = Pounds (or mols) steam per pound (or mol) of 

bottoms; or flowate of sidestream, mols/hr 
T = Temperature, "Abs R 
tB = Bottoms temperature, "F 
ti = Temperature in, "F 
to = Temperature out, "F; or overhead temperature, 

"F 
V = Vt = Total vapor leaving flash zone/unit time at 

specific temperature and pressure; or total over- 
head npor  from tower, mols/hr; or mols of com- 
ponent in vapor phase; or volumetric flowrate for 

- incoming fresh air 
V = Quantity of vapor, mols 

V, = Vapor flowrate up rectifymg section of tower, lb 
mols/hr 

V, = Vapor flowrate up stripping section of tower, Ib 
mols/hr; or mols non-condensable gases entering 
with feed, F, and leaving with vapor, V/time 
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V,in = Minimum fresh air flow based on slope of operat- 
ing line, L/V, on x-y diagram 

v = Vapor flowrate, mols/hr; or molar volume 
W = Bottoms product, or still bottoms, or kettle bot- 

toms, mols; also see B; or mols/hr bottoms prod- 
uct; or mols of residue or bottoms/unit time 
(Ponchon heat balance) 

W = Weight of material in vapor (steam distillation) 
W1 = Mols final content in still 
Wil = Contents of still pot or kettle at any point, 1, after 

Wi, = Initial contents of kettle or still pot, mols, for 

Wo = Mols liquid mixture originally charged to still pot 

= x = Mol fraction of component in liquid phase; 

start for components, i, mols 

component, i 

w = Pounds coolant per hour 

or mol fraction solute in solution (Henry’s Law) 

vapor + liquid, F,; xf = Fxf/F, 
xf = xlF = Mol fraction of any component in feed, 

x‘ = Mol fraction of least volatile component 

x = d o l  fraction more volatile component in liquid 
XI = Mol fraction of component, i, in liquid mixtures 

X‘I = XI - k 
XI,, = x - k 

as may be feed distillate or bottoms, ET, at any 
time, TI; or mol fraction more volatile in vapor 
entering column at any time (or in distillate) 

Xit = Mol fraction liquid at intersection of operating 
lines at minimum reflux, Scheibel-Montross 
equation 

xhf = Mol fraction heavy key in feed 
xn = Pinch composition any light component mol 

XN = Mol fraction VOC component in the stripped 
fraction 

water exiting, usually targeted at meeting envi- 
ronmental regulations 

X l ~  = Mol fraction light key component in overhead 
product; or, any light component (Colburn) 

X ~ B  = Mol fraction light key component in keys in origi- 
nal charge 

xio = Mol fraction light key in overhead expressed as 
fraction of total keys in overhead 

X1B = Mol fraction most volatile component in bottoms 
xhD = Overhead composition of heavy key component, 

Xhn = Pinch composition of heavy key component, mol 

xl = Mol fraction of component in liquid phase; or 

mol fraction 

fraction 

mol fraction more volatile component in vapor 
entering column at any time 

xs = Mol fraction of a more volatile in kettle at time 0 
x,i = Value of x, when distillate receiver is first filled 
xs0 = Mol fraction more volatile in kettle at time 0 
x, = Mol fraction more volatile component in bottoms 

residue (final); or, composition of liquid in still, 
mol fraction 

xwo = Initial mol fraction of more volatile component 
in liquid mixture 

XF = Mol fraction more volatile component in feed 
XD = Mol fraction more volatile component in final 

distillate = mol fraction in distillate leaving con- 
denser at time 0 

xp = Mol fraction of more volatile component in liq- 
uid leaving column at any time 

XL = Mol fraction of feed as liquid, Scheibel-Montross 
xlo = Mol fraction light key in overhead expressed as 

fraction of total keys in overhead, Scheibel-Mon- 
tross equation 

(most volatile component) 

start time, To; or VOC mol fraction 

equation 
y = yi = Mol fraction of component in vapor phase, as 

may be feed, distillate, or bottoms; or Henry’s 
Law, yi = mol fraction solute in vapor 

VOC contaminated air 

x, = Tray liquid mol fraction for start of calculations 

xo = Mol fraction of component, i, in bottoms B.ro at 

x, = Mol fraction of feed as vapor, Scheibel-Montross 

yi = Mol fraction VOC component in the exiting 

y’ = Mol fraction of least volatile component 
y* = Equilibrium value corresponding to xi 
yn = Average light key mol fraction vapor leaving 

yn + 1 = Average light key mol fraction vapor entering 

YN + 1 = Mol fraction VOC component in the incoming 

plate, n 

plate, n + 1 

fresh air (equals zero for fresh air) 
yj = Mol fraction solvent component in vapor 
ys = Mol fraction steam in vapor 

Y ~ B  = Percent recovery of, i, in the bottoms 
Y l ~  = Percent recovery of, i, in the distillate 

Z ~ , F  = Mol fraction component, i, in feed 
zi,q = Mol fraction component, i, in feed, j 
zi,s = Mol fraction component, i, in sidestream 

Zi,sk = Mol fraction component, i, in sidestream, k 

Z = Compressibility factor 

Greek Symbols 

a, a1 = Relative volatility of light key to heavy key compo- 
nent, or any component related to the heavy key 
component, except Equation 8-65, ai is based on 
heavy key 

aavg = Average relative volatility between top and bot- 
tom sections of distillation tower/column 

ai = Relative volatility of more volatile to each of 
other components (steam distillation) 

ai = Relative volatility of component, i 
a H  = Relative volatility of components heavier than 

heavy key, at feed tray temperature 
ai = Relative volatility of more volatile to each of 

other components 
aL = Relative volatility of components lighter than 

light key at feed tray temperature 
p = Constant of fixed pressure in Winn’s relative 

volatility, Equation 8-43 
0 = Time from start of distillation to fill receiver, or 

value of relative volatility (Underwood Parame 
ter) to satisfy Underwood Algebraic Method 

01 = Time for filling distillate receiver, hrs 
02 = Time for refluxed distillation (batch), hrs 
p =Viscosity, centipoise 
u = Activity, coefficient 
n; = total system pressure, absolute; atm, mm Hg, psia 
x = 3.14159 
Z = Sum 
I) = First derivative function 
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I$' = Second derivative function 
wj = Function in Underwood's Algebraic method for 

minimum reflux ratio 
B = Fugacity coefficient 
@ = No. phases from phase rule 

Subscripts 

a, b, c, etc. = Specific components in a system or mixture 
Avg, Av = Average 

B = Any consistent component in bottoms product 
B = b = Bottoms 
b = Exponent in Winn's relative volatility equation 
D = Any consistent component in condensed over- 

head product or distillate 
eff = Effective 

E' = Feed 
Fi = Feed, j 
F, = Intermediate feed, Scheibel-Montross method 
FL = FH = All mol fractions lighter than light key in 

feed, Scheibel-Montross method 
FHK = Heavy key in feed 
FLK = Light key in feed 
HK. = h = hk = Heavy key component 

H = Components heavier than heaw kev 

im = Immiscible liquid 
j = Specific components in a system or mixture 
1 = Ik = Light key component; or light or low boiling 

component in mixture 

component 
lh = Refers to light component referenced to heavy 

LK = Light key component 
L = Liquid, Scheibel-Montross method only; or com- 

M = min = Minimum 
m = No. trays in stripping section; or tray number 
n = No. trays in rectifymg section; or tray number 
o = Initial conditions; or i; or operating condition 

pr = Pinch condition in recweng section 
ps = Pinch condition in stripping section 
P = For packed towers 
w = Relates to bottoms or pot liquor, or kettle 

r = Rectifylng section; or component to which all the 

s = Steam, or stripping section of column 
t = Top, or total 

T = For tray towers 
v = Vapor 
1 = Initial, steam distillation 
2 = Remaining, steam distillation 

ponents lighter than light key 

bottoms 

relative volatilities are referred 

I ,  

h = Heavy, or heavy or high boiling component in 
mixture; also heavy key component 

i = Any component identified by subscripts 1 ,2 ,3 ,  
etc, or by a, b, c, etc.; or initial condition, i 

1, 2, 3, etc. = Tray numbers; or specific components in a sys- 
tem or mixture 

volatile 
(') = Superscript, heavy key component or least 



Part 2: Hydrocarbon Absorption and Stripping 

(With Contributions by Dr. P. A. Bryant) 

Many operations in petrochemical plants require the 
absorption of components from gas streams into “lean” 
oils or solvents. The resultant “rich” oil is then stripped or 
denuded of the absorbed materials. The greatest use of 
this operation utilizes hydrocarbon materials, but the 
basic principles are applicable to other systems provided 
adequate equilibrium data are available. 

Several methods [17, 18, 29, 40, 62, 67, 2231 for han- 
dling this design have been offered and each has intre 
duced a concept to improve some feature. An approxima- 
tion method combination of Kremser-Brown [40,67] and 
a more complete method of Edmister [18] will be sum- 
marized. Figure 8-57 summarizes the system and termi- 
nology. The accepted nomenclature for absorption and 
stripping is located on page 121. 

Kremser-Brown-Sherwood Method- 
No Heat of Absorption [18] 

This method gives reasonably good results for systems 
involving relatively lean gas and small quantities being 
absorbed. For rich gases the error can be considerable 
(more than 50% for some components). It has given gen- 
erally good results on natural gas and related systems. 

Absorption-Determine Component Absorption in Fixed 
Tray Tower (Adapted in part from Ref. 18). 

1. Calculate the total mols of gas inlet to the absorber 
identifying the quantities of individual components. 

2. Assuming the tower pressure as set and an average of 
top and bottom temperatures can be selected (these 
may become variables for study), read equilibrium & 
values from charts for each component in gas. 

3. Assume or fix a lean oil rate. 
4. Calculate 

L,= Mols/ hr lean oil in 
VN+I Mols/ hr rich gas in 

(8-194) 

Assume this value constant for tower design. 
5. Calculate absorption factor, Ai = L o / ( V ~  + 1) (b), 

using values of (2) and (4) above for each component. 
6. Calculate fraction absorbed for each component, 

assuming a fixed overall tray efficiency for an 

assumed number of actual trays (or an existing col- 
umn with trays). 
(a) Theoretical trays, N = (tray efficiency, Eo,) (no. 

(b) Fraction absorbed 
actual trays) 

(8-195) 

where Yo* is often considered zero or very small. 
Solve using Ai values. 

7. Mols each component absorbed/hr. 

= ( V J  (n + 1)i)  (Ea9 

8. Mols each component absorbed/ (mol inlet lean oil) 
(hr) = X ~ R  

9. Mols of each component in gas out top of absorber: 
= (mols component in inlet gas)-(mols component 
absorbed) 

10. Mols of component in gas out top of absorber/mol 
of inlet rich gas: 

E i  = yN+l -yl 

yN+l -yo * 

Solve for Y1 
11. Correct values from first calculation, Steps 1 

through 10, using the ZX~R values of Step 8, as fol- 
lows. 

12. Calculate Ai: 

(8 - 196) 

13. Calculate absorption efficiency, Ei, using new Ai 
value 

A ~ N + ~  -A.  
E,i = , read Figure 8 - 58 

Ai N+1 - 1 

14. Calculate mols absorbed/hr: 

= ( E ~ )  (mols component in inlet rich gas) 

15.Mols of each component in gas out top of 
absorber/hr = (mols component in)-(mols com- 
ponent absorbed) 

108 
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16. 

17. 

Mols of component in outlet gas/mol inlet rich gas 
Solve for Y1i 

If th.e X1 in equilibrium with Y1 is desired: 

(8- 197) 

Improved values can be obtained by recalculation 
from Step 11 if there is too great a difference between 
the ‘‘E mols absorbed from trial no. 1 and trial no. 2. 

First Trial 

L Inlet Mols/Hr A=-  
Component Y(N + 1)i In Ki VKi 

m a m a a 

a a a a e 

a a e m a 

1 .oo Z @  

Fraction 
Absorbed, Mols Mol/= 

Component Ei Absorbed & Off Gas 

a a a a m a 

a a a a a a 

e a a a m a -- 
Z a  X *  X. 

For second trial, see Step 11. 
18. A graphical stepwise procedure offered by Sherwood 

[62] also summarized by Reference 18. Y and X are 
plotted and handled stepwise as in distillation. The 
equilibrium line equation is for any single component: 

(8 - 198) 

For a complete denuded inlet solvent at the top ZX 
= 0, using K at top column conditions. The slope of 
the operating line = L,/Vx + 1 = mols lean oil enter- 
ing/mols wet gas entering. 

Qbsorption-Determine Number Trays For Specified 
Product Absorption 

1. For fixed tower temperature, pressure, gas feed rate, 
specified or assumed operating (Lo/Vx+l) times 
minimum value, specified component recovery out 
of inlet gas. 

(a) Mols component in inlet gas/hr 
(b) Mols in outlet gas 

2. Calculate: 

100 - (% recovery) (total mols in) 
100 

(c) Mols component absorbed = inlet - outlet 
3. Calculate: E~ for specified component (specified in 

1.) 

mols component in - mols component out 
mols component in 

Eai = 

= specified fraction recovery 
4. Minimum (L/V) for specified component: 

Assuming equilibrium at bottom, L71= 1. Ignoring 
ZX gives slightly conservative value, 

5. Operating &,/VN + do 
= (specified unit) (Lo& + l)min 

6. Operating 

=(&lo (+) (8-199) 

7. Theoretical plates at operating (LJVN + 1): solve for 
N. 

(8 - 200) 

8. Actual trays at operating (L,/VN + 1 ) :  

No = N/Eo 

E, values may be calculated from Figure 8-29 or 
assumed at 20 to 50% as an estimating value for 
hydrocarbon oil and vapors, pressures atmospheric 
to 800 psig, and temperatures of 40°F to 130°F (see 
Table 8-1 1) .  

9. Lean oil rate: 

Lo = (Ai) (Ki) (VN + 110, mols/hr (8-201) 

10. For other components: E,i is estimated by 
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a limiting value of unity. 

(8 - 202) 

Stripping-Determine Theoretical Trays and Stripping 
Steam or Gas Rate For a Component Recovery [ 181 

The rich gas from the absorption operation is usually 
stripped of the desirable components and recycled back to 
the absorber (Figure 8-57). The stripping medium may be 
steam or a dry or inert gas (methane, nitrogen, carbon 
oxides-hydrogen, etc.). This depends upon the process 
application of the various components. 

1.The rich oil flow rate and absorbed component 
compositions (this is the only composition of con- 
cern, not the oil composition, unless reaction or 
change takes place under the system conditions) are 
known. From the temperature levels of the available 
condensing fluids (water, refrigerant, etc.) , deter- 
mine a column operating pressure which will allow 
proper condensation of the desirable components 
at the selected temperature, allowing for proper A t  
for efficient heat transfer. The condensing pressure 
(and column operating pressure) may be dictated 
by the available steam pressure used in stripping or 
the pressure on the inert stripping gas. 

2. From K charts, determine I(4 values for each compo- 
nent at the column temperature and pressure. 

Figure 8-57. Flow diagram of absorption-stripping for hydrocarbon 
recovery from gaseous mixture. Used by permission, Edmister, W. C., 
Petroleum Engr., Sept. (1 947') to January (1 948). 

3. From a fixed percentage of recovery for key compo- 
nent (= E,i for key component), mols component 

4. Estimate stripping efficiency for components other 
stripped/hr = Gmi 0 (L, + 1) (Xm + 1) ( E d  

than the key by: 

(8 - 203) 

Note that no recovery can be greater than 1-00, so 
any value so calculated is recorded as 1.00, indicat- 
ing that the component is completely stripped from 
the rich oil. Calculate mols stripped per hour for 
each component as in Step 2. 

5.The minimum stripping medium (steam or gas) 
lean oiI ratio is estimated by a trial and error proce- 
dure based on key component: 
By assuming several values of V,, plot V,/L, versus 
E s w  (1 + ZXi) /KRey (1 + mi). The point where they 
are equal gives the minimum value for V,/L,. This 
calculation can be thought of as assuming equilibri- 
um at the gas outlet end and being slightly conserv- 
ative by including the (1 + ZXi) term. Operation at 
this point requires infinite plates; therefore, values 
larger than the minimum should be used. For eco- 
nomical as well as reasonable operation several val- 
ues of (V0/L,,),, should be tried and correspond- 
ing plates evaluated. 

V, (operating) = (assumed (V,/Lo),per) (Lo inlet), 
mols/hr 

6. Calculate Si for the key component, using the value 
of (1 + ZXi) calculated in Step 5. Calculate 

(8 - 204) 
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Sometimes the last term on right can be neglected. 
7. Calculate number of theoretical trays, M. 

(8 - 205) 

(8 - 206) 

8. Actual trays at operating reflux: 

(8 - 207) 
M M. =A 

dCt  
EO 

9. Calc-date for each component corrected amount 
stripped: 

For each component: 

(8 - 208) 

(Vo/Lo)oper = fixed in Step 5. 

(1 + m i )  and (1 + ZXi) come from Step 6. 

10. From Figure 8-58, read (SM + ' - S)/S'+ ' - 1) = Esi 
for each component at the fured theoretical required 
trays and at individual Si values. 

11. For final detail, recalculate mols stripped per hour 
from new E,i values and the total quantities of each 
component in the incoming rich oil. If values do not 
check exactly, adjustments can be made in steam 
rate and XYi to give exact values. In many cases this 
accuracy is not justified since the method is subject 
to some deviation from theoretically correct values. 

12. A graphical solution is presented by Edmister [18] 
and handled like stepwise distillation. 

Equilibrium line: starts at origin of X-Y plot. 
For assumed X values, calculate Y corresponding 

for key component from 

At lean oil end of tower: ZZi = 0 and XYi = 0. 
Slope of equilibrium line is Y/X = K, 

At rich oil end of tower: 

(8 - 209) 

Where Xi, XXi and XYi are known. R = rich end. 

Operating line: 

Mols lean oil leaving stripper 
Mols stripping steam (or gas)  entering 

Slope = Lo /Vo = 

At lean end, Yi = 0 (or nearly so in most cases); if 
not, plot accordingly. 

Stripping-Determine Stripping-Medium Rate For Fixed 
Recovery [18] 

1. The composition and quantity of rich oil, and per- 
cent recovery of a specified key component are 
known, also column pressure and temperature. 

2. Using Figure 8-58, assume a value for theoretical 
plates, read S, corresponding to specified value of 
recovery E,i for key component, since: 

E s -  - (SM+l  - S)/(S'+l - 1) 

Note that with this procedure, the effect of the num- 
ber of theoretical plates available can be determined. 
In an existing column where the number of trays are 
fmed, the theoretical trays can be obtained by evalu- 
ating an efficiency for the system. 

3. The value of S, = Si for key component obtained in 
Step 2 is equal to 

Using key component: 

Set up table: use I& for each component to calcu- 
late Column 4. 

. . 

Corn- Mols/hr QatCol. { Vo (1 + ZYi)) Mols/hr 
ponent inRichOd Cond. I$ b(l+m &i Stripped 

,... ~ ~ 

- - - - - - 
- - - - - - 
- - - - - - 

z z 
~ 

From values of Si calculated (=S,) , read E,i values 
from Figure 8-58 at the number of theoretical trays 
assumed in Step 2. Note that the S, corresponds to 
the number of trays selected, hence will give a value 
for performance of the system under these particular 
conditions. 

4. Calculate the mols of each component stripped/hr 

5. Calculate, V,, mols/hr. of stripping medium required 
(steam or gas) 



112 Applied Process Design for Chemical and Petrochemical Plants 
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Figure 8-58. Absorption and stripping factors, Ea or Es vs. effective values & or Se (efficiency functions). Used by permission, Edmister, 
W. C., Petroleum Engr., Sept. (1 947) to Jan. (1 948). 

for key component. 
Multiply by Lo. 

(1 + Z mols/ hr in rich oil/& ) 
(1 + Z mols/hr stripped (Step 3)/V, ) 

Then, multipy result by 

This is equal to V,. Note that V, also is in the right 
hand side of the denominator, so fractions must be 
cleared. 

Absorption-Edmister Method 

This method [18] is well suited to handling the details 
of a complicated problem, yet utilizing the concept of 
average absorption and stripping factors. It also allows for 
the presence of solute components in the solvent and the 
loss of lean oil into the off gas. Reference 18 presents 
more details than are included here. Reference 18 is 
Edmister's original publication of the basic method for 
absorbers and strippers. Reference 18 also generates the 

treatment to include distillation towers and presents the 
same graphical relationships in a slightly modified form. 

Absorption: Lean Oil Requirement for Fmed Component 
Recovery in Fmed Tower [ 181 

1. The rich gas is known, the theoretical trays are fixed 
(or assumed and corresponding result obtained), the 
operating pressure and temperature can be fixed. 

2. For key component and its fxed recovery, E,, read 
A, from Figure 8-58 at the fixed theoretical trays, N. 

3. Assume: (a) Total mols absorbed 

(b) Temperature rise of lean oil (Normally 

(c) Lean oil rate, mols/hr, Lo 
20-40°F) 

4. Using Horton and Franklin's [29] distribution rela- 
tion for amount absorbed (or vapor shrinkage), per 
tray: 
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 AT^ (for top conditions) = Ll/(KiVI) 
 AB^ (for bottom conditions) = L~/ (Kivy)  

whereATi = absorption factor for each component at 
conditions of top tray 

 AB^ = absorption factor for each component at 
conditions of bottom tray. 

9. Read A, values corresponding to  AT^ and  AB^ values 
from Figure 8-59. 

10. Read EA values for fraction absorbed from Figure 
8-58 using the A, values of Step 9 and the fixed or 
assumed theoretical trays. 

11. Calculate the mols of each component absorbed by: 
(Mol component in inlet rich gas) ( E ~ )  
Suggested tabulation: 

. __ .~ 

Absorption 
Corn- MolsRich K Factors &,Frac. Mols 

ponent G a s h  Top Bottom AT AB 4 Absorbed Absorbed 
- . .. . . ._ .. .. -~ 
- - - - - - -  - - 
- - - - - - -  - - 
- - - - - - -  - - 

-. . , .. 

12. If the result does not yield the desired amount of the 
key component absorbed, then reassume the lean oil 
quantity, Lo, and recalculate. Adjustments may have 
to be made separately or simultaneously in the 
assumed absorption quantity until an acceptable 
result is obtained. After two or three trials a plot of 
the key variables will assist in the proper assumptions. 

(8- 210) 

Mols off gas leaving top tray 

= VI = V, + 1 - Mols absorbed (assumed) 

Mols gas leaving bottom tray No. N 

= VN = vx + 1 (Vl/vN + 

VI 
1/ 3 Mols gas leaving Tray No. 2 (from top) = V2 = (el) 

Liquid leaving top tray No. 1 = L1 = Lo + V2 - VI 

where V2 = vapor leaving tray No. 2 from top, mols/hr 
Lo = lean oil entering (assumed completely free 

L s  = liquid lealing bottom tray, mols/hr 
V, = vapor leaving bottom tray, mols/hr 

of rich gas components), mols/hr 

Liquid leaving bottom tray 

= L4 = LO + Mols absorbed (assumed) 

5. Calculate: At top, LI/VI 

6. Use Horton-Franklin method to estimate tempera- 
At bottom, LN/VN 

tures at tower trays: 

(8-211) 

where To = lean oil temperature, "F 
TN = bottom tray temperature, "F 
Ti = tray, i, temperature, O F  

Ty + 1 = inlet rich gas temperature, "F 

These relations assume constant percent absorp- 
tion per tray, and temperature change propor- 
tioned to the vapor contraction per tray. For esti- 
mating use only. 

Temperature bottom tray = Tx = TN + 1 + 
(assumed rise) 

Temperature top tray 

I VS+l - h a y 2  \ 
= Tx - (assume rise) 

v N + l - v l  

7. Read K values from equilibrium charts for compo- 
nents in feed at temperatures of (a) top tray and (b) 
bottom tray. 

8. Calculate A n  and  AB^ for each component. 

Absorption: Number of Tray for Fixed Recovery of Kg 
Component 

Here we also consider the more general case when the 
lean oil contains some of the components to be absorbed 
from the entering gas. The relationships are most conve- 
niently written as follows [18], for a given component: 

VI fslo + (1 - f a h n  + 1 (8 - 212) 

sen+1  - s, 
se=+1 - 1 

f, = 

fa = A,"+' - A, 

A,"+' - 1 

Rearranging 8-213 yields 

A, - 1  1-fa = 
A,"+1 - 1 

(8- 213) 

(8- 214) 

(8 - 215) 

Combining Equations &211, 8-212 and 8-214 results in 
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Figure 849. Effecfive absorption and stripping factors used in absorption, stripping and fractionation as functions of effective factors. Used 
by permission, Edmister, W. C., petroleum Engr. Sept. (1 947) to Jan. (1 948). 

which can be written as fsj = the fraction ofV, + li that is absorbed by the 

fai = the fraction of V, + 1 that is absorbed by the 

n = absorber theoretical trays, also = N 
m = stripper theoretical trays, also .I M 

liquid phase 

liquid V I ’  1 -  (8 -  217) 

plate 1 in absorber 

to absorber 

ing gas to absorber 

I 
where vli = molar gas flow rate of component “in leaving 

l0i = molar flow of component “i” in entering liquid 
A material balance on the key component fixes VI, 1, 

and V, + 1 for the key. 4 is estimated after AT and AB are 
calculated using approximate conditions at the top and 
bottom, with a multiple of the minimum solvent rate, 

v, + li = molar gas flow rate of component “i” in enter- 
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which is estimated by assuming equilibrium at the bottom 
of the tower. Se is estimated from ST and SB. Note that ST 
=  S AT and SB =  AB. A trial and error solution for the 
number of theoretical stages is effected by using Equation 
8-217 (or 8-216 and Figure 8-58). Values of v1 for the non- 
keys can be calculated by using these relationships direct- 
ly with t!he calculated value of n. If necessary, the entire 
procedure can be repeated, using the better estimates of 
the component flowrates in the leaving streams that were 
estimated in the first iteration. 

Example 8-33: Absorption of Hydrocarbons with Lean Oil 

The gas stream shown in Table 8-10 is fed to an isother- 
mal absorber operating at 90°F and 75 psia. 90% of the n- 
butane is to be removed by contact with a lean oil stream 
consisting of 98.7 mol% non-volatile oil and the light com- 
ponents shown in Column 2 of Table 8-10. Estimate the 
composition of the product streams and the required 
number of theoretical stages if an inlet rate of 1.8 times 
the minimum is used. 

Solution: 

1. Initial estimates of extent of absorption of non-keys. 
As a rough approximation, assume the fraction 

absorbed of a given component is inversely propor- 
tional LO its K value (Equation 8-202). For example: 

n-C4, in off gas = 33.6 - (0.9) (33.6) = 3.36 

C1, in  off gas = 1,639 - (0.9) (1,639.2) = 1,616.6 

C2, in  off gas 5 165.8 - (0.9) - 165.8 = 152.5 

The other estimates in column 5 of Table 8-10 are 
calculated in a similar manner. Note that the Cjs are 
assumed to be completely absorbed for this first iter- 
ation. 

2. Inlet rate of rich oil. 
The maximum mol fraction n-C4 in the leaving liq- 

uid is taken as that in equilibrium with the incoming 
gases. Thus, for n-C4, 

A material balance of 1 - 4 4  yields 

1, = 0.002 Lo + (0.9) 33.6 

With the absorption efficiencies assumed above, 

Ln = Lo + 126.34 

Combining the above equations yields the estimate 
of the minimum lean oil rate: 

0.002 (L,, )min + (0.9) 33.6 
(Lo)min + 126.38 

= 0.02617 

or (Lo)min = 1,114.3 mols/hr 

Thus, Lo = 1.8 (1,114.3) = 2,005.7 mols/hr 

3. Effective Absorption Factor for 1144. 
The total rich oil out is estimated as 

L, = 1,975 + 2,005.7 - 1,848.66 = 2,132.04 

The absorption factors are calculated by 

AT = 2,005.7/(.65) (1,848.66) = 1.669 

AB = 2,132.04/(.65) (1,975) = 1.661 

Table 8-10 
Calculation Summaries for Example 8-33 

Component 

90°F 
K 

75 psia 

Methane 
Ethane 
Propane 
i-Butane 
n-Butane 
i-Pentane 
n-Pentane 
Heavy Oil 

42.5 
7.3 

2.2.5 
0.88 
0.63 
0.28 
0.225 
0 

.- 

Feed 
Gas In 

(mols/h) 

1,639.2 
163.8 
94.9 
17.8 
33.6 
7.9 

15.8 

1,975.0 
- 

~ .- 

Initial 
Estimate Off-Gas 

Lean oil Of Net -. 

m Amount Initial AfterFirst Aftersecond AfterThird 
(Mol. Absorbed Estimate Iteration Iteration Iteration 

Fraction) (mols/hr) (mols/h) (mols/hr) (mols/hr) (mols/hr) 
. ... 

- 22.6 1,616.6 1,597.5 1,598.4 1,598.4 
- 13.3 152.5 141.2 141.8 141.8 
- 24.67 70.23 49.84 30.76 50.76 

0.001 11.83 5.97 3.10 3.13 3.13 
0.002 30.24 3.36 3.36 3.36 3.36 
0.004 7.9 0 2.08 2.03 2.03 
0.006 15.8 0 2.51 2.44 2.44 

1.000 126.34 1,848.66 1,799.57 1,801.92 1,801.92 
0 0 0. 0. - - -  0.987 - 0 

_- ~ .~ . .. 

- 
1.91 
3.83 
7.66 
11.49 

1,889.83 
1,914.72 

. . 

Rich oil 
out 

(mols/hr) 
-. .~ 

40.8 
24.0 
44.14 
16.58 
34.07 
13.53 
24.85 

1,889.83 
2,087.78 



116 Applied Process Design for Chemical and Petrochemical Plants 

A, = 1.661 (2.669) + .25 - 0.5 = 1.664 

The stripping factor, S,, is taken as 1/A, = 0.6010 
4. Calculation of required number of theoretical stages. 

Using Equation &216 for n-butane, 

( 0.601"" - 0.601) 4.0+ [ 1- , 1.664"" - 1.66411 33 
3.36 = \ 0.601"+1 - 1 1.664"'l- 1 

which is equivalent to 

0.601-1 )4.0+ [ 1.664- 1 11 33.6 
3 . 3 6 ~  1- 1 0.601"+' - 1 1.664"" - 1 

Solving for n by trial and error yields, n = 5.12 
5. Calculation of absorption of non-keys. 

Equation 8-217 is used with n = 5.12 to calculate vi, 
as for example, for i-butane, 

AT = 1.233 
AB = 1.227 

A, = J1.227 (2.333) + 0.25 - 0.5 = 1.229 

s, =- =OM37 
1.229 

V, = 17.8 
1, = (0.001) (2,005.7) = 2.01 

1, = 17.8 + 2.01 - 3.10 = 16.71 
The remaining non-keys in the off-gas are calculated 

in a similar manner and are tabulated in Column 6 of 
Table 8-10. Note that the calculated values are some 
what different from the assumed values in Column 5. 

6. Second Iteration. 
Using the previous calculated values, the net amount 

absorbed is 1,975 - 1,799.59 = 175.41 mols/hr. The 
minimum rate of lean oil is calculated from 

from which (Lo)min = 1,061.2 mols/hr and 

Lo = 1.8 (1,061.2) = 1,910.2 mols/hr 

An overall material balance gives L, = 2,085.6. The 
effective absorption factor for n-C4 is A, = 1.627, and 
S, = 0.6145, n is calculated from 

from which n = 5.20 theoretical stages. 

The non-key components are computed and tabu- 
lated in Column 7 of Table 8-10. 

7. Third Iteration. 
A third iteration gave (Lo)min = 1,063.73, Lo = 

1,914.72, L, = 2,087.8, and V1 = 1,801.92, with no 
change in the calculated off gas component flows. 

The stripping calculations are handled in a man- 
ner similar to the steps above, and using the figures 
indicated. 

Intercooling for Absorbers 

Most absorbers require some intercooling between 
some stages or trays to remove heat of absorption and to 
provide internal conditions compatible with proper or 
required absorption. Some temperature rise (10-30°F) is 
usually designed into the initial conditions. The rise above 
this must be handled with intercoolers. 

The total intercooler duty is the difference between the 
total heat in of the rich gas and lean oil and the total heat 
out of the off gas and rich oil all at the terminal calculat- 
ed or design conditions. The total duty is often divided 
between several coolers placed to re-cool the oil as it pass- 
es down the column. If intercoolers are not used, then the 
absorption cannot meet the design terminal outlet condi- 
tions and the quantity of material absorbed will be 
reduced. If the intercooling is too great so as to subcool, 
then greater absorption may be achieved, but this can be 
controlled by the intercooler operation. 

A second approach to the same result involves the same 
requirements as for a balanced "heat" design; the heat of 
absorption of the actual components absorbed must equal 
the sum of the heat added to the lean oil and to the lean 

Pressure, PSlG 
Figure 8-60. Component heats of absorption. Used by permission, 
Hall, R. J., and Raymond, K., Oil and Gas Jour., Nov. 9 (1953) thru 
Mar. 15 (1 954). 
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gas. For hydrocarbon materials these factors can be devel- 
oped by using total heats. 

The relation of Hull and Raymond [32] considers heat 
loss through the column wall, and indicates that either the 

0 2 4 6 8 b  

Lean Oil 
Top Section AH, BTU/lb. 

Figure 8-61. Hydrocarbon systems; overhead gas minus lean oil 
temperature Tor components absorbed in top “theoretical” tray (or 
top actual three trays). Used by permission, Hull, R. J., and Ray- 
mond, K., OI/ and Gas Jour., Nov. 9 (1 953) thru Mar. 15 (1 954). 

total heat of absorption or the rich oil outlet temperature 
for system balance can be calculated. Thus, if a reasonable 
temperature balance is not obtained, the heat load for the 
intercoolers can be set. 

Figure 8-60 presents actual total heats of absorption 
based on experimental studies [32]. As long as the hydro- 
carbon absorption is in the range of 8O-12O0F, the values 
read from the graph should apply. 

Estimation of discharge gas temperature may be made 
from Figure 8-61 based on test data. 

The design of absorbers has not received the empirical 
design guidelines study so prevalent in distillation prob- 
lems. The graph of Hutchinson [34], Figure 8-62, is con- 
venient to examine a problem to determine preliminarily 
the effects of design. This curve is compatible with the 
conventional absorption factor graphs. The percent 
extraction gives a quick evaluation of the possibilities of 

Figure 8-62. 
rights resew 

5 IO 15 20 25 30 35 40  45 50 55 60 65 70 75 80 85 90 95 100 
Equilibrium , % 

Absorption equilibrium curve. Used by permission, Hutchison, A. J. L., Petroleum Refiner, V. 29 (1950), p. 100, Gulf PI 
red. 

Jb. Co., all 
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accomplishing the desired absorption. As the number of 
trays in the absorber is increased, the amount of heavier 
material (larger A values) absorbed increases greater than 
the lighter components (lower A values). More heavier 
materials are also absorbed as the temperature of absorp- 
tion is lowered. Thus, a cold lean oil has more capacity per 
gallon than a warm oil. This requires a study of the entire 
process and not just the one unit. Heat economy, oil flows, 
and tower costs all enter into a full evaluation of the 
absorber as it fits into the plant system. 

Many designs are set up by assuming the number of the- 
oretical trays, using best available information for tray effi- 
ciencies and then calculating the expected performance. 
A series of such studies might be made. 

Feed Gas 

Mol or Volume % 
18.5 
22.3 
20.3 
0.5 

22.0 
0.7 
2.5 

13.0 
100.0 

Absorption and Stripping Efficiency 

Unfortunately, the efficiencies for tray and overall col- 
umn operation are incomplete and nullify to a certain 
extent some very high quality theoretical performance 
design. Tray efficiencies may be estimated by Figure 8-29 
or Table 8-1 1. 

Table 8-11 
AbsorptionStripping Approximate Tray Efficiencies** 

pressure Range me Range, psig Temp., "F Efficiency % 

Absorption 
Hydrocarbon Oils & 

Vapors 04300 30-1 30 35-50 
Propme-key 100-2,100 - 30-37*-38 
Butane-key 100-2,100 - 28-33*-36 

StriPP* 
Hydrocarbon Oils 

Unsaturates in Oil 
with Steam 0-130 300-350 30-80 

with closed reboiler 0-50 - 25-35 
*Average value 

**Hull, R J. and K Raymond, Oil and Gas Journul, Nov. 9, 1953-March 
15, 1984 [32], used by permission. 

Example 8-34: Determine Number of Trays for Specified 
Product Absorption 

A gas stream is to have the ethylene removed by absorp 
tion in a lean oil of molecular weight 160, sp. gr. 0.825. 
The inlet gas is at 70 psig and 100°F and the oil is at 80°F. 
The gas rate is 16,000,000 scf/day (60°F). Examine the 
tower performance for 98% ethylene recovery at 1.25 
times the minimum L,/VN. 

Determine the oil rate and the number of theoretical and 
actual trays required. (Note: this example illustrates that 
unreasonable results must be examined, notjust accepted.) 

16,000,000 1. Inlet rich gas rate = 

(24) 

= 1,756 mols/hr 
Mols ethylene in = (20.5/100) (1,756) = 360 mols/hr 
Mols ethylene in outlet gas = (100 - 98/100) (360) 

Mols ethylene absorbed in oil = 360 - 7.2 = 352.8 mols/hr 
2. Specified ethylene separation = 0.98 = E~ 

= 7.20 mols/hr 

Mols in - Mols out 
Mols in 

- - 

3. Minimum L/V for ethylene: 

Average tower conditions for K: 

Temperature = (100 + 80)/2 = 90°F 

Pressure: allow 20 psi pressure drop, then top pressure 
would be 70 - 20 = 50 psig 

Average: (50 + 70)/2 = 60 psig 
K (ethylene) at 60 psig and 90°F = 11.5 (from equilibrium 
charts). 

= (11.5) (0.98) = 11.28 (%Imin 
4. Operating (L /VN + ll0 = (1.25) (11.28) = 14.1 

5. OperatingAio = (;+l),(+-)=g=1.227 - 

6. Theoretical trays at operating ( L o / V ~  + 1): 
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7 

AN+l -Ai - (1.227)Nt1 - 1.227 = o.98 E,= - 
Ah'+' - 1 (1.227)N'c' - 1 

1.227 - 0.98 [ 1- 0.98 ] (N + 1) log 1.227 = log 

ix = 11.22 

Actual plates at operating (&/VN + 1): 

sponding to MI of 40. 

Viscosity = 0.81 centipoises 

For O'Connell's efficiency correlation, Figure 8-29. 

Efficiency of oil at 90°F, and sp. gr. of 0.825 come 

0.825 (62.3 lb/fts) = o.034j 
(11.5) (160) (0.81) 

Reading curve (3), Eff. = 14% 
This value is low, but agrees generally with the spe- 

cific data in O'Connell's [49] report. 
Although Drickamer's data are not so specific for 

absorption, the graph of this correlation gives Eff. = 
20% for the 0.81 cp. Because no better information is 
available, use Eff. = 15%. 

Actual trays, No = N/E, = 11.22/0.15 = 74.8 

Use KO = 75 trays 

(1,756) 
8. Lean oil rate = L, = 4 (Ki) (Vx + l)o = (1.227) (11.25) 

Lo = 24,200 mols/hr 

24,200 (160) = 9,400 GPM oil = 
(8.33) (0.825) (60) 

This is unreasonable, and is due to the effect of 
a. Operating pressure being too low, thus giving a 

b. Ethylene being light component and difficult to 

c. Temperature too high. 

high K value 

absorb 

9. Recalculation of Steps 3 thru 8. 

Assume operating pressure is 700 psig, K = 1.35. 
Note that this same K value could have been achieved 
by lowering the operating temperature to -90°F. This 
is also not practical from the oil standpoint or even 
from the economics of operating the entire system and 
refrigeration system at this level, unless (1) the refng- 
eration is available and (2) a suitable oil is available. 

Min (L/V) = (1.35) (0.98) = 1.32 

Operating (L/Vx + l)o = (1.25) (1.32) = 1.65 

Operation Aio = 1.65/1.33 = 1.222 

Theoretical trays at operating (LJVN + 1): 

1.222 - 0.98 [ 1-0.98 ] (N + 1) log 1.222 - log 

N = 11.2 trays 

(0.825) (62.3) = o.294 Efficiency : 
(1.35) (160) (0.81) 

Reading curve 3, Eff. = 29% 
Actual trays = 11.1/0.29 = 38.6. Say 40 trays. 
Lean oil rate = (1.222) (1.35) (1,756) = 2,900 mols/hr 

( ~ 9 0 0 )  (160) = 1,122 GPM = 
(8.33) (0.825) (60) 

This is still a large quantity of oil to absorb the ethylene. 
Under some circumstances it might be less expensive to 
separate the ethylene by low-temperature fractionation. 

Example 8-3s Determine Component Ahsorption in 
Fixed-Tray Tower 

An existing 40-tray tower is to be examined to deter- 
mine the absorption of a rich gas of the following analysis: 

Component Mols/hr 
. .. . 

H2 500.0 
CH4 20.9 
C2H4 131.5 
CO 230.0 

CsH4 3.5 
c 4 H 2  4.1 

890.0 ~- - .... 

Mol wt 

2 
16 
26 
28 
40 
50 

-. -~ 

104" 
I& 176 psia 
- . 

59.0 
56.0 
8.1 

12.3 
0.07 
0.009 

1. The key component is methyl acetylene, C3H4. 
Recovery will be based on 96.5% of this material. 

The tower average temperature will be assumed = 
104°F. 

The operating average pressure will be = 161 psig. 

2. The & values are tabulated for the conditions of (1) , 
and were determined from laboratory test data for 
the special solvent oil being considered. 

& = 14.7 (Hi)/176, where Hi is Henry's constant 
expressed as atm/mol fraction for each component. 
Note that conventional K charts are only applicable to 
hydrocarbon oil systems, and do not apply for any 
special solvents. 
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3. Calculate tray efficiency for C3H4. 
Using O'Connell's correlation: 

(solvent) at 104°F = 2.3 cp 

sp. gr. = 1.0 

Mol. wt. solvent = 180 

K = 0.07 

Sp. Gr. solvent - - (1.0) (62.3) = 4.94 HP = 
(Kc H ) (M. W.solvent) (0.07) (180) 

3 4  

_ = _ =  HP 4'9 2.13 
p 2.3 

Efficiency = 46.5% (From Figure 8-29) 
Use: 45% 
Actual number trays in column = 40 
Theoretical trays based on 45% efficiency = (40) (.45) 

= 18 

4. Using E i  = 96.5% for CgH4, read Ai from Figure 8-58. 
A tn=18  
A.= =Ai = 1.04 

Vv + 1 = 890 mols/hr 
Ai = L0/J!A7~ + 1 

Lo = (1.04) (0.07) (890) = 64.8 mols/hr 
Lo/Vy + 1 = 64.8/890.0 = 0.0728 

.. . -. . 
5. 

Eai 

H2 0.562 500.0 0.001235 
CH4 0.0235 20.9 0.00130 

co 0.258 230.0 0.00592 
C2H2 0.1478 131.5 0.009 

C3H4 0.00393 3.5 1.04 
c4H2 0.00462 4.1 8.1 

0.99985 890.0 

Mols/Hr Mols/Hr 
Component Absorbed Xx Off Gas 

0.00 1235 
0.00 130 
0.009 
0.00592 
0.965 
1 .ooo 

Yli ( 0 4  

H2 0.617 0.00953 "499.383 0.561 
CH4 0.0272 0.00042 20.8728 0.02348 
C2H2 1.185 0.0183 130.315 0.14647 
co 1.36 0.021 228.64 0.2565 

CsH4 3.37 0.052 0.13 0.00014 

'4% 10.659 0.1645 
4.1 0.0633 0 0 

- .... - .. 
*These are subtraction differences and do not infer that the results are 
this accurate. 

Typical calculations: for hydrogen 

Ai = 0.0728/59.0 = 0.001235 

From Figure 858 at n = 18 trays theoretical, and Ai = 

0.001235 read EA, except that in this low region some 
values cannot be read accurately. When Ai is consider- 
ably less than 1.0, use EA = Ai (very little light material 
recovered), and when Ai is quite a bit larger than 1 .O , 
use Eai = 1 .O (heavy material mostly recovered). 

Mols component absorbed/hr = (VN + 1) (Y(N + 1)i) E i  
= (890) (0.562) (0.001235) 
= 0.617 

Mols component absorbed/mol lean oil = X, = 0.0617/64.8 

Mols of component in off gas out top of absorber: 

= 500.0 - 0.617 = 499.383 mols/hr 

Mols component in, out top of absorber/mol inlet 
rich gas 

= 0.00933 

0.562 - Y1 
0.001235 = 

0.562 

Yli = 0.5614 

6. Correcting values and recalculating 

. 

Inlet L, ( l+ZXiR)  
Component Y(N + 1)i Mols/Hr VN + 1 Ki Eai 

H2 0.562 500.0 0.00144 0.00144 
CH4 0.0235 20.9 0.001513 0.001513 
C2H2 0.1478 131.5 0.01048 0.01048 
co 0.258 230.0 0.00689 0.00689 

CsH4 0.00393 3.5 1.21 0.98 
C4H2 0.00462 4.1 9.43 1 .oo 

Mols/Hr Off Gas 
Component Absorbed Xx Mols/Hr Yli 

H2 0.72 0.0111 499.28 0.561 
CH4 0.031'7 0.000488 20.869 0.0232 
C2H2 1.38 0.0213 130.12 0.1463 
co 1.383 0.0244 228.415 0.257 

CsH4 3.43 0.0529 0.07 0.00008 
C4H2 4.1 0.0633 0 0 

11.246 0.1734 878.754 0.9775 

Typical calculations, using hydrogen: 

A i =  Lo ( l+Z%iR)=- 0'0728 (1 + 0.1645) = 0.00144 
VN+I (Ki 1 59.0 

Mols component absorbed/hr = (0.00144) (500) = 0.72 
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Mols component absorbed/mol lean oil = 0.’72/64.8 = 0.0111 

Mols of component in off gas out top of absorber: 

= 500.0 - 0.72 = 499.28 

These results do notjustify recalculation for greater 
accuracy. Note that 98% of the C3H4 is absorbed 
instead of 96.5% as initially specified. This could be 
revised by reassuming a lower (slightly) oil rate, but 
this is not considered necessary. 

The off gas analysis Y1 represents mols gas out per 
mol entering rich gas. 

For a new design a study should be made of num- 
ber of trays against required lean oil for a given 
absorption. 

Nomenclature For Part 2, Absorption and Stripping 

(Special notations, all others same as for Distillation 
Performance Nomenclature, Part 1) 

A’ = Edmister’s effective absorption factor 
A“ = Outside surface area of absorber, ft2 
A = Absorption factor, average 

A, = EfYective absorptive factor 
 AB^ = Absorption factor for each component at conditions 

 AT^ = Absorption factor for each component at conditions 
of bottom tray 

of‘ top tray 
Cp = cp = Specific heat, Btu/lb (“F) 

E, = Kosorption Efficiency, or fraction absorbed 
E, = Overall tray efficiency, fraction 
E, = Stripping efficiency, or fraction stripped 
fai = Fraction of v, + l i  absorbed by the liquid 
fsi = Fraction of l0i stripped out of the liquid 

G,i = Mols individual components stripped per hour 
AH = Total heat of absorption of absorbed components, 

K = Equilibrium constant, equals y/x, at average tower 
thousand Btu/day 

conditions 
L ~ I  + 1 = Mols/hour rich oil entering stripper 

LN = Liquid leaving bottom absorber tray, mols/hr 
L,, = Mols/hr lean oil entering absorber, or leaving 

stripper 
loi = Molar flow of component “i” in entering liquid to 

absorber 
M = Number theoretical stages in stripper 
m = M (see above) 
N = Number theoretical stages in absorber 
n = N (see above) 

S’ = Edmister’s effective stripping factor 
Ti = Tray i, temperature, “F 

S, S, = Stripping factor, average and effective, respectively 

TN = Bottom tray temperature, “F 
TN + 1 = Inlet rich gas temperature, “F 

To = Lean oil temperature, “F 
U = Overall heat transfer coefficient between absorber 

outside surface and atmosphere, Btu/(ft2) (“F) (hr); 
usual value = 3.0 

VI = Mols/hr lean gas leaving absorber 
Vi = Gas leaving tray i, mols/hr 

Vi + 1 = Gas leaving tray, i + 1, mols/hr 
VN = Vapor leaving bottom absorber tray, mols/hr 

Vo = Mols/hr stripping medium (steam or gas) entering 

vli = Molar gas flowate of component “i” leaving plate 1 in 

Vx + 1 = Mols/hr rich gas entering absorber 

stripper 

absorber 

to absorber 
v, + l i  = Molar gas flowrate of component “i” in entering gas 

W = Rate of flow, thousand Ib/day 
X = Number mols absorbed component or stripped per 

mol lean oil entering column 
X1 = Number mols liquid phase component in equilibrium 

with Y1 

lean oil entering column 

per mol of lean oil (omitting lean oil present in 
liquid phase, considered = 1.0) 

stripper per mol of lean oil 

absorber with iean oil per mol of lean oil 
Y1= Number vapor phase mols of component leaving top 

plate of absorber per mol rich gas entering absorber 
Yi = Mols component in vapor phase from tray “i”/mol 

rich gas entering absorber 
XYi = Total mols of all vapor phase components stripped 

per mol of stripping medium 
YN + 1 = Number vapor phase mols of component entering 

absorber per mol rich gas entering 

equilibrium with lean oil per mol of rich gas entering 

X~R = Mols of a component in liquid absorbed per mol of 

ZXi = Total mols of all liquid phase Components absorbed 

XM + 1 = Number liquid phase mols of component entering 

Gi = Number liquid phase mols of component entering 

Yo* = Number vapor phase mols of component in 

Subscripts 

1, 2, etc. = Components in a system 
Arnb = Ambient 
bg, A, = Arithmetic average 

DG = Discharge gas 
e = Effective 
i = Individual components in mixture 

IG = Intake gas 
Key = Key component 

LO = Lean oil 
Min = Minimum condition 

o = Operating condition 
R = Rich concentration end of column 

S = Absorbed components 

L = Lean concentration end of column 

RO = Rich oil 



Part 3: Mechanical Designs for Tray PerFormance 

Determining the number of theoretical and actual trays 
in a distillation column is only part of the design necessary 
to ensure system performance. The interpretation of dis- 
tillation, absorption, or stripping requirements into a 
mechanica1 vessel with internal components (trays or 
packing, see Chapter 9) to carry out the function requires 
use of theoretical and empirical data. The costs of this 
equipment are markedly influenced by the column diam- 
eter and the intricacies of the trays, such as caps, risers, 
weirs, downcomers, perforations, etc. Calculated tray effi- 
ciencies for determination of actual trays can be lost by 
any unbalanced and improperly designed tray. 

Contacting Trays 

The particular tray selection and its design can materi- 
ally affect the performance of a given distillation, absorp 
tion, or stripping system. Each tray should be designed so 
as to give as efficient a contact between the vapor and liq- 
uid as possible, within reasonable economic limits. It is not 
practical in most cases to change the design of each tray to 
fit calculated conditions. Therefore, the same tray design 
is usually used throughout the column, or the top section 
may be of one design (or type) while the lower section is 
of another design. The more individual tray designs 
included in a column, the greater the cost. 

This concept has not gained commercial popularity due 
to the proprietary nature of the Fractionation Research, 
Inc. (FRI) data being limited to member organizations, 
and the public literature does not contain much indepen- 
dent research and application data. General industrial 
and commercial proprietary designs available are listed in 
Table 8-12, but may not be all-inclusive: 

Tray ’Ippes and Distinguishiug Application Features 

Bubble Cap 

Vapor rises up through “risers” or “up-takes” into bub- 
ble cap, out through slots as bubbles into surrounding liq- 
uid on tray. Bubbling action effects contact. Liquid flows 
over caps, outlet weir and downcomer to tray below, Fig- 
ures 8-63-67, 79, and 81. 

C U # Q ~ ~ ~ J :  moderately high, maintains efficiency. 
Efficiency: most data are for this type, as high as other 

tray designs. 

Entrainment: about three times that of perforated type 
plate or sieve tray. Jet-action accompanies bubbling. 

NmibiZiQ: most flexible of tray designs for high and low 
vapor and liquid rates. Allows positive drain of liquid from 
tray. Liquid heads maintained by weirs. 

Application: all services except extremely coking, poly- 
mer formation or other high fouling conditions. Use for 
extremely low flow conditions where tray must remain wet 
and maintain a vapor seal. 

Tray Spacing 18-in. average, 24 to 36in. for vacuum 
conditions. 

S h e  Truy or Pqfb-uted TYQ~ With Downcmners 

Vapor rises through small holes (W to 1-in.) in tray floor, 
bubbles through liquid in fairly uniform manner. Liquid 
flows across tray floor over weir (if used), through down- 
comer to tray below. Figures 8-67A-C, and 868B. 

Ccspaeityy: As high or higher than bubble cap at design or 
down to 60% of design rates with good efficiency. At lower 
thruputs performance drops as efficiency falls off rapidly. 

Efficiacy: As high as bubble caps in region of design, but 
falls to unacceptable values when capacity reduces below 
60% (approximately) 

Entrainment: Only about onethird that of bubble cap 
trays. 

Hexibility: Not generally suitable for columns operating 
under variable load, falling below 60% of design. Tray 
weeps liquid at low vapor rates. 

Application: Systems where high capacity near-design 
rates to be maintained in continuous service. Handles sus- 
pended solid particles flushing them down from tray to 
tray. Holes become plugged in salting-out systems where 
trays run hot and dry (as underside of bottom tray). 

Tray Spacing: Can be closer than bubble cap due to 
improved entrainment. Fifteen inches is average, 9-in., 10- 
in. and 12-in. are acceptable, with 20- to 30-in. for vacuum. 

Pe$muted Plate Without Downcome7s: (Dud-, from l?RI) 

Vapor rises through holes (%e to 1-in.) in tray floor and 
bubbles through liquid. At the same time liquid head 
forces liquid countercurrent through these holes and 
onto tray below. Liquid flow forms random patterns in 
draining and does not form continuous streamlets from 
each hole. See Figures 8-67D and &68A 
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Table 8-12 
General Listing and Comparison of the Major Contacting Trays+ 

Tray 
Efficiency Pressure Operating 

Manufacturer Capacity Turn4own Drop Flexibility 
. .. . ~ ~ . .~ 

Bubble Cap Several Med. to 60% Good low High Good 
Figures 8-63, 64, 66 
Sieve Several High High/Limi ted Medium Medium 
Figures 867A, 67C, 68B 

flows, exceeds Valve Tray 

Sieve Linde High High/Medium Low Good/Medium 
Dual Flow* 
Figure 8 6 8 A  

Shell Dev. High High/Medium Low Low 

Float Valve Nutter High 
Figures 8-69A, 69B 

High/High Medium Good 

Fixed V-Grid 
Figure 8-70 

Good Nutter o u t  High/High Medium 
performs 
Sieve Tray 

MVG Tray Nutter High High/4l Medium Good 
Figures 8 7  I.A, 71B >by 15-/ratio 

30 % 
Flexitray Koch Higher Wide range Low Good 
Type A Figure 8-72 
valve lift Tray. Lower 
w / s r p  edge entrain 
orifice, round than Sieve 

than Sieve 

Flexitray 
Type A w/ 
contoured hole 
Figure 8-73B 

Koch Ditto above Ditto above Ditto above 

Flexitray 
Type T, rnd. 
Figure 873A 
retained by 
fixed hold 
down, srp 
edge hole 

Koch Ditto above Ditto above Ditto above 

Flexitray 

lift, con- 
toured hole 
Figure 8-72 

Type To 
Koch Higher than Wide range Low Good 

Sieve, w/ 
lower entr. 

Flexitray 
Type S, fixed 
triangular 
valve 
Figure 8-72 

Koch Medium Good, fixed Medium Good to 
by design Medium 

Ballast, Glitsch Higher than High/High Medium Good 
Valve Sieve Similar 
V-Series to Sieve 
V1 thru 
V-5 valves 
Figure 8-74 and 8-77 
Ballast Glitsch Higher than High/High Medium Good 

Figures 8-73 and 8-76 
A-Series 
lift, A-l 
A-5 w/cages 
Figure 87.5 

Valve Bubble Cap to low 
or Sieve 

.... .- .. . . -. . . . . ... . .. 
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Table 8-12 (Cont’d) 
General Listing and Comparison of the Major Contacting Trays 

. -  ._ 

Efficiency Pressure OPrnting 
vPeTr?ry Manufacturer Capacity Turn-down WOP Flexibility 

F e  Tray 
Figure 8-78 ** 

Glitsch Same or Similar to 
better than Sieve or 
Sieve/Valve Valve 

Low Good 

Bubble Cap 
(FRI plain 
3 in. and 4 in.) 
Fimre 8-79 

Norton Good High/High Medium Good 

valves, MR2L Norton Good Medium/Good Medium Good 
Figure 8-80 
Valve, L Norton Good Medium/Good Medium Good 
Caged, MR2 Norton Good Medium/Good Medium Good 
Valve, M Norton Good Medium/Good Medium Good 
Caged, MR? Norton Good Medium/Good Medium Good 
Caged, G Norton Good Medium/Good Medium Good 

**Nye Tray, 10-20% increased tray (over sieve or valve) capacity and good efficiency. More capacity from existing column. Improved inlet area for sieve 
or valve tray with greater area for vapor-liquid disengagement. 

+Not offered as all inclusive analysis, but as somewhat general guidelines based on the respective manufacturer’s literature description and best inter- 
pretation by this author. This Table is not intended to be a decision-making guide, and the author recommends that the engineer discuss and pre- 
sent separation requirements to the respective manufacturers. There is no intention to suggest a negative performance by any manufacturer’s 
designs or fabricated equipment. 

*Not in wide usage. 

# This specialized Sieve Tray design is of high efficiency and operates with exceptional short tray spacings, sometimes as low as 6 in. between trays. 
Compiled from recent manufacturer’s literature. Credit is acknowledged for the use of this material, which is not all-inclusive in this table. 

Capacity: Quite similar to sieve tray, as high or higher 
than bubble cap tray from 50% up to 100% design rate 
(varies with system and design criteria). Performance at 
specification quality falls off at lower rates. 

EfJiciency: Usually not quite as high as bubble caps in 
region of design, but falls to unacceptable values below 
60% design rate. 

Entrainment: Only about one-third that of bubble cap tray. 
Application: Systems where high capacity neardesign 

rates to be maintained in continuous service. Handles sus 
pended crystal and small solid materials, as well as polymer 
forming materials. Holes become plugged in salting-out 
systems where trays run hot and dry (as underside of bot- 
tom tray). Good in vacuum or low-pressure-drop design. 

Tray Spacing: Can be closer than bubble cap due to 
improved entrainment. Twelve-inch is average; 9 to 18-in. 
acceptable; 18 to 30 in. for vacuum. 

Pqtmetary Trays 

There are many special tray designs which solve special 
problems and exceed the capabilities of the conventional 
trays. The comments regarding performance are those 
claimed by the manufacturer, see Table 8-12. 

Not all tray designs solve special problems, even though 
some may have unique performance features. Most of 

these trays have the bubbling contact action from valves, 
either moveable (liftable) or fixed (usually stamped or cut 
from the tray floor itself). In addition to the valve trays 
above, there are sieve trays (with multiple downcomers) of 
Union Carbide Corp., Linde Div., and the Turbogrid tray 
of Shell Development Co., and Ripple Tray (sieve type) of 
Stone and Webster Engineering Corp. 

Bubble Cap Tray Design 

The bubble cap has been studied extensively and sever- 
al design recommendations have been presented over the 
years. The most complete and generally applicable is that 
of Bolles [ 5 ] .  It should be stressed that proper mechanical 
interpretation of process requirements is essential in 
design for efficient and economic operation. There is not 
just one result, but a multiplicity of results, each unique to 
a particular set of conditions, and some more economical 
than others. Yet at the same time, many of the mechanical 
design and fabrication features can be identical for these 
various designs. 

The tray and caps operate as a unit or system; therefore 
they must be so considered in design (Figures 863 and 866). 

Due to the public nature of so many design techniques, 
the individual engineer has sufficient information to pre- 
pare a design that can be expected to perform satisfactorily. 
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Figure 8-63. Bubble cap tray schematic4ynamic operation. 

Standardization 

Figure 8-64. Bubble cap tray in large column. Used by permission, 
Glitsch, Inc. 

In addition nearly all of the major tray manufacturers can 
and do design bubble cap trays as well as the other types on 
request for comparison with competitive types of trays. 

The Fractionation Research, Inc. design procedures are 
proprietary for the financial participants in this extensive 
test program. 

Figure 8-65. Slip-type cartridge 
assembly for bubble cap trays in 
small column, 1 -ft-1 O'YA-in. I.D. 
Used by permission, Glitsch, 
Inc. 

The custom design of the trays for each application is 
usually unnecessary and uneconomical. Instead most 
designers use a standard reference tray layout and cap size 
to check each system. If the results of the tray hydraulics 
study indicate operation unsatisfactory for the standard 
tray, then alterations of those features controlling the out- 
of-line performance is in order, using the same method as 
will be outlined for the initial design of a custom tray. It is 
understood that such a standard tray cannot be optimum 
for every application but experience has demonstrated 
that many applications fit. The economic advantages of 
using a limited number of bubble cap sizes and designs 
are reflected in warehouse stocks. The standardization of 
layouts, downcomer areas, weir lengths and many other 
features are reflected in savings in engineering mechani- 
cal design time. 

At the same time, systems that do not adapt themselves 
to this standardization should be recognized and handled 
as special designs. 

Design Objectives 

Each tray design should ultimately resolve and achieve 
the following: 
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- -  

Vapor ond Mist 

Figure 8-66, Bubble cap performance. 

Downcomer Edge or Inlet Weir (if used) / ,Holes on 60° Triangular Pitch 

Hole-Shell Clearonce 

~ i ~ , d  Hole Area 3 k3” ’I’ 
Active Hole Area 

Figure 8-67A. Sieve or perforated tray with downcomers. 

1. Capacity: high for vapor and/or liquid as required. 
This yields the smallest column diameter for a given 
throughput. Flexibility or adaptability to high and 
low fluctuations in vapor and liquid rates. 

2. Pressure Drop: low pressure drop is necessary to 
reduce temperature gradients between top and bot- 
tom of the column. High pressure drop is usually 
(but not always) associated with uneconomical 

design. In some systems pressure drop is not a con- 
trolling feature, within reasonable limitations. 

3. Efficiency: high efficiency is the objective of each tray 
performance. The better the contact over a wide 
range of capacities, the higher will be the efficiency 
throughout this range. 

4. Fabrication and Installation Costs: details should be 
simple to maintain low costs. 

5. Operating and Maintenance Costs: mechanical 
details must account for the peculiarities of the sys- 
tem fluids (coking, suspended particles, immiscible 
fluids, etc.) and accommodate the requirements for 
drainage, cleaning (chemical or mechanical), corro- 
sion, etc., in order to keep the daily costs of operation 
and downtime to a minimum. 

Bubble-Capway Tower Diameter 

Column diameter for a particular service is a function 
of the physical properties of the vapor and liquid at the 
tray conditions, efficiency and capacity characteristics of 
the contacting mechanism (bubble trays, sieve trays, etc.) 
as represented by velocity effects including entrainment, 
and the pressure of the operation. Unfortunately the 
interrelationship of these is not clearly understood. 
Therefore, diameters are determined by relations corre- 
lated by empirical factors. The factors influencing bubble 
cap and similar devices, sieve tray and perforated plate 
columns are somewhat different. 

The Souders-Brown [67] empirically correlated maxi- 
mum allowable mass velocity is represented in Figure 8-82 
for “C” Factor determination, and in Figure 8-83 for solu- 
tion of the relation: 

w = c [p, (PL - PV)11’* (8-219) 

where W = maximum allowable mass velocity through column 
using bubble cap trays, lb/ft2 cross-section) (hour) 

C = factor from Figure 8-82 related to entrainment 
pv = vapor density, lbs/ft3 
p~ = liquid density, lbs/ft3 
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B. 

Figure 8-67B. For sieve tray layout 
arrangements; typical one-, two-, and 
four-pass tray flow patterns with 
clarifying flow markings by this 
author. Used by permission, Glitsch, 

1 

i Inc., Bul. 4900-5th Ed. 

Figure 8-67C. Linde multiple-downcomer tray. Used by permission, 
Union Carbide Corp., Linde Division. 

Figure 8-67D. Ripple tray (no downcomers). Used by permission, 
Stone and Webster Engineering Corp., Boston, Mass. 
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Figure 8-68A. Perforated tray without downcomer. Used by permis- 
sion, Hendrick Mfg. Co., Carbondale, Pa. 

Figure 8-698. Nutter float valvesTM in open and closed positions for 
use on distillation trays. Used by permission, Nutter Engineering, 
Harsco Corp., Bul. N-2. 

Figure 8-688. Sieve tray with integral downcomer. Used by permis- 
sion, Hendrick Mfg. Co., Carbondale, Pa. 

Figure 8-70. Nutter V-Grid~M fixed valve for trays. Used by 
sion, Nutter Engineering, Harsco Corp., Bul. N-2. 

Figure 8-71A. Nutter MVGTM high performance fixed valve tray with 
4:l turndown ratio. Used in new installations and to replace sieve 
trays. Used by permission, Nutter Engineering, Harsco Corp., Bul. Figure 8-69A. Nutter BDHTM Float valve tray with downcomer. Used 

by permission, Nutter Engineering, Harsco Corp. CN-4. 
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Figure 8-73A. Type “T” Flexitray@. Used by permission, Koch Engi- 
neering Co. Inc. 

Figure 8-718. Nutter LVGTM long, SVGTM short, and MVGTM tray 
slots. MVGTM tray slots are always placed in a triangular pattern. 
Used by permission, Nutter Engineering, Harsco Corp. 

Figure 8-738. Type “A” Flexitray@ with double pass. Used by per- 
mission, Koch Engineering Co., Inc. 

A Standard valve with integral legs used for most services, 
utilizing a sharp-edged orifice in the tray floor. 

& Same “ A  valve, but with a contoured hole in the tray 
floor for lower operating pressure drop. 

T Round valve retained by a fixed holddown and a sharp- 
edged hole in the tray floor for all services, including foul- 
ing, slurry and corrosive applications. 

To The same “T” valve and holddown with a contoured, low- 
pressure drop hole in the tray floor. 

S Stationary valve punched up from the tray floor. 

The A, &, T and To valves can be supplied either with a 
flat periphery for tightest shutoff against liquid weepage 
at turndown rates or with a three-dimpled periphery to 
minimize contact with the tray deck for fouling or corrosive 
conditions. 

Figure 8-72. Types of standard Koch valves. Used by permission, 
Koch Engineering Co., Inc., Bul. KT-6A. 
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Standard Dimensions: 
Diameter: 17b” 
Initial Opening: 0.10“ 

V-1, V-4, GV-1, and V-1 H 

Figure 8-74a. 

Standard Dimensions: 
Diameter: 17N 
Initial Opening: none (flush seating) 

V-lX, V-4X, GV-lX, and V-1 HX 

Figure 8-74b. 

V-1 TYPE 
(Fiat Orifice) 

Figure 8-74c. 

Diameter of Orifice Opening: 1 17/32“ 

(Extruded Orifice) 

Figure 8-74d. 

Figures 8-74a-d. Glitsch Ballast@ Valves, V-series. Used by permis- 
sion, Glitsch, Inc., Bul. BU-69 (Rev.). 

The “C” factor is determined at the top and bottom 
(or intermediate) positions of the column in order to 
evaluate the point of maximum required diameter. The 
“ W  rate obtained in this solution is the maximum allow- 
able, and hence corresponds to the minimum acceptable 
diameter for operation with essentially no entrainment 
carryover from plate to plate. Normally a factor of 
“safety” or “ignorance” of 1.10 to 1.25 would be applied 
(W divided by 1.10 to 1.25) if irregularities in capacity, 
system pressure or other significant variables can be 
anticipated. Recent experience indicates that the rela- 
tion is somewhat conservative for pressure (5 to 250 psig) 
operated distillation systems, and the maximum allow- 
able rate can be increased by 5-15% (W times 1.05 to 
1.15) exercising judgment and caution. Basically this 
reflects the satisfactory operation at conditions tolerat- 
ing some entrainment with no noticeable loss in frac- 
tionating efficiency. In any case the shell diameter 
should be rounded to the nearest inches on the diameter 
for fabrication standardization. Diameters such as 3 ft, 
8% in. inside diameter are to be avoided, but can be used 
if conditions warrant. Standard tray layouts for caps, 
weirs, etc. are usually set at 6-in. intervals of diameter 
starting about 24 to 30 in. 

The diameter based on vapor flowrate, V‘, in the region 
of greatest flow: 

1/2 
D=[:($)] (8 - 220) 

Entrainment may not be the controlling factor in 
proper design. In cases of high liquid load or with 
extremely foamy or frothy fluids the tendency to flood 
is generally increased by close tray spacing. The 
hydraulics of the tray operation must be evaluated and 
the liquid height in the downcomer reviewed for 
approach to flooding. If liquid height in the downcomer 
exceeds one-half the tray spacing, the spacing should be 
increased and the column rechecked. In such cases 
entrainment is of no worry as the allowable entrainment 
vapor capacity will be greater than needed to satisfy the 
increased tray spacing. 

Tray Layouts 

Flow Paths 

The simplest tray arrangement considering fluid flow 
and mechanical details is the cross-flow shown in Figure 
8-84 (page 137). It fits the majority of designs. When liq- 
uid flows become small with respect to vapor flows the 
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A-1 , A-4 FLAT ORIFICE 
(A-1 , A-2, A-2X TYPES) 

Diameter of Orifice Opening: 1 17/32" 

A-2, A-5 

EXTRUDED ORIFICE 
(A-4, A-5, A-5X TYPES) 

A-W, A-5X 

Figure 8-75. Glitsch Ballast@ Valves, A-Series. Used by permission, Glitsch, Inc., Bul. BU-69 (Rev.). 

reverse flow tray is recommended; when liquid load is 
high with respect to vapor, the double pass tray is suggest- 
ed, as the path is cut in half and the liquid gradient 
reduced; and for the extremely high liquid loads the dou- 
ble-pass cascade is suggested. These last two are usually 
encountered only in largediameter towers. 

The liquid flow paths across the tray are important, 
as channeling to one area or another prevents efficient 
vapor contact. Short tray baffles are often installed to pre- 
vent short circuiting, particularly near the column shell 
wall. The segmental downcomer with straight chordal type 
weirs provides an efficient initial distribution pattern for 
liquid. Circular or pipe-type downcomers with corre- 
sponding shaped weirs require careful attention to the liq- 
uid path as it leaves or enters such a downcomer. For small 
liquid flows they serve very well. A guide for tentative 
selection of the tray type for a given capacity is given in 
Table 8-13 [5] (page 137). 

Figure 8-85 (page 138) and Table 8-14 (page 138) iden- 
tify the distribution of areas of a tray by the action of the 
tray area. 

A tray design guide is given in Table 8-15 (page 138) and 
is as presented by Bolles [ 5 ]  except with modifications 
where noted. 

Figure 8-86 (page 139) is a 3-ft 0-in. diameter tray, and 
is representative of details associated with tray design.A 
typical 4in. pressed cap is shown in Figures 879 and 81. 

The details of these figures are only one set of many 
which will adequately serve as a general purpose tray. 
Because such a tray is adaptable to many services, it can- 
not be as specific for optimum design, as the designer of a 
particular system might prefer. Table 8-16 (page 154) gives 
bubble cap and riser layout data and weir lengths for other 
sizes of general purpose trays. 

Caps suitable for particular tray designs are shown in 
Figures 887,  88 and 89. The rectangular caps require lay- 
outs differing from the bell caps, but similar in design 
principles of flow path evaluation. 

Liquid Distribution: Feed, Side Streams, Reflux 

For tray columns, bubble caps, valves or sieve, the feed 
liquid usually enters the column either in between func- 
tioning trays or at the top (reflux). The liquid or liq- 
uid/vapor mixture for flashing liquids must be dispersed 
uniformly across the tray. Such an arrangement often 
requires a special tray designed for the purpose to allow 
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Figure 8-76. Type A-1 Ballast@ Tray. Used by Permission, Glitsch, 
Inc. 

Figure 8-77. Type V-1 Ballast@ Tray. Used by permission, Glitsch, Inc. 

Figure 8-78. Glitsch NyeTM Tray action to improve conventional sieve 
and valve tray performance by 10-20%. Used by permission, Glitsch, 
Inc., Bul. GLI-5138. 

The Nye Tray increases the area available for disengagement of this 
light froth. In addition to the normal perforated section, vapor can 
now flow into the inlet area below the downcomer. Vapor enters the 
contact zone of the Nye Tray through the perforated face of the inlet 
panel, under the liquid coming out of the downcomer. 

Specifically, the Nye Tray achieves this improvement by using a 
patented inlet area on a sieve or valve tray, which increases the area 
available for vapor-liquid disengagement. 

b 

Figure 8-79. Norton FRI Plain Bubble Cap (3 in. and 4 in.), slotted 
skirt caps available. Used by permission, Norton Chemical Process 
Products Corp., Stow, Ohio. 

The Norton standard bubble cap is the Fractionation Research Inc. 
(FRI) plain cap. It is available in 3-in. and 4-in. OD and custom sizes 
as well. 
The FRI cap has a plain skirt; however, we also manufacture caps 
with various cap slot designs. Caps and risers can also be offered to 
our clients' specific requirements. 
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PL-VALVE 

Figure 8-80. Typical Norton Valve Tray Valves. Used by permission, Norton Chemical Process Products Corp., Stow, Ohio., Bul. FT-2. 

liquid to flow downward to the next active separation tray, 
and at the same time allow vapors to rise uniformly to the 
underside (entering) of the vapor flow devices on the next 
active (working) tray above. This requires attention to the 
respective flow to avoid upsetting the separation perfor- 
mance of the working trays. An allowance should be made 
for upset separation performance at this location in the 
column by adding two actual trays or minimum of one the- 
oretical tray divided by the estimated tray efficiency to the 
total actual trays in the column, and locating accordingly. 

Feintuch [221] presents calculations for a pipe distribu- 
tor with tray and downcomers to disperse the reflux or feed 
liquid uniformly across the tray (which should not be 
counted as a “working tray,” but a distribution device) and 

allow the liquid flow from the downcomer to the tray bclow 
to be the first “working” tray. The same concept applies t o  
intermediate feed trays. Designs may vary depending o n  
diameter of the column (see Figure 8-84) and require- 
ments for liquid and vapor flow. Some designs direct the 
incoming liquid into the downcomer of the top tray of a 
column with only some adjustments for weir heights. 

Layout Helps 

The scheme for arranging caps and downcomers as pro- 
posed by Bolles [ 5 ]  is one of several. Plain drafting using 
the suggested guides is a bit longer than the short cuts. 
The layout sheet of Figures 8-90 and 8-91 is convenient 
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14 ga. cap 

I 

SPd 
'Weld 

' %"a x 2%" Hex Head 

metal washer 

-- 

Detail of Pressed 
Cap and Riser 

Scale: 314" = 1 I' 

dots 

Cap Pitch Center to Center 

Cap sizes 2-in., 3-in., and 4in.: recommended cap lane 
distance of 1% in. (with Min. minimum, l%inch maxi- 
mum) plus cap outside diameter. 

For cap sizes of 6 and 8 in.: recommended cap lane dis- 
tance of 1% in. (1%-in. minimum, 2?4in. maximum) plus 
cap outside diameter. 

Weirs 

Figure 8-100 is convenient for arriving at weir lengths 
relative to their effect on segmental downcomers. 

(a) Inlet 
These contribute to the uniform distribution of liquid 

as it enters the tray h m  the downcomer. There are about 
as many tray designs without weirs as with them. The 
downcomer without inlet weir tends to maintain uniform 
liquid distribution itself. The tray design with recessed seal 
pan ensures against vapor backflow into the downcomer, 
but this is seldom necessary. It is not recommended for 
fluids that are dirty or tend to foul surfaces. The inlet weir 
is objectionable for the same reason. 

The first row of caps next to the weir or inlet downcomer 
must be set back far enough to prevent bubbling into the 
downcomer. The inlet weir prevents this, although it can be 
properly handled by leaving about 3 in. between inlet down- 
comer and the nearest face of the first row of caps. 

The height of an inlet weir, ifused, should be 1 to 1% in. 
above the top of the slots of the bubble caps when 
installed on the tray. 

If inlet weirs are used they should have at least two slots 
%in. by 1-in. flush with the tray floor to aid in flushing out 
any trapped sediment or other material. There should also 
be weep or drain holes below the downcomer to drain the 
weir seal area. The size should be set by the type of service, 
but a minimum of %in. is recommended. 

Detail of Slots 
Pressed Cap 

Figure 881. Typical 3Mn. I.D. (nominal 4 in.) pressed bell bubble cap. 

scale: I" = 1" 

once cap-pitch master layouts are made for the sizes nor- 
mally used. Figures 8-92-8-99 and 8-86 present tray layouts 
to match the data given in Table 8-16. These have success- 
fully fitted many different processing situations. 

Cap Laput 

Caps should be arranged on the plate in 60" equilateral 
layout, with the liquid flowing into the apex of the triangle 
rather than parallel to the base. The liquid flows normal 
to each row of caps. 

(b) Outlet 
These are necessary to maintain seal on the tray, thus 

ensuring bubbling of vapors through liquid. The lower the 
submergence, i.e., the distance between top of slots of 
bubble caps and liquid flowing on the tray, the lower the 
tray pressure drops. However, this submergence must be 
some reasonable minimum value (V, to %in.) to avoid 
excessive by-passing of vapor through void spots in the 
surging, moving liquid body as it travels across the tray 
from inlet to outlet 

The adjustable weir feature of many tray designs allows 
a standard tray to be utilized in different services by read- 
justing the weir height as needed. The fmed portion of the 
weir should never be lower than the top of the slots of the 
bubble caps. Depending upon service, the adjustable weir 
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For Petroleum Column, Multiply 

100 
S u r f a c e  Tension, Dynes  I c m .  

Figure 8-82. "C" factors for column diameter using bubble cap trays. Adapted by permission, The American Chemical Society, Sol 
Jr., and Brown, G. G. Ind. and Eng, Chem. V. 26 (1 934), p. 98, all rights reserved. 

Jders, M., 

should be capable of traveling a minimum of 2 in., with 
designs for some trays being 4 to 6 in. 

DaVnGOmer 

Figure 8-100 is convenient for determining the down- 
comer area and width for a given weir length (see Table 

The downcomer from a tray must be adequate to carry 
the liquid flow plus entrained foam and froth. This foamy 
material is disengaged in the downcomer as only clear liq- 
uid flows onto the tray below. The vertical and straight seg- 
mental downcomer is recommended, although the seg- 
mental tapered design has been used quite successfully 
(Figures 8-67a and 8-86). In the latter design the wide 
mouth of the inlet as compared to the outlet is considered 
to provide better foam disengagement conditions. 

The consensus seems to be that a ratio of the upper area 
to the outlet area (lower) be in the range of L5 to 2.0 [190]. 

Circular or pipe downcomers are also used, usually for 
low liquid flow and small diameter columns, generally 
below 18 in. diameter. The pipe projects above the tray to 

8-16 also). 

serve as the overflow weir. (Note: Calculate flow down on 
this circular basis, assuming the pipe can be surrounded 
by liquid on the my.) 

The downcomer seal on the tray is recommended [5] 
based on the liquid flow path: 

Liquid Path, Downcomer to Outlet 
weir, ft Downcomer Seal, in. 
Below 5 0.5 

5-1 0 1 .o 
Above 10 1.5 

Liquid By-Pass Baffles 

Also known as redistribution baffles, these short stub 
baMes guide the liquid flow path to prevent excessive by- 
passing of the bubble cap field or active tray area. Unfor- 
tunately this action is overlooked by many designers with 

( f a t  continwd on page 154 



Figure 8-83. Allowable mass velocity for fractionation, absorptlon, and stripping columns. 



inlet 
(With or Without 
Weir or Seal BOX) 

A r e a  

\ 
Downcomer 

Cross -F low Cross - Flow 

In let  Downcorner 

Bof f  le 

C c t l c t  Downcomer 

Inlet Downcomer 

Out le t  @ Downcomer 
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Weir 0 - 
Downcomer Note:  Elliptical 

Shoves also used. 

C r o s s -  Flow 

Inlet Downcomer 

Weir 

Out le t  Dow'ncorner 'Weir  

Reverse - Flow Double  - Pass Double- Poss C a s c a d e  Figure 8-84. Tray types by liquid paths. 

Table 8-13 
Guide for Tentative Selection of Tray Type 

Range of Liquid Capacity, GPM 

Estimated 
Tower Dia. Reverse Cross Double Cascade 

ft. Flow Flow Pass Double-Pass 

3 0-30 30-200 . . . .  . . . .  
4 0-40 40-300 . . . .  . . . .  
6 0-50 50-400 400-700 . . . .  
8 0-50 50-500 500-800 . . . .  

10 0-50 50-500 500-900 900-1,400 
12 0-50 50-500 500-1,000 1,000-1,600 
15 0-50 50-500 500-1,100 1,100-1,800 
20 0-50 50-500 500-1,100 1,100-2,000 

Used by permission, Bolles, W. L., Petroleum Procming, Feb. thru May 
(1956). 

137 

Figure 8-85. Classification of tray area. Used by permission, Bolles, 
W. L., Petroleum Processing, Feb. thru May (1956). 



138 Applied Process Design for Chemical and Petrochemical Plants 

Table 8-14 
Approximate Distribution of Areas as Percent 

of Tower Area 
(Allocated cap area is determined by difference) 

Tower 
Diam- 
eter ft. 

3 
4 
6 
8 

10 
12 
15 
20 

Downflow Area 

10-20 . . . .  
10-20 . . . .  

. . . .  10-15 

Ii uid Distribution Area +- I I 
cross 
Flow 

10-25 
8-20 
5-12 
4 1 0  
3-8 
3-6 
2-5 
. . . .  

Double Cascade 
Pass I Double 

End 
Wastage 

~. 
10-30 
7-22 
5-1 8 
4-15 
3-12 
3-10 
2-8 
2-6 

Used by permission, Bolles, W. L., Petrohm fiocessing, Feb. thru May 
(1956). 

Table 8-15 
Tray Design Guide for Bubble Caps* 

....... 

Materials of Construction 
Type. .............................. Light gage metalt 
Material . . . . . . . . . . . . .  Determined by corrosion conditions 

Tray Type 
General use ............................... Crossflow 
Low L/V ratio. ........................... Reverseflow 
High L/V or large towers . . . . . . . . . . . . . . . . . . .  Double-pass 
Very high L/V or very 

large towers. .................... Doublepass, cascade 

Downcomers and Weirs 
Downcomer type ........................... Segmental 
Downflow baffle .............................. Vertical 
Weirs for normal loads ........................ Straight 
Weirs for low loads. .......................... Notched 

Length: Cross-flow trays, % Tower Dia. . . . . . . . . . .  .60-70%t 
Length: Double pass trays, % Tower Dia. . . . . . . . .  .5060%t  
Downcomer width for doublepass trays . . . . . . . . .  .8-12 in.t 

Weir adjustment. ............................. 1-3 in.? 

Bubblecaps 
Nominal size for: 

2.5-3 ft. towers. ............................. . 4  in.+ 
4-10 ft. towers ............................... . 4  in. 
10-20 ft. towers .............................. . 6  in. 

Design ....................... Use suggested standards? 
Pitch. . . . . . . . . . . . . . .  Equil. triangular, rows normal to flow 
Spacing ..................................... 1-3in. 
Skirt height. ............................. 0.25-1.3 in.+ 
Fastening. .......................... Removable design 

Bubblecaps (Cont.) 
Clearances 

Cap to tower wall. ..................... 1.5 in. minimum 
Cap to weir. .......................... . 3  in. minimum 
Cap to downcomer or downflow baffle . . . .  . 3  in. minimum+ 

Mean slot opening 

... ._ . - .......... - 
Tray Dynamics 

Maximum ......................... 100% slot height 
Minimum ................................. .0.5 in. 

Mean dynamic slot submergence 
Vacuum operation ..................... .0.25-1.5 in.t 
Atmospheric .......................... .0.50-2.0 in.t 
30-100 psig. ............................ 1.0-3.0 in.? 
200-500 psig ............................ 1.5-4.0 in.? 

Vapor distribution ratio (A/hc) . . . . . . . . . . . .  .0.5 maximum 
Height clear liquid 

in downcomers . . . . . . .  .50% downflow height, maximum 
Downflow residence time . . . . . . . . . . .  . 5  seconds, minimum 
Liquid throw over weir. . . .  .60% downflow width, maximum 
Entrainment 
As mol/mol dry vapor . . . . . . . . . . . . . . . . .  0.10 maximum 

Pressure drop ..................... As limited by process 

For towers 2.5-10 ft.t ........................... 18 in. 
For towers 4-20 ft.t ............................ .24  in. 

Inlet weirs . . . . . . . . .  Use as required for liquid distributiont 
Intermediate weirs: 

Reverse-flow baffles: 

Redistribution baffles 

. . . . .  

Tray Spacing 

Miscellaneous Design Factors 

. . . . . . . . . . . . .  Minimum height > height liquid downstream 

..................... Minimum height twice clear liquid 

Location: 
All rows where end space is 1-in. > . . . . . . . . . .  cap spacing 
Clearance to caps. . . . . . . . . . . . . . . . .  Same as cap spacing 
Height. ..................... Twice height clear liquid 

Weir to baffle < 5 ft. ......................... .0.5 in. 
Weir to baffle 5-10 ft.. ........................ 1.0 in. 
Weir to baffle > 10 ft. ......................... 1.5 in. 

Tray design deflection (structural). . . . . . . . . . . . . . . . . .  ?4 in. 
Drain holes 

Size ...................................... %-% in. 
Area. . . . . . . . . . . . . . . . . . . .  . 4  sq. in./100 sq. ft. tray area 

Leakage . . . . . . . . . . . . . .  Max. fall 1.0 in. from top of weir in 

Construction Tolerances 

Downflow baffle seal 

20 min. with drain holes plugged 

Tray levelness+. . . . . . . . . .  %inch Max. under 36-inch dia.t 
%inch Max. 36-60-inch dia.t 
%-inch Max. over 60-inch diat 

Weir levelness .............................. &ein.t - ..... _- 
*Used by permission, Bolles, W. L., Petmleum hcess ing ,  Feb. thru May 

(1956) ; t indicates modification by Ludwig. 
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Redistribution Bafile 
2 spaces Q 2 spaces 8 
4.55"-9.10 ' 4.55"-9.10 

Possible Weir travel 
0" to 4" Welr trave 

Shell 

Note: Successive trays to be turned 180" to each other 

TRAY DETAILS 
Scale: 3"-1'-0" 

l h " O  Bot Stud with 

Weld Nut to Tray 

Scale: None 

WEIR DETAIL "B" 
Scale: Ilh'=1'-0" 

Fabricator shall furnish 3-3/8"0 
Machine bolts with Hex Nuts 8 

Washers for each tray. 

DETAIL "C" 
Scale: None 

DOWNCOMER DETAIL "D" 
Scale: 1 Vz'-1'-0" 

Figure 8-86. Typical bubble cap tray details: 3-ft-0-in. diameter column, 4-in. caps. 



140 Applied Process Design for Chemical and Petrochemical Plants 

"quarter-turn" cap 
arrangemenr. 

4 
''Sebn'' ricer " 9 n "  riser 

and flaredcap 
"snowin" froe and f rog a n d  wedge key - -  

holddown. stud and ;ut holdaown. 

7 
W'nh 

d to 

9 
Welded-an riser, 

cap centering lugs, 
crass bar and hook 

11 
FixLd r iser  w i t h  
clinched in "Y" lug 
and wedge key. 

"quarter-turn" hex- 

and ''mopin" frog. 

to cross bar 
"Pull-up" riser "Pullup" riser with 

pyramidal cap of 
welded construe- 

- -  
wdded to tmy. 

Removable redangular cop 
and riser and "snapin"fr0g. 

=- 
Adlustable holddown bar arrangement. riser assembly with re- 

movable or fixed riser. 

Figure 8-87. Bubble cap and riser design. Used by permission, Glitsch, Inc. 
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GENERAL NOTES 
(1) "a" dimension should not bo loss than motol thicknoss on clorod 100th dot#, 

and proforablo 1.1 timos motoi thicknoss. IDOW not opply on open tooth slots 
i f  slots are toporing to a top tooth width of 2 times motol thicknoss.1 

(2) Dubblo cop I.D. has boon sot os a f i nd  dimonsion with tho O.D. of tho cop o 
minor vorioblo. This pormits tho us* of o stondard slotting mondrol for various 
gouges of moteriol used on o cop with a f ixod I D .  dimension. Fixing tho cap 
I.D. wil l also maintain a constont insido oroo ond its relotionship to onnulor 
aroo. 

(3) Riwr O.D. hos boon sot os a fixed dimonsion to provont disturbing bolonco bo- 
twoon risor oroo ond annular oroo and allow oaso of fitting of risors to dock 
soctions irrospoctivo of motol thicknoss used on rison. This is  important prin- 
cipally on "pull-up" risor insortod through tho deck from bonooth tho tray. 

(4) Columns "U, "V" ond "W' am ossumod and estoblishod to giro o cop slot 
oroa of opproximototy 1.7 to 1.85 times tho ,isor oroo. Tho six. and shop. of 
tho slots hovo boon orbitrorily soloctod so that column "7." could bo colculotod. 
Thoso columns oro.of ocodornic intoroat and moy bo of voluo os o comparison 
in soloding o slot shop. or moo of groator desirability. 

(1) Formulo to find risor I.D. '0" (with a woll thicknoss = tr) when onnulor oroo = 
e. Vapor uptake aroo. + = any dasirod rotio of vopor uptake area to annulor 
area. (1 = b El  

VAPOk RlSm SU€ IO1 AN A??ROXlMIT€ VALUP 
Or ANNULAR (OR R€VERSAL) U T A  = RlSiR WAWR 

CA? SPAClNO I A 1 I O R  AN A??ROXIMAT€ 
'MU€ OF R€€ S?AC€ AR€A = 1.0 : AR€A RlS€R #1 

OR 1.4 : A R U  RlSU #l 

1; ;++.-ag 
-- 

936 41707 SQlbS- 

8811  41711 U 179 

8 13 37 112 38 485 

7 6 3  3192 33 113 

731 294b5 3068 

7 03 17 I 1  28 17% 

671 2485 15967 

644 21 691 1 3  758 

617 10619 11648 

584 18665 I9615 

558 168  17711 

531 15033 15904 

498 13 164 14186 

471 11793 11566 

4 4 s  10111 1105 

411 894x Pblll 

- - __ 
~ 

- 
3 8 4 -  7 W W  8 E  

35 54119 5235 

- .  
357 64918 7OM6 

315 44.301 49Wi 

171 3 $466 39761 

1.31 27611 3 1414 

Ill 1.0739 1.4051 

1.7U 1.4849 1.7671 

1.51 .W4 11171 

1.19 ,6013 .78S4 

Figure 8-88. Bubble cap and riser comparison data. Used by permission, Glitsch, Inc. 
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m a  
1 .n7 

Figure 8-88. Cont'd. 
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BURBLE CAP AND RISERS -TYPES AND HOLD DOWNS 
EXPLANATION 

I h . ~ I n n k k r r ~ # ~ a p d b ~ n m c l y & ~ . b . ( l y d ~ k . r I l y k . . d  
holddown styha ahown .bm wi(h o h r  opm or doaod dolnmrgomnt Q lirn~od In the rhm. 

_ _ ~  

Figure 8-89. Bubble cap and risers-types and hold-downs. Used by permission, Gliich, Inc. 
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11" 11" 
I i 

See Notes for size I 81/411 10" ! 

d 
Adjustable weir plate 
with slotted bolt holes 
Use 3-3/8"0 bolts 
See Detail " B  

I 

Downcomer 
See Detail "D" 

tray 

backing strip 
DETAIL "A" 

MANWAY CLIPS 
Scale: None 

DETAIL W 
Scale: li/z"=1'0" 

Note: Fabricator shall furnish 2-st8"0 machine 
b o b  wlth hex nuts and washers for each tray. 

l#l&''" 

Tray 
DETAIL 'c" 
Scale: None 

WWNCOMER DETAIL "W 
Scale: 11h"=1'0" 

Figure 8-92.2-ft-&in. dia column4-in. caps. 
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l/2"0 bolt stud 
with 2 hex nuts 

DETAIL "A" 
MANWAY CLIPS 

Scale: None 
P 

Adjustable weir V8" R71/2qb 

baffles 3'12'' hgh x 3l/z" long 
2 spaces 8 4.55" = 9.10" 

33/ie" 

PLAN 
Scale 11/z"=1'0" Adjustable Weir 

Successive trays to be turned 180" to each other 

60" 

n x 1 'I cllp 

WEIR DETAIL "8" 
Scale: None 

Fabricator shall furnish 3-'/2"0 machine bolts 
with hex nuts and washers for each tray 

DETAIL "C" 
Scale: None 

DOWNCOMER - DETAIL "D" 
Scale: None 

4" SECTION "A-A" 
Scale 11/2"=1'0" 

Figure 8-93.3-ft-6-in. dia column4-in. caps. 
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17" 17" si..-. 6'14: , 

PLAN 
Scale 11/z"=1'0" 

See Detail vA" Weir travel 

See Detail 'B" 

See Detail " D  

311hs,, turned 180°toeachother. . for this dirnenslon. 
I I , , ,  

8'/2" 
SECTION "A-A" 
Scale 11/2"=1'0" 

, 112"0 bolt stud WE h a  nuts 

'14" x 1" C O W '  
backing strlp DETAIL "A" 

MANWAY CLIPS 
Scale: None 

WEIR DETAIL "9 
Scale: None 

Fabrioetw shall furnish Wh"0 machine bolts 
with hex nuts and washers for each tray. 

DETAIL 'C" 
Scale: None 1 ~ f 4 " s l ~ "  

DOWNCOMER DETAIL " D  
Scale: None 

Figure 8-94.4-ft-0-in. dia. column4-in. caps. 
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V2" 0 Bolt stud wfih 

Scale: None 

4 spaces 0 4.55 = 18.20'' I 

V i  

W 

WEIR DETAIL " B  331a" 
Scale: None 

Fabricator shell furnish 3%'' 0 
Machine bolts with Hex nuts 4 Washers for each tray 

4 Weep holes . 
See Notes for size 21,1218 731~" i 

c 1 21!/2" 

PLAN 
Scale i 1 / . "  = 1'-0" 

n For rnanwav clios n Weir travel 
0" to 3'/2'' 

SECTION "A-A 
Scale 1 112'' = 1 I 

Adjutable weir plate 
with slotted holes. 
See Detail "B" 

Downcorner 
See Detail " D  

& ~ a ~ l ' " l "  

DETAIL 
Scale: None - 2 Req'd 

DOWNCOMER DETAIL " D  
Scale None 

Figure 8-95. 5-ft-0-in. dia. column4-in. caps. 
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_I 
41/2"-dia. weep holes 

Adjustable weir plate 
w/slotted bolt holes 

I 

I 
Successive trays to be 
turned 180" to each other 

Figure 8-96. 6-ft-O-in. dia. colurnri-4-in. caps. 



Flanged for slip fit into 6'4 shell 

f4'4314'' 

Weir length: 4'-33/4" 
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Notes: 
Work to dlmensions only. 
Any warping of tray due 
to cutting of holes must 
be removed and finished 
plates shall be made 
perfectly flat for 
installation in tower. 
Manhole plates to have 
suitable clamps or hook 
bolts and gaskets. 
All plates to be VZ'' thick 
except as noted. 

z 1 O'W' 

3-2" I.P.S. risers welded 

I 

Successive trays to be turned 
180" to each other 

SECTION "A-A 
Scale 1 1/2" = 1'-0" 

Figure 8-98.7-ft-0-in. dia. coturn#-in. caps. 

U 

Adjustable weir plate 
wlslotted holes 
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Notes: 
Work to dimensions only. 
Any warping of tray due 
b cutting of holes must 
be removed and finished 
plates shall be made 
perfectly flat for 
installation in tower. 
Manhole plates to have 
suitable clamps or hook 
bolts and gaskets. 
All plates to be l/2" thick 
except as noted. 

SECTION "A-A" 
Scale 1 V2" = 1'4" 

Figure 8-99. 8-ft-0-in. dia. column--4-in. caps. 
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Table 8-16 
General Purpose Distillation Trays Using 3 % ~  I.D. Pressed Metal Bell Caps on 5g-h. Centers 

~~~ 

Inside Diameter 2 ft-6 in. 3 ft-0 in. 3 ft-6 in. 4 ft-0 in. 5 ft-0 in. 6 ft-0 in. 6 ft-6 in. 7 ft- Oh. 8 ft-0 in. 
_-- - -- - -__ _ - -. __ __ - __ - __ 
Total Area, ft2 
Liquid Flow 

No. Downflow Weirs (1) 
No. Downflow Seals (2) 

No. Caps & Risers/Tray 
No. Rows/Tray 
Total Slot Area, ft2 (3) 

Percent of Tower Area 
Total Riser Area, ft2 (4) 

Percent of Tower Area 
Overflow Weir Length, ft (1) 

Percent of Tower Diameter 
Downflow Segment Area (5) 

Maximum Area, ft2 
Minimum Area, ft2 

Under Flow Clearance, in. 
Under Flow Area, ft2 
Up Flow Area, 

Minimum ft2 (6) 

4.91 
Cross 
One 
One 
18 
4 

1.15 
23.4 

0.683 
13.9 
1.625 
65.0 

0.338 
0.167 
2% 

0.274 

0.137 

7.07 
Cross 
One 
One 
27 
5 

1.73 
24.5 
1.04 
14.7 
2.05 
68.0 

0.642 
0.225 
2% 

0.354 

0.365 

9.62 
Cross 
One 
One 
37 
6 

2.38 
24.8 
1.42 
14.8 
2.35 
67.1 

0.80 
0.33 

0.426 

0.335 

2% 

12.56 
Cross 
One 
One 
51 
7 

3.27 
26.0 
1.96 
13.6 
2.686 
67.0 

0.96 
0.45 

0.473 

0.352 

2% 

19.63 
Cross 
One 
One 
79 
9 

5.08 
25.9 
3.00 
15.3 
3.35 
67.0 

1.41 
0.69 

0.604 

0.795 

2% 

28.28 
Cross 
One 
One 
129 
11 

8.29 
29.3 
4.95 
17.5 
4.0 
66.7 

2.12 
0.886 
2% 

0.710 

0.740 

33.18 
Cross 
One 
One 
130 
12 

9.64 
29.1 
5.36 
16.75 
4.31 
66.0 

2.39 
1.027 

3 
0.750 

0.882 

38.48 
Cross 
One 
One 
173 
13 

11.1 
28.9 
6.64 
17.25 
4.62 
66.05 

2.85 
1.14 

3 
0.887 

1 .ooo 

50.26 
Cross 
One 
One 
223 
13 

14.29 
28.50 
8.57 
17.05 
5.21 
65.1 

3.50 
1.47 
3 

1.01 

1.21 _______-___--_ _-__ - __- _ - - 
(1) 2% in. minimum height above tray floor, with adjustable weir 0 to 3% in. additional. 
(2) 3% in. high above tray floor. 
(3) Slots are 50-M in. x 1% in. per cap. Caps on triangular pitch. 
(4) Riser inside diameter = 2.68 in. 
(5) Design uses tapered segmental downcomer and inlet weir. 
(6) Area between downcomer and inlet weir for upflow of inlet liquid. All trays included access manway. 

(text continued from page 135) 

resulting low tray efficiencies. Table &15 gives recommen- 
dations for layout. 

Liquid Drainage or Weep Holes 

Holes for drainage must be adequate to drain the col- 
umn in a reasonable time, yet not too large to interfere 
with tray action. Draining of the column through the trays 
is necessary before any internal maintenance can be start- 
ed or before fluid services can be changed, when mixing is 
not desirable. The majority of holes are placed adjacent to 
the outlet or downcomer weir of the tray. However, some 
holes are placed in the downcomer inlet area or any sus- 
pected low point in the mechanical layout of the column. 

The study of Broaddus et al. [7] can be used to develop 
the following drainage time relation, and is based on flu- 
ids of several different densities and viscosities: 

(0.18 N + 0.15) (p)'.'' (An ) 

(p)lI4 (dh / h')'.' 
e =  (8- 221) 

where 8 = time to drain tower, minutes 
An = net open liquid area of one tray, equal to total 

tower cross section minus area occupied by caps 

and minus area of segmental or other downcomer 
at outlet of tray, ft2 

tower 
p = liquid density, grams/cc at liquid temperature in 

. p = viscosity of liquid at tower temperature, centipoise 
dh = weep hole diameter, in. Note that this is the diame- 

ter equivalent to the area of all the weep holes/tray 
h' = height of overflow weir or bubble cap riser, 

whichever is smaller, in. 
N = total number of actual trays in tower 

The accuracy of this relation is given as 14% maximum, 
6% average. 

A general recommendation [5] is to provide four 
square inches of weep hole area per 100 ft2 of net open 
liquid tray area in the tower. This latter refers to the total 
of all trays in the tower. 

Bottom Tray Seal Pan 

The bottom tray of a tower must have its downcomer 
sealed to prevent upflow of reboiled vapors. The down- 
comer of this tray is usually equal to or 6 in. longer than 
the other downcomers to ensure against bottom vapor 
surges or pulses in pressure breaking the seal. The sed 
pan is designed to avoid liquid back pressure and mini- 
mum restrictions to liquid flow. 
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-DOWNCOMER AREA (ONE SIDE). '/o TOWER AREA 

40 50 60 70 80 90 
WEIR LENGTH, 70 TOWER DIAMETER 

Figure 8-1 00. Segmental downcomer design chart. Used by permis- 
sion, Bolles, W. L. Pet. Processing; Feb. thru May (1 956). 

Turndown Ratio 

Turndown can be applied to all types/styles of tray 
columns; however, it is more relevant to sieve and valve 
trays. The generally accepted explanation of turndown is 
as follows [199] (also see Figure 8-101): 

Turndown ratio is the ratio of the maximum allowable 
vapor rate at or near flooding conditions (rates) to the 
minimum vapor rate when weeping or liquid leakage 
becomes significant; it may be termed the minimum allow- 
able vapor velocity [ 193, 199, 2001. 

1. For bubble cap trays, this ratio is approximately 10: 1. 
2. For sieve trays, this ratio is approximately 2-3:l. 
3. For valve trays, this ratio is approximately 4-5:l. 

Bubble Caps 

Although there are many styles and dimensions of caps 
in use, the round bell shaped bubble cap is quite practical 
and efficient. It is recommended as a good basis for the 
contacting requirements. This selection does not infer 
that other contacting caps are not acceptable, in fact many 
are in use in the chemical and petroleum industry. Their 
design criteria is limited to the proprietary knowledge of 
the manufacturer and not available to the designer. 

Figure 8-101. Qualitative effect of liquid and vapor loads on bubble 
cap tray performance. Used by permission, Bolles, W. L., Pet. Pro- 
cessing, Feb. thru May (1 956). 

Dimensions 

The most popular and perhaps most adaptable siLe is 
about 4 in. O.D. (3% in. I.D.).  The 3-in. and Gin. are also in 
common use for the smaller and larger diameter towers, 
although it is not necessary to change cap size with change 
in tower diameter. For a given active cap area the cost of 
installing the smaller diameter caps is l0-15% greater than 
the 4in., while the larger (and fewer number) &in. caps 
are about 15% cheaper. There is usually less waste tray area 
with the 3-in. caps than the 4in. or Gin. caps. Table 8-17. 

For the sake of standardization and developing a feel on 
the part of the designer for the effect of various design 
variables on tray performance, the 4in. cap (or %in. or 
4X-in.) caps are recommended as good general purpose 
units. This means that any application from a 2.5-ft dia. to 
10-ft dia. tower is first evaluated using the 4in. cap. If 
there are points of poor performance, cap sizes can be 

Table 8- 17 
General Purpose Guide for Pressed Cap Size Selection 

Tower Diameter, General Purpose Possible Alternate, 
Ft Size, I.D., In. In. 

~ ~ ~~~~ 

~~ ~ 

2.5, 3 37 2%; 3;  3% 
3.5, 4 3 A  3,  .?A 

5, 6, 7, 8, 9, 10 37 6 
?d 11, 12, 13, 14 G 

~ ~~ ~~ ~~~ 
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changed and the performance re-evaluated to adjust in 
the direction of optimum performance. 

Pressed steel caps of 12 to 14 US. Standard gage are the 
most frequently used, although cast iron caps are used in 
some services such as corrosive chlorinated hydrocarbons, 
drying with sulfuric acid, etc. Alloy pressed caps maintain 
the light weight desirable for tray construction, yet fre- 
quently serve quite well in corrosive conditions. Special 
caps of porcelain, glass, and plastic are also available to fill 
specific applications. The heavier caps require heavier 
trays or more supports in the lighter trays. The use of 
hold-down bars on caps is not recommended for the aver- 
age installation; instead, individual bolts and nuts are p r e  
ferred. Some wedge type holding mechanisms are satisfac- 
tory as long as they will not vibrate loose. 

Slots 

The slots are the working part of the cap, i.e., the point 
where the bubbling action is initiated. Slots are usually 
rectangular or trapezoidal in shape, either one giving 
good performance. A single comparison [5] indicates the 
rectangular slots give slightly greater capacity than the 
trapezoidal, while the trapezoidal slots give slightly better 
performance at low vapor rates (flexibility). This study 
shows that triangular slots are too limited in capacity, 
although they would be the better performers at low vapor 
rate. Generally, the capacity range offered by the rectan- 
gular and trapezoidal slots is preferred. 

Slot sizes 

Width: %-%in., %in. recommended rectangular %in. x 
%-in. to %-in. x %-in., %win. x %in. recommend- 
ed trapezoidal 

Height: %-in. to lxin., Win. to 1Min. recommended 

Shroud Ring 

This is recommended to give structural strength to the 
prongs or ends of the cap. The face of the ring may rest 
directly on the tray floor or it is recommended to have 
three short legs of %-in. for clean service. For all materials 
the skirt clearance is often used at ?4 to 1-in., and for dirty 
service with suspended tarry materials it is used as high as 
1% in. These legs allow fouling or sediment to be washed 
out of the tray, and also allow emergency cap action under 
extremely overloaded conditions-at lower efficiencies. 

Tray Performam-Bubble Caps 

A bubble cap tray must operate in dynamic balance, and 
the closer all conditions are to optimum, the better the 
performance for a given capacity. Evaluation of perfor- 

mance requires a mechanical interpretation of the rela- 
tionship of the tray components as they operate under a 
given set of conditions. This evaluation includes the deter- 
mination of: 

1. Tray pressure drop 
a. Slot opening 
b. Static and dynamic slot seals 
c. Liquid height over weir 
d. Liquid gradient across tray 

a. Liquid height 
b. Liquid residence time 
c. Liquid throw over weir into downcomer 

2. Downcomer conditions 

3. Vapor distribution 
4. Entrainment 
5. Tray efficiency 

The evaluation is made in terms of pressure drops (sta- 
tic and friction) through the tray system. Figures 8-63 and 
8-66 diagrammatically present the tray action. 

An understanding of the action of the bubble cap tray is 
important to good design judgment in deciding upon the 
acceptance of a particular design. The passage of vapor 
through the caps and liquid across the tray is complicated 
by fluid actions associated with the mechanical configura- 
tion and with the relative velocities of the fluids at various 
points on the tray. The quantitative considerations will be 
given in more detail in later paragraphs. However, the 
qualitative interpretation is extremely valuable. The fol- 
lowing descriptions are presented for this purpose. 

Tray Capacity Related to Vapor-Liquid Loads 

Figure 8-101 presents a generalized representation of 
the form useful for specific tray capacity analysis. Instead of 
plotting actual vapor load versus liquid load, a similar form 
of plot will result if actual vapor load per cap (here the cap 
row relative to inlet or outlet of tray is significant) versus 
the liquid load per inch or foot of outlet weir length. 

Although each plot must be for a specific system of con- 
ditions, Figures 8-102 and 8-103 are extremely valuable in 
analyzing the action of a bubble tray. 

For Figure 8-103 Bolles points out that the cap loads for 
inlet and outlet rows will be essentially balanced or “lined 
out” when the shaded areas are equal. 

From Figure 8-101, the region of satisfactory tray opera- 
tion is bounded by performance irregularities. Here all 
the caps are flowing vapor; the bubbling action is accept- 
able from an efficiency standpoint; entrainment is within 
design limits; there is no dumping (or back flow) of liquid 
down the risers, and no undesirable vapor jetting around 
the caps. 
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Tray Balance 

VAPOR LOAD PER CAP, CFS 

Figure 8-102. Effect of vapor load on slot opening, slot load, and 
pressure drop. Used by permission, Bolles, W. L., Pet. Processing, 
Feb. thru May (1 956). 

CAP PRESSURE DROP, SLOT LOAD, G INCHES OF LlOUlO % O F  CAPACITY- 

VAPOR LOAD PER CAP, CFS 

Figure 8-103. Effect of liquid gradient on vapor distribution with 0.5 
vapor distribution ratio. Used by permission, Bolles, W. L., Pet. Pro- 
cessing, Feb. thru May (1 956). 

A tray is in balance when it operates with acceptable effi- 
ciency under conditions at or very near those of design. 

Tray Flexibility 

A tray is flexible when it operates with acceptable effi- 
ciency under conditions which deviate significantly from 
those established for design. The usual changes affecting 
flexibility are vapor and/or liquid loading. A tray may 
operate down to 50% and up to 120% of vapor load, and 
down to 15% and up to 130% of liquid load and still be 
efficient. Beyond these points its efficiency may fall off, 
and the flexible limits of the tray would be established. 

Tray Stability 

A tray is stable when it can operate with acceptable effi- 
ciencies under conditions that fluctuate, pulse, or surge, 
developing unsteady conditions. This type of operation is 
difficult to anticipate in design, and most trays will not 
operate long without showing loss in efficiency. 

Flooding 

A bubble tray tower floods when the froth and foam in 
the downcomer back up to the tray above and begin accu- 
mulating on this tray. The downcomer then contains a 
mixture of lower density than the clear liquid, its capacity 
becomes limited, disengagement is reduced, and the level 
rises in the downcomer. This level findig extends onto the 
tray above, and will progress to the point of filling the col- 
umn, if not detected and if the liquid and vapor loads are 
not reduced. Flooding is generally associated with high 
liquid load over a rather wide range of vapor rates. The 
foaming tendencies of the liquid influence this action on 
the tray. The design condition for height of clear liquid in 
the downcomer for flooding is usually set at 0.60 to 0.80 of 
(S, + hw). See Figure 8-63. 

A bubble tray pulses when the vapor rate is low and 
unsteady, when the slot opening is low (usually less than M 
in.), and when the liquid dynamic seal is low. With irregu- 
lar vapor flow entering the caps, the liquid pulses or 
surges, even to the point of dumping or back-flowing liq- 
uid down the risers. The best cure is a steady vapor rate 
and good slot opening to allow for reasonable upsets. 
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Blowing 

A bubble tray blows when the vapor rate is extremely 
high, regardless of the liquid rate, causing large vapor 
streams or continuous bubbles to be blown through the 
liquid. The efficiency and contact is low and entrainment 
is usually high. Here also low slot seals contribute to the 
sensitivity of the tray to such action. 

coning 

A bubble tray cones when the liquid seal over the slot is 
low and the vapor rate is so high as to force the liquid com- 
pletely away from the cap, thus bypassing the liquid entire- 
ly. Obviously, efficiency is unsatisfactory. The dynamic slot 
seals recommended in Table 8-18 normally will prevent 
such action. 

Entrainment 

A bubble tray has high entrainment when mist and liq- 
uid particles carry up in the vapor from the liquid on one 
tray through the riser and cap on to the tray above. Bub- 
ble caps tend to entrain by jetting liquid-vapor mixtures 
high above the tray. Sufficient tray spacing must be avail- 
able to prevent the quantity of material from significantly 
affecting the efficiency of the system. The quantitative pre- 
sentation of entrainment in later paragraphs is designed 
to work to this end. 

Overdesign 

Overdesign is often necessary in designing a tray, 
although caution must be exercised to prevent a piling-up 
or accumulation of safety factors resulting in numbers 
which are totally unrealistic for performance. In other 
words, the magnitude, effect, and significance of overca- 
pacity figures must be continuously monitored as each fac- 
tor is calculated. A factor of 10-15% on liquid and vapor 
rates is usually acceptable. However, each should be 

Table 8-18 
Suggested Slot Seals 

checked relative to the effect on maximum cap vapor 
capacity and entrainment, and on liquid gradient and 
buildup in the downcomer. 

Total Tray Pressure Drop 

This is normally taken as the wet bubble cap pressure 
drop plus the "mean dynamic slot seal" in inches of clear 
or unaerated liquid on the tray. 

Guide values for normal operations, drop per tray. 

Pressure 
2-4 in. water 

Vacuum (500 mm Hg and below) 
2-4 mm Hg 

Liquid Height Over Outlet Weir 

For a straight (non-circular) weir, the head of liquid 
over its flat top is given by the modified Francis Weir rela- 
tion (Figure 8-104; also see Figure 8-63): 

how = 0.092 F, (Lg/lw)2/3 (8-222) 

The modlfying factor Fw developed by Bolles [5] for 
restriction at the shell due to segmental downcomer appli- 
cation is determined from Figure 8-105. 

When how values exceed 1% to 2 in., consider special 
downcomers or down pipes to conserve cap area for high 
vapor loads. 

Notched outlet weirs (usually 60" V-notch) are only used 
for low liquid flow rates, and the head over this type of 
weir with notches running full [13]. 

L, = 14.3 (lw/n) [h0w5/2 - (h, - hd5I2] (8 - 223) 

For notches not running full 

L, = 13.3 (l,/n) (how,)5/2 (8 - 22311) 

where how = height of liquid crest over flat weir, in. 
1, = length of weir (straight), feet 
Lg = liquid flow rate, gallons per minute, tray or tray 

section 
n = depth of notches in weir, in. 

h, = depth of notches in weir, in. 
how' = height of liquid above bottom of notch in weir, in. 

Taver Operating Static Slot Seal Dynamic Slot Seal 
Pressure c1.51, In. PI, In. 

Vacuum, 30-200 mm 
Hg. abs 0-0.25 0.5-1.5 

Atmospheric 0.5 1.0-2.0 

300 psig 1.5 2.04.0 
500 psig 1.5 2.04.0 

50-100 psig 1 .o 1.5-3.0 

Used by permission, Bolles, W. L., Petroleum Aocessing, Feb. thru May 
(1956), and Davies, J. A., Pet. RefinerV. 29, No. 93 (1950), Gulf Pub. Co. 

For circular weirs (pipes) h,, = L&O d,,, (8 - 224) 

where d, = diameter of circular weir, in. 

Slot Openine; 

The slot opening is the vertical opening available for 
vapor flow during operation of the cap under a given set 
of conditions. It has been found to be essentially indepen- 
dent of surface tension, viscosity and depth of liquid over 
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Figure 8-104. Liquid height over straight weir. 

J F,. WEIR CONSTRICTION CORRECTION FACTOR 

Elf 00 150 200 3 

Q / ( L W ) ~ . ~  = (LIQUID LOAD, GPM)/(WEIR LENGTH, FT.)e'5 

Figure 8-105. Weir formula correction factor for segmental type weirs. Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956). 
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the cap. When the required opening exceeds the avail- 
able, the vapor will either flow under the cap, create 
greater pressure drop or both. 

A. Caps with Rectangular Slots [60] 

(8 - 225) 

where h, = slot opening, or pressure drop through slot, in. 
liquid 

V = total vapor flow through tray, ft3/sec 
Nc = number of caps per tray 
N, = number of slots per cap 
w, = width of slot (rectangular), in. 

Figure 8-106 presents a quick solution of this relation. 
Maximum slot capacity [5 ]  : 

h, , Slot Opening - Inches  of Flowing Liquid on Tray 

Vm=0.79(A,) [ H, ( - PL;vPv)]l/z (8- 226) 

where A, = total slot area per tray, ft2 
H, = slot height, in. 

V, = maximum allowable vapor load per tray, ft3/sec 

B. Caps with Trapezoidal Slots 

A trial solution is involved in determining the slot open- 
ing for trapezoidal slots [ 5 ] .  The relation for maximum 
capacity at full slot opening is: 

V,=2 .36(As)x [2 ( -  R,  +-(- 4 1-Rs) 1 
3 ~ + R , J  15 1 + R , )  

1/2 

[ H s ( v ) ]  (8-227) 

V = Total Tray Vapor Load - cu. ft. per second 
[ a t  Operating Temperature and Pressure) 

Figure 8-106. Opening of rectangular-vertical slots for bell type bubble cap. Used by permission, Stone and Webster Engineering Corp., 
Boston, Mass. 
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where R, = ratio of top to bottom widths of trapezoid slot. 

Figure 8-107 is useful in solving for the slot height as a 
percentage of the vapor capacity and of full opening. 

Whenever possible, the slots should be designed to be 
50-60% open to allow for pulses and surges in vapor flow. 

Liquid Gradient Across Tray 

The difference in height of liquid between the liquid 
inlet and liquid outlet sides of a tray is the liquid gradient. 
This is the result of frictional drag on the caps and inter- 
nals plus resistance created by the bubbling action. A tray 
with high liquid gradient may be operating inefficiently 
and at reduced capacity if the rows of caps covered by high 
liquid are not bubbling, thus forcing all the vapor through 
the rows of caps nearer the tray outlet where the liquid 
head is lower. Liquid gradient is one of the criteria which 
must be checked to assure proper understanding of a tray 
design and its performance. 

The recommendation of Bolles [5] is based on the work 
of Davies [14, 151 and serves the average design ade- 
quately. It assumes an I.D. of bubble cap to I.D. of riser of 
1.42 and this is close to the range for 85% of the installa- 
tions. Small deviations will be negligible. It must be 
remembered that the agreement between the several 
investigators is good [24, 38,441 but still lacks a final solu- 
tion to all situations. In general, calculated values should 
not be considered better than k0.2-in. 

r S L O T  OPENING, Y SLOT HEIGHT 

v- 0 IO 20 30 40 50 60 70 80 90 100 
VAPOR LOAD, % MAXIMUM FOR FULLY LOADED SLOTS 

Figure 8-107. Trapezoidal slot generalized correlation. Used by per- 
mission, Bolles, W. L., Pet Processing, Feb. thru May (1 956). 

The relation: 

Solve for left side expression, and determine (Q&,) 
from Figure 8-108, or use Figures 8-109-112 

where L, = total liquid load in tray or tray section, gpm 

Cd = liquid gradient factor (Ref. 3, Figure 7, not 
L, = l f ~  = total flow width across tray normal to flow, ft 

needed to solve 
y = ratio of distance between caps to cap diameter 

AIr = liquid gradient per row of caps, uncorrected, in. 
hl = depth of clear liquid on tray, in. 

s = cap skirt clearance, in. 
L, = If, 
Q = L g  
hi = h, + how + A/2 (8-229) 

Some designers use A/5 to A/3 in place of A/2. 
The charts of Figures 8-109-112 were developed [5] 

from the modified Davies equation to simpllfy the solution 
of a tedious problem. The mean tray width is usually taken 
as average of weir length and column diameter. Special 
tray patterns may indicate another mean value. 

The values of liquid gradient read from these charts are 
uncorrected for vapor flow. This correction is a multiplier 
read from Figure 8-113. 

Corrected A = A'C, (8-230) 

ITo = V = vapor load for tray, ft3/sec 

Although this method appears to be conservative for 
the average case, it is not strictly correct for towers with liq- 

(text continued on p a g  166) 
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Figure 8-108. Modlfied liquid gradient factor chart for no hold-down 
bars. Used by permission, Bolles, W. L. Pet, Processing, Feb. thru 
May (1 956). 
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Figure 8-109. Liquid gradient chart-cap spacing 25% cap diameter. Used by permission, Bolles, W. L., Pet. Processing, Feb. thtu May (1956). 
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Figure 8-110. Liquid gradient chart-cap spacing 31.25% cap diameter. Used by permission, Bolles, W. L., Pet. Pmcessing, Feb. thru May (1956). 
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Flgure 8-112. Liquid gradient chart-cap spacing 50% cap dlameter. Used by permission, Bolles, W. L, Pet. Processing, Feb. thru May (1956). 
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Figure 8-113. Correction of liquid gradient for vapor load. Used by 
permission, 0 The American Chemical Society, Davies, J. A., Ind. and 
Eng. Chem, V. 39, (1947) p. 774. 

(text continuedjknnpage 161) 

uid flowing over the cap. Therefore it would be well to 
check the results of gradients over 1.0 in. by comparing 
with some of the other methods and with the tabulation of 
data of Reference 38. 

Adjustments to the tray or caps is usually not considered 
unless the calculated gradient exceeds % to 1 in. liquid. 
Several schemes are in use: 

1. Raise cap in inlet half of tower by onefourth to o n e  
half the calculated gradient, but not exceeding 1 in. 

2. For large towers (usually over 8 ft in diameter) check 
the hydraulic gradient for sections of the tray normal 
to liquid flow, adjusting each section by not more 
than onehalf the gradient. 

3. Slope the trays downward from liquid inlet to outlet, 
with the total drop from inlet to outlet weir not 
exceeding one-half the calculated gradient. 

4. Cascading the tray by using weirs as dams to divide the 
tray in steps, each step or section of the tray having no 
significant gradient from its inlet to outlet. This is usu- 
ally only considered for trays 10 ft in dia. and larger, as 
it adds considerably to the cost of each tray. 

5. More elaborate tests and adjustments can be made 
[5]. However, they are usually unnecessary except in 
unusual cases of very high liquid loads and/or large 
columns. 
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In any case, the average head over the cap slots for the 
section should approximately equal the average head over 
the adjoining sections, and the inlet and outlets of the sec- 
tion should not be extreme, even though the average is 
acceptable. The object of fairly uniform head over the 
slots should be kept in mind when reviewing the gradient 
adjustments. 

Riser and Reversal Pressure Drop 

The method proposed by Bolles fits the average design 
problem quite satisfactorily. However, for low pressure 
drop designs as in vacuum towers, it may well require 
checking by the more detailed method of Dauphine [ 131. 

A. Bolks ' Design Method [51: 

Solve for the combined riser, reversal, annulus, and slot 
pressure drop by: 

(8 - 231) 

The constant, &, is obtained from Figure 8-114, noting 
that the annular area between riser and cap must always 
be larger than the riser area for I& to be valid. 

where h,, = cap assembly pressure drop, including drop 
through riser, reversal, annulus, slots, in. liquid 

Ar = total riser area per tray, ft2 
I& = constant for Bolles bubble cap pressure drop equa- 

tion, Figure 8-114 

B. Modijied Dauphine Relations 15, 1 I ] :  

1. Riser pressure drop 
(1) Reversal Area Greater than Riser Area 

(8 - 232) 

(2) Reversal Area Less than Riser Area 

[ (Ar)r (8-233) 
d 

PL 
h, = 0.099J(ar/ar,)1'2 (pr)v2 

2. Reversal and annulus pressure drop 
The reversal area is the area of the cylindrical verti- 

cal plane between the top of the riser and the under- 
side of the bubble cap through which the incoming 
vapor must pass. The vapor then moves into the annu- 
lus area between the inside diameter of the cap and 
the outside diameter of the riser before entering the 
slots in the cap. 
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-Ke, CONSTANT 
0.8 

0.7 

0.6 

0.5 

0.4 

0 .3  
1.0 1.1 1.2 1.3 I ,4 1.5 

RATIO: ANNULAR/RISER AREA 

Figure 8-114. Bubble cap pressure drop constant (Bolles' Method). 
Used by permission, Bolles, W. L., Pet. Processing, Feb. thru May 
(1 956). 

The pressure drop due to reversal is independent 
of slot height and riser height as long as riser height 
is greater than 2 in. and the cap slot height does not 
exceed the riser height [ 131. When riser height is less 
than 2 in., the reversal pressure drop increases as long 
as the slot height is less than the riser height. 
For riser height greater than 2.5 in.: 

1.71 

(8 - 234) 

3. Dry cap pressure drop: rectangular slots. 
The slot pressure drop through the dry cap increas- 

es nearly linearly with cap diameter. 

(8 - 233) 

4. Total dry cap pressure drop 

h', = hr + h, + h', (8 - 236) 
5. Wet cap pressure drop 

(8 - 237) 

The correction factor, &, is obtained from Figure 
8-115. Figure 8-115 applies to cap slots 1 in. through 
2 in., and if slots are smaller (around ?4 in.) the q+. 
factor increases about 25% average (10-50%). The 
relation applies only to the pressure drop attributable 
to the conditions of liquid on the tray up to the top of 
the slots. 

-C,, WET CAP PRESSURE DROP CORRECTION FACTOR 
I .o 

0.9 

0.8 

0.7 

0.6 

0.5 

0.4 

0.3 

0.2 

0.  I 

0 

Figure 8-115. Correction for wet pressure drop, C,, (after Dauphine); 
used by permission, Bolles, W. L., Pet. Processing, Feb. thru May 
(1956), using data of Dauphine [13]. 

6. Total bubble cap pressure drop 

h, = hp, + h, 

h, from Equation 8-225 and Figure 8-106 

Total Pressure Drop Through Tray 

A. Bolles ' Method 

B. Dauphine Method 

(8-238) 

(8-239) 

Downcomer Pressure Drop 

The head loss in liquid flowing down the downcomer, 
under its underflow edge (and up over an inlet weir, if 
used) and onto the tray is important in determining the 
back up of liquid in the downcomer. There are many sug- 
gested relations representing this head loss. 

A. Segmental Type Downcomer 

1. Downcomer friction loss plus underflow loss 
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or, (alternate) 

(8- 241) 

(8 - 242) 

2. Loss through inlet weir 

When an inlet weir is used, the additional resistance to 
flow may be approximated by: 

h)d 0.3 GdU (8 - 243) 

B. Cimlar or PipaType Downcomer 

These downcomers are suggested only where liquid flow 
is relatively small for the required tower diameter, allowing 
a maximum of space for bubble caps. 

hdc = 0.06 (Lg/Q)2 (8 - 244) 

Iiquid Height in Downcomer 

The backup of clear liquid during flowing conditions 
must be determined in order to set the proper tray spac- 
ing. Tray spacing is usually set at twice the liquid height in 
the downcomer. This can be adjusted to suit the particular 
system conditions. 

Hd = h, + h, + A + hd + ht (8 - 245) 

Downcomer Seal 

The importance of the downcomer seal is to prevent 
vapor from the tray from bubbling into the downcomer 
(see Figure 8-63), whether the trays are bubble cap, valve 
or sieve types. If a seal weir is not included in the tray 
design, then operation problems to avoid flooding, weep 
ing and unstable performance, including pressure drop, 
are increased, particularly during the start-up phase. 

The major factors governing the proper deszgnfor clearance 
under the downcomer (see Figure M3), and the distance 
between the bottom of the downcomer and the tray it is 
emptying onto are [190]: (a) downcomer sealing, (b) down- 
comer pressure drop, and (c) fouling and/or corrosive 
nature of the fluids. The smaller the clearance, the more sta- 
ble will be the tray start-up due to the greater restriction to 
vapor flow into and up the empty liquid downcomer. 

Referring to Figure 8-63, the weir height, h,, must 
always be greater than the clearance under the downcom- 
er, Le., between bottom of downcomer and tray floor, hdcl.  
Always avoid too low clearance as this can cause flooding 
of liquid in the downcomer. There are flow conditions 
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where this condition may not be valid, therefore, the tray 
flow range from start-up to overload should be examined 
by the designer before finalizing the physical details. 

Some authors recommend clearance of Y4 in. to M in. less 
than the tray weir height, but always greater than !4 in. [ 1901. 

The bottom of the downcomer must be sealed below 
the operating liquid level on the tray. Due to tolerance in 
fabrication and tray level, it is customary to set the down- 
comer seal referenced to the weir height on the outlet side 
of the tray. Recommended seals, based on no inlet weir 
adjacent to the downcomer, and referenced as mentioned 
are given in Table 8-19. 

For trays with inlet weirs, seal values may be reduced if 
necessary for high flow conditions. A good tray design is 
centered about a 1.5-in. clearance distance between tray 
floor and bottom of downcomer edge. 

Adequate tray spacing is important to proper tray opera- 
tion during normal as well as surging, foaming, and pulsing 
conditions. Because the downcomer is the area of direct 
connection to the tray above, the flooding of a tray carries 
to the tray above. To dampen the response, the tray must be 
adequately sealed at the downcomer and the spacing 
between trays must be approximately twice the backup 
height of liquid in the downcomer. Thus for normal design: 

where St = tray spacing, in. 
Hd = height of liquid in downcomer, in. 

Once foam or froth in the downcomer backs up to the 
tray above, it tends to be re-entrained in the overflowing 
liquid, making it apparently lighter, and accentuating this 
height of liquid-foam mixture in the downcomer. The 
downcomer must be adequate to separate and disengage 
this mixture, allowing clear liquid (fairly free of bubbles) 
to flow under the downcomer seal. 

A tray inlet weir tends to ensure sealing of the down- 
comer, preventing the bubbling caps from discharging a 
mixture into the downcomer. 

Table 8-19 
Downcomer Liquid Seal [15] 

Tower Diameter, 
Ft 

Seal, Outlet Weir Height minus Distance 
Downcomer Off Tray Floor, In. 

6 and below 

13 and above 
7-1 2 

0.5 
1 
1.5 

Used by permission, Davies, J. A, Pet. Refine V. 29 (1950) p. 121. Gulf 
Publishing Go., all rights reserved. 
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The residence time in the downcomers is another crite- 
rion of adequate tray spacing. 

Residence Time in Downcomers 

To provide reasonably adequate time for disengage- 
ment of foam and froth from the liquid in the downcom- 
er, the total downcomer volume is checked against a min- 
imum allowable average residence time of 5 seconds. 

For various foaming characteristics of the liquid of the 
system, Ester [190] reports a recommendation of W. L 
Bolles based on course lectures at the University of New 
South Wales and the University of Sydney as follows: 

Foaming Residence Time, 
Tendency Example Seconds 
LOW Low MW hydrocarbons, 3 

Medium Medium M W  hydrocarbons 4 
High Mineral oil absorbers 5 
Very High Amines, glycols 7 

and alcohols 

Table 8-20 gives suggested downcomer clear liquid 
velocities based on relative foaming characteristics of the 
fluid on the tray at tray conditions. 

Liquid Entrainment from Bubble Cap nays 

The work of Simkin, Strand, and Olney [64] correlates 
most of the work of other investigators, and can be used 
for estimation of probable entrainment from bubble cap 
trays as shown in Figure 8-116. It is recommended that 
the liquid entrainment for design be limited to 0.10 
mols/mol dry vapor. 

Eduljee's [19] correlation of literature data appears to 
offer a route to evaluating the effect of entrainment on 
tray spacing and efficiency. It is suggested as another 
check on other methods. Figure 8 1  17 may be used as rec- 
ommended: 

Table 8-20 
Suggested Downcomer Velocities 

-. - - .- - - - -. - - -. - - - - -. - - - - - 
Approximate System Foaming Characteristics 
Tray Spacing, Allowable Clear Liquid Velocities, ft/sec 

In. High Medium Low 
-. __ - -. - -. ___ - - - 

18 0.15-0.2 0.35-0.42 0.45-0.52 
24 0.25-0.32 0.48-0.52 0 .55460  

0.30-0.35 0.48-0.52 0.65-0.70 . . -. . - 3 0  -. - _- -_ .- -. - ._ .- -. - - .- - 
Typical Repre Amine, Oil systems Gasoline, 
sentative System Glycerine Light Hydro- 

Used by permission, Pet. Processing, Bolles, W. L., Feb. thru May (1956). 

carbons - -. .- - . -. .- - - - - .- - .- - - - - - - - 

Figure 8-116. Correlation of entrainment for bubble caps. Used by 
permission, Bolles, W. L., Pet. Processing, Feb. thru May (1956), 
using data of Simkin et al. [64]. 

Figure 8-1 17. Eduljee's entrainment correlation for bubble caps. 
Used by permission, Eduljee, H. E., British Chemical Engineer, Sept. 
(1 958). 

1. Assume or establish a level of acceptable entlain- 
ment, such as 10 mols liquid/100 mols vapor. 

2. Determine effect on efficiency by Colburn's relation 
(see Efficiency section). 

3. Calculate total entrainment as pounds of liquid per 
hour, based on total vapor flow in tower. 

4. Determine area of tray above caps (equals tower 
area minus area of two downcomers for cross-flow 
tower). 
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5. Calculate liquid entrainment, Wre, as pounds of liq- 
uid per square foot of net tray area, equals (Step 
3)/(Step 4), lbs/hr (ft2) 

6. Calculate vapor velocity, vf, based on area of (Step 
4), ft/sec 

7. Calculate density factor, [ p , / p ~  - pJ I 1/2 

8. Calculate vf [pv/ (pL - p,) 1'12 
9. From Figure 8-117, read Log We* 

10. Calculate S" from 

Log W*, = Log W', + 2.59 Log Sff + Log p + 0.4 Log (J 

11. Assume a foam height, hf, of approximately twice the 
height of the dynamic tray seal, in. This agrees with 
several investigators for mdium foaming systems. 

12. Minimum tray spacing St = hf + S', in. 

where vf = vapor velocity based on free area above caps (not 
including two downcomers), ft/sec 

plate spacing 
We = liquid entrainment mass velocity, lbs entrainment 

per minute per/ft2, based on net tray area. 
S' = effective tray spacing, distance between top of 

foam, froth, or bubbles, and tray above, in. 
S" = clear height above foam or froth (equals tray spac- 

ing minus foam height above tray floor), ft 

We* = entrainment corrected for liquid properties and 

p = viscosity of liquid, centipoise 
o = surface tension of liquid, dynes/cm 

liquid/(ft2 free plate area) (hr) 
W,' = entrainment (based on assumed allowance) lbs 

hf = height of top of foam above tray floor, in. 

Free Height in Downcomer 

F St + hw- Hd (8 - 246) 

Slot Seal 

The static slot seal is the fixed distance between the top 
of the outlet weir and top of the bubble cap slots. 

The actual operating or dynamic slot seal is more 
indicative of conditions pertaining to the tray in operation 
and is [ 5 ] :  

Note that this seal varies across the tray, although the 
tray design must be such as to make the value of hds near- 
ly the same for each row of caps. 

In order to ensure good efficiencies and yet a definite 
seal consistent with allowable pressure drops, suggested 
values for hds are modified from the references and shown 
in Table 8-18. 

Bolles [3] recommends dynamic slot seals on bubble 
caps to check against calculated values. See Table 8-18. 

Inlet Weir 

The inlet weir, see Figure 8-92, for any tray, i.e., bubble 
cap, valve or sieve, is important in ensuring a seal on the 
inlet downcomer as well as maintaining a more uniform 
liquid level across the flowing tray. The recessed seal pan, 
Figure 8-63, provides the same benefits plus it reduces 
sieve tray leakage on the inlet side of the tray due to lower 
immediate liquid head increase usually occurring at the 
tray weir. It is necessary to drill weep holes for drainage of 
the tray at shut-down in the blocked-off inlet weir area, but 
limit the number and size of holes to avoid excessive weep 
drainage during tray operation. 

Bottom Tray Seal Pan 

This seal acts like a typical downcomer seal from the tray 
above, and should be dimensioned approximately the 
same, except: 

1. To avoid liquid backup in the downcomer, provide a 
downcomer height that is about 1.5 times the select- 
ed tray spacing in the column. 

2. To ensure non-surging liquid flow under the down- 
comer, use a clearance, hdcl, of at least 3 times the 
design for the other trays, or a minimum of 2 in. to 4 in. 

3. Enlarge the clearance between the downcomer face 
and the inlet weir (or equivalent), (see Figure 8-92 
or 63) to 1.5 to 2 times the dimensions used for the 
other trays. 

4. Provide drainage holes in seal pan to allow adequate 
drainage, flushing and cleaning, but not too large 
(number) to prevent liquid backup sufficient to 
maintain a seal on the tray. 

Throw Over Outlet Segmental Weir 

To ensure unobstructed vapor passage above the froth 
and liquid in the downcomer from a tray, the liquid mixture 
must not throw against the shell wall. The distance of throw 
over the weir is given by Reference 5. See Figure 863. 

= 0.8 [how (F)] llz, in. (8-248) 

(8 - 249) hf' = S, + h, - Hd, in. 

For center downcomers as in a two-pass design, the 
throw must be conservatively less than a distance that 
would cause the opposing streams entering the same 
downcomer to interfere with each other. Sometimes the 
installation of a splash baffle will help avoid conditions 
leading to flooding and loss of tray efficiency. 
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Vapor Distribution 

The vapor distribution approximaiion 

Rv = A/hc 

is an indication of the uniformity of vapor flow through the 
caps on the inlet side of the tray to those on the outlet side 
and the tendency of inlet caps to stop bubbling. Davies [ 14, 
151 recommends values for the ratio of 0.4, not to exceed 
0.6; Bolles recommends 0.5. Only at values around 0.1 is 
essentially uniform vapor flow maintained through all the 
caps. As the RV ratio increases, a smaller percentage of the 
vapor flows through the inlet tray caps and a larger per- 
centage is shifted to the outlet caps. This cross-flow of 
vapor increases the effect of A on the tray and accentuates 
the problem. Unfortunately it is often overlooked in many 
tray examinations. When the ratio reaches the value equal 
to the cap drop at full slot capacity (usually 1.75 to 2.5 in.) 
liquid will flow or dump back down the risers at the inlet 
row of caps. This is definitely improper tray operation, pro- 
viding markedly reduced tray efficiencies. 

For stepped caps (tray level, risers of different heights) 
01- cascade tray (tray consisting of two or more levels) care 
must be taken to analyze all the conditions associated with 
level changes on the tray. Reference 5 discusses this in 
some detail. 

Bubble Cap Tray Design and Evaluation 

Example 8-36: Bubble Cap Tray Design 

Check the trays for a finishing tower operating under 
vacuum of 75 mm Hg at the top. The estimated pressure 
drop for the twenty trays should not exceed 50-60 mm Hg. 
Fifteen trays are in the rectifying section, five in the strip- 
ping section. 

Following the suggested form, and starting with the 
standard tray design existing in the unit, the calculations 
will be made to check this tray, making modifications if 
necessary. The 6-ft 0-in. diameter tower was designed orig- 
inally for a significantly different load, but is to be consid- 
ered for the new service. The tray features are outlined in 
Table 8-1 6. It becomes obvious that the tray is too large for 
the requirements, but should perform reasonably well. 
The weakest point in performance is the low slot velocity. 

Tray Design ++ 

Tower application or service: Product Finishing 
Tower Inside Diameter: 6 ft, 0 in. 
Tray Type: Cross Flow 

*Adapted by permission from Ref. 15, modified to suit recommendations 
offered in this prescntadon. 

Tray Spacing, 24 in.; Type outlet weir: End 
Note: Tray spacing was set when the Gft, 0-in. diameter 

No. downcomers/tray 1; Located: End 
was determined. 

Cap Data: 

(1) Cap I.D., ID, 3% in., Spacing: 5% in. A 60" centers 
(2) Total height, 3% in. 
(3) No./tray, Nc, 129 
(4) Slots: No., N,, 50 
(5) Height, H,, 1% in. 
(6) Width, w,, % in. 
(7) Skirt Height, s, 54 in. 
(8) Shroud Ring height, hSr, % in. 
(9) Height of inside surface of cap above tray, 3.94 in. 

(10) Riser I.D., 2.68 in. 
(1 1) Riser height above tray floor, 3 in. 

Areas: 

(12) Riser inside cross-sectional, a,, 5.43 in.2 per riser 
(13) Total riser inside cross-sect. area/tray, A,, 4.95 ft2 
(14) Riser outside cross-sectional area aro, 5.94 in2 per 

(15) Cap inside cross-sectional area a,, 11.79 in2 per 

(16) Total cap inside cross-sectional area, 4, 10.53 ft' 
(17) Annular area per cap, &, in2, (1 1.79 - 3.94) = 5.85 
(18) Total annular area per tray, &, 5.24 ft2 
(19) Reversal area per cap, ar', in.2 = n(2.69) (3.94 - 3.0) 

(20) Total reversal area, per tray, Afr, ft2 (129/144) 

(21) Slot area per cap, a,, (50) ( X )  (1.5) = 9.39 in.2 
(22) Total slot area per tray, &, 8.40 €t2 

riser. Riser is 2%-in O.D.; z2.7?i2/4 = 5.94 

cap. Cap is 3%in. I.D.; x(3?6)*/4 = 11.79 

= 7.95. d = (2.75 + 2.63)/2 = 2.69 in. 

(7.95) = 7.12 

Tray Detaik 

(23) Length of outlet overflow weir, l,, 4.0 ft 
(24) Height of weir (weir setting) above tray floor, h,, 

(25) Inlet weir (downcomer side) length (if used), 4.0 ft 
(26) Inlet weir height above tray floor, 3 in. 
(27) Height of top of cap slots above tray floor, 2 in. 
(28) Static slot submergence or static slot seal (2.5-2.0), 

(29) Height of bottom of downcomer above tray floor, 

(30) Downcomer flow areas: (a) Between downcomer 

(31) (b) Between bottom downcomer and tray floor, 

(32) (c) Between downcomer and inlet weir, 0.740 ft2 
(33) Riser slot seal, (3.0 - 2),  1.0 in. 

2.5 in. 

hss, 0.5 in. 

2% in. 

and tower shell, 0.886 ft2 

0.710 ft2 
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Tray Operations Summary and 
Pressure Drop TOP 
A. Tray number 20 
B. Operating pressure, mm. Hg 75 
C. Operating temperature, "F 60 
D. Vapor flow, lbs/hr 6,565 
E. Vapor volume, ft3/sec @ 

operating conditions, V 132.2 
F. Vapor density, lbs/ft3 operating 

conditions 0.0138 
3.74 
1,515 

G. Liquid flow, gallons/minute, L, 
H. Liquid flow, Ibs/hr., L' 
I. Liquid flow, ft3/sec @ operating 

conditions 0.00834 
J. Liquid density, lbs/ft3 @ operating 

conditions 50.5 
K Superficial vapor velocity, based 

on Tower I.D., ft/sec, 132.2/28.28 4.67 
L. Vapor velocity based on cap area 

between inlet and outlet weirs, 
ft/sec 132/[28.28 - 2(2.12)1 5.49 

M. Volume of downcomer: Area top 
segment, Perry's Hdbk. 3rd Ed. 
pg. 32. h/D = 9% in./72 = 
0.1276, A = 0.03799(6)2 = 2.08 ft2 
Lower taper, use h @ % of vert. 
taper for estimate. 8/72 = 0.111, 
A = 0.04763(6)2 = 1.71 ft2 Volume 
= (2.08) (0.5) + (1.71) (21/12) = 4.04 ft3 

N. Liquid residence time in downcomer, 
seconds, (4.04)/0.00834 = 485 485 

0. Throw over downcomer weir 
(sideflow), inches 1.17 

P. Throw over downcomer weir 

4.04 

(center flow), min. = - 

width, in. 5% 
Taper downcomer has 6 in. vertical 
dimension at 9% in. wide. Tapers to 
5% in., 24 in. below tray. 

R. Slot velocity: minimum 3.4 /(pc)1/2 
ft/sec 29 

S. Slot velocity: maximum = 12.1/ 
(pc)'l2 = 12.1/(.0138)1/2 and 12.1/ 
(0.01735)1/2, ft/sec 103.1 

V/& = 132.2/8.40 and 105/8.4 
ft/sec 15.7 

Q. Tray layout, actual downcomer 9% 

T. Slot velocity: Superficial, u, = 

Pressure Drop, Inches Liquid on Tray 
a. Height of liquid over weir (straight weir) 

Lg/ (lw)2.5 = 3.74/ ( 4 ~ 1 2 ) ~ . ~  = 0.1168 
IW/D = 4/6 = 0.667 

Top 

Bottom 
1 

100 
100 

6,565 

105 

0.01735 
3.74 
1,515 

0.00776 

54.2 

3.7 

4.37 

4.04 

520 

1.17 

- 
9% 
5% 

25.9 

92 

12.5 

Bottom 

Read Fw = 1.018 from Figure 8-105 
how = 0.092 (1.018) (3.74/4)2/3 0.0989 0.0989 
Use W in.-V-notched weir, 2.5 in. from 
tray floor to bottom of notch. This 
is necessary because of low liquid flow. 

b. Static submergence, h,, in. 0.5 0.5 
c. Caps 

Modified Dauphine and Cicalese, 
[ l l ,  131 dry cap basis. 

1. Riser pressure drop, reversal area 
greater than riser area. 

2.09 

= 0.06333 0.0633 0.0462 

Riser height > 2.5 in. 
2. Reversal and annulus pressure drop 

1.71 
h - o*68 [ 2(5'43)2 (0.0138)1/2 (s)] 
ra 30.5 (7.95) (11.79) 4.95 

0.045 0.0322 = 0.043 
3. Rectangular slot dry pressure drop 

1.73 
h' =- 163 [ 13.875 (0.0138)] 

50.5 

= 0.0308 0.0308 0.0231 
4. Total dry cap pressure drop 

h', = h, + h,, + h,' = 0.0633 
+ 0.045 + 0.0308 = 0.139 0.1391 0.1015 

5. Wet cap pressure drop 

v [ PY (3) ] li2 
As PL a, 

132.2 0.0138 9.39 
8.40 50.5 5.85 

=- [ - ( - )]'I2 =0.33 

6. 

From Figure 8-115, C, = 0.16 
h, = h,'/CI, = 0.1391/0.16 = 0.87 0.87 0.847 
Check maximum pressure drop 
through wet caps: 
h, max. = 0.0633 + 0.045 + 

Since h, is less than h, m a . ,  cap is 
0.K and not blowing under shroud 

(1.5 + 0.25), in. 1.8 1.3 

ring 
Bolles' r&ommendation 
7. Riser, reversal, annulus pressure drop 

+/ar = 5.85/5.43 = 1.073 
From Figure 8-114, K, = 0.598 
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0.118 0.0861 0.0138 132.2 
hPc = 0''98 ( 30.5 - 0.0138) (x) 
8. Slot pressure drop, Rectangular slots 

, , 2 / 3  
1/3 I 

h, = 32 

= 0.626 0.626 

Mean tray width = (4 + 6)/2 = 5 ft 
GPM/ft mean tray width = 3.74/5 = 0.75 
Assumed mean liquid depth, hl = 

Uncorrected A'/row caps = approx. 

V, (P,)''' = 4.67 (0.0138)1/2 = 0.548 
C&, from Figure 8 1  13 = estimated 

0.55 (off chart) 
No. cap rows = 11 
Corrected A = (0.02) (0.548) (11) 
= 0.1206 inches 0.12 
A/2, inches (essentially negligible 
in this case) 0.06 

1. Modified Dauphine 

ht = 0.87 + 0.5 + 0.0989 + 0.06 
2. Bolles 
ht = h,, + h, + h,, +how + A/2 = 

d. Liquid Gradient 

2.5 + 0.0989 + 0.1 

0.02 in. 

e. Total pressure drop per tray, in. liquid 

h, hc + h,, + h,, + A/2 
1.528 

0.118 + 0.626 + 0.5 + 0.0989 + 
0.06 1.502 

rectifjmg section 
f. Pressure drop for 15 trays in 

1. Modified Dauphine, 15 (1.528) 
= 22.9 in. liquid = 34.2 mm 
Hg 34.2 mm 

33.4mm 
2. Bolles, 15 (1.502) = 22.4 inches 

liquid = 33.4 mm Hg 
Pressure drop for 5 trays in 

stripping section 
1. Modified Dauphine, 5 (1.505) 

0.566 

0.12 

0.06 

1.505 

1.310 

= 7.52 in. liquid = 11.1 mm 
9.7mm 2. Bolles, 5 (1.42) = 6.56 in. liquid = 

Total pressure drop for 20 trays 
1. Modified Dauphine 45.3 mm 
2. Bolles 43.1 mm 

g. Height liquid in downcomer 
1. Segmental, underflow plus 

friction 0.000077 0.000077 

2 
hdu = 0.56 

2. Segmental, upflow when inlet 
weir used Neg. Neg. 

hd' = 0.3 Vdu2 

3. Total segmental loss, hd 0.000077 0.00007'7 
4. Circular downspout 
5. Liquid height in downcomer 

Hd = hw + how + hd + h, + A 
= 2.5 + 0.0989 + 0.000077 + 
1.638 + 0.35 4.58 4.36 

6. Free height in downcomer 
F = St + hlv - Hd = 24 + 

2.5 - 4.58 21.69 21.71 
7. Throw over weir 
f = 0.8 [how (F)J112 
= 0.8 [0.0989 (21.69)]'12 1.17 1.17 

h. Vapor distribution ratio 
Rv = A/h, = 0.12/0.87 0.138 0.141 

i. Slot seal 
Dynamic, hd, = h,, + how + 

A/2 = 0.5 + 0.0989 + 0.06 0.65 0.65 

Liquid Velocity in Downcomer 

Minimum cross-section area of downcomer = 0.886 ft2 

Liquid rate = 0.00834 ft3/sec 

Velocity = 0.00834/0.886 = 0.00942 ft/sec 

This is very low and confirms that there should be 
ample disengaging capacity in the downcomers. The 
downcomers are too large for good design. 

Slot velocity 

The results of lines R, S, and T indicate that the vapor 
velocity through the cap slots is lower than desirable for 
good bubbling. 

Slot Opening 

The slot opening, h,, given in line c8 is only slightly 
lower than the normal design of 50-6096 of H,, or 0.75 in. 
to 0.90 in. 

Vapor Distribution Ratio 

The values of line (h) are quite in line with good vapor 
flow through all the caps. This is as would be expected, 
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since the hydraulic gradient is low; too low to require any 
compensation. 

Liquid Entrainment 

vf= 132.2/[28.28 - 2(2.12)] = 5.5 ft/sec 

I/ 2 

St  

1/ 2 27.3 
24 ( 5O.:!!;l38) 

= - + 10.75 (5.5) 

= 1.13 + 0.978 = 2.108 

Reading Figure 8-1 16 
For 27 dynes/cm surface tension 

W,/h, + h,, + h, = 0.026 

We = (.026) (0.098 + 0.5 + 0.626) = 0.0317 lbs/min ft2) 

Entrainment = (0.0317) [28.28 - 2(2.12)] = 0.764 lbs/min 

Entrainment ratio = 0.764/ (6565/60) = .00698 

This value of entrainment is negligible. For a new col- 
umn design, this would indicate that the tower was too 
large, and a smaller shell should be considered. 

Conclusion 

This is not a good tray design, but it should operate. 
However, a reduced efficiency is to be expected due to low 
vapor velocities. 

Because the liquid flow is low also, %in. v-notched weirs 
should be used to ensure uniform flow and level across the 
tray. The bottom of the notches should be 2.5 in. above 
the tray floor. 

Sieve Trays with Downcomers 

The performance analysis of these trays is quite similar 
to bubble caps, but more so to valve trays, because the tray 
has the same basic mechanical features. The difference 
being that bubble caps and valves are replaced by perfo- 
rations or holes in the tray for entrance of the gas to the 
liquid on the tray. Figures 8-67A and 8-118 and 119 repre- 
sent the general construction of a sieve tray. 

Sieve trays have been used in both clean and fouling ser- 
vice, including solutions of suspended particles. The b u b  
bling action seems to wash the solids down from tray to 
tray provided there are no corners or “dead” spots on the 
tray. Sieve trays are preferably selected for applications 
which can be operated at from 5&100% of capacity with- 
out too sudden a surge from one rate to another signifi- 
cantly different. When operating within the design range, 
the efficiency of these trays for many systems is better than 

Top Removable Manwoy 

Typical Ring Support 
Shop or Field Welded 
to Tower Wal l .  

Large Diameter Troy Top and Bottom 
Supported by Major Removable Manray. 
Beom. 

Varied Beam Designs- 
Fabricated to Meet  
Specific Job Demands. 

Perforated to Meet Downcomer- 
Individual Requirements Aff ixed to a 

Downcomer Bor 

Perforated Shower Weir  - F i x e d  or 
Troy Adjustable, per 

Specificotions 
[or as Required). 

Special Supporting Ring Disc or Accummulator 
Trays-and Trops,Seal 
Pans and Draw O f f  
Bones Fabricated to 
Your own Design 
Specificotions. 

Figure 8-118. Sieve tray with downcorners, tower 
assembly. Used by permission, Hendrick Mfg. Co. 
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Downcomer and Weir /Monwoy 

\ 

Welded to Tower Wall 

Minor Beom 
Support Clamps 

,Sti l l ing Area 

/Troy Support Ring 

\Note Slotted Tri 
Frictionolly H e l t  IU 

Promote Breathing. / \  Subsupport Tray Ring- Subsupport Angle Ring 
Used with Angle Ring. 

Minor Beam 
Support Clamps 

Flgure 8-119. Sieve tray with downcomers, tray components. Used by permission, Hendrick Mfg. Co. 

for bubble cap trays, although without specific test data it 
is still impossible to safely take advantage of this feature of 
performance. 

In some sieves the capacity is 1.5 to as much as 3 times 
that of a bubble cap tray provided careful consideration 
has been given to all design features. 

The “type tray” guide proposed by Huang and Hodson 
E301 serves to identify the major breaks in type of tray 
design (Figure 8-120). In the region between types, the 
selection is not sharp and the design should be evaluated 
based on other criteria. 

21000f-----l 
i 
f 500 
\ 

0 

Cross Flow .- 
a 

O” 50 
a 

-1 
.- 

20 Reverse Flow 

Tower Diameter ,Feet 

Figure 8120. Selection guide, perforated trays with downcomers. 
Used by permission, Chen-Jung and Hodson, J. R. Petroleum Reffn- 
er, V. 37 (1958) p. 104, Gulf Publishing Co., all rights reserved. 

Various aspects of sieve tray performance have been 
studied [30, 31, 33, 36, 41, 42, 45, 71, 781 and several 
design methods have been recommended [30, 31,41,42 
189, 1971. The following composite method has given 
good performance in operating towers, and is based on 
satisfjmg the three critical capacity features, i.e., entrain- 
ment, flooding, and weeping. 

The action on this type of tray seems to produce fewer 
jets of liquid froth than a bubble cap tray. The entrain- 
ment from the surface of the bubbling liquid-froth mix- 
ture is less (about %) than a bubble cap tray for the same 
superficial tower velocity and tray spacing. Generally the 
trays will flood before capacity reaches a limitation set by 
entrainment. 

The proprietary “Linde Tray,” Figure 8-67C, is a proven 
tray design used for new installations [ 1981, and also often 
for improving the performance of existing distillation 
columns by replacing the older and possibly less efficient 
trays. One of the advantages of this type tray is its capabil- 
ity of being installed at tray spacings as low as 9 to 10 in. 
and frequently at 12 in. The tray efficiency varies with the 
distillation system, but as a general guide, will be equal to 
that of a multipass tray. 

A definition of terms, some more related to sieve trays 
than other types, are provided by Chase [192] (used by 
permission, C k  Eng., July 31, 1967): 

Crossflow: Liquid flowing across a plate (rather than 
straight down through the holes) so that it falls to the 
plate below through a channel at one side of the plate. 
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Liquid throw: The horizontal distance traveled by the liq- 
uid after flowing over a weir. 

DualJlow: Both liquid and vapor pass through the per- 
forations on the tray; there are no downcomers. 

Radialflow: Liquid flowing radially from, or to, an inlet 
(or outlet) located at the center of the tray, to (or from) 
downcomers (or inlets) at the tray periphery. 

Reverseflow: Liquid flowing from the inlet on one side of 
the tray (around a center baffle) reverses its direction at 
the other side of the tray, and flows back to the downcom- 
er on the same side of the tray where the inlet is. 

SpZitflow: Liquid flow across the tray is split into two or 
more flow paths. 

Double pass: A split-flow tray with two liquid flowpaths on 
each tray. Each path handles half of the total liquid flow. 

Blowing: A condition where the rising vapor punches 
holes through the liquid layer on a tray and usually carries 
large drops and slugs of liquid to the next tray. 

Coning: A condition where the rising vapor pushes the 
liquid back from the top of the hole, and passes upward 
with poor liquid contact. 

Dumping: A condition caused by low vapor rates where 
all of the liquid falls through some holes (rather than over 
the weir) to the tray below, and vapor rises through the 
remaining holes. 

Raining: A condition similar to dumping (no liquid goes 
over the weir) except that, because of higher vapor rates, 
the liquid fall through the holes is more uniform. 

Weeping: A condition occurring when the vapor rate is 
not large enough to hold all the liquid on the tray, so that 
part of the liquid flows over the outlet weir while the rest 
falls through the holes. 

Hooding: A condition that gives rise to a sharp decline in 
tray efficiency and a sharp increase in pressure drop. 
Flooding is commonly due to either an excessive carryover 
of liquid to the next tray, or to an inability of the system to 
convey the liquid flow to the tray below. 

Oscillation: A wave-type motion of the liquid on the tray, 
perpendicular to the normal direction of flow. 

Seal point: The point at which a weeping condition 
changes to raining. 

Injection regime: A condition in which the liquid above 
the plate is in the form of individual drops dispersed in 
the vapor; thus, there is virtually no mixing in the main 
bulk of the liquid. 

Stable regime: The preferable hydrodynamic condition of 
the aerated liquid on a sieve tray. The aerated material 
exists as a stable froth; gas-liquid contact is good. 

Turndown ratio: A term used by designers to denote ratio 
of minimum-allowable to operating throughput. 

Segmental downcomer: The channel for liquid flow 
formed by an enclosed segmental tray section. 

Ffactor: The vapor kineticenergy parameter, often used 
as a correlating term for flooding velocity, foam density, etc. 

Souder and Brown equation: G/A = K[dv (dL - dv)]1/2, 
where G/A = superficial vapor flow, lb/ (hr) (ft2), and d, 
and dL = vapor and liquid densities, lb/ft3. See Equation 
8-219. 

Tower Diameter 

The tower diameter may be calculated for first approxi- 
mation by the Souders-Brown method; however, this has 
been found to be conservative, since it is based on no liq- 
uid entrainment between trays. Actually, some entrain- 
ment can be tolerated at negligible loss in efficiency or 
capacity. 

There are several approaches to column diameter 
design [65, 741 as well as the proprietary techniques of 
major industrial and engineering designers. Some of these 
use the proprietary Fractionation Research Institute meth- 
ods which are only available on a membership basis and 
do not appear in the technical literature. 

In general, a better first approximation and often a 
more economical tower diameter is determined using Fig- 
ure 8-121 [33]. 

e, = 0.22 (:) (5) 3.2 
(8 - 250) 

S' = St - 2.5 h, (8 - 251) 

where e, = weight of liquid entrained/unit weight of vapor 
flowing in sieve tray column 

(J = liquid surface tension, dynes/cm 
v, = vapor velocity based on column cross-section, 

S' = effective tray spacing, distance between top of 

h, = height of clear liquid in bubbling zone, in. 

ft/sec 

foam and next plate above, in. 

This is based on a frothed mixture density of 0.4 that of 
the clear liquid on the tray, and has been found to be a 
reasonable average for several mixtures. 

Entrainment values of 0.05 lbs liquid/lb vapor are usu- 
ally acceptable, with 0.001 and 0.5 lb/lb being the 
extremes. The specific design dictates the tolerance on 
entrainment. From the calculated vapor velocity, v,, the 
diameter of the column can be calculated using: 

(8 - 252) 

Entrainment does not usually become a problem until 
the tray is operating at 85-100% of the flooding condition. 
Figure 8-121 is convenient for solving for %. 
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Figure 8-121. Sieve tray entrainment correction. Used by penission, Hunt, C. D’A., Hanson, D. N., and Wilke, C. R., The American Institute of 
Chemical Engineers, Chemical Engineers Journal, V. 1 (1 955), p. 441, all rights reserved. 

Tray Spacing 

Tray spacing can usually be about 6 in. less than for a cor- 
responding bubble tray. Sieve trays are operating on spac- 
ings of 9 in. and up to 30 in., the latter being necessary for 
high vacuum service. Spacing of 12-16 in. is common. 

Minimum spacing is the same as recommended for bub- 
ble cap trays, i.e., St = 2 Hd. 

Downcomer 

Downcomers are designed for the same conditions as 
bubble tray towers. 

Biddulph, Thomas, and Burton [209] studied the 
effects of downcomer designs, i.e., chordal or segmental, 
circular downpipe, low liquid flows, sloped downcomer 
(good for disengaging foam/bubbles, etc.) and envelope 
type, for use with sieve trays and then developed a modifi- 
cation of the segmental style by installing a downcomer 
weir on the tray floor inside the weir outlet (see Figures 
8-12% and B). This replaces the usual weir, which is 
placed outside of the outlet of the downcomer. Note that 
it runs for only about 75% of the chordal length of the 
downcomer width. The authors state that this still provides 
a liquid seal all along the inlet, but does provide space at 

the ends to exert a positive influence on the tray liquid 
flow pattern. For the segmental downcomer: 

1. Mechanism 1 of Figure 8-122B [209] is dominant 
when the underflow clearance at a given liquid rate is 
increased, the underflow velocity decreases and the 
severity of recirculation decreases. 

2. Mechanism 2 of Figure 8-122B becomes apparent 
when the flow recirculation on the tray increases with 
increasing underflow clearance. The curvature of the 
column wall influences the movement of the liquid 
toward the center. High underflow clearance does not 
even out maldistribution due to backup where the 
irregular flow pattern enters into the tray below. This 
allows flow separation to occur on the downcomer 
floor, and leads to enhanced retrograde flow. 

Biddulph [209] et al. summarize “rules of thumb” that 
have been expressed elsewhere in the literature for down- 
comer sizing (used by permission of Chem. Eng. Prog. V. 89, 
No. 12, 1993). 

“Rules of thumb that have developed out of many years 
of industrial experience relating to downcomer sizing 
include: 
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A. Downcomer Weir. 

:irculation 
Zone 

a. Mechanism 1. 

etrograde 
Flow 

b. Mechanism 2. 

B. Mechanisms of flow separation. 
Figure 8122. Modification of downcomer weir at tray floor outlet; (A) downcomer weir; (6) mechanism of flow separation. Used by permission, 
Biddulph, M. W. et al. The American Institute of Chemical Engineers, Cbern. Eng. Prog. V 89. No. 12 (1993), p. 56, all rights resewed. 

1. Set the velocity of the unaerated liquid under the 
downcomer to 1.6 ft/sec (0.5 m/sec). 

2. Let the liquid velocity under the downcomer equal 
the liquid velocity on the tray to give a smooth entry 
[2371. 

3. Hold the head loss due to the underflow clearance, 
hudc, to no more than 1.0-1.5 in. of hot liquid [117]. 

4. Allow at least 3 sec residence time in the downcomer 
for disengagement of vapor for a nonfoaming system, 
and 6 sec for a foaming system [238] .” 

Figure 8-123 illustrates a typical sieve tray capacity chart. 
Entrainment by jet flooding or limitation by downcomer 
flooding are two of the main capacity limiting factors. The 
liquid backup in the downcomer must balance the pres- 
sure drop across the tray, with the process balance [209]. 

adhfd = h w  + hli + hudc - h, (8-253) 

where hfd = downcomer backup, in. 
h w  =wet tray head loss, in. 

hli = clear liquid head at the inlet to tray, in. 
hudc = head loss due to underflow clearance, in. 

h, = head in the back of downcomer, in. (usually negli- 

ad = mean aeration factor of froth, dimensionless (see 
gible except at high liquid load) 

Figure 8-126) 

owncomer Flood 

Liquid Rate * 
Figure 8-123. Sieve tray capacity chart. Used by permission, Bid- 
dulph, M. W., et al. The American Institute of Chemical Engineers, 
Chem. Eng. Prog. V. 89 No. 12 (1 993), p. 56, all rights resewed. 

Hole Size and Spacing 

Most of the literature has presented data for trays with 
holes of ?&in. through %-in. diameter. The work of Hunt et 
al. [33] includes Kin. holes. Some commercial units have 
used K and 1-in. holes, although these sizes should be 
used with caution when adequate data are not available. 
The recommended hole size for the average clean service 
is %-in. based on present published data. Holes of %in. 
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may be used for any service including fouling and fluids 
containing solids with no loss in efficiency. Holes of %-in. 
dia. are often used in vacuum service. 

Holes spaced closer than twice the hole diameter lead 
to unstable operation. The recommended spacing is 2.5 
do to 5 do with 3.8 do being preferable [42]. Holes are usu- 
ally placed on 60" equilateral triangular pitch with the liq- 
uid flowing normally to the rows. Holes should not be 
greater than 2.5-3 in. apart for effective tray action. 

The percentage hole area in a tray varies according to 
the needs of the design; the usual range is 4 1 5 %  of the 
total tower cross-section. Experience has indicated that 
this is a questionable basis, and it is clearer to refer areas 
to the active bubbling section of the tray, provided liquid 
cannot by-pass this area. Thus, rather arbitrarily, but refer- 
enced to test literature, the effective tray action area might 
be the. area enclosed by encircling the perforated hole 
area a distance 2-3 in. from the periphery holes. On this 
basis, the hole area would be 6 2 5 %  with a usual value 
range of 7-16% with about 10% being preferred. 

Tray Hydraulics 

Figure 8-1 24 illustrates a typical pressure drop diagram 
for a sieve tray. Note that the figure is for liquid flowing 

-oa (total Dressure drod 
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with gas countercurrent. For dry tray only gas is flowing 
and no liquid, and the pressure drop is a ftmction of the 
orifice coefficient. For wet tray pressure drop, gas and liq- 
uid are both flowing, and the pressure drop is a function 
of clear liquid head, head over the weir, and hydraulic gra- 
dient, residual pressure drop, foam density and height, 
aeration and two-phase regime Factors, bubbling frequen- 
cy [192]. The pressure drop associated with the down- 
comer is a function of liquid backup, foam density and 
aeration factor, and liquid throw at the outlet weir [ 1921. 
See Figure 8-101, which relates similar factors for bubble 
cap trays, as well as valve trays. 

Figure 8-125 [ 1921 presents a typical performance clia- 
gram of the operating features of' a sieve tray. 

Height of Liquid Over Outlet Weir, how 

This may be calculated as recommended for bubble cap 
trays. Minimum weir height is 0.5-in., with 1-3 in. pre- 
ferred. See Figure 8-67A. 

Hydraulic Gradient, A 

Tests have indicated that the hydraulic gradient is neg- 
ligible or very small for most tray designs. Usual design 
practice is to omit its effect unless the value of A is expect- 
ed to be greater than 0.75 in. If hydraulic gradient is 
appreciable, then the holes nearer to the tray inlet (liq- 
uid) will tend to weep before those nearer the tray outlet. 

[quia rare I , 
I Weeping Flooding 

I I Downcomer 

I I velocity limitation A I 

1 Excessive 
I entraining 
I 

Lc I (/- 

' I  
Blowing - 

Log (vapor velocity) 

- 
Vapor rate 

Figure 8-124. Typical operating curve of sieve trays with downcom- 
ers. Note modes of operation; used by permission, Chem. Eng., 
Chase, J. D., July31 (1969), p. 105. Also see Klein [201], Figure8-148. 

Figure 8-125. Performance diagram of sieve trays (note article refer- 
ence No. 18); used by permission, Chase, J. D., Chem. Eng., July 31 
(1 969), p. 105. 
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0.02 

0.01 

This creates the same type of cross-flow and improper dis- 
tribution as was discussed for bubble cap tray operation. 
The recommendation of Hughmark and O'Connell [31] 
includes corrections to the friction factor of Klein [39]. 

For stable tray operation, the hydraulic gradient should 
be less than one half the dry tray pressure drop. For con- 
ditions of high weir height and high v, (p,) the greater 
the friction factor affecting the hydraulic gradient [25]. 
Also, the greater the liquid flow the higher the pressure 
drop and gradient. 

For the tray liquid to move from inlet to outlet of tray, 
there must be a liquid flow gradient on the tray in that 
direction. See Figure 8-67A The sieve tray usually has less 
problems with liquid gradient than bubble cap or valve 
trays, the general guide to avoid gradient problems (good 
tray stability) is similar to bubble cap design [193]: 

1 1  \ I', P,I N% 
0.4 0.7 1.0 1.5-'* 

hw, in. 

Hydraulic Gradient, A = (hL - hlo), < 0.5 hh (8-254) 

A =  f ( v f ) 2  lW ,in.(ffromFigure8-127) 
12gRh 

(8 - 255) 

1.0 1, I I I I 

L 

c Aeration factor 
0 

0.4 - 
c 

LL Relative froth densit;'- 

0- 
0 0.5 1 .o 1.5 2.0 2.5 

F"a- Vcl P P  

Data of FOSS and Gerster (7, 
0 hw+how-5.6 

hw+how= 1.9 

Figure 8-126. Aeration factor, sieve trays. Used by permission, 
Smith, B. D. Design of Equilibrium Stage Processes, Chapter 15, by 
J. R. Fair, McGraw-Hill Book Co. (1963), all rights reserved. 

vf = velocity of froth, cross-flow, ft/sec 

Use velocity of aerated mass same as for clear liquid. 

R h  = hydraulic radius of the aerated mass for cross-flow, ft 

cross section 
wetted perimeter R h  = I ft (8 - 256) 

(8 - 257) 

where l h  = total flow width across tray, normal to flow, ft. For 
this equation, use arithmetic average between tower 
diameter, D, and weir length, 1, 

estimated from discussion under "Total Wet Tray 
Pressure Drop" (see Figure 8126) 

f = friction factor for froth cross-flow 
1,' = length of flow path, ft 
g = acceleration of gravity, ft/sec-sec 
hl = equivalent height of clear liquid on tray, in 

hl0 = height of clear liquid at overflow weir, in 
hli = height of clear liquid on inlet side of tray, in 
h, = height of weir above tray floor, in 
hh = head loss due to vapor flow through perforations, 

h'f = height of froth (aerated mass) above tray floor, in., 

in. liquid 
p1= density of clear liquid, lb/ft3 
PI= viscosity of liquid, lb/ft sec 
q = liquid flow rate, ft3/sec 
vf = velocity of froth cross-flow, ft/sec 

Figure 812'7 [193] is used to determine friction factor, f. 

Figure 8127. Friction factor for froth crossflow, sieve trays. (Note 
extrapolation by this author). Used by permission, Smith, 6. D., Design 
of Equilibrium Stage Processes, Chapter 15, by J. R. Fair, McGraw-Hill 
Book Co. (1963), all rights reserved. 

Reynolds No. Modulus: 

(8 - 258) Rh "f P1 Reh =- 
W 1  

The relationship between f and Reh is given in Figure 
8-127 and is recommended for design purposes. The veloc- 
ity of the aerated mass is the same as for the clear liquid. 

vf = 12 q/ (hi k) (8 - 259) 
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Dry Tray Pressure Drop 

This is the drop occurring when the vapor passes 
through the holes on the tray. The relation below [25] cor- 
relates the data of several of the major investigators with a 
maximum deviation of less than 20% and an average devi- 
ation of 10%. 

(8 - 260) 

F, = v0 (p)lI2, F2 = v02(pv) (8 - 261) 

where hdt = pressure drop through dry perforated tray, inches 
liquid on tray 

v, = vapor velocity through perforated holes, ft/sec 
fi = fraction perforated hole area in perforated tray 

area only 
C, = orifice coefficient from Figure 8-128 

Note that f3 is not the fraction of hole area in the active 
tray region, but is limited to the perforated section only. 

Fair’s Method [1931 

This method calculates the dry tray pressure drop and 
allows for correcting the two-phase flow effects at various 
entrainment ratios. 

(8- 262) 

C, is a function of the velocity of approach, hole diam- 
eter/tray-thickness ratio, Reynold’s number through the 
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Figure 8-128. Orifice coefficient for perforated trays. Used by per- 
mission, Hughmark, G. A., and O’Connell, H. E., The American Insti- 
tute of Chemical Engineers, Chem. Eng. Prog., U 53, (1957), p. 127M, 
all rights reserved. 

hole, condition or design of the “lip” of the hole, and 
some other less prominent variables. The correlation for 
this concept for the orifice discharge coefficient is from 
Liebson, et al. [42], see Figure 8-129. Use C, from this fig- 
ure in Equation 8-262, 

where Ah = net perforated area of tray, ft2 
&, = active or “bubbling” area of tray, generally, 

A,j = downcomer area, cross-sectional area for total 

At = total tower cross-sections, area, ft2 
C, = vapor discharge coefficient for dry tray 

hh = head loss due to vapor flow through perforations, 

v, = vapor velocity through perforations, ft/sec 
p1 = clear liquid density, lb/ft3 
pv = vapor density, Ib/ft3 

(At - 2Ad) I ft2 

liquid down-flow, ft2 

g = acceleration of gravity, 32.2 ft/sec2 

in. liquid 

Static Liquid Seal on Tray, or Submergence 

Aeration of the liquid by gas bubbles reduces density. The 
usual and somewhat conservative approach recommends 
that this aeration effect be neglected. Many successful tow- 
ers have trays operating on this design basis [45]. 

A. hsl= (Qhw + how (8 - 263) 
f = 1.0 

where f = aeration factor 
h,l = static liquid seal on sieve my, in. liquid 

I I 
0. 

0.60 I 
0.05 0.10 0.15 

Hole area -AhIAa 
Active area 

!O 

Figure 8-129. Discharge coefficients for vapor flow, sieve trays. Used 
by permission, Smith, B. D., Design of Equilibrium Stage Processes, 
Chapter 15, by J. R. Fair, McGraw-Hill Book Co. (1 963); data from 1. 
Liebson, R. E. Kelley, and L. A. Bullington, Petroleum Refiner, U 36 
(Z), Feb. (1 957) p. 127; V. 36 (3), (1 957) pg. 288, all rights reserved. 
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B. A second and also successful method accounts to a cer- 
tain extent for the aeration effect, based on test data from 
many references. This method is not quite as conservative 
when estimating total tower pressure. This follows the 
effective head concept of Hughmark et al. [31]. Effective 
head, he, is the sum of the hydrostatic head plus the head 
to form the bubbles and to force them through the aerat- 
ed mixture. Figure 8-130 is the correlation for he plotted 
against submergence, h,l [31]. See “Dynamic Liquid 
Seal.” 

Dynamic Liquid Sed 

When hydraulic gradient is a factor in the tray design, 
the dynamic liquid seal should be used in place of h,l for 
the determination of effective head. 

hd  = (f) h,, + h, + A/2 (8 - 264) 

where hd = dynamic liquid seal for sieve tray, in. liquid 
he = effective liquid head taking aeration of liquid into 

account, in. liquid, from Figure 8-130 

The aerated liquid pressure drop includes that generat- 
ed by forming bubbles [193] due to surface tension 
effects. The equivalent height of clear liquid on the tray is 
given [193]: 

Head of Liquid , h,g ,inches 

Figure 8-130. Effective liquid head for sieve trays with downcomers. 
Used by permission, Hughmark, 0. A. and O’Connell, H. E., The 
American Institute of Chemical Engineers, Chem. Eng. Pmg. V. 53, 
(1 957), p. 127M, all rights reserved. 

h1= B (hw + how) (8-265) 

The term, hl, represents the hydrostatic head on the 
tray, while (h, + how) is the liquid seal at the tray outlet 
weir, expressed as clear liquid. The factor, p, can be 
obtained from the upper curve in Figure 8-126 [ 1931. 

h 

h, 

Equivalent height of clear liquid on tray, in. 
Height of froth (aerated mass) on tray, in. 

c g , l ,  

$ = relative froth density, ratio of froth density to clear liquid 
density 

(*From Hutchison, et al, Ref. 11 in Ref. 193) 
f3 = ($ + 1)/2 = aeration factor*, see Figure &126 (8 - 266) 

Use p for design pressure drop calculations [ 1931. 

where F, = vapor flow parameter based on active area, 

hl = equivalent height of clear liquid on tray, in. 
hf = height of froth (aerated mass) on tray, in. 

defined by F, = v, p$5 (8 - 267) 

how = height of liquid crest over weir, measured from top 
of weir (straight or circular), or from bottom of 
notches (v-notch weirs), in. 

h, = height of weir above tray floor, in. 
v, = vapor velocity based on active area, ft/sec 
f3 = aeration factor, dimensionless, Figure 8126 

Total Wet Tray Pressure Drop 

A. Conservative 

This will give a higher pressure drop per tray than the 
method (B). 

B. Hughmark and O’Connell Method 

The results of this approach agree with a considerable 
number of tests reported over a wide range of operation. 

h,= hdt + he (8 - 268) 

C. Fair Method- Reference 193 (used by pmission) 

Total pressure drop across the tray: 

ht = hh + B(hW + how) (see aeration factor above) 

For weeping sieve trays, see Figures 8-131 and 8-132, and 
example in later paragraph. 

hh = head loss due to vapor flow through perforations, in. liq- 
uid. See Equation 8-262. 
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Figure 8-131. Weeping correlation for sieve trays 
with downcorners. Used by permission, Hugh- 
mark, G. A. and O’Connell, H. E., The American 
institute of Chemical Engineers, Chevn. Eng. 
Prog. V. 53. (1953, p. 127M, all rights resewed. 

0 Hutchinson 11 

Figure 8-132. Weeping sieve trays. Used by permission, 
Smith, B. D., Design of Equilibrium Stage Processes, 

0 1 .o 2.0 3.0 4.0 Chapter 15 by J. R. Fair, McGraw-Hill Book Co. (1963), all 
hlo-hw+how, in. of liquid 

Determine C, from Figure 8-129 [ 1931. Note that deter- 
mining froth density is by experiment and/or best judg- 
ment based on similar or related systems. Usually 4 I 1.0 
to 0.50. The method checks literature and industrial tests 
about 215%. 

Pressure Drop through Downcomer, & 

Calculate as for bubble cap tray. 

Liquid Backup or Height in Downcomer 

Hd= ht + hw + how + A + & (8-269) 

rights resewed. 

Note that if an inlet tray weir is used, the (h, + how) 
group is replaced by the corresponding (hw’ + how‘) cal- 
culated for the inlet weir using the same algebraic rela- 
tions. 

Free Height in Downcomer 

F = sf + h, - Hd 

Minimum Vapor Velocity: Weep Point 

(8 - 270) 

The “weep point” is considered to be the minimum 
vapor velocity that will provide a stable tray operation, pre- 
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venting liquid from passing through the holes and bypass- 
ing the overflow weir and downcomer. 

This point is generally considered the lower point of 
operation for the tray while maintaining acceptable effi- 
ciency. Some systems are known to operate at only slight 
reduction in efficiency while vapor velocities are well 
below the weep point values. It is impossible to predict this 
behavior at present. Weeping is usually the limiting condi- 
tion in design for low vapor rate, high liquid rate systems. 
Some factors affecting the weep point of any system are 
described in the following sections. 

Weeping and dumping are types of drainage that occur 
during tray operation, and are more sensitive in the opera- 
tion/control of sieve trays than for valve or bubble cap trays. 
Lessi [194] presents an analysis of these conditions. Weep 
ing simply means that the gas/vapor volume passing 
upward through the tray is not sufficient to prevent liquid 
on the tray from running back down to the tray below, 
thereby affecting the tray efficiencies. Dumping is a term 
more associated with sieve trays than the others; however, in 
concept it represents a large or excessive amount of liquid 
draining off the tray, greater than weeping, and could be 
considered a type or forerunner of flooding of the column. 

Hsieh and McNulty [210] developed a new correlation 
for weeping of sieve and valve trays based on experimental 
research and published data. For sieve trays the estimation 
of the weeping rate and weep point is recommended using 
a two-phase countercurrent flow limitation model, CCFL. 

The procedure [210] for weeping calculation and 
determination of vapor rate that will result in a certain 
weeping rate (used by permission, Reference 210 Chemi- 
cal Engr: Progress, all rights reserved) : 

(a) Calculate Z 

z = h,1.5/12 ~ H 0 . j  (8 - 271) 

(b) Use values of m and C as determined by Reference 
210 
For sieve trays 

m = 2.01 
C = 0.74 

For type T-valve style (Koch) 

m = 2.87 
C = 0.74 

For type A-valve style (Koch) 

m = 2.01 
C = 0.74 

(c) Calculate J*L 

(8 - 272) 

using the given volumetric weeping liquid rate, and 
total hole area. 

(d) Calculate J& 
JE1/2 + m JE1/2 = C 

J E = C  

(8-273) 

(e) Calculate vapor rate, VG, based on value of J*G in 
(d) above using: 

(8 - 274) 

( f )  Using V, from (e) above based on superficial gas 
rate calculate V G , ~ ~ ~ ~  based on total perforated 
hole area only, ft/sec. That is: 

ft3/sec vapor - (vc, ft/sec) (AH, ft2) 

The weep point for sieve or valve trays is the vapor rate 
at which the liquid weeping rate is diminished to zero. 
Thus, J*L approaches zero asJ*G is increased [210]. For a 
vapor rate that leads to J*G higher than the weep point 
value, then there should be no weeping. 

Windm > 0, for no weeping 

Windex = J*G - J * ~ ( w e e ~  pt.) 

The higher the value of Windex, the more confidence 
that there will be no weeping [210]. At a constant weep 
point, J*G then, the higher the percentage opening of the 
tray, and the higher will be the vapor volumetric flow 
required to satisfy the weep point criteria. 

To calculate the weep point, useJ*G = 0.74 and calculate 
Z from (a) above, then calculate VG from (e) above. 

The author’s [210] report that the test results show that 
below the weep point for the Type-T and TypeA valve 
trays, a consistently low weeping rate can be maintained, 
while for sieve trays the weeping rate increases rapidly at 
low gas flow. For similar operating conditions, the weeping 
rate for a valve tray can be an order of magnitude lower 
than the corresponding weeping rate for a sieve tray with 
the same open area. The tests assume uniform weeping 
across the entire tray deck; however, recent tests [210] 
indicate that for a larger &ft diameter (versus 3ft) tray, 
weeping occurs preferentially along the periphery of the 
bubbling area, indicating that for the larger diameter the 
actual weeping rate can be lower by more than 30% when 
referenced to the present models prediction. 

The equivalent hole diameter for use in the equation 
for Z when considering the two types of valve trays studied 
here is given by: 

D m  = 2 [1/(2.331) ( F p  + F3) (R~)ll’~, (8-275) 
(equivalent hole diameter, in.), see Equation 8-277 
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For Type-T valves: RV = 1.0 
For Type-A valves: RV = 0.8 

I I 

P i rz 'I 

r12= (r, + rz)/ 2 

For the valve tray equivalent hole diameter, see 
illustration. 

r1 r" - 

f 1 \ 1'2 DHE = 2 
2.581 (F2 + F3 ) R, ) 

(8 - 277) 

(8 - 278) 

(8-279) 

(8 - 280) 

Note: all dimensions in inches 

where AH = total hole area, ft2 
b p  = open area of tray, ft2 
AW = maximum valve open area, ft* 

C = empirical constant in CCFL correlation 
CL = liquid phase loading factor defined in Equation 

CLW = measured rate of weeping from Equation 8-277 
C, = gas phase loading factor defined in Equation 

8-282, ft/s 

8-281, ft/s 
DH = hole diameter, in. 

D, = valve diameter, in. 
F, = valve tray F-factor, ft3/min/valve 

open region, fts/min/valve 
g = gravitational constant, ft/s* 

DHE = equivalent hole diameter, in., Equation 8-280 

F m  = valve tray F-factor at the beginning of the valve 

h, = clear liquid height, in. 
hD = dry tray pressure drop, in. 

H G ~  = maximum lift of a valve, in. 
HOP = valve lift, that is, the distance between the bot- 

tom of a valve and the top of the tray deck, in. 
Jc* = dimensionless gas velocity 
Jr.* = dimensionless weeping liquid velocity 

m = empirical constant in CCFL correlation 
N, = valve density, number of valves/f<' 

R, = fractional opening in  the circumference of a 

Vc; = superficial gas velocity in channel (not ~ O N C I - ) ,  

QC" = volumetric gas flow rate to a valve, ft"/min/vaIve 

valve 

ft/s 
VGH = gas phase superficial hole velocity, ft/s 

VL = superficial liquid velocity in channel (not tower), 
ft/s*, for sieve trays, divide total vapor volume by 
total perforated hole area 

sieve trays, divide total liquid flow by total perfo- 
rated hole area 

VLH = liquid phase superficial hole velocity, ft/s", for 

z' = Laplace capillary constant 
Z = characteristic length in CCFL model 
* for valve trays, see calculation analysis in text 

Greek letters 

p~ = gas density, lbm/ft3 
p ~ ,  = liquid density, lbm/ft" 
0 = surface tension, dyne/cm 

Figures 8-133-136 illustrate the correlation of the data 
with the proposed model and resulting design procedure. 
Additional illustrations accompany the reference. For Fig- 
ure 8-133 the Cv and CL parameters are plotted. For sieve 
trays, the actual hole velocities are used; where for the 
Type-T valve tray the "hole" velocities are calculated based 
on the maximum open area, Akw. 

6.0 

5.5 

5.0 

4.5 

4.0 

3.5 

3.0 

2.5 

2.0 

1.5 

1 .o 
0.5 

0.0 
0 1 2 3 4 5 6 7 

Gas Velocity, ft31slft2 of A, 

Figure 8-133. Weeping performance comparison. (Valve tray also 
gives a lower weep rate at a liquid flow rate of 50 gal/min/ft of weir.) 
Used by permission, The American Institute of Chemical Engineers; 
Hsieh, C-Li. and McNulty, K. J., Chem. Eng. Prog. V. 89, No. 7 (1993), 
p. 71, all rights reserved. 
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Figure 8-134. Weeping data for 9.4% open area sieve tray. Used by 
permission, The American Institute of Chemical Engineers; Hsieh, C- 
Li. and McNulty, K. J., Chem. Eng. Prog. V. 89, No. 7 (1993), p. 71, all 
rights reserved. 
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Figure 8-135. Weeping rate of Type-T valve (Koch) vs. sieve tray. 
Used by permission, Hsieh, C. Li. and McNulty, K. J., The American 
Institute of Chemical Engineers, Chem. Eng. Prog., V. 89, No. 7 
(1993), p. 71, all rights reserved. 

AVM = (n: ~ H G A P  R, N,) / 144 

c, = VGH [pC/ (PL - PC) 1 'I2 

CL = VLH bL/ (PL - PC) 1 1'2 

(8 - 281) 

(8-282) 

= m cL1/2 = c (8 -283) 

Hsieh and McNulty [210] (also see section on Sieve 
Trays) show that the weeping rate for 14.3% open area 
valve Koch Type-T (Figure 8-72) is nearly an order of mag- 

0.25 

0.20 

0.05 ~ 

0 0  0.2 04 0.6 0 8  1 0  
0.00 

(J *c )05  

Figure 8-136. Weeping correlation for Type-A valve (Koch) tray. Used 
by permission, Hsieh, C. Li. and McNulty, K. J., The American Insti- 
tute of Chemical Engineers, Chem. Eng. Prog. V. 89, No. 7 (1993), p. 
71, all rights reserved. 

nitude less than a corresponding sieve tray with the same 
percent open area. The typical valve tray tends to throttle 
the liquid as well as vapor flow as flows change. As an 
example of tests, Figure 8-133 [210] compares sieve and 
valve tray weeping at 50 gpm/min/ft weir with the gas and 
liquid rates based on the total bubbling area of the tray, 
ATR. Note that the action of the Type-T valve closes down 
as the gas flow rate drops, but maintains a low weeping 
rate within its entire weeping region [210]. This also 
allows the efficiency of the tray to stay relatively constant 
over the weeping region. 

The weeping rate of the sieve tray is strongly influenced 
by the gas flow rate, that is, the weeping rate will increase 
as the gas flow rate reduces below the weep point, Le., 
where the weeping starts. Note the comparison of sieve 
and valve trays during weeping, Figure 8-135 [210]. 

Figure 8-136 [210] correlates weeping for the Type-A 
(Koch) valve trays, discussed earlier. For more details on 
the estimated design, see reference cited. The correlation 
developed with sieve trays still is used, and Equations 8- 
271-274 cover valve trays for rate of weeping and weep 
point. For columns larger than about 3-ft diameter the 
actual weeping rate can be more than 30% lower than the 
current calculations indicate. This is largely due to a non- 
uniform weeping along the periphery of the bubbling 
area of the tray. 

Weep Point (Velocity) 

1. Increases as the liquid surface tension decreases 
2. Decreases as the hole size decreases 
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3. Increases as the plate thickness decreases 
4. Increases as the percentage free area increases 
5.  Increases for hole spacing close to 2d, and smaller. 

Spacing of 3d, and 4d0 give better operation. Only 
the %-in. holes of Hunt [33] indicate that 2 6  spacing 
may be acceptable if the holes are very small. 

6. Decreases with increasing wettability of liquid on 
plate surface. Kerosene, hexane, carbon tetrachlo- 
ride, butyl alcohol, glycerine-water mixtures all wet 
the test plates better than pure water. The critical tray 
stability data of Hunt et al., [33] is given in Table &21 
€or air-water, and hence the velocities for other sys- 
tems that wet the tray better than water should be 
somewhat lower than those tabulated. The data of 
Zenz [78] are somewhat higher than these tabulated 
values by 10-60%. 

These values are to be used in guides in establishing first 
estimates of lower limiting vapor velocities. Actual values 
should be calculated as outlined in the following. 

The two approaches to determining the weep point are: 

A. Conservative Design 

1. Assume a minimum vapor velocity through the holes. 
2. Calculate hdr, Equation 8-260 
3. Compare calculated hdt with value of dry tray pres- 

sure drop as given: 

hdt (weep) = 0.2 + 0.067 (hw + hoN,) 

This js based on the correlation of Mayfield [45] 
where: hdt (weep) = dry tray pressure drop at tray 
weep point, in. liquid. 

4. Set minimum design dry tray pressure drop 30% 
above the value of ndt (weep). 

B. Normal Design. [311 

I. Assume a minimum vapor velocity through the holes. 
Calculate vom (p,) 112 (minimum) 

Table 821 
Tray Stability with Varying Liquid Head, Air-Water System 

Calculated Critical Gas Velocity in Holes 
Ft/Sec -. . -. - - -. - Hole 

Dim.,  In. = b+ h, + A/2 
spacing, In. 1.0 h. 1.8 In. 2.8 In. 3.8 In. 

M x 4d0 5 2.3 32 35 
X x 4d0 20 30 45 55 

!4 x 6do 30 33 40 45 

_ _  .. -. , . . __ . , .- - . - . 

X x 3d0 27 40 55 70 
!4 x 4d0 23 27 27 30 

Used by permission, The American Institute of Chemical Engineers, 
A.1.Ch.E. Jour Hunt, CD’X et al., V. 1 ,  (1955), p. 441. All rights reserved. 

- ._ . -. .- - . - .- -. - .- - .- 

2. Calculate wet tray pressure drop, determine effective 
head from Figure 8-130. 

3. Read weep point velocity factor, vom (p,) from Fig- 
ure 8-131. 

The assumed value of \70’om must be greater than the 
value read from the curve for vom (P,)’/~. 

4. Minimum design vapor velocity through the holes 
may be used as calculated, or if additional safety is 
required increase the value by 20%. 

Entrainment Flooding 

The increasing use of sieve trays in industrial process 
distillation and absorption-stripping situations has caused 
the development of important performance and design 
information. Flooding is caused by back-up (build-up) in 
the downcomer and/or entrainment [ 183, 1841. When 
the tray downcomers are sized to carry the liquid load and 
vapor disengagement in the downcomer (bubbles), the 
entrainment (iet) flooding is more likely to be the con- 
trolling mechanism. If the process application generates 
froth, this will further complicate the flooding condition. 

Most studies have used the Souders-Brown [67] droplet 
settling velocity concept to relate entrainment flooding. In 
this mechanism, flooding develops due to a sufficiently 
high upward vapor velocity through the cross-section of 
the net area of the column to suspend droplets, and is 
expressed as the Souders-Brown flooding constant, CSB, 
[94, 183, 1841. 

CSB = flooding constant = C-Factor 

The entrainment increases as vapor velocity through 
the column increases to a power of 2 to 5,  or as small as a 
10% change in vapor rate results in tenfold change in 
entrainment [94]. Low pressure applications usually 
require lower powers, while higher pressure requires high- 
er powers [94]. Entrainment quantities are sensitive to the 
vapor velocity. Often, low pressure and vacuum applica- 
tions develop significant entrainment problems, even 
when operating below the flood point. Medium to high 
pressure systems are not often bothered except when 
operating at the flood point. 

Generally, when spray entrainment changes to more 
froth on the tray or in the tray vapor space, then entrain- 
ment has been found to increase with liquid rate [941. 

As tray spacing increases, entrainment reduces in quan- 
tity, but does increase with the sieve tray hole diameter 
[ 183, 1841, but generally increases with reduction in hole 
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diameter. Kister [94] discusses the effects of hardware 
relationships on spray and froth entrainment. 

For sieve trays Kister’s [94, 1841 final correlation is for 
the Souders-Brown flooding coefficient and is essentially 
independent of pressure. The Kister and Haas correla- 
tion: [94] [184] 

Correcting for the froth-to-spray regime transition [94]: 

where [94] 
0.29 Af-0.791 dH0.833 

(1 + 0.0036 Q-0.59 Af-l.”) 
(hct )water = (8 - 289) 

C ~ B  = Gfactor at flood, ft/sec 

net area, AN, ft2 
Vflood = superficial vapor velocity at flood, ft/sec, based on 

& = fractional hole area, AH/AB 
Ah = hole area, ft2 (net) 
AB = bubbling area, column cross-section area less total 

of downcomer areas, downcomer seal areas and 
areas of any other non-perforated region, ft2 

AN = net area (column cross-section area less downcom- 
er top area) ft2 

hct = clear liquid height at transition from froth to spray 
regime, in. liquid. 

dH = hole diameter, in. 
S = tray spacing, in. 
n = a parameter in the spray regime, in. 
u = surface tension, dynes/cm 

p~ = liquid density, lb/ft3 
p~ or p ~ r  = vapor density, lb/ft3 

QJ = liquid load, gpm/in. of outlet weir length 

Kister and Haas [184] recommend using 25 dynes/cm 
in Equation 8-286 when the actual surface tension is z 25 
dynes/cm. This correlation is reported [94, 1841 to give 
better effects of physical properties, and predicts most 
sieve and valve tray entrainment flood data to d 5  to 20%, 
respectively. 

Kister and Haas [184] analyzed sieve and tray data as 
earlier described [94] and then related their results to the 
application for sieve and valve trays. 

Recommended Range of Application. The Kister and Haas 
[I 841 Flood Correlation (used by pmission, Kister; H. Z., 
Distillation Design, McGrawHilZ, Inc., 1992) 

Flooding mechanism: Entrainment (jet) flood only 
Tray types: Sieve or valve trays only 

Pressure: 1.5-500 psia (Note 1) 
Gas velocity: 1.5-13 ft/s 
Liquid load: 0.5-12 gpm/in of outlet weir (Notes 2,3 ,5)  
Gas density: 0.03-10 lb/ft3 (Note 1) 
Liquid density: 20-75 lb/ft3 
Surface tension: 5-80 dyne/cm 
Liquid viscosity: 0.05-2.0 cp 
Tray spacing: 14-36 in. (Notes 4,5)  
Hole diameter: M1 in. 
Fractional hole area: O.OWl.20 (Note 5) 
Weir height: e 3  in. 
NOTES: 
1.At pressures above 150 psia, downcomer flood is 

often the capacity limitation. This limitation is not 
predicted by the correlation. Caution is required. 

2. At high liquid loads (above 7-10 gpm/in.), down- 
comer flood is often the capacity limitation. This lim- 
itation is not predicted by the correlation. Caution is 
required. 

3. Equation 8-289 does not apply for liquid loads lower 
than 0.5 gpm/in. of weir (35)*. For this reason, this 
correlation must not be extended to lower liquid rates. 

4. At lower tray spacing, entrainment flooding may be 
related to lifting of the froth envelope and to froth 
rather than spray height. This correlation must not 
be extended to lower tray spacing. 

5. The correlation does not apply when the following 
three conditions occur simultaneously. (a) Ratio of 
flow path length to tray spacing is high (> 3); (b) liq- 
uid rate is high (> 6 gpm/in of weir); and (c) fi-action- 
al hole area is high (> 11%). Under these conditions, 
entrainment flooding is related to vapor channeling 
and vapor cross flow rather than spray height. 

Fair’s [183] design procedure to establish an entrain- 
ment flooding condition or “point” is as follows: Design 
Procedure (From Fair, Reference 183, by permission) 

The design method presented in this article is best sum- 
marized by a stepwise procedure: 

1. Establish liquid and vapor flow rates and densities. 
Obtain or estimate liquid surface tension. If condi- 
tions vary significantly across the tower, apply this 
method to each section of interest wherein condi- 
tions can be considered constant. 

2. Calculate the flow parameter, FP = L/G 
3. Estimate the flood point from Figure 8-137, which 

accounts for liquid flow effects and is a ratio of liq- 
uid/vapor kinetic effects [79]. Flooding velocity is 
obtained from 

*References in ( ) are from the original source. 
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I .o 
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0.10 

Figure 8-137. Flooding capacity, sieve trays; weir height is less than 15% of tray spacing; low- to non-foaming system; hole area at least 10%; 
hole sizes %-in. to W-in. dia.; surface tension = 20 dynedcm. Used by permission, Fair, J. R., PetroKhem. Engineer, Sept (1961), p. 46, repro- 
duced courtesy of Petroleum Engineer International, Dallas, Texas. 

(8 - 284) 
CSB, design = CSB, chart 

Note that the values taken directly from Figure 8-137 
apply to sieve trays having a hole area of 10% or more of 
active area; holes no larger than % in., and liquid surface 
tension of 20 dynes cm. Corrections are as follows: 

4. Choose tower diameter that bill give the desired 
approach to flooding. Or, if dealing with an existing 
tower, calculate the approach to flooding. 

5. Estimate the fractional entrainment I) from Figure 
8-138 or 8-139. 
Using Figure 8-138: 

a. Hole area 
__  - ~. 

CSB,operating loo ]c=Constant  L (8-290) 1 CSB,flood 

HolejActive Area CSB design/CsB chart 
0.10 1.00 Percent flood = 

0.08 0.90 
0.06 0.80 -. Use with Figure 8-137 to estimate both flood point ~ -- 

and entrainment. b. Hole size 
No correction for hole diameter < y4 in. Correction 

(8  - 291) 1 factors for larger diameters not known. The wet efficiency is : E, /ED = 
c. Surface tension 1 + E D  ( V / ( l - v )  
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where CSB = Souders-Brown capacity coefficient, ft/sec 
e = entrainment rate, lb mols/sec 
e = entrainment rate, lb/lb dry vapor 
- 

ED = dry tray efficiency, fractional 
EW = wet tray efficiency, fractional 
FP = flow parameter, dimensionless 
G = vapor mass rate, lb/sec or lb/hr 
hf = froth height, in. 
hL = clear liquid height, in. 
L = liquid mass rate, lb/sec or lb/hr 

L b 1 ~  = liquid molar rate (without entrainment) lb 
mols/sec 

T = tray spacing, in. 
U x  = vapor linear velocity based on area for de-entrain- 

ment (usually tower cross-section minus one 
downcomer), ft/sec 

Figure 8-138. Fractional entrainment, 
trays. Used by permission, Fair, J. R., 
Chem. Engineer, Sept. (1961), p. 45, 
duced by courtesy of Petroleum Enginee 
national, Dallas, Texas. 

, sieve 
Petrol 
repro- 

!r Inter- 

p~ = Liquid density, lb/ft3 
pv = Vapor density, lb/ft3 
o = Surface tension, dynes per cm 
ow = Surface tension of water, dynes/cm 

Q = CSB/UN = W(PL - p,)I0.' 
I/J = Entrainment expressed as fraction of gross down- 

flow 

Fair [183] relates sieve trays and includes valve tray 
remarks to the extensive work done for bubble cap trays. 
Figure 8-137 and 8-139 show flooding data for 24in. spac- 
ing of bubble cap trays from [81] and represents data well 
for 36in. diameter columns, and is conservative for small- 
er columns. Fair's work has been corrected to 20 dynes/ 
cm surface tension by: 
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for similar systems, where $1 = 49. Because the flow para- 
meter is related to CSB and $, it is affected also: 

(FP)o = 20/(FP) = (~/20)'.* 

(Fp) = L/G.JPv /PI> 

(8 - 293) 

(8 - 294) 

Figure 8-138 [183] is useful for data correlation, but is 
not necessary for design purposes [183]. It shows that at 
high values of parameter FP, sieve trays can be operated 
very close to the flood point without significant entrain- 
ment. Actually, bubble cap trays show the same character- 
istics [ 1831. In the low flow parameter region, such trays 
have a definite advantage, see Figure 8-139. For sieve tray 
flooding see data in Figures 8-140 A, B, C, D, E. For refer- 
ence the bubble cap entrainment for the 24in. spacing of 
trays is in Figure 8-139. Figure 8-140 E is for 18 in.-24 in. 
tray spacings. All sieve tray charts represent holes < % in. 
and approximately 10% hole area referred to plate area 
between weirs, or active area [ 1831. 

When the hole area is much less than 10% of the active 
tray area, the flooding limit should be reduced. Fair [183] 
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Figure 8-139. Entrainment comparison: sieve trays vs. bubble caps 
for 24-in. tray spacing. Note: BCT = Bubble Cap Tray; ST = Sieve 
Tray; FP = Flow Parameter. Used by permission, Fair, J. R., Pefro- 
Chem Engineer, Sept. (1 961), p. 45, reproduced courtesy of Petrole- 
um Engineer International, Dallas, Texas. 

suggests the following factors to reduce the CSB/CSB,charp 
See paragraph 3(a) above. 

Figure 8-137 is used for estimating the entrainment- 
flood point. Liquid particle entrainment is generally con- 
sidered as reducing tray efficiency (performance). 

Figure 8-138 [183] represents the final entrainment cor- 
relation used for estimating, thus, based on published data: 

The calculated entrainment values may be as good or 
better than measured values [ 1831. Figure 8-139 illustrates 
comparison of entrainment between bubble cap and sieve 
trays. Fair [183] concludes that for vacuum to moderate 
pressure applications, sieve trays are advantageous from 
an entrainment-flooding stand-point. 

Example: 837: Sieve Tray Splitter Design for 
Entrainment Flooding Using Fair's Method; (used by 
permission [ 1831) 

For a sieve tray xylene splitter, the following flow condi- 
tions are specified: 

Liquid rate 200,000 lb/hr 
Vapor rate 220,000 lb/hr 
Liquid density 46.8 lb/ft3 
Vapor density 0.266 lb/ft3 
Surface tension 16 dynes/cm 

From a consideration of contacting requirements, a 
tower 9.5 ft in diameter is selected. Other pertinent details 
are: 24in. tray spacing, 1-in. weir height, %An. dia. holes, 
10% hole area (referred to active area) and 8.3 ft2 down- 
comer area. 

The available vapor flow area is '70.8 - 8.3 = 62.5 ft.2 
Hence, 

= 3.68 ft / sec 220,000 
(3,600) (0.266) (62.3) 

UN = 

CSB = 3.68 [ 0.266 1 ~ ' ~ = ~ . ~ 7 ~  
46.8 - 0.27 

From Figure 8-13'7 CSB for flooding is 0.340. This value 
is for 20 dynes/cm, 10% hole area and small holes. The 
only correction required is for surface tension: 
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Figure 8-1409. Sieve tray flooding, 6-in. tray spacing. 
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Figure 8-140D. Sieve tray flooding, 12-in. tray spacing. 

Figure 8-14OC. Sieve tray flooding, 9-in. tray spacing. Figure 8-140E. Sieve tray flooding, 18-in.-24-in. tray spacing. 

Figure 8-140. Studies of sieve tray and bubble cap tray flooding (24-in. tray spacing). (Note that the references listed on the illustrations in Fig- 
ure 8-140 are from the original source, while Ref. 185 is from this text.) Used by permission, Fair, J. R., Petro/Chem €ngineeG Sept. (1961) p. 
45, reproduced courtesy Petroleum Engineer International Dallas, Texas. 
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0.2 
CSB, flood = 0.340 (g) = 0.328 

n u s ,  percent flood = 0.278 x 100 = 85% 
0.328 

From Figure &138, I$ = 0.055 

Finally, entrainment = - 0’055 (200,000) = 11,60Olb/hr 
0.945 

= 11,600 lb/hr 

If the dry efficiency at this point in the column is 9096, 
the wet efficiency is calculated by means of Equation 291: 

= 0.855 = 85.3% 0.90 
1 + 0.90 (-) 0.055 

EW = 

0.945 

Experimental flooding and entrainment data for sieve 
trays are not plentiful, and measurements are not precise. 
Accordingly, it has been necessary to relate correlations of 
flooding and entrainment to those of the well-known 
device, the bubble-cap tray. It appears that the two devices 
have about the same flooding limits, so long as usual 
design practice is followed. However, the sieve tray shows 
entrainment advantages, especially when used in vacuum 
and atmospheric service. 

The flooding capacity for sieve trays has been set into 
mathematical equation by Ward [187] using Fair’s equa- 
tion [183] and Figure 8-137. This is turn allows for the 
determination of the column diameter, assuming that an 
allowance is made in the flooding velocity so as not to 
design for flooding, but perhaps 25% below. I have not 
personally verified the equation of Ward [187], but Ward 
does show comparison curves, i.e., his with Fair’s. Ward’s 
equation for sieve tray flooding capacity factor: 

0.26S, - 0.029 S‘, , ft / sec 0.7498 f.3 CF = 
c1+6%2 s, 

(8 - 296) 

FP = F1, = Flow Parameter = (L‘/V’) ( ~ ~ / p l ) O . ~  (8-29’7) 

where S, = tray spacing, ft 
L’ = liquid mass flow, lb/sec 
V’ = vapor mass flow, lb/sec 
pv = vapor density, lb/ft3 at flowing conditions 
p1 = liquid density, lb/ft 

Ward [ 1871 reports the best fits for the curves at tray (or 
plate) spacing in the range of 0.5 to 3.0 feet, and at the 
ends of the curves. 

By analogy to Fair’s [ 1831 work, 

Calculate column diameter using Uflood reduced by 
15-25%, or increase the calculated column area by about 
25% and convert to a working diameter. 

Maximum Hole Velocity Flooding 

The maximum hole velocity will give a liquid build up in 

To determine the maximum velocity: 
the downcomer of 50% of the tray spacing. 

1. Assume a hole velocity. 
2. Calculate liquid height in downcomer, Hd by Equa- 

3. If Hd = ?4 S,, the assume hole velocity is satisfactory; if 
tion 8-269. 

not, repeat until a close balance is obtained. 

Design Hole Velocity 

The design velocity for selection of the holes also sets 
the minimum tower diameter. To take advantage of as 
much flexibility in operation as possible throughout the 
expected operating range, the following points should be 
considered in setting this velocity. 

A. Select a design velocity near the weep point if: 

1. The design vapor rate is, or is very close to, the mini- 
mum rate. 

2.All change in capacity is to be as an increase over 
design rate. 

3. Reduction in efficiency can be tolerated if vapor rate 
falls to weep point minimum or below. 

4. Low tray pressure drop is required, as for vacuum sys- 
tems. Design with extra caution under vacuum, since 
data correlations have not been checked in this region. 

B. Select a design velocity near the maximum velocity if: 

1. The design vapor rate is the maximum expected. All 

2. High efficiency is required. 
3. High pressure drops are acceptable. 

change will be to lower rates. 

Tray Stability 

Figure 8-141A of Huang and Hodson [30] and Figure 
8-141B can be prepared from an evaluation of limits of 
tray performance using the relations set forth herein, or as 
presented in the original reference using slightly different 
analysis. 

Unstable liquid oscillations on a tray have received only 
limited examination when compared to perhaps tray 
weeping, flooding and froth build-up. Biddulph [87] pro- 
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Figure 8-141A. Typical performance chart; perforated tray with 
downcomer. Used by permission, Huang, Chen-Jung and Hodson, 
J. R., Pet- Refiner, V. 37 (1958) p. 104, Gulf Publishing Co., all rights 
reserved. 

Blowing 

E 
Phase maldistribution 

‘Liquid gradient 
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Dumping 

Figure 8-141B. Effects of vapor and liquid loadings on sieve tray per- 
formance. Used by permission, King, C. J. Separation Processes, 
McGraw-Hill Book Co., Inc. (1971), all rights reserved. 

poses a dimensionless number to predict when biphase 
liquid-gas oscillations will occur on distillation trays; this 
predicts the onset of oscillation: 

where B, = dimensionless group identifier 
U = superficial vapor velocity, m/sec 
E = eddy kinematic viscosity, m2/sec 

hf = froth height, m 
pg = gas density, kg/m3 

(8 - 299) 

g = gravitational constant, m/sec2 
d = column diameter, m 

p~ = liquid density, kg/m3 
a = relative froth density, = hL/hf 

hL = clear liquid head, m 

- 

The interpretation of criterion for the use of B, is that: 

1. Full-wave oscillations will not occur for values below 

B, = 0.5 x lo-’ 
2. Half-wave oscillations will not occur for values below 

B, = 2.5 x 10-5 

To counter the oscillation effects, Biddulph [87] rec- 
ommends use of two vertical baffles made of expanded 
metal with approximately l c m  openings (0.394in.) and 
installing them parallel to the flow path from the inlet weir 
to the outlet weir, and located at the Yi and % dimensions 
across the tray diameter. This oscillation phenomenon 
exhibits itself as the vapor rate increases and then the gen- 
erally “even” layer of liquid changes by making violent lat- 
eral movements at right angles to the liquid flow. The two 
primary forms show a peak of liquid at one wall and a 
trough at the opposite wall (called half-wave oscillation). 
This condition then reverses. 

With increasing vapor rate, the oscillations become 
more violent, and liquid entrainment increases up to 70%, 
decreasing the tray efficiency. On sieve trays, extra weep- 
ing occurs up to 150% compared to a stable tray. Full-wave 
oscillation is represented by a peak wave forming along 
the center of the tray with a trough at each wall. This posi- 
tion then reverses itself, and is called “full-wave’’ oscilla- 
tion. The full-wave occurs at lower vapor rates than half- 
wave oscillation. Increases in entrainment and weeping 
also occur, and are most likely to be characteristic of medi- 
um- to small-sized columns, particularly those operating at 
reduced pressure. 

To determine the likely possibility of oscillations occur- 
ring in a new or an existing column, or even sections of a 
column, the original article is recommended. 

Vapor Cross-Flow Channeling on Sieve Trays 

Kister et al. [213] have concluded from examining 
reported cases of cross-flow channeling related to poor 
sieve tray column performance that under specific condi- 
tions the cross-flow channeling does occur. See Figure 
8-142 [213] for diagram of the postulated vapor flow 
across a tray. It is known to occur for valve trays and bub- 
ble cap trays. This condition has not been studied very 
much in the open literature; however, several investigators 
including myself have observed in industrial practice the 
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Entrainment 

Weep 

as drops dispersed in the gas), which is usually in vacuum 
and low liquid-rate service [213]. 

Large fractional hole area, long flow path relative to tray 
spacing and high liquid flow rate are the key factors lead- 
ing to the formation or intensification of vapor cross-flow 
channeling on sieve and valve trays. 

Tray Layout 

Some of the details of tray layout are given in Figure 
8-67A. The working details can be set by the required per- 
formance. 

Vapor Channelkg Path 

Figure 8-142. Vapor cross-flow channeling. Note entrainment near 
tray middle and outlet, and weep near tray inlet. Used by permission, 
Kister, H. Z., Larson, K. F. and Madsen, I? E., The American Institute 
of Chemical Engineers, Chem Eng. Prog. V. 88, No. 11 (1992), p. 86, 
all rights reserved. 

selective weeping of sieve trays. Referring to Figure 8-142 
[213] the situation is for sieve and valve trays at low pres- 
sure below 72.5 psig when all three listed conditions occur 
simultaneously [213] : 

I. A fractional hole area (or valve slot) greater than 11% 

2 . A  ratio of liquid flow path length to tray spacing 

3. A liquid flow rate exceeding 50-60 m3/hr-m of outlet 

of the bubbling area. 

greater than 2-231. 

weir (537.9-645.5 ft3/hr-ft of outlet weir length) 

Vapor cross-flow channeling: 

1. Intensifies as the fractional hole area increases. 
2. Intensifies as outlet weir height increases and as the 

liquid flo~7 rate increases. 
3. For valve trays the effects observed only for the ven- 

turi (low dry pressure drop) valve. 
4. For bubble cap trays the phenomenon is believed to 

be induced by excessive hydraulic gradient; it is rec- 
ommended to keep hydraulic gradient to less than 
40% of the dry pressure drop. 

5. For sieve and valve trays vapor cross-flow channeling is 
believed to occur when dry pressure drop is low (low 
vapor velocities, high fractional hole area and smooth 
openings) and with a significant hydraulic gradient 
(i.e., long flow path, high liquid velocities) [213]. 

6. Is believed to be a froth regime (liquid in continuous 
phase above the tray and gas present as bubbles in the 
liquid) phenomenon rather than a spray regime (gas 
in continuous phase above the tray and liquid present 

1. A tower diameter is selected based on Souders-Brown 
(20-50 percent conservative, usually) or Hunt's rela- 
tion, Equation &250. 

2. Assume a tray layout: downcomer areas, non-perforat- 
ed area; perforated area. Base downcomer require 
ments on bubble cap tray information of Figure 8 1  00. 

3. Determine the percent hole area in the active tray por- 
tion for pressure drop calculation. Note that hole size 
does not have to be set at this point. (Figure 8-143.) 

4. Calculate the expected tray performance. 
5. From the selected design hole velocity and the total 

vapor rate corresponding, the total number of holes 
can be determined for a gi\7en assumed hole diameter. 

(8 - 300) 

From Figure 8-144 or by calculation determine the 
plate area required for the holes on the pitch select- 
ed. Several selections may be tried to be used with the 
tray layout. These should be checked to agree with 
the assumed per cent hole area of Step 3. 

6. If the tray does not balance area-wise, assume a new 
area arrangement or even diameter, if indicated, and 
recheck the procedure. 

Example 8-38: Sieve Tray Design (Perforated) with 
Downcomer 

The conditions for tray design in a chlorinated hydro- 
carbon finishing tower are: 

1. Clean service, no fouling or suspended material 
2. TOP Bottom 

Vapor rate, ft"/sec 5.23 5.58 
Liquid rate, gpm 9.57 22.1 

Liquid Density, lb ft3 83 85 
Surface tension, dynes/cm 20 20+ 

Vapor Density, lb/ft3 0.582 0.674 

3. Tray spacing is to be close as possible, because verti- 
cal installation space is a premium. 
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Figure 8-144. Number of holes in perforated plates. 
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Estimated Tower Diameter Total tower area = x (2.5)2/4 = 4.91 ft2 

Souders-Brown method Percent of tower area = 0.492 (100)/4.91 = 10.01% 

From Figure 8-82 C = 100 for %in. tray spacing 
In this case rates are close and pv does not change much 

from bottom to top of tower. 

W = 100 [0.674 (85 - 0.674)]1/2 = 753 lbs/hr (ft2) 

= 753 = 0.36 fts/sec (ft2) 
(3600) (0.582) 

Tower cross-section area = 5.23/0.36 = 14.3 ft2 

Diameter = [ (4/X) (14.5)]'12 = 4.28 ft 

Using Hunt equation: 

Assume: h, -1- h,,+ = 1.5 in. 

S' = St  - 2.3 h, = 9 - 2.5 (1.5) = 5.25 in. 

At surface tension = 20 dyties/cm, 

Using Figure 8100 for segmental downcomers, at 10% 
downcomer area, the weir length is '72.8% of tower diameter. 

Weir length = 72.8 (30)/100 = 21.8 in. 

Since standard details for fabrication are already available 
for a tray with a 19.5-in. weir in a 30-in. tower (65% of dia.), 
try this as first tray examined. This is 6.8% of tower cross- 
sectional area. Downcomer area = 0.068 (4.91) = 0.334 f9. 

Hole Size 

Try %in. dia. on %in. pitch 
This is spacing of 2.66 do, and is as close as good design 

Ratio do/c = %e/% = % = 0.375 
Percent hole area = 12.8% (of perforation area only) as 

would suggest. Use %in. tray thickness. 

shown in Figure 8-143. 

Minimum Hole Trelocity: Weeping 

Assume: v, (P,)'/~ = 13 
For e, = 3% = 0.0.5 

Assume: Submergence = 1.5-in. = h,l = hdl (neglecting A/2) 
Figure 8-121 reads: allowable tower velocity = 2.2 ft/sec 

Required tower area = 3.38/2.2 = 2.54 f$ (bottom, largest) 

Diameter = [(4/x) (2.54)I1I2 = 1.8 ft 

Select: tower diameter = 2.5 ft 

A 2-ft tower would be expected to perform satisfactorily 
with properly designed trays. However, a 2.5-ft tower is the 
minimum diameter suitable for internal inspection and 
maintenance. The cost of a tray tower of 2.5-ft has been 
found to be no more, and from some bids 5 percent less, 
than the smaller 2-ft. tower. A 2-ft. tower would either be 
used with packing or with trays inserted from the top on 
rods with spacers. This would allow removal of the trays for 
inspection and maintenance. 

Tray Layout Eased on 2.59 Diameter Tower 

Use a segmental downcomer on a cross-flow tray. 
From the residence time in downcomers for bubble cap 

trays, and at the very low tray spacing of 9 inches, select an 
allowable liquid velocity of 0.1 ft/sec. 

22.1 gpm 
7.48 (60) (0.1) 

Downcomer area = = 0.492 ft2 

Dry Tray Pressure drop, hdt 

The hole diam./tray thickness ratio = %fi/X = 1.5 
From Figure 8128, orifice coefficient, C ,  = 0.78, p = 0.128 

= 0.608 in. liquid 
0.003 (13)2 (62.3/85) (1 - (0.128y) 

(0.78f2 
hdt = 

Effective head 

For h,l = 1.5, F, < 14 
Read Figure 8-130; effective head = 1.58 in. liquid 

Total Wet Tray Pressure Drop 

ht = 0.608 + 1.38 = 2.188 in. liquid 

Weep Point 

Using Figure 8-131 Curve A, and h, = 2.19 in. liquid 
Read weep point velocity = 12.5 = vom (P,,)'/~ 
Curve A is used when in doubt, and it gives a higher 

minimum yo,, which is on safer side for design. 
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Because vom (pV)lI2 = 12.5 is less than the assumed 
value of 13, the 13 will be used. 

Maximum Hob Velocity at Rood Conditions 

Assume F, = vo (pv) = 20 max. 

Dry tray pressure drop 

=O.O03F: (y) (l-fl2)/C; 

= 0.003 (20)2 (62.3/85) (1 - (0.128)2)/(0.78)2 
= 1.44 in. liquid 

Effective head, he 

= 1.4 in. liquid, for F, > 14 and h,l = 1.5 

Total wet tray pressure drop, ht = 1.44 + 1.4 = 2.84 inch- 
es liquid 

Liquid Back-up OT Height in Downcomer 

Hd = ht + (hw + h , )  + A +hd 
Hd = 2.84 + 1.5 + 0 + 0 (assumed, to be confirmed) 
Hd = 4.34 in. liquid 

The limit on Hd for flooding is St/2 = 9/2 = 4.5 in. 
Therefore F, = 20 appears to be close to minimum. 

Design Hob VelociQ 

Select a velocity represented by F, factor between mini- 
mum and maximum limits. 

20 > Design > 13 

Select a median value of F, = 17, because freedom to 
operate above and below the design value is preferred in 
this case. 

Design Basis 

F, = 17 

1. Weir Height selected = h, = 1.0 inch 
2. Height of liquid over weir, how = 0.52 in. 
From Figure 8-104 at 22.1 gpm and 1, = 1.62 ft 
3. Submergence, hsl = (0 (h,,) + how = (1) (1.0) + 0.52 

= 1.52 in. liquid 
4. Downcomer pressure loss. Clearance between bottom 

of downcomer and plate = 1-in. max. Underflow area 
= (9.5 in.) (1 in.)/144 = 0.065 ft2. Because this is less 
than the downflow area (of 0.334 ft2), it must be used 
for pressure drop determination. No inlet weir used 
on this design. 

= 0.312 in liquid [ 449 22.1 (0.065) ] across restriction 
hd, = 0.56 - = 0.56 [ 44gLhd))l 

5. Dry tray pressure drop 

hdt = 0.003 (17)' (62.3/85) (1 - (0.128)'/(0.78)' = 1.04 
in. liquid 

6. Effective head 

h,l = 1.52 in. 
he = 1.4 in. liquid for F, > 14, Figure 8-130 

7. Total wet tray pressure drop 

h, = 1.04 + 1.4 = 2.44 in. liquid 

8. Total tower pressure drop for 45 trays: 

(2.44) (45) 83 + 83 A P (tower) = = 5.33 psi 
1728 cu. in./cu. ft. ( 2 ) 

An actual operating tower measured 5 psi k. It is 
satisfactory to average the conditions for top and 
bottom of tower when flows do not vary significant- 
ly. Otherwise, parallel determinations must be car- 
ried through for top and bottom (and even feed in 
some cases) conditions. 

9. Number of holes required 
Hole size selected = %in. 
Hole spacing or pitch = Ihin. 
From Figure 8-144, Holedin.:! plate area = 4.62 
Area of a %win. hole = 0.0276 in.2 

Calculation S u m m a r y  
- - - - ___ _-- 

Maximum Velocity Design Velociq weep Point 
- - - --- - _- 
F, = 20 17 13 
vo top = 

20/(0.582)'/* = 26.2 ft./sec. = 17/(.582)'/* = 13 (0.582)'12 

V, Bot. = 
20/(0.674)1/2 = 24.4 ft./sec. = 17/(0.674)1/2 = 13/(0.674)'/' 

= 22.3 = 17 

= 20.7 = 15.8 
No. Holes required 
CFS at top = 3.23 
No. holes = 

5.23 (144) = 1040 5.23 (144) 3.23 (144) 
26.2 (0.0276) 22.3 (0.0276) 17 (0.0276) 

i - 

= 1223 = 1605 

CFS at bottom = 5.58 
No. holes = 

5.58 (144) 1195 5.58 (144) 5.58 (144) 
24.4 (0.0276) 20.7 (0.0276) 13.8 (0.0276) 

- h 

= 1410 = 1845 
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The selected design F, = 17 gives the number of 
holes to operate at these conditions. Note that the 
values of 1223 and 1410 holes for the top and bot- 
tom respectively indicated operations somewhat 
closer to the tower maximum than to the weep 
point. This usually insures as good an efficiency as is 
obtainable for a given system. It may limit the flexi- 
bility of the tower, since there will not be enough 
holes to operate down to the weep point at the given 
design flow rates. 

On the other hand the tower should be able to 
operate at changing vapor and liquid loads without 
serious upset. In this type of tray the designer has a 
selection of holes, in this case: For the top select 
1,100 to 1,500; for the bottoms, select 1,300 to 1,750, 
and still expect acceptable performance. 

The fabrication of all trays may be punched or 
drilled (more expensive) with 1410 holes, and those 
in the lower section have blank strips placed over 
the inlet and outlet edge rows until approximately 
1223 holes are left open in the top section above the 
feed tray. 

For close examination of systems having varying 
latent heats and flow rates, it is wise to examine sev- 
eral points in the tower, even tray by tray in some 
cases, to be certain that the number of holes in that 
tray does not place its performance too close to the 
weep or flood conditions. Towers have been built 
and operated at rated peak loads with every tray hav- 
ing a significantly different number of holes. 

10. Mechanical tray layout details. Allow a total of 3%n. 
on diameter for extension of tray ring-type support 
into the tower. This reduces available tray area. 
Other support details might make more area avail- 
able. Each must be examined. 

Allow 5-in. clearance (no holes) between inlet 
downcomer and first row of holes. The 5 in. could be 
reduced to 3 in. minimum if an inlet weir were used. 

Allow %in. clearance (no holes) between outlet 
weir and adjacent row of holes. 

Downcomer width = 3.6 in. (From Figures 8-100 
and 8-145 at 65% weir length). 
Area determinations: Figure 8-145. 
Area of segment of circle (2) with chord AD: 

Diameter circle (2) = 30 - 3.5 = 26.3 in. 

Height of chord = 13.23 - (15 - 3.6 - 5 )  = 6.85 in. 

Chord height/circle dia. = 6.83/26.5 = 0.258 

Referring to Perry’s Handbook, (pg. 32, 3rd Ed.) 

Area = 0.161 (26.5)2 = 113.2 i n 2  

Area of segment of circle (2) width chord BC: 

Height of chord = 13.25 - (15 - 3.6 - 3) = 4.85 

h/D = 4.85/26.5 = 0.183 

Area = 0.0984 (26.5)‘ = 69.1 in.’ 

Area of circle (2) = n (26.3)2 = 552 in.2 

Area available for holes = 552 - 113.2 - 69.1 = 369.7 in.2 

Area required for holes = (1410)/4.62 holes/im2 = 305 
in.’ 

Actually not all of the tray needs to be drilled. Howev- 
er, the location of “dead” or unperforated areas must be 
carefully selected, preferable next to weirs. 4 special 
punching (or drilling) arrangement for the holes can run 
the cost of the trays quite high. It will probably be prefer- 
able to check effect of punching holes in entire area A B 
C D of Figure &145. 

Area = 369.7 

No. holes = 369.7 (4.62) = 1,710 holes 

This number is in the range of acceptable performance 
for bottom section and should be punched. If performance 
indicates fewer holes are preferable, blanking strips can be 
added (or even added before the trays are installed). The 
top trays definitely require blanking of holes. 

Example 8-39: Tower Diameter Following Fair’s 
Recommendation in Smith [1931 (used by permission) 

Following the example of Fair [193], the technique is 
summarized (used by permission, as paraphrase, not 
copied directly, with a different example) : 

inlet 
from 

Hole Blanking Strips ( i f  used) 
flct Downcorner 

w 30” 1. D. 

Figure 8-145. Sieve tray with downcomer layout for Example 8-38. 
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Design a sieve tray column to separate benzene and 
toluene to produce 35,000 lb/hr of benzene as overhead 
product at atmospheric pressure and use a reflux ratio of 
5:l (reflux returned to net overhead). Using the top tray 
as the first design basis, which can be followed by other 
points in the column, determine by the material balance: 

Top tray data: 
Material: 95%+ benzene 
Molecular Weight: 78.1 
Operating pressure: 14.7 psia 
Operating temperature: 176°F 
Liquid Density: 43.3 lb/ft3 
Vapor Density: 0.168 lb/f$ 
Liquid Surface Tension: 21 dynes/cm 
Maximum liquid load 5(35,000) - 175,000 lb/hr (504 

Maximum Vapor load: 210,000 lb/hr = (347 ft3/sec) 
System: Non-foaming, non-corrosive, non-fouling 

gpm) 

TmerDiameter 

Flow Parameter: 

(8 - 297A) L' 

e- 175'000 (0.168/43.3)0.5 = 0.0519 
210,000 

Tray Spacing and Design 

Select as quite common; %in. dia. holes, with hole 
area/tower area = 0.10, 14 U S Std. gauge stainless steel 
tray material, which is 0.078 in. thick, 2-in. weir height, 
and 24in. tray spacing. 

Select single cross-flow tray, segmental downcomers, and 
straight weirs, with weir length equaling 77% of tower diam- 
eter. The downflow segment is 12.4% of the tower area. 

Diameter 

From Figure 8-137 read, 
CSB = 0.36, at Flv at 0.0519 (previous calculation) 
The system surface tension is approximately 20 dynes/ 

In this system, use 85% of flooding condition for design: 
Vapor flooding velocity = vf = Ui\~,n,d = csB/(h,/(Pl - 
At 85% flood 

cm, therefore no correction is necessary. 

pv) l'* 

UN,flood = Vf= (0.36) (0.85)/[ (0.168)/(43.30 - 0.168]0.5 = 4.90 
ft/sec, vapor velocity based on net crosssectional area for vapor 
flow above tray, usually, (At - Ad) ,  ft2 

At 88% total tower area, = 0.12 (At), ft2; downcom- 
er area 

At = 347/[(1 - 0.12) (4.90)] = 80.47 ft2 

Tower diameter, D = [ (80.47) ( ~ ) / x ] O * ~  = 10.12 ft for 
85% flooding. 

For fabrication convenience and practicality, select, D - 
10.5 ft 

Actual At at 10.5 ft - 86.59 ft2 

Mechanical Features 

4 = 86.59 fG 
p41 = 0.12 (86.59) = 10.39 ft2 
A, = Net cross-section area for vapor flow above tray, 

A, = active or bubble area of tray, 

Ah = net perforated area of tray, ft2 = (0.10) (86.59) 

(At - p41) = 86.59 - 10.39 = 76.2 ft2 (usual situation) 

(4 - w) = [86.59 - 2 (l03)l = 65.59 ft' 

8.66 ft2 

Actual Flow Conditions 

Vapor velocity based on net area = 347 cfs/A, 
U, = 347/76.2 = 4.55 f p s  
Approach to flooding = [Un,d&@n&,od] [lo01 

= [4.55/4.90] (85) = 78.99% 

Entrainment 

Refer to Figure 8138, Fractional Entrainment, Sieve Trays 

Fractional Entrainment I) = 0.06 
[183] and for Fl\7 - FP = 0.0519, and 77.4% of flooding. 

E qJ=- 
(L' + E) 

E = Liquid entrainment, lb mols/hr 
E = [0.06/(1 - .OS)] (175,000/78.1) - 143 mols/hr 

= 11,168 lb/hr 

Pn?ssure Drop 

With a hole/active area ratio = 8.66/65.59 = 0.132 
With a tray thickness/hole diameter ratio = 0.078/(3/16) 

Orifice coefficient, Figure 8-129, read at 0.41 tray/hole 

Hole velocity = 347/8.66 = 40.06 f p s  
Dry Tray pressure drop 

= 0.186 (0.168/43.3) [40.06/0.75]2 = 2.06 in. liquid 
Weir flow = 0.77 (10.5) (12 in/ft) = 97.02 in. weir length 

= 0.416 

gives C ,  orifice coefficient = 0.75 

hh = 0-186 (VO/CO)~ 
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= 8.083 ft 
Weir crest @ 304 gpm, L, (see Figure 8-104): 

how = 0.092 (Lg/1,)*13 = 
= 0.092 (504/8.08)*13 
= 1.45 in. liquid 

In such a large column, the weir constriction factor 
(Figure 8-105) is not significant and is not applied to the 
above hoLv. 

Aeration: 
From Figure 8-126: 
F,,, = v, (P.;)O.~ for active area 
F,, = (347/65.59) (0.168)O.’ = 2.168 
Read figure; aeration factor, fi = 0.38 
Then, the wet-tray pressure drop is: 

1. Operating liquid seal loss, clear liquid on tray 

hl = p (h, + hotv) = 0.58 (2 in. + 1.45 in.) 
= 2.00 in. liquid 

2. Total tray pressure drop: 

ht = hh + p (hw + how) 
h, = 1.98 + 2.00 = 3.98 in. liquid 

Weep Point 

Surface Tension Head: 

0.0403 0.0405 (21) h, = - _- -- 
p i  dh 43.3 (0.1875) 

= 0.1034 in. liquid 

Then: Ah/& = 8.82/65.59 = 0.134 

Referring to Figure 8132: 

hl, = h, + h,,v, in. liquid, height of clear liquid at overflow weir 

hl,, = 2 in. + 1.45 = 3.45 in. 

hh + h, = 1.98 + 0.103 = 2.08 in. liquid 

Reading the intersection of 3.45 vs. 2.08 shows that for 
either weep point curve, the weep point is well below the 
values for operation, so this design not near the weep point. 

Turndown Ratio 

By trial and error the tray can be examined to deter- 
mine the rates that will coincide with the weep point. 
Thus, the entrainment can establish the upper limit of 
operation, and the liquid weeping through the perfora- 
tions represents the lower limit of stable operations; that 
is, turndown is generally used to represent the ratio of the 

maximum allowable liquid rate (at flooding) to the mini- 
mum allowable operating throughput. 

Downcomer liquid handling: 
Based on clear liquid, downcomer velocity: 

504 V d  = wm = 
(7.48) (60) (Ad) (7.48) (60) (10.3) 

= 0.106 ft/sec 

Referring to Table 8-20 for low foaming hydrocarbons 
on 24in. tray spacing, this velocity of 0.106 fps is quite 
“safe” compared to a suggested range of 0.55-0.60 fps. 

Based on tray spacing of 24 in., assume 50% downcom- 
er full, then: 

height of liquid = 12 in. = 1 ft-0 in. then, 
residence time = 1 ft/O.l06 fps = 9.43 sec 

This is compared to about 3 sec reported by Bolles 
[ 1901. This should be checked, and the tray spacing may 
have to be increased, depending on the recalculation for 
the entire tray. 

Liquid Gradient 

Referring to equations for aerated liquid pressure drop, 

hf =-- 28 h1 - 1 - 2.001/[2(0.58) - 1]= 12.3 in. 

Velocity of froth: 
l f=  504/(7.48 gal/ft3) (60 sec/min) = 1.12 cfs 

Note Tower diameter = 10.5 ft 

8.083 Weir length = - 
18.58 ft 

Average length for lfi%, = 18.58/2 = 9.29 ft 

(cross section) 
(wetted perimeter) 

Hydraulic radius of aerated mass, RH = , ft 

= 0.859 ft 
(12.5) (9.29) hf Df = R* = 

2hf + 12Df (2) (12.63) + (12) (9.29) 

Reynold’s Modulus: 

= 1.260 x lo5 
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From Figure 8-12'7 read friction factor: 
f = 0.018 approximate extrapolation 
Area of downcomer flow segment: 

From Appendix Tables: A = d2(coef) (8-301) 

From Figure 8-100: 
At 77% weir times tower diameter, then downcomer 

area = 12.4% of tower area, or 18% of tower diameter is 
downcomer width (depth, i.e. weir to wall = 0.18 (10.5) = 
1.89 ft for one downcomer). Then, net free area between 
weirs = 10.5 - 1.89 - 1.89 = 6.72 ft 

f (vi l2 lfp 
Gradient, A', = 

g RH 

This is low and should not be a problem across the tray. 

Downcomer backup: Assume 1 %-in. clearance between 
bottom edge of downcomer and tray floor (or equivalent 
depending on design of downcomer-tray relationship.) 
See Figure 8-63. 

Ad = hdcl Wl/144 (8 - 302) 

= (1.5) [(8.085) (12)]/144 = 1.01 ft2 
Head loss through downcomer underflow: 

hdu = (0.03) [ 504 = 0.747 in. liquid 
100 (1.01) 

Downcomer backup : See Equation 8-245; 

Hd = h, + h ,  + A + hdu + ht, in. 

= 8.20 in. liquid backup 
= 2 -I- 1.45 + 0.0278 + 0.747 + 3.98 

,Tower Shell Inside, 

(8 - 303) 

(8 - 304) 

This is satisfactory, because it is less than 50% of the tray 
spacing of 24in. Therefore, the tray appears to have ade- 
quate liquid handling capacity. No hole blanking strips 
required. 

Perforated plates without downcomers have only 
recently been included in commercial equipment. The 
data for rating the performance is not adequately covered 
in the literature, since the present developments in indus- 
trial equipment have not been released. The information 
included here is based only on available data and experi- 
ence, yet it may serve as a basis for rating, because the 
basic nature of the contact is quite analogous to the sieve 
tray. The limits of performance are not well defined; 
therefore the methods outlined cannot be considered 
firm. However, they are adequate for many applications 
and as the basis for further study. 

The action of the perforated tray (Figure 8-146) is 
one of simultaneous flow of vapor and liquid through- 
different holes on a tray; they do not flow countercur- 

rently and simultaneously through the same holes. For a 
tray in its operating range, the liquid-vapor bubble mix- 
ture is in constant agitation. There is usually a level of 
relatively clear liquid on the tray followed on top by a 
bubbling, agitated mass, part of which becomes frothy 
and/or foamy in appearance depending upon the tray 
operation and the fluid system properties. There are 
wavelets of froth-liquid mixture moving from one place 
to another over the tray. As the head builds up sufficient 
to overcome the tray hole pressure drop, the vapor stops 
flowing in the region and liquid drips and drains 
through. As soon as the head is reduced, the draining 
stops and bubbling starts. This action is taking place 
randomly over the tray. Sutherland [69] observed that 
vapor was flowing through 70-90% of the holes, well 
distributed over the plate. Liquid flowed through the 
30-10% of the holes. 

The only available data for correlation is that of Suther- 
land on air-water [69] and of Myers [4'7] on two hydrocar- 
bon systems. The latter data being at close tray spacings 
for laboratory columns. 

fL3" 
_-I ,-Area Beyond 

Support Ring for 
Trav.lnside 1 

erforated Are  
60'A Pitch 

Perforated Plates Without Downcomers 

'Active Tray L imi ts /  

2"-3" Areo Beyond Perforations 

Full Column Areo Partial Column Areo  Figure 8-146. Perforated trays without downcorners. 
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These trays are somewhat sensitive to rapid changes in 
tower conditions. Towers over 40 trays must be controlled 
within fine limits. 

The perforated plate, punched plate, or Dual-Flow plate 
are terms used to refer to a tray operating without down- 
comers, with tapor and liquid passing countercurrent 
through perforations in the tray. The Dual-Flow term has 
been coined by Fractionation Research, Inc., and its 
design know-how is restricted to contributing members, 
and cannot be presented in this book. 

The orifice coefficient can be read from Figure 8-128. 
Sutherland used C ,  = 0.85 and 0.73 for %in. and %in. 
holes respectively, in %-in. plate. 

Effective Head, h, 
Diameter 

There is essentially no published work on specific tests 
with these trays as relates to entrainment, etc. However, 
the very close similarity between a perforated plate with- 
out downcomers and one with downcomers is sufficient to 
just+ using some data for one in the design of the second. 

This is the case with diameter determination. The rela- 
tion of Equation 8-250 for the perforated tray or sieve tray 
with downcomers can be used for the plate without down- 
comers. Generally, the liquid level and foam-froth height 
will be higher on this tray, hence the value of h,, clear liq- 
uid on the tray, may range from 1-in. to 6in. depending 
on the servic.e. 

Although Sutherland did not obtain an equation for 
total tray pressure drop, correlation at this time indicates 
that it follows the effective head concept of Hughmark. 
This is a limited evaluation because the data available did 
not indicate any clear liquid heights over about 0.75 in. 

When “head of liquid” is considered “clear liquid on the 
tray,” Figure 8-130 may be used to read the effective head, 
he. Values of h,l beyond 1 in. have not been checked for 
lack of data, but do agree generally with the plotted results 
of Sutherland [69]. 

Total Wet Tray Pressure Drop 

For the data checked, 
Capacity 

ht = hdt + h,, (also see Equation 8-268) (8-306) 
In general, the vapor capacity for a given tray diameter is 

10-35% greater than bubble cap trays and somewhat 
greater than sieve trays with downcomers. The flexibility or 
range is limited because reasonable efficiencies fall-off near 
the dump point for most systems. Usual designs limit the 
lower operating point to 60-70 of the flood point, unless 
particular data is available to safely allow reduction in lower 
limits without the accompanying loss in tray efficiency. 

These results cannot be expected to correlate for a tray 
just becoming active (very IOW liquid on tray, 0.1 in. k), but 
have been satisfactory at 0.2-in. for clear liquid height, h,l. 

To determine a tray operation with respect to pressure 
drop, the value of h,l must be assumed at a reasonable 
value,-the larger the better the contact, and higher the 
pressure drop. Values of h,l should be limited to about 4 
in., following sieve tray practice. 

Pressure Drop 
Hole Size, Spacing, Percent Open Area 

The pressure drop of these trays is usually quite low. 
They can be operated at an effective bubbling condition 
with acceptable efficiencies and low pressure drops. For 
more efficient operation the clear liquid height on the 
tray appears to be similar to the sieve tray, i.e., 1.5-2-in. 
minimum. This is peculiar to each system, and some oper- 
ate at 1 in. with as good an efficiency as when a 2-in. is 
used. IA%en data is not available, 2 in. is recommended as 
a median design point. 

Dry Tray Pressure Drop 

A$ should be expected, the relation of Hughmark [31] 
correlated the data of Sutherland [69] quite well. 

Hole size is as important in perforated plates without 
downcomers as far the sieve tray. Published data limits a 
full analysis of the relationships; however, the smaller 
holes, %-in., %-in., %-in. appear to give slightly higher effi- 
ciencies for the same tray spacing [47]. Unfortunately the 
data [69] for the larger %-in. holes was not evaluated for 
efficiencies. Experience has indicated efficiencies equal to 
or only slightly, 10-15%, less for %-in. holes when com- 
pared to %pin. holes for some systems. Holes as small as 
!4rrin., %Pin. and %An. were considered unsatisfactory for 
high surface tension materials such as water [471. 

Sutherland reports frothy type contact for %in. holes 
and jetting spray bubbly action for %-in. holes. 
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Percent open tray areas of 20-30% appear to be opti- 
mum for hydrocarbon systems [47]. 

The larger holes are recommended for high surface 
tension liquids. 

Holes are usually spaced a minimum of 2 do, with 3 do 
to 4 do being preferable. The distance between holes 
should never exceed 3 in. Thin plates appear to be prefer- 
able to thick. 

Tray spacing 

The height of the liquid-froth mixture on the tray is 
important in determining tray spacing, as tray flooding 
moves up the column as the liquid mixture of one tray 
approaches the underside of the tray above. Tray spacing 
is recommended as twice the maximum design height of 
liquid-froth mixture on the tray hd. Spacing of 9, 12, 15, 
18 and 24 in. have been used with good success. The clos- 
er the spacing, the less the tray flexibility. The 15-in. spac- 
ing is usually a good design value. 

The height of aerated liquid-froth mixture on the tray, 
h,l, (in.) was determined to agree with the following rela- 
tion [69] for air-water for 23% and 40% open trays. 

hd = 1.23 F, + 0.0005 L + (0.34/p) - 2.45 (8-307) 

F, = V, p2I2 (8-308) 

L = Liquid rate, lb/ (hr) (ft2 of active plate) 

This relation does not hold for plates having 10% open 
hole area, as the heights are several times the corresponding 
heights for 23% and 40% trays at the same vapor rate, F,. 

For water, the total height of aerated mixture relative to 
the height of clear liquid on the tray, hd/h,l, had values of 
10 to 3. The higher values being obtained from the %win. 
(smaller) holes. Liquid flow rate does not appear to influ- 
ence these values to any extent. 

Higher open tray areas tend to produce a spray rather 
than a froth. High vapor rates produce a spray, while the 
higher liquid rates produce a froth [69]. 

If these trays are used in systems with exceedingly high 
foaming tendencies, tray action may be impaired to the 
extent of improper performance. In such cases, the foam- 
ing tendency should be examined experimentally. 
Antifoam agents have proven quite helpful in some prob- 
lem cases using these trays. 

Eutrainment 

Data are not available to distinguish between the 
entrainment of sieve and perforated trays without down- 
comers. The relation of Hunt et al. [33] given for sieve 
trays is recommended, and should apply quite well. 

Sutherland [69] reports for air-water entrainment of 
0.0001 to 0.1 lb liquid/lb vapor, averaging 0.01 for 15-in. 
tray spacing at hole velocity F, values of 3 to 15. Fh = vo 
p;/*. These values are 1-10% of bubble cap plates. 
Simkin et al., [64] reports a comparison with the Turbo- 
grid tray giving only 3-60% of the entrainment of bubble 
caps over a wide range of operation. 

Sutherland’s [69] relation for air-water on 15-in. tray 
spacing correlating %-in. holes on 40% and 23% open 
area, and %tiin. holes with 23% open area is: 

e, = 6.31 (Fs)4.57 (8-309) 

where e, = entrainment, lb liquid/lb vapor 

The correlation of %in. holes in 40% open trays is 

(8-310) e, = 2.37 (F,)1.i3 

Why this deviates from the previous correlation is not 
understood. 

Dump Point, Plate Activation Point, or Load Point 

These trays will dump liquid excessively through the 
perforations giving exceeding low efficiencies [47] unless 
a minimum vapor rate is maintained for a given liquid 
capacity. The smaller the holes the lower the dump point 
(vapor velocity). 

Figure 8-147 indicates minimum values of Fh to initiate 
acceptable bubbling tray action. Efficiency at this activa- 
tion or load point might be expected to be low; however 
Myers results indicate good values at this rate. 

It is recommended that trays be designed for a mini- 
mum of 10% above the lower plate activation values. 
Below these values the tray will dump liquid and become 
inoperable. 

Efficiency 

Tray efficiency is as high as for bubble caps and almost 
as high as sieve trays. It is higher than bubble caps in some 
systems. Performance indicates a close similarity to sieve 
trays, since the mechanism of bubble formation is almost 
identical. The real point of concern is that the efficiency 
falls off quickly as the flow rate of vapor through the holes 
is reduced close to the minimum values represented by 
the dump point, or point of plate initial activation. Effi- 
ciency increases as the tray spacing increases for a given 
throughput. 

Myers found only a slight decrease in efficiency with an 
increase in hole size. Industrial experience indicates that 
large holes of %in. and %-in. can be designed to operate as 
efficiently as a small hole, say %in. 
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Figure 8-147. Vapor and liquid rates for tray 
activation; perforated trays, no downcorners. 
Compiled from data of Sutherland [69] and 
Myers [47. 

0 
L,  Liquid A a f e ,  Ibs./hr.(sq.ft. Active f r a y )  

Efficiency appears to fall off significantly for open tray 
areas above 30%. The higher efficiencies are usually 
obtained in the 2&23% range of open hole area [47]. 

Higher efficiencies are obtained for operating condi- 
tions within 8595% of the tray flood point. 

Flood Point 

At the flood point, liquid continues to flow down the col- 
umn, but builds up at a greater rate from tray to tray. 
Sutherland E691 demonstrated that flooding moves up the 
column from the point of origin. For this reason it is impor- 
tant to design perforated trays without downcomers with 
extra care, as changing internal rates are quickly reflected 
in performance if the proper hole requirements are not 
met. They are a useM tray for steady state operations. 

n a y  Designs and Layout 

1. Establish a tower design diameter using the Souders- 
Brown method or the relation of Hunt, both given 
previously. 

2. Determining the vapor and liquid rates in the tower 
at all possible critical points of change. The antici- 
pated maximum and minimum values must be 
defined. 

3. Determine the values of the plate activation veloci- 
ties (or load points), Fh2, for the minimum as well as 
maximum liquid loads at top and bottom of the 
tower and any intermediate points exhibiting signif- 
icant change in flow rates. For partial column area 

trays of Figure 8-146 the v, refers to the area of 
active tray limits. If the minimum rates are more 
than 20% below the maximum, the smaller hole 
sizes and open areas should be selected. 

4. Select a design hole vapor rate, v,, of 1.25 to 1.5 
times the minimum values of the plate activation 
point, or about 25% below the hole velocity at flood 
conditions. 

5. Check the number of holes required at each maxi- 
mum rate to determine if the required holes can be 
placed in the tower area. 

Use Figure 8-144 to aid in the determination. If 
more plate area is required than is available, back- 
calculate the necessary maximum hole velocity. 
Check if this is reasonable (say not over twice the 
minimum). If so, the diameter is still acceptable; or 
change the hole spacing to allow more or fewer 
holes to be placed in the given diameter of the 
tower. Use limiting values previously given on hole 
spacing. 

6. Calculate the total wet tray pressure drop, using an 
assumed height of clear liquid on the tray of 0.5-in. 
minimum to 4in. maximum (1 to 2-in. are usual 
values). 

7. Determine height of aerated liquid on the tray, hd. 
If foaming characteristics of the system are less 

than air-water, results will be conservative. For sys- 
tems tending to greater foam and bubbles than the 
air-water system, approximate a value of ha] by mul- 
tiplying calculated value by 2, or 3 or known relative 
relationship. 



206 Applied Process Design for Chemical and Petrochemical Plants 

8. Set tray spacing at twice the selected value of hd. 
9. Check entrainment at maximum vapor rate. 

10. Physical arrangement: refer to Figure 8-146. 

For new towers, the designs will usually develop to utilize 
the entire tower cross-section. However, for existing towers 
with perforated trays being installed to replace bubble caps 
or packing, the optimum active tray area may not utilize 
the entire cross-section. If the number of holes required is 
small compared to available area, it is better to group the 
holes on 2.5 do to 3.5 do than to exceed these limits. Holes 
separated by more than 3 in. are not considered effective 
in tray action so necessary for good efficiency. Blanking 
strips may be used to cover some holes when more than 
required have been perforated in the tray. 

If trays are punched, the sharp hole edge side should 
face the entering vapor. 

Example 8-40: Design of Perforated Trays Without 
Downcomers 

A tower separates a weak ammonia solution. Design 
trays using perforated plates without downcomers for the 
following conditions as determined from the column per- 
formance calculations. 

Top Trav Bottom Tray 
Liquid, gpm 40.8 17.8 
Lb/ft3 38.8 54.2 
Dynes/cm <13 59 
Vapor, ft3/sec 5.22 4.3 
Lb/ft3 0.593 0.408 

Estimated Tower Diameter 

e, = 0.22 (73/a) (v,/~’)3.2 

Allowable velocity: assume S’ = 15 in. - 2.3 (1.5 in.) = 11.25 in. 

From Figure 8121 for e, = 0.05 and assumed 15-in. tray spacing 
at top, tower velocity v, = 4 ft/sec 

at bottom, v, = 6.4 ft/sec 

Tower area at 4 ft/sec limiting: = 3.22/4 = 1.30 ft2 

Diameter = [(4/x) 1.30]1/2 = 1.29 ft. Say 1 ft 6 in. 

Comparison: 
Souders-Brown, Figure 8-83 at top tray conditions, which 
are limiting. 

W = 2000 Ibs/hr (ft2) Max. allowable hapor velocity 

Top vapor rate = 5.22 (0.593) (3600) = 11,130 lb/vapor/hr 

Required area = 11,130/2000 = 5.3 ft2 

Diameter = 2.64 ft, Say 2 ft, 8 in. 

Because it is known that the entrainment from perfo- 
rated trays is considerably less than for bubble caps, the 2- 
ft, 8-in. diameter would be very conservative and perhaps 
excessively large. 

Tower diameters in the 1-ft, 6in. to 2-ft range are not 
usually economical as tray installations. A packed tower 
might prove the best economically. Trays can be installed 
on a central rod and spacer arrangement, with seals 
between trays and tower shell. Such an arrangement usu- 
ally brings the cost of the installation up to that of a 2-ft, 6- 
in. tower. This is the smallest practical size that a man can 
crawl through. 

For the purpose of this design, assume that a cost study 
has verified the above remarks, and a 2-ft, Gin. tower will 
be used. This means that entrainment will be very low on 
a 15-in. tray spacing. Therefore, a smaller spacing should 
be considered. From usual fabrication costs, 12-inch spac- 
ing is about the closest spacing to consider. 

The allowable velocity by Hunt for this spacing, S‘ = 8.25, vc = 4 
(8.25/11.25) = 2.94 ft/sec 

Tower area = z (2.3)2/4 = 4.9 ft2 

Actual tower velocity = 5.22/4.9 = 1.06 ft/sec 

Therefore 12-in. spacing should be O.K. entrainment- 
wise, check aeration later. 

Plate Activation Velocities (Minimum) 

Top: 

Liquid rate, L = (40.8 gpm/7.48) (38.8) (60) 
= 12,200 Ib/hr (ft2) 

From Figure 8-147, read Fh2 = 1.0 @ %win. holes, 23% 
open area. 

(v&1/2)2 = 1.0 = V2hpv 

v, = (l/pJ = (1/0.593) = 1.298 ft/sec 

Bottom: 

L = 17.8 (54.2) (60)/7.48 = 7,730 lb/hr (ft2) 

From Figure 8147 read Fh2 = 1.0 @ %in. holes, 23% open area 
Vh = (1/0.408)1/2 = 1.56 ft/SeC 

Note that Figure 8-147 indicates the operating liquid 
minimum range is quite stable in the region of design for 
these trays. The vapor rate must never fall below the above 
values or instability will immediately set in and dumping 
will result. 
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Design Hole Vdocity 

Set at 1.5 times the activation velocity, or 2.34 ft/sec at 
the top and 1.95 ft/sec at the bottom. 

Total Tower Tray Pressure Drop 

Hole Arrangement 

%in. dia. on 60”A pitch, spaced on %in. centers 

This gives 22.6% open area (Figure 8-143), close 
enough to the 23% selected. 

No. holes/in2 = 8.3 

Area required for holes: 

TOP: 5.22/2.34 = 2.23 f3 
No. holes = 2.23 (144) (8.3) = 2670 
Bottom: 4.3/1.95 = 2.2 
No. holes = 2.2 (144) (8.3) - 2640 

Since these are so close the same number of holes can 
be perforated in all plates. These should be drilled 
(punched) in a 1-ft, &in. x 1 ft, 6-in. square area as per Fig- 
ure 8-145. This will reduce costs of trays slightly as com- 
pared to custom perforating to different number of holes. 

The tower area is 4.9 ft2; therefore the entire tray will 
not be perforated for the conditions of design. 

If there is the possibility of lapor and liquid rates being 
reduced to 50% of the indicated values, this would place 
the trays as selected above at the dumping point, or acti- 
vation point, which is not a good operating condition. In 
this situation the number of holes should be reduced in 
order to maintain a velocity of vapor through the holes 
greater by at least 15% than the activation velocity. 

Mkt Tray Pressure Drop 

(a) Dry Tray Pressure Drop 

hdt = 0.003 (v, p,,) ( P P L  -EEL. )(l-B2)/C: 

Top appears to be region of greatest pressure drop hdt = 
0.003 [(2.34)2 (0.593)] (62.3/38.8) (1 - 
(0.226)2) (0.82) 

C ,  = 0.82 for %in. hole in %in. tray (Figure 8-128) 
hd, = 0.0222 in. liquid 

(b) Effective Head 
Assume clear liquid height on tray = 1 in. (note, 1 

in. may be a slightly better value than the 1.5 in. 
assumed when determining ew) . 

From Figure 8-130, effective head, he = 1.1 in. liq- 
uid at F, = 2.34 (0.593)1/2 = 1.81 

(c) Total wet tray pressure drop 

h, = 0.022 + 1.1 = 1.12 in. liquid 

For 15 trays, the maximum expected drop using the 
expected tray drop at the top: 

= 13 (1.12) = 16.8 in. liquid 

A more precise approach requires evaluation of the wet 
tray drop for the bottom condition also. However, since it 
will give a lower value (by inspection), the higher result is 
preferred as long as a vacuum tower is not being designed. 
Here, the careful approach is justified. 

It must also be remembered that the data used in estab 
lishing the design criteria are not accurate to better than 
& 10-20%. 

Height of Aerated Liquid on Tray 

hd = 1.25 F, + .0005L + (0.54/8) - 2.45 

At top: 

= 1.25 [(1.06) (0.593)”2] + .0005 (12,200) + 0.34/0.226 - 2.43 

= 1.002 + 6.1 + 2.39 - 2.45 

hd = 7.06 in. (evaluated as air-water) 

Trajl Spacing 

From this value of ha] it is essential that the trays be 
spaced no closer than 2 (7.06), say 15 in. If lab tests indi- 
cate these mixtures foam more than water-air, the value of 
15 in. should be increased in relative proportion. 

Proprietary Valve Trays Design and Selection 

For proper design of proprietary valve trays (see previ- 
ous illustrations), the design operating data, basic ther- 
modynamics, and physical properties of the fluids must be 
submitted to the appropriate manufacturer’s technical 
department for evaluation and final design recommenda- 
tion. Often the designer for the operating company has 
established sufficient computer programs to essentially 
make the equivalent studies as the tray manufacturer, for 
example see Figure 8-54. To examine the variations in 
expected tray(s) performance, several select studies must 
be made, and results plotted, to analyze the variables and 
their effects on performance. Billet [208] has reviewed 
the progress in the design and performance of valve trays. 

Klein [201] has evaluated from the literature including 
manufacturer’s, Le., Glitsch [202], Koch [203], and Nutter 
[204], design procedures for their respective valve type tray 
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and has developed an approximation procedure suitable 
for estimating designs. This procedure then can be con- 
firmed by the respective manufacturers’ examining for the 
unique application of their valve trays. Note that Klein’s 
[201] references to the manufacturers design manuals are 
somewhat earlier versions, but are not anticipated to signiE 
icantly change the estimating value by the design engineer. 
Klein’s design method summary follows (by permission) : 

Dry Tray Pressure Drop 

For an operating tray the pressure drop profile is shown 
in Figure 8-148 [201]. The valves are “closed at low hole 
vapor velocities, although, due to the design of the valves 
(see Figures 8-72 and &74), the metal tabs keep some 
styles of valves open sufficiently to allow some vapor and 
some liquid through, even at low flow rates. 

In the Figure g148 point “A” is where the valves on the 
tray are still “closed but are just beginning to open. The 
pressure drop increases as the velocity increases from “0” 
to point “A.” 

The vapor hole velocity at “A” is [201]: 

where vpt, A = vapor velocity through holes, closed balance 
point, ft/sec 

T\. = metal thickness of valve, in. 

r 
7.0 

> 
2.0 

1.0 

0.0 

Figure 8-148. Typical operating valve tray pressure drop profile. 
Valves start to open at A, the closed balance point. Used by permis- 
sion, Klein, G. F. Chem. Eng. V. 89, No. 9 (1982) p. 81; all rights 
reserved. 

R\w = ratio, valve weight with legs/valve weight without 

C& = eddy loss coefficient, dimensionless, Table 8-22 
legs, dimensionless, Table 8-22. 

K, = loss coefficient, valves closed (sec)2 (in.)/ft2, see 

v, = v, = vapor velocity through tray active bubbling 
Table 8-23 

area, ft/sec 
F, = tray factor based on active bubbling area 

vm = valve metal density, lb/ft3, Table 8-24 

g = acceleration of gravity, 32 ft/ (sec-sec) 

p = tray aeration factor, dimensionless 

= v, = Vh G., (ft/sec) (m) 
pv = vapor density, lb/ft3 

vh = vapor velocity through valve holes, ft/sec 

AP = tray pressure drop, in. liquid 
pvm = valve metal density, 

= tray deck thickness, in. 
$ = relative froth density, dimensionless 

Note: In Table 8-22 for Rw, the flat orifice refers to a rec- 
tangular design valve and the venturi refers to a circular 
style valve. 

The pressure drop remains essentially constant as long 
as the liquid flow on tray remains steady during the peri- 
od point A to point B on the diagram (the open balance 
point) [201]. At point B all valves are completely open off 
their seats, but are on the verge of closing and may be 
oscillating from open to closed. At point B the vapor veloc- 
ity through the holes, opened balance point is: 

\7pt,B =JTVRXJW(CW/KO) (Pvm/Pv),ft/sec (8 - 312) 

E (8- 313) Vpt, A /vpt, B = t c 

where K, = loss coefficient, valves opened, (sec)2 (in.)/ft2, 

vps B = vapor velocity through holes, open balance point, 
Table 8-23 

ft/sec 

Values of qW, and C, are given in Table 8-22 and pm 
in Table 8-24. The closed and open loss coefficients for the 
dry tray pressure drop are given in Table 8-23. 

Table 8-22 
Coefficients for the Closed and Open Balance Point 

Equations: Equations 8-311 and 8-312 
~ ~ ~~~~ 

Flat orifice, Venturi orifice, 
Valve type Rvw Rvw 

3 legs 1.23 1.29 

Caged (no legs) 1 .oo 1 .oo 
4 legs 1.34 1.45 

~ ~ 

(Note: Obtained from measurements on valves) 
& = 1.3 for flat and venturi valves 
Used by permission, C h .  Eng. Klein, G., May 3 (1982), p. 81; all rights 
reserved. 
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Table 8-23 
Closed and Open Loss Coefficients for Dry Tray 

Pressure Drop Equations 8-314 and 8-315 
. . .  . 

Tray deck thicknesses of: 
0.134 in. 0.104 in. 0.074 in. 

.... . ._. ~ 

Orifice type (10 gage) (12 gage) (14 ?REF) 
........ ... __ . .  ___ . . .  .. .. - 

- K, 

Kl 

Flat 6.154 6.154 6.154 
Venturi 3.07’1 3.077 3.077 

Flat 0.821 0.931 1.104 
Venturi 0.448 0.448 0.448 

Used by permission, Chm. Eng., Klein, G., May 3, (1982), p. 81; all rights 
reserved. 

- 

............ . . . .  ..... 

Table 8-24 
Common Materials Used for Distillation Valves 

........ .~ . . 

Metals 
. .......... . 

Carbon steel 
Type 304 Stainless Steel 
Type 316 Stainless Steel 
Type 310 Stainless Steel 
Chrome Stainless Steel, 400 series 
Monel, 400 
Nickel 
Aluminum ........ . . . - _. ._ .. - -. 

Weight, lb/ft3 

490 
50 1 
501 
501 
484 
551 
555 
170 

. . . . .  

. .  

Turndown: It is proposed by Klein [201] that the oscilla- 
tory motion of the valve accounts for the greater turn- 
down of a valve compared to other tray-valve designs. The 
turndown can be controlled by the number of “working” 
or oscillating valves on the tray, or by changing the uni- 
formity of weight of the valves per tray or the valve design 
to obtain daerent velocities through different valves on 
the same tray. 

Beyond point B on the diagram, the pressure drop for 
the tray increases as the vapor rate increases. Use Equation 
8-314 or 8-313 to determine the dry tray pressure drop, AP, 
in. liquid, Bolles [203] per Klein [201]: 

For closed valves: hh = K, (&/PI) b2, in. liquid 

For open dves :  hh = K,, (p&) vh2, h. liquid 

(8 - 314) 

(8 - 315) 

where y., = vapor velocity through holes, ftlsec 
hh = dry tray pressure drop, in. tray liquid 
pi - liquid density, Ib/fv3 
pv = vapor density, lb/ft3 

Aerate&Trql Liquid Presswe Drsfj 

Klein [201] has developed the correlation based on 
published data of others (his citations) as shown in Figure 
8-149. Because the method of aeration between sieve trays 
[2053 and valve trays is different [201], the same aeration 
correlation cannot be used, because valve trays have lower 

Figure 8-149. Correlation for aerated-tray-liquid pressure drop developed from published data for various valves. Note: $ = relative froth den- 
sity. Reference numbers are from original article 12011. Used by permission, Klein, G. F., Chem. Eng. V. 89, No. 9 (1982), p. 81; all rights resewed. 
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t I I I I i 
0.0 0.5 1 .0 1.5 2.0 2.5 

Fw = v v%,ftk .d%@ 

Figure 8-150. Valve trays have the lowest liquid pressure drop of all 
three types of trays employed (also see Ref. 88, 183, 193 for addi- 
tional interpretation). Used by permission, Klein, G. F., Chem. Eng. V. 
89, No. 9 (1992), p. 81; all rights reserved. 

liquid AP. Figure 8-150 [201] compares the aeration factor 
for valve, sieve, and bubble cap trays. Figure 8-149 also pre- 
sents a curve for the relative froth density, $, used for 
determining froth height as: 

Example: 8-41: Procedure for Calculating Valve Tray 
Pressure Drop (after Klein [201]) 

For a venturi type tray, assume the following conditions: 

Vapor flow: = 50,000 lb/hr = G 
Liquid flow: = 205 gpm = Q 

pv = 1.91 lb/ft3 
pi = 31.0 lb/ft3 
L,,; = 55 in. 
hw = 3 in. 

F, = 1.1 

Tray froth height: Assume: 12 in. 
Per cent ofjet flood: 65% 
Valve thickness: 16 gage (0.060 in.), 4legs 
Valve material: carbon steel, see Table 8-24. 
Valve hole area: 1.63 sq. ft. (separate calculation) = h, 
Tray pressure drop and froth height: 

1. Determine vpt, A and vpt, B, from Equations 8-311, 
312, or 313. 

hf = hi/@ (8-316) 
, ft / sec &Rw(C,/Kc) (Pvm/Pv) 

d(0.06) (1.45) [(1.3/3.077) (490/1.91)] 
Vpt, A = 

h, = 0.48 (Q/b )  'I3 

Hutchinson cited by Klein [201] developed the relation 
between p and 4; 

with this equation, the aeration factor curve f3 can be devel- 
oped from the relative froth density curve of Figure 8-149. 

Overall tray pressure drop: [201] 

ht = hh + hl (8-318) 

where h, = total tray pressure drop, in. tray liquid 
hl = aerated tray liquid pressure drop or equivalent 

hf = froth height on tray, in. 
hh = dry tray pressure drop, in. tray liquid 
h, =weir height, in. 
how = crest of liquid over tray weir, in. liquid 

P = tray aeration factor, dimensionless 

Q = relative froth density, dimensionless 

clear liquid on a tray, in. tray liquid 

AP = tray pressure drop, in. liquid 

Q = liquid flow on tray, gal/min 
h i  = weir length, in. 
Fva = tray F Factor, based on active bubbling area 

= vya ?K, (ft /set) [I,=) 
G = vapor rate through all valves, lb/hr 

Closed: 

vpt, A = 3.06 ft/sec 

Open: 

v p t , ~  = 3.064-= 8.0lft/sec 

2. Determine actual hole velocity, Vh: 

- 50,000 - G 
(3,600) (p,) (ah) 3600 (1.91) (1.65) Vh a 

= 4.40 ft/sec 

Because the actual velocity is operating between 
the point A and point B, (vpt, A and vpt, B): 

hh = & (p,/pl) (Vh)', for closed Valve 

hh = (pv/Pl) (Vh)' 

= 3.077 (1.91)/31.0) (3.06)2 = 2.08 in. liquid 

hh = 0.448 (1.91/31) (8.01)' = 1.77 in. liquid, open valve 

Because the tray is not near jet flooding, referring 
to Figure 8-149, 

F, = 1.04, then p = 0.61 
how = 0.48 (Q/h)2'3 

= 0.48 (20?i/55)2/3 = 1.15 in. liquid 

= 0.61 (3 + 1.15) = 2.53 in. liquid 
hl = P (hw + how) 
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Overall Tray Pressure Drop: 

h, = hh + hl = 1.77 + 2.33 = 4.3 in. liquid 

Froth Height: 

h, = 1.15 in. liquid, (see calculation above) 

Using F-Factor, determine p and I$ from Figure 8-149. 

at F,, = 1.04, then: p = 0.61 and I$ = 0.22 

hl = 2.53 in. liquid. (see calculation above) 

Calculate froth height, hr: 

hf = hI/@ = 2..53/0.22 = 11.5 in. 

Klein E2011 refers to Thorngren [206,207] but suggests 
that this proposed valve tray flooding is reasonably 
involved, although considered useful. 

Proprietary Designs 

The design engineer cannot adequately design a valve 
tray that includes the operating valves and expect to have 
reliable performance. The proper approach is to assemble 
all of the required system/column operating performance 
requirements and then turn the problem over to a manu- 
facturer who has tested its own valve designs and is capa- 
ble of predicting reliable performance. The manufacturer 
can then provide a hydraulic design for the tray, as well as 
the expected performance of the entire column/tray sys- 
tem. The major manufacturer/designs are Nutter Engi- 
neering, HdrSCO Corporation, [ 2041 ; Koch Engineering 
Co., Inc. [203]; Glitsch, Inc. [202], and Norton Chemical 
Process Products Corporation [233]. 

There are other manufacturers and engineering com- 
panies that are capable through good computer programs 
of designing competitive distillation designs, and it is not 
the intent of the above listing to omit any reliable organi- 
zation, but to simply list the generally considered major 
suppliers in the U.S. 

One important point to consider is whether or not the 
organization has obtained commercial sized data on 
equipment designed and fabricated to their designs, and 
how the two results compare. The respective design pro- 
cedure as set forth in each company’s design manual will 
not be outlined in this text, as there is too much detail 
necessary to produce a reliable tray performance design, 
and this is included in the manuals. The overall purpose 
of the information presented in this text is to allow the 
designer to (1) become knowledgeable in the component 
details necessary for a proper design and be able to com- 

municate with the final designer/manufacturer and inter- 
pret the significance of the final results, and (2) be capa- 
ble of preparing approximate designs for preliminary 
information and to develop calculated results to compare 
with the final designs of others. The designs developed by 
the methods/procedures presented here are considered 
reliable for these purposes, and even as final designs, pro- 
vided there are actual process data and experience to 
compare with. 

Capps [ 1881 compares valve and sieve tray performance 
as related to capacity and flooding. Also see sieve tray sec- 
tion presented earlier in this chapter. 

Capps El881 examines sieve and valve tray capacity per- 
formance and Figure 8-151 [188] k offered for preliminary 
column sizing or for determining whether a debottleneck- 
ing study is justified. The correlation for flooding, tray rat- 
ing, and design of a tray are all based on the capacity factor, 
CT, equation (Souders and Brown [68] by Capps [ 1881). 

At total reflux (L/V) = 1) Capps found several points in 
the FRI data that corresponded with this [241] definition 
of ultimate capacity, i.e., the liquid and vapor load at 
which any increase in either liquid or vapor would induce 
flooding by at least one of the following mechanisms: 

1. Figure 8-151 shows capacity factor (Souders-Brown 
velocity) versus system factor (pressure, in this case 
for hydrocarbons) with L/Y as a parameter. In Figure 
8-151 the predicted ultimate capacity for a hydrocar- 
bon is obtained by reading the capacity factor at 
incipient flood for a given pressure at a given reflux 
ratio, L/V. This Souders-Brown velocity then can be 
used to predict the maximum load achievable for a 
given column diameter, or, the minimum tower area 
required for a given load [188, 2411. 

2. Flood factor is the usual design safety factor (e.g., 
80% of flood, Fflood = 0.80 

% = mwp (24/S)0-’/[A~ ( h a p  (Pliq - ~vap))~ . ’ l  (8-320) 

Vload = mbap/ [ (P~xP) (Pas - PbXp) 1 ’”, ft3/sec (8- 321) 

Or, CT = vload/(AT) (24/S)0.5, ft/SeC 

Or, % = [6*238 mvap,fl?oa/(Fflood) (%,flood) (hap 
- ~ v a p )  s)0.310.3 (8-322) 

Capacity factor, CT = Lrlwad/.4~ 

\’load = mMp/ hap - P,,,) f$/sec (8 - 323) 

Using the Souders-Brown factor: 

CT = m,p (24/s)’.’/[A~ [pbZp (Pliq - (8-324) 

or, 

C+ = Vload/(At) (24/F1)~.~, ft/sec (8- 325) 
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Figure 8-151. Graphical correlation of sieve tray ultimate capacity for hydrocarbons. Used by permission, Capps, R. W., The American Insti- 
tute of Chemical Engineers, Chem. Eng. Prog. V. 89, No. 3 (1993), p. 35, all rights reserved. 

Capps analyzes that from Figure 8-151 [ 1881, which was 
derived from data of Fractionation Research, Inc. in com- 
mercial scale tests, a 450-psig deethanizer operating at a 
capacity factor of 0.18 in the rectifying section may not be 
worth retraying to debottleneck a process, while a 30-psig 
crude column at a capacity factor of 0.25 may provide a 
good economic rate of return for retraying operation/or 
revamp. These generalized decisions are established by 
spotting the capacity factors on the chart and noting the 
potential improvement possible to reach the appropriate 
L/V curve. 

Note that “jet flooding” capacity is fairly insensitive to 
system physical properties, but that the “system limit” 
capacity is strongly dependent on physical properties. 

Generalized mechanical performance of high pressure 
and vacuum tray hydrocarbon distillation are shown in 
Figures 8-152A and 8-152B. The representations are for 
concepts only and do not represent any published data 
per se. The charts illustrate the effects of physical proper- 
ties and pressure on flooding situations. Because flooding 
is an important condition that limits the performance and 
capacity of a column, it deserves attention and under- 
standing. The four mechanisms of flooding are [ 1881 : 

1. Jet flooding occurs due to liquid entrainment induced 
by vapor jets passing through the liquid flowing on the 
tray. The entrained droplet may carry into the tray 
area above and reduce tray efficiency and capacity. 

2. System limit jlooding is similar to jet flooding, due to 
low surface tension and low density difference 
between liquid and vapor. Terminal velocity of some 
entrainment droplets is less than the upward vapor 
velocity, and hence they are carried up into the tray 
above, thus reducing tray efficiency and capacity. 

3. Downcomer backup flooding results from pressure drop 
at bottom outlet of downcomer, causes liquid to back- 
up in the downcomer and flood the tray above. Gen- 
erally the cause is due to excessive tray pressure drop. 

4. Downcomer twqhase  jlooding results from vapor failing 
to disengage from downcomer liquid, and causing twc- 
phase flow to pass through the downcomer bottom 
outlet, causing backup in the downcomer to the tray 
above. Generally, this occurs in high pressure systems 
with low surface tension and low density differences. 

where AB = bubbling area of tray, f;‘ 
ADCT = downcomer top area, ft’ 
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AT = tower area, ft2 
CT = capacity factor, based on tower area, ft/s 

DT = tower diameter, ft 
CTflood = capacity factor at flood, ft/s 

Fflood = flood factor, dimensionless 
L/V = internal reflux ratio, dimensionless 
m,,, = vapor rate, lb/s 

mVapflood = vapor rate at flood, lb/s 
pvap = vapor density, lb/ft3 
pliq = liquid density, lb/ft3 

S = tray spacing, in. 
Vload = vapor load, corrected for density, ft3/s 

Baffle Tray Columns 

Fair [211] has presented and reviewed many studies of 
baffle tray, or “splash/shower deck  distillation columns. 
Figures 8-153 and Figure 8-154 illustrate a simple tray 
arrangement. The performance of the column is based on 

Figure 8-152A. Mechanical performance correla- 
tions for high-pressure fractionation trays. Used 
by permission, Capps, R. W., The American Insti- 
tute of Chemical Engineers, Chem. Eng. frog. V. 
89, No. 3, (1993), p. 35, all rights reserved. 

Figure 8-1528. Mechanical performance correla- 
tions for vacuum fractionation trays. Used by 
permission, Capps, R. W., The American Institute 
of Chemical Engineers, Chem. Eng. frog., V. 89, 
No. 3, (1993), p. 35, all rights reserved. 

Segmental 
baffle- 

Figure 8-153. Simple side-to-side baffle arrangement, with liquid 
flow cascades, for baffle tray column. Used by permission, Fair, J. R., 
Hydrocarbon Processing, V. 72, No. 5 (1 993) p. 75, Gulf Pub. Co., all 
rights reserved. 
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Bottom T.L. 

l + p  Liquid outlet 

Figure 8-154. Baffle column showing possible enhancements. Used 
by permission, Fair, J. R., Hydrocarbon Processing, V. 72, No. 5 
(1993), p. 75, Gulf. Pub. Co., all rights reserved. 

the contacting of the up-coming gas/vapor with the liquid 
cascading from one tray to the one below. The gas must 
flow through the liquid curtain, and in so doing contacts 
the liquid for mass and heat transfer. 

The baffle patterns in the column can be segmental 
(simple) up to about 4ft diameter column, and larger 
columns can use a disk and donut design as in heat 
exchangers, or the double segmented or even multi-seg- 
mented as in the layouts discussed under bubble caps ear- 
lier in this text. 

Pressure drop for 50% cut baffles [211]: (see Figures 
8-154 and 8-155) 

Lipdry = 0.186 (v,,/c, ) 2  (&/PI), in. liquid/baffle (8-326) 

90 

80 

70 c. 

$ 
860 

€ 5 0  
E 

c i  

92 

2 a 

g40 

30 

20 

10 

0 
0 1 2 3 4 5 6  

ZF 

Figure 8-155. Pressure drop for 50% cut baffles at 2 . 0 4  spacing. 
The abscissa parameter ZF is defined as ZF = vw/0.0692 (~s/pl)O.~. 
Used by permission Fair, J. R., Hydrocarbon Processing, V. 72. No. 5 
(1 993) p. 75, Gulf Pub. Co., all rights reserved. 

The pressure will be affected by flow rate. 
The discharge coefficient, C,, is often used as 0.6 to 0.7. 

These are noted to be high. For 32% and 20% windows 
(see Figure 8-153 [211]) and curtains, respectively, a coef- 
ficient of 0.27 has been determined. The values of C, from 
Lemieux's data [212] as presented by Fair [211]: 

L, lb/hr-sq2 ~ c,. 
0 0.55 

3000 0.41 
6000 0.30 

10,000 0.20 
12,000 0.15 
15,000 0.15 

L, is based on the superficial cross-section of the col- 
umn, lb/hr-f(', and v , ~  is the linear gas velocity based on 
the window area, ft/sec, 

vwa = C1G"'L" (8  - 327) 

The pressure drop data of Lemieux [212] are shown by 
Fair [211] in Figure 8-155, although there is limited mass 
transfer data available, Fair [211] has offered this approx- 
imate design equation: 

(HTU),, = (C,/C, L~,co~") (ScK/I'rK)'''' ( 8 -  :32x) 

Then, converting to HETP: 
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where a = interfacial area, f$/fts 
CI = constant in heat transfer equation = 0.0025 

C, = specific heat, Btu/lb-"F 
C, = orifice coefficient, Equation 8-326 
G = gas mass velocity, lb/hr-ft2 
h, = gas phase heat transfer coefficient, Btu/hr-ft2-"F 
hL = liquid phase heat transfer coefficient, Btu/hr-ft2- 

(English units) 

"P 
HETP = height equivalent to a theoretical plate, ft 
HTU = height of a transfer unit, ft 

L = liquid mass velocity, lb/hr-ft2 
m = exponent = 1.0 
n = exponent 0.44 

Pr = Prandtl number, dimensionless 
Sc = Schmidt number dimensionless 
U, = linear velociq; of gas based on total column 

crosssectional area, ft/sec 
v, = linear velocity of gas based on window area, ft/sec 

Subscripts 
g = gas 
L = liquid 

og = overall (gas concentration basis) 

Greek Letters 
AP = pressure drop, in. liquid 

h = slope ratio, slope equilibrium line/slope 

p = density; Ib/ft3 
operating line, Equation 8-329 

Example 8-42: Mass Transfer Efficiency Calculation for 
Baffle Tray Column (used by permission [211]) 

Data for example calculation 
System 
Mixture 50-30 molar cyclohexane/ 

Total reflux loperation 
Operating pressure 24 psia 
Temperature 238°F 
Relative volatility 1.57 
Slope of equilibrium line 1.21 
Flow Rates 
Vapor F-factor 
Gas mass velocity 2,100 lb/hr-f$ 
Liquid mass velocity 2,100 lb/hr-ft2 

n-heptane 

1 .O ft/sec (lb/ft3) o.3 

Properties 
Liquid density 
Liquid viscosity 
Liquid diffusion coefficient 
Gas density 
Gas viscosity 
Gas diffusion coefficient 
Gas Schmidt number 
Gas specific heat 

38.0 lb/ft3 
0.56 lb/ft-hr 
2.40 x ft2/hr 
0.34 lb/ft3 
0.020 lb/ft-hr 
0.114 ft2/hr 
0.316 
0.294 Btu/lb-'F 

Gas thermal conductivity 0.012 Btu/hr-ft-"F 
Gas Prandtl number 0.490 

For an F-factor of 1.0 ft/s (lb/ft3)0.j, L = G = 2,100 
lb/hr-ft2. For Equation 8-328 a value of C1 is taken as 
0.0025. Then, by Equation 8-329 and assuming that most, 
if not all, of the resistance is in the gas phase, 

( H W o g  = 0.294 (0516)2'3 = 4.20 ft 
(0.0025) (2,100)O.~~ 0.490 

and 

HETP = 4.20 (In 1.21/0.21) = 3.81 ft 

Thus, a 20-foot baffle tray section, with 50% cut baffles 
on 24in. spacing can contain 10 elements and produce 
5.2 theoretical stages of separation. A corresponding 
crossflow sieve tray section, with 10 trays at 90% efficiency 
(16) *, can produce 9 theoretical stages. This ratio is about 
as expected. 

The pressure drop per baffle is: 

Aptyet = 0.186 (3.43/0.42)2 (0.34/38.0) = 0.11 in. liquid 

For the 20-ft section, total AP = 10 x 0.11 = 1.10 in. liq- 
uid. The crossflow sieve tray would have a significantly 
higher pressure drop. 

Tower Specifications 

Performance calculations must be interpreted for 
mechanical construction and for summary review by oth- 
ers concerned with the operation and selection of equip- 
ment. Typical specification sheets are given in Figures 
8-156A and B for the tower and internal trays, respective- 
ly. Suggested manufacturing tolerances are given in Figure 
8-157. A composite cut-a-way view of tower trays assembled 
is shown in Figure 8-158. A Fractionation Research, Inc. 
(FRI) suggested distillation tray data sheet is shown in Fig- 
ures 8-159. 

The calculation of nozzle connections has not been 
demonstrated, but normally follows line sizing practice, or 
some special velocity limitation, depending upon nozzle 
purpose. 

Tower shells may be ferrous, non-ferrous, stainless alloys 
or clad (such as monel-clad-steel). The trays are usually 
light gage metal consistent with the corrosion and erosion 
problems of the system. The velocity action of vapors flow- 
ing through holes and slots accentuates the erosion-corro- 
sion problems, and often a carbon steel tower will use 

*Note: References in ( ) are from original article. 

( text continued on page 21 8) 
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Figure 8-156A. Tower specification form. 
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Job No. 7 Page! 

TOWER INTE RNALS SP ECI FlCATlONS 

Contacting Device - - Bubble Cap, Sieve, Dualflow Bdb& *H 
No. of Trays 45 
n a y  Spacing /8"ew~&a5 Bd& Manway (k, (Removable from 2, ) 

Bubble Cap: NumbdTray 5 l  , Siie3%*Z, R ~ . , & S p o c i n g  5/13 C to Gauge I #  
Riser: Diameter 2a34 ~ ' D S  . G a u g e / b  . 

Type: Fixed. l)&nww (From Top, Botklm)U/B/dH/  (Bolted, Clamped) 

Holes: Number , Size .Diam., Spacing ck lc  
Clearance Between Holes and Tower Wall 

Clearana Between Holes and Weirs 

Tray Thickness 

Type of Flow: Split, %/ 
Inlet Weirs: (Y& No): Height Abova Tray Floor 3 h Inches 

(a). Fixad Weir Haight Above Tmy Floor A '% Inches 

(b). Weir Adiustable Fmm a'% To- Inches Abaw Tray Floor 

(e). Weir Sat 3 

(Not Required for Bubble Caps) 

Outlet Weirs: Length z '-&" 

Inches Above Tray Flaor; Weir Slats Covered (Yes,)jk)" 
Type: Pipe, %egrmntal (Straight, Y f )  I/ 

Dormcomer: ( Y z , ,  No) 

Damcomers (E. Removable): 

Seal Pan Distance Below Botbrn'Tray 

Wemp Holes: No./Tray 9 Size *I8 " 
Hydraulic Gradient Provision: 

Standards: 

Clearance Above Tray Floor 2% Inches 
# 

U 
Sed 3 e Inches 23 

N O P I  . r4GUd>. l ' .  0 // C#DD sum* Arrk?#+ d , u r  +PO, * 

(a). Bubble Cap Drrrurno N O ,  4 - XYZ 
(b). Tray Layout #ha Mar 6-  J lYc 
(c). Tower Tolerances &&&he #dr P I 

MATERIALS OF CONSTRUCTION 

Bubble Cap and Riser: fi Gaskets: 01 b e a k  
(a). Bolls, Nuts and Washers: et"&- 6.1 

Trays: Cor An s f * . /  Gaskets a 8 &AS Bolting: ~dr6.r. J A./ 
Tray Supports, Domcmners and Seal Pan: COP&& a k d 

Figure 8-1568. Tower internals specifications form, tray type columns. 
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Top of  Trays out of Level to a 
Horizontal or Designated Plane 
Along Any Diameter ,and Variation 
From True Flatness. 

Vertical Alignment From,,Base to 
Top shall be within 0.01 per 
Foot with a Maximum of 314" 
for  any Height 

1/8" Max. for Trays under 36" Dia. 
3/16" Max. for Troys 36" to 60" Dia 
114" Max. for Trays over 60" Dia. Bend Line to Bend Line + 3/4"- 0" 

Location of Any Tray f rom 
Reference L ine f 1/4" 

Shell  Diameter ASME Co 
To 1 era n ce 

Height o f  Downcomer Weir 
5 1/16 
Height o f  Distributor Weir 
5 1/16" 

Far Side o f  Tower to Weir 
Plate 2 1/4l' 

Alignment of Monway Flange 
Face shall be within 1' in Both 
Vertical 8 Circumferential Plan 

Face of any Nozzle to g of 
Column k 1/81! 

Location of Any Nozzle f rom 
Reference L ine f 1/4" 

Bottom o f  Down Spout Above 
Tray or Seal 2 1/8' 

Location o f  Any Lugs f r o m  
Reference L ine f 1/4" 

Location o f  Manway f rom 
Reference L ine  2 1/211 

Reference L i n e  Al ignment Taleranee 
For all Connection Nozzles 

Max. Measured of Extrem 
Outer Edge of  Base Plate Tolerances are Not Cumulative 

Flgure 8-157. Suggested tolerances for distillation type towers. 

(text continuedfiom page 215) 

stainless, alloy steel, monel or nickel trays, caps and all 
internal parts. Sometimes just the cap or hole portion of 
the trays are of expensive construction. 

When clad metal is used, it is often specified as %in. or 
%in. minimum clad thickness. This is usually sufficient to 
allow proper weld connections. Care must be used in seal- 
ing all internal joints of clad material to prevent exposure 
of the base metal. 

The towers are designed in accordance with the partic- 
ular code (such as M M E  Unfired Pressure Vessel) used 
by the company or required by law. To provide stiffness 
and bending strength in high winds, design normally fig- 
ures a wind load recommended for the area. It is not 
unusual to design for 75 to 100 mph winds, taking into 
account the external insulation, piping, ladders and plat- 
forms in computing the effective force areas. Founda- 
tions must be adequate to carry the total dead weight of 
the erected tower, platforms, etc. plus the weight of water 
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Typical Downcomer Clamped 
to Downcomer Bar. 

Weir and Seal Plate, 

Typic$ Bubbkl Cap:'Set-oil Riser 
and Snap-in Frog Assembly. 

Access Manhole Including Davit 
and Cover Plate. 

Typical Platform and Ladder. 

Accumulator Tray Complete with 
Center Stack and Drawoff BOX. 

Drawoff Nozzle. 

Tray Support Ring. 

Perforated Shower Tray. 

Channel Truss. 

Disc Tray. 

Donut Tray. 

Tra pezoida I Truss. 

Inspection Hatch in Tower Skirt. 

Tower Base Ring. 

Figure 8-658. Composite tower-tray assembly illustrating special trays with corresponding nozzles. Used by permission, Glitsch, Inc. 

(or perhaps other fluid) to allow for in-place testing, or 
complete tower flooding. 

Tray types are selected for performance. However, when 
a particular type is not specifically required, it is well to 
consider that, in carbon steel, the traj7s installed (not 
including tower shell) cost approximately: 

Bubble Caps, 25% > Sieve, 10% > Perforated without 
downcomers. 

When specifjmg the mechanical arrangement details, it 
is important for the designer to rake on the role of plant 
operator to analyze what information is needed and how 

it is to be obtained. For example, once a column is in oper- 
ation, it is often necessary to determine what may be pre- 
venting the system from meeting design specifications as 
to through-put or quality of top, bottom, or side-draw 
products. To determine such information it is essential to 
provide at least the following minimum mechanical fea- 
tures to allow extracting needed samples, temperatures, 
variations in feed entries, etc. (see Figures 8-156A and B), 
for example: 

1. Thermocouple entry points on about every other tray 
measure either liquid of vapor temperature. 
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Sheet 1 of 2 
TRAY DATA SHEET 

Client 
Job No. Inquiry No. Date 
Item No. Sewlce 

Tray No. 1 = ToplBtm 

Plant Location - Engineer - 

Section (Name/Descrlption) _.--- 

Tray Numbers Included ---- 
Loading at Actual Tray No. 
Number of Trays Requlred _ - - -  ---- 

NORMAL VAPOR TO: 
Weight Rate, kgBi _ _ _ _ - -  
Density, kg/ms ---- 
Volume Rate, Actual m3/s ---- 
Molecular Weight ---- 
Viscosity, mPa-s ---- 
Pressure, kPa (bar a) ---- 
Temperature, 'C ---- 
Design Range, O h  of Normal 

Welght Rate, kglh ---- 
Density, kglms ---- 
Volume Rate, Actual ma/s _ _ - - -  
Molecular Weight ---- 
Surface Tension, mNIm ---- 
Viscosity, mPa-s ---- 
Temperature, 'C _.--- 

Design Range, YO of Normal 

---- 
NORMAL LIQUID FROM: 

_ _ _ _ - -  

Sheet 2 of 2 
TRAY DATA SHEET 

Item No. Sewlce 

Section (NamelDescription) 
Tray Numbers Included 

PERFORMANCE REQUIREMENTS: 
Max. AP per Tray, 

mmHg (mbar) ---- 
Max. % Jet Flood ---- 
Max. DC Liq. Velocity, mls 
Max. DC Backup, 

Clear Liq., mm 
Derating Factor ---- 

(Foaming, System, Safety) ---- 

---- 

---- 
Purpose for Derating 

MECHANICAL REQUIREMENTS 
Tower lnslde Diameter, mm 
Number of Passes 
Tray Spacing, mm 
Type of Tray 
HolelB Cap Diameter, mm 
Deck Materialfrhickness, mm 
ValvelB Cap Material 
Hardware Material 
Support MaterialTThlckness, mm 
Total Corrosion Allowance, mm 
Vessel Manhole I.D., mm 

MISCELLANEOUS 
Solids Present: Yes / No 
Anti-Jump Baffles: Yes I No I Vendor Preference 
Recessed Seal Pans: Ye$ I No I Vendor Preference 
Specify Equal Bubbling Areas / Flow Path Lengths per pass 
Deslgn Load: 
-kPa (mbar) with - mm deflection at -C. or 
Standard:  1.4 kPa with 3 mm at 150' C. 

Flashing Feed Yes / No 

Figure 8-159. Data specification sheets suggested by Fractionation Research, Inc. (FRI) for distillation trays. Used by permission, Yeoman, N. 
The American Institute of Chemical Engineers, Chem. Eng. Prog, V. 85, No. 10 (1989), p. 15, all rights reserved. 

2. Provide at least three, and perhaps four feed nozzles 
in addition to the one "theoretically" calculated to be 
the optimum location. Select these feed locations 
approximately two and four trays above and below 
the design basis or theoretical location. These extra 
nozzles must be oriented on the column so they have 
proper feed entry spargers or distributors (entry can 
be onto the tray or into the downcomer) and can be 
valved from a feed manifold to select the alternate 
desired location for testing purposes. 

3. Reflux nozzles must be arranged to enter the tray 
with proper designed internal pipe to the tray down- 
comer or distributor. 

4. Pressure tap (couplings) to take several pressure 
readings in the vapor space above a specific tray up 
the column. It is better to have too many entries avail- 
able for testing than to be short and not be able to 
properly examine the column. 

5. Sample draw-off connections, usually for liquid fiom 
the trays, but some top (overhead) and reboiler vapor 
as well as liquid can be very useful. 

Mechanical Problems in Tray Didlation Columns 

Although it appears that a fabricated column with weld- 
ed internal components, supports, trays, etc. should be 
free from mechanical problems, actual experience proves 
this is not the case. Most trays are bolted onto supports, 
and for large columns, tray sections are assembled inside 
by bolting together. Actual experience has found that poor 
column performance can often be attributed to bubble 
caps and valves knocked (or blown) off position on the 
trays and often blown to one comer of a tray. Sometimes 
thii condition is found for several trays in a section of the 
column, thereby preventing any vapor-liquid contacting 
and creating a significant loss of distillation efficiency. 
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Some of this condition can be attributed to surging or 
“burping” inside and creating pressure surges under 
increased pressure. Other conditions of mechanical dam- 
age include nuts coming off bolts, and tray metal and welds 
cracking at or near supports, corrosion of tray sections and 
welds is often caused by pressure pulsations from the tray 
action creating vibration and “autepulsations” of the trays 
producing resonant or near resonant conditions at or near 
the tray’s first or second natural frequencies [214]. Winter 
[ 2141 presents rough estimating correlations for predict- 
ing natural frequencies and deflection of trays. 

Troubleshooting DistjJlation Columns 

To respond to difficulties during operation of distilla- 
tion columns a very careful and itemized analysis must be 
made of (a) the process, (b) the mechanical details of the 
column, and (c) the instrumentation for operation and 
control. A good column performance designer is general- 
ly in an excellent position to examine the operating per- 
formance and diagnose the nature and specific location of 
the conditions that may be preventing or contributing to 
good column performance. This often may involve 
detailed computer studies of data compared to tray-by-tray 
performance. 

It is beyond the scope of this text to thoroughly exam- 
ine this subject; however, there are several good references 
(but not all inclusive) including Hasbrouck, et al. [215] 
and Kister [117]. 

Nomenclature for Part 3: Tray Hydraulics Design 

A = AT = Total cross-sectional area of tower diameter, 
ft“ 

Ad = Total annular cap area per tray, ft2; or 
= Active or “bubbling” area of tray, generally (At - 

2&), ft2 see Figures 8-1 19 and 8-129 
AB = Bubbling area; column area minus total of down- 

comer and downcomer seal areas, ft2 or m2 
4 = Total cap area inside cross section area per tray, ft2 

= Downcomer area, crosssectional area for total liq- 

= Ytinimum flow area at bottom (under) of down- 

Af = Fractional hole area (actual hole area/bubbling 

Ah = Net perforated area of tray, ft2 
AH = Total hole area, ft2 
An = Net open liquid area of one tray, equal to total 

uid down-flow, ft2; or, 

comer per tray, ft2 

area, AB) 

tower section minus area occupied by caps and ris 
ers and minus area of se mental or other down- 
comer at outlet of tray, ft ; or 

d,wncorners, m2 

8 
= Net area, column area minus area at top of the 

bp = Open area of tray, ft2 
= Total slot area per tray, ft2 
= ~ o t a l  tower cross-section area, ft2 

A, = Total riser inside area per tray, ft2 

A’, = Total reversal area per tra ft2 
a, = Annular area per cap, in. ? 
a, = Inside cross-section area of cap, in.2 

= Cross-section flow area, minimum, of down-pipe 
clearance area between tray floor and down-pipe 
bottom edge, or up-flow area between outer cir- 
cumference down-pipe and any inlet tray weir, in.2 

a, = Individual hole area per hole on sieve tray, in.2 
a, = Riser inside cross-section area per riser, in.2 
a,‘ = Reversal area per cap assembly, in.* 
a,, = Riser outside cross-section area, based on O.D., in.2 

per riser 
a, = Slot area per cap, in.2 
At = Total tower crosssectional area, ft2 

a, = Smaller area value, a, or a,, for use in Equation 

B, = Dimensionless group identifier 
C = Factor for Souders-Brown maximum entrainment 

ALM = Maximum valve open area, ft2 

8-231 or 8-233 

relation; or 
= Empirical constant in CCFL correlation 

Cd = Liquid gradient factor 
C ,  = Specific heat, Btu/lb-”F 
CF = Flooding capacity factor, ft/sec 
C1 = Constant in heat transfer Equation 8-328 = 0.0025 
CL = Liquid phase loading factor, ft/sec, Equation 8-282 
C, = Orifice (vapor discharge) coefficient for dry tray, 

Figure 8-128, or 8-129, respectively 

ft/sec (or, m/sec); or 

tion 8-286 

CSB = GFactor at flood (Souders-Brown coefficient), 

= Souders-Brown flooding constant defined by Equa- 

C, = Capacity factor based on tower area, ft/sec 

C, = Liquid gradient vapor load correction factor; or 
= Discharge coefficient (see accompanying table); or 
= Gas phase loading factor, ft/sec, Equation 8-281 

C,v = Eddy loss coefficient, dimensionless, Table 8-22 
C, = Wet cap pressure drop correction factor, Figure 

CT,flood = Capacity factor at flood, ft/sec 

8-115 
c = Hole spacing center to center, in. 

D = DT = Tower inside diameter, ft 
Df = Total flow width across tray, normal to flow, ft 

DH = Hole diameter, in. 

DV = Valve diameter, in. 

d, = Inside diameter of cap, in. 
dh = Diameter of weep hole, in. Note that this is the 

DHE = Equivalent hole diameter, in. 

d = Column diameter, (m) 

diameter equivalent to area of all weep holes per 
tray; or 

= Hole diameter, in. (or mm) 
do = Hole diameter, in. 
d, = Inside diameter of riser, in. 
dv = Diameter of valve unit at narrowest opening, mm 
d, = Diameter of circular weir, in. 
Ed = Dry tray efficiency, fraction 

Ev,~ =Wet tray efficiency, fraction 
e,$ = Weight of liquid entrained per unit weight of vapor 

flowing, lb/lb 
f = Aeration factor (usually = 1.0); or 

= Friction factor for froth cross flow, Equation 8-253 
fhg = Friction factor for liquid gradient, cross-flow for 

sieve trays 
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F = Free height in downcomer above clear liquid level 
(not froth level) 

F, = Tower velocity factor 

Fh = vo6& for perforated trays, no downcomers 
FP = F1, = Flow parameter, dimensionless 
F, = Hole factor = v,, (pv)1/2 

F, = Vapor flow parameter based on active area, defined 

Fflood = Flood factor, dimensionless 

by F, = Va p+/', or 
= Tra F factor based on active (bubbling) area = v, 

p; Y * (ft/sec) (lb/ft3)lI2 
Fw = Modification factor to weir formula 
FW = Flow parameter, dimensionless 

G = V = Vapor or gas flow, lb/hr (see Figures 8-82 or 83, or 
Equations 8-219 or 290); or 

= Gas mass velocity, lb/hr-ft2 

H w  = Maximum lift of a valve, in. 
g = Acceleration of gravity, 32.2 ft/sec-sec 

Hd = Height of clear liquid in downcomer, in. 
H, = Slot height of bubble cap, in. 

(HTE)oG = Height of transfer unit, ft 
HETP = Height equivalent to a theoretical plate/tray/stage, 

h, = Head loss due to bubble formation, in. liquid; or 
in. or ft, or possibly mm 

= Head loss due to vapor flow through perforations, 
in. liquid 

whichever is smaller, in. 
h = Height of overflow weir or bubble cap riser, 

hal = Height of aerated liquid on tray, in. 
he, =Wet cap pressure drop (riser, reversal, annulus, 

slots), in. liquid 
h, = Head of liquid in bubbling zone; wet cap pressure 

drop; or taken as in. clear liquid on tray 
h', = Total dry cap pressure drop, in. liquid 
hd = h, = Height of clear liquid on tray, in. (or mm) 

h, = Clear liquid height at froth-to-spray transition, in. 

hd = Total head loss under downcomer, in. liquid 
h'd = Head loss between segmental downcomer and tray 

hdc = Head loss of c i rda r  down-pipe at point of greatest 

hdd = Downcomer height clearance between bottom of 

b , i  = Clear liquid at the inlet, in. 

liquid (or mm) 

inlet weir, in. liquid 

restriction, in. liquid 

downcomer and tray floor, in. 

liquid 
hdl = Dynamic liquid seal on sieve or perforated tray, in. 

hd, = Dynamic slot seal, in. liquid 
hdt = Pressure drop through dry perforated or sieve tray, 

hdu = Downcomer head loss due to friction and under- 
in. liquid 

flow, in. liquid 

account, in. liquid, Figure 8130 
he - Effective liquid head taking aemtion of liquid into 

hf = Height of top of foam above tray floor, in. (or mm) 
hf' = Height of free fall of liquid in downcomer; in. or 

hfd = Downcomer backup, in. 
hh = Head loss due to vapor flow through perforations, 

= Height of froth on tray (aerated mass), in. 

in. liquid; or 
= Dry tray pressure drop, in. liquid 

hL = Clear liquid head, m 
hl = Depth of clear liquid on tray, inches; (or m); or 

mica1 and Petrochemical Plants 

= Aerated tray, liquid pressure drop or equivalent 
clear liquid on tray, in. tray liquid 

hli = Height of clear liquid on inlet side of tray, in. 
hio = Height of clear liquid at overflow weir, in. 
h, = Depth of notch in weir, in.; or 

= Head in the back of downcomer, in. (usually negli- 
gible) 

from weir (straight or circular); or from bottom of 
notches (v-notch weir), in. 

how' = Height of liquid above bottom of notch in notched 
weir, in. 

hop = KP = Valve lift, Le., distance between bottom of a 
valve and top of the tray deck, in. 

hpc = Cap assembly partial pressure drop, including drop 
through riser, reversal, annulus, slots, in. liquid 

h, = Pressure drop through risers, in. liquid 
h, = Pressure drop through reversal and annulus, in. 

how = Height of liquid crest over flat weir; or measured 

liquid 

uid 
h, = Slot opening, or pressure drop through slot, in. liq- 

h', = Pressure drop through dry slots, in. liquid 
h,l = Static liquid seal on sieve tray, in. liquid 
h,, = Static slot seal, in. 
h,, = Height of cap shroud ring, in. 
h, = Total vapor pressure drop per tray, in. liquid (wet 

tray) 
h d c  = Head loss due to the underflow clearance, in. 

hv = Maximum vertical travel of a valve on a valve tray, 

h, = Height of weir above tray floor (to top of flat weir, 
metric 

or bottom of notch in notched weir), in. 
h w  = Wet tray head loss, in. liquid 

K, = Constant for Bolles' partial bubble cap pressure 

= Loss coefficient, valve closed, (sec)z(in.)/(ftZ) 
L = L' = Liquid flow, lb/hr or lb/sec (or m3/hr/m 

drop equation, Figure 8-1 14; or 

weir length); or 
= Liquid rate, lb/hr (ft2 active late/tray) 

Lbc = Liquid mass velocity, lb/hr-ft B based on superficial 
cross section of column 

L/V = Internal reflux ratio, dimensionless 
Lwi = Weir length, in. 
I.9 = Liquid flow'rate, T m  = Q 
lf = Liquid flow rate, ft /sec 

I& = L, = Total flow width across tray normal to flow, ft 
1, = Length of straight weir, ft 

1,' = lfp = Length of liquid flow path, ft 
mmp = Vapor rate, lb/sec 

m = Exponent in CCFL correlation, or Equation 8327, 
equals approx. 1 .O 

N = Total number of actual trays in tower 
N, = Number of caps per tray 
N, = Number of slots per bubble cap 
Nv = Valve density, number of valves per ft2; or 

= Number of valve units on a valve tray 

= Exponent defined by Equations 8-288 and 327 
AF' = Dry tray pressure drop for 50% cut baffles, in. liq- 

n = Depth of notches in weir, in; or 

uid per baffIe; or 
= Actual tray pressure drop, in. liquid 

Pr = Prandtl number dimensionless 
Pv = Fractional opening in the circumference or a valve; 

or, PI 
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Q = Liquid load, gpm = L 
Rh = Hydraulic radius for Loth cross flow, ft 
& = Ratio of top to bottom widths of trapezoidal slot, 

&, = Vapor distribution ratio, dimensionless 
K7,. = Ratio valve weight with legs/valve weight without 

legs, dimensionless, see Table 8-22 
Re], = Reynolds Number modulus 
&I, = Reynolds modulus for friction cross-flow 

bubble cap dimensions 

A’r = Liquid gradient per row of caps, uncorrected, in. 

foam, froth, or bubbles and tray above, in. Note: 
for Hunt’s relation, S’ = tray spacing minus 2.5 h, 

S‘ = Effective tray spacing, distance between top of 

Sc = Schmidt number, dimensionless 
S” = Same as S’, except unit, ft 

St = S = Tray spacing (actual), in. ft, m 
St, = Tray spacing, ft 

T, = Metal thickness of valve, in. 
t,“ = Liquid throw over weir, in. 
U = Superficial vapor velocity, m/sec 

s = Cap skirt clearance between cap and tray floor, in. 

UN = Vapor linear velocity based on net area for de- 
entrainment usually tower cross-section minus one 
downcomer, ft/sec 

La = v, = Vapor velocity based on active area, A,, ft/sec 
V = Total vapor flow through tray or tower, ft3/sec 
V‘ = Internal vapor flow, lb/hr or lbs/sec, Equation 

VG = Superficial gas velocity in channel (not tower), 
8-297 

ft/sec 
Vload = Vapor load corrected for density, ft/sec 

V, = Maximum allowable vapor load per tray, ft3/sec 
17, = Superficial vapor velocity in tower, ft/sec (based on 

Vd = Design hole vapor velocity, ft/sec; or 
tower cross-section) 

= Downcomer velocity, ft/sec 

comer and inlet weir, ft/sec 

based on tower area minus twice downcomer area, 
ft/sec; also 

vdu = Velocity of liquid flowing between segmental down- 

vf = Vapor velocity through equivalent net tray area, 

= Velocity of froth cross flow, ft/sec 
v’f = Velocity of froth, ft/sec 

Vflood = Gas superficial velocity based on tray net area, A,, 
ft/sec 

vh = Vapor velocity through valve hole, ft/sec 
vPt = v, = Vapor velocity through holes, ft/sec 
v,%. = U, = Linear velocity of gas based on window area, 

ft/sec 

ft/sec 
W = Maximum allowable mass velocity through column 

using bubble cap trays, lb/(hr) (ft2 tower cross sec- 
tion) 

ment/(min) (ft2), based on net tray area of tower 
minus twice downcomer area 

W‘, = Assumed allowable liquid entrainment mass veloci- 
ty derived from assumed allowable loss mols liq- 
uid/mol vapor, Ib/hr (ft2), based on net tray areas 
same as for We 

W*, = Liquid entrainment mass velocity corrected for liq- 
uid properties and plate spacing, lb entrain- 
ment/(hr) (ft2), based on net tray area as for We 

v,, = Minimum velocity through holes at weep point, 

We = Liquid entrainment mass velocity, lb entrain- 

w1 = Weir length, in. 
w, =Width of slot (rectangular), in. 

z = Characteristic length in CCFL model, ft 

Greek Symbols 

a = Relative volatility, dimensionless 

a = Relative froth density, hI/hf 
f3 = Fraction perforated or open hole area in perforat- 

ed area of tray (not fraction hole area in tower 
area); or 

a d  = Mean aeration factor of froth (dimensionless) - 

= Aeration factor, f, dimensionless 
h = Slope of equilibrium line/slope of operating line 
A = Liquid gradient (corrected) for tray or tray section, 

A’ = Uncorrected liquid gradient for tray or tray sec- 

AIr = Liquid gradient per row of caps, uncorrected, in. 

in. 

tion, in. 

4 = Relative froth density, ratio of froth density to clear 
liquid density 

E = Eddy kinematic viscosity, m2/sec (assumed equal to 
eddy diffusivity; see Ref. 2 

8 = Time to drain tower, min 
~r. = Viscosity of liquid at tower temperature, 

centipoise, cp 
1.11 = Viscosity of liquid, lb/ft-sec 
JI = Pi = 3.14 
9 = Entrainment expressed as fraction of gross down- 

flow 
p = Liquid density at tem erature of tower, gm/cc 

PL = Liquid density, lbs/ft s , or kg/m3 
pv = Vapor density, lbs/ft3, or kg/m3 

o = Surface tension of liquid, dynes/cm 
pm = Valve metal density, 1b/fr3 

Subscripts 

F = Flood = At flood point 
g = G = G a s  

H20 = H = h = Water 
L = 1 = Liquid 

OG = og = Overall (gas concentration basis) 
Vap = vap = Vapor 
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Chapter 

Packed Towers 
Packed towers are used as contacting equipment for gas- 

liquid and liquid-liquid systems. Figures 9-1A and B pre- 
sent a cross-section of a typical unit. The shell is usually 
cylindrical, although square wooden, light metal, or rein- 

1. Shell 
2. Packing (one or more sections) 
3. Packing support(s) 
4. Liquid distributor(s) 

forced plastic towers are used. The basic unit consists of: (text continwd on page 234) 

Liquid % 

t Gas Outlet 

Liquid 

Shell 

Distributor 

Khmped or Access Monwoy for 1 ,Stocked), L,../Packing Removal 

\ I IY car nictillntinn nnnmtinn Faed Shnuld Enter 
I", ",..,,.......... ..*-.- ..-.. -..-- -- 
Between Support and Distributor ,unless 

Packing Support Smoll(12"or less) Tower. 

Flanged Connection for 
Access into Bottom Section Liquid Re-Distributor 

Stacked Layers 

I n t e r m e d i a t e  

(Not Necessarily 
Same as Bulk of 
Tower Packing) to 
Prevent Support 
P l a t e  Plugging. 

&Pocking Support 

Figure 9-1 A. Cross-section of typical packed tower. 
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GasNapor Outlet 

Mist Eliminator 

Liquid Distributor 

Liquid Distributor 

Flashing Feed Pipe 

Liquid Distributor 

Structured Grid 

With Draw Sump 

Vapor Distributor 

Reboiler Return or 

Recirculation Pipe 
To Reboiler 

or Bottom Product 

Figure 9-1B. Typical packed tower with internals for improved distillation. Used by permission of Jaeger Products Inc., Bull. 1100. 
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181 Courses, 29 @ of 9' Circle 
Brick No. 72-81 
Top Last Course with Acid - 
Proof Cement Mortar, 

I6"O.D. x 14'I.D.x 12" Lg. 
Chemical Stoneware Sleeve 

Top of Raschig Ring Packing _ - _ _ _ - _ _ _ - - _ - - - - - - - -  

Figure 9-2A. Cross-section of membrane and brick-lined packed tower. Depending on tower diameter, certain dimensions should be modified, 
particularly packing. Also see Figures 9-26 and 9-2C. 
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r* /Fill as shown A l l  -{ Joints with MortarCement 

L A  

Rubber Lining r 

Figure 9-28. Cross-section of membrane and brick- 
lined packed tower. Depending on tower diameter, 
certain dimensions should be modified, particularly 
packing. 

E levat ion  Section E-B 

Grid of 9' Stroight -2 
Series Brick. 

Grid S m e r t  of 9" Straiaht 

-------- --- 

22"O.D.x 20"O.D.x 12'Lg. 
Chemicol Stonewore 
Sleeve. 

Chemical Stonewore Sleeve. 

Figure 9-2C. Cross-section of 
membrane and brick-lined 
packed tower. Depending on 
tower diameter, certain dimen- 
sions should be modified, par- 
ticulally packing. 



234 Applied Process Design for Chemical and Petrochemical Plants 

(lex1 continuedfiom page 230) 

5. Intermediate supports and redistributors 
6. Gas and liquid entrance and exit nozzles 

Many of the mechanical aspects of tower construction 
and assembly have an influence upon the design and inter- 
pretation of tower performance. Every effort should be 
made to increase the effectiveness of contact between the 
process streams and to reduce losses by entrainment or 
wall effects at a minimum expenditure of pressure drop. At 
the same time the design must be consistent with the ece  
nomics dictated by the process and type of construction. 

Shell 

The shell may be of metal (steel, alloy, or non-ferrous), 
plastic, wood or some combination which may require the 
addition of liners or inner layers of rubber, plastic or 
brick. The mechanical problems of attaching inner noz- 
zles, supports and brick require considerable attention 
that is not an integral part of sizing the equipment. Fig- 
ures 9-2A-C show a typical large steel brick-lined-mem- 
brane lined tower with corbeled brick support locations. 
In these towers, temperature and/or corrosive conditions 
usually dictate the internal lining, and the selection of the 
proper acid- (or alkali-) proof cements. 

Ceramic, plastic and other non-metal tower shells are 
used quite often (Figures 9-3, 4, and 3). It is important to 
consider in ceramic construction that the main inlet or 
outlet nozzles or any other large connections should be 
oriented 90” to each other to reduce the possibility of 
cracking the walls, as most cracks go one-half diameter. 
Preferably there should only be one nozzle at any one hor- 
izontal plane. The nozzles should never carry any piping 
or other stress load. 

The bell and spigot type tower, Figures 9-3 and 9-4, is sat- 
isfactory for 2 to 2.5 psi in 12-in. dia. to 30-in. dia. towers 
when the joints are packed with chevron-type caulking 
compound. For operating pressures of 5 psi in 18-in. 
through 48-in. dia., use non-asbestos and silicate cement. 
Special hold-down packing gland-type rings will allow 
operation at slightly higher pressure. The porcelain towers 
should be used for the higher pressures rather than the 
weaker stoneware. 

The rate of heating or cooling a stoneware or porcelain 
tower should not exceed 15”F/min. 

Random Packing 

The distributor and packing are the heart of the per- 
formance of this equipment. Their proper selection 
entails an understanding of packing operational charac- 
teristics and the effect on performance of the points of sig- 
nificant physical difference between the various types. 

Liquid l n l a T &  Vapor 

Cover Section- 

Intermediate Section 

Intermediate Section 
With Bottom Rim 

Intermediate Section 

Outlet 

id Outlet 

Figure 9-3. Bell and spigot ceramic tower. Used by permission of 
General Ceramics and Steatite Corp. 

Good progress has been made in the past decade in the 
development of packing for difficult and wide ranging 
process applications. These types include: 

1. Random particle packings are discrete, individually 
shaped particles designed to provide contacting sur- 
faces between normally down-flowing liquid and u p  
flowing vapor/gas. The degree of effectiveness of the 
various shapes varies along with the mass pressure 
drop through the packed bed. Usually these particles 
are “dumped” into the column (tower) and allowed 
to gently float to their free-fall resting position in a 
column full of water. Some shapes and sizes are not 
installed using water, but dumped in using a special 
“sock” that allows the particles to be lowered without 
a damaging free fall. Sometimes large particles are 
hand set “dry” into position to tightly fill the tower. 
See Figure 9-1A. The vapor-liquid performance is dif- 
ferent between the different methods of loading, and 
appropriate data must be available to properly size 

2. 

- .  

the tower. The random “dumped” (wet or dry) 
method is the technique usually used for most pub  
lished data. See Figures 9-6A-9-6X. 
Structured packing, which is offered by several manu- 
facturers, is usually composed of pack “pads” fabri- 
cated by shaping/crimping, bending, rolling, etc. 
sheets of thin gauge metal or wire. (See Figures 9-6y 
to 9-600.) Some “pads” or packs are formed using 
various plastic material, selected to be resistant to the 
fluid services involved. 
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Tower 
Cover, 
Fig. 360 
Distribu- 
tor, 
Fig. 401 
(See op- 
posite 
page) 
Tower 
Section 
with 
Rim for 
Dis tribu- 
tor, 
Fig. 356b 

Pia in 
Tower 
See tion 
Fig. 356 

Tower 
Section 
with Rim 
atBottom 
Fig. 356a 

Support- 
ing Plate 
Fig. 279* 

DIMENSIONS OF STANDARD TOWERS - 
30 in. 
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S is inside diameter of ground in faucet. 

WEIGHTS R 
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100 
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2 50 
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I20 
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- 

- 
48 in. - 

SO0 

I 70 
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7% 
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S00 

1000 

- 

24 in. - 
80 

36 

220 

225 

30 

230 

120 

260 

30 in. - 

130 

60 

300 

310 

80 

320 

200 

370 

Tower Cover. 
Pi. 360 
Weight, Ibs. 

Tower 
Distributor, 
Fig. 401 and 
401. 
Weight, Ibs. 

Plain Tower 
section, 
Fig. 356 
Weight, Ibr. 

Tower Sectior 
with Rim 
Fig. 356. and 
356b 
Weight, Ibs. 

Plate, Fig. 275 
Weight. Ibs. 

Tower Section 
with branch, 
Fig. 355 
Weight. Ibs. 

Tower sauccr, 
Fig. 354 
Weight, Ibs. 

Supporting 

rMBottm 
Seetion. 
?ig. 35511 
Height, Ib. 

Tower 
Section 
with 
Branch, 
Fig. 355 

Tower** 
Saucer 
Fig. 354 

Figure 9-4. Physical dimensions of stoneware tower sections, bell and spigot. Used by permission of General Ceramics and Steatite Corp. 
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3. Grid packing is probably the newest type packing. It is 
lower in pressure drop, and has higher capacity, and 
lower efficiency than the other types. (See Figures 9- 
6PP-9-6UU.) 

The types and corresponding physical data for packing 
are given in Figure(s) 9-6 and Tables 9-1 through 9-15. 
The evaluation of these materials for various conditions of 
service is given later. However, Table 9-16 outlines packing 
service applications and Table 9-17 summarizes usual 
packing type applications. 

Packing Supports 

The packing support may be anything from cross-grid 
bars spaced to prevent fall-through of packing to more 
refined speciality units designed to direct the flow of gas 
and liquid. (See Figures 9-7A-9-7F.) Good tower perfor- 
manceis definitely linked to proper packing support. The 
net free flow cross-sectional area of the support should be 
65% (or larger) of the tower area, and greater than the 
free area of the packing itself. In addition, the effect of the 
free area "blocking" by the positioning of the packing on 
the support must be considered. To allow for this, every 
effort should be made to obtain as large a support-free 
area as possible and yet remain consistent with the struc- 
tural strength of the material being used. If this area is too 
restricted, liquid build-up will occur at the plate, reducing 
efficiency and increasing pressure drop of the tower, and 
leading to a flooding condition. A lot depends on the 
material of construction that the system requires; for 
example, carbon or graphite bar grids, brick grid piers, 
some steel grating grids and most rubber or plastic cov- 
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- 
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23% 
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39'k 
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12241 

- 

- 

19% 

48% 48% 
58% 61% 
70% 74 
82% 86% 
94% 98% 
108% 110% 
115% 120 

46 

72 

Figure 9-5. Typical reinforced plastic packed tower construction; with dimensions used by permission of Havsg Corp., Bull. F-7. 
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RAXHIG R I N G  LESSING R I N G  CROSS-PARTITION RING TRIPLE SPIRAL R I N G  DOUBLE SPIRAL R I N G  

SINGLE SPIRAL R I N G  

Figure 9-6A. Various packing shapes 
(Ceramic). NTALOX SADDLE 

Figure 9-66. Raschig rings (ceramic, carbon, metal). 

Figure 9-6D. Berl saddles (ceramic), dumped. 

Figure 9-6C. lntalox@ saddles (ceramic), dumped. Used by permis- 
sion of Norton Chemical Process Products Corp. 

ered metal grids have inherently low free cross-sectional 
areas. These may be less than 65% free area. Pressure 
drops through support plates, such as shown in Figure 
9-7D, are reported [82] not to exceed 0.3 in. water for 
most applications. Also see Figures 9-7A-C, E, F. Fouling 
service can create pressure drop problems. 

( k x t  continii~d on fmg~ 243) Figure 9-6E. Pall rings (metal), dumped. 
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Figure 9-W. Koch Flexiring (plastic). Used by permission of Koch 
Engineering Co., Inc., Bull. PFR-1. 

Figure 9-60. Norton Hy-Pak@ (metal). Used by permission of Norton 

Figure 9-6H. Plastic pall ring. Note: Glitsch Ballast Ring@ and others 
are quite similar. Used by permission of Norton Chemical Process 
Products Corp., Bull. DC-11 and PTP-1 (11/87). 

Figure 9-61. Metal pall ring. Note: Glitsch Ballast Ring@ and Koch Engi- 
neering Flexiring@ are quite similar. Used by permission of Norton 
Chemical Process Products Corp., Bull. N-60D and Bull. MTP-1 (4/94). 

Figure 9-&I. Metal lntalox (IMTP@). Used by permission of Norton 
Chemical Process Products Co., Inc., Bull. DC-11 and MTP-1 (4194). Chemical Process Products Corp., Bull. IHP-1 (12/91). 
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I MECHANICAL SPECIFICATIONS I 

010 Void 

Relative 

Values 

No. 0.7 

4740 

69 

11.0 

97.8 

0.64 

No. 1.0 

1900 

51 

11.1 

97.8 

0.78 

No. 1.5 

760 

38 

11.3 

97.8 

0.92 

No. 2.0 

385 

29 

10.8 

97.9 

1 .oo 

No. 2.5 

250 

25 

9.0 

98.2 

1.17 

No. 3.0 

120 

20 
8.3 

98.4 

1.40 

Figure 9-6L. Metal Top-Pak@ low liquid/high gas flow and high heat 
transfer packing. Used by permission of Vereinigte Fullkorper- 
Fabriken GmBH & Co. Ransbach Baumbach, Germany. 

Figure 9-6K. Nutter RingTM (metal random packing). Used by per- 
mission of Nutter Enaineerina. Harsco Cora. Bull. NR-2. 

Figure 9-6M. Metal VSP@ high capacity packing. Used by permission 
of Vereinigte Fullkorper-Fabriken GmBH & Co. Ransbach Baumbach, - -. . .  Germany. 



Figure 9-6N(a). Koch Metal HcKpTM random packing. Used by per- 
mission of Koch Engineering Co., Inc., Bull. KRP-2. 

Figure 9-6P. Metal Chempak@ packing. Used by permission of 
Chem-Pro Equipment Corp., licensed from Dr. Max Leva. 

ing; available in two sizes and reported by manufacturer to be a 
fourth generation random packing. Used by permission of Koch 
Engineering Co., Inc., Bull. KFM-1. 

Figure 9-60. Plastic Nor-Pac@ packing; fabricated of most corrosion 
resistant plastics. Used by permission: NSW Corporation. 

Figure 9-6N(b). FleximaxTM high performance random metal pack- 

i l  I 

Figure 9-6R. Super lntalox@ Saddles. Note: Glitsch Ballast Saddle@ 
and Koch Engineering Flexisaddle@ are quite similar. Used by per- 
mission of Norton Chemical Process Products Corp., Bull. N-60D. 

Figure 9-60. Koch Metal Flexiring@; available in %-in.-3%-in. diame- 
ter. Used by permission of Koch Engineering Co., Inc., Bull. KRP-2. 



Figure 9-6s. Koch FlexisaddlesTM (plastic); available in 1 -in.-3-in. 
Used by permission of Koch Engineering Co., Inc., Bull. KRP-2. 

Figure 9-6V. Jaeger Tri-Packs" high-performance packing fabricat- 
ed of corrosion resistant plastic. Used by permission of Jaeger Prod- 

Figure 9-6T. (Top) Cascade@ Mini-Ring, (metal and plastic). Originally 
used by permission of Mass Transfer, Inc., now, Glitsch, Inc. (middle 
and bottom) Elevation and plan views of Ballast@ rings (right) and 
Cascade Mini-Rings (left). Note how high aspect ratio of former 
permits occlusion of interior surfaces. Low aspect ratio of Cascade 
Mini-Rings, on the other hand, favors orientation that exposes inter- 
nal surfaces for excellent film formation, intimate mixing, and gas- 
liquid contact. Used by permission of Glitsch, Inc. Bull. 345. 

Figure 9-6U. Norton lntalox@ high-performance Snowflake@ packing 
(plastic). Used by permission of Norton Chemical Process Products 
Corp., Bull. 1 SPP-1 R. 

Figure 9-6W. Rauschert Hiflow@ high-performance rings and sad- 
dles packing (plastic and metal). Used by permission of Rauschert 
Industries, Inc., div. of Rauschert GmbH & Co. KG; Paul-Rauschert- 
Str. 6; D-96349 Steinwiesen, Germany. 
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Figure 9-6X. Teller rosette 
packing (plastic). Used by per- 
mission of Hawshaw Chemical 
Co. and Dr. A. J. Teller. 

L 

Figure 9-6AA. Cartridges 8% ft high of 32-in. I.D. Spraypak Packing. 
Used by permission of Denholme, Inc., Bull. No. 8. 

Figure 9-6Y. Panapak formedstructured packing for a 6-ft diameter 
column (original design). Used by permission of Packed Column Cow. 

Figure 9-62. Panapak packing for a 6-ft diameter column, latest 
design. Used by permission of Packed Column Corp. 

Figure 9-6BB. Goodloe packing. Used by permission originally of 
Packed Column Corp., now under license to Glitsch, Inc. 
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Figure 9-6CC. York-TwistTM structured tower packing. Note insert showing weave and sections fabricated to fit through manway for larger tow- 
ers. Used by permission of Otto H. York Co., Inc., a division of Glitsch, Inc. 

Multistrand wire, close-knit in two layers, holds stable liquid film by 
surface tension. Falling films of liquid form expansive contact surface 
with rising vapor layers. 

Figure 9-6DD. ACS knitted mesh structured packing. Used by permission of ACS Industries, Inc., Separations Technology Group, Bull. 6-1 29 (1 992). 

(text contznwd from prig? 2?7) 

In some large towers the support grid is built up from 
supporting brick arches coming from the bottom (see Fig- 
ures 9-2A, B, and C).  Quite often in large towers, drip 
point grid tile is used as the supporting first layer, either as 
a support “plate” itself, or as the support for other packing 
stacked on it (Table 9-15). This initial stacking of the first 
and perhaps second courses of packing prevents the block- 
ing of free area usually associated with dumping packing 
on support plates. The resultant net free area “balance” 
around the support grid or plate and its first two courses 
of packing (whether dumped or stacked) should be calcu- 

lated to evaluate the effect o i i  to\ver performarice. Figures 
9-1A, 9-1B, and 9-3 show a typical arrangement of several 
support plates. 

the support platt. is the sum 
of the weight of the packiiig plus the iveiglit of thc flooded 
liquid volume of the packing loitls plus prrsstire surgcs 
that might be imposed on the sytcni. Tlic effect of side 
thrust of the packing i n  rediiring the cleat1 packing load on 
the support should be ignored, as i t  is i i i i  intlrtermiiiate 
figure. Normally each support is required t o  support o n l y  
the weights ofthe packcd section directly above i t  ant1 n o t  

The weight t o  he carried 
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Figure 9-6EE. Koch/Sulzer@ packing. Used by permission of Koch 
Engineering Co., Inc., Bull. KS-2. 

& GAS STREAMS 
R A CELL MIX AND 

FORM TWO NEW 
STREAMS M l C H  FLOW 
TO OTHER MIXING CELLS 

Figure 9-6FF. Liquid and gas mixing in Koch/Sulzer@ packing ele- 
ments. Used by permission of Koch Engineering Co., Inc., Bull. KS-2. 

Figure 9-6GG. Koch Flexipac@ structured packing. Used by permission of Koch Engineering Co., Inc., Bull. KFP-4. 
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Figure 9bHH. Metal Max-PakTM structured packing fabricated from 
corrugated sheets. Used by permission of Jaeger Products, Inc., 
Bull. 500. 

Figure 9-611. lntalox@ high-performance structured packing. Used by 
permission of Norton Chemical Process Products Corp., Bull. IS-2T. 

Figure 9-6JJ. lntalox@ high performance wire gauze structured pack- 
ing. Used by permission of Norton Chemical Process Products 
Corp., Bull. WG-1. 

Figure 9-6KK. Glitsch Gempak@ structured packing series designs. 
Series AT-Smooth surface with small crossover points on narrow 
rectangular pitch. A general purpose style, especially suitable for low 
wetting rates and high vacuum applications. Series AS-A general 
purpose style suited for high wetting and heat transfer applications. 
Both AT and AS series are particularly suited for refinery applications 
and can be used in the wash zones of atmospheric and vacuum 
crude towers, or FCCU main fractionators. Series AL-Metal surface 
with louvres in a repetitive pattern. Especially suited for low wetting 
rates and chemical applications. Series BG-A wire gauze packing, 
crimped to 60" from the horizontal. Recommended for high efficien- 
cy applications at very low wetting rates (clean service). Used by 
permission of Glitsch, Inc. Bull. 51 40 (1 993). 
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Figure 9-6LL. Montz-Nutter high-efficiency structured packing assembly (Type B-1 TM with wiper bands and seal strip). Used by permission of 
Nutter Engineering, Harsco Corp., Bull. 8-1. 

Figure 9-6MM. Nutter BHSTM structured packing with expanded metal 
texture, which maintains high mass transfer efficiency across all oper- 
ating conditions. Nutter Engineering designs and manufactures BSH in 
North America under exclusive license from Julius Montz GmbH of Ger- 
many. Used by permission of Nutter Engineering, Harsco Corp. 

those separately supported above or below it. If a n y  inter- 
mediate supports or redistributors are not separately sup- 
ported on the tower wall but rest on the packing itself, the 
bottom support would carry the entire tower load of pack- 
ing as mentioned, plus the weights of intermediate support 
and redistribution plates. This is riot good practice as it 
complicates the packing arid repacking of the tower in 
addition to possibly imposing heaky loads on the bottom 
supports. 

As a general rule packing heights per support plate 
should not exceed 12 ft for Raschig rings or 15-20 ft for 
most other packing shapes. Other types fit  within these 
limits. The mechanical, vibrational and thermal shock 
loads become important and sometimes affect the tower 
operation beyond these limits. 

Liquid Distribution 

Liquid distribution probably plays the most important 
part in the efficient operation of a packed tower. A good 
packing from the process viewpoint can be reduced in 
effectiveness by poor liquid distribution across the top of 
its upper surface or the packing sections below any feed 
inlet(s) or  reflux inlets. 



Figure 9-6NN. Koch Ceramic Flexeramic@ structured packing of stoneware or ceramic fabrication. Used by permission of Koch Engineering 
Co., Inc., Bull. KCP-2. 

Packing 
Sections 

Rotated 

Figure 9-600. Installation of Ceramic Flexeramic@ structured pack- 
ing of stoneware or ceramic. Used by permission of Koch Engineer- 
ing Co., Inc., Bull. KCP-2. 

Figure 9-6PP. Nutter Snap-GridTM grid packing as assembled. Used 
by permission of Nutter Engineering, Harsco Corp., Bull. CSG-1. 

Figure 9-6QQ. Nutter Snap-GridTM high-capacity grid packing with 
good structural integrity (interlocking) and reduced fouling. Used by 
permission of Nutter Engineering, Harsco Corp., Bull. CSG-2. 

Figure 9-6RR. lntalox@ Grid-type packing; useful for fouling, solids 
and heat transfer; high-strength, low-pressure drop, high capacity, 
better efficiency than most structured and random packing. Used by 
permission of Norton Chemical Process Products Corp., Bull. IG-1. 
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Figure 9-6SS. Flexigrid@' Style 3 high-efficiency structured packing. 
Used by permission of Koch Engineering Co., Inc., Bull. KFG-2. 

Figure 9-6TT. Flexigrid@ Style 2 high-capacity structured packing. 
Used by permission of Koch Engineering Co., Inc., Bull. KFG-2. 

EF-25A Grid is used to process coking-prone feeds and up to 40% solids slurries Because Grid is free to expand and contract without damage under thermal 
stress, Grid can maintain its structural integrity in turbulent vapor streams as 
hot as 1000°F. 

Figure 9-6UU. Glitsch-gridTM packing, Style EF-25A. Used by permission of Glitsch, Inc., Bull. 163L84B. 

Table 9-1 
Chemical Stoneware and Chemical Porcelain Raschig Rings 

Normal Wall O.D. and Approx. Avg. Approx. Avg. Approx. Avg. Percent Equivalent 

In. In. In. Ft3 Ft3, Lb** F2/Ft3 Space Dp, In. 

- ~~ __ 

Size, Thickness, Length, Number per Weight per Surface Area, Free Gas Spher. D im.  

% X? w 10,700 52 124 65 0.48 
M %e ?k 5,600 48-52 100 68 0.57 
w M Z  % 3,100 46 78 69 0.65 
1 M 1 1,350 42 58 72 0.87 
1% XF' 1% 670 46 44 71 1.10 
1% !4 1% 390 40 36 73 1.40 
2 !4 2 165 39 28 74 1.75 

3 50 35 19 77 2.65 3 :x 
+3(D) M 3 74 67 29 60 2.65 
+3@) M 3 64 58 25 66 2.65 

~ ~ ~~ ~~~ ~~~ ~ ~ ~ _ _ _ _ _ ~  ~ ~ ~ ~~ 

4 w 4 25 40 
~ ~ ~ ~~ ~ ~ ~ _ _ _ ~ _ _ _ _ ~  ~~~ ~ ~ ~~ ~ 

M, 2%, 4, and 6 in. available on special order. The 3-in., 4in., and &in. O.D. sizes are also made with ribbed or corrugated outside surfaces. The %in., 
4in., and Gin. sizes can be made in lengths up to 12 in., on special order. 
**Porcelain Rings are about 5% heavier than Stoneware. These weight3 are the average for both. 
+Data for stacked arrangement. "D" indicates diamond pattern. "S" indicates square pattern. 
Original by permission, M. Leva, Ref. 40 and Bulletin TP-54, U S .  Stoneware Co.,  Akron, OH.; updated CTP-1 dated 9/88, by permission of Norton 
Chemical Process Products Corp. 
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Table 9-2 
Carbon Raschig Rings 

Nominal Wall O.D. and Approx. Avg. Approx. Avg. Approx. Avg. Percent Equivalent 
. _. ........ _ .................. - ..... ........ 

Size, Thickness, Length, Number per Weight per Surface Area, Free Gas Spher. Dim. 
In. In. In. Ft3 Ft3, Lb F2/Ft? Space Dp, In. 
% !46 Y4 85,000 46 212 55 0.27 
w x6 x 10,600 27 114 74 0.42 
K ?4 % 3,150 34 74 67 0.72 
1 M 1 1,330 27 37 74 0.87 
1% Xr, 1% 678 31 45 69 1.10 
1% % 1% 390 34 37.5 67 1.40 

% 2 166-157* 27 28.5 74 1.75 
3 '%6 3 30-44" 23 19 78 2.50 
2 

.%I3 3 74 49.5 29 66 2.50 
3(S) '%6 3 64 43 25 71 2.50 
3(D) 

........... - - ........ .... . ..... 

S = Square pattern 
D = Diamond pattern 
From: M. Leva. US. Stoneware Co., Akron, Ohio: Ref. 40, and Bulletin CP-2512, National Carbon Co., New York, N.Y.; updated 12/93 by permission 
Norton Chemical Process Products Corp., Bull. CTP-1. 
*Varies with supplier 

} Stacked 

.... 

Wall O.D. and 
Thickness, Length, 

In. In. 

Table 9-3 
Metal Raschig Rings 

. - . . 

Approx. Avg. Approx. Avg. 
Number per Weight per 

88,000 133 
27,000 94 
11,400 73 
11,200 132 
3,800 - 
7,300 66 
7,000 120 
3,340 52 
3,140 94 
1,430 39 
1,310 71 
730 62 
373 49 
163 37 
55 25 
74 35 
64 30 

Ft3 Ft?, Lb* 
. . .  ... 

. . . . . .  - 

Approx. Avg. 
Surface Area 

F2/Ft3 

236 

123 
118 

112 
106.5 
81.7 
70.6 
62.2 
35.2 
49.3 
39.2 
29.3 
19.8 
29 
25 

- 

- 

~_ 

Percent Equivalent 
Free Gas Spher. D im.  

.. 
Space 

'72 
81 
85 
73 
86 
86 
75 
89 
80 
92 
86 
87 
90 
92 
95 
93 
94 

Dp, In- 
0.22 

0.34 
0.44 

0.40 
0.50 
0.46 
0.58 
0.56 
0.70 
0.7.5 
0.90 
1.1.5 

.. 

- 

- 

- 
- 
- 

... 

*Based upon Carbon Steel Rings; other weights are: Stainless Steel 105%; Copper 120%; Aluminum 37%; Monel and Nickel 115%. 
Csually metal Raschig rings are made viith fitted butted-joints. 
Original by permission, M. Leva, [40] and U.S. Stoneware Co., Akron, OH.; updated 9/88 by permission of Norton Chemical Process Products Corp., 
Bull. MTP-I and TP-78. 
Yote: Sizes availability varies with manufacturers. 

**Usual commcrcial sizes 
S = Square pattern 
D = Diamond pattern } Stacked 
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Table 9 4  
Metal Lessing Rings 

. . . . .  - -. ..... 

Wall O.D. and Approximate Approximate Approximate Percent Equivalent 
Size, Thickness, Length, Number per Weight per Surface Area Free Gas Spherical 
In. In. In. Fts Ft3, Lb* F2/Ft3 Space Dia., Dp, In. 

w Mn w 81,840 195 306.8 60 0.24 
x Mn M 25,110 114 217.1 76 0.31 
w Mn w 10,974 100 166.4 81 0.38 
% %6 M 10,230 172 153.4 66 0.46 
M Mn 56 6,789 86 145.6 82 0.43 

%6 56 6,510 150 138.4 68 0.57 . i s  

w Mn w 3,171 71 108.3 85 0.52 
% %6 w 2,967 130 93.3 71 0.63 
1 M 2  1 1,339 32 81.5 90 0.62 
1 %6 1 1,251 95 73.7 80 0.77 
1% %6 1% 674 81 64.1 82 0.99 
1% K6 1% 391 65 53.6 87 1.02 
1% %6 1% 246 58 46.0 89 1.13 

1.24 2 %6 2 167 49 40.8 90 ._ ..... 
All figures are on a dumped basis. Metal Lessing Rings are also made in stainless steel, copper, and aluminum. 
*Weights shown are for carbon steel. By permission: U.S. Stoneware Co. Bul. TP54, now, Norton Chemical Process Products Corp., Stow, OH. [5] 
except column 8, [MI. 

Table 9 5  
Ceramic Lessing Rings 

...... . . . . .  

O.D. and Wall Approx. No. of Approx. Wt. Per Percent ApProX. 
Le*, Thicknw, Rings per Ft3, Ft3 Free Gas Surface Area 

In. In. Dumped Dumped Space per Ff? 

1 M 1,300 50 66 69 
1% %6 650 56 62 33 
1% % 350 58 60 40 

32 2 36 150 49 68 

....... - 

. .  ........... -. ....... 

From hi. Leva, U.S. Stoneware Co., [40], by permission, now, Norton Chemical Process Products Corp., Stow, OH. 

Table 9-6A 
Chemical Stoneware and Ceramic Berl Saddle Packing 

Equiv. Spher. 
Diameter 
Dp, In. 

0.95 
1.20 
1.55 
1.90 

Approx Average Equivalent 
Nominal Approx. Average Approx. Surface Area Percent Free Spher. Dim.  

Size Number/Ft3 Wt./Ft3, lb Ft2/F$ Gas Space* Dp, In- 
% 113,000 56 274 60-67 0.23 
% 16,200 54 142 63 0.42 
% 5,000 48 82 66 0.58 
1 2,200 45 76 69-70 0.76 
1% 580 38 44 73-75 1.10 

1.55 2 
. 

72-75 ... - .... . . . .  
32 250 40 

- .- 

From M. Len,  U.S. Stoneware Co., [40], by permission. 
*Updated by permission Jaeger Products, Inc. 
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Table 9-6B 
Steel* Berl Saddles 

1 2,500 87 85 83 
1% 823 58 88 60 

............. ..... ...... .... ...... . -. .- ......... . 

................ ........ ....... ..... ......... -. .- .- 

* Other metals a\Fdilable. 
Courtesy Haurice A. Knight Co., Bulletin So. 11, now, by permission Koch Engineering Co., Inc. 

Table 9-7 
Ceramic Intalox@* Saddles 

Equivalent 
Nominal Approximate Approximate Approximate Spherical 
Size, Number per Weight per Surface Area Percent Free Diameter 

x 117,500 34 300 64 0.20 
?4 50,000 30 - 
w 17,000 46 190 69 0.32 
% 6,200 44 102 71 0.48 
1 2,100 42 78 72 0.68 
1% 660 39 39.5 74 0.96 
2 240 37 36 75 1.38 
3 32 37 - 75 - 

In. Ft3 FP, Lb Ft2/Ft3 Gas Space Dp, In. 
. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . .  

- 67 

... ................. 

Data shown applics to Intalox Saddle made either from chemical stoneware or chemical porcelain. Weights per cubic foot are based on chemical porce- 
lain. Chcmicdl stoneware Intalox Saddles will weigh approximately 5% less. 
*Trade name Nr)rton <:o. 
Orig. By permission: US. Stoneware Co., Akron, Ohio, Ref. 3, except column 6, from Ref. 40; updated 9/88 by permission of Norton Chemical 
Process Products Corp., Inc., Bull. CTP-1, 9/88. 

Table 9-8 
Ceramic Cross-Partition Rings 

~ . . . . . .  . 

Outside 
Diameter 

In. 

3* 
4 
4 
6 
6 

.............. 

Outside 

In. 

3 
3 
4 
4 
6 

bngth 
.......... 

Wall 
Thickness, 
h. 

w 
!4 
?h .-s 
:s 

. . . . . . .  

Number of Weight of Percent FG of Surface Area Net Cross-Section 
Ringers per Ringers per Ft3, Free Gas per Ft3 Area of Packing 

Ft3 Lb Space of Packing in Ft2/Ft2 
. . . . . . . . . . . . . . . . . .  

D S D S D S D S 
Setting Setting Setting Setting Setting Setting Setting Setting 

. . . .  .- - -. ......... 

74 30*-64 73 47*-63 47-48 54-35 41-43 35-37 
41 36 81-72 71-63 46-49 52-35 31-33 27-29 
31 27 81-62 71-34 43-56 52-61 30-32 26-29 
14 12 73-70 62-60 51-50 58-57 22 19 
9 8 70 62 53-50 58-56 20 18 

D S 
Setting Setting 

.53 .46 

.54 .47 

.54 .47 

.49 .42 

.49 .42 

.. 

Also made with outer surfaces ribbed or corrugated, and in lengths up to 12 in. Rings with different wall thicknesses than above can be made on spe- 
cial order. Porcelain rings weigh about 5% more than above. For D and S patterns, see Figure 9-16. Compiled from Ref. 40, U.S. Stoneware Bull. TP- 
54, and Maurice A. Knight Co. (now ,Koch Engineering Co., Inc.) Chemical Equipment Bulletin, by permission; updated 2/89 by permission of Nor- 
ton Chcmical Proccss Products Corp. Bull. WGl. 
For 3-in. size only; * indicates dumped rings only; all others stacked diamond (D) or square pattern stacked (S). 
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Table 9-9 
Ceramic Spiral Packing Rings* 

Ft2 of Net Cross 
Number of Weight of Percent Surface Area Section Area 
Rings per Rings per Free Gas per Ft3 of Packing in 

Ft2/Ft2 out- out- wall Ft3 Ft3 Space of Packing 

Diam. Length ness D S D S D S D S D S 
-__ . -. _- side side Thick- 

In. In. In. Setting Setting Setting Setting Setting Setting Setting Setting Setting Setting 

3%-3 3 %6 63-74 5464 60-67 52-58 58-52 66-59 40-41 3436 .32 .27 
Single 4 4 M 31 27 61-60 55-52 60-57 67-64 32 28 .33 .28 

3% 3 %6 63 54 67 58 56 63 44 37 .37 .32 
Double 4 4 ?4 31 27 64 58 59 64 35 31 .38 .33 
Spiral 6 6 % 9 8 65 58 64 68 23 21 .32 .29 

Spiral 6 6 w 9 8 59-54 51-48 66-61 70-66 21 19 .28 .25 

3% 3 %6 63 54 69 60 50 57 50 42 31 .44 
Triple 4 4 M 31 27 65 59 53 58 40 35 .46 .40 
Spiral 6 6 % 9 8 68 60 60 64 24 21 .32 .29 
*Basic data in table for U.S. Stoneware “Cyclohelix” spiral packing, Bul. TP 34, Ref. 5. Data for other spiral packings shown set to right from Maurice 
A. Knight Co. (now, Koch Engineering Co., Inc.) Bulletin No. 11, by permission. For D and S patterns, Figure 9-16. 

................... .- . ._ . .- 

Size Wall? 
O.D.& Thickness, 

Length,In. In. 
. . .  - _._ _.._ ... - -. - .- 

M 0.018 
1 0.024 
1% 0.030 
2 0.036 

3% 0.048 

Table 9-10 
Pall Rings-Metal 

- 

Appx. Approx.* 
Number Wei@t, 

Ft3 Lb/F$ 
_. ......... 

5,800 37 
1,400 30 

375 24 
165 22 
33 17 

Surface Percent 
Area FieeGas 

F~?/F$ Space 

104 93 
63 94 
39 95 
31 96 
20 97 

__  

plastic$ 

M - 6,060 5.95 87 
1 - 1,430 4.4 90 
1% - 420 4.35 91 
2 - 175 3.85 92 

3% - 33 3.45 92 

............ . . . . . . .  - ... ~ ~ .... 

By permission, Norton Chemical Process Products Corp., TP-78 and PR- 
16 and MTP-1(9/88); other manufacturer’s data are equivalent 
+Standard gauge carbon steel, approximate 
$Weights referenced to polypropylene; other plastics available, high den- 
sity polyethylene, glass reinforced polypropylene and fluorinated vinyls 

Table 9-11 
Teller Rosette (Tellerette) Plastic* 

........ .- .. 

Percent 
Nominal No.Units Weightper Surfaceha FreeGas 
Sue,In. perFt! Ft3,Lb Ft2/Ft3 Space 

1 1125 10 76 83 
*Hamhaw Chemical Co. “Tellerette” bulletin, and Dr. A. J. Teller. 

Table 9-12 
Super Intalox@ Saddles: Ceramic+ 

.- -. . . . .  .... 

Surface 
Size No. Approximate Weight$ Area Percent Free 

Designation Number/Ft3 Lbs/Ft3 Ft2/Ft! Gas Space 

1 1,500 35 76 77 
2 180 38 32 75 

plastic 

1 1,500 5.85 63 90 
2 180 3.75 33 93 
3 42 3.00 27 94 

. - ... ... 

. 

By permission, Norton Chemical Process Products Corp., Bull. SI-72 and 
Bull. PTP-1; other manufacturer’s data are equivalent. 
+Also available in polypropylene (including glass reinforced); high den- 

$Weights for polypropylene; others are times P P  1.03 for high density 
sity polyethylene, rigid WC, fluorinated vinyls. 

polyethylene: 1.54 for WC: 1.87 to 1.95 for fluorinated vinyls. 

Table 913 
Hy-Pakm* Metal Packing 

Percent 
Size No. Approximate Weight, ** Free Gas 

1 850 19 97 
1% 270 - 97 
2 105 14 98 
3 30 13 98 

*By permission, Norton Chemical Products Corp., Bull. HY-30@, dated 

*Weight for standard gauge carbon steel, available in most other com- 

Designation Number/Ft! Lb/Ft! Space 

. _. 

9/88 reg. trademark. 

mon metals. 
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Table 9-14 
Chempak@ Metal Packing* 

...... . . . . .  . -. ._ 

-_ 19 96 
-. - .... . . . .  

1 950 
*By permission Chem-Pro Equipment Gorp., Licensed from Dr. Max 
Levo, Bull. 702. Weight is for carbon steel. 

Table 9-15 
Grid Tile (Drip Point)* 

....... - .- .............. - 

--- 
.NUMBEK \VE16UT PRk%WiS 

PER OROP PCS. P E R  

ELEVATION 

P L A N  
6RI  D A Q W G ' M  hlT 

E LEVA T ION 

PLAN 
CNECKER AI7QAUC'T 

SPRAY 
CHAM BEE5 = 
AIYo OF 
TOTAL VoL 
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Table 9-16 
Packing Service Application 
. ,. . - . . . . . . . .. .. 

General Service 
Packing Material Application Remarks 

... . 

Glazed and un- 
glazed, Porcelain 
or Chemical 
Stoneware 

Carbon 

Plastic 

Steel and other 
light gauge 
metals 

Neutral and acid con- 
ditions except hydro- 
fluoric, solvents. Not 
good in hot caustic 
(above 70°F) 

Hot alkali, all acids ex- 
cept nitric, no oxidiz- 
ing atmospheres. 
Alkali, salts, aqueous 
and acids depending 
on resin 
Hot alkali for steel, 
other service to suit 
metals 

Unglazed usual 
type specified ex- 
cept special re- 
quirement of low 
adsorption on sur- 
face. Special ceram- 
ics available for 
mild caustic. Por- 
celain stronger and 
more resistant than 
stoneware. 
Stand thermal 
shock, low cubic 
weight 
Light weight 

May be heavier 
than ceramic, 
more expensive 

(text continued porn page 246) 

Poor distribution reduces the effective wetted packing 
area and promotes liquid channeling. 

The final selection of the mechanism of distributing the 
liquid across the packing depends upon the size of the 
tower, type of packing (exposed surface, configuration), 
tendency of packing to divert liquid to tower walls, and 
materials of construction for distribution. Figures 9-8A- 
9-8L illustrates a few distribution types. Spray nozzles are 
used, but care must be taken in evaluating the percent of 
the total liquid that hits the walls and never enters the 
packing. Full cone nozzles with spray angles which will 
keep most of the liquid on the center portion of the pack- 
ing for initial contact will perform quite well. 

Spray nozzle manufacturers have spray angle data for 
various pressures at the nozzle inlet (pipe), see Figure 
9-8L. This should be considered carefully in the distribu- 
tor design, and the volume discharge per square foot of 
flat tower cross-section must be as uniform as possible. 
Careful layouts of nozzle arrangements are usually 
required, Figure 9-8K. Maximum rate variation of 2 5 to 
6% of average flow is necessary in design [82]. 

There are many other types and variations in addition 
to those listed, although they are usually special-purpose 
trays and not necessarily generally adaptable. 

Good design generally considers that the streams of liq- 
uid should enter onto the top of the packing on 3 to 6-in. 

square centers for small towers less than 36 in. in diame- 
ter, and should number (D/6)* streams for 36in. and larg- 
er, where D is the tower inside diameter in inches [22]. 
When the liquid stream spacings exceed 6-in. square 
pitch, consideration should lean to this figure. Most man- 
ufacturers make some type of distributor giving one 
stream every 6 in.* of tower area. 

The number of irrigation or “drip-points” or entrance 
points per square foot of flat surface of the tower should 
be uniform for orifice, weir-type gravity, or pressure dis- 
tributors, and need not exceed 10 points/ft2 [82]. This 
uniformity must not be disturbed by support rings for sup- 
porting the distributor itself. The distribution must 
include the area adjacent to the wall, and the design must 
not “force” more liquid at the wall where it contacts the 
packing. Uniformity of points of distribution to the pack- 
ing surface is extremely important. The volume flow per 
point must be carefully calculated. 

Bonilla [131] presents an excellent examination of liq- 
uid distributors in packed towers. Packed towers with ran- 
dom packing or structured packing are more sensitive to 
poor or non-uniform distribution of liquid than tray tow- 
ers. This requires that liquid and vapor enter the packing 
evenly distributed. Often, only the liquid distributor at the 
top of the packing is considered, but vapor distribution at 
the bottom or intermediate in the tower is quite important. 
The ultimate performance of a packing depends signifi- 
cantly on the initial distribution [131], with non-uniform 
distribution resulting in reduced packing efficiency, which 
can be expressed as a higher HETP, height equivalent to a 
theoretical plate/stage/tray. A higher surface area struc- 
tured packing is more sensitive to the initial liquid non-uni- 
form distribution than a lower surface area packing. 

It is important to recognize that each packing has a nat- 
ural liquid distribution [ 1311 that will develop if sufficient 
bed depth is available. If the distribution is poorer than 
the natural distribution, the system will end up with con- 
centration gradients and higher HETP values. When/if an 
improvement from a poor to natural distribution occurs 
slowly over many feet of packing, Bonilla [131] states that 
adding extra packing to a bed to compensate for the ini- 
tial maldistribution does not work because the return to 
the natural distribution is not fast enough to compensate 
for the concentration gradients that have already formed. 

Most liquid distributors feed onto the packing by gravi- 
ty, rather than being pressurized. For any given tower 
design the distributor design and installation is an impor- 
tant component for assisting in aiding the packing to do 
its job. For best performance for the average distillation 
the distributor should be installed level to a tolerance of 
*?4 to H6 in. and should be able to be leveled once it is in 
the tower. Table 9-18 [131] presents a comparison of 
many of the factors necessary to the selection and design 
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Table 9-17 
Packing Type Application 

Packing Application Features Packing Application Features 

Raschig Rings 

Berl Saddles 

Intalox Saddles] 
And Other 
Saddle-Designs 

Pall Rings" 

!detal IntalOX" 
Hy-Pak' 
Chempak' 

Spiral Kings 

Lessing Rings 

Cross-Partition 
Rings 

Earliest type, usually cheaper per unit cost, but some 
times less efficient than others. Available in widest 
variety of materials to fit service. Very sound struc- 
turally. Usually packed by dumping wet or dry, with 
larger 4.43 in. sizes sometimes hand stacked. Wall 
thickness \aria between manufacturers, also some 
dimensions; available surface changes with wall thick- 
ness. Produce considerable side thrust on tower. Usu- 
ally has more internal liquid channeling, and directs 
more liquid to walls of tower. Low efficiency. 

More efficient than Raschig Rings in most applica- 
tions, but more costly. Packing nests together and 
creates "tight" spots in bed which promotes channel- 
ing but not as much as Raschig rings. Do not produce 
as much side thrust; has lower HTU and unit pres- 
sure drops with higher flooding point than Raschig 
riiicgs. Easier to break in bed than Kaschig rings. 

One of most efficient packings, but more costly. 
Very little tendency or ability to nest and block areas 
of bed. Gives fairly uniform bed. Higher flooding 
limits and lower pressure drop than Raschig rings or 
Berl saddles; lower HTU values for most common 
systems. Easier to break in bed than Raschig rings, 
as ceramic. 

Lower pressure drop (less than half] than Raschig 
rings, also lower HTU (in some systems also lower 
than Berl saddles), higher flooding limit. Good liq- 
uid distribution, high capacity. Considerable side 
thrust on column wall. Available in metal, plastic 
and ceramic. 

High efficiency, low pressure drop, reportedly good 
for distillations. 

Usually installed as sracked, taking advantage of 
internal whirl of gas-liquid and offering extra con- 
tact surface over Raschig ring, Lessing rings or cross 
partition rings. Available in single, double and hple  
internal spiral designs. Higher pressure drop. Wide 
\ariety of performance data not available. 

Not much performance data available, but in gen- 
eral slightly better than Raschig ring, pressure drop 
slightly higher. High side wall thrust. 

Usually used stacked, and as first layers on support 
grids for smaller packing above. Pressure drop rela- 
tively low, channeling reduced for comparative 
stacked packings. KO side wall thrust. 

Grid Tile 

Teller Rosette 
(Tellerette) 

Spraypak3 

Panapak4 

Stedman Packing 

Sulzer, Flexipac, 
and similar 

Goodloe Packing' 
and 
Wire Mesh Packing 

Cannon Packing 

\\rood Grids 

Poly Gridfi 

hailable with plain side and bottom or serrated 
sides and drip-point bottom. Used stacked only. Also 
used as support layer for dumped packings. Self sup  
porting, no side thrust. Pressure drop lower than 
most dumped packings and some stacked, lower 
than some K-in. x I-in. and %;-in. x %in. wood grids, 
but greater than larger wood grids. Some HTU kal- 
ues compare lbith those using 1-inch Raschig rings. 

Available in plastic, lower pressure drop and HTU 
values, higher flooding limits than Raschig rings or 
Berl saddles. Very low unit weight: low side thrust. 

Compared more with tray type performance than 
other packing materials. Usually used in large diam- 
eter towers, above about 24in. dia., hut smaller to 
10-in. did. available. Metal only. 

Available in metal only, compared more with tray 
type performance than other packing materials. 
About same HETP as Spraypak for anilable data. 
Used in towers 24 in. and larger. Shows some per- 
formance advantage over bubble cap trays up to 75 
psia in fractionation service, but reduced adwn- 
tages above this pressure or in vacuum service. 

Available in metal only, usually used in batch and 
continuous distillation in small diameter columns 
not exceeding 24-in. dia. High fractionation ability 
per unit height, best suited for laboratory work. 
Conical and triangular types available. Not much 
industrial data available. 

High efficiency, generally low pressure drop, well suit- 
ed for distillation of clean systems, very low HETP. 

Available in metal and plastic, used in large and 
small towers for distillation, absorption, scrubbing, 
liquid extraction. High efficiency, low HETP, low 
pressure drop. Limited data available. 

Available in metal only, low pressure drop, low 
HETP, flooding limit probably higher than Raschig 
rings. Not much literature data available. Used 
mostly in small laboratory or semi-plant studies. 

Very low pressure drop, low effkiency of contact, 
high HETP or HTU, best used in atmospheric tow- 
ers of square or rectangular shape. Very low cost. 

Plastic packing of very low pressure drop, developed 
for wxter-air cooling tower applications. 

Compiled from literature: 
1 Trade name of Norton Chemical Process Products Corp. 
2 Introduced by Bddische h i l i n  and Sodafabnk. Ludwigshafen am Rhein 
3 Trade name of Denholme Inc., Licensed by British Government 
4 Trade name of Packed Column Corp. 
.5 Trade name of Packed Column Corp. 
6 Trade name of The Fluor Product.? Go. 
7 Trade name of Chem-Pro Equip. Corp. 
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Tower Diameter in Inches. ..... 
Diameter of Plate "A". 

Height of Plate "N". 

Diameter of Holes "C". 

Number of Holes 

....... 
......... 

....... 
............. 

Approximate Weight (lbs.) ..... 

Applied Process Design for Chemical and Petrochemical Plants 

12 15 18 20 24 30 36 42 48 60 

1 1  14 17 19 23 29 35 

1 1 1 1 1% 2 2% 3 4 

1% 1 %  1 %  2 2 2% 3 

37 61 61 55 

40 45% 57% 

1 

1 3% 3% 
- 

61 101 22 31 31 38 
2 

16 19 23 28 35 85 150 185 260 425 
J 

I Liquid 

Figure 9-7A. Bar-grid support. Used by per- 
mission of U.S. Stoneware Co. (now, Norton 
Chemical Process Products Corp.). 

\ 000000 ] 
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7'- 42'0.0. 

Sections 11 
Removable 

6-  Piece Grid 

c. w. 
Bar 

Perforated Plate or Heavy Hardware Cloth May be Placed 
Over Grid to Accomodate Smaller Packings. 

I' 
2P  

Section C - C  

of types and styles of distributors. Selection of types 
depends on liquid rate, turndown requirements, plugging 
or fouling tendencies, feed flow, and many other consid- 
erations [131]. The abbreviations in Table 9-18 are for 
four basic types of distributors described as follows: 

Pan Distributors (PAhr) 

Also known as riser tube distributors (RTD) [131], 
these consist of a flat tray with orifices uniformly spaced to 
allow liquid to flow onto the packing below. This tray has 
vapor risers, uniformly spaced, but not interfering with 

Figure 9-7C. Bar-grid support plate, typical 
details. 

the liquid orifice holes. These are used for clean liquids in 
towers of 2 ft-10 ft diameter [131]. It can be installed 
between flanges in towers smaller than 2 ft. It is good for 
low to high liquid rates to the tray. With 2 4  in. diameter 
risers, about 20 uniformly spaced drip points/ft* can be 
achieved, and useful for high purity fractionation. When 
flow of vapor and liquid are high, the separation efficien- 
cy of the system may not be good when only 4 to 6 drip- 
points/ft* are able to be installed due to space occupied 
on the tray by the larger vapor risers. For high vapor flows 

(lext continued on page 264) 



a 

4 

DIMENSIONS FOR SUPPORT PLATE (CHEMICAL PORCELAIN) 

'For these sizes use no more than 10 feet of packed depth unless designed for specific load 
requirement 

$In order to avoid blocking any free area of the Support plate the maximum width of the sup- 
port ledge should not be appreciably greater than the minimum width shown In pre- 
fabricated ceramic towers, 24" and 30" towers have a 1 Y  support ledge. the 36 ' tower a 
1 3 & '  ledge and the 42" and 48" towers a 2" support ledge 

I I 

MODEL 818 "GAS - INJECTION" METAL SUPPORT PLATE 

NET WEIGHT 

*Weights shown are for standard construction and material thickness, carbon steel. 

Figure 9-7D. Typical efficient metal and porcelain support plate designs for gas injection into packing. Designs also available in plastic-FRP, 
polypropylene, PVC, etc. (Also see Figure 9-7F.) Used by permission of Norton Chemical Process Products Corp. 
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0000000000000 
00000000000000 
000000000000000 

000000000000000 

0000000000000 

L-a-$K. 
Gr id  B a r  Assembly P e r f o r a t e d  P l a t e  

Towel 
Dia. 

- - 
12" 
15" 
18" 

p 
10' 

Haveg Packing Supports 
GRID BARS PERFORATED PLATE 

%.Free Hole8 %Fie 

3'47 1147 29 '/r 188 
19 J/r 3'47 1 %  35 299 =A 

402 3h 

43 3A 6 1% 46 . . . . . . . . . . . . .. 
51 3/r 6 1% 47 .. . . . . . . . . . . . . 
37 % 6 1% 48 .. . . . . . . . . . . . . 
61 W 6 1% 50 .. . . . . . . . . . . . . 

N o t e :  All  Dimensions a r e  in inches un less  Otherwise  Noted. 
P e r f o r a t e d  P l a t e  F r e e  Area Should B e  increased when Possible 

Figure 9-7E. Reinforced plastic support plate. Used by permission of Haveg Corp., Bull. F-7. 

Figure 9-7F. Support plate for high gadvapor flow. (Also see Figure 
9-7D.) Used by permission of Jaeger Products, Inc. 
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. 7'-4 518" O.D. * 
7'- I 518' O.D. 

Distributor Troy 

2 0 - 4 "  Sch. 40 Pipe Gas Riser 

N.T. 
5 

Figure 9-8A. Multilevel distributor with splash plate. 

Plate Flange with 8"- 150" Drilling and 
1/16" R.F. on both faces.  

I 

Tower Shell Wall 

Figure 9-88. Inlet pipe for distributor, Figure 9-8A. 

76-3" Sch. 40 PiDe Liauid Downcomers 21-4' Sch 40 Pipe  Gas R isers  

Figure 9-8C. Distributor for intermediate level distribution. 



T 

i 

Width 

II D II 

P l a t e  O v e r o l l  Overa l l  of No of 

‘Er !:; !:,, !;,; Lugs  Weirs 

24“’ 20” 23” 5%” 3” 8 
30“ 2v 2 9  5%” 3” 18 
36’ 30” 35“ 51%’’ 3” 18 
42” 35,‘ 41 ’ 5%” 3” 36 
48” 40“ 4w 5 w  3” 40 
60” 50” 58” 6’ $3 48 

Flow 

Per Ap~perpx. 
Minute)  We’gh’. 

16 55 
36 70 
36 120 
72 150 
80 190 
96 270 

Koch/Sulzer” 

Figure 9-8E. Trough liquid distributor. Used by permission of U.S. 
Stoneware Co. (now, Norton Chemical Process Products Corp.). 

Figure 9-8F. Typical design inlet liquid distributor using holes (ori- 
fices) on underside of distribution pipes. Note: Number of side pipes 
adjusted to provide uniform entry per square foot of tower cross- 
section area. Holes at wall should be spaced on same basis. 

This distributor is widely used for 
structured packing applications in 
medium-to-large-diameter col- 
umns. The header above the lateral 
arrangement provides for cost- 
effective sectionalized designs with- 
out the need for gaskets. Elevated 
holes in both the header and laterals 
provide superb fouling resist0nce.h 
a resultof multipledrip points‘[MDP). 
a curtain of liquid falls perpendicular 
to the top of the packing. 

In a typical design, the header box 
may have holes in the floor or, for 
fouling services, holes in metering 
boxes that are welded inside the 
header The header is leveled inde- 
pendently by lugs attached to the 
laterals Laterals have holes 
punched in the sides above the floor 
of the lateral. The MDP baffle ar- 
rangement directs the liquid onto 
the packing with a typical lateral 
hole densiw of 10 points/ftz Turn- 
down capabilities. typically 2.5:l. A 
two-stage design can be provided 
for higher turndown requirements. 

Overall distributor height is ap- 
proximately 24‘: The distributor is 
leveled from a supporting grid. 
which normallyrestson thetopofthe 
packed bed. The vessel manwoy is 
usually located at or above the 
header elevation. 
* U S  Patent: 4,816.191 
Canadian Patent 1.261.249 
“See note 

NOTE “SULZER” is the registered trademark of Sulzer Brothers Lid, Winterthur 
Swrtrerland Koch EnaineerinaCornnanv lnc istheexclime licensee 

CanadoandMexico 

Figure 9-8G. Koch/Sulzet@ trough distributor (MDP), for medium to large diameter columns for structured packing (patented), one of several 
designs available. Used by permission of Koch Engineering Co., Inc., Bull. KS-6. 
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Figure 9-8H. Orifice pan liquid distributor with round or rectan- 
gular chimneys and a flat floor sealed to vessel support ring. For 
a large vessel, it can be sectioned to pass through a manway. 
Used by permission of Jaeger Products, Inc., Bull.-1 100. 

Figure 9-81. Multipan MTS-109 two-stage liquid distributor. Used by permission of Nutter Engineering, Harsco Corp., Bull. CN-4. 
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Figure 9-8K. Spray nozzle distributor using full-cone wide-angle 
spray nozzles (depends on tower diameter). Not recommended for 
distillation applications, where the point-type distributors provide 
higher packing efficiency. Used by permission of Nutter Engineer- 
ing, Harsco Corp., Bull. TI-1 . 

Figure 9 4 .  MTS-109 Multipan two-stage liquid 
distributor for optimum liquid distribution for uni- 
form flow; for random and structured packings for 
low to moderate liquid rates, less than 5 gpm/ft2. 
Also used for redistributor. Used by permission of 
Nutter Engineering, Harsco Corp., Bull. TI-1 , under 
license from The Dow Chemical Co., protected by 
U.S. Patents No. 4,472,325; 4,808,350; 5,013,491. 

312" diameter spray distrtbutor for refinery vacuum tower 
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Figure 9-8L. Full cone spray nozzle as used 
for liquid distribution. Used by permission 
of Spraying Systems, Co., Cat. 55. 

(text continuedjirom page 257) 

the design must be carefully evaluated [ 1311. For uniform 
hole performance all holes must be punched in the same 
direction, i.e., top down or bottom up. 

Equation 9-1 can be used to correlate the number of 
holes to the liquid head for a specific hole diameter, d: 

n = Q/[4 d2 (h  - hd)0.5] (9  - I )  

Q =  5.10 ( n )  (a) (h - h,,)O-i 

Q =  K (11) (a) (h  - 

(9  - 2) 

(9 - 3 )  

This is considered the basis design for the distributor 
[131]. K = 0.16 for average. The hole punch direction has 
a strong influence on the value of K. = 0.6 if holes are 
punched down [ 1311. 

For distributors of any design, including the PAN, i t  is 
important to filter the feed or reflux liquid entering the 
distributor to reduce the possibilities of plugging of the 
orifice holes. Otherwise, the random plugging will cause 
non-uniform distribution onto the packing below. It is 
important to avoid leakage around the risers because this 
can destroy the liquid distribution pattern [ 1311. 

Symbols are used by permission of Bonilla, [ 131 1 : 

A = distributor quality Factor 
B = distributor quality factor 

Cf- = vapor capacity factor 

Table 9-18 
Guidelines for Selection of Liquid Distributors 

~~ ~~ ~~~ ~~ 

Type of Distributor 
PAN POH POH 

(Pressure) NTD SNH VND Factor (RTD) (Gravity) 

Uniformity VG VG F VG P P 
Solids handling P P F G G VG 
Turndown G G G G P P 
Ease of installation F F G F VG G 
Ease of leveling F G VG F VG F 
As redistributor GI,* No2 No No2 No No* 
Height requirement M L VL H M H 
cost H M L H L M 
Residence time H L L M L M 
Suitable for large 

diameters (>lo ft) P G G G VG G 
Leakage potential H3 No No No N O  No 
At high vapor rates P G G G VG G 
At high liquid rates G G G G VG G 
At low liquid rates G VG G VG P P 
For high-purity 

fractionation VG VG P VG P P 
Heat transfer G G F G VG G 
Liquid feed handing Yes’ No No Yes No Yes 
Flashing feed handling ~ ~~~~ Yes’,* No* No No2 No* No 
Key VG = very good, G = good, F = fair, P = poor, H = high, M = moderate, L = l ow,  and VL = Iery low “ho” mean\ that rhc distributor cannot Ilr (I \ (  d 
for the particular factor 
‘No significant liquid mixing prowded, however 
Wery good if used in conjunction with a chimnry tray 
?Leakfree if seal-welded 
Reproduced by perniisw)n of The American Inmute  of Lhemical Engineen, Bonilla, J A ,  Chrm bng P r y  Vol 89, ho 3 (199s) 0 p 17 nll i iql~t \  
reserved 

- - _ _  

~- ~~ - -  ~ 
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= [ (vapor velocity) (vapor density) / (liquid - vapor 
densities))O.>] 

D Q  = distributor quality 
a = surface area of an orifice hole, in.2 
d = diameter of hole, in. 
h = liquid height over orifice, in. 

hd = vapor pressure drop across distributor, in. (Calculate hd 
by the vapor flow equation through distributor open 
area.) 

n = number of holes 
Q = liquid volumetric flow rate, gpm 
K = flow coefficient 
V = horizontal liquid velocity, ft/sec (in distributor) 

The use of narrow trough PAN distributors is a better 
choice to prevent leakage from towers above 3-9 ft diam- 
eter and larger [131]. 

Turndown on a PAN type tray should be limited to 2:l 
(ratio of high to low flow rates), which results in a reasonable 
design. Bonilla [131] points out that it is costly to design for 
short-term high turndown rates such as start-up, shutdown, 
or for other short term periods, because it is better to 
increase reflux ratio to increase internal loads for such peri- 
ods rather than design the distributor for large turndown. 

Trough Distributors (NTD) 

These consist of multiple troughs 3-4 in. wide [131], 
and are fed by feed or parting boxes mounted above, or by 
multiple pipes mounted 90” to the direction of the 
troughs. The parting boxes distribute the liquid to troughs 
through calibrated orifices in the bottom or wall. The feed 
points out of the troughs to the packing are usually in the 
bottom or at the wall of the troughs. Locating the holes in 
the trough sidewalls allows for collection of rust and any 
other sediment in the trough bottoms and avoids plugging 
the orifice holes. This style has a capability of handling 
large vapor loads and the distributor design allows for 
good liquid distribution. These troughs can be readily lev- 
eled across a tower, and can still handle low to medium liq- 
uid rates, and can handle turndown of up to 5:l by special 
and careful design [ 1311. This should not be used for slur- 
ry systems; rather, a Vnotch version is better suited, but 
may not be as accurate for liquid distribution. 

The NTD’s are quite often used with structured packing 
where it may be desired to have an overflow sheet of liquid 
ofito the packing and (rather than through holes) orient- 
ed at 90” to the top structured layer [131]. 

With a trough distributor it is often more difficult to 
obtain uniform distribution next to the tower wall than 
with a PAN or orifice pipe distributor. Bonilla [131] rec- 
ommends the rule of thumb: A n y  10% of the outer sur- 
face area of packing in the tower should not receive more 
or less liquid than the average 10% of the surface area. 

The use of V-notches in a trough wall for overflow is 
more sensitive to leveling problems than the other 
designs, and for the same *%L to %in. level tolerance pro- 
duces a more severe non-uniform flow distribution. The 
quality of distribution from a V-notch is poor compared to 
the other types of trough distributor, but does have advan- 
tages in slurry systems [ 1311. It should not be used for crit- 
ical distillation applications, but is good for heat transfer 
and where solids are in the system. 

Pipe orifice Headers (POH) 

These distributors are fabricated of pipe lengths tied to 
a central distribution header (usually) with orifice holes 
drilled in the bottom of the various pipe laterals off the 
header. This style of distributor can be fed by pressure or 
gravity for clean fluids. The gravity feed is considered bet- 
ter for critical distillation application when uniformity of 
the flow of the drip points (or flow points) through out 
the cross-section of the tower is extremely important, and 
is excellent for low flow requirements such as below 10 
gpm/ft2 [131]. 

This design is restricted to a 2:l turndown and is not 
practical for large liquid rates compared to the NTD or 
RTD styles [ 1311. 

Spray Nozzle Headers (SNH) 

These are similar in design to the pipe orifice distributor 
using small angles (<go”) spray nozzles instead of orifices. 
Because the sprays can be selected to cover varying cross- 
sections per spray, the total number can be small compared 
to the orifice holes that would be required. The spray from 
the nozzle should be “full cone” and not “hollow cone” to 
provide a uniform liquid circle that should overlap to avoid 
dry-spots. The spray nozzles operate under pressure, with 
the manufacturer providing flow rates and patterns for 
variations in system pressure. A careful layout is required to 
evaluate how much liquid flows through each square foot 
of tower and therefore the packing. This style of distribu- 
tor is good for heat transfer and vapor washing, with little 
or no fractionation, although they have been used success- 
fully for distillation operations. 

Turndown is usually limited to 0.5:1, and liquid distrib- 
ution can be poor if the sprays are not carefully laid out 
and the system flow tested for uniformity. Another prob- 
lem is misting of the liquid from the sprays and the result- 
ing entrainment out of the tower or up to overhead mist 
eliminators. 

Number of Flow w f i p  Points Required [131] 

1. For low purity hydrocarbon fraction, the number of 
drip or separate flow points should be 6-10 drip 
points/ft2 of tower cross-section surface area. 
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2. For high purity hydrocarbon fractionation, the num- 
ber of drip points recommended for good irrigation 
is 10-20 drip points/ft'. Increasing the number of 
drip points much beyond 20 may not help improve 
the packing performance. Table 9-19 suggests the 
approximate number of useful drip points/ft2 for var- 
ious sizes of random packing. Experience and design 
judgment may indicate more or less should be used. 
From Table 9-19 Bonilla points out that at the lower 
liquid rates into the distributor a larger number of 
holes are required to effectively wet the packing due 
to the lower spreading rates from the lower flows. 

3. Minimum recommended hole diameters [ 1311- 
(a) Carbon steel system: %-in. (use filter on entering 

(b) Stainless steel: %in. (experience suggests %,,-in. 

4. Recommended [131] rule of thumb to avoid liquid 
entrainment from the entering liquid by the vapor 
out of the tower: Limit the vapor capacity factor Cf to 
about 0.4 ft/sec, 

liquid) 

minimum) (use filter on entering liquid) 

where Cf = V [(p,)/(pl, - pV)l0.', (9 - 4) 

A value of Cf greater than 0.8 ft/sec in the distributor 
openings is likely to flood the distributor, or result in 
heavy entrainment. 

Table 9-19 
Suggested Number of Drip Points/Ft2 for Random 

Packings 
~~~~ ~~~~ ~ ~~ ~~~~~~~~ ~~ ~~ ~~~~ 

Regular 
Fractionation High Liquid Loads Low Liquid Loads 

~ ~~ ~~~~~ ~ ~~ ~~~ ~ ~~~~ ~~ ~ ~~ 

Small packings 8 10 
Midsize packings 6 8 

6 
~~~~~~ ~ ~ ~~ ~ 

Large packings 6 
~~~ ~~~~~~~ ~~~~~ ~~ ~~ ~ 

High Purity 
Fractionation High Liquid Rates Low Liquid Rates 

Small packings 12 14 
~~ - ~~ ~ 

Midsize packings 10 12 
Large packings 10 10 

.___ ~ ~~~~~~~~~ ~~ ~~~~ ~~~ . ~ ~ 

Note: 
Small packings include Pall rings I in. arid smaller, ( M R  No. 2 antl srnall- 

er, IMTP 40 or smaller, and Nutter ring No. 1 or smaller; structured 
packings with !4 in. crimp and smaller. 

Medium parkings include Pall rings 1-W in. to 2 in., CMR No. 2.5 to 3,  
IMTP 50, and Nutter ring N o .  1.5 and 2.0: structured packings with Y3 
in. to W in. crimps. 

Large packings include Pall rings 2-% in. and larger, CMR No. 4 and 5 and 
larger, IMTP 70 or larger, and Nutter ring No. 2.5 or larger; structured 
packings with crimps IaIger than W in. 

Reproduced by permission: Thr  American Institute of Chemical Engi- 
neers; Bonilla, 1'. 4. Chrm. Lng. I'rog, V. 89, No. ?I ( l Y Y 3 ) ,  p. 47; a11 rights 
rrservrd. 

Uniform distrihrition is essential for- cf'ficiciit use antl 
performance of the packirig. 'Hie distribution of drip 
points on to the packing sh oul tl c i i  su re t h e same amouii t 
of liquid wettiug o f  tlie picking for each square foot of  
tower cross-sectional area. The area near the ~2.all must 
also receive its same uniform share of the liquid b y  eiisur- 
irig the same drip points per square foot right out t o  the 
vessel wall, i.e., to i\ithin one pitch of the orificy holes 
from the trough or PAN distributor. Kotiilla I 1 3 1  1 siiggests 
the following rule of thuml) for distributor design: The 
outer 10% of the surhce area of the tower cross section 
should have 10% of the total liquid rate; this m t w i s  10% 
of the uniform number of holes. For some situations a sep- 
arate liquid line from a poiiit on tlie distributor over to a 
void layout area may be tieccssary t o  motv liquid t o  that 
location. Despite earlier thinking, Bonilla [ 13 I ]  cmplia- 
sizes that the vessel \\.all should receive tlie mi le  liqiiitl 
unit quantity as the rest of thr packing. Thc general per- 
formance on separation I IETP for poor liquid flow in the 
wall area of the packing is lower compared to the other 
regions of the column cross section. 

For flashing feeds entering between packed sections it 
is best to enter on a chimney type tray, alloiviiig the liquid 
to mix, and then allow this t o  flow onto a NTD or PDH 
style tray. 

For orifice trays a r r i i r i i i r i r i i i i  level of 2 in. of liquid 
should be held o n  the tray. This varies ivith the size and 

Distribution Quality at 1 4 i n  Out of Level 
114 in Oiif ice 22 5" V-Notch 1/4 in Slot 
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Figure 9-9. Liquid maldistribution is a function of opening, shape, 
and liquid head over the opening for a %-in. out-of-level distributor. 
The openings were %-in. dia. orifice, %in. slot, and 22.5" V-notch. 
Used by permission of The American Institute of Chemical Engi- 
neers, Bonilla, J. A., Chemical Engineering Progress, V. 89, No. 3 
(1993) p. 47, and with special permission from Fractionation 
Research, Inc., all rights reserved. 
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shape of the drain holes. Figure 9-9 illustrates the effects 
of different base liquid heights over the hole and the 
resulting variation in liquid distribution for a tray or 
trough that is %in. out of level, comparing the round and 
slot orifices and the V-notch. 

Parting boxes and troughs are so special to the system 
flows that after the engineer has established these, the ser- 
vices of a competent manufacturer should be consulted. 
Therefore, due to the detail required, design calculations 
are not presented in this text. 

Redistribution of the down-flowing liquid from an 
upper packed bed onto the bed below is recollected onto 
a collection and redistribution tray and should be treated 
as a distribution problem like the entry of the liquid on to 
the top bed. Generally the height of a bed of packing 
before collection of down-flowing liquid varies with the 
packing size, style, and the total bed height, As a guide, 
redistributicn should occur after 10 to 20 ft of packing for 
random st)-le; but is better recommended by the manufac- 
turer for the structured packing. 

Overall, the careful design of a distributor for liquid in 
the top of a packed tower, and for the redistribution of liq- 
uid flowing dow7n multi-section packing in the tower, is 
essential to good consistent tower performance. However, 
the liquid flow is not alone, the uniformity of vapor distri- 
bution is likewise essential, because non-uniform vapor 
distribution can cause non-uniform liquid downflow. 
Then, there is h e  selection of the packing itself and its 
characteristics and requirements/sensitivity to the uni- 
form distribution of the liquid and vapor. As earlier 
emphasized, the level of the distributor tray or trough can 
be critica! tc the consistent uniform liquid distribution. 

For stacked packing the liquid usually has little tenden- 
cy to crossdis-tribute, and thrw moves down the tower in 
the cross-sectional area that ic enters. In the dumped con- 
dition most. packings follow a conical distribution down 
the tower, with the apex of the cone at the liquid impinge- 
ment point. After about 12 ft vertical height, the liquid 
flows vertically downward unless redistributed. For uni- 
form liquid flow and reduced channeling of ,gas and liquid 
with as efficient use of the packing bed as possible, the 
impingement of the liquid onto the bed must be as uni- 
form as possible. 

Because the liquid tends to flow to the 14, and any that 
reaches it is reduced in effective contact possibilities, no 
large percentage (not over 10%) of the total liquid should 
enter the packing at the top packing-wall circumference, 
or wizhin !%lo% of the tower diameter from the tower 
wall. With this approach the bulk of the liquid starts down 
the tower somewhat away frcm &e wall. 

When using platetype distributors, an out-of-level condi- 
tion can cause serious channeling of liquid down one part 
of the column and gas up the other. Provision should be 

made for self-adjusting levels of liquid, such as V-notches, 
which will allow for shifting of tower alignment, brick walls, 
etc. Gas velocities through the tower at the point of leaving 
the packing and/or through the distributor plate gas risers 
should be low to reduce liquid carry-through. This can be 
calculated by using liquid entrainment limitations. From 
limited tests it appears that there is essentially no entrain- 
ment off a packing until the flooding point is reached. 

The various packings have different characteristics for 
distributing the liquid throughout the bed. Leva [MI shows 
the results of Baker, et al. [3] which illustrates the effect of 
various types of distribution on the liquid pattern inside the 
packing. A general summary is giten in Table 9-20. 

Strigle [82] has established that the necessity for uni- 
formity of liquid rate increases as the number of theoret- 
ical stages per packed bed increases. Below five theoreti- 
cal stages the column of packing is not so sensitive to the 
uniformity of liquid distribution. With more than five 
stages per bed the liquid distribution has a significant 
effect on the packing efficiency. Larger packing sizes are 

Table 9-20' 
Iiquid Distribution Patterns in Packed Columns 

(Data in 6-in., 12-in., and 24in. Dia. Towers) 
. . - . . .- 

Percent Liquid Distribution 

Tower TypeLiquid 
Packing Dia.In. Feed 

_. 
%-In. 6 
RaschigRings 12 

12 
1-In. 2 
RaschigRings 2 

%In. 6 
Berl Saddles 12 

12 
I-In. 12 
Berl Saddles 12 

1-In. 12 
Lessing Rings 12 

12 
24 
24 

K-In. 6 
Glass Rings 6 

6 
6 

%In.Spheres 6 
6 

Center Point 
Center Point 

4 Point 
Center Point 

4 Point 
Chter Point 
Center Point 

4 Point 
Center Point 

4 Point 
Center Point 

4 Point 
19 Point 

Center Point 
12 Point 

Center Point 
Ccnter Point 

4 Point 
4 Point 

Center Point 
Center Point 

in Inner % Tower Area ... .. . . . .. 

2 Ft 
from Top 8 Ft Erom Top 

. . . .- 

40 40 
90 78 (4ftdown) 
70 69 (4ftdown) 

95 70 (4 ft down) 
70 60 (4 fi down) 
60 50 
95 88 (4 ft down) 
70 60 (4 ft down) 
85 65 (4ftdown) 
75 55 (4 ft down) 
90 35 
70 95 
70 90 

100 90 
80 70 

90 70 (7 ft down) 
83 7.5 (7 ft down) 

75 70 (7 fi down) 
73 7.5 (7 rt down) 

83 85 (4ft down) 
90 90 (4 ft down, 

2.5 ft/sec. air 

3 ft/sec, air 

3 ft/sec, air 

,~ - .. .- _ _  . - ._ . . -- . - - .- 

*Compiled from M. Leva. T a w  PacJiings and Pa& T m -  Ihs+gn, 2nd Ed., L.S. 
Stoneware Co. (now, Norton Chemical Process Products Corp.) (1933). kf. 40, 
by pelmission. 
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less sensitive to the uniformity of liquid distr;,bution than 
the smaller sizes. 

Norton [83] classifies liquid distributors as: 

1. High performance Intalox@: 90-100% quality 
2. Intermediate performance: 75-90% quality 
3. Historic standard: generally 30-65% 

The quality grading system relates to uniformity of dis- 
tribution across the tower cross-section, where 100% qual- 
ity indicates ideal uniform distribution. Distributors are 
designed to suit the system, particularly the packing type 
and size. 

The type of distribution to select depends on the sensi- 
tivity of the tower performance to the liquid distribution 
as discussed earlier. Norton’s [83] data indicate that the 
sensitivity of tower performance to liquid distribution 
quality depends only on the number of theoretical stages 
in each bed of packing achievable at its “System Base 
HETP” [83]. Tower beds of high efficiency packing are 
more sensitive to liquid distribution quality than shorter 
beds of medium efficiency packing [83]. It is important to 
extend the uniformity of the distributor all the way to with- 
in one packing particle diameter of the tower wall [85]. 

Good liquid distribution starting right out of the dis- 
tributor and onto the top layer of packing is essential to 
develop the full usefulness of the packing bed [85]. In 
principle this applies to all types and sizes of packing. 
Kunesh, et al. [84, 851 present FFU (Fractionation 
Research, Inc.) studies on distribution that reflect the 
importance of maintaining level distributor trays 
(devices), and eliminating discontinuities or zonal flow 
(Figure 9-10). Their results further show that a “packed 

FRI C6 - C7 24 PSlA 

I I 
NOTCHED TROUGH (WEIR) 

1.5 

....-.... *... %... ... ... ... ... ._. .. 
.. .....+.. .* 

(9.6 Pwft2) 

Kunesh (84) 
0.5 I I I 

0 25 50 75 100 

PCT OF USABLE CAPACITY 

Figure 9-10. Effect of liquid maldistribution on efficiency; FRI data for 
25-mm Pall rings in cyclohexane/n-heptane distillation with two dif- 
ferent quality distributors. Used by permission of the American Insti- 
tute of Chemical Engineers, Chemical Engineering Progress, Peny, 
D. and Nutter, D., Jan. (1990) p. 30, and by special permission of 
Fractionation Research, Inc., all rights reserved. 

bed has a reasonable tolerance for both a uniform or 
smooth variation in liquid distribution and for one that is 
totally random.” Once a system has become maldistrib- 
uted, the recovery to natural and constant HETP is a very 
complex problem. 

Perry et al. [85] point out that packed columns are more 
dependent on liquid distribution than trayed columns, as 
can be appreciated by the differences in the way the liquid 
must flow down the two types of columns. Liquid distribu- 
tion quality is measured or described as [85] : 

1. Number of distribution points (distribution density). 
2. Geometric uniformity of distribution points across 

3. Uniformity of liquid flow from the distributor points. 
the cross-section of the tower. 

Currently, most designs use 4 to 10 distribution points 
per square foot of tower cross-section, with 9 points being 
generally considered useful for a wide variety of random 
and structured packings [85]. The distribution demands 
of small random packings are greater than for the large 
sizes due to the lower radial spreading coefficients, i.e., 
the larger the radial spreading coefficient the more quick- 
ly the initial liquid distribution will reach an equilibrium 
with the “normal” or “natural frequency” of distribution 
(see Figure 91 1). 

Hoek [86] proposed a radial spreading coefficient to 
characterize the liquid distribution. This coefficient is a 
measure of how quickly a packing can spread a vertical liq- 
uid stream radially as the liquid progresses down the col- 
umn [86]. Radial mixing tends to reduce the effects of 

0 
0 7 0 2 0 3 0 4 0 5 0 6 0  

Packing SI-, mm 

Figure 9-11. Radial spreading coefficients for several types and sizes 
of packings. Small packings require better initial distribution. The 
larger the radial spreading coefficient, the more rapid the initial dis- 
tribution will reach its natural equilibrium of flow distribution. After 
Hoek, P. J., Wesselingh, J. A., and Zuidennreg, [86], and Nutter, D. 
[88]; reproduced with permission of the American Institute of Chem- 
ical Engineers; Perry, D., Nutter, D. E., and Hale, A., Chemical Engi- 
neering Progress, Jan. (1 990), p. 30; all rights reserved. 



Packed Towers 269 

poor efficiency due to concentration gradients brought 
about by liquid maldistribution. The “spreading coeffi- 
cients” of structured packing are larger than for random 
packing. The spreading for structured packing occurs in a 
somewhat different manner due to the layering of the 
structured packing. 

The entrance of a liquid-flashing vapor mixture into the 
distillation column feed location requires a specially 
designed distribution tray to separate the vapors from the 
liquid, which must drop onto the packing bed for that sec- 
tion in a uniform pattern and rate. 

Structured packing requires specially designed distribu- 
tors recommended by the respective manufacturers to 
ensure the same important uniform liquid distribution 
across any bed of this type of packing. 

Redistributors 

The liquid coming down through the packing and on 
the wall of the tower should be redistributed after a bed 
depth of approximately 3 tower diameters for Raschig 
rings and 5-10 tower diameters for saddle packings. As a 
guide, Raschig rings usually have a maximum of 10-15 ft 
of packing per section, while saddle packing can use 
12-20 ft. This redistribution brings the liquid off the wall 
and outer portions of the tower and directs it toward the 
center area of the tower for a new start at distribution and 
contact in the next lower section. 

The redistributor must be sealed against the tower wall 
to collect all of the liquid coming down the tower from the 
packed section above (Figure 9-11). Then it must be capa- 
ble either singly or in conjunction with a distributor 
placed below it of redistributing the collected liquid from 
an upper packed section to the top of the next lower sec- 
tion in an efficient manner. (See discussion in previous 
paragraph on distributors.) The gas/vapor riser opening 
must be so covered by design as to avoid liquid dropping 
directly through the gas risers and onto the packed section 
below. This vapor flow area must be relatively large to 
avoid localized development of high pressure drop and 
upsetting the performance. 

The height of packing before redistribution is a func- 
tion of the liquid flow pattern through the packing, and 
this is a function of the size and type of packing. Some tow- 
ers have 20-30 ft of packing with no redistribution; how- 
ever, the reasons may be economic as well as operational. 
The exact amount of performance efficiency sacrificed is 
subject to question, although with 2&35% of the liquid 
flowing down the walls after 10 ft of ring packing depth, it 
appears reasonable to consider that performance is lost 
for most of this liquid. Redistribution is usually not neces- 
sary for stacked bed packings because the liquid flows 

essentially in vertical streams. However, most packed tower 
services do not use stacked packing. 

Physically the redistributions may be a simple and rela- 
tively inefficient side wiper as in Figure 9-12 or 9-13; a con- 
ventional support grid or plate plus regular distribution 
plate as used at the top; a combination unit similar to Prym 
support and distributor; or a support plate as shown in Fig- 
ures 9-14 and 9-7D and 7E, a circular plate with holes. 

The possibility of causing flooding in the tower at the 
redistribution point must not be overlooked, as too much 
restriction by a wall wiper, or by packing on a plate can be 
the focal point for poor tower performance. The velocity 
conditions should be checked for the smallest cross-section. 

Wall Wipers or Side Wipers 

The wall wiper liquid collector/redistributor, Figure 
9-12, is most useful in reducing the by-passing effects of 
liquid running down the walls of small towers. They do not 
truly take the place of a redistributor system placed peri- 
odically in the tower. For larger towers of 4 ft diameter and 
greater, they are not as useful because they collect a small- 
er portion of the total tower liquid, and cannot effectively 
redistribute it throughout the tower cross-section as dis- 
cussed in the paragraphs under “Distributors.” They do 
serve a useful purpose for the smaller towers, through 
about 18 in-20 in.-30 in. They can restrict vapor flow up, 
as well as inhibit redistributing the collected liquid uni- 
formly across the tower. 

Hold-down Grids 

To reduce ceramic or carbon packing breakage and 
blowing out of light weight plastic packing when a tower 
surges due to gas pockets, uneven loading, etc., it is some- 
times helpful to have heavy hardware cloth or other stiff 
but open grid resting (floating) at the top of the tower and 
on the top of the packing (Figures 9-15A and 15B). 

This grating or grid must be heavy enough to hold 
down about the top five feet of packing, yet must be able 
to move down as the packing settles, always resting at the 
top of the packing. If the packing is restricted in upward 
movement, it usually will not be crushed. If the packing 
does break and crush, the bed settles and its characteris- 
tics change considerably. 

Bed-limiters are usually lighter weight and must be bolt- 
ed in place, not resting on the packing. 

They are used with metal and plastic packings to pre- 
vent the bed lifting, or the entrainment of individual 
pieces of packing from being carried out of the tower. 
These packings usually do not break, and as long as the 
bed temperature is below the softening or deflection point 
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Metal  “Rosette” Redistributor 

OPTIONAL INSTALLATION 
I N s T ~ L L E D  B E T W E E N  TOWER FLANGES WITHIN 150 POUND 

Figure 9-12. Metal rosette style redistributor. Used by permission of Norton Chemical Process Products Corp., Bull. TA-80. 

for plastic packing, the bed should not compress or con- 
solidate to create operational limitations. 

Packing Installation 

Stacked 

Stacked packing is a hand operation and rather costly. It 
is avoided where possible except for the initial layers on 
supports. Liquid distributed on a stacked packing usually 
flows straight down through the packing immediately adja- 
cent to the point of contact. There is very little horizontal 
liquid flow. Packing patterns perform differently, and are 
illustrated in Figure 9-16A-C. 

Dumped 

Figure 9-13. Typical metal full cross-section redistributor. Used by 
permission of Norton Chemical Process Products Corp., Bull. TA-80. 

Dumping is the most common method of Packing 
installation. If possible, the tower should be filled with 
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TOWER I .D. 

INCHES MM 
-- 

17:4 438 

Liquid Flow 
II 

DIA.  O V E R  PLATE NUMBER MIN. DIA. APPROX.  
SPACERS HEIGHT DIA O F  OF NET WEIGHT 

C PIECES- ~ ~ n c c E s s - - ~ _ _  (LBS_lt--- - 

L I, 1 IO"  36 
~~~ 

A E--- 
17" 4"  16,,---- ' 

N o t  Greater 
in le t  Nozzle 

459 to  

2 I 1; 

19 7, 
23 

36 ___ 

Wall 

13" 59 -_-~______~ 

21" 540. -  -. 

743 20'," 
9 I 4  351," 

591-.------~ 13" 

-__ - 

Support 

Wiper 

42  1067 

of Packing u 

4;, .~~~~ ~ ~~ __ -__ - ~ 

4 I 4 I 14'' 3 16" 188 

and Redistributor 

For These Two,ca 
Substitute "Weir-Type 

Distributor, o 
Prym Suppor 

Liquid Distributor 

Second Layer Medium Rings 
First Layer Large Rings 
Plate or Grid Support 

Minimum to 3/4 Tower Diameter 

Figure 9-15A. Hold-down plate for packed tower. Used by permis- 
sion of US. Stoneware Co. (now, Norton Chemical Process Products 
Corp.). 

Figure 9-14. Liquid redistribution in packed towers. Used by permis- 
sion of Norton Chemical Process Products Corp. 

I 

L -  - I - -  J 

Figure 9-158. Typical metal hold-down plate for use with ceramic or carbon packing. Note: It rests directly on top of the packing; bed-limiters 
are similar in design in metal or plastic, bolted to column wall above packing. Used by permission; Norton Chemical Process Products Corp., 
Bull. TA-80. 
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Figure 9-16A. Stacked packing: square pattern (S). Used by permis- 
sion of U.S. Stoneware Co. (now, Norton Chemical Process Products 
Corp.). 

Figure 9-166. Stacked packing: diamond pattern (D). Used by per- 
mission of U.S. Stoneware Co. (now, Norton Chemical Process Prod- 
ucts Corp.). 

Figure 9-16C. Stacked packing: packing assembly. Used by permis- 
sion of U.S. Stoneware Co. (now, Norton Chemical Process Products 
Corp.). 

water for ceramic packings after installation of the bottom 
support arrangement, including any stacked rings, and 
the loose packing floated down to rest on top of the sup- 
port. The fall should be as gentle as possible since broken 
packing tightens the bed and increases pressure drop. 

One manufacturer [22] suggests loading ceramic ring 
type packing using a sheet metal cone in the tower there- 
by causing the rings to slide off the cone and fill to the 
edges first. The cone is lifted as the rings are floated or 
dropped in. This technique is believed to reduce the ten- 

dency for rings to channel liquid to the tower wall. Saddle- 
type packing does not require the use of the cone. 

In packing a tower dry, high hydrostatic heads are thus 
avoided on joint connections; however, extra care must be 
taken to avoid ceramic breakage. The packing will proba- 
bly settle after installation, but it should not be pressed or 
tamped in place. This will cause extra breakage. The pack- 
ing should not be allowed to fall more than two feet to the 
bed surface. It should be dumped at random to avoid 
developing any pattern. The dry packed tower will be 
more dense than the wet packed and should not be 
pressed or tamped in place. The pressure drop for dry 
packed beds can be as much as 50-60% greater than for 
wet packed. Dry packing is not the preferred method due 
to significant settling that will occur. 

Metal and plastic packing can be dumped dry into the 
tower; however, reasonable care must be exercised, and the 
drop should not be more than 10-15 ft, using a chute with 
a cloth sock (open) on the end to cushion the impact. 

Repacking a tower will usually show a variation in pres- 
sure drop. For small 8-in. dia. units the variation may be as 
much as 100%. In larger columns 24in. dia. and up, this 
variation is noticed, but only to about 50% or less. 

Packing Selection and Performance 

Guide Lines: Trays versus Packings 

Kister et al. [136] prepared one of the few comprehen- 
sive distillation studies for the application selection of 
valve and sieve trays compared to random or structured 
packing. This reference is based on a more comprehen- 
sive evaluation of accumulated data by the same authors 
[137]. Many separate studies have been conducted for 
trays [138] including bubble caps as well as various pack- 
ings, but few, if any attempt to establish similar conditions 
to make a viable comparison as is attempted in References 
136, 137. There are four main differences related to 
capacity and separation [ 1361 when considering: 

1. An optimal tray design, one that balances tray and 
downcomer area so that neither prematurely restricts 
capacity, and set weir height, weir geometry, clear- 
ance under the downcomer, and fractional hole area 
so as to maximize efficiency and capacity. 

2. Optimal packing design, which configures distribu- 
tors, supports, and bed heights to avoid loss of effi- 
ciency to maldistribution and no premature capacity 
restriction occurs [ 1361. 

The four main differences are [ 1361 : 

1. Differences between the capacity and efficiency of an 
optimal tray and an optimal packed tower design. 
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2. Deviations from optimal design of trays, packings and 
other tower internals, e.g., distributors and baffles. 

3. Unique system characteristics and special design fea- 
tures, e.g., corrosion, foaming, chemical reaction, 
and fouling, and designs to overcome such problems. 

4. Capacity and separation gains due to lower pressure 
drop of packing. Pressure drop of packing is typically 
3 to 5 times lower than that of trays. 

Due to the need to use case-by-case analysis the Kister 
studies [136, 1371 focused on item 1. The data evaluated 
came from published reports by Fractionation Research 
(FRI) and Separation Research Program (SRP) at the Uni- 
versity of Texas, taken from commercial size equipment 
rather than laboratory research columns. The FRI data 
includes No. 2 and No. 2.5 Nutter random rings packing, 
-d Norton’s Intalox@ 2T structured packing, each con- 
sidered currently state-of-the-art or close to it, while the 
sieve and valve trays were of FRI’s latest designs, plus Nut- 
ter’s proprietary valve trays, all using 24in. tray spacing. 

To allow for the vertical height required for packed 
tower distributors and redistributors-and in tray towers 
the vertical height used by additional trays-typically 
using 10%-20% of the vertical packed height (10% for 2- 
in. random packing and 20% for structured pack- 
ing) [ 1361 the analysis indicated: 

Practical packing HETP, HETPpacking, practical = 

(m) (HETP) (Test packing) (9 - 5) 

For, practical trays HETP, ( H E T P ) T ~ ~  practical = 
97.5 @/E) (9 - 5A) 

where m = factor higher than test HETP; = 1.1 for 2-in. ran- 
dom packing 

S = tray spacing, in. 
E = overall column efficiency, % 

= 1.2 for structured packing used 

Capacity factor: 

Cs =Uc &GFZ (9 - 6) 

Tray spacing [ 1361 : 

Cs,flood aS0.5 (9 - 7) 

FP = L / V d x  

Correlating liquid rate and pressure, see Figure 9-17. 

(9 - 8) 

(9 - 8A) Capacity parameter = C, Fpo.5 vo.O5 

where C, = capacity factor, ft/sec, based on tower superfi- 
cial area 

E = overall column efficiency, trdyed column, o/o 
FP = flow parameter, dimensionless 

HETP = height equivalent of a theoretical plate, in. 
L = liquid flow rate, lb/hr-fc2 of cross-sectional area 
m = constant, allowing for vertical tower height con- 

sumed by distribiition/redistribution equipment 
S = tray spacing, in. 
U = velocity, ft/sec based on tower superficial area 

UG = superficial velocity based on cross-section arca or, 
of empty column, ft/sec 

V = vapor flow rate, Ib/hr-ft2 of cross-sectional area 
p = density, Ib/ft3 

Fp = packing factor, empirical 
Y = kinematic viscosity, liquid, centistokes (kinemat- 

ic viscosity = viscosity, centipoise/specific gravity 
(not density)) 

subscripts: 

G = gas 
L = liquid 

Figure 9-17 plots flood capacity versus flow parameter. 
The FP values of 0.4-0.7 are estimated by Kister, et al. 
[136] in absence of data. The plots show that for low and 
moderate pressures the flood capacity factor versus FP cor- 
relates the effects of liquid rate and pressure on the opti- 
mized tray capacity [136]. At higher pressures an addi- 
tional effect of pressure on capacity shows a decline of 
optimized tray capacity. 

0.51 & I I I I I 

lntalox 27 muctured 
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om 0.02 0.05 0.1 0 2  0.5 1 
FP, flow parameter 

Figure 9-17. Overall comparison of capacity at flood for 24-in. tray 
spacing with random packing. Reproduced with permission of the 
American Institute of Chemical Engineers, Kister, H. Z., Larson, K. F., 
Yanagi, T., Chemical Engineering Pmgress, V. go., No. 2 (1 994) p. 23; 
all rights resewed. 
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Figure 9-18 plots HETP versus FP for optimized trays at 
24in. spacing, and No. 2 and No. 2.5 Nutter Rings and 
Intalox@ 2T structured packing. 

In summary, Kister, et al. [136] are quoted in their con- 
clusions: 

“Comparing trays at 24in. tray spacing with a state-of- 
the-art 2-2.5-in. (nominal) random packing, and with a 
state-of-the-art structured packing of 67 ft2/ft3 specific sur- 
face area, all optimally designed, we found that: 

At FPs of - 0.02 - 0.1: 

.The trays and the random packing have much the 
same efficiency and capacity. 
The structured packing efficiency is about 50% high- 
er than either the trays or the random packing. 
As FP increases from 0.02 to 0.1, the capacity advan- 
tage of the structured packing (over the trays or over 
the random packing) declines to 0 from 3040%. 

At FPs of 0.1-0.3: 

The trays and the random packing have much the 
same efficiency and capacity. 
The structured packing has much the same capacity as 
the trays and the random packing. 
As FP increases from 0.1 to 0.3, the efficiency advan- 
tage of the structured packing over the random pack- 
ing and over the trays declines to about 20% from 
about 50%. 

3 0.05 0.1 0.2 0.3 0.5 

FP, flow parameter 
‘Adjusted for vertical height consumed by dlstribitor, rediitributor and end bay; see equations 1 to 3 

Figure 9-18. Overall comparison of efficiency for “state-of-the-art” 
random and structured packing with trays at 24-in. spacing. Repro- 
duced with permission of the American Institute of Chemical Engi- 
neers; Kister, H. Z., Larson, K. F., Yanagi, T. Chemical Engineerins 
Pmgress, V. 90, No. 2 (1 994) p. 23; all rights resewed. 

At FPs of 0.3-0.3: 

Efficiency and capacity for the trays, the random pack- 
ing, and the structured packing decline with a rise in 
flow parameter. 
The capacity and efficiency decline is steepest in the 
structured packing, shallowest in the random packing. 

.At an FP of 0.5 and 400 psia, the random packing 
appears to have the highest capacity and efficiency, 
and the structured packing the least. 

The above results are based on data obtained for opti- 
mized designs and under ideal test conditions. To trans- 
late our findings to the real world, one must factor in liq- 
uid and vapor maldistribution, which is far more 
detrimental to the efficiency of packings than trays. In 
addition one also. must account for poor optimization or 
restrictive internals, which are far more detrimental to the 
capacity of trays than packings.” 

Chen [ 1331 highlights the long-term growth of the tech- 
nically popular use of bubble cap trays, valve and sieve trays, 
followed by the increased popularity of packed columns 
accompanied by the development of random and struc- 
tured packings. There are some applications in chemical/ 
petrochemical/petroleum/gas treating processes where 
one type of contacting device performs better and is more 
economical than others. Chen [ 1331 points out: 

1. A typical tray has opening area ranging 8% to 15% of 
the tower cross-section area. 

2. A typical packed tower design has more than 50% of 
open tower cross-section, with the void fraction of a 
packed tower being higher at around 90% of tower 
volume, resulting in the following: 
(a) Pressure drop per theoretical stagepacked tow- 

ers usually result in lower pressure drop per theo- 
retical stage than trays. Trays often are 3 to 8 mm 
Hg per theoretical stage, with packing having 
about 1 to 2 mm Hg for random packing and 0.01 
to 0.8 mm Hg for structured packing. For high 
pressure systems, the difference may not be signif- 
icant, while for atmospheric and below atmos- 
pheric pressures, the difference can be quite sig- 
nificant. 

(b) Liquid hold-up-Trays usually hold-up 8 to 12% 
of tower volume, compared to 1 to 6% for 
packed towers. This can be significant for sys- 
tems involving thermal degradation and requir- 
ing very short residence times, which also aids in 
sharp separations. 

(c) Liquid/vapor ratios-Trays are designed for low 
liquid/vapor ratios, while packed towers are oper- 
ated from low to high liquid/vapor ratios (often 
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in absorbers and scrubbers). Low L/V ratios are 
usually associated with distillation, with = 
(approx.) less than 10 gallons of process liq- 
uid/ (min) (ft2) of tower cross-section area) 

(d) Liquid cooling-This is usually better handled in 
tray towers, and it is easier to draw-off liquid from 
trays for removal from the system, or  for external 
recirculation. 

(e) Foaming systems-The contact surfaces of pack- 
ings promote film action compared to droplets 
from trays for mass and heat transfer. The pack- 
ings tend to be more resistant to entrainment and 
induce less foaming. 

( f )  Corrosion-Corrosion problems with some fluid 
systems are easier and less costly dealt with by cor- 
rosion resistant packings than fabricated trays. 

(9) Solids and slurries-Trays will handle solids and 
slurry systems better than packings; and if solids 
build-up does occur washing/flushing treatment 
will usually “wash” or dissolve the solids attached 
to the tmys easier than attempting a thorough 
cleaning of packing. 

(h) Costs-Other than special needs requiring one 
contacting mechanism or another, smalldiameter 
columns of 18-in. diameter or less can be assem- 
bled less expensively as packed towers. For some 
applications of larger diameter columns, the 
packed tower may still provide the less expensive 
choice. This should undergo a cost analysis com- 
parison. 

Chen [133] recommends the following guidelines for 
the design of the important distributors of liquid (still 
must pass vapor) : 

Pun-type distributor: Plate with drilled/punched holes for 
liquid downflow and vapor risers. 

Vapor riser: 15 to 45% of tower cross-section area, round 
risers usually 4 in. or 6 in. diameter, although the round 
design usually has less free area than a rectangular design. 
Usual standard height is 6 in., however, any height can be 
used as long as it is well above the liquid height on the tray. 
The pressure drop through the vapor riser should be low: 

AP = 0.46 [Dv/D1] C\r/A]*, in. of liquid (9 - 9) 

Liquid orifices on tray pan: usually at least 10 or more 
orifices per square foot of tower area. The orifice diame- 
ter can be determined C1331: 

d = 0.23 [Q/(K)(H)o.’]0.5 (9 - 10) 

where AP = pressure drop through risers, in. of liquid 
V = vapor rate, ft3/second 
A = riser area, ft2 

D, = vapor density, Ib/ft3 
D1 = liquid density, Ib/ft3 

d = orifice diameter, in. 
Q = liquid flow rate, gal/min 
H = differential head at orifice, ft of liquid 
K = discharge coefficient, for punched holes = 0.707 

Liquid design height is usually one-half of the riser 
height. At minimum rates the depth on the tray can vary 
from ?$ in. to about 1 in. below top of riser height for maxi- 
mum rates. The minimum orifice diameter is recommend- 
ed at % in. diameter to overcome miscellaneous plugging of 
the holes [133]. Experience indicates the holes really 
should be M in. to avoid industrial plugging problems. 

Other useful distributor types have been referred to and 
previously illustrated. For redistribution, the vapor risers 
may be 12 in.-18 in. tall, and with protective “hats” to pre- 
vent liquid dropping from the tray/section above. The 
space between the cover “hat” on the riser and the bed 
above should be 18 in. to 12 in. minimum to allow for 
proper vapor redistribution entering the packed section 
above. The importance of a level distributor cannot be 
overemphasized. 

Any of the available packings will usually perform the 
operation of another; the differences being in efficiency 
of contact, expressed as HTU, HETP or Kga, and pressure 
drop for the purtaculurpacking-fluid system. Therefore, sys- 
tem data is very important and helpful in selecting a pack- 
ing. Mrhen it is not available, an effort should be made to 
find any analogous system as far as process type, fluids, 
physical properties, pressure and temperature conditions, 
etc. If this is not possible, then the best judgment of the 
designer must be used. 

Eckert [125] provides some basic guidelines to good 
packing selection for various system performance require- 
ments. Kunesh [ 1261 illustrates the oftendetermined 
pressure drop advantage of random packed towers over 
the usual valve tray. See Figure 9-19 [ 1261. 

For a preliminary reference and guide to the broad 
comparison of packings versus various distillation tray 
types Table 9-21 is helpful. Although the table includes the 
listing for more prominent manufacturers of trays and 
packing materials, it is not all inclusive as far as reliable 
manufacturers of either trays or packing. Table 9-22 [ 1231 
compares trays, random and structured packing, and 
HETP, where 

C-Factor 

C =1 V, [Dv/(D1 - D,)]o.5, ft/sec (9 - 11) 

Souders-Brown C-Factor 

= v, [Pv/(Pl - Pv)lo.5 (9 - 12) 
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OVerVieur 

Capacity factor, Fs, (superficial vapor velocity) (vapor density)lE 

Figure 9-19. Comparison of typical valve tray and random packing 
showing that packing reduces pressure drop significantly. Used by 
permission of Kunesh, J. G., Chemical Engineering, V. 94, No. 18 
(1 987) p. 101, all rights reserved. 

and F-Factor 

F = V, (Dv)0.5 = V, (P,)O.~, (ft/sec) (Ib/ft3)0.j (9 - 13) 

where V, = superficial vapor velocity, ft/sec (across tower cross- 
section) 

D, = vapor density, lb/ft3 = pv 
D1 = liquid densit);, Ib/ft3 = p1 

Trays are usually designed with F-factor from 0.25 to 2.0 
for a turndown of 8:l. Pressure drop per theoretical stage 
falls between 3 and 8 mm Hg. Note that bubble cap trays 
are on the high side and sieve trays are on the lower end 
of the range. Varying tray spacing and system efficiency, 
the HETP for trays are usually between 24 in. and 48 in. 
[133]. The Gfactor is the familiar Souders and Brown 
capacity equation. 

The number of packing sizes, types (designs), and mate- 
rials of construction currently available to the designer has 
increased considerably. To select a packing for a process 
application requires a weighing of information and an 
evaluation of the closest comparable data. 

Kunesh [126] presents an overview of the basis for 
selecting random packing for a column application. In 
first deciding between a trayed tower or a packed one, a 
comparative performance design and its mechanical inter- 
pretation should be completed, considering pressure 
drop, capacity limitations, performance efficiencies 
(HETP), material/heat balances for each alternate. For 
one example relating to differences in liquid distribution 
performance, see Reference 126. 

For a packed tower selection, the larger packing size 
generally provides the greater capacity, with less pressure 
drop, but at the expense of lower efficiency (higher 
HETP) than a somewhat smaller size. Some of the ulti- 
mate performance depends on the column diameter, the 
length devoted to packing, the primary variable deter- 
mined to be packing size, with packing type an important 
secondary consideration. Obviously, there is a close bal- 
ance here, particularly between the various design shapes 
(types) of the different manufacturers. 

For quite accurate performance data on a specific pack- 
ing type/size, consult the respective manufacturers and do 
not rely only on the generalization charts of the published 
literature. Because these charts are continuously being 
improved, they are quite useful for a good approximate 
design (and even final in some instances). Some competi- 
tive manufacturer’s packing is so close in design to anoth- 
er’s that there is little real difference in performance, par- 
ticularly because a reasonable “factor of safety” should be 
applied more specifically to packing height (when separa- 
tion of components is more important) than to tower 
diameter (volume/mass capacity). 

Fractionation Research, Inc. (FRI) [126] has found that 
these parameters plus a few others affect efficiency 
(HETP) : system to be separated, concentration of compo- 
nents, absolute pressure level, column diameter, and bed 
length, depth, or height (the latter two primarily related 
to the quality of liquid/gas distribution). Kunesh [126] 
cautions regarding selecting an efficiency prediction 
(HETP) that is “close to the operating conditions for an 
accurate/final design.” Experience suggests it may be nec- 
essary to select a final design HETP from the best available 
data (family of compounds, pressure of operation and spe- 
cific packing type and size) and add a factor of “safety” to 
suit the situation, perhaps 15-30%. 

Contacting Efficiency, Expressed as Kg, HTU HETP 

When specific data on system are not available, and 
often they will not be, then close comparisons should be 
sought. If nothing more can be done, tabulate the relative 
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company 

‘Lt.ays 

.... . 

GLITSCH, INC. 

P-K TraysTM 
Screen Trays@ 
Ballast@ 
Bubble Cap 
Random Packing 
Ballast@ 
Cascade Mini- 
Rings@ 
Structured Packing 
Gempak@A 

Gempak@ AT 

Glitsch Grid@ 
EF-23A, EF-23AP 

York Product 

Structured Packing 
Goodloe@ 
Goodloe@ 

... 

Table 9-21 
Relative Performance Characteristics of Tower Packing and Column Trays1 

........... . . . . . .  -. . -. ... ..... . _  

Material Relative Mass 
Configuration of Const.2 costs -fer4 

... .. . . . . .  -- . . .  . -. 

Pressure 
Drop Capacity Comments 

Trays w/baffles 
Venturi effect 
Valve trays 
Bubble cap 

Pall rings 
Low aspect ratio 

Corrugated, 
perforated, lanced 

Corrugated, 
perforated, lanced 
Lattice grid 

Knit mesh M, P 
Bicomponent knit P + M 
mesh 

. 
JAEGER PRODUCTS INC. 

TRI-PACKS@ Hollow spherical 
(Hacketten@ 
in Germany) 
NOR-PAC@ Cylindrical rings/ 

. . . . . . . . . . . . .  ~. . 

ribs 

METAL VSP@ Hollow slotted 
ring 

TOP-PAK@ Semi-spherical 

NOVALOX@ Smooth, beveled, 
SADDLES longitud. ribs 

BERYL@ SADDLES Smooth, beveled 
longitud. ribs 

Structured Packing 
NOR-PACa Mu1 ti-layers 
KOMPAKP screen cylinder 

Metal structural Vertical sheets 
packing (New design) 

P 

P 

M 

M 

C 

C 

P 

M 

... 

Mod 
Mod 
Mod 
Hi 

Lo 
Mod 

Mod 

Mod 

Lo 

Hi 
Lo 

Hi 

Lo 

Mod 

Lo 

Mod 

Hi 

Hi 

Hi 

. 

Med 
Med 
Med 
Med 

Med 
V. Hi 

V.Hi 

V.Hi 

Lo 

E.Hi 
E.Hi 

E.Hi 

Hi 

E.Hi 

V.Hi 

Med 

Med 

Hi 

E.Hi 

Lo 

E.Lo 

Lo 

Lo 

hled 

Med 

Lo 

E.Lo 

Lo 
Lo 

Med 
Hi 

Med 
Lo 

V.Lo 

V.Lo 

Lo 

Hi 
Med 

V.Hi 
V.Hi 
Med 
Med 

Med 
Hi 

V.Hi 

V.Hi 

Hi 

Hi 
Hi 

V.Hi 

V.Hi 

V.Hi 

\5 Hi 

Lo 

Lo 

Hi 

E.Hi 

Atmospheric-high 
pressure service 

GempakE 
packings 
designed for high 
to moderate 
vacuum service 
high heat transfer 
service 

New scrubbing 
and stripping 
applications 
Replacement 
scrubbing & 
stripping 
applications 
Used in new 
service. Resist5 
damage by flow 
upset 
Large diameter 
packing for large 
columns 
Traditional shape. 
Excellent 
mechanical 
strength 
and resistance to 
thermal shock and 
chemical attack 

Ideal packing for 
horizon tal 
scrubbers 

(lahle continued) 
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Table 9-2 1 (Continued) 
Relative Performance Characteristics of Tower Packing and Column Trays1 

- ~ ~ 

Material Relative Mass Pressure 
Company Configuration of Cost3 Transfefi Drop Capacity Comments 

KOCH 
ENGINEERING 

-. - - .~ 

.. .- -. .- ~ .~ ~ - - -  

Trays 
FLEXITRAY@ Circular M Lo Med Med Med 
4 variations slotted valve 
Random Packing 
FLEXIRING~ Slotted cylinder M Mod Hi Lo Med 

Internal tongues P Lo Hi Lo Med 
&PAC@ Modif 

FLEXIRING~ M Mod Hi V.Lo Hi 
increased voids 

FLEXISADDLE@ Saddle P, c Lo Med Med Med 
Structured Packing 
FLEXIPAC@ Geomtr. arrngd. M, P Hi V.Hi V.Lo Hi 
(MellpakE in corrug. sheets 
Europe) 
SULZER (KS) M, P V. Hi E.Hi V.Lo V. Hi 

NORTON CHEMICAL 
PROCESS 
PRODUCTS 

. ~ . -. -- 

Trays 
Valve tray Valve M Mod Med Med Med 
Sieve tray Slotted cylinder M Mod Med Med Med 
Bubblecap Bubblecap M Mod Med Hi Med 
Random Packing 
IMTP@ Rib finger type M Mod Hi Lo Hi 
HY-PAK@ Slotted cylinder P Mod Med Lo Hi 
SNOWFLAKEm Short cylinder P Lo Hi Lo Hi 

Pall rings Slotted cylinders M Mod Med Med Med 
Pall rings Slotted cylinders P Lo Med Med Med 
Super INTALOX@ saddle P Lo Med Med Med 
Saddles 
Super INTALoX@ saddle C Mod Med Med Med 
Saddles 
Structured Packing 
IrnALOX@ corrugated M Hi Hi Lo Hi 
structured packing 
INTALOX@ wire woven M Hi E.Hi E.Lo Hi 

NUTTER 
ENGINEERING 

Trays 
FLOAT KALVE@ tray Rectangular valve M Mod Med Med Med Lateral release of 

vapor 
Unopposed liquid 
flow 

strength 
Resistant to 
fouling 

ribbed 

- 

V-GRID@ tray Tapered slot Mod Med Med Med Fixed open, high M 



Packed Towers 279 

. . . . . . .  . . . .  

Company 

Random Packing 
R’utter Rings 

. .  .. 

Structured Packing 
SNAP-GIUDT~I 

Montz A3TM 
Montz BIT’” 

. . .  

- 

Table 9-2 1 (Continued) 
Relative Performance Characteristics of Tower Packing and Column Trays1 
.~ ...... . __ - . 

Material Relative Mass Pressure 
Configuration of Const2 Cost? Transfe8 Drop Capacity 

.. .- . . .  -- 

Crimped, curved M Mod/Lo Hi V.Lo Hi 
slotted strips 

Slotted, snaplock M Hi Med E.Lo E.Hi 
shape 

Wire-weave corrugated M V.Hi V.Hi Lo Hi 
Embossed sheet metal M Hi V.Hi V.Lo Hi 

.. .- .. 

Comments 

Superior liquid 
spreading F.R.I. 
tested efficiency 

“I” beam 
configuration 
High capacity, non- 
fouling 
Highest efficiency 
Sinusoidal 
corrugations 
Maximum surface 
utilized . . ~ .__- 

GENERAL COMMENTS 
1. Comparisons of relative cost and performance are applicable only within same manufacturer. 
2. M = Metal (Generally 304 SS. Other alloys available); P = Plastic (Wide selection); C = Ceramic 
3. Costs: .Mod = Moderate or = conventional packing; Lo = conventional packing; Hi = conventional packing 
4. Mass Transfer efficiency 
5. Structured packings frequently used for high Wcuum service 
6. Carbon steel and other metals sometimes available. 
7. Wide range of plastics generally available 
8. Packing efficiency and capacity vary with specific application. Contact vendor for assistance in making final decision. 
9. There is no intention to reflect negatively on any manufacturer’s packing or trays (author note). 
Used by permission; W.P. Stadig, ChemicaZProcessing@, Feb. (1989), Ritman Publishing Co. 

Table 9-22 
Typical Performance Characteristics Comparison of 

Tower Packings and Trays 
.~ 

Type of Internal 
. . 

Random Structured 
Characteristic Trays Packing Packing 

Capacity 
F-factor, (ft/s) (lb/ft3) l/* 0.23-2.0 0.25-2.4 0.1-3.6 

.......... . .  ~. . 

C-factor, ft/s 0.03-0.25 0.03-0.3 0.01-0.45 
Pressure drop, mm Hg/ 

theoretical stage 3-8 0.9-1.8 0.01-0.8 
Mass transfer efficiency, 

HETP, in. 24-48 18-60 430 
Reproduced by permission: Chen, G. K, Chem. Eng., Mar. 5 (1984) p. 40, 

all rights reserved. 

. . ~ .. .~ 

efficiency for other systems and apply judgement to select 
a value. 

The HETP (Height Equivalent to a Theoretical Plate 
(stage or plate)) is the tray spacing divided by the frac- 
tional overall tray efficiency [82]. The transfer unit con- 
cept has been useful for generalized correlations [89]. 
Because packed towers operate with continuously chang- 
ing compositions through the packed height, the concept 

of HETP has been to determine the number of theoretical 
stages (plates) required for a given separation by the usual 
discrete tray-by-tray method (stepwise) and then using the 
height of packing equivalent to one theoretical plate, mul- 
tiply to obtain the total height of packing. This requires 
the use of experimentally or industrially determined 
HETP values for the same system or one quite close in 
terms of pressure, types, or families of fluids and packing 
size and family type (see Figure 9-18 and Table 9-22 and 
later discussion). Table 9-23 [ 1331 compares several 
process systems and the corresponding average HETP for 
2-in. diameter slotted packing rings. 

Packing Size 

This affects contact efficiency; usually, the smaller pack- 

As a general guide, use: 
ing is more efficient; however, pressure drop increases. 

Random Packing Size, Column 
Nominal, in. Diam., in. 

%-54 6-1 2 
5 h 1  12-18 
1-1% 18-24 
1%-2 2 4 4 8  
2-3 36-larger 
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Table 9-23 
HEW Comparison of 2-h-Dia. Slotted Rings 

many plastics will deform, thereby changing the packing 
bed characteristics, and the column pressure drop. As a 
general rule, do not select a plastic to operate at any time 
within 50°F of the softening or deflection temperature of Averaged 

Top p ~ s s ~ ,  Bed depth, mTP, the plastic. 
System = H g  ft in. 

Acetone/water 740 5 18 
10 20 

Iso-octane/ toluene 740 3 24 
10 30 
20 32 

100 5 24 
10 26 
20 28 

Methanol/water 740 10 21 
Iso-propanol/water 740 10 24 
Para/ortho xylene 100 10 33 

50 10 31 
16 10 28 

Ethylbenzene/styrene 100 10 22 
20 26 

- 

Basis: Test-column diameter: 24-42 in. 
Used by permission: Chen, G. IC, Chem. En6 Mar. 5 (1984), p. 40, all 

rights reserved. 

The packing sizes listed relate to ceramic (where avail- 
able), metal, and plastics. The plastic random packing 
must be used well under its softening temperature. Due to 
packing weight of the bed, the packing can compress as 
the temperature increases and thereby become less effec- 
tive and increase the system pressure drop to the point of 
causing flooding. Therefore, the manufacturer should be 
consulted for upper limits of operating temperatures for 
design selection of the particular plastic suited for perfor- 
mance requirements and corrosion resistance. Under 
these conditions it is important that the plastic packing 
surface be “wetted” to allow film formation. 

Pressure Drop 

This is important to most column designs. Recognize 
that pressure drop will increase due to: 

1. Unsteady column operations 
2. Increased liquid/vapor loads 
3. Breakage of ceramic packings (this can be serious) 
4. Compaction/deflection of plastic packings 

Materials of Construction 

Give careful consideration to fluids, temperatures of sys- 
tems, aeration. Plastic materials may be quite good for the 
application; however, carefully determine the recom- 
mended long-term heat &fiction characteristics. With time, 

Particle versus Cmpact P r e j i m d  Structured Packings 

Particle packings (random) are usually (not always) less 
efficient than the pre-packaged/preformed assemblies; 
however, particle types are generally more flexible in load- 
ing and the ability to handle “dirty” fluids. 

Cost of the packing and its effect on the system costs 
must be considered, as some packings are much more 
expensive than others, yet produce very little improved 
performance. Table 9-1 7 presents some comparative infor- 
mation. The most common packings and hence the ones 
with the most available data are Raschig rings, Berl sad- 
dles, several saddle types and Pall Rings@ (Norton Co.) or 
equivalent. 
As a guide with only rough experimental backing, the 

ratio of maximum random packing size to tower diameter is 

Raschig rings: 1:20 (Reference 5) 
1:8 (Reference 52) 

Berl saddles: 1 : l O  
Intalox saddles: 1:8 to 1 : l O  (Reference 6) 

The 1:8 ratio is in more common use for most packings; 
however recent data indicated that Raschig rings require a 
larger ratio approaching 1:20. 

These ratios are useful in dealing with small towers, and 
serve as guides for the borderline cases of others. There 
are no guides to the smallest sized packing to place in a 
tower. However, %in. is about the smallest ceramic used 
with %in. and 1-in. being the most popular. Operating and 
pressure drop factors will usually control this selection. 

Packed towers are not limited to small units; in fact the 
largest processing towers for absorption and stripping 
operations are probably in these towers. Some units are 40 
and 50 ft in diameter using 2-in. and larger packings to 
heights of 20-30 ft. Other units are 5-6 ft in diameter with 
60 ft of packing. Towers with a 24in. dia. and smaller are 
most often used with packing rather than trays due to 
mechanical limitations of trays in small towers. 

Fouling of Packing 

Random and structured packings are susceptible to sur- 
face fouling due to process conditions and/or the pres 
ence of oxygen as may be related to bacterial growth. 
Some systems will precipitate solids or crystals from solu- 
tion usually due to the temperature and concentration 
effects. Bravo [ 1351 discusses air-water stripping and illus- 
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trates the effects of iron present in these systems on pack- 
ing and fouling of distributors. 

Fouled packing can significantly reduce the perfor- 
mance of the system and is one condition that should be 
examined when packed tower systems deteriorate. For 
some systems, an acid or solvent flush (or wash) will 
accomplish the needed thorough cleaning. The need for 
such a supplemental maintenance during various stages 
should be recognized at the time of initial system design. 
Also for water soluble systems, the use of pH adjustment, 
pretreating with sequestering agents or biocides, ozone 
treatment and other steps specific to the system's prob 
lems [ 1351 may be necessary or helpful. 

Minimwm Liquid Wetting Rates 

To feed enough liquid into the tower to effectively place 
a wet film of liquid over all the packing, a minimum wet- 
ting rate (W) has been evaluated for guidance in oper- 
ation and design. Morris and Jackson [32] recommended 
the MWR shown in Table 9-24. 

A minimum liquid rate for any tower packing is used by 
some designers as 1,500 lb liquid/(hr) (ft2 tower) refer- 
encing to liquid of properties of water. 

Lmin 3 (MW (at) (9 - 14) 

where Lmin = liquid rate, ft3/(hr) (ft2 cross-section) 
MWR = value of minimum wetting rate from Table 9-24 

The minimum wetting rate is a function of the packing 
material surface (Table 9-25) and the physical properties 
of the liquid involved, particularly the viscosity and the 

Table 9-24 
Minimum Wetting Rate* 

.__ . . .  .- _ _  
Liquid, ft3/(hr) (ft' cross 
sect.) 

MWR Rate, . . . . .  .... 
Packingsurfaceareapertower 

Packing volume, ftZ/fts 

Rings (Raschig, Lessing, 

Grid type (wooden, etc.) 

All packings larger than 3 in. 
Polished metal packings 

and poor wetting surtkces 
(some plastics, glazed 
porcelain, etc.) 

.... ..... ..... - ... .. ... . 

etc.), thru sin.  &a. 0.85 

(pitch 2 in.) 0.85 
1.3 
1.3, estimate to 2.5 
Preferably etch surfaces 
to reduce problem. 

.- ...... . . . . . . . . .  ... . 

*Compiled by permission from Morris and Jackson, Absorption Tmm, 
Butteworth Scientific Pub. (1953) London and Imperial Chemical 
Industries, Ltd., Ref. 32. 

Table 9-25 
Packing Wetting Rates Related to Packing Material 

Surface 
..... __ ..... ._ . 

Reasonable 
MWRT Minimum 
Gpm/ Wetting rate 

ft2 ft?/f$hr m3/m% Materials Surface 

Unglazed 0.187 1.5 0.5 Chemical 
ceramic stoneware 
Oxidized 0.27 2.2 0.7 Cabon steel, 
metal copper 
Surface treated 0.40 3.2 1.0 Etched stainless 
metal steel 
Glazed ceramic 0.80 6.4 2.0 
Glass 1.00 8.0 2.5 
Brightmetal 1.20 9.6 3.0 Stainless steel, 

WGCPVC 1.43 11.6 3.5 * 8  

Polypropylene 1.60 12.8 4.0 ** 
2.00 16.0 5.0 ** pTFE/FEP 

.. - . ._ 

tantalum 

. ...... . - -- .. - 

*Modified by author from Glitsch literature. 
**Requires proper surface wetting treatment. Important that surface 

Values based on > 43 fi2/ft? specific area of packing. By permission of 
Mass Transfer, Inc., Bull. TF'/US/Bl (1978) and Glitsch Bull. No. 345. 

wetting be tested and treatment applied if necessary 

surface tension. Most plastic and some metal packings 
require surface treatment before the packing particle will 
wet uniformly, or even will wet at all. Without film forming 
characteristics on the surface area, the contact of the liq- 
uid-vapor will be poor and the tower performance effi- 
ciency can be expected to fall off. The packing should be 
tested for wettability in the service before completing the 
tower design and packing selection. 

Kister [go] has evaluated Schmidt's E921 somewhat com- 
plicated equation for minimum wetting rate and proposes: 

MMXG = (MWRT using Table 9-25 in gpm/f$) (60/at)0.j (9 - 15) 

where M m  - minimum wetting rate, gpm/ft2, generalized 
for other packings using Kister's evaluation 

MWRT = minimum wetting rate, gpm/ft2 from Table 9-25 
at = specific surface area of packing, fG/ft3 

Another expression of Veasonable minimum wetting 
rate" [48] is given in Table 9-25. The surface characteris- 
tics of the packing material are important in the type of 
liquid film (or droplets) that flow across, around, and drip 
off of the surface. The better the specific liquid wets the 
packing surface and forms a moving film the more effi- 
cient will be the packing for distillation, absorption, etc. In 
general, from the table it can be noted that the surfaces 
that tend to wet easily have the lower minimum wetting 
rates. The data given in Table 9-25 do not agree too well 
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with the recommendations of Table 9-24. Although there 
is no validation, it is believed that the information in Table 
9-25 is more current and represents a more recent evalua- 
tion of available data. However, the fact that the results are 
not identified by packing design types, suggests there 
probably still needs to be more evaluation of this factor. 

Note that when packing is changed from one material 
of construction to another, it is important to recognize the 
effect on minimum wetting rate for the new condition. 

Loading Point-Loading Region 

Examination of Figure 9-20 shows the pressure drop of 
the packed bed with gas flow and no liquid flow as the dry 
curve. As liquid is added to the top of the packing the effect 
on pressure drop is immediately noticeable. Note that the 
lower part of all the liquid rate curves parallel the slope of 
the “dry” bed curve; however, at a point a noticeable 
change in the slope of the pressure drop curve occurs. This 
is attributed to the transition of liquid hold-up in the bed 
from being only a function of liquid rate to a condition of 
liquid hold-up also being a function of gas rate. Although 
the change seems to occur for some packings at a point, it 
is dimcult to determine accurately for all packings, and is 
perhaps better considered a region-from the first point of 
inflection of the curve to its second. Towers are usually 
designed to operate with gas-liquid rates in the loading 
region or within about 6040% of its upper point. As will be 
discussed later, it is necessary to operate farther from the 
loading point for some situations than others due to the rel- 
ative proximity of the loading to the flooding point. 

For Figure 9-21A the loading region is centered about 
the 0.75 in/ft pressure drop curve; the preferred design 
range being 0.35 to a maximum of 1.0 in. of water/ft. 

Figure 9-21D indicates the loading region as centered 
about line B, which is a reasonable upper design condition. 

Figures 9-21B and -21C are the earliest generalized pres- 
sure drop correlations (GPDC) proposed and have been 
used for many industrial plant design. Progressively, Fig- 
ures 9-21E-H are more recent correlations. These charts 
will be discussed in a later section. 

Figure 9-21F is the most current updated version of the 
GPDC as presented by Strigle [139] to facilitate interpola- 
tion of the ordinate and pressure drop curves on the 
chart. The flooding and loading regions are not identi- 
fied. For this chart 

1. Flow parameter (FP), abscissa = (9 - 16) 

2. Capacity parameter (CP), ordinate = C, F0.’ v0.5 (9 - 17) 

0.1 ’ I I I I 1 
100 200 500 1,000 2,000 5pOO ION0 

Gas Rate=lbs./(Hr~(skft.) 
Pressure Drop Data on I-inch Raschig Rings 

I 

10 
8 
6 
5 
4 
3 

= 2  
\ 

I 
i 

k0.8 

a6 
0.5 
0.4 
0.3 

ON 

-7 1.0 

4 

a2 

0. I 
100 200 500 1,000 2,000 5,000 10,000 

Gas Rote = Ibs./(Hr.)(sq.ft) 

Pressure Drop Data on 1/2-inch Raschig Rings 

Figure 9-20. Pressure drop flow characteristics in conventional 
packed towers. Reproduced by permission of the American lnstiiute 
of Chemical Engineers, Sarchet, B. R.. Trans. Amer. institute of 
Chemical Engineers, V. 38, No. 2 (1942) p. 293; all rights reserved. 

where C, = capacity factor, ft/sec 
Vg = superficial gas velocity corrected for densities, 

ft/sec 
F = packing factor from Table 9-26A-E 
Lh = liquid mass velocity, lb/(ft2) (hr) 
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0.01 0. I I IO 
U G  m 

Figure 9-21A. Sherwood-type correlation for flooding gas rate at a 
given liquid rate. Used by permission of Zenz, F. A., Chemical Engi- 
neering, Aug. (1 953), p. 181 ; all rights reserved. 

of Curves IS Pressure 
ches of WaterlFoot 

Approximate Flooding 

3 

L = LIQUID RATE, LBS /SEC, SQ FT g = VISCOSITY OF LIQUID, CENTIPOISE. 

L' =LIQUID RATE, 1% /HR 
G = GAS RATE, LBS /SEC , SO FT g, = GRAVATATIONAL CONSTANT 32 2 FT /fSEC 8dSEC 

0, .  =LIQUID DENSITY. LBS /CU FT 
p o  = GAS DENSITY, LBS /CU FT 

a /e' 
G' =GAS RATE. LBS /HR 

F = PACKING FAClOR 
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Figure 9-21 B. Recent generalized pressure drop correlation. Note: Y 
= viscosity of liquid in centipoise. Used by permission of Norton 
Chemical Process Products Corp. 

Gh = gas mass velocity, Ib/(ft') (hr) 
p~ = gas mass density, lb/ft.' 
p~ = liquid density, Ib/ft.? 

Y = kinematic liquid viscosity, centistokes, note: centis- 
tokes = centipoise/ (p1./62.4) 

Figure 9-21 C. Generalized pressure drop correlation essentially 
equivalent to Figure 9-21 B. Used by permission of Norton Chemical 
Process Products Corp. 

Note differences in some symbol units for various GPDC 

For tower sizing: 
charts. 

1. Calculate using ordinate value = CsF0~3~0.05 
2. Calculate allowdbk gas mass velocity (ft/sec), C, 

Flow parameter at maximum flow location: 

L 
G FP = - [p<; /pL, (9- 18) 

Strigle [ 1391 reports that the correlation of Figure 9-21- 
F (and probably Figure 9-21C, because it is from the same 
data) predicts pressure drops to an accuracy of 21 1 %, and 
suggests that this is probably the best attainable with avail- 
able data for the many different sizes and shapes of pack- 
ing. Better accuracy can be attained only when using data 
specific to a particular packing family of sizes, such as the 
Nutter, Norton, and Glitsch respective packings noted 
hereafter. For Figures 9-21-B through H, at high liquid 
rates, pressure drop may become somewhat greater than 
obtained from the charts (GPDC), particularly for the 
smaller packing sizes. For the higher liquid rates, use the 
particular charts of the manufacturer of the packing for 
the type and size, rather than the GPDC. 
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pL= liquid density, Lb./cu. ft. 
Y = liquid viscosity, centistokes 
q = Density water/Density liquid 
G = Gas (vapor) 

Lb./(sec.)(sq. ft. tower section) 
g = 32 ft./(sec.)(sec.l (ala = Packing factor, F 

ps = Gas Density, Lb./cu. ft. 
L = Liquid rate, 

Lb./(sec.)(sq. ft. tower section) 

(PG/PL)‘/’ (Figures continued on next page) 

Figure 9-21 D. Loading, flooding and pressure drop cornlation (one of earlier versions). Adapted by permission from Leva, M. Tower Packing 
and Packed Tower Design, 2nd ed. U.S. Stoneware Co. 

Strigle [139] reports that Ester and Gill’s [93] tests 
indicate that from over 3,000 pressure drop measure- 
ments the results fit Figure 9-214 for 80% (excellent) and 
another 15% (reasonable) fit. 

Strigle [82,94] describes the hydraulics and HETP per- 
formance of a packed column by referring to Figure 9-22. 
As noted, the HETP values are essentially constant over a 
wide range of C, values shown as I3-C on the figure. Note 
that C, can be expressed: 

G = v g  [Pg/(Pl - pg110-5 
or> W P g  (P1 - P g ) P  

(9 - 19) 

With increasing vapor rate, the contact between liquid 
and vapor increases to increase the rate of mass transfer 
and the HETP value will improve in efficiency of contact 
and drop from point C to E to point D. With increasing 
vapor rate, liquid entrainment will occur into the vapor 
phase and lower the efficiency (and raise the HEW) to 

the “maximum operating efficiency” [94] at point F where 
the C, value rises above the efficiency used for design. 
Thus, the “maximum operating capacity” is well below any 
physical flooding point. In fact, the term “maximun oper- 
ating capacity” is considered as a much more meaningful 
term to establish performance than “loading point” where 
earlier this was referred to as about point C [82]. The 
value of C, at point D for atmospheric distillations has 
been found to occur at about 91 % of the “maximum oper- 
ating capacity” E941 at point F. The capacity factor C, for 
design at point E has been set at the “maximum operating 
capacity,” point F. The value of C, for point E is approxi- 
mately 87% of C, at the maximum efficiency, point D. By 
setting the design capacity, C,, as previously noted, the sys- 
tem should then be capable of operating up to 125% of 
design capacity and remain stable, and be conservative for 
mass transfer efficiency for vapor boil-up rates from point 
E to point F. 

(ted contind on pap 288) 
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Figure 9-21E. Latest version, generalized pressure drop correlation (GPDC). Used by permission of Norton Chemical Process Products Cow. 
(rev. 1985). 
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Figure 9-21F. Strigle’s latest generalized pressure drop correlation. Note G* = gas mass velocity, Ib/ft*-sec. Used by permission of Strigle, R. 
F. Jr., Packed Tower Design and Applications; Random and Structured Packings, 2nd ed. Gulf Publishing Co., 0 (1 994) p. 19. 
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Figure 9-21 0. Generalized pressure drop correlation for non-foaming 
systems for IMTP metal random packing. Parameter of curves is 
pressure drop in inches of water/foot packed height. Numbers in 
parentheses are mrn of waterheter of packed height. Used by per- 
mission of Norton Chemical Process Products Corp., Bull-IHP-1, 
12/91 (1987). 
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Figure 9-21 H. Updated generalized pressure-drop correlation reamnged version of earlier Eckert and Leva, using linear scale for the ordinate 
and use of capacity factor, C,. Used by permission of Strigle, R. F., Jr., Packed Tower Design and Applications; Random and Structured Pack- 
ings, 2nd ed. 0 Gulf Publishing Co. p. 21 (1994). Note: G = gas, Ib/ft2-hr, L = liquid, Ib/ft2-hr. 
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Figure 9-211. Norton IMTP Packing, Efficient Capacity 
Correlation for random metal packing only for non-foam- 
ing systems. Norton recommends designing up to 90% of 
efficient capacity: 

0.16 -0.11 

Efficient Capacity, CSc = C, [g] [&I ,ft/sec. 

Used by permission of Norton Chemical Process Prod- 
ucts Corp., Bull. IHP-1 (9/87). 
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Figure 9-22. Typical HETP curve illustrating operating and design 
relationships. Nomally reasonably constant over wide range of 
vapor flows. Note: C, = capacity factor; V = gas mass velocity = 
Ib/ftz/sec. Adapted by permission from Strigle, R. E Jr. and Rukove- 
na, F., and reproduced with permission of the American Institute of 
Chemical Engineers, Chemical Engineering Progress, Mar. (1 979); all 
rights resewed. 

(text continucdbm page 284) 

Thus, for mass transfer performance design a specific 
design HETP value should be established, which in effect 
represents the range from point B through E for C, values 
above point F, the HETP values will be greater (and thus 
less efficient contact). 

Some recent evaluations of data by other investigators 
indicate that a so-called loading region does not exist as 
clearly as may be suggested by some data, and therefore 
they suggest operations essentially up to the flooding 
point. For a good, reliable design that must allow for fluc- 
tuations in feed, and possibly column back-pressure up 
sets, designing to the flood region cannot be recommend- 
ed. Design limits are discussed later. 

Flooding Point 

At the second sharp change in the slope of the pressure 
drop curve, Figure 9-20, the packing tends to hold up 
more and more liquid as the gas flow increases. This cre- 
ates a rapid increase in pressure drop. The flooding point 
of the system is said to be the point of the second inflec- 
tion of the pressure drop curve. Here the liquid build-up 
on top of the packing becomes increasing higher and the 
pressure drop essentially goes to infinity for a finite 
increase in gas rate. In many actual cases operation can be 
maintained at the flooding point, but it will be erratic, the 
performance (efficiency) of operation poor, and the 
entrainment carry-over excessively high. It is obvious that 
towers are not designed for flood point operations, but at 
-0% of gas and liquid rates associated with this point. 
Figure 9-21D indicates that the flooding region usually is 
above 2.5 in. water/ft, but note how cramped and much 

more sensitive this condition becomes as the extreme right 
hand side of the graph is approached. 

Kister’s [93] study indicates that flooding with the cur- 
rent newerdesigned packings occurs just below 2 in. 
water/ft of packing, somewhat below the prediction given 
by the earlier Eckert chart, Figure 921C or D. The data 
plotted by Kister indicate that for larger packings (2 in. and 
3 in., for example) the flooding point is noted at much 
lower pressure drops than suggested by Figure 9-21C. The 
pressure drop at flood point has been found to be inde- 
pendent of the Flow Parameter on the charts, but does vary 
with the packing family and packing types [93,95]. 

Kister [93] has developed a new approach at establish- 
ing the flood point that appears to suit the available data 
and is obviously more accurate than reading the upper 
curve on Figure 9-21C. 

APflood - 0.115 Fp0.7 (do not extrapolate below Fp = 14) (920) 

where APflood = pressure drop at flood point for all random 
packings, in. water/ft of packing 

and shape, l/ft, see Tables 9-26A-E. 
Fp = packing factor, empirical, based on packing size 

By calculating the @flood, the capacity parameter can be 
determined using the calculated flow parameter and Fig- 
ure 9-21E, and, if available, the SIX (Shenvood, Leva, Eck- 
ert) charts of Reference 93. For Fp > 60, the calculated 
APflood using the equation coincides with Eckert’s Figure 
9-21C flood line. Figure 9-23 illustrates the relationship of 
packing factors to flooding pressure drop and is represent- 
ed by the APflood equation. The predicted results of the 
equation are k10 to 15% based on the plotted data [93]. 

Foaming liquid Systems 

For an accurate design, the effects of foaming of the Iiq- 
uid as it flows through the random packed/structured bed 
should be known, estimated, or determined by experimen- 
tation. There is little published data on the subject except 
Eckert [24] and Strigle [82]. Generally, foaming systems 
produce higher pressure. drops than non-foaming, most 
probably due to the blocking of packing voids by the foam. 
Therefore, it is wise to determine the foaming related 
nature of the specific system, and because there are no 
numerical data published, the designer must use judgment 
and make allowances for a pressure drop greater than read 
from any of the charts, perhaps even 2 to 3 times greater. 

Hsu [ 1241 presents equations for directly calculating 
random packings based on published data and which are 
adaptable for computer programming and thereby study- 
ing the effects of variables. The basic data are essentially a 
match with Figure 9-21D. 
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Table 9-26A 
Packing Factors,* f r l  

Wet and Dumped Packing 
. . . .~ 

Nominal Packing Sue, In. 
Packing Type Material % M % K % 1or#1 1% 1% 2or#2 3 

Intalox@ IMTP@ Metal 51 (#15) 41 (#25) 24 (#40) 18 (#30) 
Hy-Paknl Metal 45 29 26 
Super Intaloxm 60 30 

Super Intalox 

........ ~ .~ 

Saddles Ceramic 

Saddles Plastic 40 28 
Pall Rings Plastic 95-102* 32*-55 31*40 26 18* 
Pall Rings Metal 76*-81 76* 48*-56 33*40 23*-27 
IntaloxaSaddles Ceramic 723 330 200 145 92 52 40 
RaxhigRings Ceramic 1600 1000 580 380 255 179 125 93 65 
Raschig Rings Xip” 700 390 300 170 155 115 

Metal 

Metal 410 300 220 144 110 83 57 
Berl Saddles Ceramic 259 240 170 110 65 45 
SnowflakeTh1 Plastic 13 (#38) 13 (#50) 
*By permission Norton Co., from data compiled in Norton Co. Laboratories, Copyright 1977. 

Raschig Rings HG” 

........... .~ . .- ... 

. .  
3% or #3 

12 (#70) 
16 

.. 

18 
17 
18 
22 
37 

32 

13 (#go) 
. 

Packing hctors determined with an air-water system in 30” I.D. Tower. 
Updated by permission from R.F. Strigle, Jr., Random Puckings and Puchd Tmms, Gulf Publishing Co. (19SS), added SnowflakeT%I data by permission 
Sorton Chemical Process Products Corp., Bull. ISPP-IR, E/90; * by permission Jaegar Products Co. 

Table 9-26B 
Koch Packing Factors* 

.. ~. 

Nominal Packing Size, In. 
Packing Type Material % M % % % 1or#1 1% 1% 2 0 r R  3 3%or#3 

Flexisaddles Plastic 30 20 15 

Flexisaddles Ceramic 600 200 145 98 52 40 22 
*By permission, Koch Engineering Co. Inc. 
+Use for plastic or metal. 

....... .~ ..... .... . .... ~ . . .  . 

Flexirings Plastic+ 78 45 28 22 18 

....... .... . .. . 

Table 9-26C 
Glitsch Packing Factors” 

Nominal Packing Size, In. 
Packing Type Material % M % % % 1or#1  1% 1% 20r#2  3 3%or#3 

Ballastm Ring Plastic 97 52 32 25 16 
20 15 BallastTM Saddle Plastic 

*By permission, Glitsch Inc. 

. . .  -~ .... . .... ~. 

BallastTM Ring Metal 48 28 20 13 

.. . . -  ........ . 
30 

~- 

Surface Tension Effects These results were later confirmed. For absorption sys- 
tems these results also hold [82]. 

For hydrocarbons in high-pressure fractionators Strigle 
[82] reports there is aeration of the rather low surface ten- 
sion liquid phase. This effect increases with the lower sur- 
face tension and as the vapor density increases, thus 

Strigle [82] reports that there is no broadly document- 
ed agreement of :he surface tension effects on the capac- 
ity of packed beds. Eckert [24,82] concluded that surface 
tension of a non-foaming liquid had no effect on capacity. 
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Table 9-26D 
Glitsch Packing Factors for Cascade@’ Mini-Rings 

Size Plastic Ceramic Metal 
~ 

55 0 
OA 60 

40 1 29 
1A 30 

29 1.5 
2 15 38 22 
2A 30 
2B 18 
2 c  19 

- 19 2.5 
3 11 24 14 

3A 12 
- 10 4 
18 8 3 

- 15 - 7 

- - 
- - 
- 
- - 

- - 
- - 
- - 
- - 

- 

- - 
- 
- 

~- ~ -- - 
Used by permission: Glitsch, Inc., Bull. 345 

Table 9-263” 
Nutter Ringm Random Packing 

Size Packing HEW 
No. Pieces/F$ Ft2/Ft3 Lb/F$ % Void Factor** values 

~ - ~. . 

Relative 

0.7 4,740 69 11.0 97.8 xx 0.72 
1.0 1,900 51 11.1 97.8 30 0.83 
1.5 760 38 11.3 97.8 24 0.94 
2.0 383 29 10.8 97.9 18 1.00 
2.5 250 25 9.0 98.2 xx 1.18 
3.0 120 20 8.3 98.4 xx 1.40 

~ -. 

*Nutter uses their OMTI proprietary computer program and not the conventional GPDC Chart shown in Figures 9-21B-E. 
**Values shown developed by Kister [go] from data supplied by Nutter Engineering Co., a Harsco Corp. 
Used by permission of Nutter Engineering Co., a Harsco Corp.; Bull. NR-2 

reducing the effective liquid density, and increasing the 
volume occupied by a given mass of liquid is increased. 
This aeration effect can vary from 0.9 at atmospheric pres- 
sure for non-foaming liquids to 0.7 for hydrocarbon sys- 
tems (not absorbers operating at 35% of critical pressure). 

Kaiser [140] presents a correlation analysis for flooding 
in packed towers that is more analytical in the performance 
approach. It is based on single phase hydraulics. It would 
have been helpful for the article to present a comparison of 
results with the other more conventional techniques. 

Packing Factors 

The use of “packing factors” is established in the design 
concepts of evaluating packed tower performance. Essen- 
tially all of the manufacturer’s published data are for “wet 
and dumped” packing factors, F. Robbins proposes using 

“dry” factors only. (See later write-up.) This factor is a 
unique characteristic of each packing size and experimen- 
tally determined style/design. These factors cannot be 
determined by calculation from the physical dimensions, 
they are more accurately determined experimentally. 

Packing factor selection significantly affects the perfor- 
mance of a packed tower system. These factors are only 
suitable for discreet particle type packing, and their values 
vary depending on how the packing is installed in the 
tower. For example, the factors for a ceramic packing are 
different for packing floated (dumped) into a tower full of 
water and the particles allowed to float down when com- 
pared to the same packing dumped into a dry empty tower 
where significant breakage can occur and consolidate the 
packing, or even to packing “hand-placed or stacked dry. 

Often it is only necessary to change a packing size or 
type to modify the capacity and/or contacting efficiency 



Packed Towers 291 

J 

V g 2  - 
< a 
. I  

- E 

8 
2 0.s 

5 0.3 

I 

z 

c < 

B 

K 3 

L? y 0.2 
a 

0.1 
5 6 7 8 10 15 20 so loo 

PACKING FACTOR. Fp 

Figure 9-23. Flood pressure drop vs. packing factor for random 
packings. Reproduced with permission of the American Institute of 
Chemical Engineers, Kister, H. 2. and Gill, D. R., Chemical Engineer- 
ing Progress, V. 87, No. 2 0 (1991); all rights reserved. 

of an existing tower, because this change affects the pack- 
ing factor. Tables 26A-E present specific packing factors 
from the manufacturers. 

Many of the packings of the various manufacturers are 
essentially identical in shape, size, and performance fac- 
tors. Some packing manufacturers suggest adjusting pack- 
ing factors for vacuum and pressure distillations; however, 
this should only be done after consultation. 

The experimentally determined packing factors are the 
only reliable values to use for design calculations; 
although estimates can be made for packing shapes when 
no data are available. The packing characteristic is 
expressed as: 

F = a/E3 (9 - 21) 

where at = specific surface of packing, ft2/ft3 
a = effective interfacial area for contacting, ft2/ft3 
E = fractional voids 

The values of determined experimentally by Lobo et 
al. are indicated [47]. These are the values in the develop 
ment of the basic relation expressed in Figure 9-21A with 
correction of Q2 suggested by Leva [41]. These values 
were found to correlate a considerable amount of the liter- 
ature data within 12%. This would mean about a 6% error 
in tower diameter determined at flooding conditions. 

Lobo et al. [47] proposed the packing factor, F, and 
experimentally determined that it better represented the 
data than the calculated term. Values calculated 
using surface area per cubic foot and percent free gas 
space from manufacturer's tables can be as much as 40% 
off. The values are dependent upon the method of pack- 
ing the tower, i.e., dry dumped, wet dumped, or wet 
dumped and shaken. The latter condition may approxi- 
mate the situation after a tower has been running a while 
and the packing settled. 

Experience definitely indicates that the packing factor, F, 
increases with hours of operation for ceramic materials up 
to some limit. This is due to settling, breakage, plugging, 
etc. For design of commercial towers, values of F should be 
increased from 15 to 73% for ceramic materials, over val- 
ues read from Tables 9-26A-E. The percent increase 
depends upon the tendency of the shape to disintegrate 
into smaller pieces during operations-flooding, gas surg- 
ing, etc. In general, circular shapes exhibit the least ten- 
dency to break up. As a reasonable value where data are 
available, the average of the wet dumped, and wetdumped- 
and-shaken values for tower voidages is recommended. 

Leva [40] has correlated the data of Lubin into correc- 
tion factors to apply to a non-irrigated bed pressure drop 
to end up with pressure drop for a liquid-gas system in the 
loading to flooding range. In general this does not appear 
any more convenient to use than Figure 9-21D. 

Relations expressing the fractional voids in a ring 
packed bed are useful in estimated the ''E" d u e s  for a/$ 
determinations [47]. The average deviation is 
Dry packed tower: 

E = 1.046 - 0.658 Q 

2.6%. 

(9 - 22) 

Wet packed, unshaken tower: 

E = 1.029 - 0.591 Q (9 - 23) 

Wet packed and shaken tower: 

E = 1.009 - 0.626 Q (9 - 24) 

where 

1 - (di /do )' not valid if I$ < 0.20 or for ' = (id: )o.o170 ' extra thick walls or solids 

1 = ring height, in. 
do = outside diameter of ring, in. 
di = inside diameter of ring, in. 

The generalized correlations of Sakiadis and Johnson 
[59] are reported to satisfy a wide variety of systems. 

Manufacturers of commercial packings provide packing 
factors for their products. Many of the commonly used (not 
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The relationships in packed tower performance which 
are concerned specifically with the gas and liquid flows 
through a bed are expressed as a function of pressure 
drop. Pressure drop may be created by poor packing 
arrangements, i.e., tight and open sections in the bed, 
breakage of packing and settling of the bed, or plugging 
of void spaces by solids or reaction products. All of these 
are in addition to the inherent characteristic resistance of 
a particular packing to flow of fluids. This resistance will 
be different if the system is single phase as contrasted to 
two phase for most distillation, adsorption, scrubbing, or 
desorption operations. The basic pressure drop perfor- 
mance pattern of nearly all packings can be shown as in 
Figure 9-20. 

Below the loading region, the pressure drop can be 
read from appropriate system curves if they are available, 
as Figure 9-20. However, for general use the data have 
been well correlated, Figures 9-21B-9-21F. The slope of 
most of the curves for pressure drop indicate a propor- 
tionality of 1.8 to 2.8 power of the superficial gas mass 

I I I I 

I I l l  I I 1 
I 2 3 4 

Nominal Packing S i z e ,  inches 

Figure 9-24A. Packing factors (stacked packing selected grids). 
Used by permission of Morris and Jackson, Absorption Towers But- 
terworth Scientific Publications, and Imperial Chemical Industries, 
Ltd., and adapted by U.S. Stoneware Co. (now, Norton Chemical 
Process Products Corp.). 

Figure 9-24B. Packing factors (screen packing and random dumped 
packing). Used by permission of US. Stoneware Co. (now, Norton 
Chemical Process Products Corp.). 

velocity up the tower. This performance is typical of the 
gas-continuous range of packed tower operation. In Fig- 
ure 9-20 the curves for performance at water rates of L' = 
1,250 through L' = 9,950 all seem to be a part of the same 
family. The curve L' = 12,500 will be discussed later. The 
pressure drop information to follow is valid only for the 
gascontinuous type of operation. Fortunately the majori- 
ty of packed towers operate in this condition; however, the 
liquid-continuous will be considered later. 

Pressure drop data for several styles and arrangements 
of drip point grid tile are given in Figures 9-25A-9-25E. 
These are not included in the general GPDC correlations 
for random packings. 

Figures 9-21E, F, and H are about the latest general pur- 
pose correlations presented by several manufacturers of 
packing materials. The relative differences between the 
various correlations appear to be minor, thereby allowing 
any packing performance to be evaluated on any chart, as 
long as the packing factors, F, have been determined on 
the same basis. Packing factors are presented in Tables 
9-26A and B and are identified for the discreet particle 
packings similar to those illustrated in Figures 9-6A-6X 
because the compacted, structured, or grid packing mate- 
rials such as shown in Figures 9-6Y-6UU do not use the 
same packing factor concept for design evaluation. There- 
fore, because each proprietary material such as those in 
Figures 9-6Y-6UU has its own design/rating technique, 
the respective manufacturer should be consulted, because 
they cannot be rated using Figures 9-21A-211. 
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Figure 9-25A. Pressure drop in inches of water per foot of height, drip point tile, shape 6295 with crossed flue arrangement. Used by permis- 
sion of General Refractories Co. 

Pressure Drop Design Criteria and Guide: Random 
Packings Only 

at 1.5 to 2.0 in. water/ft. Select a design C, above 
point C and below point D, Figure 9-22. 

2. Absorption and similar systems; select pressure 

A. Determine the height of packing required (not a 
function of diameter) from HETP in distillation sec- 
tion and Kga in absorption section. This provides the 
total height of packing required, considering the 
packing efficiencies and minimum wetting require- 
ments, previously discussed. From this total height, 
the expected total column pressure drop can be 
established, recognizing the pressure loss through 
support plates, distribution devices, etc. 

B. Calculate the abscissa of Figure 9-21F; for example, 

L / G ~ L ,  or other abscissa values. 

C. Select a design/operating pressure drop, as shown 
on the curves of Figure 9-21F. Suggested selection 
basis is as follows: 

1. Low to medium pressure column operation, select 
design pressure drop of 0.40 to 0.60 in. water/ft of 
packing height, although some towers will operate 

drop of 0.1 to 0.4 in. water/ft of packing, or 0.25 
to 0.4 for non-foaming systems. For “median” 
foaming systems use a maximum of 0.25 in. 
water/ft for the highest loading rate [82], see 
Table 9-27. The values in the table should be 
reduced for high viscosity fluids. At rates above 20, 
limit the gas rate to 85% of the rate which would 
give a pressure drop of 1.5 in. water/ft referring to 
the GPDC, Figure 9-21F. 

3. Atmospheric or pressure distillation, select pres- 
sure drop of 0.50-1.0 in. water/ft. 

4. Vacuum distillation varies with the system and par- 
ticularly with the absolute pressure required at the 
bottom of the column; normally select low pres 
sure drop in the range of 0.1 to 0.2 in. water/ft of 
packing. For in vacuum service of 75 mm Hg and 
lower, the pressure drop obtained from the GPDC, 

(lext continued on page 296) 



0.02 0.04 OD7 0.10 0.2 0.4 0.7 1.0 1.5 2D 30 

Figure 9-258. Pressure drop in inches of water per foot of height, drip point tile shape 6897 with continuous flue arrangement. Used by per- 
mission of General Refractories Co. 
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Figure 9-25C. Pressure drop in inches of water per foot of height, drip point tile shape 6897 with crossed-flue arrangement. Used by petmis- 
sion of General Refractories Co. 



Packed Towers 295 

w 
W a. 

c 
W 
y1 n 

Figure 9-25D. Pressure drop in inches of water per foot of height; drip point tile shape 6146 
with continuous flue arrangement. Used by permission: General Refractories Co. 
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Figure 9-25E. Pressure drop in inches of water per foot of height, drip point tile shape 6146 with cross flue arrangement. Used by permission 
of General Refractories Co. 
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Table 9-27 
Maximum Recommended Liquid Loading 
~ 

Packing Size Liquid Rate 
(i=) (gpm/ft2) 

% 25 
1 40 
1% 55 
2 70 
3!4 125 

Used by permission of Strigle, R F., Jr., “Random Packing and Packed 

-. 

Towers” 0 (1987), Gulf Publishing Co., all rights reserved. 

(text continuedpm page 293) 

Figures 9-21F and 21G (for Norton’s IMTP pack- 
ing only) can be up to 20% higher than industrial 
experience for the same C, values at a flow para- 
meter (FP) of 0.01 [82]. At an absolute column 
pressure of 10 mm Hg or less, the pressure drop 
actual can be up to 30% lower than that read from 
the Figure 9-21F at the FP of 0.01 and the same C, 
value [82]. The conclusion is that the generalized 
correlation, Figures 9-21F and -21G always give a 
conservative design AP at operating pressures less 
than 70 mm Hg abs. Several other factors must be 
considered, such as variability of gas and liquid 
rates and densities or specific volumes. 

5. Foaming materials should be operated at 0.1-0.25 
in. water/ft, or better, obtain data. Actual AP/ft 
may run 2-5 times chart values. 

6. Vacuum service requires recognition of minimum 
liquid flow; refer to section on minimum wetting 
rate. Pressure drops are designed to be low, but 
normally not lower than 0.10 in. water/ft. 

7. Stripping gas from a liquid phase; pressure drop is 
usually set to be 0.15 to 50 in. water/ft packing at 
the flow rates for maximum loading, or maximum 
operating capacity. For foaming systems set pres 
sure drop at 50.25 in. water/ft using inert gas. But 
for steam use, set pressure drop 50.3 maximum in. 
water/ft for medium foaming conditions [82]. 

8. For high pressure distillation of light hydrocarbons, 
industrial performance indicates that the pressure 
drop actually obtained is about two times that pre- 
dicted by the use of the GPDC charts, Figure 9-21F 
and 9-21G (for Norton’s IMTP packing only). When 
the vapor density is at least 6% of the liquid density, 
the actual pressure drop is expressed [82] : 

in. water/ ft packing (9 - 25) 33 F0.5 (C, )2.4 
AP = 

0 

where C, = capacity factor, ft/sec 
o = surface tension, dynes/cm 
F = packing factor 

For non-hydrocarbon systems Strigle [82] rec- 
ommends the general outline to follow, but more 
detail for a specific design may be obtained from 
the reference as well as the manufacturer: 

1. Select a design C, vapor rate as a percent of the MOC 
(maximum operating capacity) of the packing. 

2. Adjust maximum Cs required; adjusting for: 
(a) Effect of liquid viscosity: The maximum oper- 

ating capacity varies as the 0.2 to 0.25 power of 
surface tension of the liquid phase. 

(b) Packing capacity increases as the reciprocal. of 
liquid viscosity to the 0.1 to 0.13 power. This 
effect is limited to liquid viscosities not < 0.09 
cps. 

(c) Select design C, at 80 to 87% of the MOC Cs 
for the packing. 

(d) When the gas density exceeds 6% of the liquid 
density, the pressure drop should be examined 
by Equation 9-25. 

Pressure drop should not exceed at maximum 
operating capacity [941 [1391: 

AP,, b (0.019) (F)0.7, in. water/ft packing (9 - 26) 

or, from Kister and Gill [93, 1391, pressure drop at 
flood for random dumped packing: 

(9 - 20) 

(e) For pressures approaching the critical, contact 
the packing manufacturer for performance 
guidance. 

(fl Select a design C, that provides allowances for 
operational and capacity fluctuation and/or 
surges. A suggested 15-25% above the design 
rate is usually adequate [82], making the design 
C, from 80437% of the maximum operational C, 
for the specific packing. The maximum opera- 
tional capacity, MOC, Cs,max, is the point, C (Fig- 
ure 422), where the vapor rate has increased to 
a point where it begins to interact with the liq- 
uid. In previous publications this point was 
termed “loading point.” Actually for rates slight- 
ly greater than point C, the efficiency of the 
packing increases (HETP becomes smaller). 

D. Select a packing and determine its packing factor 
from Tables 9-26A-E. Packing is selected for its 
expected process HETP or Kga performance, pres- 
sure drop and materials of construction for the sys- 
tem. Table 9-17 presents summary comments for 
applications. Selection guides are as follows: 

@flood = 0.115@.7, in. water/ft packing 
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1. As packing factor, F, becomes larger by selection of 
smaller sized packing; gas capacity for the column 
is reduced; and pressure drop will increase for a 
fixed gas flow. 

2. Some packings are sized by general dimensions in 
inches, while some shapes are identified by num- 
bers, #1, #2, #3 for increasing size. 

3. Not all packings are manufactured in all materials 
of construction, i.e. ceramic, various plastics, vari- 
ous metals. 

4. Packing size versus tower diameter recommenda- 
tions; general guides not mandatory, base selec- 
tion on performance. 

Tower Diam., ft Nominal Packing Size, in. 
d . 0  <1 

1.0-3.0 1-1% 
>3.0 2-3 

Table 9-27 shows what Strigle [82] recommends 
for the maximum liquid loading as related to pack- 
ing size. 

E. Referring to Figure 9-21B or 21C, read up from the 
abscissa to the pressure drop line selected, and read 
across to the ordinate (note differences): 

Ordinate No. = c 2 ~ p o J  , (Figure9-21C) (9-2‘7) 
PG (PL - PG gc 

(9 - 28) 

or, C, F0.5 uo.O5, (Figure 9 - 21H) (9 - 29) 

Note units change for Figure 9-21G, 

where C ,  = Vg [ p , / ( p ~  - p ~ ) ] ~ . ~ ,  ft/sec 
Y = kinematic liquid viscosity, centistokes (9 - 30) 

Substitute F and the other knowns into the equa- 
tion and solve for G, the gas mass flow rate, lbs/ft2 
sec, or Gg, lb/hr-ft2, as applicable. 

Then, determine the required tower cross-section 
area and diameter: 

lii2 Gas rate, lb/sec, G“ 

G, lb/sec- ft2 
Diameter, ft = 1.1283 

Effects of Physical Properties 

For nonfoaming liquids, capacity of packing is indepen- 
dent of surface tension. Foaming conditions reduce capac- 
ity significantly and design should recognize by selecting 
operating pressure drop at only 50% of normal non-foam- 
ing liquid. 

For liquids of viscosity of 30 centipoise and lower, effect 
on capacity is small. For high viscosity select larger pack- 
ing to reduce pressure drop, and also consult packing 
manufacturer. 

Robbins’ [96] correlation for pressure drop in random 
particle packed towers is based on a “dry packing factor,” 
Fpd, whereas most of manufacturer’s published values have 
determined F (packing factor) from wet and dumped data, 
and is that used in Figures 9-21A-F, 9-21H. Referenced to 
the tables in Robbins’ presentation indicates that the dif- 
ferences ma): be small between the dry, Fpd, and the wet 
and dumped, F (such as Table 9-26A), being from 0 to 10 
points, averaging about 2-3 points lower. The packing 
manufacturer should be consulted for dry packing factors 
to use in Robbins’ method. The “dry” data simply means 
that there is no liquid (but gas) flowing. Robbins [96] lists 
d u e s  of Fpd for metal, plastic and ceramic packings. 
Dry bed pressure-drop [96] : 

AP = C, pg V? = C, FS2 = C,G2/pg (9 - 31A) 

Values of C, come from Leva [41]. 

for random tower packings: 
Robbins’ new equation for generalized pressure drop 

AP = C3G? 10-*i[w) + 0.4 [1+/20,000]0~0’ 
x [C3@ (lo2.’ IO-5 CLf])l4 (9 - 31B) 

The method as described by Robbins [96] : 

1. For operating pressures above 1 atm, multiply Gf 
(Equation 9-31C) by (pg). 

2. For small packings with F of 200 or greater, substi- 
tute ~ 0 . ~  in previous equation for ~0.1. 

3. For large packings with Fpd below 15, use (20/Fpd)0.5 
in place of [Fpd/20]o.5 in previous equation for Lf, 
Equation 9-31D. 

P.d 

4. Dry bed pressuredrop: 

FPd = 278 (A Pdb)/F? (9 - 31E) 

Dry bed pressure drop values usually run 0.1 to 0.5 in. 
water/ft of packing [96]. Use Equation 9-31B when Lf is 
below 20,000. Packings operate essentially dry when Lf is 
below 1,500 (about 3 gpm/ft2) at Fp = 20. Pressure drop at 
flooding is suggested to be predicted by Kister and Gill’s 
relationship [93] presented in this text. 

Robbins [96] suggested random packed column design 
is similar to others presented in this text, but high-lighted 
to determine diameter of packed column: 
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1. Establish liquid and vapor rates. 
2. Determine fluids physical properties. 
3. Select design pressure drop for operations. Suggested 

values of below 1 .O in. water/ft. Low-pressure, atmos- 
pheric, and pressure columns usually require 0.5 to 
0.7 in. water/ft, with absorbers and strippers around 
0.2-0.6 in. water/ft. For vacuum distillation low val- 
ues of 0.05-0.6 in. water/ft are often necessary, usu- 
ally depending on the required boiling point of the 
bottoms. 

4. Calculate Lf/Gf, values of Fpd cancel out. 
5. Using Equation 9-31B trial and error, calculate using 

Gf, for given Lf/Gf until the desired AP is obtained. Lf 
must be below 20,000. For higher Lf use chart in the 
original article not included here. 

6. Select packing for column, and establish packing fac- 
tor, Fpd. 

7. Calculate column cross-section area using the opera- 
tional gas rate, G, and the calculated value of Gf (gas 
loading factor) : 

G = Gf/[(0.07?i/pg)0.5 (Fpd/20)o.5], lb/hr/ft2 (9 - 31F) 

8. Establish tower diameter; Robbins [96] recommends 
that the tower diameter should be at least 8 times the 
packing size; if not, repeat the calculations with dif- 
ferent packing. 

where A = tower cross-sectional area, ft2 
CO = constant specific to a particular packing 
C1 = constant specific to a particular packing 
c3 = 7.4 x 10-8 
c4 = 2.7 10-5 
D = tower diameter, ft 

F, = packing factor, dimensionless 

F, = V, (pg)O.j, (ft/sec) (lb/ft3)o.5 
G = gas loading, lb/hr-ft2 

GA = design vapor flow rate, lb/hr 
Gf = gas loading factor 
L = liquid loading, lb/hr-ft2 

Lf = liquid loading factor 
AP = specific pressure drop, in. water/ft of packing 

Fpd = dry-bed packing factor, dimensionless 

hppb = specific pressure drop through dry bed, in. 
water/ft of packing 

ITs = superficial gas velocity, ft/sec 
pg = gas density, Ib/ft3 
pL = liquid density, lb/ft3 
p = liquid viscosity, centipoise 

Strigle [82] and Kister [931 point out the importance of 
evaluating data where available to reduce the need for 
interpolating the GPDC charts. The question of reason- 
ably accurate (+lo to 15%) flooding pressure drop data 
has been studied by Kister [93], and the results suggest 
that the establishment of flooding pressure drop curves 

such as in Figure 9-21C may not be consistently accurate 
due to the variations in data used for correlation, i.e., data 
just as flooding begins, and then at full flooding. The data 
presented is for gas-liquid systems and not liquid-liquid 
extraction as Strigle [82] recognizes in his Chapter 11. 

Strigle [82] identifies a regime 20% above point F on 
Figure 9-22 as the maximum hydraulic capacity and is 
termed the flooding point for atmospheric operations. 

Kister [93] has correlated large quantities of available 
data for flooding and offers a new correlation based on 
the same GPDC correlation, which is, as Kister refers to it, 
the Sherwood-Leva-Eckert (SLE) correlation chart as 
developed by Strigle [82], Figure 9-21H, for semi-log plot. 
Kister [go, 931 has presented plots showing the plotted 
data points on the Strigle or SLE charts for a wide selec- 
tion of packing. In effect this illustrates how the data fit 
the generalized charts. 

For example, Figures 9-26 and 9-27 from Kister [93] 
illustrate the collected data superimposed on the SLE 
chart for the specified pressure drops, specific packing 
and column size, and packing heights at designated pack- 
ing factors. Kister [93] recommends using the specific SLE 
chart (also see Kister [go] for a wide selection of charts) 
and interpolating and extrapolating the curves when the 
design/operating requirements fall close to the data 
points on the selected chart. Extrapolating too far can 
ruin the validity of the pressure drop results. 

When the design/operating requirements are far from 
the chart’s data points, contact the manufacturer of the 
packing for data and also consider selecting another type 
and/or size of packing to provide a better fit. In selecting 
a chart to use, do not overlook the nature of the physical 
process system, i.e., whether predominantly aqueous or 
non-aqueous, and whether there are foaming characteris- 
tics as well as high or low viscosity fluids. Ester’s assess- 
ment is that both the study in Reference 93 and Strigle 
[82] show that the large volume of published data does fit 
the Strigle [82] charts (Figure 9-21E, F) quite well and 
gives “good pressure drop predictions.” A significant vari- 
ation is that the curves predict an optimistic (too low) 
value for non-aqueous systems at high flow parameters of 
the chart. Also, similar optimistic values are noted for non- 
aqueous systems at low flow parameters, such as for vacu- 
um distillation, for example. Unfortunately, most data 
from the data banks were obtained on small scale as com- 
pared to industrial size equipment, and so the statistical fit 
is still not adequate for industrial design with confidence 
and reliability [93]. 

Pmfmance Comparisons 

Strigle [94] presents some helpful comparisons refer- 
ring to Figure 9-22, and Tables 9-28-31 from [94] present 
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FLOW PARAMETER 
Basis: Fp-56 
Pressure drop measured in Inthas HZO/ft 

Figure 9-27. SLE Data Chart for 2-in. metal 
Pall rings, aqueous systems, pressure drop 
only. Data from 30-84 in. dia. test columns 
with packed heights of 2-18 ft. Repro- 
duced with permission of the American 
Institute of Chemical Engineers, Kister, H. 
2. and Gill, D. R., Chemical Engineering 
Progress, V. 87, No. 2 0 (1991), p. 32; all 
rights reserved. 

Figute 9-26. SLE Data Chart for 1-in. 
metal Pall rings, aqueous systems, pres- 
sure drop only. Data from 15-84 in. dia. 
test columns with packed heights of 2-1 0 
ft. Reproduced with permission of the 
American Institute of Chemical Engineers, 
Kister, H. 2. and Gill, D. R., Chemical Engi- 
neering Progress, V. 87, No. 2 0 (1991) 
p. 32; all rights reserved. 

Basis: F p 4 7  
Prwurr drop mroaund In Inrhra H20/ft 

valuable key design and operational points related to Fig- 
ure 9-22. 

For design, select C, above the loading point C (on Fig- 
ure 9-22) and below the maximum efficiency rate, point D. 
Usually, the flow at point C is 70 to 75% of that at maxi- 
mum point F [94]. The design C, (point E) should allow at 
least 15% increase in rates before reaching the maximum 
operating capacity of the packing. This allows for usual 
variation in operations [94]. The design C, value should be 
at least 80 to 85% of the maximum operational C, (MOC) 
for the best turn-down condition during operation. 

Prediction of Maximum Operating Capacity (MOC) 

Su-igle [94] proposed this term to better describe the 
performance of a packed column at or near the previous- 
ly described “loading point.” Kister [93] evaluated the lim- 
ited published data and proposed using the MOC at 95% 
of the flood point. The flood point can be estimated by 
Equation 9-20 or from the plots in References 90 and 93. 
The data are reported to be within 15-20% of the predic- 
tion [93]. See Figure 9-22 for the identification of MOC 
on the HETP vs. C, chart. For more accurate information 
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Table 928 
Maximum Capacities of Various Packings 

- ~ ~ 

C, at Maximum AP at Maximum Cs at Maximum AP at Maximum 
Efficiency, Efficiency, Capacity, Capacity, 

Packings ft/sec HZO/ft ft/sec HzO/ft 
~ ~ ~ 

2 in. Pall Rings 0.295 0.81 0.315 1.29 
2 in. Intalox Saddles 0.248 0.96 0.279 1.74 
#50 Intalox Metal Packing 0.327 0.52 0.345 0.88 

I-gin. Pall Rings 0.269 0.95 0.287 1.48 
14 in. Intalox Saddles 0.21 1 1.09 0.237 1.88 

0.96 0.278 1.62 #25 Intalox Metal Packing 
Note: #25 Intalox@, Norton = app. 1-in. size 
#40 Intalox", Norton = app. Win. size 
#30 Intalox", Norton = app. 2-in. size 
Reproduced by permission of The American Institute of Chemical Engineers, Strigle, R. F., Jr. and Rukovena, F. C h .  Eng. h g .  Vol. 73, Mar. 0 (1979) 
p. 86, all rights reserved. 

#40 Intalox Metal Packing 0.290 0.60 0.310 0.99 

#40 Intalox Metal Packing 0.290 0.60 0.310 0.99 

~~ ~_ 0.260 
.. . 

Table 9-29 
Design Efficiency and Capacity for Selected Packings 

~. ~ 

Design Design 
CS, HETP, 

Packing ft/sec ft 

Table 9-30 
Comparison of Maximum Capacity Designs 

Relative Relative Relative 
TOW- Packed Packing 

Packing Diameter Height Volume 

2 in. Pall Rings 
2 in. Intalox Saddles 
#50 Intalox Metal Packing 
#40 Intalox Metal Packing 
1-!4in. Pall Rings 
14 in. Intalox Saddles 
?+IO Intalox Metal Packing 
#25 Intalox Metal Packing 

0.256 
0.216 
0.284 
0.252 
0.234 
0.183 
0.252 
0.226 

2.32 
2.50 
2.12 
1.74 
1.78 
1.87 
1.74 
1.38 

Note: #25 Intalox", Norton = app. 1-in. size 
#40 Intalox@, Norton = app. Win. size 
#50 Intalox@, Norton = app. 2-in. size 
See Figure 9-22 for C, w. tower internals. 
Used by permission of The American Institute of Chemical Engineers, 

Strigle, R. F., Jr. andRukovena, F. Chm. Eng. Prog., Vol. 75, Mar. 0 
(1979) p. 86, all rights reserved. 

contact the respective packing manufacturers as most of 
their data is yet unpublished. 

Capacity Basis for Design 

Whether for a distillation, absorption, or stripping sys- 
tem the material balance should be established around the 
top, bottom, and feed sections of the column. Then, using 
these liquid and vapor rates at actual flowing conditions, 
determine the flooding and maximum operating points or 
conditions. Then, using Figures 9-21B, -21E, or -21F, estab- 
lish pressure drop, or assume a pressure drop and back- 
calculate a vapor flow rate, and from this a column diam- 

2 in. Pall Rings 1.00 1.00 1.00 
2 in. Intalox Saddles 1.09 1.08 1.28 
#50 Intalox Metal Packing 0.95 0.91 0.82 
#40 Intalox Metal Packing 1.01 0.75 0.76 

1-W in. Intalox Saddles 1.13 1.05 1.34 

#25 Intalox Metal Packing 1.02 0.78 0.80 
Reproduced by permission: The American Institute of Chemical Engi- 

neers, Strigle, R. F., Jr., and Rukovena, F., C h .  Eng. Prog. Vol. 73, Mar. 
0 (1979) p. 86, all rights reserved. 

~ 

1-?4in. Pall Rings 1.00 1.00 1 .oo 

#40 Intalox Metal Packing 0.96 0.98 0.91 

~. ~ 

Table 9-31 
Comparison of Constant Pressure Drop Designs 

AP = 0.5 in Water Per Therotid Plate 

Packing 
Relative Relative Relative 
Diameter Height Volume 

2 in. Pall Rings 
2 in. Intalox Saddles 
#50 Intalox Metal Packing 
#40 Intalox Metal Packing 

1-M in. Pall Rings 
I-M in. Intalox Saddles 
#40 Intalox Metal Packing 
#23 Intalox Metal Packing 

1.00 
1.10 
0.85 
0.89 

1 .oo 
1.13 
0.87 
0.97 

1.00 
1.08 
0.91 
0.75 

1.00 
1.05 
0.98 
0.78 

1.00 
1.31 
0.66 
0.59 

1 .oo 
1.34 
0.74 
0.73 

Reproduced by permission: The American Institute of Chemical Engi- 
neers, Strigle, R. F., Jr., and Rukovena, F., Chern. Eng. Pmg. Vol. 75, Mar., 
0 (1979) p. 86, all rights reserved. 
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eter. Even though the column diameter may show a dif- 
ference between the requirements at the top, bottom 
and/or middle of the column, do not be too quick to try 
to create a column design with diameter variations as the 
results vary up the column. Sometimes for vacuum 
columns the calculations show that a larger diameter in 
the upper section would perform better, so check out 
using the same diameter throughout the column, because 
this is the least expensive, and somewhat easier to fit all 
the parts together. Even though the pressure drop or 
HETP may not be the same throughout [154, 156, 1571, 
adjustments can be made, if warranted, to even changing 
the packing size or style/type in various segments of the 
column. This requires some careful calculations for the 
effective HETP and the total height of the individual sec- 
tions and then the total column/tower. But, it is often 
worth the effort, particularly for tall towers, say above 
20-30 ft of packing. For low pressures as well as other 
columns, determine the pressure drop for each packed 
section of the column, plus the pressure drop through the 
internal components. 

Proprietary Random Packing Design Guides 

~Vwton Intalox Metal Tower Packing (IMP@') 

Norton offers a new high performance system centered 
around an improved Intalox@ metal tower packing, 
including effective internals to provide the distribution 
and pressure drop consistent with the higher perfor- 
mance of the packing itself. 

Figures 9-6J and -6U illustrate the IMTP packing. The 
manufacturer's key performance descriptions are [83] : 

1. Greater capacity and efficiency than fractionation 
trays and other dumped packings. 

2. Pressure drop approximately 40% lower than equiva- 
lent size Pall rings. 

3. Low liquid hold-up. 
4. Structural strength allows packing depths to 50 ft or 

more 
5. Easy to use in distillation, from deep vacuum where 

low pressure drop is beneficial, to high pressure 
where capacity surpasses many trays. 

6. HETP values nearly independent of flow rate. 
7. Packing properties related to a performance curve: 

(a) The system base HEW of a packing, which is the 
flat HETP value produced by uniform distribution. 

(b) The efficient capacity (not the same as hydraulic 
capacity or flood point) of a packing, which is the 
greatest vapor rate at which the packing still 
maintains the system base HETP. Norton [96] 
rates packings by percent of efficient capacity 
rather than percent of flood. 

Capat35 Cmrelatwn [83] 

Figures 9-21G and 9-211 present the proprietary esti- 
mating capacity charts for the various sizes of the Intalox@ 
packing for a non-foaming system. The system base HETP 
of a packing is the flat HETP value produced by uniform 
distribution, see Figure 9-22. 
The terminology for the chart referenced to Norton's 

[83] Intalox@ random packing of various sizes designated as: 

Size No. Imensions.. D' 
15 
25 1 
40 
50 2 
70 

Design information used by permission of Norton Chemical Process 
Products Go. 

 low parameter, X- L/ G 2/pG /PI, , chart (9 - 32) 

capacity parameter, C, = v Jpc / (PL - PG 1, 
(9- 33) fi/sec or m /sec 

Capacity rating, C,, = feet/sec., or m /sec, from chart 

EfEcient capacity, C, = C, 

ft./ sec/ or meters / sec. (9 - 34) 

This is the greatest vapor rate at which the packing still 
maintains the system base HETP [83]. 

Capacity rating - [C,/C,,] (100) = o/o capacity [83] 

Pressure drop equation: For IMTP packing, non-foam- 
ing system, use: Figure 9-21G or I. 

where flow parameter, X = as previously noted, Equation 9-32. 

Capacity parameter, Y = F C? vo.] 

Value for F coefficient (used by permission Norton [83]) 

IMTP size ,Yo. 15 No. 25 No.40 No.50 No. 70 
FwhenC,inm/sec 349 441 238 194 129 
F when C, in ft/sec 51 41 24 18 12 

where v = liquid kinematic Viscosity, centistokes 
= p/(sp.gr) centistokes 
= liquid viscosity, centipoise 

(3 = surface tension, dynes/cm 
L = liquid mass rate, lb/hr 
G = gas mass rate, lb hr 

p~ = liquid density, Ib/@ 
PG - gas density, Ib/f$ 
Vg = V = superficial gas velocity, ft/sec or m/sec 



302 Applied Process Design for Chemical and Petrochemical Plants 

Note: 1 in. water/ft = 1.87 mmHg/ft = 6.15 mmHg/m 

Superficial vapor velocity, V, = G /  ( p d )  (9-35) 

where A = (x/4) D2, ft2 

Packing Efficiency/Perforance for IMTP Packing [96] 

This is usually expressed as HETP, and for the IMTP 
packing when a high performance (uniform) liquid dis- 
tributor is used in a column, the HETP is independent of 
the tower diameter and packing depth. Norton [83] has 
developed a concept for evaluating HETP for fluids (a) 
non-aqueous, (b) non-reacting and non-ionizing, and (c) 
low relative volatility (less than three) [83], as follows: 

System base HETP of IMTP packing for distillation and 
reboiled stripping: 

(A) System Base HETP = A - (1.78)p, For p S 0.4cp (9 - [J-0.16 
(B) System Base HETP = B [4-0.19 - 

[JLIO-~~ 
(9 - 37) 

for p > 0.4 cp 
expressed as millimeters or inches, depending on con- 
stants used for A and B in the previous equations. If (T > 27, 
use (T = 27, dynes/cm; p = liquid viscosity, cp, Use the val- 
ues of A and B as follows [Reference 83 by permission] : 

Values of A and B for Equations 9-36 and 37 
IMTP Size No. 15 No. 23 No. 50 No. 40 No. 70 

A-mm 271.3 331.4 400.7 524.9 759.9 
A-in 10.68 13.05 15.78 20.67 29.92 
B-mm 296.7 366.1 438.3 579.9 831.2 
Bin 11.68 14.41 17.25 22.83 32.72 

For commercial towers with good liquid/vapor distribu- 
tion Norton [96] recommends standard designs use 
HETP d u e s  13% above the system base HETP. If the sys- 
tem under consideration does not meet the physical prop- 
erties limit, either use a conservative estimate or use actu- 
al plant or published data for the system. For comparison 
of HETP values for selected packings see Strigle and 
Rukovena [94], Figure 9-28. 

Example 9-1, Hydrocarbon Stripper Design (Figure 9-29) 

Design a packed tower splitter for a light hydrocarbon 
plant. The conditions of operation as determined from 
material balance are: 

Operate at 430 psig, feed from ethylene tower at purifi- 
cation unit. 

Feed: Volume: 55% ethylene 
43% ethane 

CS - CAPACITY FACTOR FT./SEC. 

Figure 9-28. Packing comparison at design point for Intalox@ ceram- 
ic saddles, metal pall rings, and metal Intalox". Reproduced by per- 
mission of American Institute of Chemical Engineers, Strigle, R. F., Jr. 
and Rukovena, F., Chemical Engineering Progress, Mar. 0 (1979) p. 
86; all rights reserved. 

l l  24,000 #/day - 
U 

450F 1 97,300 #/day reboil 

107,400 #/day + > 
10,100 

Figure 9-29. LHC plant stripper using packed tower; for Example 9-1. 

Specifications to be: 
Overhead 90% ethylene 
Bottoms: 95% ethane 
Feed: 13,000 lb/day ethylene 

11,000 lb/day ethane 

Bottoms: 25"F, Boiling point feed 
Bubble point of bottoms: At 445 psia 

Determine feed temperature from ethylene tower. 

K@47"F Kx K@45"F Kx ---- Composition x~ 
Ethylene 0.05 1.36 0.068 1.35 0.067 
Ethane 

1 .oo 1.018 0.988 
0.95 1.0 - 0.95 0.97 0.921 - -  
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Therefore, bubble point = 46°F 
abottoms = 1.35/0.98 = 1.38 
Dew point on overhead: at 443 psia 

Composition K@lj0F y/K 
Ethylene 0.90 1.05 0.85'7 
Ethane 0.10 0.7j 0.138 

1 .oo 0.995 

Dew point on overhead: 15°F 
Bubble point on overhead: Try 10°F at 445 psia 

Composition a - K - Kx 
Ethylene 0.90 1.00 0.90 
Ethane - 0.10 0.80 0.08 

1 .oo 0.98 

Bubble point > 10°F < 15°F E 12°F 
= 1.05/0.73 = 1.44 

I 
aavg = ;atop abottom = J(1.38) (1.44) = 1.41 

Minimum Trays at Total Reflux 

Fenske Equation: 

N + 1 =  log (xlk /Xhk )D (xhk i x l k  )B 

1% Qavg 

- log (0.90/0.10) (0.95/0.05) - 
log 1.41 

= 14.8 theoretical trays 

Minimum Rejlux 

Gilliland Plot: 

0.90 [1+ 0.41 (0.55)] - 0.775 
= 3.23 - - 

(6.41) (0.55) (0.45) 

Use actual L/D = 6 : 1 

Theoretical Plates us. Reflux 

Gilliland Plot 

m 
3.23 
4.0 
5.0 
6.0 
7.0 
8.0 

Infinity 

Theoretical Plates 
Infinity 

28.4 
22.4 
20.0 
18.6 
17.8 
14.2 

Refer to Figure 9-30 for plot for this example. 
Refer to Figure 9-29 for diagram of loading. From a mate- 
rial balance using (L/D) = 6.0; theoretical trays = 20 

(a) Feed = 24,000 lb/day 
(b) Distillate product: 13,900 lb/day 
(c) Reflux into column: 83,400 lb/day @ 6:l reflux, 

(d) Total gross overhead: 97,300 lb/day 
(e) Total bottoms out: 10,100 lb/day 

L/D 

Top of Column 

(28) (445) (492) = 2.47 lb/ft3 @ 430 psig & 10°F 
"' = (359) (14.7) (470) 

PL = 0.39 (62.4) = 24.3 lb/ft3 
Liquid viscosity = 0.07 cp 
From Figure 421C: 

L/G = dx = 83,400/97,300\/2.47/24.3 = 0.2'7 

Read: 

= 0.067 (flooding, avg.) 
G2 FpO.l 

PG (PL - PG gc 

For average loading condition, read ordinate = 0.030 
For average flooding: (from chart) using 1-in. metal Pall rings, 
with F = 56. 

0.067 = G2 (56) (0.07)'.'/(32.2) (24.3 - 2.47) (2.47) 
G = 1.648, ft/sec/ft2 for average flooding 
Vloading = 1.648/2.47 = 0.667 ft/.SeC 

Theoretical trays = 20 

Figure 9-30. Gilliland Plot for Example 9-1. 
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Volume flow = 97,300/(24) (3,600) (2.47) = 0.4559 f$/sec 
Area required = .4559/0.667 - 0.6835 ft2 (= 98.4 in2) 

Column diameter = 11.19 in. 
Use = Win. I.D. column 

Bottom of Column: 

= 0.0095 cp 
p~ = 0.07 cp 

pL = 0.4 (62.4) = 25 lb/ft3 

L/G = .,/= = ( 1 0 7 , 4 0 0 / 9 7 , 3 0 0 ) ~ ~  = 0.346 

Using packing factor, F = 56 for 1-in. Pall metal rings 
Reading chart: 

@ FPO.'/(PG) ( p ~  - PG) (g,) = 0.057, flooding, for reference, 
loading reads = 0.036 

@ (56) (0.07)0.1/(2.47) (25 - 2.47) (32.2) = @ (0.02394) 

Area Req'd. = 0.4559/0.4048 = 1.126 ft* 3 162.17 in2 

Diameter = 14gin. Use 16-in. diameter, See Appendix A-18 

It is better to use smaller packing (less than 1 in.) in this 
diameter column (l6ii. I.D.), such as 36 in. if recalculated 
above. Packing of W in. or M in. are better in thii sine col- 
umn; however the effects of packing factor should be cal- 
culated if changed from M in. packing. 

HETP: Use HETP = 18 in. based on on-site column data 
and manufacturer's confirmation that for % in. Pall rings 
in this system, the 18 in. HETP should perform satisfacto- 
rily. Note: For each design verify expected HETP through 
the manufacturer. 

Redistribute the liquid every 10 ft and allow 2 ft addi- 
tional for redistribution = 36 ft. Then use 4-10 ft sections 
of packing. For 20 theoretical plates, total performance 
packed height 20 (18 in./12 in.) = 30 ft. Allow for loss of 
equilibrium at (1) reflux entrance = 1 HETP and (2) feed 
entrance = 2 HETP and (3) redistribution (2) = 2 HETP; 
totals 5 HETP. 

5 x 1.5 ft = 7.5 ft extra packing. 

Total packing to install = 30 ft + 7.5 ft = 37.5 ft; Use 40 ft. 
Feed point, based on Kirkbride (See Chapter 8): 

log - NN = 0.206 log [(E) (-) (z) '1 
NM D XIF 

10,100 0.45 0.05 
NM 13,900 0.55 0.10 

log- NN = 0.20610g(-) (-) (-)2 

= 0.206 log 0.149 
= -0.206 (0.837) 
= -0.1723 

log- NM = 0.1725 
NN 

(9 - 38) 

1.487 (NN) + NN = 40 

Then: NN = 16.08 ft, rectifying section; use 1 16.5-ft section 
NM = 23.92 ft, stripping section; use 2 12-ft sections 

Allow 2 ft space between support of top section and 

Estimated pressure drop of loading from Figure 9-21C 
redistributor of section 2 (from top). 

= 0.40 in water/ft of packing. For totaI packed height, AP 
(0.40) (16.5 + 24) = 16.2 in. water total (packing only). 

Preliminary evaluation of condenser requirements: 
Condense: 97,300 lb/day 

L, = 115 Btu/lb 

q - 97,300 (115)/24 = 466,229 Btu/hr 

For u , x i m u t e  estimate: assume overall heat rransfer 
coefficient, 

U = 100 Btu/hr (ft2) ( O F )  

AT = 35°F for (-25°F propylene) 

Area Estimated = 466,229/(100) (35) = 133 ft2 (outside tubes) 

Recommend kettle type condenser (boiling propylene) 
(see chapter on Heat Transfer, Volume 3). 

Nutter Ring [97] 

Nutter offers an improved high performance random 
packing identified as Nutter RingTM, see Figure 9-6K To 
achieve the best performance from any random packing, 
the liquid distributor must be level and the distributor 
points of the discharging liquid to the packing must be 
uniformly distributed, see earlier discussion on this topic. 
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CWC7,24 psia 
FRI TDP, 5 mm TUBES 

1 A-82 NUTTER R i N G S  . e- 2‘ PALL RINGS : D- 3 . 5 ”  PALL R I N G S  P 

The manufacturer’s key performance descriptions and 
claims are: 

5 0 . 0 0 :  

40-001 
I 

a . :  

3 0 . 0 0 :  
+- 

20.co: 

1. Comparative tests at Fractionation Research, Inc. 
(FRI) [154] showed the No. 2 Nutter ringTM to have 
greater usable efficiency-capacity profile, with sub- 
stantially lower pressure drop than is achieved with 
slotted rings. Usable capacity is comparable to 3X-in. 
Pall rings (see Figures 9-31A-C). 

2. Ring form provides multiple circular crimped strips 
to encourage liquid surface renewal. 

f 

60 .00  
C6/C7. 24 p s  i a 
F R I  TDP,  5 m m  TUBES t I 

I- 
LL 
\ 
0 
cu = 1.00 

z 
I 

. A- 12 NUTTER R I N G S  

1 := 2 ”  3 . 5 ‘  PALL PALL RINGS R I N G S  

I 
E)-----2‘ PALL RINGS 
D-3.5’ PALL RINGS 

C6/C7, 5 p s i a  
F R I  TOP, 5 m m  TUBES 63.00F 

. . .  lO.0,. . . . . . . I _ _ . . . . . . .  I . . . . .  

0 .  j 0 l ’ . ’ i .  . ’ . 2.00 .50 

F 5 ,  FT/S(LB/FT3)% 

Figure 9-31A. Comparison of HETP for No. 2 Nutter RingsTM and Pall 
rings in a C$G system at 24 psia and 5 psia using the FRI tubed drip 
pan distributor. Data prepared and used by permission of Nutter 
Engineering, Harsco Corp. and by special permission of Fractiona- 
tion Research, Inc.; all rights reserved. 

2 -00 
C 6 / C 7 ,  5 p s i a  
FRI TDP, 5 m m  E TUBES 

P 
P d 

Fs I FT/S ( L W F T 3 P  

Figure 9-31 B. Comparison of pressure drop for No. 2 Nutter RingsTM 
and Pall ttngs in a CdC7 system at 24 psia and 5 psia using the FRI 
tubed drip pan distributor. Data prepared and used by permission of 
Nutter Engineering, Harsco Corp. and by speclal permission of Frac- 
tionation Research, Inc.; all rights reserved. 

3. Perforated central trough enhances lateral liquid 
spreading and effectively wets the outside surface 
facing vapor flow. 

4. Heavily ribbed main element for a high strength-to- 
weight ratio. 

5. A pair of tapered slots and hoops provide maximum 
randomness with minimal nesting. 

6. Efficiency enhanced by item (2) above, and the No. 2 
Nutter Ring is better than 2-in. Pall rings [ 155, 1571. 

7. Superior surface utilition in mas and heat transfer, 
allowing shorter packed bed heights. Turn-down per- 
formance is superior over 2-in. and 3%in. Pall rings. 
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. 11-12 NUrTER RINGS 

. 0-2' PALL RINGS 
1.50 1 Q--5.9' PALL RINGS 

0 cu 
1 

2.00  C6/C7, 5 p s i a  
FRI T D P ,  5 mrn TUBES 

A- X 2  NUTTER RINGS 
0-2" PALL RINGS 
0-3.5" PALL RINGS f P, 

Figure 991C. Comparlson of P/Eo for No. 2 Nutter RingsTM and Pall 
rings in a C& system at 24 psia and 5 psia using the FRI tubed drip 
pan distributor. Data prepared and used by permission of Nutter 
Engineering, Harsco Corp. and by special permission of Fractiona- 
tion Research, Inc.; all rights resewed. 

8. Strength to weight ratio allows bed heights of 50 ft. 
9. Lower pressure drop and greater usable capacity 

allow use of smaller diameter columns. Pressure drop 
per stage is SO-SO% less than either size Pall ring. 

10. Reproducible performance assured through uni- 
form randomness [ 1561. 

11. All rings in sizes No. 0.7 to No. 3 diameter are p r e  
portional on all dimensions for accuracy in scaleup 
of pressure drop, capacity, and efficiency. See Fig- 
ure MK. 

12. Plastic Nutter RingsTM are rigid and energy efficient, 
and permit applications to produce pressure drops 
per theoretical stage and bed heights, not attainable 
with other random Darticle Dackinc. 

Thii design presentation is proprietary to Nutter Engi- 
neering and is definitely more accumte than applying the 
Nutter RingTM to the generalized pressure drop correla- 
tions (Figure 9-21B to -21F). Figures 9-21G and 9-211 do 
not apply because they are proprietary to another manu- 
facturer. The procedures to follow supercede the equa- 
tions in Nutter and Perry [99, 981, and are used by per- 
mission of Nutter Engineering, a Harsco Corp. 

1. Determine % useful capacity; Assume a column diam- 
eter, or calculate using an existing column under 
study. Usable capacity is defined as the maximum 
loading condition where efficiency does not deterie 
rate significantly from that achieved over a lower 
range of loadings [99]. For the Nutter ring, the limit- 
ing pressure drop for usable capacity is 1 in. of hot 
liquid for low pressure systems. Designs should not 
exceed this value. This has been shown to hold for 
c 6 4 7  system at 5 psia and for hydrocarbons at atmos 
pheric to 24 psia. (See Figures 9-31A and 9-31B) [98]. 

9% Useful capacity = (100) (CJ (FJC2) (9 - 39) 

where C, - vapor rate =V, [&/(PI - 
pv - vapor/gas phase density, lb/@ 
p1 - liquid phase density, lb/@ 
Vs = vapor superficial velocity, ft/sec 
C, - wet pressure drop intercept coefficient 

ft/sec (9 - 40) 

(FQI) (Fsize) (Fsystem) (9 - 41) 
F Q ~  - liquid rate factor for C2 
FsiX - size factor for Cz 

FVtem = physical properties factor for C2 
F, - useful system capacity factor 

(0.533) ((PI - p ~ ) / p ~ , ) O . l ~  (9 - 42) 
Limits: 0.728 e - F, < - 1.04 

FQJ - 0.428 - 0.0141 Q1 + 0.000326 Q' - 3.7 
x QS + 1.47 x lo-* Q4 (9 - 43) 

Fsize XI + Xg (Qd (9 - 45) 

(9 - 46) 

a liquid superficial velocity, gpm/ft2 
F, - vapor rate, V, (pJ0.5,  (ft/sec) (lb/ft3)o.5 (9 - 44) 

XI, X2 - constants from Table 9-32 
Fsystem - 1.130 (o/p1)0.'79 

u - surface tension, liquid, dynes/cm 

% System limit vapor velocity = 100 V,/[ (0.760) 

(not applicable when ((PI- &)/pv)Oe5 > 4.5 
WP, )0-4611 (9 - 47) 

Pressure drop: dry bed 

dpd = C1 (FJ2 = dry bed pressure drop, in. water/ft (9 - 48) 
I " 
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Table 9-32 
Nutter Ring Hydraulic Coefficients 

. . .  . ...... .... .... 

Nutter Ring(TM) 
x3 x, -- Size c1 X1 x2 

0.7 0.141 0.735 -0.00646 1.0 0.05 
1 0.095 0.870 -0.00562 1.10 0.08 

1.5 0.070 0.969 -0.00230 1.12 0.08 
2 0.059 1.000 0.0 1.15 0.08 

2.5 0.051 1.0394 0.000653 1.15 0.08 
0.037 1.124 0.002076 1.15 0.10 3 

. .  ..... .... -. 

Used by permission of Nutter Engineering, a Harsco Corp. 

where C1 = coefficient from Table 9-32. 

Operating pressure drop: 

where C3 = max. value of [(ZQI) (X,)], or [X,  itsew (9-50) 
Cs = wet pressure drop slope coefficient 

zQ1 = 0.1084 - 0.00350 Q1 + 0.0000438 Q2 + 7.67 X 

lo-’ Q3 - 1.4 x lo-* Q14 (9-51) 
zQ1 = liquid rate factor for C3, in. water/ft 

APd = dry bed pressure drop, in. water/ft 
X3,X4 = constants from Table 9-32. 

AP = operating pressure drop, in. liquid/ft 
e = base of natural logarithms 

X1,Xz = curve fit coefficients for C2, Table 9-32. 
X3,& = curve fit coefficients for C3, Table 9-32. 

y = viscosity, centipoise, cp 

Subscripts 
g, v = gas or vapor phase 

1 = liquid phase 
s = based on tower cross-sectional area 

Figures 932A and B [98] illustrate the correlation of wet 
pressure drop and system vapor rate at various liquid rates 
for No. 2 Nutter rings; however, other available data indi- 
cate that other sizes of Nutter rings, Pall rings, and select- 
ed other packing shapes correlate in the same manner. 

Figures 9-33A and B illustrate the fit of data taken by FRI 
on a commercial size column for hydrocarbon systems, 
using No. 2.5 Nutter rings at three different pressures, and 
comparing the latest Nutter proprietary correlation previ- 
ously presented. 

When considering pressure drop models based only on 
water, hydrocarbons system capacity can be significantly 
overstated. For hhtter random ring packings the pressure 
drop/capacity models fit the data within 210% over the 
range of commercial interest, i.e., 0.1 to 1.0 in. water/ft of 
packing. Pressure drop values for design operation should 

10 I I I , 

0 0.4 
Vapor Rate, CS, ft/s 

x: Air-lsopar +: C6 - C7 
5, 15, 24 psia 

Figure 9-32A. Correlation of No. 2 Nutter RingsTM superficial capac- 
ity vs. wet pressure drop for 4 data sets and 3 separate tests. Note 
the 1O:l pressure drop range. Reproduced by permission from Nut- 
ter, D. E. and Perry, D., presented at New Orleans, La. meeting of 
American Institute of Chemical Engineers, March (1 988), and by spe- 
cial permission of Fractionation Research, Inc.; all rights reserved. 

not exceed 1.0 in. water/ft. This is generally 80% of flood 
capacity or 90% of useful capacity. 

Tests by FRI and Nutter [132] emphasize that distribu- 
tion of liquid must be uniform and at minimum values to 
achieve good HETP values over a range of system pres- 
sures for hydrocarbons distillation. 

Glitsch performance data for their Cascade Mini-Ring8 
are shown in Figures 9-34A, B, and C for HETP with other 
published data and pressure drop for comparison with 
Pall rings and sieve trays. Note the abbreviation CMR 
stands for Cascade Mini-Rings. 

Generally, it is not recommended to specify any packed 
section in a random packed tower to be greater than 20 ft 
in height. However, some packing manufacturers state 
that their packings will physically sustain greater heights 
and continue to produce good HETP values by maintain- 
ing a good uniform liquid flow internally, and that the liq- 
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I I I 

0.1 I I I I 

Vapor Rate, Cs, ft./s 

Figure 9-326. Correlation of No. 2 Nutter RingTM for 7 liquid rates versus wet pressure drop. Reproduced by permission from Nutter, D. E. and 
Perry, D., presented at New Orleans, La. meeting of American Institute of Chemical Engineers, March (1988), and by special permission of Frac- 
tional Research, Inc.; all rights reserved. 
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,*...--- Figure 9-33A. Comparison of hydrocarbon sys- 

tems fit to Nutter Correlation at 165 psia (No. 2.5 
0.2 0.4 0.6 0.6 1 1.2 1.4 1.6 Nutter RingT?. Used by permission of Nutter 

Engineering Co., Harsco Corp. and by special 
permission of Fractionation Research, Inc.; all 
rights reserved. 
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0 1  

. 

Fiaure 9-338. Comparison of hydrocarbon sys- 
t e i s  fit to Nutter Correlation at 300 psia (No. 
2.5 Nutter RingTM). Used by permission Nutter 
Engineering Co., Harsco Corp. and by special 
permission of Fractionation Research, Inc.; all 
rights reserved. 

0.2 0.4 0.6 0.8 1 1.2 

Vapor Rate, Fs 

0.05 0.10 0.15 0.20 0.25 0.30 
C-factor 

Figure 9-MA. Efficiency versus C-factor for various metal packings. 
Iso-octane/toluene, 740 mm Hg, retlux ratio 14:1,15-in. I.D. column, 
1 0 4  bed height. Not Glitsch test data. Note: CMR = Cascade Mini- 
ring@. Used by permission of Glitsch, Inc., Bull. 345. 

uid/vapor internal contacting does not create significant 
channeling that will reduce the contact efficiency. The 
base for the initial statement above includes the distribu- 
tion of liquid, redistribution of liquid, gas or vapor chan- 
neling, and process surging, plus many other situations 
unique to the process conditions. Structured packing 
heights should be determined by the manufacturer for the 
design conditions. 

When trying to “balance” the several packed section 
heights as may be required for the process, it is complete- 

C-factor 

Figure 9-348. Efficiency versus C-factor for metal rings. Data from 
Billet (Symposium Series 32, Institution of Chemical Engineers), Lon- 
don (1969). Used by permission of Glitsch, Inc., Bull. 345. 

ly acceptable to vary the individual heights to fit such 
requirements as location of return of reflux, multiple feed 
positions, and factors of safety on design. Thus one section 
may be 20 ft, another 17 ft, and another 25 f t  as long as the 
process function has been thought out, i.e., the locations 
of the “breaks” in the packing sections do not interrupt an 
important control function by locating the temperature 
sensor too close to the top or bottom of section, unless 
that location is determined to be the proper sensing loca- 
tion. For this, along with other reasons, it is good to pre- 
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I I I I I  
0.15 0.20 0.25 0.30 0.35 

C-factor 

Figure 9-34C. Pressure drop versus C-factor for metal rings and 
sieve trays. Operating data from ethylbenzendxylene service. 50 mm 
Hg top pressure. Naarden International test data. Used by permis- 
sion of Glitsch, Inc., Bull. 345. 
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Figure 9-34D. Pressure drop comlation at flood point for use with 
Table 9-33. Used by permission of Zenz, F. A., Chemical Engineering, 
Aug. (1 953) p. 176; all rights reserved. 

pare a profile of the column and spot the controls and 
“interruptions” to packing continuity. 

One extremely valuable concern is that at least three 
feed injection nozzle should be placed in the column dur- 
ing packing (installation) and then piped-up externally to 
allow alternate choices to test the column’s best perfor- 
mance, and to allow for needed changes in feed location 
dictated by changes in the feed composition. In summary, 
everything that can be done mechanically including pip- 
ing should be built into the column arrangement to be 

able to accommodate both changing process require 
ments and errors or lack of agreement between calcula- 
tions and actual operations performance. 

Dumped Packing: Gas-Liquid System Below Loading 

Figures 9-21B-H can be used effectively to determine 
the performance for new designs or for existing operating 
columns. 

Dumped Packing: Loading and Flooding Regions, 
General Design Correlations 

Figure 9-21B, -21F, or -21H may be used for any system to 
obtain a good estimate of pressure drop for practically any 
random packing material. The relative state of liquid posi- 
tion of the point on the graph, and the approximate pres 
sure drops per foot of packing depth may be read as para- 
meters. It is important to recognize that the load upper 
limit, line A, is essentially coincident with the flooding con- 
dition. It is also apparent that the relative relation of the 
operating point to the flooding and loading conditions is 
quite different at the extreme right of the figure for large 
values of the abscissa than for low values to the left. 

The rearranged form of the same Sherwood [61, 621 
equation allows the curve for flooding of dumped pack- 
ings to be conveniently presented to facilitate calculation 
of the flooding gas rate, Gf, corresponding to a given liq- 
uid flow L [81], Figure 9-21A. 

The packing factors to use with Figures 9-21B-F and 
-21H are given in Tables 9-26A-E. 

Ward and Sommerfeld [ 1301 present an equation based 
on the curves shown in Figure 9-21C, D and referenced to 
Eckert [ 1251 and Leva [43] for calculating the gas and liq- 
uid flooding rates. There have been numerous other 
equations targeted for this purpose, but many are too awk- 
ward for easy general use. The proposed equations have 
been tested by the authors. 

Gas flow rate at flooding: 

G = B exp [-3.845186 + 4.044306 (-0.4982244 In, 
(m2) - 1)0.5] (9 - 52) 

Liquid flow rate, L, at flooding: 

exp [-4.303976 + 3.552134 [ (PG /PI. )O”] 

(-0.645854 In, (AG2 - l))0.5 ] 

where A = F W pLo.2/pcpLgc 
B = L (PG/PL)0’5 
A = correlating parameter 
B = correlating parameter 
F = packing factor, l/ft, or, 

(9 - 53) 

(ft)-1 
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G = g a s  flow rate, lb/(hr) (ft2) 
gc = Newton's Law, proportionality factor 

L = liquid flow rate, lb/(hr-ft2) 
X = abscissa in the generalized pressure drop correlation, 

Y = ordinate in the generalized pressure drop correlation, 

p = viscosity, centipoise 
p = density, lb/ft3 
'$ = ratio of water density to liquid density 

= (4.17 x lo8), (ft-lb,) (lbFhr2) 

= (L/G) (PG/PL)O.' 

G2F '$pLo'2/pGpLgc 

Subscripts 

G = gas phase 
L = liquid phase 

The solution of the previous equations require careful 
attention to the sequence of the arithmetic. Perhaps one 
difficult requirement is the need to establish the L or G in 
lb/hr/ft2 of tower cross-section, requiring an assumption 
of tower diameter. The equations are quite sensitive to the 
values of A and B. 

Dumped Packing: Pressure Drop at Flooding 

As a comparison or alternate procedure, the pressure 
drop at the flooding point as indicated by the upper 
break in the pressure drop curve can be estimated from 
Table 9-33 and Figure 9-34D for rings and saddles [81]. 
The values in the table multiplied by the correction ratio 
gives the pressure drop for the liquid in question, 
expressed as inches of water. 

Dumped Packing: Pressure Drop Below and at Flood 
Point, Liquid Continuous Range 

For a particular liquid-gas system and tower packing, per- 
formance indicates a region where the liquid phase becoms 

Table 9-33 
Pressure Drop at Upper Break Point (Flood) With Water 

As the Flowing Liquid [81] 
. .. . . _ _  .. 

APf, In. HtO/ft 
of Packed Bed In. of Packed Bed 

.. .. ~ 

2.2 
1 2.5 
w 2.5 
!4 2.0 

1.25 

In. 

2 
1% 
1% 

1 (ribbed) 
1 4.0 
% 3.0 
(I 2.5 
n 3.5 
x 4.0 
!4 4.0 

.. _ _  
By permission, F. A. Zenz, Chem. Eng., Aug., 176 (1953), Ref. 81 

continuous and the gas phase discontinuous. This is obvi- 
ously at relatively high liquor rates, but not beyond the 
range of satisfactory performance for the equipment. This 
region is characterized by proportionally higher pressure 
drops than the gas-continuous region, and the existence of 
a critical liquid rate as this pressure drop deviation occurs. 

Referring to Figure 9-20 the curve for L'-12,500 shows 
the beginning of the "move to the left," swinging away from 
the uniform slope of the curves for lower L' values. 

This probably is not the L, value for the system. The 
study of Zenz suggests that the critical liquid rate, L,, is the 
minimum liquid rate that compbteij wets the packing thus 
having essentially all packing surface effective for gas con- 
tact. Rates above this value should be determined by allow- 
able pressure drop and the limitation that the tower often 
begins to approach the flooding conditions more rapidly 
than in the gas-continuous region. Figure 9-35 correlates 
this L, for Raschig rings and Berl saddles as a function of 
liquid viscosity. 

I 

0 ._ v Raschig Rings 

0 I I , 1 1 , 1 , ,  I 1 1 , 1 , 1 , ,  

lo' I 2 4 6 10 20 40 60 00 I 2 4 6 10 20 40 60 100 
Liauid Vircoi i tv .Cenfir loker =Cenl iooiseslrp.ar .  .. 

IAI 

Figure 9-35. Values of liquid rate when the system becomes liquid 
continuous, L. Used by permission of Zenz, F. A., Chemical Engi- 
neering, Aug. (1953) p. 176; all rights reserved. 

More work is needed to fully understand this feature of 
tower performance and extend the information to other 
common packings. Determination of L, from the figures 
will indicate whether the tower is operating under gas-con- 
tinuous (values of L lower than L,) or liquidcontinuous 
(values equal to or larger than L,). The approximate 
degree of wetting of the packing can be evaluated as the 
ratio of L/L, [73]. The pressure drop is evaluated using 
Figure 9-21B-F or H to determine the flooding liquid rate, 
Lf. Then calculate the ratio of Lf to actual L. Read Figure 
9-36 to obtain AP actual/APf. Thus, AP actual is the ratio 
value times APf calculated using Figure 9-34D and Tables 
9-33 and -33A. 
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a 
Ceramic 

P 
a 

Ceramic 
.~ B 

a 
Plastic 

B 
a 

Metal 
P 
a 

Metal 
B 

Table 9-33A 
Revised Packed Tower Pressure Drop Correlation Constants for Towers Operating Below Flooding Region 

1.96 1.31 0.82 0.53 0.31 0.23 0.18 

0.21 0.17 0.15 0.56 0.39 0.38 0.22 
1.16 0.56 0.53 0.21 0.16 

0.47 0.25 0.18 0.16 0.12 
0.22 0.14 0.10 

0.14 0.13 0.12 
0.43 0.15 0.08 0.06 

0.17 0.15 0.16 0.12 
1.20 

0.28 

- .- ~ 

~ ~~ 

m e  of Packing 

Intalox Saddles 

Raschig Rings 
~ 

Berl Saddles 

Pall Rings 

Pall Rings 

Raschig Rings 
?& in. Wall 

Raschig Rings 
%in. Wall 

._ 
3 

a 1.04 0.52 0.52 0.13 0.14 

0.37 0.25 0.16 0.15 0.10 
Ceramic 

1.59 1.01 0.80 0.53 0.29 0.23 

P 0.29 0.39 0.30 0.19 0.20 0.14 
Metal a 1 

-- 
By permission J. Eckert, US. Stoneware Go. (now, Norton Chemical Process Equipment Gorp.) (1958). 

Equation 

Ap = a x loBL '* ' (Limited to Region Below Flooding). lpcl 
Ap = Pressure Drop-in. HnO/ft of packing 
G = Gas Mass Velocity-lb/sec ft2 
L = Liquid Mass Velocity-lb/sec ft2 
p~ = Gas Density-lb/ft3 
a and p = Constants. 

I." 

0.06 0. I 0.2 0.4 0.6 1.0 

Ap/Ap,,oo* 

Figure 9-36. Pressure drop correlation at flooding. Used by permis- 
sion of Zenz, F. A., Chemical Engineering, Aug. (1 953) p. 181. 

Pressure Drop Across Packing Supports and 
Redistribution Plates 

Useful correlated information on pressure drop across 
packing supports and redistribution plates is practically 
not available. Some order of magnitude guide data is 
given in Figures 9-37-41. 

Because these data are peculiar to the supports studied, 
it can serve only as a good estimate for other situations. It 
is important to remember that the results obtained with a 
bare plate, and one holding a layer of packing, can be quite 
different, the latter being the more realistic condition. 

The only available test data [44] indicate that the plain flat 
plate (2645% free area) has a decided detimental effect 
on the allowable flooding conditions of the tower; whereas 
the wire screen, weir-type, and fused Raschig ring designs 
have very little effect when using Intalox saddles for packing. 
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-A :Wire Screen, also Weir- 
--- B :Plain Melai P la te  
Wire Screen Plate ~ 9 2 %  Fres 
w i th  3/8"Square Openings 

,Type(Steell 

Space 

L: Water Rate, Ib./Hr.(sq.ft.) 

Air  Mass Velocity, Ib../Hr.(sq.ft.) 

Figure 957. Comparison effect of pressure drop across support 
plate and bed of 1% in. lntalox@ saddles. Used by permission of 
Leva, M., Lucas, J. M., and Frahme, H. H., Ind, Eng Chem. V. 46, No. 
6 (1 954); all rights reserved. 

u 
500 1,000 

Gas Mass Velocity, Ib./Hr.(sq. f t.) 
Pressure Drop Through Fused Raschig 
Ring Plate,wi!h Plate Covered with 
One inch of  I Size lntalox Saddles 
(L:Liquid Mass Rate Parameter) 

Pocked 40" High with 
I" lntolox Saddles 

2 4 6 8 10 12 
Ratio of Liquid Mass Velocity -Air Mass Velocity through Tower 

Figure 9-38. Effect of choice of support plate on flooding rate. Used 
by permission of U.S. Stoneware Co. (now, Norton Chemical Process 
Equipment Corp.). 

In general the dumped saddle type packing should give less 
blocking to support openings than ring type. 

Example 9-2: Evaluation of Tower 
Condition and Pressure Drop 

Check the design of a 4ft, Gin. I.D. tower packed with 
43 ft of 1-in. x Xiin. thick steel Raschig rings if the service 
requires a liquid rate of 2,250 lb/hr (ft2) of 10% caustic 
solution (sp. gr. = 1.22) and 4,540 Ib/hr (ft2) of 110°F air 
containing C02 to be scrubbed at 363 psia. 

1. Determine the operating range for the tower by ref- 
erencing to Figure 9-21B or 9-21C. Use 9-21C for this 
example. 

Plate = 58 % Free Area 

Figure 9-39. Pressure drop through fused ceramic Raschig ring plate 
with plate covered with 1 in. of 1 -in.-size Intalox@ saddles. Used by 
permission of Leva, M., Lucas, J. M., and Frahme, H. H., Ind. Eng. 
Chem., V. 46, No. 6 (1 954); all rights reserved. 

L 3,570 
5.0 

500 1,000 
Gas Mass Velocity> I b./Hr.(sq.f t.) 

Pressure Drop through Plain Ceramic 
Plate 

( L E  Liquid Mass Rate Parameter) 
Curve A also Represents Weir-Type 
Plate Covered With One inch of I" 
lntalox Saddles 
P la te -20  O/O Free Area Plain Ceramic 

~ 6 0  ?h Free Area Weir- Type 

Figure 9-40. Pressure drop through plain ceramic plate. Used by per- 
mission of Leva, M., Lucas, J. M., and Frahme, H. H., Ind. Eng. 
Chem., V. 46, No. 6 (1 954); all rights reserved. 
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Gas Rate,ft . /sec. 
I .o IO 

Gas R a t e ,  lb./(Hr.)(sq.ft.) 
Plate: 7/32" 0 Holes 
1/8" Tk. 43.2% Free Area 

Figure 9-41. Flooding on perforated support plate. Used by permis- 
sion of Lerner, B. J. and Grove, C. S., Jr., Ind. Eng. Chem., V. 43, No. 
1 (1 951), p. 21 6; all rights resewed. 

( 29 ) (z) (E) = 1.732 lb/ft3 
P G =  379 570 14.7 

PL = (62.3) (1.22) = 76.1 lb/ft3 

p = 2 cp at 104°F for liquid 

F--= 137 Table 9 - 26A note range. a 

E3 

= 0.07563 L 2250 ( 1.732 ) ' I p  
- bG /(PL - PG )I1/* =- G 4540 76.1 - 1.732 

- (4540/3600)' (1.07)O" (137) c2(A) p0.1 - 
PG E3 (PL - P G )  g, 1.732 (76.1 - 1.732) (32.2) 

= 0.0563 
2. Locating 0.0756 and 0.0563 on Figure 9-21C reading 

the intersection indicates a condition in the lower 
loading region, and a pressure drop of approximately 
0.60 in. water/ft of packing. 

= (45 ft) (0.60) = 27 in. water, total 

3. Expected pressure drop through bed: 

4. This bed should be in three sections (two might be 
acceptable under some circumstances, or if different 
packing were used) thereby requiring two intermedi- 
ate combined packing supports and redistribution 
plates and one bottom support plate. 

Estimate pressure drop per redistribution set-up or 
support 

= 1.0 in. 

For two redistributors plus one support plate: 
Total estimated pressure drop = (3) (1.0) 

= 3 in. water 

5. Total estimated pressure drop through packed por- 
tion of tower: 

Bed AP = 27.0 
Internals = L O  

30.0 in. water 

Say, 30 to 35 in. water (this should be 30.0 d5-20%) 

Reading the abscissa of Figure 9-21C at value 0.0756 
6. Estimated percent of flooding 

for ordinate at flooding line for dumped packing: 

= 0.13 

Then, actual value of 0.0563 is: 

Percent of liquid flooding = - (100) = 43.3% 0 0563 
0.13 

Note that this rather low value will usually occur 
when operating at the low L/G values due to the 
greater operating spread between flooding and load- 
ing (see Figure 9-21C). 

Reading abscissa at 0.0756 for ordinate of line B gives 
ordinate = 0.078 

7. Estimated percent of loading (average) 

72.1% Percent of flooding = - O 0563 (100) = 
0.078 (not very precise) 

This is an acceptable value and should not be 
exceeded except in known systems. It is preferable to 
operate reasonably close to the loading condition for 
best efficiency of contact. 

As an alternate consideration, assume various pres 
sure drops/foot of packing (same) and determine 
effect on calculated column diameter. Use the same 
input information as original stated conditions, then: 

Assumed Pressure Drop, Calculated 
in. H?O/ft Column Diameter, ft 

0.25 5.22 
0.50 
0.75 

4.61 
4.35 
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Example 9-3: Alternate Evaluation of Tower Condition 
and Pressure Drop 

Using Example 9 2  as reference, the tower will be exam- 
ined for critical liquor rate, L,, using Figure 9-35. 

centipoise 2 for caustic sol’n. = - = 1.64 
1.22 

Centistokes = 

reading: L, = 16,000 lb/(hr) (ft2) 

Because actual L’ = 2250 is less than 16,000 this tower 

Pressure drop at flooding from Table 9-33 and Figure 

operates in the gas continuous region. 

9-34D 

APf - 4 in. water/ft (not exact figure, because table is for 
ceramic rings) 

Correction = 0.94 

Then actual expected pressure drop at flooding: 

1. Examine packing characteristics. 
Size a/Es Surface area, ft*/fts 

1 In. Rashig Rings 158 38 
1 In. Intalox 124 78 
1 In. Berl Saddles 125 76 
1 In. Pall Ring* 45 66.3 
1% In. Intalox 69 59.5 
1% In. Berl Saddle 79 44 
*Metal, all others ceramic. 

tower flow rates (including reflux) constant 

Chart, Figure 9-21D. 

L 

2. Percent of flooding for various packings, holding 

Refer to Flooding, Loading and Pressure Drop 

0.5 remains constant for same separation at 
(PG/PL) increased production rate 

G2 $2 p0.2 increases as G2 at increased production 
rate for a fixed a/ 2. PG PLgc 

Percent of Flooding at 2,000,000 Ib/mo. 
rate referenced to flooding at 1 in. 

Packing ceramic Raschig rings 
1 In. R R = 100% 

APf =. (0.94) (4) = 3.76 in. water/ft 
1 In. Intalox 

For 45 ft of packing: 

APf total = (45) (3.76) = 169 in. water 

Comparison with Figure 9-21C gives 3 in. water/ft (para- 
meter) or a total of (3) (45) = 135 in. water. Neither of 
these values represents a condition (flooding) that should 
be considered for tower operation, except under known 
experience studies. Distillation operations sometimes 
operate above flooding, but other types of contacting nor- 
mally require operations in the loading region (or below) 
for stable performance. 

Example 9 4  Change of Performance with Change in 
Packing in Erristing Tower 

A tower is packed with 1-in. ceramic Raschig rings. It 
presently floods while drying water from a product at a 
production feed rate of 1,800,000 lbs/month with 0.25 
mol% being water. Flooding does not start at the bottom, 
but at some intermediate point up the tower. What can be 
done to eliminate the flooding? Is it possible to increase 
production rate to 2,000,000 Ibs/month? 

1 In. Pall Rings 
(metal) 

1- In. Intalox 1 
2 

(A)* (s) (100) = 96.9% 

(A) (g) (100) = 35.2% 

(g (3 (100)=53.9% 

1- 1 In. Berl Saddles (A)* (g) (100) = 61-82 
2 

The flooding of the packing is a direct function of 
the therefore it is valid at constant separation to 
examine the performance as shown. The metal Pall 
rings appear to allow for a considerable increase in 
capacity. In fact the condition at 35.2% of flood might 
not be good from a contact efficiency standpoint. 

3. Selection 
The 1!4-in. Intalox or Berl ceramic saddles would 

be the preferred choice because: (1) the flooding 
point is sufficiently low and yet probably not too far 
from the load point (only flood data available, but 
would estimate 70445% of load); (2) the surface area 
per cubic foot is essentially the same as for the exist- 
ing 1-inch Raschig rings. By reference to the effective 
interfacial area graphs, and by using the Berl saddle 
data instead of Intalox as an estimate because it is not 
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available, the separation performance would be 
expected to be essentially identical to the existing 
tower (for the Intalox); (3) the production rate can 
be increased; (4) the flooding can be removed from 
present operations using the %in. Intalox or any of 
the other packings, but note that the a/$ of the Berl 
saddles is not as high as the 1-in. R. R. This might 
mean less efficient contact, requiring more packing. 
However, from Figure 9-42 note that for a given L'/G' 
the Berl saddles are from 1530% better wetted in any 
given packing volume. From Figures 9-43 and 9-44 the 
comparative effective areas, a, indicate that the Berl 
saddles have about the same area/ft3 as the existing 
rings. Therefore, it appears that the flooding can be 
stopped (lower a / ~ ~ )  and yet the contact can be as 
good, or maybe a little better than it was originally. 

4. Check support grid voidage 
The packing support consists of a floor grating 

material with bar openings spaced to give 57.5% free 
void area of cross-section. 

To avoid the possibility of local flooding at the sup- 
port, it would be well to place a heavy hardware cloth 

q- 

0.a I . O N  R b 8 C m  IW8 

0.5 IN. RASCHIG RINGS u loo G. GAS RATE. LBI(HR.XSO. FT) aolL--J 0. GAS RATE. L0JHR.XW. 600 FK) l.0- 

A. Total holdup in 0.5 inch 8. Total holdup in 1.0 inch 
Raschig rings. Raschig rings 

0.1 

0.1 

ona 

t a 5 
$ 

3 

3 

P 
1 

1.0 IN. BERL SADDLES 1.OIN.CARKJN RINGS 

100 600 1,000 
0.01 

G. GAS RATE. LWHRYSO. FT.) G. GAS RATE. LB./[HRXSO. FT) 

E. Total holdup in 1 .O inch F. Total holdup in 1.5 inch 
Berl saddles &M rjnes 

over this grid to keep the saddles from nesting at the 
first layer in the opening slots. It is preferable to have 
them resting on a surface that cannot be blanked 
easily. 

Select a 1-in. x 1-in. (center line) x 0.063-in. wire 
cloth with voidage of 87.8%. 
Combined voidage, support grid plus cloth: 

= (0.575) (0.878) = 50.5% 

This should be satisfactory, but a value much lower 

Dump Intalox (or Berl) saddles into tower while 
than this could not be tolerated. 

tower is filled with water. 

Example 9-5: Stacked Packing Pressure Drop 

Consider the problem of drying air with sulfuric acid, 
Example 9-6. If the mass transfer relations are evaluated, a 
reasonably good estimate of the new packed height can be 
determined for using 2-in. stacked ceramic Raschig rings 
in place of Intalox saddles. For the present, assume the 
new required stacked height is 25 ft. Although the pres- 

0 5  IN. 0ERLSIDDLES 

1 
1 

loo --I 00 

G. GAS RATE. LB.I(HR.XX!. FT) G. GAS RATE. LB.I(HR.XSQ FT.) 

C. Total holdup in 1.5 inch D. Total holdup in 0.5 inch 
Raschig rings Berl saddles 

Figure 9-42. Total hold-up for ceramic tower packings: air-water. 
Used by permission of Shulman, H. L., Ullrich, C. F., and Wells, H.; 
A.Cb.€, Jour., V. 1, No. 2 (1 955) p. 247; all rights reserved. 
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Rings 

I .o 5 IO 50 100 
L'/G I 

Figure 9-43. Fraction packing wetted. Used by permission of Shul- 
man, H. L., Ullich, C. F., Proulx, A. Z., and Zimmerman, J. O.,A.LCb.€. 
Jour., V. 1, No. 2 (1 955) p. 253; all rights resewed. 

sure drop per foot will be less and the flooding point high- 
er than the dumped packing, it is inadvisable to go to a 
smaller diameter tower because of the high superficial gas 
velocity. 

Using the 15-in. I.D. ceramic tower, the expected pres- 
sure drop will be: 

From Reference 40 for 2-in. ceramic stacked Raschig rings: 

a = 0.06 
p = 0.012 

Liquor range checks satisfactory 

G = 0.595 lb/(sec) (f$) 

Leva [40] has shown that for liquids other than water, 
the L must be corrected by the ratio of the density of water 
to that of the fluid in the system. 

L = 0.378 lb/(sec) (ft' ) (E) = 0.209 

PG = 0.087 lb/ft3 

AP = 0.00258 in. water/ft packed height (estimated) 

Total tower drop: 

Packing = (0.00258) (25) = 0.064 in. water 

Support (estimated) 
Total (approximate) 

(uppoximute) 
= 1.5 in. water 
= 1.56 in. water 

Note that the weight of liquid will be greater in this 
arrangement at flooding, and the operating hold-up will 
be almost the same as the dumped Intalox. The total 

weight of packing will be approximately 50% greater than 
if the same 2-in. rings had been dumped in place. Two- 
inch rings are not usually stacked. In this small tower 
made up of 3-ft ceramic sections, the stacking is not too 
difficult a job if there are conditions which justify the extra 
effort and expense. 

Liquid Hold-up 

Liquid hold up in a tower represents the liquid held in 
the void spaces of the packing during operating conditions. 
At flooding, essentially all of the voids are filled with liquid. 

Usually low hold-up is desired but reasonable hold-up is 
necessary for efficient tower operation. The weight of liq- 
uid held in the packing must be considered when deter- 
mining the support loads at the bottom of the packing, as 
well as the tower itself. The higher the hold-up for any par- 
ticular packing the greater will be the gas pressure drop, 
and the longer the tower drainage time when shut down. 
Smaller size packing tends to have greater hold-up than 
larger packing. 

Figure 944 presents water hold-up data that are corre- 
lated by [40]: 

(9 - 34) 

where h, = water hold-up, ft3 liquid/ft3 volume tower 
L' = Liquid rate, lb/(hr) (ft2) 
dp = Equivalent spherical packing diameter, inches 

(diameter of packing equivalent to sphere of same 
surface area as the packing piece). Values given for 

Liquid Rate,  L-lb./ft?,Hr. 

Figure 9-44. Gas-liquid hold-up data for ceramic rings and saddles. 
Used by permission of Leva, M. Tower Packings and Packed Tower 
Design, 2nd ed., U.S. Stoneware Co. (now, Norton Chemical Process 
Equipment Corp.) (1 953). 
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some packings with physical data Tables 9-1 through 9-14 Area 
of sphere = x (diameter)2. 

For liquids other than water [36,40]: 
0.78 

hl=h,  (pL)'.'(?) (:) (9 - 55) 

where hl = liquid hold-up, ft3/ft3 packed tower volume 
PL = liquid viscosity, centipoise 
p~ = liquid density, lb/ft3 
o = surface tension, dynes/cm 

Values of exponent n are given in Figure 945. 
Total liquid hold-up in packed bed, ht = static hold-up, 

h,, plus operating hold-up, ho [64, 661. 
The static hold-up is independent of liquid and gas 

rates, since it represents the liquid held in the packing 
after a period of drainage time, usually until constant 
weight of material is received. This requires approximate 
ly 1 hour for a 10-in. dia. x 36-in. packed height tower. 
Table 9-34 adequately summarizes the data. 

Total hold-up, ht, of water is represented for Raschig 
rings and Berl saddles [66]. 

ht = a L'f3/Dp2 (9 - 56) 

P = YDpe 

Constants are given in Table 9-35. 
Figures 942 A, B, C, D, E, F present the graphical inter- 

pretation of the total hold-up equation. These are more 

' Liquid Rate, Ids./(Hr.) (sq.ft.1 

Figure 9-45. Liquid hold-up variation of surface tension exponent 
with liquid rate. Reproduced by permission of the American Institute 
of Chemical Engineers; Jesser, B. W., and Elgin, J. C. 7ians. A.6Ch.E. 

Table 9-34 
Static Hold-up in Random Packing 

PackingNominal Static Water Hold-up, 4, 
Size, In. Ft3/F$ Packing 

Raschig rings (unglazed porcelain) 
?4 
1 
1% 
2 

Berl saddles (unglazed porcelain) 
?4 
1 

1% 

1 
1% 
2 

Raschig rings (carbon) 

0.0325 
0.0150 
0.0089 
0.0038 

0.0317 
0.0110 
0.0052 

0.0358 
0.0200 
0.0150 

By permission of The American Institute of Chemical Engineers, Shul- 
man, H. L. et al., C h a .  Engx Jour: Vol. 1, No. 2,247 (1955) and ibid, p. 
259 (1935), Ref. 64 and 66, all rights reserved. 

Table 9-35 
Total HOld-Up Constants 

Packing 
~ ~ 

Porcelain Raschig ring 2.25 x 0.965 0.376 
Carbon Raschig ring 7.90 x 0.706 0.376 
Porcelain Berl saddles 2.50 x 0.965 0.376 

Porcelain, In. Equivalent Spherical Dia., Ft 

?4 R. R. 
1 R. R. 
1% R. R. 
2 R. R. 
!4 Berl saddle 
1 Berl saddle 
1% Berl saddle 

Carbon, In. 

0.0582 
0.1167 
0.1740 
0.238 
0.0532 
0.1050 
0.153 

1 R R. 
1MR. R 
2 R R  

0.1167 
0.178 
0.235 

By permission of The American Institute of Chemical Engineers, Shul- 
man, H. L. et al., Chem. En@ Jour Vol. 1, No. 2,247 (1955) and ibid, p. 
259 (1955), Ref. 64 and 66, all rights reserved. 

convenient to apply where the system fits (or nearly fits) 
the curves. 

These data are valuable for determining the total weight 
of liquid held in the packing, and also the void fraction, in 
an operating column. E is the void fraction of the dry pack- . -  

V. 39, No. 3 (1 943) p. 295; all rights resewed. ing minus the total hold-up, h,. 
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Correction Factors for Liquids Other Than Water of the corrections to obtain hold-up for liquid of the spe- 
cific system. 

A second hold-up correlation reported by T. Otake and 
K. Okada [55] represents a survey of considerable litera- 
ture, and is applicable to aqueous and non-aqueous sys- 
tems for Reynolds numbers from 10, - 20,000 [40]. 

In order to use the data in systems handling liquids 
other than water correction equations and charts are 
used [66]. The charts are more convenient to use and are 
presented in Figures 9-46 A, B, Cy D. First, determine the 

-0.44 

(a;, 1 (9 - 57) 

total or static hold-ups for water at 20°C; second, deter- 

surface tension; third, multiply the water hold-up by each 
mine separately the correction for viscosity, density, and 

h, = 

1 . 5 - (  I I I I ,  I I I I ,  

1.4 - 
1.3- 
1.2- 

1.1- 

1.0 - 
0.s - 
0.e - 
a7 - 
0.6 - - 
0.1 - - 
0.4 - 
aa - - 
0.2 - - 
0.1 - - 
0 1 1 1 1 1 1 ' 1 1 1 1  o XI  40 eo eo 100 120 

WRFACE TENSION, #per/ em. 

A. Factors to be applied to water static hold-ups to determine the 
P .  LlOUlD DENSITY. am./ml 

effect of surface tension. Used by permission of American Institute 
of Chemical Engineers, A./.Ch.€. Jour., Shulman, H. L.. Wells, N., UII- 
rich, c. F., and Proulx, A. Z., V. 1, No. 2 (1955) p. 259; all rights 
resewed. 

C. Factors to be applied to water hold-ups to determine effect of Ilq- 
uid density. Used by permission of the American Institute of Chemi- 
cal Engineers,A./.Ch.€. Jour., Shulrnan, H. L., Wells, N., Ullrich, c. E, 
and Proulx, A. Z., V. 1, No. 2 (1955) p. 259; all rights resewed. 

1 

o LO 40 eo eo 100 I IO 

SURFACE TENSION. dynemlun. 

4ap ,..., . . , ,"", . 1 . . . , . a ,  3 

OAOSOd1 2 4 6 1 1 0  20 4O608lllOO 2111 

p, vlrcooity, cp. 

B. Factors to be applied to water operating hold-ups to determine 
effect of surface tension. Reproduced by perrnlssion of the Ameri- 
can Institute of Chemical Engineers, A.6Ch.E. Jour., Shulman, H. L., 
Wells, N., Ullrich, C. F., and Proulx, A. Z., V. 1, No. 2 (1955) p. 259; all 
rights reserved. reserved. 

Figure 9-46. Physical property corrections for liquid hold-up for cerarnlc packing and carbon packing (as noted). Reproduced by permission 
of A./.Ch.€. Jour., Shulman, H. L., Wells, N., Ullrich, C. F., and Proulx, A. 2.. V. 1, No. 2 (1955) p. 259 all rights reserved. 

D. Factors to be applied to water hold-ups to estimate the effect of 
liquid viscosity. Used by permission of the American Institute of 
Chemical Engineers, A.1.Ch.E. Jour., Shulman, H. L., Wells, N., UII- 
rich, C. F., and Proulx, A. Z.. V. 1, No. 2 (1955) p. 259; all rights 
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Packing Wetted Area 

Wetted packing area may differ considerably from the 
physical area of a packing. This is of particular importance 
in comparing the effectiveness of different packings. 

It is only recently that a coordinated group of data 
became available for wetted areas in Raschig ring and Berl 
saddle packing [651. 

Figure 9-43 represents the water-air and ammonia-water 
data for Berl saddles by [65, 671 : 

0.20 
(9 - 58) a’ 

at 
fa = - = 0.35 [ $1 
and for Raschig rings by 

0.25 a’ 

at 
fa = - = 0.24 [ $1 (9 - 59) 

where fa = fraction of total packing area, a,, that is wetted 

tive interfacial surface area for contact, fi2/ft3 
a’ = wetted packing surface not necessarily same as effec- 

at = total packing surface, ft2/ft3 
L’ = superficial liquid rate, Ib/hr (ftz) 
G = superficial gas rate, lb/hr (ftz) 

The fraction wetted area immediately indicates the 
effectiveness of contact for the liquid system in the pack- 
ing. This packing area contact efficiency must be consid- 
ered in some design problems. 

Effective Interfacial Area 

The effective interfacial area is used in mass transfer 
studies as an undivided part of individual and overall coef- 
ficients when it is difficult to separate and determine the 
effective area. The work of Shulman et.al.,65 presents a 
well organized evaluation of other work in addition to 
their own. One of the difficulties in correlating tower 
packing performance lies in obtaining the correct values 
for the effective interfacial areas of the packing on which 
the actual absorption, desorption, chemical reaction, etc. 
are completed. Figures 9-47 A, B, C, D, E, F, G present a 
correlation for water flow based on the ammonia-water 
data of Fellinger [27] and are valid for absorption work. 

There are differences between wetted and effective area 
as discussed by Shulman [65] : (1) wetted-areas increase as 
packing size decreases; (2) effective area is smallest for the 
smallest packings; (3) the effective area seems to go 
through a maximum for the 1-inch size packing although 
the larger packings have almost as much area. This is bet- 
ter understood in terms of the hold-up data for these 
packings. 

For vaporization in packed beds of Raschig rings and 
Berl saddles [ 661 : 

(9 - 60) 

(9 - 61) 

where the subscripts vap and abs represent conditions of 
vaporization and absorption respectively, and subscript w 
represents a water system. 

Entrainment From Packing Surface 

There is not much data available on this point. Opem- 
tional experience plus qualitative tests indicate that entrain- 
ment is negligible until the packing reaches the flooding 
condition. See discussion under distillation section. 

Example 9-6: Operation at Low Rate, Liquid Hold-up 

A sulfuric acid drying tower uses 98% acid for drying an 
incoming air stream. The pilot plant tests show that 15 ft 
of 1-in. ceramic Intalox packing will do this job. The plant 
scale rates are: 

Air = 500 scfm at 90°F and 2 psig 
Acid = 6 gpm at 90°F and sp gr = 1.81 

Determine (1) the tower diameter (2) pressure drop 
(3) liquid hold-up 

500 29 460+60 14.7+2 
airrate=359(G) (Gzij) (F) 

= 0.725 lbs/(sec) 

Assume f w j m t  trial: 

Inside tower diameter = 12 in. 

(112 Cross-section area = - = 0.785 ft2 
4 

0 725 
0.789 

then : air rate, G = - = 0.923 lb/ (sec) (ft2 ) 

= 3340 lb/ (hr) (ft2 ) 

0 461 
0.785 

liquid rate, L = - = 0.388 lb/ (sec) (ft2 ) 

= 21201b/(hr) (ft2) 
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A. Effective interfacial area for 
0.5 in. Raschig rings. 
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D. Effective interfacial area for 
2.0-in. Raschig rings, using 
estimated hold-ups. 
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Figure 9-47. Effective interfacial areas for random ceramic tower packings. Note for gases or vapors other than air, use abscissa, G, as 
W(pg,JO.075)O.*. Based on the data of Fellinger [27]. Used by permission of the American Institute of Chemical Engineers; A.LCh.€. Jour., Shul- 
man, H. L, Ullrich, C. F., Proulx, A. Z., and Zimrnertnan, J. O., V. 1, No. 2, (1955) p. 253. All rights reserved. 

PL = (1.81) (62.3) = 112.6 lb/ft3 po.2 = (17.0)0.2 = 1.762 cp at 90°F 

= 0.087 lb/ft3 29 /460+60\ 14.7+2 pG'- - - 
359 460 + 90) ( 14.7 ) (0.923)2 (92) (0.305) (1.762) 

(0.087) (112.6) (32.2) 

''* = 0.01975, (abscissa) L 
G 

= 0.13411 (ordinate) 

Reading Figure 9-21D at the calculated ordinate and 
abscissa, we obtain: 

f a ) for 1-in. Intalox saddles = 92 (Table 9-26A) 
[F,J (original value) 

2 
v 2  = (&) = 0.305 

gc - 32.2 (lb) (ft)/(lb) (set)* 

(a) An indicated operating condition above the upper 

(b) A condition of high pressure drop, approximately 

(c) A situation too close to flooding, thus requiring a 

loading limit 

1.5 in./ft of packing height 

larger tower diameter 
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Second Assumption: Try 15-inch Dia. Ceramic Tower 

Inspection of Figures 9-21B, C or D shows that the 
increase on tower diameter is not reflected in the value of 
the abscissa. By changing the tower diameter to 15-in. 
cross-section area = 1.22 ft*. 

G=-- 0”725 - 0.593 lb/(sec) (ft2) 
1.22 

L = 0.461/1.22 = 0.378 lb/(sec) (ft2) 

- = (0.1535) G~ i a ) v2 po.2 

PC E3 PL gc 

This indicates operation in the loading region. The 

Total expected pressure drop: 

Packing = (0.5) (15) = 7.5 in. water 
Support = 1.5 in. (estimated from Figures 9-37 and -38, -39, and 
40 for a 58% open grid). 
Total drop = 9.0 in. water (approximate) 

expected pressure drop is 0.5 in. water/ft. 

Superficial gas velocity through tower: 

0.593 lb/(sec) (ft2) 

0.087 lb/ft3 
3 

Entrainment 

This velocity is slightly high and an entrainment knock- 
out or separator should be installed in the air stream fol- 
lowing the tower, or in the top of the tower itself. 

Liquid Holdap in the Tower: 

For water, the hold-up would be, from Equation 9-54. 

d, = 0.68 (from Table 9-7) 

[ (0.378) (3600)f’6 c 0.0384ft3/cu ft 
(0.68) for water. 

h, = 0.0004 

For sulfuric acid: 

From Figure 946C, h,/h,, for density correction multipli- 

From Figure 9-46B, correction for surface tension = 1.0 (at 
er = 0.6. 

70 dynes/cm) 

From Figure 9-46D, correction for viscosity = 1.1 (at 18 cp) 
h,, for acid = how (0.6) (1.0) (1.1) = (0.0384) (0.66) 

= 0.0234 ft3 acid/ft tower volume 

For a packed volume of 15 ft in a 15-in. I.D. tower, the 
total acid hold-up: 

= [(15) (1.22)] (0.0254) (112.6 lb/ft3) 
Total hold-up = 52.3 lb acid 

Whghts 
Weight of dry packing in tower: 

= (42 lb/ft3) [(15) (1.22)] 
= 770 lb 

Total weight on bottom support plate when operating 
(not flooded) 

= 52.3 + 770 = 822.3 lb 

Some allowance should be made for surging or uneven 

The maximum expected weight of liquid would be at 
operation. 

flooding conditions: 

Using percent free gas space = 77.5 

Volume of liquid space = (15) (1.22) (0.775) 
= 14.2 ft3 

Weight of acid in this space = (14.2) (112.6) 

Maximum support load = 770 + 1,600 = 2,370 lb 

= 1,600 lb 

This is the load that should be considered for the sup  
port design and selection. To allow for unusual conditions, 
specify support load = (1.1) (2,370) = 2,60@1b minimum. 

Structured Packing 

Structured packings as in use at the present time are 
composed of: 

1. Wire-mesh weavings (Figures 9-W, 9-6Z, 9-6AA-FF) . 
2. Corrugated sheet, or crimped sheet (usually some- 

3. Grid-type, open, heavy (usually metal) bar-grid 
what thin) (Figures 9-6GG-NN) . 

shapes stacked together (Figures 9-6 00-TT) . 
Structured packings vary as to the preferred process 

application depending on the geometric arrangement of 
the components and: 
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1. High cost/ft3 of space 
2. Easy plugging by solid particles 
3. Importance of uniform liquid distribution across the 

4. System operating under pressure [ 1531 or vacuum 
packing 

For most efficient performance, the fiibricated sections 
of the structured packing usually are placed in a specific 
rotated pattern in the column to ensure uniform liquid 
flow, and vapor cross-mixing. 

The materials of construction are usually stainless steel 
as well as specific other metals that will draw into wire, or 
crimp without cracking. The wire mesh types have been 
fabricated of some plastics such as Teflon@, polypropy- 
lene, etc.; however, the surface must be wettable by the liq- 
uid, or the efficiency wil l  be poor, and performance data 
are needed to complete a good design. 

h'utter [99] reports that most, if not all structured pack- 
ing (Figures 9-6LL and 96MM) foIlow the linear relation- 
ship of vapor rate vs. pressure drop at fixed liquid rates as 
exhibited by random packings. 

Structured packing ACS ST-100 (Figure 9-6DD) is 
reported by the manufacturer to be equivalent in all 
respects to the original Sulzer packing, Le., extremely low 
pressure drop and high efficiency (low HETP) over a wide 
range of liquid load, and high-vacuum applications. The 
design rating procedure by this manufacturer is confiden- 
tial (as is also the best and final procedure for most other 
structured and grid packings) and design application data 
should be submitted for recommendations. 

Preliminary Sizing fw ACS Industries Series Woven X / S  
Knitted Wire Mesh Structured Packing 

The following is extracted by permission from ACS Bul- 
letin B129 (Apr. 1992). Typical HETP is 3 in. compared to 
ACS product ST-100 of 7 in. Approximate comparison 
data are: AP as low as 0.1-in. water/theoretical tray; turn- 
down ratio about 20:l. Special series S construction rec- 
ommended for smaller columns, and transverse Series X 
for larger ones. The suggested preliminary sizing proce- 
dure is: 

1. Determine the number of theoretical plates/trays/ 
stages using standardized methods. 

2. Calculate minimum allowable superficial vapor veloc- 
ity (flooding) for equal vapor and liquid loads, for 
the X-100 and SlOO packings. 

where p = liquid viscosity, cp 
p~ = liquid density, lb/cu ft3 
pv = vapor density, lb/ft3 

If liquid viscosity is less than 0.15 cp, use constant 0.53 
in place of the ~'3.33 term. 

u d  = calculated or estimated maximum superficial vapor 
velocity 

Calculate: L/G 

L = total liquid load, lb/hr 
G = total vapor load, lb/hr 

Enter Figure 9-48 with this L/G and find the load ratio 
correction factor. Multiply p,d by this factor to deter- 
mine the corrected maximum superficial vapor velocity, 
baXl, for X-100 and $100 packings. 

Correct the maximum vapor velocity again for the pack- 
ing type, if other than X-100 or S100. 

~lmax = pmaxl (SS1 WA/SSA w1)0.5 (9-63) 

where pmax = maximum vapor velocity for actual packing, 
ft/sec 

and SlOO packing 

Table 9-36A-C) 

(see Table 9-36) 

(see Table 9-36) 

packings 

p-1 = maximum superficial vapor velocity for X-100 

SSA = specific surface for the actual packing* (see 

SS1 = specific surface for X-100 and S l O O  packings 

WA = percent void volume for the actual packing*, 

W1 = percent void volume for the X-100 and S l O O  

Ratio of Liquid to Vapor Mass Flow Loads, L/G 

Fiiun? 9-48. ACS maximum vapor velocity correction for UG for 
wovenntnitted wire mesh structured packing. Used by permission of 
ACS Industries, Inc., Separation Technology Division, Bull. 6-129 (1 992). 

urnax1~ = [0.0942/p0.33] [ ( p ~  - ft/sec (9-62) *For other series X and S packings consult manufacturer. 
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Table 9-36A 
Mechanical Characteristics of Common Standard Packing 

Styles (ACS Wire Mesh) 
~ ......... 

ACS Number Strand Density, Pct 
Packing of Diam., lb/ft3 Void Sp. Surf., 

Style Strands In. (stainless) Vol. Ft2/Ft3 
_. ....... ..... 

X-100, S100* 12 0.0043 27.5 94.5 585 
X-200," S200 8 0.0043 20.1 96.0 426 
*For Series X, standard style is X-200 (8 strands) 
For Series S, standard style is $100 (12 strands) 
By permission of ACS Industries, Separations Technology Group, Bul. E 

129 (1992). 

Table 9-36B 
Experimental HETP Values from Various Sources for 

Packings Equivalent to Stainless Steel X-200 

Diam., Absolute HEW, 
System In. mmHg In. 
~ __  
Methylcyclohexane & toluene 

Methylcyclohexane & toluene 

Improved liquid distribution-. 
Methylcyclohexane & heptane 
Ethylene dichloride & benzene 

Orthodichlorobenzene 
& orthodiethylbenzene 
Phenol & orthocresol 
(no distributor used) 

n-Hexanol & aniline 
Nitrobenzene & aniline 

(no distributor used) 

Methanol & water 

n-Decanol & methyl naphthalene 

n-Decanol & methyl naphthalene 

1.25 
1.25 

6 
18 
18 
3 
12 

1.23 
1.23 

4 
4 
4 

1.25 
1.23 

4 

4 
1.25 

760 1.25-2.00 
200 1.75-2.30 

200-760 2-3 
200-760 4-6 
200-760 3.5 

760 1.25-2 
760 479 
50 1.23 
10 1.63 

7-25 2 . M  
85-100 2-3.5 

760 2-3.5 
50-300 2.3-2.73 

5 3 .54  
3 5 

3 4 
760 9 

. . . .  

By permission of ACS Industries, Separations Technology Group, Bul. B- 
129 (1992). 

Table 9-36C 
Rough HEW Correction Factor for Diameter 

- .. ....... .~ 

Column Diameter HETP Proportional to: ___  
Below 2 in. 1.0 
2 to 6 in. 1.5 
6 to 18 in. 2.0 
Over 18 in. 2.3 to 3.0 

~ -. . . . . .  . .  
By permission of ACS Industries, Separations Technology Group, Bul. E 
129 (1992). 

Calculate required column area and diameter using the 
maximum superficial vapor velocity, u,,l, and the actual 
vapor load. 

Convert the mass vapor load, G, (lb/hr) to the actual 
vapor volumetric flo147, V, in ft3/sec. Divide by umax to 
obtain the minimum cross-sectional column area, A, ft2. 

Correct this area by dividing the fraction of capacity at 
which the designer intends for the column to operate. A 
value of 0.7 is recommended, unless some other consider- 
ation suggests a different percentage. 

A = V/u,, = column area, ft2 
Final Column inside net area = AF = A/0.70 capacity factor 

Calculate the column net inside diameter from the area 
values. Round to the nearest practical commercial column 
diameter such as 12 in., 15 in., 18 in., 24 in., 30 in., 36 in., 
and in increments of 6 in. Then recalculate the actual 
resulting vapor velocity. 

or, A, = A/0.7, ft2 required (9 - 64A) 

Column diameter = d-, ft (9 - 64B) 

Commercial size columns using Series X or Series S 
packing will operate at full efficiency with liquid loads as 
low as 5 gal/hr/ft2 column area, and sometimes less liquid 
rate. They can operate satisfactorily exceeding liquid rates 
of 2,650 gal/hr/ft2. See Figure 9-49. 

HETP for ACS Series X-200 Structured Packing: 

1. If plant or pilot plant data are available, use it. 
2. Table 9-36B presents references for packings equiva- 

lent to the X-200 for the systems and conditions 
noted. See Figure 9-50. 

10 
5.0 

c 3 1.0 

E 0.1 

$ 0.5 
(I 

0 

E .05 

.01 

I I I I I I I  I I I 
I I I I I i l i  I I I  

1 I I I I I I I I  1 1 1 1  

10 20 50 100 
Operating load as percentage of maximum flood load 

Figure 9-49. Estimated pressure drop referenced to percentage of 
maximum flood load for structured wovedknitted wire mesh X-1 00 
and S-1 00. Referenced to liquid of 60 Ib/fl?. To correct other liquids, 
multiply AP from figure by ratio of actual liquid density to 60. Used by 
permission of ACS Industries, Inc., Separation Technology Division, 
Bull. B-129 (1 992). 
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Figure 9-50. HETP and pressure drop data for a typical distillation system. Packing: equivalent to X-200 (8 strands), stainless steel. System: 
methylcyclohexane and toluene. Reflux Ratio: 100%. Column Diameter: 18 inches. Packed Height: 5 feet. Used by permission: ACS Industries, 
Inc., Separation Technology Division, Bull. B-129 (1 992). 

3. Using an available HETP value for a specific Type X 
or S packing to convert to a column of different diam- 
eter, use the “rough” correction factors in Table 
9-36C. These factors recognize that larger diameter 
columns have more uneven liquid distribution. When 
no HETP values or data are available, it is suggested 
to use the approximation developed for S-100 pack- 
ing. Estimating HETP: 

HETP = [0.18 + po,55]/[l.2S + (3.15/Ro.“)] (9-65) 

where. HETP = height equivalent to a theoretical 
plate/tray/stage, ft 

p = liquid viscosity, CP 
R = liquid rate, gal/hr/ft2 

If p is less than 0.30 cp, use 0.52 in place of the p0.55 term. 
To convert an available HETP value for a given system 

and column diameter to a different packing in the same 
series (X or S) , assume HETP is inversely proportional to 
the specific surface (consult manufacturer for this detail). 

HETP2 = HETPl (SS1/SS2) (9-66) 

where 1 and 2 = two different wire mesh packings 

For highly varying vapor loads through the column, 
pressure drop may be estimated for differences in latent 
heats from one point in the column to another, the pres- 

sure drop should be calculated for each foot of packing, 
or less, adjusting the load. This particularly applie, to vac- 
uum columns or tall columns at high pressures. Maximum 
heights of a packed section in a column should be deter- 
mined after consultation with the manufacturer. 

Pressure Drop (Estimated): 

Use Figure 9-49 to estimate column pressure per foot of 
packing height referenced to liquid load as percentage of 
maximum flood load. For varying load, perhaps *‘LO%- 
vacuum systems and varying latent heats in the column, 
calculate the pressure drop for each foot of packing or 
less; this requires adjusting the percentage load in each 
calculation. 

Koch Sulzer Structured Packing [ I  001 

This packing is woven wire mesh with the following char- 
acteristics as reported by the manufacturer/licensee [ 1001 : 

HETP of about 7 in., even at low liquid and vapor 
loads. 
Efficiency essentially independent of column diameter. 
Capacity and pressure drop characteristics superior to 
the best commercially available mass transfer devices. 
Specific pressure drop of 0.2 mm Hg per theoretical 
tray 
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This packing is a woven wire fabric of parallel corrugat- 
ed elements and is completely self-wetting. It does not 
require pre-flooding to attain the wetted condition. This 
packing has a flat surface of approximately 150 ft2/ft3, and 
a free area > 90%. 

In operation, the liquid flows downwards in a zig-zag 
pattern. See Figure 9-6EE. 

Example 9-7: KochSulzer Packing Tower Sizing (used by 
permission, Bulletin Hs-1, Koch Engineering Co. Inc.) 

The following typical design problem illustrates the cal- 
culation procedure for Koch Sulzer Packing. A comparison 
of a KS Packing design and a Flexiring design will result in 
(for 2-in. metal Pall rings) top = 7.5-ft D and bottom = 
8.5-ft D. See Figures 9-51-54. 

0.5 1 .o 1.5 2.0 
I I I I I I 

n. -!T 0.6 1 1 1  

I 1” 0.2 

I I I 

8 

f 
5 6  
E 
E 4  

2 

0.5 1 .o 1.5 2.0 2.5 

F, = V, .~pv ( L B ‘ ~  / S E C - F T ~ ~  

Column Diameter. . . . . . . . . . . . . . . . . .  . 20  inches 
System ..................... cis-trans-decalin 
Top Pressure .................... .20 mm Hg. 
Reflux Ratio ......................... Infinite 

Figure 9-51. Characteristics of Koch/Sulzer packing, Gas loading 
factor, F, versus HETP, pressure drop, and packing hold-up. Note: V, 
= superficial gas velocity, Wsec and pv = vapor density, IbM.  Used 
by permission of Koch Engineering Co., Inc., Bull. KS-1 and KS-2. 

Distill a diethanolaminemethanolamine mixture to p r e  
duce a 99.0 wt% DEA. distillate product and a 95.0 wt% TEA 
bottoms product. The design material balance is as follows: 

Feed Distillate Bottoms 
lb/hr mol/hr lb/hr mol/hr lb/hr mol/hr 

DEA 5,000 47.6 4,740 45.1 260 2.5 
TEA 5.000 33.5 5 0  0.3 4,950 33.2 
Totals 10,000 81.1 4,790 45.4 5,210 35.7 

To preclude thermal degradation of the amine solution, 
the reboiler pressure must be limited to 10 mm Hg absolute 
pressure. Total allowable pressure drop is 3 mm Hg. 

Solution 

Distillation calculations result in a reflux ratio L/D = 
0.8, with 4 theoretical trays for rectification and 4 theoret- 
ical trays for stripping, or a total of 8 trays. The design heat 
balance (neglecting heat losses) is as follows: 

Heat Out lb/hr State O F  Btu/lb Btu/hr 
Distillate 4,790 Liquid 296 160 766,000 
Bottoms 5,210 Liquid 381 240 1,250,000 
Ovhd. Cond. - - - - 2,470,000 

10,000 4,486,000 
Heat In 
Feed 10,000 Liquid 314 180 1,800,000 
Reboiler (Q) By Difference 2,686,000 

10,000 4,486,000 

-- -- 

Column Sizing fw Koch Sulzer Packing 

Bottom Section 

reboiler vapor where: 
The bottom section vapor loading is controlled by the 

V, = QJlv TEA = 2,686,000/192 = 14,000 lb/hr 

The design mass velocity at 10 mm Hg (Figure 9-52) is 
460 lb/hr-ft2. Applying the “f” factor correction for six car- 
bon atoms (Figure 9-53) results in 

f = 1.12 
A = 14,000 (1.12)/460 = 34.1 ft2 
D = 6.6 ft, use 6 ft 9 in. 
V, = VJ3600 (35.8) pv 

= 14,000/3,600 (35.8) (0.0031) = 35 ft/sec 
F, = V, (pV)l/2 = 35 (0.0557) = 1.95 lb1/2/ft1/2 sec 

Considering the reboiler as a theoretical tray, for 3 the- 
oretical trays the packing height for an HETP of 7 in. is 7 
(3)/12 = 1.75 ft. This requires 4 standard elements which 
are 6.7 in. deep, or 80 ft3 of packing. 
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Figure 9-52. Koch/Sulzer packing. Design mass velocity (Ibhr-ftq for HETP of 7 in. System cis-trans-decalin; molecular weight = 138. Used 
by permission of Koch Engineering Co., Inc., Bull. KS-1. 
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Figure 9-53. KocWSulzer packing. Design mass velocities for systems 
other than cis-trans-decalin are obtained by dividing the values from 
Figure 9-52 by the “f” factor. For the following groups corrections 
should be applied to the number of carbons in the molecule: 

Paraffins, olefins acids, aldehydes, ketones 0 
Benzene ring, alcohols, phenol -1 .o 
Saturated ring -0.5 
Nitro +1 .o 
Ether +1.5 
Ester, secondary amine +2.0 
Chlorine +3.0 
Bromine +8.0 

Used by permission of Koch Engineering Co., Inc., Bull. KS-1. 
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From Figure 9-51 the pressure drop is 0.38 mm Hg/ft or 
0.85 mm Hg total. 

Top Section 

The top vapor load at an L/D of 0.8 is 8,620 lb/hr. The 
total pressure drop for 7 theoretical trays is slightly less 
than 2 mm Hg and pv is 0.002 lb/ft3 at 8 mm Hg top pres- 
sure. Duplicating the calculations made for the bottom 
section results in 

D = 5 ft 9 in. 
Packing height = 2.8 ft 
Pressure drop = 1.06 mm Hg 
Therefore, use column diameter = 6 ft 9 in. 

Nomenclature 

A = cross-sectional area, ft2 
D = diameter, ft 
F, = V, (&) ‘I2 
G = vapor rate, lb/sec-ftZ 
g, = 32.2 (Ib mass) (ft)/(lb force) (sec)2 
L = liquid rate, lb/sec-ftZ 

Pf = packing factor 
Qc = condenser duty, Btu/hr 
Q = reboiler duty, Btu/hr 
V, = reboiler vapor rate, lb/hr 
V, = superficial vapor velocity, ft/sec 
p1 = liquid density, lb/ft3 
pv = vapor density, lb/ft3 
1\, = latent heat of vaporization, Btu/lb 

L/D = reflux ratio 

Koch l%xipac@ Structured Packing 

This type comes in four sizes, Types 1 through 4, and is 
constructed of corrugated metal sheets (See Figure 9- 
6GG). The types vary by corrugation size; the larger the 
type number, the greater is the depth of corrugation. The 
deeper corrugations give higher capacity and lower pres- 
sure drop. According to Koch reference [ 1011, at the same 
efficiency, in countercurrent gas-liquid operation, this 
packing has a higher capacity and lower pressure drop 
than any available dumped or structured packing. The ter- 
minology for Figure 9-54 is: 

F, = V& = [G/3,600 @, 1 (A)](&), Wsec (9 - 67) 

where G = vapor rate, lb/hr 
V = vapor rate, ft/sec 
pv = vapor density, lb/ft3 
A = cross-sectional area, ft2 

AP = pressure drop, in. water/ft height 

Chart parameter lines are gpm/ft* cross-section. 

The Flexipac@ structural packing have better efficiency 
than available random packing, particularly at low liquid 
rates, per Reference 101. 

Intalox High Perfmmance Metal Structured Packing [I 0.21 

According to the manufacturer’s literature [ 1021, this 
packing surpasses the best of other sheet-metal structured 
packings in terms of efficiency and capacity. See Figure 
9-611. The unique surface-texturing feature provides for 
greater use of the packing surkce to achieve enhanced 
levels of mass transfer, and the overall geometry allows 
greater capacities and efficiencies to be obtained. Tests 
have been conducted on this and other packings at the 
University of Texas at Austin’s “Separation Research Pro- 
gram, Center for Energy Studies” for distillation capacity 
and efficiency, and published in Reference 103. 

For good and uniform performance of any structured 
packing it is essential to have uniform, consistent vapor 
and liquid distribution; therefore, much care must be 
given to the design details. See earlier discussion in this 
chapter. 

For specific final performance sizing of a distillation col- 
umn using Norton’s Intalox@ structured packing the 
designer is referred to the manufacturer’s technical rep- 
resentatives, and should not assume the preliminary 
results obtained from any manufacturer’s bulletin includ- 
ed here will necessarily serve as a final design. As a pre- 
liminary examination of a design problem (used by per- 
mission of Norton Chemical Process Products) : 

1. Calculate flow parameter, X 

L = liquid mass rate, lb/sec 
G = vapor or gas mass rate, lb/sec 
pg = gas density, Ib/ft? at conditions 
p~ = liquid density, lb/ft3 at conditions 
A = area, ft2 tower cross-section area 

2. Read chart, Figure 9-55, and obtain C,, ft/sec, at 

3. Calculate efficient capacity, CSC: 
packing type shown. 

(5 = surface tension, dynes/cm 
p = liquid viscosity, cp 

4. Calculate: 

V = superficial gas velocity, ft/sec, or m/sec depending on 

V = G/ ( p d ) ,  ft/sec 
the units used 
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Figure 9-54. Typical pressure drop-capacity curves for countercurrent gas-liquid operation, for Koch Flexipac”. Used by permission of Koch 
Engineering Co., Inc., Bull. KFP-4. Parameter lines on charts are gpm/ft2. 
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Packing Capacity 
The Efficient Capacity of the 
packing in a non-foaming system 
can be estimated as: 

-0.11 

Efficient Capacity, C,, = C, [&]O’l* [&] 

Flow Parameter, X 

Nomenclature and 
Definitions 

L - Liquid mass rate 
G - Gas mass rate 
pL - Liquid density 
PO - Gas density 
V - Superficial gas velocity, m/s or ft/s 

u - Surface tension, dyne/cm ,u - Liquid viscosity, cp 

x - LP FIOW parameter 

C, - v ,/T m/s or ftls 
P L -  P O  

G PL Norton routinely designs towers up 
to 90% of Efficient Capacity. The limit 
of 90% of Efficient Capacity leaves an 
estimated 11% turn-up before the 
packing loses its design efficiency. 

Figure 9-55. Capaclty correlation for two types of Intarox@ shuctumd packing. Data range: 5 a u I 73 and 0.07 s p s 1 .l. Used by permission 
of Norton Chemical Process Products Corp., Bull. ISP-2 (1994). 
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5. Read pressure drop coefficient, F 
Read, F, for the approximate calculated Cs, ft/sec 

from Table 9-37 at calculated liquid rate, lb/hr-ft2. 
Then read Y from IMTP Packing Pressure Drop 
chart, Figure 9-21G and then read curves showing 
pressure drop, (may require interpolation). 

6. Typical HETP data are shown in Figure 9-56A-C. 

Gempack@ Structured Packing; Glitsch, Inc. 

These packings are represented in part by Glitsch, Inc.'s 
bulletin [lo41 (Figure 9-6KK) and they cite the perfor- 
mance of the packing as: 

1. High efficiency: 5-25 in. HETP ('7.9-1.6 theoretical 

2. Low pressure drop: 0.5-0.7 mm Hg/theoretical plate 
3. High vapor loadings: up to 0.5 C-Factor (up to 4.0 F- 

4. High liquid capacity: 0.5-53 U.S. gpm/ft2 (1.22-134 

5. Wide turndown ratio: limited only by distributors 
6. Availability: diameters from 4 in. to over 45 ft (10 cm 

to 13.7 meters) 
7. Series available: 

(a) Series AT General purpose, suitable for low wet- 
ting rates and high vacuum applications. 

(b) Series AS: General purpose, suitable for high wet- 
ting and heat transfer applications. 

(c) Series AW Latest generation of Gempack@, better 
efficiency with same hydraulic capacity as other 
series listed. 

(d) Series AL: Especially suited for low wetting rates 
and chemical applications. 

(e) Series B G  Wire gauze packing, crimped to 60" 
from horizontal, for high efficiency applications 
and very low wetting rates in clean service. 

plates per meter.) 

Factor) 

m3/m2/hr) 

The performance and design information in Glitsch ref- 
erence [104], as for all the other manufacturers with 
respect to their data and charts, is proprietary, but not 
necessarily warranted to be suitable for the designer's ser- 
vice/applications unless verified by the manufacturer's 
representatives. 

Example 9-8: Heavy Gas-Oil Fractionation of a Crude 
Tower Using Glitsch's Gempak@' (used by permission of 
Glitsch, Inc. Bulletin 5140) 

The heavy naphtha-light gas oil fractionation zone of a 
crude tower has to be revamped to handle 25% more 
capacity. Because trays would be working at high percent 
flooding, Gempak structured packing is condensed (Fig- 
ures 9-56A-D) . 

The loads are as follows: 

Vapor rate: 688,000 lb/hr, density: 0.355 lb/ft3 (p,) 
Liquid rate: 381,000 lb/hr 

specific gravity hot: 0.68 (42.42 lb/ft3) (PI) 
viscosity: 0.281 cp 

Non-Foaming System 
Tower diameter: 15 ft-0 in. 

Height available for packed bed: 6.5' (78 in.) 
(176.713 ft* cross sectional area) 

(excluding height for distributor) 

1. Calculate the vapor load: 

Vapor, cfs (688,000/(3,600) (.355) = 338.3 
Vapor velocity = V, = (538.2)/(176.715) = 3.046 ft/sec 
Gfactor =V, [(p,)/(pl- p~)]'/~ = 

3.046 [(.355)/(42.42 - .355)]'12 = 0.28 

(text continued on page 335) 

Table 9-37 
Norton Intalox@' Structured Packing Pressure Drop Coefficient F* for Type 2T Packing 

. . . . .  . ....... ...... ........ . . .  . ... 

Liquid, Kg/h 0 m2 9,760 24,400 48,800 73,200 97,600 122,000 
15,000 20,000 25,000 

- .- -~ . . .  . 
5,000 10,000 

. . . . .  . . . . .  . . . . . .  2,000 2 Liquid, Ib/h ftz 
~- 

Intalox Structured Packing 2T 

20 

. . ...... .............. . . .  .~ .... . .- 

2 z -. 

0 F when C,  in  m/s 205 215 250 300 325 365 
.- 

30 34 
~ .~ 

28 
. .... . . . . . . . .  

23 -_ . . . . . . . .  .. . 
F when C, in ft/s 19 
These packing factors can be used to predict the pressure drop of Intalox Structured Packing 2T when used with the Generalized Pressure Drop 

Used by permission of Norton Chemical Process Products Corp., Bull. ISI-R. 
Correlation as illustrated in Norton's Intalox High-Performance Separation Systems; Figure 9-21G this text. 
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lntalox* Wire Gauze Packing 
System: Para/ortho Xylene at 16 mm Hg abs and total reflux 

lntalox Structured Packing I T  
System: Iso-octanefloluene at 100 mm Hg abs and total reflux 

Figure 9-MA. Performance test results using Norton's lntalox@ structured packing. Used by permission of Norton Chemical Process Products 
COW., Bull. ISP-2. 



Packed Towers 333 

lntalox Structured Packing 2T 
System: Iso-octanefloluene at 100 mm Hg abs and total reflux 

lntalox Structured Packing 3T 
System: Iso-octanefloluene at 100 mm Hg abs and total reflux 

Figure 9-568. Performance test results using Norton's Intalox@ structured packing. Used by permission of Norton Chemical Process Products 
COW., Bull. ISP-2. 
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lntalox Structured Packing 4T 
System: Iso-octanefloiuene at 100 mm Hg abs and total reflux 
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lntalox Structured Packing 5T 
System: Iso-octane/Toluene at 100 mm Hg abs and total reflux 

Figure 9-56C. Performance test results using Norton's Intalox@ structured packing. Used by permission of Norton Chemical Process Products 
COW., Bull. ISP-2. 
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(text cmtinucdfiom page 331) 

2. 

3. 

4. 

5. 

Calculate the liquid load 

gpm = (381,000)/(8.33) (60) (.68) = 1,120 
gpm/ft2 - (1,120)/(176.713) = 6.3 

Select the Gempak size: 
On plot of Gfactor vs. liquid load as shown in Fig- 

ure 9-57A mark the operating point (A) using 6.3 
gpm/€t2 and Gfactor = 0.28. The point on the figure 
is above the Gempak AS (0.25-in. crimp height) pack- 
ing flooding line. AU other packing sizes would be 
operating below flooding. For example, if Gempak 
AS (0.375-h. crimp height) is to be used, the percent 
flooding at design loads will be: 

At constant L/V ratio-(OwOD) x 100 = 75.2% . ,4t constant liquid rate-(100) (BA/BE) = 70.0% 

Kormally in distillation, flooding at constant L/V 
ratio is more representative of actual plant operations 
(constant liquid loads may also be representative in 
cases like absorbers), In general, percent flooding up 
to 7330% is acceptable for continuous operation. 
Gempak AS (0.375-in. crimp height) would be a good 
selection for this example. Gempak AS (0.5-in. crimp 
height) would also be a good selection, with flooding 
of 70% at constant L/V ratio and 65% at constant liq- 
uid rate. Gempak AS (0.25-in. crimp height) would 
not be a good selection in this case since flooding 
would be over 100%. 
Pressure Drop 

On pressure drop plots, mark a Ghctor of 0.28 
and 6.3 gpm/ft2 as shown in Figures 9-57B and 9-57C. 

For Gempak AS (O..i-in. crimp height), AP = 0.31 in. liq/ft 
For Gempak AS (0.3754~ crimp height), AP = 0.55 in. 
liq/ft 

For a bed of 6.5 ft, the pressure drop for the bed is: 

For Gempak AS (0.5-in. crimp height) = 0.31 x 6.3 = 2.0 
inches of liquid 
For Gempak AS (0.375411. crimp height) = 0.35 x 6.3 = 3.6 
inches of liquid 

Pressure drop for both AS (0.5-in. crimp height) 
and AS (0.375-in. crimp height) packings is accept- 
able for the crude tower operation. 
Efficiency, Figure 957D 
On efficiency plot, mark GEactor at 0.28. 

For Gempak AS (0.5-in. crimp height): HEW = 13.5 in. 

For Gempak AS (0.375-in. crimp height): HETP = 10.2 in. 
(0.89 hTS/ft) 

(1.18 NTS/ft) 

Note: The HETP's noted are valid only €or 0-/p 
xylene at the test conditions. Nevertheless, the ratio 
of HETP's should remain approximately constant. 

Crid Packing: Nutter Engineering (Figure 6-PP) 

For applications and design details refer to the manu- 

Figure 9-58 illustrates performance of No, 3 Snap- 
facturer concerning these types of packings. 

GridTM. For mass transfer for distillation HE", use: 

HETP Hog (lnh)/(h - 1) (9-70) 

where h = m (Gm/&) (9-71) 
HEW = height equivalent to a theoretical plate, inches 

Hog = height of an overall gas phase transfer unit, 

U, = volumetric overall heat transfer coefficient, 

m = slope of equilibrium line expressed in mole 

inches 

Btu/(hr) (fts) ( O F )  

fraction 

tower area, mol/(hr) (ftz) 

Re = Reynolds number of gas phase 

G,, L, = gas, liquid molar rate based on superficial 

H,, Hi = height of gas, liquid phase transfer unit, inches 

Koch F%# Packing: Koch. Engineering Co. 

Koch Flexigrid@ packing bulletin [lo61 states that the 
packing (Figures M S S ,  -IT) has a fixed, ordered orien- 
tation and is supplied as layers that stack in a prescribed 
fashion within the bed. Features include [106]: 

1. High capacity; constructed in 60 in. x 16 in. x 2% in. 

2. High efficiency: constructed in 60 in. x 16 in. x 2% in. 

3. Each successive layer of the grid is rotated 45" during 

4. Lower pressure drop. 
5.  Tendency to coke or foul far less than other grids, 

due to elimination of horizontal planes where liquids 
or solids can stagnate. 

high modules. 

high modules. 

installation. 

6. Low liquid holdup. 
7. Fabricated of most metals, such as carbon steel, stain- 

less steel, aluminum and others as required. 

Capacity comparison at flooding is shown on Figure 
9-59 as a function of the vapor and liquid capacity factors 
C, and CL. Koch developed correlations, used by permis- 
sion [106]: 
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liquid rate (gpm/sq It) 

A. Gempak@ floodlng lines for Series AS. Used by permis- 
sion of Glitsch, Inc., Bull. 5140. 

0.05 
C-factor = VS[(pJ/(~yy)lM (Wsec) 

B. Gempak@ pressure drop, Series AS, with 0.50-in. crimp 
height. Used by permission of Glitsch, Inc., Bull. 51 40. 

C. Gempak@ pressure drop, Series AS, with 0.375-in. crimp 
height. Used by permission of Glitsch, Inc., Bull. 5140. 

D. Gempak@ relative HETP. Used by permission of Glitsch, 
Inc., Bull. 5140. 

Figure 957. For Example 98 typical Glitsch Gempap preliminary design charts for structured packing. Note: These plots ate to be used in 
carrying out the calculations described in the Glitsch bulletin. Graphic data presented hen? have been obtained in tests whose candtlons may 
differ materially from your own. Curves on these pages are for Gernpak with crimp angles of 45" from the horizontal, and should be sufficient 
for a preliminary review. The actual surface texture, which determines the final design, should be chosen in consultation with the Glitsch 
process engineering std.  Used by permission of Glitsch, Inc., Bul. 5140. 

Hexigrid@ Style 2 High Capacity 

%flood@constL/V-119x(CV +.074=+.00136C~) (9-72) 

Flexignd@ Style 3 High Efficiency 

% flood@const L/V - 165.34 x (C. + .06 a + .0009 CL) (9- 73) 

100 c, 
% flood@const L = 

.84 - .0676 ,& + .00136 CL 
(9- 73A) 

100 c, % flood@const L - (9 - 72A) .605 - .0464 ,& + ,0009 CL 
Const - constant 
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Pressure Drop, in H20/ft 
0.7 
0.6 I Grid A 
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o j  I 
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Vapor Rate, Cs, f i ls  
Figure 9-58. Nutter Snap-GridTM typical performance charts for pres- 
sure drop. Used by permission of Nutter Engineering, Harsco Corp., 
Bull. CSG-2, for Air-lsopar Q 1 OgpWft2. 
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Liquid Rate, Ct 

Figure 9-59. Comparison of capacities of Flexigrid@ Styles 2 and 3 
at flooding with 2-in. Flexiring” random packing, and a competitive 
grid. U s e d  by permission of Koch Engineering Co., Inc., Bull. KFG-2. 

-4 “viscosity correction” should be made if p ~ ,  > 10.0 cp 
by multiplying the “% flood” obtained from Equations 
9-72 through 973A by the term “ p ~ , - ~ ~ ”  in cp. 

where V, = vapor rate, ft?/sec 
VL = liquid rate, U.S. gpm 
A = tower area (JG 9) f?* 
h, = vapor density, lbs/ft3 
p~ = liquid density, Ibs/ft3 

Typical pressure drops are shown in Figure 9-60. Mass 
transfer and heat transfer evaluations should be referred 
to the manufacturer. 

Glitsch-GridTM [lo71 (Figure P6UU) 

This is an open area packing with multiple layers of lat- 
tice-type panels. This grid, as described by the manufac- 
turer’s bulletin, consists of vertical, slanted, and horizon- 
tal planes of metal. The vertical strips have horizontal 
flanges oriented alternately right and left. Due to the ran- 
dom overlap, the vapor path must zig-zag through the bed. 

Per the manufacturer, this grid has extremely low pres- 
sure drop (0.5 mm Hg/ft) at capacities higher than is pos- 
sible with any other mass transfer device. Grid capacity is 
approximately 50% greater than conventional trays, and 
about 35% greater than 3?4in. ballast rings. The grid is 
highly resistant to fouling, plugging, or coking by tars or 
solids. See Figures 9-61A and 961B for pressure drop and 
capacity performance comparison. HETP is available from 
the manufkcturer and final design performance must be 
obtained from the same source. 

Structured Packing Technical Performance Features 

Fair and Bravo 11081 have performed extensive studies 
on structured packing and have developed general mod- 
els for flooding, pressure drop, and mass transfer. Struc- 
tured packing is now generally considered cost effective 
for moderate pressure and vacuum distillations when 
compared to trays and random packings [108]. The test 
work of the authors considered the trade-named struc- 
tured packings of Intalox@, Gempa@, Flexipac@, Mella- 
pak@, Sulzer, and Montz in their studies. See earlier fig- 
ures for installations of these packings, many of which are 
quite similar. All of the cited packings are corrugated 
sheet type designs, except the Sulzer, which is a fabricat- 
ed wire gauze construction. Table 9-38 summarizes the 
characteristics of the selected packings. Refer to the 
respective manufacturers for confirming details and 
design application techniques. 

Hmding 

At flooding or near flooding conditions [ 1081 : 

1. A rapidly increasing pressure drop with a relatively 
slight increase in gas rate (hydraulic flood) develops. 
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Figure 9-60. 

Cv, Wsec 
Pressure drop for Styles 2 and 3 Flexigrid" at selec 3ed liquid rates. Used b) 

2. A rapidly decreasing efficiency with a relatively slight 
increase in gas rate (mass-transfer limitation) develops. 

3. A general lack of column stability develops. 

All of these conditions do not necessarily occur at the 
same liquid-gas loading. Generally, the masstransfer limi- 
tation develops before the hydraulic flood condition as 
loadings are increased. Fair and Bravo [lo81 used the 
mass-transfer limitation as the limiting case for reasonable 
design of mass-transfer efficiencies. Figure 9-62 is based on 
hydraulic flood for several structured packings. The capac- 
ity limit is related to the corrugated elements as reflected 
in specific surface area. The capacity parameter, C, in 
m/sec, = U,. 

C, =vJPG/(PL -PG),m/sec 

V = superficial velocity, m/sec 

-2. 

PG and p~ = gas and liquid density, respectively, kg/m3 

Figures 9-63A and -63B illustrate for a specific packing 
the hydraulic flood and mass-transfer efficiency limita- 
tions. The differences in crimp height can influence the 
results. Figure 9-63B shows the effect of a higher flow para- 
meter taken using larger columns; the system apparently 
was approaching its critical, but the cause of the perfor- 
mance is not yet known. 

Pressure Drop 

Structured packings maintain mass-transfer performance 
with minimum penalty for pressure drop [IOS]. Two mod- 
els are presented for calculating pressure drop: (1) Bravo- 
Rocha-Fair [ 11 11 and (2) Stichlmair-Bravo-Fair [ 1121. Each 
method is quite involved with rather complex equations to 
calculate the factor to ultimately calculate a pressure drop. 
The authors [ 1081 recommend for design using 
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Figure 9-MA. Pressure drop comparison of Glitsch GridTM and Bal- 
last@ rings at 10 gpm/ft2. Used by permission of Glitsch, Inc. Bull. 
9-72. 
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Figure 9-61 B. Capacity performance comparison for Glitsch-GridTM 
and Ballast@ rings. Used by permission of Glitsch, Inc. Bull. 9-72. 

1. Flooding: Empirical plots of data, as shown in Figures 

2. Pressure drop: Generalized model of Bravo, et al. 
[ 11 11, in combination with Stichlman [ 1121. Pressure 
drop at the flood point as a function of the flow para- 
meter at the flood point is given in Figure 9-62 [lo81 
for several packings using the Stichlman model equa- 
tions for various system pressures [ 1081. 

3. Mass transfer: Generalized model of Bravo, et al. 
[113], with discount factors for wetted surfaces. 

9-62,9-63A, 9-63B, and 9-64. 

Hatfield [114] describes the improvements in commer- 
cial performance when Pall rings were replaced with 
Goodoe@ packing. 

Pressure drop through gauze and sheet metal struc- 
tured packings [115] applies for the region below the 
loading point and cannot predict the flood point because 
liquid holdup vs. gas velocity is not included. The latest 
version of the equation is in Reference 108: 

1 

s u, Pg 

h 
Re, = (9 - 73) 

U, = Ug/& sin 8 (9 - 76) 

Frl= U12/(Sg) (9 - 77) 

where C, = constant, value of 3.08 in Equation 9-74 recom- 
mended for all structured packings similar to such 
types as Flexipac 2@ and Gempak 2@. Note: Refer- 
ence 108 provides values for other structured pack- 
ing sizes and styles and wire gauze. Refer to manu- 
facturer for confirmation. 

where c, C&, C1, C2, C3 = correlation constants 
Frl = liquid Froude number 

g - gravitational constant 
Reg - Reynolds number for gas 

S - length of corrugation side 
Up. = effective velocity of gas 
Ug = superficial velocity of gas 
U1 - superficial velocity of liquid 
Ap - pressure drop per unit packed height 

E = packing void fraction 
8 = angle of flow channel (from 

p - viscosity 
p = density 

f (subscript) - flooding conditions 
g (subscript) - gas 
1 (subscript) - liquid 

horizontal) 

Billet [123] reports that metal gauze-type packing (such 
as Gaodloe@) give better performance and lower costs for 
high vacuum distillations, particularly for thermally unsta- 
ble mixtures. This comparison was made against Pall rings. 
For the performance information referenced here, see 
Figure 9-65 [ 1231. 

For general references during vacuum operations: 

1. Due to the rapid decrease in specific efficiency with 
increasing load, the optimum load factor is equal to a 

( t a t  catinued m page 342) 
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I I 1 I I I I I  I I I I t I I  

0 Cyclohexaneln-heptane - 
0 Airwater - 

- 0  - - -+*-y=;-<o\ Flexipac - 2 

0 1 0  

- 
L O  

' 0  - 
' 0  

Mellapak 250 Y 
(Chlorobenzene/ethylbenzene) - 

' 0 ,  - 
- 

- 1 I I I I I , , I  1 1 I I I I l l  

- - 
Specific Area (m-1) 
Void Fraction 
Corrugation Angle 

(degrees) 
Crimp Height (m) 
Corrugation Side (m) 
Corrugation Base (m) 

Table 9-38 
Characteristics of Representative Structured Tower P a c h g s *  
- - 

Montz Mellapak 
Flexipac-2 Gempak 2A Intalox 2T El-200 250Y 

- ~ 

223 223 220 200 250 
0.93 0.95 0.97 0.94 0.95 

45 45 45 45 45 
0.0125 0.0122 0.0104 0.0149 0.0119 
0.0177 0.0180 0.0223 0.0250 0.0171 
0.0250 0.0268 0.0390 0.0399 0.0241 

. ~- 
**Sulzer 

EX 

500 
0.90 

60 
0.0064 
0.0088 
0.0128 

Y . I  -- .- ~ 

*All packing types listed are available in several different sizes. The corrugation angle is measured from the horizontal. Confirm details with manu- 
facturer. 

**Wire gauze for comparison. 
Used by permission of The American Institute of Chemical Engineers; Fair, J. R. and Bravo, J. L., Chem. Eng. Prog. Vol. 89, No. 1 (1990), p. 19; all rights 

reserved. 
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0- 201 

I -a Montz 61 -200 

J- " [  Montz 61-300 -'e 

ci _. 4 t  
U I 

Figure 9-62. Flooding data for structured 
packings as reported by Billet [109]. Numbers 
following packing type indicate specific sur- 
face area in m2/m3. Reproduced by permis- 
sion of the American Institute of Chemical 
Engineers, Fair, J. R. and Bravo, J. L., Chern- 

1 

1 2 3 4 6 a 1 0  20 40 60 ical Engineering Progress, V. 86, No. 1 (1 990) 
p. 19; all rights reserved. Note, U, = vapor 
velocity, metedsec. FIOW Parameter, UG ( ~ ~ / h ) ~ . ~ x  100 

Figure 963A. Flooding data for struc- 
tured packings obtained by pressure 
drop measurements as well as by effi- 
ciency measurements (see Ref. 108 for 
sources). Reproduced by permission of 
the American Institute of Chemical 
Engineers, Fair, J. R. and Bravo, J. L., 
Chemical Engineering Progress, V. 86, 
No. 1 (1 990) p. 19; all rights reserved. 
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FLOW PARAMETER, X 

Figure 9-63B. Capacity correlation of structured Intaloxm 2T The capacity parameter is at the maximum efflcient capacity (MEC) point defined 
by Rukovena and Koshy [151]. The MEC point is lower than the flood point and located where the packing will maintain its desired efficiency. 
Used by permission of Rukovena, E. and Koshy, T. D., private communication, and Ind. and Eng. Chem. Res. V. 32, No. 10 (1993) p. 2400; all 
rights reserved. 
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Figure 9-64. Pressure drop at the flood point as a function of load- 
ing. Values are calculated using the Stichlmair et al. model and dis- 
tillation conditions using cyclohexandn-heptane and Gempaka 2A 
packing. Note: ordinate (N/m2/m)/3.3853 I in. Hg/m. Reproduced by 
permission of the American Institute of Chemical Engineers, Fair, 
J. R. and Bravo, J. L., Chemical Engineering Progress, V. 86, No. 1 
(1 990) p. 19; alt rights reserved. 
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Figure 9-65. Performance of structured gauze packing vs. Pall rings. 
Used by permission of Billet, R., Chemical Engineering, V. 79, No. 4 
(1972) p. 68; all rights reserved. 
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(text continuedhtn page 339) 

vapor capacity factor that in the vacuum systems is less 
than 60%-70% of the corresponding flood point (the 
actual decrease depending on the mixture). The aver- 
age optimum load factor is given [123]: 

(9 - 78) 

2. Specific efficiency of packing: 

n,/H = 5,  theoretical trays/meter 

3. Average pressure drop per theoretical tray: 

(Ap/nJOpt = 5 mm water column 

where H = height of packing, m 
n, = number of theoretical trays 

Ap = pressure drop, mm water column 
u,, = vapor velocity per unit of free column cross- 

pv = density of vapor, kg/m3 
section, m/sec 

Guidelines for Structured Packings 

5. 

6. 

7. 

8. 

1. Pressure drop: Range usually 0.3-0.5 in. water/ft, or, 
30-40 mm water/m of packed height [ 1161. 

2. Lower holdup of liquid: Less than other packings, 
may require special attention to operational controls. 

3. More difficult to purge: Operating vapors more diffi- 
cult to purge from the system than random packings 
and trays. This poses potential fire, explosion, and 
toxic hazard. 

4. Lower pressure drop for vacuum systems: Allows for 
better low pressure and vacuum system operation and 
lower bottoms temperature, with less degradation of 
bottoms product. 
Internal uniform distribution: Properly designed 
devices to distribute and redistribute liquid entering 
the column is critical to obtain best performance of 
these types of packings. 
Material of construction: The materials of fabrication 
For this type of packing are more critical to long life 
due to pad size, wall thickness of metal or plastic com- 
ponents, and actual selection based on the system 
corrosion, hydrogen attack, and oxygen attack in the 
column environment. 
HETP values: Small packing with narrow corruga- 
tions gives low HETP values, but usually higher pres- 
sure drops. Plastic and some metal packing sheets, 
wires or corrugations may require special surface 
treatment to ensure good wettability. 
Preliminary designs: These can usually be made from 
the generalized literature references; however, they 
are not a substitute for direct design of the specific 

system in question by the packing manufacturer, referenc- 
ing to a specific packing size and style. Several competitive 
designs are often helpful for a final design selection. 

The test studies of several different structured packings 
of Dean et al. [ 1171 indicated that structured packing per- 
forms well in water removed by triethylene glycol (TEG) 
from natural gas from field wells, giving a design point of 
F, = 3 (where F, = V, I&, V, = superficial velocity, pg = gas 
density) for sizing. A high efficiency drip-point distributor 
is recommended, because it was far superior to a notched 
trough or spray nozzle distributor. Excellent turndown to 
12:l was shown, still meeting outlet gas low water vapor 
specifications. HETP values ranged from 44 in. to 102 in., 
in this application. The number of theoretical trays was 2.8 
to 4.6, varying with liquid and gas rates and packing 
style/size. Flooding occurred at 2.28 to 3.98 F, value at 0.7 
gpm/ft2 at 650 psig. 

A commercial 4ft  diameter refinery depropanizer 
unit’s performance after replacement of the lower half of 
a trayed tower with Intalox-2T (R) structured packing is 
described in Reference 118. 

Nutter [141] Montz B-1 structured packing, licensed 
from Julius Montz GmbH of Hilden, Germany, Figures 
9-6LL and 9-6MM, is of uniform sinusoidal corrugations, 
which avoids sharp corners. The embossing on both sides 
of the sheet metal is closely spaced projections in a dot- 
matrix pattern, which spreads the liquid in a uniform film 
[141], without holes or slots. The design allows for an 
effective liquid-vapor seal at the tower wall by means of a 
metal wiper band. A representative performance is shown 
for pressure drop, Figure 9-66, and HETP, Figure 9-67. 
This packing is effectively used in low pressure (or vacu- 
um) columns where large theoretical stages and low pres 
sure drop are required, producing the lowest possible 
pressure drop per stage. Style El is embossed sheet metal; 
Style BSH, is expanded textured sheet metal, high effi- 
ciency with maximum surface area; and Style A-3 is wire 
gauze construction. 

Structured Packing Scale-up 

Applications of structured packing into ethylene plant’s 
various column systems [ 1191 have been successfully 
achieved, but the individual manufacturers must be con- 
sulted to use their most directly applicable pilot and com- 
mercial data, which are generally not published. The use 
of published general correlations should only be used for 
a “first” or approximation design, while the delicate or 
important final design must be performed in cooperation 
with the manufacturer. 
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Figure 9-66. Representative pressure drop for Montz high-efficiency 
structured packings (several designshtyles) for a sheet metal pack- 
ing. Performance can be accurately calculated by the manufacturer 
(See Figures 9-6LL and 9-6MM). Used by permission of Nutter Engi- 
neering Co., Harsco Corp., Bull. B-1 . Specifications and descriptions 
used were in effect when this publication was approved for printing. 
Nutter Engineering reserves the right to discontinue models or 
options at any time, or change specifications, equipment or designs 
without notice and without incurring obligation. Using any of this 
information for specific applications should be done in consultation 
with Nutter Engineering personnel. 

Hufton et al. [120] tested gauze type packing for large 
commercial units, which resulted in a scale-up procedure 
that is too involved to reproduce here. 

1. Estimate required packing height from Bravo, et al. 

2. Calculate commercial scale HETP from Fair, et al. 
[ 1131 or manufacturer's information. 

[ 1081 and/or Hufton, et al. [ 1201. 

Mass and Heat Transfer in Packed Towers 

Most packed towers axe used for mass transfer opera- 
tions such as absorption, distillation, and stripping; how- 
ever, there are other uses such as heat transfer quenching 
and entrainment knockout. 

The usual packings and auxiliary features associated 
with these towers have been presented in connection with 
pressure drop considerations. 

Because the packed tower is a continuous contacting 
device as compared to the step-wise plate tower, perfor- 
mance capacity is expressed as the number of transfer 
units, N, the height of the transfer unit, H.T.C., and mass 
transfer coefficients &a and k a .  Figure 9-68 identifies 
the key symbols and constant flow material balance. 

Ruhr Univ. Data*-Bochum, Germany 
Chlorobenzene / Ethylbenzene System 

25.0 - 50 mmHg, W = 1 

20.0 

8 6 15.0 
C - 
Y 

0- 10.0 

I 
kl 

5.0 

0.0 .. 
0.0 0.50 1.00 1.50 2.00 2.50 3.00 

Dr. R. Bi//et 'I2 
Fs = [T ] [Pv] 

Figure 9-67. Representative HETP for Monk high-efficiency struc- 
tured packings (several designsktyles) for a sheet metal packing. 
Used by permission of Nutter Engineering Co., Harsco Corp., Bull. B- 
1. Specifications and descriptions used were in effect when this pub- 
lication was approved for printing. Nutter Engineering reserves the 
right to discontinue models or options at any time, or change speci- 
fications, equipment or designs without notice and without incurring 
obligation. Using any of this information for s p e c k  applications 
should be done in consultation with Nutter Engineering personnel. 

Number of Transfer Units, NOG, NOL 

The transfer of mass between phases in a packed tower 
occurs either as essentially all gas film controlling, all liq- 
uid film controlling, or some combination of these mech- 
anisms (see Figure 9-69). To express the ease (low number 

Mater ia l  Balance : G m ( y - y z )  L ( x - x z )  
(Constant Gm and L) 

Operat ing L i n e  : Gm(YI -Y )=Lm(XI -X )  T 
Packed 
Height, 

Y = y / ( l - y )  
x = x / ( l - x )  
y = Y / ( I t Y )  
x = X / ( l t X )  

Figure 9-68. Counter-cumnt packed tower symbols. 
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Figure 9-69. Mass transfer diagrams. The number of transfer units can be determined by the difference in concentration or vapor pressure, 
particularly over ranges where the equilibrium line is essentially straight. Used by permission of Czermann, J. J., Gyokheqyi. S. L., and Hay, J. 
J., Petroieum Refiner, V. 37, No. 4 (1958) p. 165; all rights reserved. 

of transfer units) or difficulty of the transfer under the 
conditions of operation with respect to system equilibri- 
um, the system is evaluated as to the number of transfer 
units NOG or NOL required. These can be determined 
experimentally and the data used for similar systems. How- 
ever, it is also important to be in a position to estimate the 
number of transfer units for some foreign system when 
data are not available. 

Z or NoL = - Z NOG = - 
HOG HOL 

(9 - 79) 

uid film controlling, the gas is relatively insoluble in the 
liquid and the resistance to transfer is in the liquid film. 
Many systems are a combination of the two in various pro- 
portions. Without good data on such systems it is next to 
impossible to expect to accomplish an exact design of 
equipment, although satisfactory designs are possible. To 
have some guidelines, system information is presented in 
Table 9-39. Other data for different systems exist in the lit- 
erature in a scattered fashion. 

For (1) dilute solutions or (2) equal molar diffusion 
between phases (e.g., distillation) 

Y 1  -Y2 

(9 - 80) dy NoG = J  -= 
(Y-Y*) 

(Y - Y * h  - (Y -Y*)2 
Y1 where NOG = number of transfer units, based on overall gas 

film coefficients 

film coefficients 
Z = height of packing, ft 

NOL = number of transfer units, based on overall liquid In (Y - Y *)1 

y2 (Y - Y "12 

HOG = height of transfer units, based on overall gas fih, 

HOL 6 height of transfer unit, based on overall liquid 

where (y - p) = driving force, expressed as mol fractions 
coefficients, ft 

film coefficients, ft 

y = mol fraction of one component (solute) at 
any point in the gas phases of the contacting 
system 

y* = mol fraction g a s  phase composition in equilib- 

x = mol fraction in the liquid at the same corre- 
The transfer process is termed gas film controlling if 

essentially all of the resistance to mass transfer is in the gas 
film. This means that the gas is usually quite soluble in, or 
reactive with, the liquid of the system. If the system is liq- 

rium with a liquid composition, x 

sponding point in the system as y 
1 ,2  = inlet and outlet conditions of system 
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Table 9-39 
System Film Control* 

Gas Film 

1. Absorption of ammonia in water 
2. Absorption of ammonia in aqueous ammonia 
3. Stripping of ammonia from aqueous ammonia 
4. Absorption of water vapor in strong acids 
3. Absorption of sulfur trioxide in strong sulfuric acid 
6. Absorption of hydrogen chloride in water 
7. Absorption of hydrogen chloride in weak hydrochloric acid 
8. Absorption of 5 vol. percent ammonia in acids 
9. Absorption of sulfur dioxide in alkali solutions 

10. Absorption of sulfur dioxide in ammonia solutions 
11. Absorption of hydrogen sulfide in weak caustic 
12. Evaporation of liquids 
13. Condensation of liquids 

............ -- .. 

. . .- .. .- 

. . -. . ~. 

Liquid Film 
... . -. .. . .- 

1. Absorption of carbon dioxide in water 
2. Absorption of oxygen in water 
3. Absorption of hydrogen in water 
4. Absorption of carbon dioxide in weak alkali 
3. Absorption of chlorine in water 

. . . . .  . . 

Both Gas and Liquid Film 
.. 

1. Absorption of sulfur dioxide in water 
2. Absorption of acetone in water 
3. Absorption of nitrogen oxide in strong sulfuric acid 
*From: M. Leva, Tower Packings and Pachd Tower Design, 2nd Ed. p. 91, 
U.S. Stoneware Go. (1933), by permission, now, Norton Chemical 
Process Products Corp. 

. , 

If the system has more than two components, the calcu- 
lations may be based on  the component which varies the 
most in passing through the unit, or the component for 
which good data are available. 

A large majority of the systems have operating lines and 
equilibrium curves which can be assumed as straight over 
the range covered by the design problem. For the condi- 
tions of a straight line equilibrium curve, y* = mx, Col- 
burn [lo, 111 has integrated the relation above to obtain: 

2.3 log [ (1 - P") M + P"] 
1 - P" 

N =  (9- 81) 

where N may be NOG or NOL depending on operation. 

Table 9-40 identifies several important conditions that 
affect the values of P" and M. These are extracted from 
Colburn's larger summary [ 111. 

Figure 9-70 is a plot to aid in solving the equation for N 
(or NOG or NOL) . 

For constant temperature absorption, with no solute in 
the inlet liquid, x2 = 0, and  the abscissa becomes y1/y2. 

For Concentrated Solutions and More General Application 

The following equation applies for diffusion in one 
direction (e.g., absorption, extraction, desorption) [74]: 

I1 
NOG = s (l-Y)MdY 

(1 - Y ) (Y - Y *) 
y2 

(9 - 82) 

or 

1+Y1 
1+Y2 

1/21n- dY 
Y 1  

y2 

or 

(9 - 83) 

(9 - 84) 

(9 - 8.3) 

where (1 - Y)M = log mean average of concentration at the 
opposite ends of the diffusion process, (1 - y) 
in main gas body, and (1 - y*) at the inter- 
face [74] 

y = Concentration of solute in gas, mol fraction 
y* = Concentration of solute in gas in equilibrium 

Y = Concentration of solute in gas, lb mol 
with liquid, mol fraction 

solute/lb mol solvent gas 

with liquid, lb mol solute/lb mol solvent gas 
P = Concentration of solute in gas in equilibrium 

If the liquid film controls: 

x1 --I l+X,  

l + X ,  
dX 1/21n- 

x2 

(9 - 86) 

(9- 87) 

where x = concentration of solute in liquid, mol fraction 
x* = concentration of solute in liquid in equilibrium 

X = concentration of solute in liquid, lb mol solute/lb 
with gas, mol fraction 

mol solvent 
X* = concentration of solute in liquid in equilibrium 

with the gas, lb mol solute/lb mol solvent 

It is usually necessary to graphically integrate the first 
terms of the above equations, although some problems do 
allow for mathematical treatment. 
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Table 940 
Values to Use With Transfer Equation and Figure 9-68 

Condition of Operation P” M 
-. - ~ 

Absorgtion: 
1. Constant mG,/L, mGm/Lm (Y1 - mx2)/(y2 - mx2) 

2. Varying mG,/L, 

Desorption (stripping) : 
3. Constant LJmG, 

4. Varying L,/mG, 

Distillation, enrichin2 
5. Constant mG,/L, 
6. Varying mGm/L, 

7. Constant L,/mG, 

8. Varying L,/mG, 

stripping, closed steam2 

stripping, open steam2 

Same as 1 

10. Varying L,/mG, 

*Equilibrium value 
Subscripts 1 and 2 refer to the concentrated and dilute ends of the unit respectively 
lConcentrations and m are based on high boiler or “heavy key” 
koncentrations and m are based on low boiler or “light key” 
m = slope of equilibrium line (mol-fraction solute in gas)/(mol-fraction solute in liquid) 
By permission, A P. Colburn, Ind. Eng. Chem. 33,459 (1941). The American Chem. SOC., all rights reserved. 

Example 9-9: Number of Transfer Units for Dilute 
Solutions 

An existing 10-in. I.D. packed tower using 1-inch Berl 
saddles is to absorb a vent gas in water at 85°F. Laboratory 
data show the Henry’s Law expression for solubility to be 
y* = 1.5x, where y* is the equilibrium mol fraction of the 
gas over water at compositions of x mol fraction of gas die 
solved in the liquid phase. Past experience indicates that 
the HOG for air-water system will be acceptable. The con- 
ditions are: (refer to Figure 9-68). 

G‘1 = 200 mol gas/hr (ft2) 
L’2 = 500 mol water/hr (ft2) 
y1 = 0.03 (inlet) 
y2 = 0.001 (outlet) 
x2 = 0 (inlet) 
XI = ? (outlet) 

Determine the number of transfer units, and the 
packed tower height. 

Material Balance 

Dilute solutions, assume constant L‘ and G 

Gas phase change = GI (y1- y2) = 200 (y1 - 0.001) 

Liquid phase change = L2 (x2 - XI)  = 500 (0 - XI) 

Because the (-) sign has no significance, except to indi- 

Now, to use the simplified 
cate the direction of mass change, use 500 (XI). 

(9 - 80) 

Assume values of y1 and solve the equated mass change 
for values of x. 

200 (y1 - 0.001) = 500 (XI) 
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M or y I / y 2  (See Table9-40.) 

Assume y Calculated x1 

0.03 0.0116 
0.025 0.0096 
0.02 0.0076 
0.015 0.0056 
0.01 0.0036 
0.005 0.0016 
0.001 0 

Equilibrium y * (+) 
0.0174 79.4 
0.0144 94.4 
0.01 14 116.4 
0.0084 151.4 
0.0054 217. 
0.0024 384. 
0 1000. 

Example: Calculate x, as illustrated for pointy = 0.015 

200 (0.015 - 0.001) = 500 ~1 

200 (0.014) = 500 XI 

Calculate the equilibrium values, p, as illustrated for point of 
XI = 0.0116 

y" = 1.5 (0.0116) = 0.0174 

Calculate l / ( y  - y*) for point corresponding to: x1 = 0.0116 
where y* = 0.0174 

= 0.75 

Figure 9-70. Colburn Plot for transfer 
units. Reproduced by permission of 
the American Chemical Society; Col- 
burn, A. P., Ind. Eng. Chem. V. 33 
(1 941) p. 459; all rights reserved. 

1 
= - = 79.4 1 1 -= 

y - y * 0.03 - 0.0174 0.0126 

Area Under Curve 

Figure 9-71 is a summation of steps indicated, or the area 
can be circumscribed with a planimeter and evaluated. 

Area = 6.27 units, then number of transfer units, 
NOG = 6.27 

Height of Transfer Unit 

From data of Mehta and Parekh for 1-in. Berl Saddles 
~401, 

HOG = 0.86 ft 

Height of packed section: 

Z = (6.27) (0.86) = 3.4 ft 

Total Packed Height Recommended 

Process packed height = 5.4 ft 
Distribution packed height = 2.00 
Total 7.4 ft 

Use: 8.5 to 10 ft of 1-in. Berl saddles 
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Y 

Figure 9-71. Graphical integration for Example No. 9-9. 

To complete the design, the tower should be checked 
for loading and flooding conditions, and the pressure 
drop established. However, this procedure will not be 
repeated as it can be found elsewhere in this text. 

Example 9-10: Use of Colburn's mart for Transfer 
UniMtraight Line Equilibrium Curve, Figure 970 
Constant Temperature Operation 

Use the previous example on dilute solutions and solve 
by Colburn's Chart [ll], 

Abscissa: yl/y2 = 0.03/0.001 = 30, because x2 = 0 (no dissolved 
solute gas in inlet water) 

Parameter: mG'/L' = (1.5) (200/500) = 0.6 

Note that m is the slope of the straight line equilibrium 
curve, m = 1.5 

Reading chart: At y1/y2 30 and mG'/L' = 0.6 
No. transfer units, N = 6.4 

This compares with the value from graphical integra- 
tion of 6.27 and is a good check. 

If N = 6.4 were used for the tower: - 6.4 (0.86) = 5.5 ft minimum for process operations 

Example 9-11: Number Transfer Units-Concentrated 
Solutions 

Using the basic problem for dilute solutions, assume the 
following conditions for a higher concentration. 

G' = 200 mol gas/hr (ftz) 
L' = 500 mol water/hr (ft2) 
y1 = 0.30 (inlet) 
y2 = 0.01 (outlet) 

y* = 1.54 
x2 = 0 

Material Balance 

Based on inert gas 

Gasphasechange=G' ( l - y l )  [I:, --- 1:Py2] 

[+-I 
Liquid phase change = 

L' [ x - 3 - 1  = L' [ +L - 0] 
1-x 1-x  - X  

These changes must be equal: 

G (1- 0.3) ( y - 9) - L (  L) 
1 - y  0.99 I - x  

Assume values of y and solve for corresponding values 
of x. 

Let y = 0.3 

200(0.7) [ (s) 1 - 0.3 - O.OlOI] = 500 (z) 1-x 

140(0.428 - 0.0101) = 500 - ( l:x) 

-=-= 58'5 0.117 
1 - x  500 

x = 0.1048 

Calculate equilibrium y* from values of x. 
Assume that for this concentration range (this will usu- 

ally not be same as for dilute solution tower): 
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y* = 1 . 5 ~  
y" = 1.5 (.1048) = 0.157 

Calculate (1 - y): 

1 - y = 1 - 0.30 9 0.70 

Calculate (1 - y*) : 

1 - y* = 1 - 0.157 - 0.843 

Calculate (1 - Y)M, arithmetic average of non-dihing 
gas concentration at ends of diffusing path: 

(1-Y)h.l- 
(1 - y) + (1 - y*) 0.7 + 0.843 - - 

2 2 

= 0.7715 

Calculate 1/ (y - y *) : 

= 7.0 1 1 
-IC 

y - y * 0.30 - 0.157 

Calculate (1 - y ) ~ /  (1 - y )  (y - y*): 

= 0.7715(7.0)/0.7= 7.715 

A plot of y versus (1 - Y)M/ (1 - y) (y - y*) gives the num- 
ber of transfer units as presented in the previous example. 
As a second solution: 

i l  
N0G -J - 5 + 1 / 2 l n -  l -yn 

1 - y l  . .  
Y2 

From Figure 9-72 the area under the curve for y versus 
l / (y  - y *) is 5.72 units = NOG (approximate) 

The correction is: 
... 

Assumed 
Y 

0.30 
0.20 
0.15 
0.10 
0.05 
0.01 

_ _ _  

- 
CalC.  

X 
- 
0.1048 
0.0631 
0.0446 
0.0276 
0.0142 
... 

-_ - 

Y* 
0.157 
0.0945 
0.0667 
0.0413 
0.0213 

. ._ 

... 

I - V Z  0 99 1/2 In - - 1/2 In- 
I - Y l  0.70 

= 1/2 (0.345) = 0.172 

Therefore: 

NOG = 5.72 + 0.172 = 5.89 transfer units 

(1 -Y)M 

Note that the graphical integration is never exact and 
hence the correction often makes little difference except 
for cases of curved equilibrium lines. 

From Figure 9-72 the area under the curve, y versus 
(1 - Y ) ~ / (  1 - y) (y - y*) is only slightly larger than the y 
versus l /y  - y* for this case. To avoid confusion the figure 
was only integrated for the latter. However, it could be 
performed for the former and the result should be very 
close to 5.89. 

Gap and Liquid-phase Coefficients, and kL 

Recent studies indicate that the individual film transfer 
coefficients may be correlated with good agreement for 
Raschig rings and Berl Saddles for aqueous and nonaque- 
ous systems [67]: 

j D  = 

""inl 90 

70 

Art0 Under Curvr ~ 5 . 7 2  Units 

1, 
Y-Y* 

I 
Y 

Figure 9-72. Graphical integration number of transfer units for Exam- 
ple 9-1 1. 



350 Applied Process Design for Chemical and Petrochemical Plants 

This has been shown to correlate for a wide variety of 
tower packings, various operating conditions, and physical 
properties of the solute and inert gases. The calculated 
must be used in conjunction with the effective interfacial 
areas determined by Shulman [65] Figure 947, to establish 
a reliable value for kGa. Figure 947 should be used with the 
abscissa as G/$/0.075 for inert gas other than air [67]: 

kGa = k ( a )  

HTU (WPhase) = G’/~@IMPBM (9-89) 

where 4, = diffiuivity of solute in gas, ft2/hr 
kG = *phase mass transfer coefficient lb mol/hr (ft2) 

(am)  
MM = mean molecular weight of gas, lb/lb mol 
PBM = mean partial pressure of inert gas in the gas 

p~~ = gas viscosity, lb/(hr) (ft) 
phase, atm 

p~ = gas density, lb/ft3 
G = superficial gas rate, lb/ (hr) / (ft2) 

(9 - 90) 1 1 l m  1 1 
KGa kGa H’kLa kGa kLa H‘KLa 

+-=- +-=- -=- 

1 +- -=- +-=- 1 1 H ’ l  
KLa k,a kGa KLa mkGa 

H‘ = Henry’s law constant, lb mols/(ft3) (atm) 
kL = liquid-phase mass transfer coefficient, lb 

mols/(hr) (ft2) (lb mols/ft3) 

The relation 

(9 - 91) 

(9 - 92) vaporization (kGa), h = - I 0.85 -L 
absorption (kGa), ho 

is reported to correlate *8% based on data tested, and 
appears to be founded on a sound investigative program. 

For the liquid phase based on Raschig ring and Berl sad- 
dle data [65] : 

(9 - 93) 

use of kG and kL 

1. From physical properties of system, determine and 
kL. If system is known or can be assumed to be essen- 
tially all gas or all liquid film controlling, then only the 
controlling k need be calculated. For greater accura- 
cy, both values are recommended, because very few 
systems are more than 80% controlled by only one k. 

2. Combine effective interfacial area to calculate kGa or 
kLa. 

3. Determine by: 

1 1 1 +-=- 
KGa kGa H’kLa H’KLa 
-- -- 1 (9 - 94) 

Height of a Traasfer Unit, HOG, HOL, HTU 

An earlier concept of height equivalent to a theoretical 
plate (HETP) for relating the height of packing to a unit 
of transfer known as the theoretical stage or plate has gen- 
erally been dropped in favor of the “height of a transfer 
unit“ €€TU, and designated as HOG or HOL depending on 
whether it was determined from gas or liquid film data. 
HETP data for absorption and distillation is given in the 
section under packed tower distillation. 

Height of Overall Transfm Unit 

For small changes in concentration and total number 
mols of gas and liquid remain essentially constant; applic- 
able to all but very concentrated solutions. For the latter 
case see References 18 and ’74. 

GM 
H O G = K  a P  

G ave 
(9 - 95A) 

(9 - 95B) 

(9 - 96) 

Height of Individual Transjier Unit 

For same conditions as (1.) Some data are reported as 
individual gas or liquid film coefficients or transfer unit 
heights. However, it is often possible to use it as overall 
data if the conditions are understood. 

HG = Gm (9 - 98) 
k ~ a  Pave, 

r, 
kLa PL 

HL =- (9 - 99) 
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where A = L,/mG, 

For predominately liquid film controlling system, A'HG 
is almost negligible and HOL = HL; likewise for gas film 
controlling, HL/A' is negligible and HOG = HG. 

where G,,, = gas mass velocity, Ib mol/(hr) (ft2) 
L, = liquid mass velocity, lb mol/(hr) (ft2) 

Kc;a = overall gas mass-transfer coefficient, lb mol/(hr) 

KLa = overall liquid mass-transfer coefficient, Ib 

kGa = individual gas mass-transfer coefficient, lb 

kLa = individual liquid mass-transfer coefficient, lb 

Pa,, = average total pressure in tower, atmospheres 
HL = height of liquid film transfer unit, ft 
HG = height of gas film transfer unit, ft 

(ft3) (am)  

mol/(hr) (ft3) (lb mol/ft3) 

mol/(hr) (ft3) (am)  

mol/(hr) (ft3) (lb mol/ft3) 

a = effective interfacial area for contacting gas and 
liquid phases, f$/ft3. Because this is very difficult 
to evaluate, it is usually retained as a part of the 
coefficient such as &a, KLa, kGa, and kLa. 

V = vapor flow rate, Ib mol/hr 

Estimation of Height of Liquid Film Tranqer Units 

The following relation is used in estimating liquid film 
transfer units [62]. For the proper systems HL may be 
assumed to be equal to HOL. 

HL = 4 (L'/pLa$ (PLJPLDL)' .~,  ft (9 - 102) 

where ~IJPLDL = Schmidt number 
€ 3 ~  = height of transfer unit, ft 
L' = liquid rate, lb/ (hr) (ft2) 
UL = viscosity of liquid, lb/ (ft) (hr) 
DL = liquid diffusivity, ftn/hr 
9 and j are constants given in Table 941. 

Diffusivity values are given in Table 9-42. 

Table 9-41 
Liquid Film Height of Transfer Unit* 

Packing 9 j 
~- -. -. 

Raschig Rings (In.) 
36 0.00 182 0.46 
!4 0.00357 0.35 
1 0.0100 0.22 
1.5 0.0111 0.22 
2 0.0125 0.22 

Range of L' 
Lb/h  (ftz) 

400-15,000 

.- 

400-15,000 
400-15,000 
400-15,000 
400-15,000 

Berl Saddles (In.) 
M 0.00666 0.28 400-15,000 
1 0.00588 0.28 400-15,000 
1.5 0.00625 0.28 400-15,000 

3 In. Partition rings, 
stacked staggered 0.0623 0.09 3,000-14,000 
Spiral Rings, stacked 

staggered 
3-in. single spiral 0.00909 0.28 400-15,000 
3-in. triple spiral 0.0116 0.28 3,000-14,000 

Drippoiut grids 
(continuous flue) 
Style 6146 0.0154 0.23 3,500-30,000 

*Reproduced by permission, Treybal, R. E., Mass Tranqer Operations, 
McGraw-Hill Book Co., Inc. (19.55), p. 237, using data of Sherwood, T. 
K and Holloway, F. A. L. [62] and of Molsrad, McKinney and Abbey 
[51], all rights reserved. 

Style 6295 0.00725 0.31 2,~00-22,000 

HoG=HG+-(HL)=HG+-  mG HL 
L A 

(9- 100) 

(9- 101) 
H ~ L = H L + - ( H G ) = H L + A H G  L 

mG 

Figure 9-73 presents some of the data of Fellinger [27] 
as presented in Reference 40 for HOG for the ammonia- 
air-water systems. This data may be used with the Sher- 
wood relations to estimate HL and HG values for other sys- 
tems. 

Estimation of Height of Gas Film Transfer Units 
Estimation of Diffusion CoefJicients of Gases 

The relation [61, 62, 631 

(9 - 103) 

describes a reasonable part of the gas film data. It allows 
the conversion of the ammonia-air-water data of Fellinger 
[27] to useful interpretation for other systems. Table 943  
gives the constants for the equation. 

a, p, y = constants peculiar to packing for dilute and moderate 
concentrations [ 741 : 

Good reliable diffusion data is difficult to obtain, par- 
ticularly over a wide range of temperature. The Gilliland 
relation is [63] : 

where T = absolute temperature, "R 

P = total pressure, atm 
MA, MB = molecular weights of the two gases, A and B 
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Table 9-42 
Diffusion Coefficients of Gases and Liquids in Liquids at 

68°F (Dilute Concentrations) 

Gas 
Oxygen 
Carbon Dioxide 
Nitrous Oxide 
Ammonia 
Chlorine 
Bromine 
Hydrogen 
Nitrogen 
Hydrogen Chloride 
Hydrogen Sulfide 
Acetylene 

Solvent 

Water 
Water 
Water 
Water 
Water 
Water 
Water 
Water 
Water 
Water 
Water 

Diffusion Coefficient, DL 
Ftz/Hr (Multiply all 

Values by 
10-5) 

~ 

7.0 
5.82 
5.86 
6.83 
4.74 
4.66 

19.92 
6.37 

10.25 
5.47 
6.06 

Liquid 
Sulfuric Acid Water 6.72 
Nitric Acid Water 10.15 
Methanol Water 4.97 
Sodium Chloride Water 5.23 
Sodium Hydroxide Water 5.86 

Note: Additional data are given in the reference, as well as the Interna- 
tional Critical Tables. 

From: Perry, J. H., C h a .  Engrs. Hndbk. 3rd Ed. p. 540, McGraw-Hill Book 
Co., Inc. 0 (1950). By permission. 

VA, VB = molecular volumes of gases, obtained by Kopp's 
law of additive volumes, cm3/gm mol at normal 
boiling point. See Table 9-44. 

Diffusion coefficients are used to estimate &a values 
for gas film controlling systems: 

KGa (unknown system) = KGa (known system) 
0.56 

(9 - 105) 
D, unknown [ D, known ] 

Ammonia-air-water system data, Figure 9-73, is often 
used by converting HOG (ammonia-air) to its correspond- 
ing &a, and then substituting the above relation for the 
unknown k a .  

Example 9-12: Design of Ammonia Absorption Tower, 
Figures 9-74A and B 

An inert gas process vent stream contains 91 lb/hr (5.35 
mol/hr) ammonia. This is 5.7% (volume) of the total. The 
absorber is to operate at 150 psig and recover 99% of the 
inlet ammonia as aqua using 90°F water. Average vapor 

Table 9-43 
Gas Film Height of Transfer Unit [27,50,51] 

Packing a P  Y G' L' 

RaschigRhlgs 
~ ~ ~ 

(In.) 
36 2.32 0.45 0.47 200-500 500-1,500 
1 7.00 0.39 0.58 200-800 400-500 

6.41 0.32 0.51 200-600 5004,500 
1.5 17.3 0.38 0.66 200-700 500-1,500 

2.58 0.38 0.40 200-700 1,5004,500 
2 3.82 0.41 0.45 200-800 5004,500 

Berl Saddles 
(In.) 
% 32.4 0.30 0.74 200-700 500-1,500 

0.811 0.30 0.24 200-700 1,500-4,500 
1 1.97 0.36 0.40 200-800 4004,500 

3-In. Partition 
Rings 
(Stacked 
(Staggered) 650 0.58 1.06 150-900 3,000-10,000 

(stacked 
staggered) 
%in. single 
spiral 2.38 0.35 0.29 130-700 3,000-10,000 
3-in. triple 
spiral 15.6 0.38 0.60 200-1,000 500-3,000 

1.5 5.05 0.32 0.45 200-1,000 4004,500 

spiral Rings 

Drip Point Grids 
(continuous flue) 
Style 6146 3.91 0.37 0.39 130-1,000 3,0004,500 
Style 6295 4.65 0.17 0.27 100-1,000 2,000-11,500 

From the data of Fellinger [27] F d  of Molstad et. al [30,51] as present- 
ed in Treybel, R. E. Mass Transfer Opmutions, p. 239, McGraw-Hill Book 
Co. Inc. 0 (1955), Ref. 74, by permission, all rights reserved. 

mixture molecular weight = 11.6. Determine (a) the num- 
ber of transfer units for the absorption (b) height of the 
transfer unit using 1-in. Berl saddles (c) the tower diame- 
ter and (d) the water rate. 

Material Balance 

Assume production of 8 wt % aqua. Then: 

Lb water/ hour = (0.99) (91) - = 1035 ( Z) 
Entering water, Xz, mol NHs/mol H20 = 0 
Leaving water as aqua, XI, mol NHg/mol H20 
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-. . .- -. .-.. 

Atomic Volume 

Carbon 14.8 
Hydrogen 3.7 
Chlorine 24.6 
Bromine 27.0 
Iodine 37.0 
Sulfur 25.6 

Nitrogen in primary amines 10.5 
Nitrogen in secondary amines 12.0 
Oxygen 7.4 
Oxygen in methyl esters 9.1 
Oxygen in higher esters 11.0 
Oxygen in acids 12.0 
Oxygen in methyl ethers 9.0 
Oxygen in higher ethers 11.0 
Benzene ring: subtract 15 
Naphthalene ring: subtract 30 

. -. . . . . .- . -, .- . __ 

Nitrogen 15.6 

- -_ .- 

353 

-. . .- 

Molecular Volume 
. _- .- 

H2 14.3 
0 2  25.6 
N2 31.2 
Air 29.9 
co 30.7 
GO2 34.0 

NO 23.6 
N 2 0  36.4 
NH3 25.8 
H20 18.9 
HZS 32.9 
cos 51.5 
C12 48.4 
B‘2 53.2 
I2 71.5 

SO2 44.8 

- -. __ 

Figure 9-73. Fellinger’s overall gas film mass transfer data for ammonia-water system. Used by permission of Leva, M. Tower facldngs and 
Tower Design, 2nd Ed. US. Stoneware Co. (now, Norton Chemical Process Products Corp.) (1 953). 

Packed 

- (5.35) (0.99) - 

= 0.0921 

Entering gas, Y1, mol NHs/mol inert gas 

5.35 
(5.35/0.057) (0.943) 

= = 0.0607 

Leaving gas, Y2, mol NH3/mol inert gas 

= (0.01) (.0607) = 0.000607 

To calculate the equilibrium curve at 90°F (constant 
temperature) for the system aqua ammonia-ammonia- 
inert vapors follow the steps listed: 

Heat of solution (-Q = 45.8676 + n (286.103) - a’ - nb‘, in 
kilojoules/g mole 

(text continued on page 35@ 
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Rov. Ror. I Rw. 

Job No. 

Dnln I I I I 
Satsw~a1.n I I 
L . V d C ~ O l  2 1% / 5 0  Rsrrad F 

P n s w n  Tap8 I s/* 6000 G u p k  6 
Thamuwell Pb. 

I I I I I 
I I 

I. TU Pdnk in Vopr L o a d  
1. T1I Poink in Lbukl L o m d  

3. Somple Points in V o w  Locakd- 

4. &wie Poh. in ~ iquid  LOU- \ 

~ ~~ 

P.O. le: 

Figure 9-74A. Tower specifications for Example 9-1 2. 
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I ¶PEG DWG.  NO. 
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Packing: 
(a) Size, Type 6 Thickmrs 

(b) Height of Pocking Sections: No; 1 
(e) Method of  Packing (Wet) (Dry) ~~ 

(d) Pocking Arronyment (Dumped) (Sdxed) 

1''' 80 

DUmBe d 
Typa of Distributor T r a y J P / 0 6 A  p/dl9., ./ "0,.6. 
Type of RrDirtributor Tray 

Type of Packing Supporf(s) 75% 0- Adw- ~ ~ ~ J ~ ~ / M H O W  Remowd & //*499eS 
Pocking removal Manwoyr Located ~ l454 f/bW8S a$ dUPP.Pt( 9Pa.d 
Entrainment Separator: (Type, Size, Thickness) 

__ How Removed 

How Remourd 

* P  

N o n e  
Bank Ne. No. af Nozzles Sir. TYP. Mmukcturer 

2; l= i: 

Re-Distributor Tray 

Packing Support 

Spray Noxdes 

1 st. Layer Arranp.n*nt 

2 d I  

3rd. Layer Arrangement 

Bulk of Packing Arrangement s** zeLar)ar* I 
I 

I 

'"""''I 

P.O. To: 

Figure 9-74B. Tower internal specifications, Spray or Packed Columns. 
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(text ccmtinuedhm page 353) 

*n, 

H20 
g. moles 

1 
2.33 
4 
9 

19 
49 

*-Q 
p.c.u./lb 

mole NH3 
6,600 
7,820 
8,040 
8,220 
8,290 
8,580 

-Q 
Btu/lb 
NH3 
698 
829 
851 
873 
879 
906 

x, mole 
fraction 

NHs 
0.5 
0.3 
0.2 
0.1 
0.05 
0.02 

Lb. NH3 
per loo# 

H20 
94.5 
40.5 
23.6 
10.5 
4.97 
1.93 

*Adiabatic 
Temp. 
rise, "F 
338 
238 
164 
83 
41.6 
17.1 

Data on heats of solution of ammonia taken from International 
Critical Tables Vol. V, pg. 213 [35] by Sherwood and Pigford 
(Absorption and Extraction, pg. 161, 2nd Ed., McGraw Hill Book 
Co., Inc.) Ref. 63*. 

1. Assume values for Y, (0.012 for example) mol amme 
nia/mol of inert gas and read corresponding vapor 
pressure of ammonia from Figure 9-75 (curve Y) (= 102 
mm) . This figure was calculated from 

for a total pressure system at 164.7 psia (150 psig) and 
a temperature of 90°F with vapor pressures read from 
published data, Figure 9-76. 

2. At the values of vapor pressure at 90°F (32.2"C) read 
the corresponding weight percent aqua ammonia 
(= 8%). 

3. Convert this weight percent ammonia to lb mols 
ammonia/lb mol water by 

4. Plot equilibrium curve (curve A) of Figure 9-77. 

(atY = 0.012, x = 0.092, example) 

If the temperature rise over the temperature range is 
very high, then to operate at constant temperature 
requires internal cooling coils in the column, or other 
means of heat removal to maintain constant temperature 
operation. Usually this condition will require considerably 
less transfer units for the same conditions when compared 
to the adiabatic operation. 

To calculate the equilibrium curve taking the heat of 
solution into account, i.e., operate adiabatically with liq- 
uid temperature variable, follow the steps: 

Figure 9-75. Ammonia vapor pressure-inerts data at a fixed pressure. 

1. Assume a temperature rise (for example, 17.8"F) and 
read from Figure 9-78 (temp. rise) the lb NH3/100 lb 
H20 (= 2, example). 

2. Convert this lb NH3/lOO lb H20 to lb mol NH3/lb 
mol H20 by 

( mol NH3 \ 17 (100) - 
(moiH20) (18) 

Lb NH3 /lo0 lb H20 = 

(= 0.0215 lb mole NH3 /Ib mol H20) 

Convert this (0.0215) lb mol NHs/lb mol H20 to 
weight percent NH3 by step (3) of previous para- 
graph (= 1.95%). 
Read aqua-ammonia vapor pressure curves at wt per- 
cent NH3 and corrected temperature (base tempera- 
ture plus rise) (= 90 + 17.8 = 107.8"F, e.g., or 41.1"C). 
Read 29.5 mm Hg as vapor pressure of ammonia, Fig- 
ure 9-76. 
Read 'Y" curve, Figure 9-75 at value of vapor pressure 
to get Y (= 0.0035 lb mol NHs/lb mol inerts). 
Plox X (= 0.0215) andY (= 0.0035) to get equilibrium 
curve, which accounts for this effect of heat of solu- 
tion Curve B, (Figure 9-77). 
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Detemzine Number of Transjk Units, N 

The number of transfer units is determined graphical- 
ly by: 

1.  Bisecting the vertical distance (line C) of Figure 9-7’7 
between the 8% aqua operating line and the equilib- 
rium curve B. 

2. Starting at Y2, draw horizontal line to line C. Extend 
this horizontal to right of C far enough to make “r, 
to line C” equal to “line C to end,” then step vertical- 
ly to operating line, D. Move horizontally to line C, so 
that (a) (b) = (b) (c). Continue moving up the tower 
in this stepwise fashion. 

3. At end, XlY,, if steps do not end at exact point, esti- 
mate fraction of vertical step required and report as 
fractional transfer unit. 

Figure 9-76. Partial pressure 
of ammonia over aqueous 
solutions of ammonia. Used 
by permission of Leva, M., 
Tower Packings and Packed 
Tower Design, 2nd Ed., U.S. 
Stoneware Co. (now, Norton 
Chemical Process Products 
Corp.) (1953). 

This problem steps off six full transfer units and approx- 
imately % of the seventh. Report as 6.33 units. 

Performance Interpretation 

The point X1 represents 0.092 mol NHs/mol H20, 
which is equivalent to 8 \vt% ammonia solution. If a weak- 
er product were desired fewer transfer units would be 
required. 

Point (e) is the intersection of the equilibrium curve 
and the operating line and represents the equilibrium 
condition for tower outlet liquor, and the maximum 
liquor concentration. 

Note that the 10% (wt) aqua product operating line is 
shown on the diagram, but such a concentration cannot 
be reached when operating at 150 psig. A greater pressure 
is required in order to lower the equilibrium curve. 
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1 (e) II 
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m 
I 
z 
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e 
II 
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- 

I 
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Operating Line (IO% Agua) 
(Cannot be produced at pressure of the 
8% system,since i t  crosses the 
Equilibrium Line before the desired 
Concentration i s  reached.) 

Curve for Adiabatic Conditions, 
iquid Temperatures. 

Inlet Liquid a t  S O O F .  

From Curve B and Operating Line, 
No. Transfer Unifs , Nls6.3 
No. Theoretical Plates,= 5.75 
(Designated by Dotfed Steps) 
Isothermal Theoretical Plates 
= Approx. I 112 

Gas Transfer Units 
- 1  

I 
I 
1 

/ yI/ i P E i s e e t i n g  t i ne  ,C L d u r v a  A 
x i q u i i i d r i u m  Curve for 

Isothermal Tower a t  90.F 

1 
/ / A  fE  /r /)11/21 Approx.'Unit Isothermal 

I J I 
Isothermal Theoretical Step Lines 

I 

I I 1x1 I I I I I 
Xz .02 .04 .06 .08 .I .I2 .I4 .I6 .I8 0 

X = Ib. MOIS NH3 /Ib. Mol. H e 0  

Figure 9-77. Equilibrlum curves for ammonia-water; an operating system for production of 8% aqua (by weight) at total pressure of 150 psig. 
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Ibs. NH3/iOO Ibs. He0 

Figure 9-78. Temperature rise due to heat of solution, ammonia in 
water. 

Curve A represents the equilibrium condition for water 
entering at 90°F, the gas entering saturated with water 
vapor at 90°F and isothermal tower operation. 

Height of Transfer Unit 

From Figure 9-73 the experimental HOG may be picked 
based on ammonia from a mixture with air absorbing in 
wzter. Assume an 18 O.D. tower (pipe) which has an I.D. 
of 16.8 in. 

= 702 Ib/ hr (ft' ) 
5.35 (11.6) At inlet, G' - 

(.057) (1.553ft2) 

(0.99) (5.35) ( I t )  
1.553 

At outIet, G' = 702 - 

- 702- 57.8= 6441b/hr (ft2) 

Avg G' = 702 ' 644 - 673 lb/ hr (ft2 ) 
2 

1635 
1.553 

At inlet, L' = - = 666 lb/ hr (ft' ) 

At outlet, L' = 666 + 57.8 = 724 

Avg L' = 666 + 724 = 696 lb/ hr (ft2 ) 
2 

At, L' = 695, G' = 673 

HOG = 1.6 ft (interpolated) based on ammonia-air-water system. 
The system under study has inerts other than air. 

Tower Height Based on Air as Inert Gas in System 

Z e NHOG 
Z = (6.33) (1.6) = 10.1 ft packing 

Tmer Loading, Flooding, and Pressure o.(s 

Assume 18-in. O.D. steel pipe, 16.8-in. I.D., cross-section 
area is 1.553 ft2. 

p~ = 62.3 lb/ft3 

- a = 125 for 1 - in. Berl saddles 
2 

= (0.77)O.' = 0.949 

L(a)o'5 --(-) 695 0.324 "' P0.0744 
G P L  673 62.3 

(123) 
(673/ 3600)2 (62.3/ 62.3)' (0.949) 

(62.3) (0.324) (32.2) 

G2 2v2 wo.2 

PL PG gc ($) = 

= 0.00635 

Referring now to Figure 9-21D indicates that the tower 
would operate we11 below the loading zone at about 
0.00635 (lOO)/.OS = 10.6% of the merage loading condi- 
tion. This is too low. 

A new tower diameter can be assumed, or the limiting 
velocities can be calculated, and fie diameter set from 
these. For illustration purposes, me the latter approach: 

Average gas rate = (673) (1.5.53) = 1,047 Ib/hr 

Inlet gas rate = (702) (1.553) = 1,090 b /h r  
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Average liquid rate = (695) (1.553) = 1,080 lb/hr Correcting Height of Transfer Unit for Inert Gases in System 

Outlet liquid rate = (724) (1.553) = 1,124 Ib/hr 
T3I2  MA + ~ / M B  

W A  113 + vB1/3 12 
Diffusivity : D, = 0.0069 L [ pG)o" 1080 ( 

=- - =0.0744 
G PL 1047 62.3 

T (for 90°F) = 90 + 460 = 53O"R at liquid inlet Because : 

T (for 90 + 72") = 162 + 460 = 622"R max. at liquid outlet 

MA = 17 for NH3 

where Vg = superficial gas velocity, ft/sec MB = 29 for air 

Solve for Vp' at abscissa = 0.0744 P = 164.7/14.7 = 11.2 atm 

Read Figure 9-21D at flooding, ordinate = 0.150 VA = 26.7 for NH3 from Table 9-44 (molecular volume) Note: 
The value of VA is from Ref. 63. Molecular volume values vary 
between references. 2 (0.130) (32.2) (62.3) = 7.83 vg = 

(0.324) (0.949) (1) (125) 
VB = 29.9 for air 

Vg = 2.8 ft/sec flooding velocity 

Diffusion coefficient of NH3 through air: 
Read Figure 921D at upper loading, ordinate = 0.084 

D, = 0.0069 ( 5 5 0 ) ~ / ~  = 0.065 ft2 / hr 
11.2 [(26.7)'13 + (29.9)'"f 

Vg = 2.1 ft/sec upper loading velocity 

Base diameter on 50% of flooding 
Diffusion coefficient of NH3 through 3:l H2 - N2 mix- 

ture gas: Operating velocity = 0.5 (2.8) = 1.4 ft/sec 

MA = 17 for NH3 
Gas flow rate = (1047) = 0.896ft3/sec 

(0.324) (3600) 
MB = 11.2 for inert gas mixtures, less NH3 

Required tower cross-sectional area at 50% of flooding: 

VA = 26.7 for NH3 

VB = (0.75) (14.3) + (0.25) (31.2) = 18.5 for H2 - N2 mixture 
Tower dia. = ,/- = 0.902 ft = 10.8 in. 

Diffusion of ammonia through hydrogen-nitrogen 
inert gas: If a standard 10-in. pipe is used (10.02-in. I.D.) the 

superficial velocity = 0.896/0.546 ft2 = 1.64 ft/sec. 
( 5 5 0 ) ~ ~ ~  

D, = 0.0069 
11.2 [(26.7)'13 + (18.5)1/3f % of flooding = 1.64 (100)/2.8 = 38.6% 

D ,  = 0.096 ft2 / hr % of upper loading = 1.64 (100)/2.1 = 78.3% 

Pressure drop is approximately 0.5 in./ft packing 
height, Figure 9-21D. 

This should be an acceptable operating condition, 
therefore, use tower diameter of 10-in. nominal Sch. 40 
pipe. This pipe is satisfactory for 150 psig operating pres- 
sure (see Figures 9-7411 and B) . 

For an ammonia-air system using mass rates in the tower 
the same as the H2 - N2 system: G' = 1047/0.546 = 1920 
lb/hr (ft2) and L' = 1080/0.546 = 1980 lb/hr (ft2) 

From Figure 9-73 Extrapolated HOG = 0.95 (this should 
be maximum to expect) 

Then substituting, for ammonia-air mixture: 
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1920/ (28.4 mol. wt of mixture) 
(0.95) (11.2) 

KGa = 

= 6.35 mol/hr (ft3) (am) 

Converting this to ammonia-H2-N2 mixture: 

KC;a= 6.35 - O.Og6 = 7.9 mol/hr (ft') (atm) [ 0.063] 

Then, substitilting, 

( 1920/ ( 11.2mol wt H -N mixture) 
(7.9)(11.2atm) 

H oG for this mixture = 

= 1.875 ft 

Toruer Packing Height for Amm~zia-H~drogfmNiicrogen Mixture 

Z = (1 2375) (6.33) = 11.9 Ft packing 

For 1-in. Berl saddles allow 2.0 ft for good liquid disai- 
bution through the packing from the top. 

Minimum packed bed depth = 11.9 + 2.0 = 13.9 ft 

Use: 15 ft (or perhaps 18 ft to allow for variations in per- 
formance) 

Expected Pressure Drop 

Packing: (15) (0.5 in/ft) = 7.5 in. 
Support: (Grating type), approx. = 1.0 
Total drop = 8.5 in. water 

Inkt Liquid 

For this small diameter tower, bring water into center of 
top of packing with a m n e d  down 90" ell, placed 6 9  in. 
above packing. 

Mass Transfer With Chemical Reaction 

Many absorption processes involve some chemical reac- 
tion; however, it is fortunate that satisfactory correlation 
can be made without delving into the complexities of the 
reaction. 

In many instances the gas being absorbed is to be recov- 
ered from the solution, and hence the effluent from the 
absorp~on must be treated. Often the application of heat 

will release the gas, e.g., C02 from ethanolamine; howev- 
er, in other cases chemical treatment must be used. In 
order to fully use the absorbent liquid, recycle systems 
must be established, and the economics of absorbent 
selection become of considerable importance, determin- 
ing the size of the system in many cases. Because the 
absorption ability of the various combinations of gas and 
liquid vary rather widely and depend upon the system con- 
dition, it is often necessary to examine more than one 
absorbent for a given gas. The performance of several 
important systems is gi~7en in summary or reference form: 

I. Carbon Dioxide or Sulfur Dioxide in Alkaline 
Solutions 

n 
KGa = 

Z A Aplm f.. 
(9 - 106) 

where @$ = gas coefficient; lb mol/(hr) (ft.$) (am) 
n = C02 (or SOP) absorbed, Ib rnol/hr 
A = tower cross-section area, ft2 
Z = height of packed section in tower, ft 

Aplm = log mean partial pressure of gas in inlet and exit 
gas streams, a m  

fa = fraction effective packing wetted 

Design Procedure for Alkali-Absorbers 

1. Calculate material balance, determining quantity of 
gas to be absorbed, and alkali required. 

2. Estimate a tower diameter and establish its operating 
point from Figure 9-21. For initial trial set operating 
point at 50-60% of flood point system based on vary- 
ing gas mass velocity at variable tower diameters for a 
fixed 

0.5 

3. Estimate the effective fraction wetted packing area 
by Figure 946 or 943. As a general rile, try not to 
accept design if fraction wetted is less than 0.5. Ifit is 
less, adjust tower conditions to raise value, bearing in 
mind that this factor is based on scattered and very 
incomplete data. 

4. Determine Q based on inlet alkali normality and per- 
cent conversion to carbonate (for carbon dioxide). 

Kp Data and Corrections [42, 69, 7.21 

The necessary data required to properly design a C02 
scrubber are separated into three sections, depending 
upon the CO2 concentration in the feed gas. Corrections 
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are necessary to convert "procedure based" information 
to the specific design basis of a given problem. The cor- 
rections outlined below are specific to the GO2 concen- 
tration range being presented in the section. 

Because there are not sufficient data to serve complete- 
ly for all types and sizes of packing, it may be necessary to 
estimate 9 values by ratioing packing surface areas and 
making the other appropriate correction for the problem 
conditions. 

1. Inlet COS concentration, 100 to 1,000 ppm by volume 
@: Use Figures 479A-E and Figure 9-80. 
a. Increases with increase in liquid rate, L, to the 0.2 

power of the ratio, KGa a (?)O.* 

b. Increases with increase in gas rate, G, to the 0.35 

power of the rate ratio, up to a rate of 500 lb/hr (ft2). 
Above this rate the increase is reduced, being to the 
0.15 power at rates near 1000 lb/hr (ft2). 

0.35 

&a a (2) for G = 1 to 500 

0.15 

K c a  a (21 for G > 1000 

c. Increases with increase in temperature to the 6.0 

d. Decreases with increase in pressure to the 0.5 
power of the absolute temperature ratio. 

power of the absolute pressure ratio. 
2. Inlet CO2 concentration 1.5 to 5.0 mol% 

k a :  Use Figures 9-80-8%-F. 
a. Increases with increase in liquid rate, L, to the 

- 
4.0 Tower Diameter = 12" 

Packing =3/4" Raschig Rings 
Packed Height = 16' 
Gas Rate = 333-353 Ib./(Hr.l(sq.ft.) 
NaOH Concentration = 2.0-2.5 N. 

- - 
i 

.c j 3.0 
0 

L: 
r 

I - 
- Temperature = 65-71.E 
- al Conversion e 15% 

9 

2 2.0 
0 
E 

II 
U 

2,000 4,000 6,000 l0,OOO 
y" 1.0 

400 600 1,000 
Liquor Rate Ibs./(Hr.)(sq.ft.) 

Figure 9-79A. COP absorption from atmosphere; effect of liquor rate on h a  at atmospheric pressure. Reproduced by permission of the Amer- 
ican Institute of Chemical Engineers, Spector, N. A., and Dodge, B. F., Trans. A.LCh.E, V. 42 0 (1946) p. 827; all rights resewed. 

- 4.0 
E 
U 3.0 

Tower Diameter = 12 'I 
Packing = I" Berl Sqddles 
Packed Height IO 
NaOH Concentration -2.0-2.5 N. 
Tem pe ra t u re 67 -74' F. 
Conversion ~ 1 5 %  
o Gas Rate 935-947 Ibs./(Hr.)(sq. ft.) 
e Gas Rate 580-585 I' I' I' 

8 Gas Rate 467 ? I I 1 1  )111[1 @ GasRate 263 'I I' I' 

c 

.c c 
5 

z 2.0 
V - 
I 
\ 
Y) al 

- 
I1 II II - 

0 

2,000 4,000 6,000 IOJIOO y" 1.0 
ltoOO 

Liquor Rate, Ibs./(Hr.)(sq. ft.) -NaOH 

Figure 0-798. C02 absorption from atmosphere; effect of liquor rate on Koa at atmosphefic pressure and varSous gas rates. Reproduced by 
permission of the American Institute of Chemical Engineers, Spector, N. A, and Dodge, 6. E, Tms. A./.Ch.E. M 42 Q (1946) p. 827; all rights 
resewed. 
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e Ei 4.0 
s 5 3.0 
0 

I Conversion (15% Y 2.0 
- el 
3 of  these Curves = 0.35 
“i 

2 1.0 

Tower Diameter = 12” 
Packing = I “  Berl  Saddles 
Pocked Height = IO’ 
NaOH Concentrotion 5 2.0 -2.5 N. 
Temperature ~80-85OF.  - - 

& 

II) 

0 Note: Slope o f  the Lower Portion 

I1 
0 

100 200 400 600 1,000 2poo 
Air Flow Rate lG,Ibs./(Hr.)(sq.ft.) 
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Figure 9-79C. Cop absorption from atmosphere; effect of gas rate on %a at atmospheric pressure. Reproduced by permission of the Amer- 
ican Institute of Chemical Engineers, Spector, N. A., and Dodge, B. F., Trans. A.bCh.E, V. 42 0 (1946) p. 827; all rights reserved. 
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s 
2 
a 
L 

0 

L’ 
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5 1.0 

0.8 
s 
0‘ 

I I  0.6 

20.5 

\ In 
V 

1 I I I I I I  
0 

1,000 2,000 4,000 6,000 10,000 

Tower Diameter =12” 
Packing = Berl Saddles 
Packed Height = IO’ 
NaOH Concentration =2.0-2.5 N. 
Temperature = 80 -85’F. 
Conversion < 15% 

Ai r  Rate =579-595 Ibs./(Hr.)(sq.ft.) 
-Ab% Pressure = 66psia. 

--Abs. Pressure = 116 psia. 

-*- Abs. Pressure= 116 psia. 

e Air Rate=680 Ibs./(Hr.)(sq.ft.) 

Air Rate=579-595 Ibs./(Hr)(sq.tt.l 

Liquor Rate ,Ibs./(Hr.)(sq,ft.)-NaOH 

Figure 9-79D. Cop  absorption from atmosphere; effect of flow rates on Koa at elevated pressure. Reproduced by permission of the American 
Institute of Chemical Engineers, Spector, N. A., and Dodge, B. F., Trans. A./.Ch.€., V. 42 0 (1 946) p. 827; all rights reserved. 

Tower Diameter = 12” 
Packing =I“ Berl Saddles 
Pocked Height =IO‘ 
NaOH Concentration=2.0-2.5 N 
Temperature =70-85O F. 
Gas Rate =580-595 Ibs.l(Hd(sq.ft.1 
Conversion 4 5 %  

Tower Pressure, (lbs,)(sq. in.l(Abs.1 

Figure 9-79E. C02 absorption from atmosphere; effect of tower pressure on &a at various liquor rates. Reproduced by permission of the 
American Institute of Chemical Engineers, Spector, N. A, and Dodge, 6. F., T i .  A/.Ch.E., V. 42 0 (1946) p. 827; all rights reserved. 

c. Effect of temperature and pressure same as section 
0.28 power of the rate ratio, KGa 0~ - 

b. No correction to gas rate, G, below loading. Above 
increases with increase in gas 

“1” above. 
3. Inlet CO2 concentration 5.0 to 10.0 mol% 

k a :  Use Figures 9-80-82A-F. 
a. Liquor rate correction follows section “2” above. 
b. Increases with increase in gas rate, G, to the 0.15 

c. Effect of temperature and pressure same as sec- 

( ;)o.28 

loading point, 
rate G, to the 0.3 power of the rate ratio. 

above loading 
0.3 power of rate ratio. 

tion “1.” 
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‘“I 

0- ~~ 1.0 2 .o 3.0 4.0 
Sodium Normality 

Figure 9-80. C02 absorption in sodium hydroxide (NaOH). Used by 
permission of Leva, M., Tower Packings and Packed Tower Design, 
2nd Ed., U.S. Stoneware Co. (now, Norton Chemical Process Prod- 
ucts Cow.) (1 953). 

e. Calculate height of packing required 
n 

Z= 
KGa (A) ( h n  (fa 

Calculate tower pressure drop from Figure 9-21 for 
packing, and Figures 9-37-41 for support and grids. 

g. Make specification sheet. 

Example 9-13. Design a Packed Tower Using Caustic to 
Remove Carbon Dioxide from a Vent Stream 

A process stream containing mostly nitrogen and car- 
bon dioxide is to be scrubbed with 10% (wt) NaOH for 
C02 removal, but not recovery. The requirements are: 

(u 

0 

Y 
u 0.6 

0.2 - 40 60 80 
20 

Conversion of NaOH to Carbonate.% 
00 9 

Figure 9-81. GO2 absotption; effect of carbonate on e a .  Repro- 
duced by permission of the American Institute of Chemical Engi- 
neers, Leva, M., A.LCh.E. Jour., V. 1 0 (1955) p. 224; all rights 
reserved. 

Inlet gas: COS = 40.6 mol/hr 
Inerts = 365.4 mol/hr 

Avg mol wt = 20 
Temperature = 90°F 

Pressure = 35 psig = 49.7 psia 
Outlet gas: CO2 = 0.1 mol% 

Inerts = 99.9 mol% 
Max. allowable pressure drop = 2 psi 

Liquid sp gr = 1.21 

Curve Symbol Mean NaOH Concentration -- 
A o 1.94-2.05 Normal 
B 0 0.95-1.10 Normal 

Mean NaOH Concentration ~0.038- 
0.183 Normal. 
Gas Rate = 187-191 Ib./(Hr.l(sq. ft.1 

a, - 0 Temperature = 7 8 O E  

e 
z 
II 

4,000 6,000 10,000 

Figure 9-82A. COP absorption; effect of liquor rate. Reproduced by permission of the American Institute of Chemical Engineers, Tepe, J. B., 
and Dodge, B. E, Trans. A.LCh.f., V. 39 Q (1943) p. 255; all rights resewed. 

Liquor Rate, Ib./(Hr.)(sq. ft.) 
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Ceramic Raschig Rings 
Steel Raschig Rings 3 lntalox Saddles 
Berl Saddles G=450 1 bs./(Hr.l(sq.ft.) 

5 ""300 500 700 1,000 2,000 4,000 
Liquid Rate, L-lbs./(Hr.)(sq. ft.) - 

Figure 9-828. Cop absorption; 1 -in. packing data at constant gas rate. Reproduced by permission of the American Institute of Chemical Engi- 
neers, Leva, M., A.bCh.€. Jour., V. 1 0 (1955) p. 224; all rights reserved. 

3. A I "  Ceramic Raschig Rings 

5. H I" Berl Saddles , L=1,550 
Ibs. /(Hr.)(sq. ft.), Data of 

4. D I" Steel Raschig L=1,680 Ibs./(HrJsq.ft.) 

2 4.0 I. 1" lntalox Saddles - a 2. 0 I" Berl Saddles 
- 
1 

i 3.0 
c 
i 
2 
L. 

$2.0 
In Spector and Dodge. 
al 
0 
- 
I 
vi e 
L 1  1 I I I I I I I I  

200 300 500 700 1,000 ZN I .o 
100 

Gas Rate , G-Ibs./(Hr.)(sq.ft.) hc - 
Figure 9-82C. Cop absorption; 1-in. packing data at constant liquid rate. Reproduced by permission of the American Institute of Chemical 
Engineers, Leva, M., A.LCh.€. Jour., V. 1, No. 2 0 (1955) p. 224; all rights reserved. 

5 I. I' Pall Rings (Metal) 

a 3 -  4. 2" Pall Rings(Meta1) - 5. I1/2" Raschig Rings(Metal1 

2. I 1/2" P a l l  Rings(Metal1 
3. I" Raschig Rings(Meta1) 

6. I 1/2" Intolox(Ceramic) 
7. I 1/2" Berl Saddles(Ceramic) 

c 
c 

I L: 8. 2" Raschig Rings(Metal1 - 
\ v) 

Gas Rate =450 lbs./(Hr.)[sq,ft.) 
Liquid Concentration = 4 %  NaOH 
Kga Values are  a t  25% Conversion 
to Carbonate. 
Temperature of Solution=75-8I0F. 

IO0 200 300 500 700 1,000 2,000 5,000 10,000 
Liquid Rate, Ibs.l(Hr.)(sq.ft.) 

Figure 9-82D. KGa versus liquid rate for 4% sodium hydroxide (NaOH). Compiled from References 20 and 35. 
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c I I 1 

r 5.0 -@-%e" lntalox kddler 
-Column repacked 

a 

A - 3/4" kaschig rings G 

2 3.0 -A -Column repacked 
I 
\ 
v) 

- 0 

d 

0 
(3 

Y 

3 0 0 r 5 0 0  700 000 2000 3000 
LIOUIO RATE. L- LRS./HR..FT* 

Figure 9-82E. %-in. packing data for system carbon dioxide-sodium 
hydroxide, gas rate constant. Reproduced by permission of the 
American Institute of Chemical Engineers, Leva, M., A./.Ch.f. Jour, 
V. 1, No. 2 Q (1 955) p. 224; all rights reserved. 

. 50 

A - V2" Raschig rings 

LIQUIO RATE, L- LBS. HR.,FT.~ 

Figure 9-82F. %-in. packing data for system &on dioxide-sodium 
hydroxide, gas rate constant. Reproduced by permission of the 
American Institute of Chemical Engineers, Leva, M., A.6Ch.E. Jour., 
V. 1, No. 2 0 (1 955) p. 224; all rights reserved. 

From a material balance; the NaOH required based on 
25% conversion to NazCO3: 

2 NaOH + CO2 = Na2C03 + H20 

Lb 10% NaOH required/hr = 

(40.6 mol C%/hr) [ (2) (40) lb NaOH/mol C%] 
(0.1 w t  fraction NaOH) (0.25 conversion) 

= 129,000 lb/hr 

Assume 3.5 ft I.D. Tower, use 1# in. steel Raschig rings. 
At operating point 

L' = 129'000 = 13,47Olb/hr (ft2) 

G' (40.6 + 363.4) (20) 

( 4 4 )  (3.5)2 

= 846 lb/ hr (ft' ) 
W 4 )  (3.512 

G = 0.235 lb/ see (ft' ) 

For Figure 9-21D 

= 0.776 L [ p ~ ) ~ ' *  = 13,470 0.1688 
G PL 846 1.21 (62.3) 

(110) 
(0.235)2 (0.825)2 (2.6)2 G2 q2 p0.2 

PG PL gc ($) = 0.1688 (1.21) (62.3) (32.2) 

= 0.012 

At flooding, ordinate = 0.0275, for abscissa = 0.776 

At lower loading, ordinate = 0.012 

Operating point = (0.012/0.0275) (100) = 43.8% of flood 

This is only slightly lower than good practice, but 
because the operating point is at the lower loading point, 
continue with this selection. A smaller diameter tower 
might calculate to be a better choice. However, extreme 
caution must be used in designing too close to limits with 
packed towers. Very little of the data are exact, and often 
the range is not known. 

Effective Wetted Packing 

From Figure 943. 

fa = approx. 0.50 for ceramic material at L'/G' = 15.9 

Because steel rings have thinner walls, it seems that the 
liquid should flow and wet this material a little better than 
ceramic. 

Use fa = 0.6 

%a from Figure 9-82D uncorrected 

(-)25 = 1.9 lb. mol/hr (ft3) (am) 

The conditions for %a from Figure 9-82D are 4 wt% 
NaOH, which is 1 normal, and G' = 450 Ib/hr (ft2), L' = 
2,000 lb/hr (ft2), pressure = 14.7 psia. The (@)25 is also 
for 25% conversion to carbonate. 
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Correct the k a  for pressure, normality of NaOH, and 
liquid rate: 

There is not correction for gas rate at or below the load- 
ing point. No,te that from Figure 9-80 the ratio of %a at 1 
normal and 2.5 normal solutions and for 25% conversion 
= 2.6/2.1. 

0.5 

k a  = 2.18 lb mol/hr (ft3) (atm) 

Note: Because the solution temperature of data for Fig- 
ure 9-820 is 7%1"F, it is assumed ambient, and no cor- 
rection is made. If the operating temperature were higher 
or lower, then a temperature correction multiplier should 
be used above, with the absolute temperatures ratio being 
raised to the 6.0 power. 

Log m a n  driving fn-ce, for CO,: 

Inlet = 10% 
Outlet = 0.1% 

[0.10 (49.7/14.7) - 0.001 (49.7/14.7)] 
*'Irn e In [0.10 (49.7/14.7)/(0.001) (49.7/14.7)1 

= 0.0726 atm 

Packing Height 

40.6 - 365.4 (0.001)/0.9!% Z =  

z = 44.3 Ft. 

(2.18) (0.0726) [(n/4) (3.3)']0.6 

Experience in caustic40Vteel Raschig ring systems 
indicates that the packing must be wetted better than the 
\due of 60% (0.6); therefore a value of 0.85 is suggested. 

then: Revised Z = 44.3 (0.6/0.85) = 31.3 ft 

Allowance for distribution at top = 2 ft 

Allowance for redistribution at mid-point 

= (2 ft) (2 sections) - 4 ft 

Total packing height required = 31.3 + 2 + 4 = 37.3 

Use 40 ft of packing. 

Pressure Drop 

From Figure 9-21C 

AP = 0.38 in. HzO/ft of packing 

Total AP = (40) (0.38) = 15.2 in. H20 

This is an acceptable figure 

Arrangement 

There are no data available on the liquid flow distribu- 
tion vs. height for Win. Raschig rings. Some information 
indicates that for 2-in. rings about 33% of the liquid is on 
the wall of a large tower after flowing through 20 ft of 
packed height, starting with good top liquid distribution. 

To ensure good tower performance, use three 13 + Et 
packed sections of the l%in. Raschig rings. Two sections of 
20 ft of packing would also probably perform satisfactori- 
ly, and be less expensive. 

If Pall rings had been used, only two packed sections 
would be considered, because the general liquid distribu- 
tion pattern is better. This would require a reevaluation of 
the performance, and a probable reduction in total 
packed height. 

1.5 in. Metal Pall Rings 1.5 Metal Raschig Rings 
a/G 23 110 - ~- - 
Abscissa of 0.012 
Figure 9-21C 0.00272 (by ratio) 

%Flood - 0.00272 (100) = 9.9% 
0.0273 

43.8 

On the basis of this better performance of the Pall ring, 
a smaller diameter tower must be selected and the tower 
reevaluated based on the new mass flow rates with this 
packing. The economics require that the higher packing 
cost, smaller tower diameter, new total packing volume, 
and tower pressure drop be considered. 

II. IW&-Air-H2O System 

HOG data of Fellinger [27] Figure 9-73. 
k a  data of Dwyer and Dodge [21]. 

1 1 +- lb mol/hr (ft') (atm) -c 

KGa yG'xLtb H'jLFC 

Carbon Raschig rings: 

Size, in. Y - 't - b j X - 
M 0.0065 0.90 0.65 0.39 0.310 
1 0.036 0.77 0.78 0.20 0.103 
1% 0.014 0.72 0.78 0.38 0.093 

(For average temperature of 83"F, H' = 2.74 (lb mol/ 
fts)/atm in dilute NH3 solution, D = 9.8 x loy5, p = 1.97) 

Effect of humidity of entering gas found to be minor. 
increases as the 0.45 power of packing superficial 

area, and decreases with increase in temperature OF as the 
0.635 power of inverse water temperature ratio. 
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where H' = Henry's Law constant, (lb mol/ft3)/atm 
G = gas rate, lb/hr (ft2) 
L' = liquid rate, lb/hr (ft2) 

&a and HOG data of Wen [ 771, Figure 9-83 
For ceramic Berl saddles: 

= 0.0073 Grn0.655 b 0 . 4 7 '  

H~~ = 5.15 ~ ~ 0 . 4 0 0  L -0.520 

where G, = gas rate, lb mol/hr (ft') 

m 

L, = liquid rate, lb mol/hr (ft2) 

For ceramic Intalox saddles: 

&a = 0.0145 Gmo.688 

H~~ = 1.14 ~ ~ 0 . 3 1 6  b - 0 . 3 1 5  

(9 - 107A) 

(9- 107B) 

(9- 107C) 

(9- 107D) 

Figure 9-84 shows effect of water temperature on &a 
and HOG. 

III. SOzH20 System (dilute gas) 

KLa data of Whitney and Vivian [ 791 
Data for 1-in. ceramic Raschig rings, correlates reason- 

ably well with 3-in. spiral tile and 1-in. coke. 

K L ~  0.028 (G')'.' (L')o.25 b(L')o.82 
(9 - 108) 1 + 1 H' 

-= 

lb mol/hr (ft3) (lb mol/ft3) 

Temperature O F  - b H', lb mol/ft3 (am)  
50 0.034 0.163 
60 0.038 0.130 
80 0.048 0.090 
90 0.056 0.076 

IO0 200 400 600 1,000 
G' Gas Rate , Ibs./(Hr.)(sq.ft.) 

I .o 
c 

0.8 f 
+ 

0.6 0" 
0.5 
0.4 -0 

0.3 

(3 

3 - 
0 L' = 5,000 Ibs./(Hr.l(sq.ft.) 
@ L' = 3,000 Ibs./(Hr.)(sq. ft.) 
- lntalox Saddles -- Berl Saddles .......... Fe I I in g er Data,  Be rl 

Saddles 

Figure 9-83. Ammonia-air-water absorption data of Wen, with 
ceramic packing. Used by permission of Chin-Yung, thesis, West Vir- 
ginia University (1 953). 

Temperature, OC. 

Figure 9-84. Effect of water temperature on ammonia absorption. 
Used by permission of Chin-Yung Wen, thesis, West Virginia Univer- 
sity (1 953). 
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where KLa = overall absorption coefficient, lb mol/hr (ft3) lb 
mol/ft3 

average gas rate of top and bottom of tower 
L = liquor rate, lb/hr (fG of tower cross-section) G' is 

%I. = L /P &.a, ft 
p = liquid density, lb/fv3 

Ho1, = height of overall transfer unit in terms of liquid 

H' = Henry's Law constant, c/p = lb mol/ft3 (am) 
film, ft 

k ~ p  is represented by the second term in the overall equa- 
tion, 

kLa = Liquid film absorption coefficient, lb mol/hr (ft3) lb 
mol/ft3) - l /hr  

Effect of temperature on kc,a = nil (assumed) 

Reference 71 has excellent solubility data and absorp- 
tion curves for the system. 

IV. C12-H20 System (for dilute gas concentrations) 

Chlorine has limited solubility in water, Figure 9-85. KLa 
and HOL data of Vivian and Whitney, [761 Figure 9-86. 
Data for 1-in. ceramic Raschig rings. 

1.0 

0.8 

0.6 

0.4 

02 

0 0.2 0.4 0.6 0.8 1.0 
~ 2 1 3 ,  (Atm.)2/3 

(9 - 109A) 

Figure 9-85. Solubility of chlorine in water. Reproduced by permis- 
sion of the American lnst i ie  of Chemical Engineers, Wwian, J. E. 
and Whitney, R. R, Chemical Engineering Progress, M 43 8 (1 947) p. 
691; all rights resewed. 

L' , Ibs./liir.)(sq.ft.l 

Flgum 9-86. Effect of liquor rate on KL, and HOL for chlorine and oxy- 
gen in water. Reproduced by permission of the American Institute of 
Chemical Engineers, Vivian, J. E. and Whitney, R. P., Chemical Engi- 
neering Progress, V. 43 0 (1 947) p. 691 ; all rights reserved. 

(9- 109B) 

&a a T6 (of liquid, degrees absolute) 

where T = absolute liquid temperahue, "R 

L' = liquid rate, lb/hr (ft2) 
C1= concentration of chlorine in liquid, bottom of 

tower, Ib mols/fc3 
C2 = concentration of chlorine in liquid, top of tower, 

lb mols/fv3 

KLa = liquid coeff., lb mol/hr (ft3) (lb mol/cu fs) 

V. &Water System 

The system is used in humidification and dehumidifica- 
tion. However, grid and slat packings are more commonly 
used types. 

The HCG data of Mehta and Parekh [49] is compiled by 
Leva [39, 621 for the ring and saddle packing. 

Sherwood and Holloway [61] also studied the desorp- 
tion of oxygen from water. 

VI. Hydrogen ChlorideWater System 

The recovery of hydrogen chloride as well as the pro- 
duction of hydrochloric acid is effectively performed in 
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adiabatic type absorption towers. Uncooled or adiabatic 
towers can be used to produce 33.5 wt% acid and cooled 
towers will produce 35-36% acid with negligible vent loss- 
es [49] when using a feed gas containing 10-100% HC1. 
Due to the heat of absorption, heat dissipation must be 
taken care of by increasing the temperature of dilute acid 
product or as a combination of this plus removal as water 
vapor in the vent. It is important to recognize that acid 
strengths greater than the constant boiling mixture are 
made in this tower from gases containing less than 20% 
hydrogen chloride. The lower the inlet feed gas tempera- 
ture, the lower will be the acid product temperature. 

Van Nuys [75] gives excellent thermodynamic data for 
HCI. Figure 9-87 gives the equilibrium for the 100% HCl 
gas feed in an adiabatic tower, and Table 9-45 summarizes 
performance for two concentrations of feed gas. From the 
data it can be seen that it requires fewer theoretical plates 
to make 32% acid from 10% feed gas than from 100% gas 
and at the same time yield a vent containing only 0.01 
weight% HCl. 

Wt. HCL in Liquid 

Figure 9-87. X-Y diagram for adiabatic absorption of HCI at 1 atmos- 
phere. Reproduced by permission of the American Institute of Chem- 
ical Engineers, Oldershaw, C. F., Simenson. L, Brown, T. and Rad- 
cliffe, F. Trans. Sect. Chemical Engineering Progress, V. 43, No. 7 Q 
(1947) p. 371; all rights reserved. 

Table 9-45 
Adiabatic Absorption of HCI Effect of Inert Gases 

Operating Conditions 
Feed gas enters at equilibrium temperature 

at bottom of tower 
Make-up water enters at equilibrium temperature 

at top of tower 
Vent contains 0.1 wt.% HC1 

Weight % m HCI in Product 
Theoretical Plates 10 Mol % HCI Feed 

2 26.3 20.5 
4 32.0 30.5 
6 33.8 32.8 
10 34.7 34.0 
m 35.0 34.6 

100 Mole % HCl Feed 
- - _- 

- - - --___- - 
By permission; OIdershaw, C. F., Sirnenson, L., Brown, T., and RaddifFe, F. l h s .  

Sat. C k  Eng. Aog.., 43, KO. 7, p. 371 0 (1947), all rights reserved. 

In general about 18 ft of 1-in. &bate@ or other acid 
resistant Raschig rings will satisfactorily absorb HC1 from a 
gas stream up to 100% and produce 32% HCl acid. 

Figure 9-88 illustrates a falling film type absorber using 
water jacketed tubes in the cooler-absorber. The tails 
tower removes last traces of HCl in the vents. Figure 9-89 
is a preliminary selection chart for this type of unit. 

Distillation m Packed Towers 

Packed towers are used in some distillation operations 
in preference to plate towers. Usually the selection 
requires an understanding of the fouling characteristics of 
fluids of the system. These towers have been used even in 
polymer forming operations. However, other contacting 
devices can be cleaned easier. For some processes the 
packed tower is much more effective as well as cheaper 
than a fray tower. 

The more complicated separation for a three phase sys- 
tem is discussed by Harrison [134]. 

Height Equivalent to a Theoretical Plate (HETP) 

Distillation operations can best be expressed in terms of 
equilibrium relations and theoretical plates. Therefore, 
one of the correlating factors for various packings is the 
height of packing equivalent to a theoretical plate for the 
separation. Data for effectively using this concept is 
extremely meager and apparently contains many uncer- 
tainties as far as general application is concerned. For this 
reason the use of HEW is not popular When good corre- 
lations are developed to predict HEW without test data, 
then this can be an effective means of expressing packing 
heights in distillation. Most HETP data has been obtained 
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C D E F G I H I J  K 
ID PIPE ID. ID ID 

FEED WATER 
INLET 

R 

DISTRIBUTOR TRAY 
a CHIMNEYS 

- 
TOWER 

SIZE 
ID 

8 

10 

- 
- 

12 

16 

19 

- 
- 

TAILS TOWER DIMENSIONS 

4 

6 

24 29 31 28’/8 22 15% 8 4 

For certain conditions, 
exchangers can be 
furnished with 12- 
foot long tubes. See 
selection chart. 

SECTION 

ABSORBER 

i ;  

1 COOLER 
ABSORBER 

Figure 9-88. Graphite HCI absorption tower. Used by 
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TAILS TOWER SELECTION CHART 

COOLER ABSORBER SELECTION CHART 
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To select correct size tails tower and cooler absorber, to meet 
your specific requirements, follow the dotted line in the two charts. 
For example, using a 75% concentration of feed gas, 90” cooling 
water, and absorbing 2,000 Ibs./hr. HCI; a 92 tube cooler absorber 
would be required in conjunction with a 24“ diameter tower. To 
produce acid over 20” Be to 22” Be, use 12-foot long tubes in all 
instances where cooling water tern erature falls to left of black 
dotted line in cooler absorber setction chart. Use %foot long 
tubes where temperature point is to the right of the dotted line. 

Figure 9-89. Preliminaty selection charts for HCI towers. Used by 
permission of Falls Industries, Inc. 

on small diameter (often laboratory size) columns using 
very small packing, and operated at essentially total reflux, 
or on moderate sized columns, but with limited systems. 
The scale-up of such data to industrial sizes is question- 
able. When the designer does not have actual data from 
similar services (often broad classes of similarity may have 
to be assumed to arrive at what might be termed a rea- 
sonable and safe value for HETP), then it can be helpful 
to contact manufacturer’s technical service departments 
for their recommendations (which they normally will 

develop from application files). Keep in mind that the 
HETP is also unique to the packing size and configura- 
tion; therefore values obtained for one packing definitely 
do not accurately apply to another size or type. There is a 
rough relation, recognizing that the large size packing 
requires greater HETP than small size, but pressure drop 
is greater for the small packing. 

There can be a significant difference between the con- 
ventional “particle” packing as represented in most of the 
illustrations of Figure(s) 9-6, and the HETP values for 
most of the structured packing in Figure(s) 9-6V-600 
and 9-6YFF. These later types (structured packing) offer 
HETP values varying from about 5 in. to 14 in., which are 
lower (greater efficiency) than the random particles at a 
minimum of 12 in. to as much as 36 in. Plots of HE” val- 
ues for various packings have been presented in previous 
charts and discussions in this chapter. 

Due to the unique HETP characteristics, it is important 
to consult the manufacturer on the specific system 
involved and operating conditions. Care must be exer- 
cised in selecting these or any other type of packing since 
plugging with suspended solids, polymer formation on 
surfaces, and similar mechanical problems can influence 
performance and life of the packing system. 

Many correlations for HETP have been limited to 
Raschig rings or Berl saddles [25] both being the least effi- 
cient for mass transfer and pressure drop when compared 
to the more sophisticated designs represented in Figure 
9-6. The guidelines given in a later pa rapph  are ade- 
quate for most of these applications. 

Cornell, Knapp, and Fair [12, 13, 141 proposed the use 
of the transfer-unit concept for distillation, where: 

H o g - H g + m ( E )  HI 
m 

(9-110) 

where Hog E. height of overall g-phase transfer unit, ft 
H, = height of gas phase transfer unit, ft 
HI = height of a liquid-phase transfer unit, ft 
m = slope of equilibrium curve 
G lb-mols gas/hour/ft* 
L = Ib-mols liquid/hour/ft* 

0.5 0.15 

HI -o.P(%) (6) 
where @ = correlation from Figures 9-90 and 9-91 for a given 

packing 
= correction Eactor for high gas rates, h m  Figure 992 

~1 = liquid viscosity, Ib/ft (hr) 
p1 = liquid density, Ib/ft3 
D1 = liquiddiffusion coefficient, ft*/hr 

Z = height of packing, ft 
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Figure 9-90. HI correlation for various sizes of Raschig rings, Sc = 
Schmidt No. (Nsc). Reproduced by permission of the American Insti- 
tute of Chemical Engineers, Cornell, et al., Chemical Engineering 
Progress, V. 56, No. 8 0 (1960) p. 68; all rights reserved. 
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Per cent flood 

Figure 9-92. Liquid film correction factor for operation at high per- 
cent of flood. Reproduced by permission of the American Institute of 
Chemical Engineers, Cornell, et al., Chemical Engineering Progress, 
V. 56, No. 8 0 (1960) p. 68; all rights reserved. 
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Figure 9-91. HI correlation for various sizes of Beti saddles. Repro- 
duced by permission of the American Institute of Chemical Engi- 
neers, Cornell, et al., Chemical Engineering Progress, V. 56, No. 8 0 
(1 960) p. 68; all rights reserved. Per cent tlood 

Figure 9-93. H, correlation for various sizes of Raschig rings. Repro- 
duced by permission of the American Institute of Chemical Engi- 
neers, Cornell, et al., Chemical Engineering Progress, V. 56, No. 8 0 
(1960) p. 68; all rights reserved. 

For Raschig Rings: 

(9- 111) 

For Berl Saddles: 

(9- 112) 

3 where y = parameter for a given packing, from Figures 9-93 
and 94 

S,, = gas-phase Schmidt Number = pg/pgDg 
p, = gas viscosity, lb/ft (hr) 
p, = gas density, lb/ft3 
Dg = gaseous diffusion coefficient, ft2/hr 
D = column diameter, in. 
Z = packed height, ft 

Per c e n t  tlood 

Figure 9-94. H, correlation for various sizes of Berl saddles. Repro- 
duced by permission of the American Institute of Chemical Engi- 
neers, Cornell, et al., Chemical Engineering Progress, V. 56, No. 8 0 
(1960) p. 68; all rights reserved. 
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fi = (pi 2.42)0.16 
f2 = (62.4/p1)~.~' 
f3 = ( 7 2 . 8 / ~ ) ~ . ~  
p1 = liquid viscosity, Ib/ft (hr) 
p1 = liquid density, Ib/ft3 
u = surface tension, dynes/cm 

In Reference 14, the authors modified the equations for 
H, and H1 as follows: (a) eliminate column diameter cor- 
rection above 24 in. and (b) columns with good liquid dis- 
tribution probably can allow elimination of the packing 
height correction. 

Two separate investigators have evaluated the various 
correlation methods, and reported the Cornell, et al. 
method is significantly better than others. These were 1- 
and 2-in. metal Pall rings and 1-in. ceramic Intalox saddles 
[24] and %-, lK, and 3-in. Raschig rings [68]. 

M i t t  [80] has correlated literature data of commercial 
size Raschig ring packing as shown in Figure 9-95. The 
range of plotted data is indicated, and the suggested 
design lines are good medians. The HTU values are for 
gas film controlling absorption systems, and the HETP 
data are for distillations at 760 mm Hg and below. These 
values should be usable for most pressure systems. The vis- 
cosity of the liquid ranged 0.36 to 1.0 centipoises. The 
equation for the HETP line is [34]: 

0.5 

HETP = 32/ (e) 
and for HTUG 

0.5 

HTUG = 36,' (5) 

(9-113) 

(9- 114) 

In general, for the same liquid and vapor rates the 
HETP and HTU values for Berl saddles and others with 

lower than Raschig rings should be lower. Correlat- 
ing data is not available, except tests of Teller [71] which 
indicate 1-in. Berl saddles have HETP values 0.75 as com- 
pared to 0.85 for 1-in. Raschig rings. 

The accuracy of establishing HETP values for new con- 
ditions in the same packing referenced to known values as 
suggested by Planovski 1571 has not been tested by other 
literature references. 

*represents known conditions 

P = system pressure, absolute 

The operation of packed towers under vacuum condi- 
tions is not well defined in the literature. However, the 
work of Hands and M i t t  [33] specifically evaluates sever- 
al systems operating from 20 to 760 mm Hg abs. Their rec- 
ommended limiting vapor velocity is 

Vg = 0.065 ( p ~ / p ~ ) ~ . ~ ,  ft/sec (9-116) 

or 

L, = 0.334 (Pressure, mm Hg. ab~)O.~ (9- 11 7) 

Operating values are recommended to be two-thirds of 
the limiting values. From the data it appears that entrain- 
ment (internal may be more significant than external) 
becomes a limiting factor before the flooding values pre- 
dicted by Figure 9-21C or D. 

Eckert [121, 1221 and others have examined data and 
presented considerable tabulations of HETP and HTU val- 

Figure 9-95. HETP and HTU correlation for tower random packings. Used by permission of Whitt, F. R., British Chemical Engineering, July 
(1 955) p. 365; all rights reserved. 
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ues for random packing in various organic-water, polar 
organic, and hydrocarbon systems. Some of these are 
obsolete as of this publishing date due to the older 
type/style packing tested; however, the results still have 
value as a base reference and a recognition that the newer 
types/styles currently are more efficient, giving lower 
HETP and HTU values (the structured packing are dis- 
cussed in a separate section of this chapter). 

HEW Guide Lines 

For industrial process equipment some general guide 
lines in this undefined area are (for particle packing) 

1. Never use HETP less than 12 in. if tower is 12 in. dia. 
or larger; for general assump~on, use HETP = 1.5 to 
2.0 ft. 

2. Use HETP = Hoc; or HOL if other data not available 
3. Use HETP = Column diameter (over 12 in. dia.) if no 

other information available, up to 48 in. dia. 

HETP val-ues appear to vary somewhat within the 
process system of the distillation, while certainly varying 
with the size and style of packing. In general the larger, 
more open packing designs exhibit higher HETP values; 
while the smaller particle type packing and the compact 
styles exhibit significantly lower values for the same sys- 
tem. A brief guide to recent published values for various 
systems can be helpful in establishing the right order of 
magnitude for a system in design. 

Kister [go] has tabulated published HETP data for a 
wide variety of process systems and proposes that using 
good experimental data to interpret for other systems can 
be just as eFfective (accurate) as calculated values using 
most mass transfer techniques. 

Influences on HETP Values 

Various authors [go] and researchers have published 
factors that influence the magnitude of HETP values. The 
iower the HETP d u e  (Le., number of feet (or inches) per 
theoretic21 plate/tray/stage) the more efficient is the 
packing (random or structured) for any particular separa- 
tion system. Other influences include: 

1. Packing surface area/unit packing volume increases 
resulting in more efficient packing performance 
(lower HETP). For structured packing the more nar- 
row passageway between sheet components results in 
more efficient performance [go]. 

2. Uniformity of packing surface on a specific random 
element of packing [go]. 

3. Uniformity of liquid (vapor) distribution increases 
packing performance efficiency. 

4. Liquid and vapor loadings have little effect on HETP 
for random packing up to the point between loading 
and flooding. 

5. For structured packings as loadings increase, HETP 
increases, and is more pronounced for wire-mesh 
types, and the effect is less for the corrugated sheet 
packings [go]. 

6. Pressures above 1 to 2 psia have small effects on HETP 
for random and structured packing. For high vacuum 
the data are not totally firm as to the consistency of 
effects, generally HETP increases (efficiency becomes 
lower). At high pressure above 200-300 psia struc- 
tured packing HETP increases (lower efficiency) [go]. 

Transfer Unit 

The transfer unit concept is also applicable to distiila- 
tion in packed towers. Height of the packing required is: 

Z = NOGHOG (9 - 1 18) 

For usual applications is rectifying where the number of 
transfer units NOG is: 

(9-119) 

for stripping, usually: 

z = Nor. HOL (9-120) 

The height of the transfer unit has not been satisfacto- 
rily correlated for application to a wide variety of systems. 
If pilot plant or other acceptable data are available to rep- 
resent the system, then the height of packing can be safe- 
ly scaled-up to commercial units. If such data are not avail- 
able, rough approximations may be made by determining 
HG and HL as for absorption and combining to obtain an 
Hoc; (Ref. '14, pg. 330). This is oidy very approximate. In 
fact it is because of the lack of any volume of data on com- 
mercial units that many potential applications of packed 
towers are designed as tray towers. 

N oL = 

x 2  dx x--x* for liquid concentration gradients (9 - 121) 
X 1  

Based on the two resistance theory [127] 

(HTU)oc = (HTU)G + (HT'LT)L (9- 122) 
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0.4 

0.2 

0.1 

0 

If over a single stage, the equilibrium curve and the 
operating lines are assumed straight, then [127]: 

Case Ill 
‘ X > > 1  

I I 

HETP = (HTU)OG (lnh)/(h - 1); for h z 1.0 (9 - 123) 

HETP = (HTU) OG; for h = 1 .O (9 - 124) 

L M / ~  is the internal reflux ratio that is the slope of 
the operating line either in the rectifying or stripping sec- 
tions. The value of LM/& usually will not vary signifi- 
cantly from 1.0. h = mGM/LM is the ratio of the two slopes 
and remains close to 1.0 for different separation systems 
[127]. For these conditions HETP I (HTU)oc and HETP 
becomes an important design variable. For a >> 1.0 for 
easy separations and h is less than or much greater than 
1.0. The authors cite the practical importance of their 
findings as. See Figures 9-96 and 9-97, which illustrate the 
effect on HETP of under-irrigating the bed by the distrib 
utor. 

A minimum HETP or HTU represents a maximum sep  
aration efficiency with a representing the relative volatili- 
ty, i.e., vapor and liquid phase compositions of the more 
volatile component in a binary system: 

y = a x[l + (a - l)x] 

The following examples are presented here by permis- 
sion of the authors [ 1271 and Hydrocarbon Processing: 

Figure 9-96. Vapor-liquid equilibrium showing h and application 
cases referred to in the text. Used by permission, Koshy, T. D., and 
Rukovena, F. Jr., Hydrocarbon Processing V. 65, No. 5 (1986) p. 64; 
all rights reserved. 
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Figure 9-97. EfFect of under-irrigating the wall area of a column using 
random packing. Note: % blanked refers to packing cross-sectional 
area not irrigated. At OYO blanked the best HETP is found. To the right 
of 0 towards the wall (50% blanked) the HETP becomes poorer until 
the wall is reached. For the center section (to the left) of the tower 
from the 0% to 50% of the center area of tower area blanked, the 
poorer HETP is again found. Reproduced by permission of the Amer- 
ican Institute of Chemical Engineers, Chemical Engineering Progress 
Bonilla, J. A., V. 89, No. 3 (1993) p. 47; and by special permission of 
Fractionation Research, Inc.; all rights reserved. 

Case I: y is much less than 1. The circumstances when 
this happens are [127]: 

High purity of the more volatile component, Le., m - 
High reflux ratio, i.e., L M / ~  +. 1.0. 
Both foregoing conditions mean h - l/a. 

l /a.  

Case 11. h = 1. The following situations will produce this 
condition [127]: 

Very low reflux ratio for high purity rectification, i.e., 
x 4 1.0. 
Very high reflux ratio for high purity stripping, i.e., x - 0. 

.Total reflux for a symmetric separation. Note, the 
term “symmetric separation” is used here to mean that 
on a McCabe-Thiele diagram, the liquid phase com- 
positions of the overhead product and bottom prod- 
uct are roughly equidistant from 0.5. 

Case 111. h is much greater than 1. The circumstances 
when this occurs are [127]: 

High purity of bottoms products, i.e., x +. 0 and m - a 
Low L/V approaching total reflux, i.e., L/V - 1.0 
Both foregoingconditions mean that h + a. 
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where = gas flow rate, kg-mols/hr, or lb mols/hr 
HETP = height equivalent to a theoretical plate, m, or ft 
HTU = height of a transfer unit, m or ft 

m = slope of the eqdibrium line 
x = mol fractior, of the more volatile component 

y = mol fraction of the more volatiie component 

l+,$ = liquid rate, kgmols/h, or lb mols/hr 

in the liqaid phase 

in the vapor phase 

Greek symbols 

3 = ~ehtive volatility between components 1 and 2 
h = m Gy/Lhf, ratio of the slopes 0% equilibrium and operating 

lizes 

Subscripts 

G = gzs phase 
L = liq!.iid pnase 

OG = overall bas phase 

?acked column performame can use either the HETP 
or E K  concepts, the HTU is somewhat more complicat- 
ed but EO more correct than the HETP concept The lat- 
ter adapts it$elf to direct use from tray-by-tray digital com- 
puter caiculations, and is +hereby a little more direct. 

'The packed column has been quite useful in distillation, 
stripping, and absorptions processes and has become com- 
petitive with- many types of distillation tray designs or 
types/sqles. 

BolIes and Fair [129] present an ana!ysis of considerable 
data in developing a mass-transfer model for packed tower 
design; however, -here is too much detail to present here. 

Example 9-14: Pmsfer Units in Distillation 

A Senzene-tolcene mixture is to be separated in a tower 
packed with 1-in. Berl saddles. The feed is 55.2 mol% (liq- 
uid feed, saturated), and an overhead of 90 mol% ben- 
zene, and bottoms of not more than 24 mol% benzene is 
desired. Usiilg the data of Ref. .5l plotted in Figure 9-98, 
determine the number cf transfer ur?its in the rectifylng 
and strippiq sections using 2 reflux ratio (reflux to prod- 
uct, Z / D )  = 1.35. 

Referring to Figure 9-98 for the pphica l  solution: 
Xectifj4ying section operating line slope = 

1.35 - 0.576 -- --- R 
R + 1  1.%+i 

Note that point 7 can be determined by the intersec- 
tior, of the rectifylng operating line and the feed condi- 
tiop line 8-7'. 

."" 
No. Transfer Units : 14.7 prig. Operotion 

90 - Rectifying : 2.9+ 
Stripping: 2.62 

Total 5.52 Units 
80 - 

70 - Equilibrium Line 14.7 
L 

0 a 

s .- c 6 0 -  
Y c " 

Nofa:Verticol Dimension I - 2 ~ 2 - 3  
One Transfer U n i t z 4 - 5 - 6  
Slope of Rectifying Op. Liner0.574 

0 10 20 30 40 50 60 70 EO 90 I 
Mol % Benzene in  Liquid 

Figure 9-98. Vapor-liquid equilibrium (data only), benzene-toluene. 
Diagram notes for this text by this author. Reproduced by petmission 
of the American Institute of Chemical Engineers, Griswold, J., 
Anders, D., and Klein, V. A, Tms. A.I.Ch.E. V. 39 0 (1943) p. 223; all 
rights reserved. 

Establish the location of the feed, bottoms and over- 
head compositions on the graph. Draw ir, the operating 
lines as for a distillation in a m y  column. 

To establish the transfer units draw in line A-B-C so that 
it is aiways half-way vertically between the equilibrium line 
and the operating line, making dimension 1-2 equal to 2- 
3. Begin drawing the transfer units at the overhead prod- 
uct 4, such that 4 9  equals 9-5, then drop vertically to the 
operating line and repeat the process always making the 
line A-B-C bisect the horizontal portion of the step. At the 
feed point re-start the stepwise process if the transfer unit 
step does not terminate at the feed point 7. 

For this example, the number of transfer units is: 

Rectifjmg: 2.9k 
Stripping: - 2.6* 
Total 5.5k units 

The reboiler for the column is in addition to this; how- 
ever, the bottoms were specified as being the inlet from 
the reboiler. For mosf purposes the reboiler can be con- 
sidered one additional transfer unit. 
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Alternate 

An alternate method to determining the number of 
transfer units is the graphical integration of dy/(y* - y). 
The procedure is basically the same as for absorbers, that is: 

1. For assumed values of x (mol fraction of component 
under consideration in liquid) from bottoms to over- 
head, read values of y (vapor under operating condi- 
tions corresponding to x) and values of y* (vapor in 
equilibrium with x) from the equilibrium line. 

2. Calculate l / (y*  - y) at each selected point, thus: 
X y* y p*-y l/(y*-Y) 

0.24 0.44 0.24 0.20 5.0 
0.30 0.52 0.328 0.192 5.21 

3. Plot y, from y bottoms to y overhead versus l/(y* - y). 
The position of y-feed can be noted on the graph, 
and the integration so arranged as to reveal the split 
between rectifying and stripping transfer units. The 
total number by this method should check closely 
with the graphical step-wise method. 

Height of Transfm Unit 

The height of a transfer unit for this system is not avail- 
able, therefore it may be roughly approximated by the 
method of additive HG and HL which is questionable at 
best, or the approximation of 2 ft for HTU may be used. 
The latter is just about as reliable as the former. 

Then: height of tower packing, using 1-in. Berl saddles: 

From transfer unit = (2) (5.5) = 11 ft 
Allowances: for top distribution: 2 ft 
Subtotal 13 ft 

2.3 ft 
Total Z, 15.5 ft 
Extra, 20% - 

use 16 ft 

The tower must be designed for throughput-diameter 
determined and pressure drop established. 

Check Theoretical Plate Basis 

To determine HETP by approximate method, see Table 
9-46 for benzene-toluene: 

HETP = 1.0 to 1.5 ft 

Select HETP = 1.25 ft 

Safety factor suggested = 2, in any case a value not less 

Therefore use: 
than 1.25 

HETP = 24 in. = 2 ft 

From Figure 9-98 it is evident that the number of theo- 
retical plates and number of transfer units are not the 
same. When stepped off, the number of theoretical plates 
is 6+. 

Height of packing = (6) (2) = 12 ft 
Allowance for distribution = 2ft 
Total 14 ft 
Use: 14ft packing, 1-in. Berl saddles. 

Because the 16 ft of packing by the HTU method is larg- 
er, this would be the recommended safe height to use. 

For comparison, note the relative increase in the num- 
ber of transfer units if the operation were at a higher pres 
sure as shown by the dotted line for 500 psig. 

Strigle [ 1391 discusses packed column efficiency 
(HETP) in considerable detail. Most of his published data 
refers to work of Norton Chemical Process Products Corp. 

A Norton [139] correlation for modern, random 
dumped packings used for distillation up to 200 psia is 
(use high performance internal distributors and sup  
ports) from surface tension of 4 dynes/cm but less than 
33, and liquid viscosity of at least 0.83 to 0.08 cps but not 
greater: 

In HETP = n - 0.187 In u + 0.213 ln(p) (9 - 125) 

Values of n in the equation for selected specific pack- 
ings are given in Table 9-47 for random packing and Table 
9-48 for structured packing. 

Strigle presents typical separation efficiency ranges for 
Int.alox@ metal tower packing, for systems with relative 
volatility not greater than 2.0. 

Packing size HETP (ft) 
#25 1.2 to 1.6 
#40 1.5 to 2.0 
#50 1.8 to 2.4 

where CJ = surface tension, dynes/cm 
p = liquid viscosity, centipoise 
n = constant for HETF' Equation 9-125 

The summary of HETP values of Vital [ 1421 for various 
types and sizes of packings are believed to be referenced 
to typical industrial distributors for the liquid. This varia- 
tion can influence the value of HETP in any tabulation; 
the effect of distributor design is discussed in an earlier 
section of this chapter. Porter and Jenkins [143] devel- 
oped a model to improve the earlier models of Bolles and 
Fair from about 25% deviation to about a 95% confidence 
using a 20% factor of safety [ 1391. 

Strigle [ 1391 recommends: (See reference for related 
details) : 
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Table 946 
HEW Estimates for Distillation Applications 

(Contact manufacturers for specific design recommendations) 
__ - -- 

9-m .. _. -. . . -. - . -. . - - - 
Iso-Octane/Toluene 
Same 
Para/Ortho Xylene 

Same 
Same 

Chlorinated HC 
Chlorinated HC 
Chlorinated IIC 
Iso-Octane/Toluene 
IseOctane/Toluene 
IseOctane/Toluene 
Methanol/Water 
Isopropanol/Water 
Benzene/Toluene 
Acetone/Water 

Same 
Same 
Same 

Light Hydrocarbon 
Propane/Butane 
Chlorobenzene/ethvlbenzene 
Chlorohexane/n-Heptane 
Chlorohexane/n-heptane 

Iso-Octane/ioluene 
Iso-Octane/toluene 
h-naphtha/light gas oil 
h-naphtha/light gas oil 
h-naphtha/light gas oil 
Ethylene dichloride/benzene 
Methylcyclohexane/toluene 
Unknown 
General/Average 
Ortho/para- 
Ortho/Dara- 

various sys. 

PreSSUre 

If Known 

lOOmm Hg 
740mm Hg 
740mm Hg 
740mm Hg 
740mm Hg 

Vacuum 
Vacuum 
Vacuum 

740mm Hg 
740mm Hg 
740mm Hg 
740mm Hg 
740mm Hg 
740mm Hg 
740mm Hg 

Range 
-. __ - - - 

- 
- 
- 

400 psia 
235 psia 

50mm Hg 
1 atm 
5 psia 

vacuum 
1 atm 
1 a m  

unknown 
unknown 
unknown 
1 atm 
1 atm 

unknown 
unknown 

16mm Hg abs 

General 
Padring 

Tjpe/Style/Make 

Hy-Pak No. 2 

Metal Intalox No. 25 
Metal Intalox Xo. 40 
Metal Intalox No. 50 
Metal Intalox No. 25 
Metal Intalox No. 40 
Metal Intalox No. 50 
Pall Ring, 1 in. Metal 
Pall Ring, 1% in. Metal 
Pall Ring, 2 in. Metal 
Pall Ring, 1 in. Metal 
Pall Ring, 1 in. Metal 
Pall Ring, 1 in. Metal 
Pall Ring, 1 in. Metal 
Flexirings, 1 in. Metal 
Flexirings, 2 in. Metal 

Koch Sulzer Metal 
Goodloe Metal 
Coodloe Metal 

Montz structured metal 
#2 Nutter Ring 
#2 Nutter Ring 

Goodloe metal, various 
Cascade Mini-ring, #3 
Cascade Mini-ring, #2 
Gempak, W in. crimp 
Gampak, 1 in. crimp 
Gempak, !4 in. uimp 

ACSX Mesh 
ACS-X-200 Mesh 

Koch structured Flexipac 
Koch/Sulzer (R) structured 
Koch/Sulzer (R) structured 

- - - -- .- .. 

Hy-Pak NO. 1 

Estimating 
HETP" 

Ft or In. Marked 

2.0-2.7 
0.7-2.7 
0.8-1.3 
1.3-1.55 
1.75-2.15 

2 
2.4 
3.5 

1.0-2.0 
0.75-1.0 (3.5)** 

1.5-2.2 
0.65-0.8 (1.2)** 

0.6-1.5 
1.0-1.5 

0.9-1.2 (1.4) ** 
1.6-1.8 (2.3)** 
1.8-2.2 (2.4)** 

0.454.9 
approx. 0.75 
approx. 0.80 
3 in.-17 in. 
22 in.-30 in. 
25 in.40 in. 
3 i n .4  in. 

22 in.-28 in. 
18 in.44 in. 
13 in.-E in. 
22 in.-27 in. 
8 in.-10 in. 
4 in .4  in. 

3.5 in.-12 in. 
17 in. 

3 in.-9 in. 
3 in.-16 in. 

- _. 

' I  lOOmm Hg abs Koch/Sulzer (R) structured 4.3 in .4  in. 
. - -. .~ -. - - . -- . -- ---- . 

*Based on industrial data or commercial sized tests, note some values in inches. 
**At very low bas rates. 
Data for table compiled from respective manufacturer's published literature. 

1. For easy separations (less than 10 theoretical stages) 
a 20% design safety factor can be applied to a typical 
HETP value. 

2. For separations of 15 to 25 theoretical stages a 16% 
design safety factor should be applied to the HETP. 

3. For very difficult separations, the design HETP 
should be carefully evaluated by calculation and actu- 
al data when available. 

4. HETP values for random dumped packing have been 
found to be 25% greater a t  a greater viscosity than a 
lower viscosity, Le., viscosity change from 0.13 cps to 
0.44 cps. 

Cooling Water With Air 

Wood or plastic filled towers for cooling water by using 
air are quite economical for certain heat loads and geo- 
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Table 947 
Constant n for HEW Correlation*, Random Packing 

Tower Packing Value of n 
- ~. 

-- - - -. .- 

e 5  IMP@ Packing 1.13080 
#40 IMTP@ Packing 1.37030 
#50 IMTP@' Packing 1.56860 

1 in. Pall Ring 1.13080 
1# in. Pall Ring 1.393 10 
2 in. Pall Ring 1.65840 

1 in. Intalox@ Saddle 1.13080 
1M in. Intalox@ Saddle 1.41570 

1.72330 2 in. Intalox@ Saddle 
,- .- .. - - -- 

*Use with Equation 9-125. 
**IIMTP and Intalox are registered names of Norton Chemical Process 

Products Corp. 
Used by permission from Strigle, R. F., Jr., Packed Tower Design and Appli- 

cations: Random and Structured Packings; 2nd Ed. Gulf Pub. Co. (1994). 

Table 948 
Constant n for HETP Correlation* for Intalox 

Structured Packing 

Packing Size Value of n 
. 

- - -- 
1T 0.76830 
2T 1.01280 
3T 1.38680 

*Use %vi& Equation 9-125. 
**IM" and Intalox are registered names of Norton Chemical Process 

Products Corp. 
Used by permission from Strigle, R. F., Jr., Packed Tower Design and Appli- 

catim: Random and Structured Pachings; 2nd Ed. Gulf Pub. Co. (1994). 

graphical locations. The costs of installation and opera- 
tion must be compared with once-through water costs at 
any location to arrive at a proper understanding of the 
advisability of the installation. The four commercial tower 
types are: 

Atmospheric 

This tower depends upon the atmospheric wind to blow 
horizontally (or nearly so) through the tower (Figure 9-99). 
These towers must be relatively open areas to receive the 
available wind from any particular direction. Wind veloci- 
ties of 4.5 to 6.6 mph are necessary for reasonable opera- 
tion. The towers operate in crosS-now of wind to falling 
water and range from 30-55910 effective. They are not 
capable of producing water at a temperature much closer 
than 4°F of the entering air wet-bulb temperature. They 
require no Ean, but do consume power to pump the water 
to the (relatively high) top of the tower. Ground area 
requirements may be large. 

The spray-filled tower, Figure 4100, is also an atmos 
pheric type, containing no fill other than the water sprays 
and no b s .  The water-air contact comes about due to the 
spray distribution system [144]. This design is often used 
where higher water temperatures are allowed, and the sit- 
uations where excessive contaminants building up in the 
water would cause fouling of other direct contact heat 
transfer surfaces. 

Natural Draft 

This tower depends upon natural draft action the same 
as a chimney to draw cool air in at the bottom and expel 
it out the top as warm moist air (Figure 9-101). The action 
of the tower depends upon the atmospheric temperature; 
therefore, on a hot day the action of the tower may be less 
than on a cool day. These towers are relatively large, and 
require power for pumping the water to a point in the 
tower which is usually lower than for an atmospheric 
tower. There are no fan costs. Units have been built 310 ft 
high, base diameter 210 ft and a throat of 120 ft, widening 
to 134 ft in diameter at the top 1301. 

Forced Draft 

This type of tower uses fans at the base to force air 
through the tower fill or packing (Figure 4102). Due to 
the relatively low outlet air velocity, there is a tendency for 
discharged hot air to recirculate into the fan intake and 
reduce tower performance. The fan handles only atmos- 
pheric air thereby reducing its corrosion problem when 
compared to the fan on an induced draft tower. The tower 
size for the forced as well as the induced draft unit is con- 
siderably less than for an atmospheric or natural draft unit 
due to the higher heat transfer rates. 

Induced Draft 

This tower uses fans at the top of the tower to draw air 
in the base of the tower through the fill and out the fan 
discharge (Figures 9-103-105). In this type of mechanical 
draft tower the hot moist air discharges vertically (usually) 
to the atmosphere with such a velocity as to eliminate the 
possibility of recirculation of this air in at the base of the 
tower. This moist air is corrosive to the fan parts and there- 
fore requires protection of coated plastic or special metal 
blades and sealed motors and reduction gears. 

General Construction 

Most cooling towers are built of redwood or cypress. 
However, special conditions and atmospheres dictate 
other types of construction. 
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Figure 9-99. Atmospheric cooling tower. Used by permission of The Pritchard Corp. (now, Black and Veatch Pritchard). 

Materials: 

1. Framework 
Heart redwood 
Cypress 
Galvanized steel 
Brick or Concrete 

2. Casing 
Heart redwood 
Cypress 
Corrugated asbestos board, or  some combination 
with redwood. 
Brick or concrete block 

3. Fill or Packing 
Heart redwood 
Cypress 
Asbestos-cement boards or strips 
Plastic sheet, grids or  pieces 

4. Drift Eliminators, same as 3. 
5. Louvers, same as 3 .  
6. Miscellaneous Hardware 

7. Fans and Drivers 
Monel, galvaniLed or other corrosion resistant metals 

Axial or  propeller blade fins are either belt 01- gear 
driven. Some drivers are variable speed niotors, x i d  
some fans have variable pitch blades. In special cir- 
cumstances, steam turbine, gas or gasoline engine dri- 
vers are used. Gears should he carefully specified to 
avoid overload and shonld be specially sealed t o  pre- 
vent moisture entering the case. 

Cooling Tower Terminology 

Wet Bulb Temperature: the temperature of air at which it 
would saturate without a change in its heat content. I t  is 
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Water - 
In 

Water 
out 

1 \ 

Figure 9-100. Atmospheric spray tower, alr flow aspirated by pres- 
sure-spray water distribution system. Usually applied in small sizes. 
Used by permission of Hensley, John C. (ed), Cooling Tower Funda- 
menfaA 2nd Ed. (1985), The Marley Cooling Tower Co., a United 
Dominion Company. 

the theoretical minimum temperature to which water may 
be cooled in a cooling tower. However, in actuality this 
temperature can never be reached, but only approached. 
The selection of the proper wet bulb temperature is very 
critical, because it is the single most important factor in 
tower rating. The selected temperature should be high 
enough to include 95% of the maximum readings record- 
ed during the time most critical or important in the cool- 
ing service. 

If the temperature is too high, an expensive tower will 
be specified; and of course, if too low, the cooling load ser- 
vice will be required to sacrifice performance during the 
times when the wet bulb exceeds the specified value. At 
constant inlet humidity and constant rates for liquid, L', 
and air, G', the effect of changing wet bulb on the perfor- 
mance factor KaV/L' is only 1.2% with no trend depen- 
dent on rates [ 381, 

Appmuch: the temperature difference between the tower 
cold water outlet temperature and the wet bulb tempera- 
ture of the air. The smaller the approach the more diffi- 
cult the cooling job, and the larger the required tower. For 
a fured cold water temperature, changing the wet bulb 
temperature by one degree can make a significant differ- 
ence in tower requirements. Usually an approach of 5°F is 
considered minimum. 

Range.- the temperature difference between the warm 
water into the tower and the cold water out. The range 
determines the heat load on the tower, which in turn 
reflects the requirements of the cooling water service. The 

A Hot water inlet main 

B Central Tank 

C Hot water channels 

D Asbestos distribution tubes 

E Air intake 

F Basin 

G Cold water outlet 

H Heat Exchanger 

J Tower Ribs 
K Foundation Footings 

Figure 9-101. Component parts of modern natural draft tower. Used 
by permission of Hamon Cooling Towers, Inc. 

average reduction in KaV/L' for each 10°F increase in hot 
water inlet temperature is 2% [%I. 

DriJt Loss OT Windup Loss: the amount of water lost from 
a tower as fine droplets entrained in the leaving air. For 
an atmospheric type tower this is usually 0.1-0.2% of the 
total water circulated. For mechanical draft towers it is 
usually less. 

Make-up: the water required to be added to the system to 
make-up for losses by evaporation, drift loss, and blowdown. 

Blfnwdmm: the amount of water continuously or inter- 
mittently removed from the system to maintain a prede- 
termined water analysis with respect to chemicals and dis 
solved gases. The build-up of solid or chemical 
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Spny Eliminators 
Removable tor n AccessAbaveFlll\ A’R OUTLET 1 

Figure 9-102. Cross-section of low-head forced-draft tower showing fan housing arrangement, filling, water distribution spray system and 
spray eliminators. Used by permission of Foster Wheeler Cow., Cooling Tower Dew. 

concentration that will occur with continued evaporation 
and no blowdown can become very corrosive and harm- 
ful to metal and wood parts of the system. In addition, the 
deposition of salts on exposed surfaces and accumulation 
of sludge in the basin of the tower can influence perfor- 
m a c e  as well as affect the life of the tower. 

Recirculation: the portion of exit or outlet air from the 
tower that recirculates back to the inlet of the fresh air to 
the tower. To keep this low it is important to space towers 
away from each other as well as from any structures which 
can deflect the exit moist air back to the inlet. Due to recir- 
culation the wet bulb temperature at the tower inlet may be 
different from that at a point 100 yards away, The recircu- 
lation of induced draft towers is usually less than forced 
draft due to the upward velocity of discharge of the air. 

Normal recirculation in average installations for forced 
draft may run %lo% of total inlet air, and 1-8% for 
induced draft towers, all depending upon the location and 
wind conditions during any day or season. Some towers 
can be arranged to have less than 1% recirculation. If con- 
ditions are suspected of being conductive to recirculation, 
it should definitely be allowed for in design of the tower. 
Recirculation increases the wet bulb temperature of enter- 
ing air, increases the total air required (and hence size of 

all equipment) in order to mainmin a given tower perfor- 
mance. 

Specifications 

Specifications for performance rating are usually set by 
the process engineer with the rating selection performed 
by the cooling tower manufacturer. Each manufacturer 
has packing arrangements with known specific perfor- 
mance characteristics and has developed size modules for 
standard cells (usually 6 ft x 6 ft or 8 ft x 8 ft) together with 
the associated fan requirements. Some of this information 
is tabulated in general information form in the catalog lit- 
erature. Specific economical ratings must consider the 
performance specified in light of the Iocal application of 
the tower. To do otherwise can very often lead to excessive 
costs for this type of equipment. An informational spec& 
cation sheet to be used by the process engineer is given in 
Figure 9-106. 

Additional detailed information is available from the 
Cooling Tower Institute, including ATF-105 Acceptance Test 
Procedure for Water-Cooling Tmm, STD-101 CTI Grades of 
Redwood Lumber [31], STD-102 ‘Structural Design Data’ 
[YO], and TSG302 Cooling Tmer Wood Maintenance [ 161. 
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Figure 9-103A. Counterflow induced draft cooling 
tower. Used by permission of The Pritchard Corp. 
(now, Black and Veatch Pritchard). 
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Figure 9 1 W .  Spray-filled counterflow induced draft cooling tower. 
Used by permission of The Marley Cooling Tower, a United Domi- 
nion Co. 

It is recommended that performance tests be specified 
and conducted in accordance with :he Cooling Tower 
Institute procedure, as this gives the process engineer a 
standard of reference. Most cooling tower manufacturers 
are members of this Institute. 

Manufacturer's bid proposals should include all of the 
information specified by the blanks on the specification 
sheet and in addition, details of construction, details 
regarding driver, gear, etc., and a guaranteed performance 
culve shoviing the effect of 210% change in water quantity 
and lower wet bulb temperature, similar to Figure 9-20?. 

For rating by the manufacturer, the process engineer 
must specify and consider: 

1. Water rate, gpm 
2. Inlet water temperature, "F 
3. Outlet cold water temperature, O F  

4. Design wet bulb temperature, "F, for the location of 
construction of the tower. 

Air 

Figure 9-105. Cross-flow induced draft cooling tower. 
Used by permission of The Marley Cooling Tower, a 
United Dominion Co. 
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Job No. 

POLING TOWER SPECIFlCATlOYf 

wrc .  DW'Q. NO. 
A- 

4 No. Units 

DESIGN 

Wet Bulb Temp: O F $  Static Pumping Hd. Ft. Eff. Cool. Val. Cu. Ft. 

Fill Weftad Surf. Sq. Fb Total Wothd Surf. Sq. Fy Eff. Splash Surf; cu. Ft. 

No. of Pans Req'd.- C W F o n  ;Static PNSS In. HaO; Normal BHP/Fon 
I Evapomtlon Loss. Max. X Spray Loss. Max. I 

Fill 

Cod. for Lumbmr Struct. Dnslpn 

Fmnwwork Casing 
Fan Cylindnr Stairway 

Bolts Nuts, Misc. Hardwan 
Water Inlet Hdrr. N o r x l ~ s  

Fan Blade Fan Hub 
Cod0 for Lumbar Gradas 

RPM; Tip Spwd - TYPO 
BHP; Mochonical Eff. 

I I 



Packed Towers 387 
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Figure 9-107. Typical performance for design gpm. Used by permis- 
sion of Whitesell, J., Chemical Engineering, Jan. (1955) p. 187. 

5. Water condition (sandy, oily, etc.) and type (river, 
canal, harbor, sea). The contaminating chemicals 
and/or minerals should be identified. Type of water 
treatment. 

6. Drift loss or mist loss, usually maximum of 0.2% of 
design water flow rate. 

7. External wind force or loading for standard design. 
Most designs are for 30 lb/ft2, although specific 
geographical locations may require other specifica- 
tions. CSve minimum, and average wind velocities 
with compass direction for atmospheric and natur- 
al draft towers. 

8. Geographical location; plant site location, general 
proximity to other structures and other factors 
relating to recirculation of exit air back to the inlet 
of the tower. 

9 . T ) ~ e  and specifications on fan driver, gear types, 
power voltage, phase, cycles. Motors should at least 
meet specifications equivalent to totally enclosed, 
fan cooled, or if in explosive hazardous area, TEFC 
Class I: Group D (except this not acceptable in 
hydrogen or acetylene atmosphere). Due to mois 
ture conditions around this equipment, it should be 
protectmed against moisture penetiation and corro- 
sion. 

10. Number, type, height, area requirements for cooling 
coils (if any) to be installed in tower basin by pur- 
chaser. 

11. Power costs for fan and pump horsepower, approxi- 
mate pump efficiency for water, and any special data 
peculiar to the economics of the installation. This 
will allow the manufacturer to select a tower giving 
consideration to the economic factors involved. 

12. Items to be furnished by the purchaser, such as con- 
crete basin, anchor bolts, electrical components, 

external piping, material handling to job site. If the 
tower manufacturer is to perform a turn-key or pack- 
age job, this should be specified, as in some 
instances the tower manufacturer may not be in a 
position to do this. 

13. Fire protection if unit is to be allowed to stand dry 
for prolonged periods, or required by insurance. 

Performance 

The cooling tower cools hot water with cool air by coun- 
tercurrent (or cross-current) flow of the two fluids past 
each other in a tower filled with packing. This involves 
both mass and heat transfer. The water surface that exists 
on the tower packing is covered with an air film assumed 
to be saturated at the water temperature. The heat is trang 
ferred between this film and the main body of air by dif- 
fusion and convection. Detailed presentations of the 
development of cooling tower theory are given in Refer- 
ences 39 and 46. 

Figures 9-108 and 9-109 indicate the variables in tower 
performance. Also see Reference 130. 

The packing or fill is arranged to prevent a droplet of 
water from falling the full height of the tower. As it falls it 
hits a packing member, splashes, forms a film, drops off 
and falls to hit the next packing member. The counter-cur- 
rent stream of air sweeps across these drops and films to 
effectively cool the water and humidify the air. As the 
water flows down through the tower its temperature may 
drop below the dry bulb temperature of the inlet air to the 
tower. It can never go below the inlet air wet bulb temper- 
ature, in fact, it just approaches this wet bulb. One of the 
controlling features in tower design and performance is 
how close these two temperatures, inlet air wet bulb and 
outlet water, are expected to operate. The dribing force 
for the cooling is the difference in enthalpies of the film 
of air surrounding the water and that of the main body of 
the air. 

The number of transfer units or tower characteristic is 
based on overall heat and mass transfer: 

(9 - 126) 

1'2 

where h' = enthalpy of saturated air film at bulk water temper- 
ature, Btu/lb 

h = enthalpy of the main air stream, Btu/lb 
tl = entering warm water temperature, 'F, at top of tower 
t2 = outlet cool water temperature, "F, bottom of tower 
t = bulk water temperature, "F 

K = mass transfer coefficient, lb water/hr/ftz 
a = contact area, ft2/ft3, tower volume 
v = active cooling volume, ft2/ft3, of plan area 
L' = water rate, lb/(hr) ft2 
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Figure 9-108. Diagram of counter current air-water 
cooling tower. 

Cooling tower data [15, 19, 461 has been plotted as 
KaV/L' vs. L'/G, and indicates that the tower characteris- 
tic KaV/L' is a function of L'/G, and not dependent on 
the value of G, only, when using high voidage splash deck 
grid type packings. A few representative tower fill packings 
are shown in Figures 9-1 1OA and B and performance char- 
acteristic values are shown in Figure 9-1 11. Figures 9-1 12 
to 9-1 17 illustrate counterflow tower performance. The 
curves are satisfactory for close estimating, while exact 
data should be obtained from the manufacturers. 

The fill illustrated in Figures 9-11OA and B is typical of 
many cooling tower heat transfer evaporative cooling sur- 
faces. The wooden splash type is the oldest in terms of 
length of usage, while the film types (some fabricated of 
plastic) have been in service about 40 years [ 1481. 

This latter type appears similar to some previously dis- 
cussed, closely spaced structural packing, but is specifical- 
ly designed for this application. Beyers [ 1481 recommends 
film fill as the best choice if the water conditions of Table 
9-49 are appropriate. For scaling or plugging water condi- 
tions, select splash fill. 

Enthalpy of Air Operating Line 

The enthalpy of air at any point on the operating line is 
[ 341 : 

hl* = h2 + (L'/Ga) (tl - t2') (9-127) 

The equation for the line at terminal conditions is: 

hl s h2 + (L'/Ga) (tl - t2) (9- 128) 
T e m p e r a t u r e  of W a t e r I o F , t  

Figure 9-109. Driving force diagram for cooling tower. 
where hl* = enthalpy of air at any temperature higher than 

inlet, Btu/lb dry air; note that hl is exit air 
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Decks"A"and "B" 
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Figure 9-1 iOA. Commercial cooling tower fill packing. Reproduced by permission of the American Institute of Chemical Engineers, Kelly, 
N, W., and Swenson, L. K., Chemical Engineering Progress, V. 52, No. 7 0 (1 956) p. 263; all rights reserved. 

I Fill Sheets 

I Air Flow 

h2 = enthalpy of inlet air to tower, equivalent to 
enthalpy of saturated air at wet bulb temperature, 
Btu/lb dry-air, from Moist Air Tables, ASHW 
Guide. 

tp' = any water temperature lower than inlet water tem- 
perature and higher than inlet air wet bulb tem- 
perature, "F 

tl = inlet water temperature, "F 

The effects of wet bulb, approach and range on 
mechanical draft cooling tower size is indicated in Figure 
9-118. 

The curves are necessarily the approximate midrange of 
a spread or band of the magnitude of the respective influ- 
ences on the ground area. That is, the information is good 
for guidance as to the direction certain changes will take 
in the final selection. For example, the data are refer- 

Figure 9-1 1OB. Representative generic 
types of fill for cooling towers. Used by 
permission of the American Institute of 
Chemical Engineers, Beyer, A. H., 
Chemical Engineering Progress, V. 89, 
No. 7 0 (1 993); all rights reserved. 

enced to a 70°F wet bulb and a 15°F approach, therefore, 
a change in wet bulb only to 75°F will indicate a tower 
requiring 90% of the ground area. If the approach 
changes too, then its correction must also be multiplied 
against the previous result, and the same handling applies 
to the wet bulb. 

In examining the tower performance it is not the air 
temperature that sets the capacity, but the heat content or 
enthalpy of the air. Although the air temperature and wet 
bulbs at inlet may be different for two different inlet air 
conditions, it is still possible for the air to have the same 
enthalpy. Therefore, two different air streams of different 
conditions can produce the same effect on tower perfor- 
mance. The heat content or enthalpy of all air with the 
same wet bulb is the same, therefore it is clear that the wet 
bulb temperature is important and sets the performance. 
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Figure 9-113. Effect of half-speed operation of fans. Used by per- 
mission of Whitesell, J., Chemical Engineering, Jan. (1 955) p. 187, all 
tights reserved. HOT WATER TEMPERATURE, *F 

Figure 9-1 11. Typical effect of hot water temperature on tower char- 
acteristic, KaV/L‘ at constant L, Ga wet bulb temperature and 
packed height. Note Land G shown in chart are hourly rates. Repm- 
duced by permission of the American Institute of Chemical Engi- ‘I neers, Kelly, N. W., and Swenson, L. K., Chemical Engineering 
Progress, V. 52, No. 7 0 (1 956) p. 263; all rights resewed. 
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Figure 9-112. Percent change in gpm to produce 1°F change in 
approach. Used by permission of Whitesell, J., Chemical Engineer- 
ing, Jan. (1 955) p. 187, all rights reserved. 

The data and information in the public literature are 
limited to performance evaluation of an existing cooling 
tower. It does not allow the design engineer in industry to 
actually design the height of tower packing or “fill.” Even 
though the number of transfer units can be estimated (as 
in Reference 145), these numbers cannot be effectively 
used in design, because there are essentially no published 

0: 
0 10 20 30 40 

Change in WetBulb,OE 

Figure 9-1 14. Decrease from approach for maintaining design 
temperature. Used by permission of Whitesell, J., Chemical 
neering, Jan. (1 955) p. 187, all rights reserved. 

water 
Engi- 

values for converting the gas mass transfer to square feet 
of effective contact tower filling, other than the propri- 
etary data of the respective manufacturers [146]. Some 
data are available for relating the sizes of individual “cells” 
of respective manufacturers (a cell is a unit size containing 
x-number of square feet of fill surface distributed through- 
out y-number of vertical decks in the cell). These are not 
standard between the manufacturers, because the mass 
transfer of the respective fill varies with specific designs of 
contact surface between the water surface and the air-flow. 

Mechanical draft towers are normally designed for L/G 
(liquid/@ rate) of 0.75 to 1.50 [147], and the values of 
KaV/L vary from 0.50 to 2.50. 
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Figure 9-1 15. Fan efficiency versus specific speed for various blade 
settings of fans. Used by permission of Whitesell, J., Chemical Engi- 
neering, Jan. (1 955) p. 187, all rights resewed. 

0.i 0.2 0.3 0.4 0.5 
I I l l  I 1 1  

100 200 300 400 
Fan rpm. for Optimum Efficiency 

Figure 9-1 16. Rpm correlation for 16" pitch angle of fan blade. Used by 
permission of Whitesell, J., Chemical Engineering, Jan. (1 955) p. 187, 
all rights reserved. 

Recent studies indicate that the performance of all com- 
monly used commercial high voidage packings can be cor- 
related by [38, 1461: 

(9 - 129) 

Ka V/L = 0.07 + A'N' (L'/G,)-"' 

where L' = total water flow, Ib/hr 
N' = no. of deck levels in tower 
tl = water temperature at bottom of tower, "F 
tz = water temperature at top of tower, "F 
t1. = water temperature of bulk of water, "F 

0: IO 20 30 40 
0 

Fan Dia.(ft.) for Optimum Efficiency 

Figure 9-117. Diameter correlation for 16' pitch angle for fan blades. 
Used by permission of Whitesell, J., Chemical Engineering, Jan. 
(1 955) p. 187, all rights reserved. 

v = tower volume, ft3/ft* plan area 
ic = enthalpy of air saturated at wet bulb temperature, 

iL 6 enthalpy of air saturated at bulk water temperature, 

K = overall enthalpy transfer coefficiem, lb/hr (fG 

Btu/Ib dry air 

Btu/lb dry air 

transfer area) (lb water/lb dry air) 

This relates the tower characteristic to the number of 
packing decks in the tower and the L'/G, ratio. Values of 
A' and n' are given in Table 9-50, 

The simultaneous solution of Eqzxation 9-127 involving 
the approach and cooling range and Equation 9-129 
involving the number of packing decks (and thereby avail- 
able surface area) yields the L'G,, which satisfies the speci- 
fied performance. The accuracy of this coxbined with the 
data is within 5%. Equation 9-129 is essentially a straight 
line on log-log paper, so two points are sufficient to deter- 
mine its position. The tediousness is involved in integrating 
the expression for the several enthalpy conditions involv- 
ing approach and range that could satis9 the problem. 

Ground Area vs. Height 

The economics of forced and induced draft cooling 
tower operation require a study of fan and water pump 
horsepower and usually dictate a fan static pressure 
requirement not to exceed 0.75-1.0 in. of water. For 
atmospheric and natural draft towers :he economics of 
pumping water are still very important. This means that 
the ground area must be so selected as to keep the height 
down while not dropping the unit rates so low that per- 
formance becomes poor. This then, is a balance of ground 
area versus total deck height. Pritchard [16] presents an 
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Table 9-49 
Guidelines for Cooling Tower Recirculating Water (Normal Limits for Using Film Fill) 

~ 

pH-Ideally 6.5-8.0; pH as low as 5.0 is acceptable if galvanized steel is not present. 

Chlorides-Maximum 750 pprn (as R’aCl) for galvanized steel; maximum 1,500 pprn for Type 300 stainless steel; maximum 4,000 
pprn for Type 316 stainless steel; silicon bronze is the preferred material if chlorides exceed 4,000 ppm. 

Calcium-In general, calcium (as CaCO3) below 800 pprn should not result in calcium sulfate scale. In arid climates, however, the 
critical level may be much lower. For calcium carbonate scaling tendencies, calculate the Langelier Saturation Index or the Ryznar 
Stability Index. 

Sulfates-If calcium exceeds 800 ppm, sulfates should be limited to 800 ppm, less in arid climates, to prevent scale. Otherwise, a 
sulfate level up to 5,000 ppm is acceptable. 

Silica-Generally, limit silica to 150 ppm as Si02 to prevent silica scale. 

Iron-Limit to 3 ppm. Note that excessive concentrations of iron may stain cooling tower components, but these stains are not the 
result of any rust or corrosion. 

Manganese-Limit to 0.1 ppm. 

Total Dissolved Solids (TDS)-Over 5,000 pprn can adversely affect thermal performance and may be detrimental to wood in the 
alternately wet/dry areas of the tower. 

Suspended Solids-Limit to 150 pprn if the solids are abrasive. Avoid film fill if solids are fibrous, greasy, fatty, or tarry. 

Oil and Grease-Over 10 pprn will cause noticeable thermal performance loss. 

NutrientoNitrates, ammonia, oils, glycols, alcohols, sugars, and phosphates can promote growth of algae and slime. This growth 
can cause tower problems, particularly with film fill. 

Ammonia-Limit to 50 ppm if copper alloys are present. 

Organic Solven-These can attack plastics and should be avoided. 

Biological Oxygen Demand (BOD)-Limit BOD to 25 ppm, particularly if suspended solids exceed 25 ppm. 

SuEdesShould be limited to 1 ppm. 

Langelier Saturation Index-Ideally, maintain between -0.5 and +0.5 A negative LSI indicates corrosion tendencies. A positive LSI 
indicates CaC03 scaling tendencies. 
Reproduced by permission from American Institute of Chemical Engineers, Beyer, A. H., C h .  Eng. Prog., Vol. 89, No. 7 0 (1993), p. 42; all rights 

.- ~ .~ 

reserved. 

estimating curve indicating that as packed height varies 
from 12-40 ft, the economics of ground area suggest a G, 
of 2,000-1,400 respectively, being slightly less than a 
straight line function. 

Pressure Losses 

The tower pressure losses are: (1) tower packing or fill 
(70-80% of loss); (2) air inlet if induced draft; (3) mist 
eliminators at top; (4) air direction change losses and 
entrance to packing on forced draft units. These losses are 
a function of air velocity, number and spacing of packing 
decks, liquid rate and the relation between L‘ and G,. 

The pressure drop for a given number’and type of pack- 
ing deck is expressed [38]: 

(-) (9-130) 

Values of B, C’ and SF are given in Table 9-50. Pressure 
drop values, AP’/N’, per individual deck range from 
0.003-0.006 in. water for low L’ and G, rates to 0.03-0.06 
in. water for high L’ (3,500) and G, (2,000) rates [19]. Val- 
ues of % are taken from Figure 9-119. Typical pressure 
drop curve is shown in Figure 9-120. 

Pressure loss through wooden mist eliminators based on 
0.0675 lb/ft3 air varies from 0.01 in. water at G, = 800 to 
0.07 at G, = 2,000 as almost a straight line function [16]. 
These losses are based on the face area of the eliminators. 

Pressure loss for inlet louvers based on two face velocity 
heads and 0.075 lb/ft3 air is given as 0.02 in. water for 400 
ft/min face velocity to 0.32 in. water for 1,600 fpm, vary- 
ing slightly less than a straight line [ 191. 

Fan Horsepower for Mechanical Draft Tower 

BHP = F psa/(6,356) (0.50) 

where F = actual cfm at fan inlet, ft3/min 
ps = total static pressure of fan, in. of water 

(9- 131) 
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0 5 10 15 20 25 30 
APPROACH TO WET BULB AND COOLING RANGE, DEG. F. 

Curve showing effect of wet bulb tempera- 
ture, approach to wet bulb, and cooling 
range on cooling tower size. The normal 
tower is assumed to be designed for 15 
degree cooling range and a 15 degree 
approach to a 70 degree wet bulb. If all 
other factors remain the same, reducing the 
approach to the wet bulb to 6.3 degrees will 
double the size of the tower, or decreasing 
the cooling range to 6.1 degrees will permit 
the use of a tower only half as large; or 
designing for a 53.7 degree wet bulb instead 
of a 70 degree wet bulb will require a tower 
1 4  times as large because of the lower 
water absorbing capacity of colder air. 

1 I I I I I I I 
50 55 60 65 70 75 80 85 

WET BULB. DEO. F. 

figure 9-118. Effect of cooling tower performance variables on plan ground area required. Used by permission of Foster Wheeler Corp., Cool- 
ing Tower Dept. 

Table 9-50 
Values of A’, n’, B, C ,  and SF 

. . - - __ __ . , -. . -. .. .- 

c‘ -. - B 
~ d ~ y p e  AI n1 s p , ~ t  M & x  iiP ~ u l t  x 10-12 

. ._ ._ - - . -- -. 
X 0.060 0.62 3.00 0.34 0.11 
€3 0.070 0.62 4.00 0.34 0.11 
C 0.092 0.60 3.75 0.40 0.14 
D 0.119 0.58 6.00 0.40 0.14 
E 0.110 0.46 4.95 0.60 0.15 
F 6.100 0.51 9.13 0.26 0.07 
G 0.104 0.57 6.8.5 0.40 0.10 
H 0.127 0.47 3.64 0.75 0.26 
I 0.135 G.57 4.30 032 0.16 

J _  0.103 0.54 6.85 0.40 0.10 __ . -. .. . . . . . __ . 
Used by perm ;ssion: The American Institute of Chemical Engineers; 

Kelly, 5. W. and Swenson, L. R, C h  Eng. Pmg, Vol. 32 0 (1956) p. 
263 [MI; all rights reserved. 

This relation includes a 50% static efficiency of the fan 
and gear losses, assuming a gear drive [ 191. If belt driven 
the difference will not be great. 

For study purposes the effects of performance as relat- 
ed EO fan horsepower may be patterned after Figures 9-121 
am? 9-122. The conditions for actual air inlet conditions 
for an induced draft fan must be obtained from Equation 
9-127 read from a diagram similar to Figure 9-109. 

Economical tower sizes usually require fan horsepower 
between 0.05 and 0.58 hp/& of ground plan area [19], 
and motors larger than 75 hp are not often used due to 

-RKM AIR MASS ROW. Go 

Figure 9-119. Values of equivalent air m a s  velocity. Reproduced by 
permission of the American Institute of Chemical Engineers, Kelly, 
N. W., and Swenson, L. K., Chemical Engineering Progress, V. 52, No. 
7 0 (1 956) p. 263; all rights reserved. 

inability to obtain the proper fans ana gears in the space 
required. 

Water Rates and Distribution 

Water distribution must give uniform water flow over 
the tower packing. Many towers use a gravity feed system 
discharging the water through troughs and ceramic, metal 
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Figure 9-120. Typical effect of liquid loading on air pressure drop 
showing linear relationship; total deck height is 20 ft. Reproduced by 
permission of the American Institute of Chemical Engineers, Kelly, N. 
W., and Swenson, L. K., Chemical Engineering Progress, V. 52, No. 7 
0 (1 956) p. 263; all rights reserved. 

WATER MASS FLW/DRY AIR FLOW-& 

Figure 9122. Plot illustrating combination of thermal and fan power 
characteristics to directly determine flow capacities of a given size. 
Used by permission of Groitein, E. E., Combustion, Nov. (1 957). 

can aggravate the heat transfer surfaces and develop cor- 
rosive conditions on many mechanical and structural 
parts of the tower. To control and limit this build-up, a cer- 
tain amount of liquid is blown down to expel the concen- 
trated material and this quantity is replaced with fiesh 
make-up water. See Figure 9-123 for blowdown. 

The level to which the contamination can concentrate 
in the circulating water is [144]: 

E + D + B  
D + B  

CL. (9- 132) 

DRY AIR MASS FLoW-100lbs.DryAir/Hr.Sp.R. 

Figure 9-121. Fan power requirements for components of a typical 
counterflow induced draft cooling tower. Used by permission of 
Groitein, E. E., Combustion, Nov. (1957) p. 38. 

or plastic nozzles. Other systems use pressure nozzles dis- 
charging upward, before falling back over the packing. 
This latter method requires more pumping head due to 
the pressure required at the nozzles. Water rates usually 
run from 1 to 3.5 gpm/ft2 of ground plan area. 

Blow4own and Contamination Build-up 

As the circulating water evaporates in passing through 
the tower, the evaporated water vapor is pure. This leaves 
behind and creates a concentration effect for solids mate- 
rial dissolved in the remaining water. This concentration 

(9- 133) The rate of blow-down, B = E- [(C- 1) (Dl1 
(C- 1) 

where C = contaminant level in circulating water; number of 

E = rate of evaporation, gpm (if not accurately known, 
concentration ratios 

evaporation can be approximated by multiplying 
total water rate in gpm times the cooling range ( O F )  

times 0.0008). 

E (est)- (gpmT) (CR) (0.0008) (9 - 134) 

where gpmT = total cooling tower water flow rate, gpm, 
(incoming to be cooled by tower) 

in exhaust air stream, measured as (a) % of cir- 
culating water rate, gpm, or (b) more precise 
[ 1441, an L/G parameter and drift becomes 
pounds of water per million pounds of exhaust 
air; for estimating: 

DL = drift loss, water lost from tower system entrained 
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DL= (gpmT, as water flow rate) (0.0002) (9-1 33) 

CR = cooling range, O F ,  difference between hot water into 
tower and cold water from the tower, “F 

B = rate of blowdown, gpm. (Because an acceptable level of 
concentration has usually been predetermined, the 
operator is more concerned with the amount of blow- 
down necessary to maintain the concentration, Equa- 
tion 9-132.) 

L/G = ratio of total mass flow of water and dry air in cooling 
tower, Ib/lb 

Example: 9-15: Determining Approxjmate Blowdown for 
Cooling Tower (Used by permission of Marley Cooling 
Tower Co., Inc., from Cooling Tower Fundamentals [ 1441) 

‘‘Assume that a given cooling tower is designed to 
reduce the incoming temperature of 10,000 gpm by 23OF 
(range). Then, assume that the level of chlorides in the 
make-up water is 250 ppm, and we do not want that le17el 
to go beyond 750 ppm in the circulating water. Allowable 
concentration ratio is 750/250 = 3. The approximate 

evaporation rate would be 10,000 x 25 x 0.0008 = 200 
gpm. The approximate drift rate would be 10,000 x 
0.0002 = 2 gpm. Applying these values to Equation 9-133, 
blow-down would be: 

2 0 0 - [ ( 3 - 1 ) ~ 2 ]  - 2 0 0 - ( 2 ~ 2 )  =-=- 200-4 196 - 
(3- 1) 2 2 2 

= 98 gpm, blowdown 

“Even if the assumed evaporation and drift rates were 
perfectly accurate, the calculated blow-down rate of 98 
gpm might still not be quite enough because of the effects 
of air-borne contaminants, which are usually incalculable. 
Once the approximate level of blow-down has been deter- 
mined, the circulating water quality should be regularly 
monitored and appropriate adjustments made. 

“Figure 9-123 is a plot of the percent of circulating water 
flow to be wasted in order to maintain various concentra- 
tions, based upon the approximate evaporation and drift 
rates indicated by Equations 9-134 and 9-135, expressed as 
percentages. 
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1 2  3 4 5 6 7 8 9 10 11 12 1 3 1 4  1 5 1 6  

NUMBER OF CONCENTRATIONS 

Figure 9-123. Cooling tower blow-down versus number of concentrations in circulating water; percent of total circulating water to be wasted 
to maintain various concentrations. Used by permission of Hensley, J. C. (ed.) Cooling Tower Fundamentals, 2nd Ed. (1 985), The Marley Cool- 
ing Tower Co., a United Dominion Co. 
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“Despite the benefits of blow-down, however, chemical, 
electrostatic, or electronic treatment of the water is often 
required to prevent scale formation, corrosion, or biolog- 
ical growth. When treatment is required, or anticipated to 
be required, the services of a reliable water treatment company 
should be obtained. ” 

Brooke [ 2341 provides calculation techniques using 
enthalpy of the air to determine water evaporated, air 
flow, and blowdown quantities. 

Preliminary Design Estimate of New Tower 

Refer to psychrometric chart, Figures 9-124.4 and B for 
basic considerations in establishing tower conditions. 

1. Determine the inlet water temperature to the tower. 
This is approximately the outlet temperature from 
the cooling water load. 

2.Determine the heat load to be performed by the 
tower, based on required water inlet and outlet tem- 
peratures and flow rates. 

3. Establish the wet bulb temperature for the air at the 
geographical site of the tower. Use weather bureau 
records if other data are not available. Use caution, 
do not select a value too high. 

4. Prepare a plot of the saturation curve for air-water. 
Establish the operating line by starting at the point 
set by the outlet cold water temperature and the 
enthalpy of air at the wet bulb temperature, and with 
a slope L’/G, assumed between 0.9 and 2.7. See Fig- 
ure 9-109. 

5. Graphically integrate, by plotting l/h’-h vs. t, reading 
(h’-h) from the operating-equilibrium line plot for 
various values of temperature. See Figure 9-125. 

6. The value of the integral is equal to the number of 
transfer units, so set it equal to Equation 9-129 and 
solve for the number of decks needed, N. Select the 
desired deck from Figures 9-1 1OA and B and the con- 
stants A‘ and n from Table 9-50. 

7. If the number of decks required is unreasonable from 
a height standpoint, the procedure must be repeated 
using a new assumed L’/G,, or a new approach, or a 
new wet bulb temperature, or some combination of 
these. 

8. For the assumed L’/G, and known L’, calculate the 
required air rate G,. 

Alternate Preliminary Design of New Tower (after 
References 12 and 19) 

1. Follow Steps (1) , (2), and (3) of the procedure just 
outlined. 

2. Refer to a plot of KaV/L’ versus L‘/G, as in Figures 
126A-G or in References 15 and 19. This saves the 
integration step, as this has been performed and cal- 
culated for a selection of reasonable wet bulb tem- 
peratures and temperature ranges. The curve to fit 
the design problem must be used. 

3. Plot Equation 9-129 for two assumed L‘/G, values 
and an assumed number of checks on the plot of Fig- 
ure 9-126C or its equivalent. The intersection with the 
approach curve gives the value of L‘/G, which satis- 
fies the two Equations 9-118 and 9-129. 

4. From the known liquid rate L’ and the value of L’/G, 
assumed, calculate the needed value of the air rate, 
G,. This value converted to CFM at the fan inlet, 
together with the calculated pressure drop gives the 
fan horsepower requirements. 

Performance Evaluation of Existing Tower [ 191 

1. Because the heat load, L‘, G, and temperatures are 
known for an operating tower, its performance as rep- 
resented by the number of transfer units, or tower 
characteristics can be determined. Solve Equation 
9-129 for Ka V/L’, or use the modified Merkel dia- 
gram, Figure 9-127. This is the number of transfer 
units operating in the tower. For relative comparison 
of Ka values see Figure 9-128. 

2. If it is desired to evaluate a change in performance 
on an existing tower, knowing the required condi- 
tions and numbers of decks and kind of packing, cal- 
culate KaV/L’ for we assumed values of L‘/G,. 

3. Following Reference 19, plot this on the appropriate 
curve (good up to altitudes of 3,000 ft) for KaV/L’ vs. 
L’/G, for the proper wet bulb, range and at the inter- 
section of the straight line plot with the approach 
value selected or needed, read the L’/G, required to 
meet the performance conditions. 

4. Calculate the new G,, assuming that L’ is the impor- 
tant value known. If on the other hand, it is desired 
to determine just how much cooling can be obtained, 
then for a fixed air rate, calculate the L‘ that can be 
accommodated. 

Example 9-16: Wood Packed Cooling Tower with 
Recirculation, Induced Draft 

Perform the preliminary design on a cooling tower to 
establish its performance and size. 

Required gpm = 5,000 
Inlet hot water = 110°F 
Outlet cold water = 83’F 
Wet bulb = 73°F 
Recirculation allowance = 3% 
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Figure 9-124A. Psychrometric chart, reference barometric pressure of 29.92 in. Hg. Used by permission of Westinghouse Electric Co., Sturte- 
vant Div. 
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If any two propertlea of alr m o  
known, all others may be found. 

Numericd vmluea ol properties 
may be read directly. 1 n 

INITIAL FINAL 

7 6  Vap. pres. 0.562 0.854 
Enthal y 34.83 41.42 

Dry bulb 90' 900 Dew point 62.4 74.3 
Wet bulb 71D 

%k/k 1%' Cu.ft.]b. 14.12 14.26 I INITIAL FINAL 

SENSIBLE HEATING & COOLING is represented by a horizontal line be- 
tween the limits cf the process. All the properties of alr chanae except the 
moisture content. 

EXAMPLE:-Air initially at 9 0  D.B. is heated to 106' D.B. 
n 

INITIAL FINAL 

Cu.ft./lb. 14.12 14.5 

Dry bulb 90a Dew polnt 62.4 62.4 
Wet bulb 71' Vap. pres. 0.582 0.582 

Enthalpy 34.83 38.46 
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HUMIDIFYING & DEHUMIDIFYING with no change in  dry bulb is repre- 
sented by a vertical line between the limits of the process. 

EXAMPLE:-Air at 900 D.B. and 84 QR./LB. is humidifled without change of 
temperature to 128 QR/LB. 
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I I 

EVAPORATING COOLING is accomplished by pasaing air thru a epray or finely 
divided curtain of recirculated watcr, and is repreeented by a line cf constant W. B. 
temperature. Sens. heat is absorbed in evaporation thereby increasing the moisture 
content while the total heat remains constant. 

E X A M P L E t A i r  at 900 D.B. and 40% rel. hum. Is passed thru a spray of re- 
circulated water. The water temp. will approach the W.B. temp. of the air which 
remains copant. 

INITIAL FINAL 
Dew point 62.4 70.5 
Vap. pres. .562 .747 
Enthalpy 34.83 34.83 I Cu. ft./lb. 14.12 13.74 

I I 
~~ 

TEMPERATURES OF A MIXTURE 
Find the final wet and dry bulb temperatures of a mixture of 3000 QF.M. at 600 
D.B. and 4 6 O  W.B;, and 5wo C.F.M. at 800 D.B. and 630 W.B. Read from constant 
volume lines on chart 

Fig. 6 
3M)Ouf.m. 60bd.b. $"w.b. 13.17ou.ft./lb. 
5000 c fm.  800 d.b. 63" w.b. 13.85 cu. ft./lb. ts7 .= 228 IbalMin. 

228 + 361 = 588 total wt. of air per min. 

z5= 361 Ibs./mln. 

-49.1P 228 - 589 x 60 = 23.2v 589 x 80 

DRY BULB temperature of the mixture 

23.25 + 49.10 = 72.35O Final D.B. 
W m  BULB tsmperature of the mixture 

Enthalpy at 46O W.B. - 18.12. at 63O W.B. - 28.48 

E X  18.12 = 7.01 E X 28.4% = 17.45 

Corresponding W.B. Temp. - 5 P  Final W.B. 
7.01 + 17.45 = 24.46 Enthalpy of Mixture 

10 
Temperature ,OF 

Figure 9-125. Graphical integration to determine number of transfer 
units. 

Use alternab dessgn procedure: 

1. Range = 110 - 85 = 29°F 
2. Wet bulb 

Because recirculation is to be considered, the 
ambient wet bulb of '75°F must be corrected. 

3. Solve Equation 9-129 
KaV/L' = 0.07 +AI. (L'/G,)-" 

Select Deck "A": 
Constants: 

n = 0.62 
L'/Ga = 1.00 assumed 
N' = 30, assumed number deck levels 
KaV/L' = 0.07 + 0.060 (30) (1.00)-o.62 
= 1.87 

A' = 0.060 

Second solution of Equation 9129 to determine 
line for plot: 

L'/Ga = 2.0 assumed 
All other values remain the same. 
KaV/L' = 0.07 + 0.060 (30) (2.O)-Oa6' 

= 0.07 + (0.060) (30) (0.651) 
KaV/L' = 1.24 

Figure 9-124B. Directlons for using Figure 9-124A. Used by permis- 
sion of Westinghouse Electric Corp., Stuttevant Div. (tart continued on page 406) 
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4 5 6 7 8  .1 .2 .3 2 3 

Figure 9-126A. 65OF wet bulb; 30°F range, counterflow coollng tower performance curves. Used by permission of Counterflow Cooling Tower 
Performance, The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1957). 
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4 5 6 7 8  .l .2 .3 2 3 
Figure 9-1268.70"F wet bulb; 20°F range, counterflow cooling tower performance curves. Used by permission of Counterflow Cooring Tower 
Performance, The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1 957). 
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Figure 9-126C. 75°F wet bulb; 25°F range, counterflow cooling tower performance. Used by permission of Counterflow Cooling Tower 
formance, The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1957). 

8 

Per- 
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.. 

. I  .2 2 4 5 4 7 8 9  3 

Figure 9-120D. 75°F wet bulb; 40°F range, counterflow cooling tower performance. Used by permission of Countemow Cooling Tower Per- 
formance, The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1957). 
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Figure 9-126E. 80'F wet bulb; 20°F range, counterflow cooling tower performance. Used by permission of Counterflow Cooling Tower Per- 
formance, The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1 957). 
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4 5 6  

Figure 9426F. 80°F wet bulb; 30°F range, counterflow cooling tower performance. Used by permission of Counterflow cooling T o w  Perfor- 
mance, The Pritchard Cow. (now, Black and Veatch Pritchard Corp.) (1957). 
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Figure 91266.80"F wet bulb; 40°F range, counteflow cooling tower performance. Used by permission of Counterflow Cooling Tower Pef- 
formam,  The Pritchard Corp. (now, Black and Veatch Pritchard Corp.) (1 957). 
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Note for use: Locate “cold water-cooling range” point and connect to 
selected wet bulb temperature of air. (Line 1.) Then, through L1/G, 
draw line parallel to locate value of KaV/L1. (Line 2). The graph may be 
used in reverse to examine changing conditions on a given tower. 

Figure 9-127. Calculation of KaV/L’ factor. Used by permission of 
Brooke, M., Reffning €ngineec May (1958) p. c-41; as reproduced 
from Woods and Betts, The Engineer (London), Mar. 17 and 24 (1 950). 

L , Ibs./(Hr.)(sq.ft.) 

Figure 9-128. Comparison of cooling efficiency of several packing 
materials in terms of the coefficient of heat transfer K’a. Used by per- 
mission of Plastics Technical Service, The Dow Chemical Co., Mid- 
land Mich. with data added from Fuller, A. L, et al. Chemical En@- 
neefing hgmss,  V. 53, No. 10 (1 957) p. 501 ; all rights reserved. 

(text continucdfim page 398) 

4. Plot points 
KaV/L’ = 1.87 and 1.24 on Figure 9126C representing 
75°F wet bulb, and 25°F range: 
For approach = 85” - 75°F = 10°F 
L’/G, at intersection of straight line plot = 1.13 
This is L‘/G, required for 75°F wet bulb. 
Enthalpy of exit air, hl = h2 + (L‘/Ga) (tl - t2) 
h2 at 75°F = 38.61 Btu/lb dry air 

- 66.91 Btu/lb dry air 

Recirculation of 3%: 

air, 97% comes fiom fresh air. 

Enthalpy of recirculated air = 66.91 

Average enthalpy of inlet mixture: 

= 0.97 (38.61) + 0.03 (66.91) 
= 39.41 Btu/lb dry air 

hl = 38.61 + 1.13 (110 - 85) 

For 3% of air entering recirculated from the exit 

Enthalpy of fresh air = 38.61 

Refer now to “Moist Air” tables or other data of 
enthalpy vs. temperature: 

At enthalpy = 39.41 Btu/lb dry air, read 

Corresponding wet bulb temperature = 76°F (close) 

New approach for tower design = 85” - 76” = 9” F, 
instead of the previous 10°F. 

Referring back to plot of number of decks on 
KaV/L’ vs. L’/G,, 

Read at intersection of 9°F approach, L‘/Ga = 1.05 

5. Estimated G,, for ground plan area 
The assumed 30 decks on 9-in. spacing give a 

packed height of (30-1) (9/12) = 21.8 ft - 21 ft, 10 
in. By approximate straight line interpolation given 
under “Ground Area Vs. Height”: 

40 ft - 12 ft 2,000 - 1,400, Ga limit values are - - 
40ft - 21.8ft X 

2,000 and 1,400 

x = 390 Ib/hr (ft2 ground area) incremental air rate 
Suggested G, = 1,400 + 390 = 1,790 lb/hr (€t2) 
Then for L’/Ga = 1.05 
L’ = (1,790) (1.05) = 1,880 lb/hr (ft2) 
For 5,000 gpm: 
lb/hr = (5,000) (8.33 lb/gal) (60) 

= 2,500,000 lb/hr 

ft2 ground plan area = 2,500,000 = 1, 330 
1,800 
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6. Cooling tower cells 
Because cells are in modules of 6 ft, try combina- 

tion of 

30 ft x 24 ft = 720 ft’ 
TWO d l s  = 1,440 ft2 
Using this area: 

L‘ = 2’500’ooo = 1,740 lb/hr (ft‘) 
1,440 

G, = 1,740 = 1,638 lb/hr (ft‘) 
1.05 

This is about as close as can be estimated without 
manufacturer’s data. 

7. Pressure drop through packing 

(F) (9 - 130) 

N‘ = 30 
B = 0.34 x 
c = 0.11 x 10-12 
s, = 3.00 

Ga2 = (1,658)‘ = 2,750,000 
L‘ = 1.740 

GE = 4,050 at SF = 3.0 and G, = 1,658 from Figure 9-119 
p~ = 0.07125 Ib/ft3 avg. for tower 

0.0675 + AP’ = 30 (0 .34~ lo-’) (2,750,000) 

2 0.0673 - 30 (0 .11~  1 O - l 2 ) 6 6  (1,740) (4,050) ( 0.0712) 

= 0.265 + 0.154 = 0.419 in. water 

This ie an acceptable value. 

Figure 9-129. 

Assume louvers are along 24-ft dimension 
Total louver face area 

= (24) (2 cells) (2 sides) (6 ft high) = 576 ft2 
ft2 tower ground area = (24) (30) (2) = 1,410 
Air ratme, Ib/hr = (1,638) (1,440) = 2,380,000 

For pressure drop comparisons of some fills, see 

8. Pressure loss through louvers for induced draft tower 

cfm 2,380,000 
= 330,000 

(at inlet) = (60) (0.073 Ib/ft3) 

Sote the average value of PG = 0.07123 could be used here. 

Face velocity through louvers = ~ ‘30’000 - - 920 fpm 
576 

Figure 4129. Comparison of pressure drops of several packing 
materials. Used by permission of Plastics Technical Service. The 
Dow Chemical Co., Midland Mich. with data added from Fuller, A. L., 
et ai. Chemical Engineering Progress, V. 53, No. 10 (1 957) p. 501 ; all 
rights reserved. 

Louver pressure drop approximation from para- 
graph “Pressure Losses” 

0.32 - 0.02 - 1,600 - 400 
X 1,600 - 920 

- 

x = 0.17 in. water 

Pressure loss = 0.32 - 0.17 = 0.15 in. water 

Note that this value is high by 20-40% due to the 
approximation. 

Approximation will give results on high side: 
9. Pressure loss through mist eliminators 

2,000 - 800 
2,000 - 1,638 X 

0.07 - 0.01 - - 

x = 0.0171 in. water 

Pressure loss = 0.07 - 0.02 = 0.05 in. water 

10. Total estimated static pressure loss 

0.42 + 0.15 + 0.05 = 0.62 in. water 

This is an acceptable and reasonable value 



408 Applied Process Design for Chemical and Petrochemical Plants 

1 1. Estimated fan brake horsepower 
Assume gear drive 
Air density at outlet - 0.067 lb/ft3 (close to 95% sat- 
uration at hot water temperature, induced draft fan 
condition). 

2,380,000 (0.62) 115 
BHP = ( 0.067 (60)) (6356) (0.50) 
Thii would be in at least two fans, one per cell. 

BHP/cell= - = 57.5 
2 

Use 60 hp motor each. 

Cooling Tower Based on Ka Data 

The data on cooling water with air are usually present- 
ed in the literature as Ka values. In using this information 
the units should be checked very carefully. 

1. Height of packing 

Z = NL‘/K’a (9-131) 

where K’, enthalpy coefficient of total heat transfer, 
Btu/ (hr) (ft3 tower packing volume) 
(enthalpy difference between air and water) 

2. Number of transfer units 
tl 

dt 
h’ - h 

(9 - 126) 
t 2  

3. K’a Data 
Figure 9-128 presents data for several packings in 
water cooling service. 

Data is given in Figure 9-129 for water-air system. 
4. Pressure Drop 

Per fmnce  of Atmospheric and Natural h f l  Towers 

The evaluation of atmospheric and natural draft towers 
has not been completely presented in the detail compara- 
ble to mechanical draft towers. Some data are available in 
estimating form, but the evaluation of transfer rates is only 
adequate for estimating purposes [4]. The design of such 
towers by the process engineer must be made only after 
due consideration of this, and ample factor of safety 
should be included. Figure 9-130 presents general infor- 
mation on water loss due to wind on the tower. 

1 
Wind Velocity, miles/Hr. 

Flgure 9-130. Atmospheric cooling tower; water loss for various wind 
velocities. Used by permission of Plastics Technical Sewice, The 
Dow Chemical Co., Midland Mich. with data added from Fuller, A. L, 
et al. Chemical Engineering Progress. V. 53, No. 10 (1 957) p. 501 ; all 
tights reserved. 

Nomenclature 

A = Tower cross-section, ftz, or riser area, ft2 
A’ = Constant in cooling tower performance equa- 

tion, Equation 9-129, or in mass transfer = 

L / m G m  
AF - Final column inside net area, ft2, or in.2 

a = Surface area of an orifice, in.2 
a - Effective interfacial area for contacting gas and 

liquid phases, ft2/ft3. Because this is very difi- 
cult to evaluate, it is usually retained as a part 
of the coefficient such as 

a - Area of transfer surface per unit of tower vol- 
ume in water cooling towers, ft2/ft3, or, termed 
contact area 

ci = Relative volatility between components 1 and 2 
A,, = Column (tower) net inside operating area, ftz 

a/$ - Packing factor, F, not equivalent to experimen- 
tal values reported 

a’ = Wetted packing surface, not necessarily same as 
effective interfacial surface area for contact, 

or KLa 

ft2/fts 
at = Total specific packin surface area, ftz/ft3 

B = Rate of blowdown, (cooling tower), gpm; or = 

ACFM - Actual air volume, ft f /min, or = F 

constant in pressure drop equation for cooling 
tower 

BHP = Brake horsepower 
C - Concentration, lb mol/ft3 
C‘ - Constant in pressure drop equation for cooling 

C, - Capacity rating, ft/sec, or m/sec (Norton 

C, - Constant specific to a particular packing, also, 

towers 

Chart) 
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C1 = Constant specific to a particular packing. 
c3 = '7.4 x 10-8 
C4 = 2.7 x lo-' 
Cr = Vapor capacity factor, (vapor velocity) (vapor 

Cllrl = Log mean of the driving force at the top and 

C,, = Correction factor for high gas ratios, see Fig- 

C, = Capacity factor = C factor = C, ft/sec 

density) / (liquid - vapor density) o.5 

bottom of tower 

ure 9-92 

Gc = Efficient capacity, ft/sec, or m/sec (Norton 

CR = Cooling range (cooling tower), "F 
Chart) 

c = Concentration of solution, lb solute/ft3 
solution 

c, CO, CI ,  cp, cg = Correlation constants 
D = Tower diameter, in. or ft  as appropriate 

D 1 = Density of liquid, Ib/ft3 = 1, or = L 
DL = Rate of drift loss (cooling tower), gpm 
DI. = Diffusivity of solute in liquid, ftT/hr; or = Dl 
D, = Gaseous diffusion coefficient, ftL/hr 
Dp = Equident spherical diameter of particle as a 

sphere possessing same surface area as a piece 
of packing, ft 

D'p = Nominal packing size, ft 
D, = Diffusivity of solute i n p s ,  ft2/hr 
D, = Density of vapor, lb/ft - v 
d = Diameter of hole, in.; or orifice diameter, in. 
dj = Individual packing piece inside diameter, in. 
& = Individual packing piece outside diameter, in. 
d, = Equivalent spherical diameter of particle as a 

sphere possessing same surface area as a piece 
of packing, in. 

E = Rate of evaporation (cooling tower), gpm 
E = Overall column efficiency, % 
e = Base of natural logarithms 
F = Packing factor; experimentally determined, ft-l 
F = Actual cfm at fan inlet 
F' = 

not packing factor 
characteristic of packing size and shape, 

FP = Flow parameter, = F-factor, = F 
F, = Packing factor, empirical, dimensionless 

6 Dry-bed packing factor, dimensionless P r 1 = Liquid Froude Number 
Fs = Superficial F-factor, Vs (PJO.~, ft/sec (lb/ft3)o.5 
fa = Fraction of total packing area, at, wetted 
G = Superficial mass gas rate, lb/(sec) (ft2 tower 

cross-section) or lb/hr, lb/sec, or lb/hr-ft2, l b  
mol/ (sec) (ft2), depending on equation units 

G' = Superficial mass gas (vapor) rate, lb/(hr) (f9 
tower cross-section, or lb/hr 

G" = Gas rate, lb/sec 
G, = Air mass velocity, lb dry air/ (hr) (ft2 of plan 

GA = Design lapor flow rate, Ib/hr 
area) 

= Equivalent mass air velociy for pressure drop 
between air and falling water drops, 
(Ib/hr)/ftz of plan area, see Figure 9-119. 

G, = Gas molar mass velocity, lb mol/ (hr) (ft?) 
Gf = Gas loading factor 

Gt, = Gas mass velocity, Ib/(hr) (f?) 
g,, g = Acceleration of gravity, 32.2 ft/(sec) (sec) 

H, HTU = Height of a transfer unit, ft, or = differential 

H' = Henry's Law constant, lb mol (ft3) (atm) , or 

HETP = Height equivalent to a theoretical plate, ft or 

H, = Height of individual gas film transfer unit, ft 
HG = same as Hg 
HI = Height of individual Iiquid film transfer unit, ft 

HL = same as H1 

head at orifice, ft liquid 

other units to suit system 

in. when specified 

Hoc. = Height of transfer unit, based on overall gas 
film coefficients, ft or in. as specified 

HOL = Height of transfer unit, based on overall liquid 
film coefficients, f t  

(HTU)OG = Height of gas phase transfer unit, ft or in. 
h = Enthalpy of the main air stream, Btu/lb 
h = Liquid height over orifice, in. liquid 
h' = Enthalpy of saturated air film at bulk water 

hd = Vapor pressure drop across distributor, in. 

hi = Liquid hold-up, ft3/ft3 packed tower volume 
h, = Operating hold-up for any liquid, ft3/ft3 pack- 

h, = Static hold-up for any liquid, ft3/ft3 packing 

ht = Total hold-up, ft-5 liquid/ft3 packing volume 
hi* = EnthaIpy of air at any temperature higher than 

inlet, Btu/lb dry air; note: hl = exit air 
hz = Enthalpy of inlet air to tower, equivalent to 

enthalpy of saturated air at wet bulb tempera- 
ture, Btu/lb dry air from Moist Air T d h ,  
ASmT Guide 

volume 

temperature, Btu/lb 

liquid 

ing volume 

volume 

how = Operating hold-up for water, fe3/ft" packing 

h, = Static hold-up for water, ft"/ft3 packing volume 
h, = Water hold-up, ft3 liquid/ft3 tower volume 

iL = Enthalpy of air saturated at bulk water temper- 

iG = Enthalpy of air saturated at wet bulb tempera- 
ature, Btu/lb dry air 

ture, Btu/lb dry air 
j = Constant, Table 9-41 
K = Overall enthalpy transfer coefficient, lb/ (hr) 

(ft' transfer area) (lb water/lb dry air; or, mass 
transfer coefficient, lb water/(hr) (ft2) 

Btu/ (hr) (ft3 tower packing volume) (enthalpy 
difference between air and water) 

mol/(hr) (ft2) (atm) 

mol/(hr) (ft3) (am)  
KI, = Overall mass transfer coefficient based on liq- 

uid phase, lb mol/(hr) (ftz) (ib mol/ft3) 
KLa = Overall mass transfer coefficient based on liq- 

uid film controlling, lb mol (hr) (fr3) (lb 
mol/ft3) 

K', = Enthalpy coefficient of total heat transfer, 

= Gas phase mpss transfer coefficient, lb 

= Overall gas mass transfer coefficient, lb 
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k~ - Gas-phase mass transfer coefficient, Ib 
mol/(hr) (ft2) (am) 

mol/(hr) (ft3) (atm) 

mol/ (hr) (ftz) (lb mol/fi?) 

@ = Individual gas mass transfer coefficient, lb 

kL = Liquid phase mass-transfer coefficient, lb 

kLa = Individual li uid mass transfer coefficient, lb 
mol/(hr) (ft 1 ) (lb mol/ft3) 

or, Ib mol/ft l , or liquid rate, lb/sec-ft2, or 

L - Liquid superficial mass rate, lb/(sec) (ftz tower 
cross-section , or lb/sec, depends on equation, 

lb/ hr-ft2 

lb/ (hr) [ft2 tower plan cross-section, when 
specified], or lb/hr 

tem, at which the packing becomes completely 
wetted and tower operation is in the liquid 
continuous range, lb/(hr) (ft2) 

L', L = Liquid (or water rate) superficial mass rate, 

L, - Critical liquid rate for liquid continuous sys- 

Lf - Liquid loading factor 
Lh - Liquid mass velocity, lb/ (hr) (ft2) 
LM Liquid mass rate, lb mol/ (hr) (ft2), or lb 

mol/hr 

ft3/ (hr) (ftz cross-section) 
kin = Minimum liquid wetting rate in packed tower, 

1 = Individual packing piece height (or length), in. 
m = Slope of equilibrium line, mol fraction 
M = Molecular weight of compound 

MM = Mean molecular weight of gas, lb/lb mol 
MWR - Minimum wettin rate, liquid, fi?/(hr) (ftz 

cross-section)/ft B packing surface/ (ft3 tower 
volume) 

= Minimum wetting rate, gpm/ft2, (Eq. 9-14) 
MWRT = Minimum wetting rate, gpm/f?-, constant, 

allowing for vertical height consumed by distri- 
bution/redistribution equipment, see Table 
9-25 

N = Number of transfer units 
N' = Number of deck levels in cooling tower 

NOG = Number of transfer units, based on overall gas 

NOL = Number of transfer units, based on overall liq- 
film coefficients 

uid film coefficients 
(NTU)OG - Number of gas transfer units 

n 0 Moles absorbed or transferred, lb mol/hr; or, 
n - Number of holes in distributor 
n = Constant in cooling tower performance equa- 

P = Average total pressure in tower, atm or 

APpb - Specific pressure drop through dry bed, in. 

PBM - Mean partial pressure of inert gas in the gas 

tion, or constant for Equation 9-125. 

absolute units, or = Pa% 

water/ft packing 

phase, atm 
AI-' = Pressure drop, in. water/ft packed height, or 

in. of liquid; or pressure drop through risers, 
in. liquid. 

AP' - Air pressure loss, in. of water 
APflod - Pressure drop at flood point for all random 

packings, in. of water/ft of packing height 
L\pd = Dry bed pressure drop, in. water/ft packed 

height 
MW - Wet pressure drop, in. liquid/ft packed height 

(Nutter) 

p - Partial pressure of soluble gas, atrn 
= Log mean partial pressure of gas in inlet and 

exit gas streams, atm 
ps = Total static pressure of fh, in. of water 
Q = Liquid volumetric flow rate, gpm 

Qc = Condenser duty, Btu/hr 
0, = Reboiler duty, Btu/hr 

Re, = Reynolds Number for gas/vapor 
S = Tray spacing, in. (or ft when specified) 
S = Length of corrugation side (structured 

packing) 
SF = Vertical free fall of water drops, ft 

T = Absolute temperature, "R = "F + 460 
t - Bulk water temperature, 'F or tL, if specified 
ti = Entering or inlet water temperature, or at bot- 

t2 = Outlet water temperature, or at top of tower, "F 
t'z = Any water temperature lower than inlet water 

temperature and higher than inlet air wet bulb 
temperature, O F  

Scg = Gas phase Schmidt Number 

tom of tower, "F 

tL = Water temperature of bulk water, "F 
u, = Superficial velocity, based on cross-section area 

of empty column, ft/sec 

vapor velocity, ft/sec 

ft/sec 

u-m = Calculated or estimated maximum superficial 

u,, = Maximum vapor velocity for actual packing, 

U, = Effective velocity of gas 
U, = Superficial velocity of gas 
V I =  Superficial velocity of liquid 
V = Tower volume, ft?/ft2 ground plan area; or 

active cooling volume, ft3/@ plan area 
V = Horizontal liquid velocity, ft/sec (in 

distributor) 
v = Vapor rate, fP/sec, or ft/sec 
V' = Vapor flow, lb mol/hr 
VL = Liquid rate, gpm 
Vg = Superficial gas velocity, ft/sec 

VA, VB = Molecular volume of gases, obtained by Kopp's 
Law of additive volumes, cc/gm mole at nor- 
mal boiling point, see Table 944. 

V, = Reboiler vapor rate, lb/hr 
V, = Superficial vapor velocity, ft/sec (or across 

tower cross-section) 

gpm/ftz 
VSL = Liquid velocity based on superficial tower area, 

V, = Vapor rate, ftS/sec 
X = Flow parameter (Norton Co.) = F = FP 
X = Concentration of solute in liquid, lb mol 

solute/lb mol solute free solvent (or stream) 
X* = Concentration of solute in liquid, in equilibri- 

um with the gas, Ib mol solute/lb mol solvent 
x = Concentration of solute in liquid, mole frac- 

tion, or mol fraction of more volatile compm 
nent in liquid phase 

XI, X2 - Curve fit coefficients for Cp, Table 9-32 
X3, % 31 Curve fit coefficients for C3, Table 9-32 

x* = Concentration of solute in liquid in equilibri- 
um with gas, mol fraction 

solute/lb mol solute free (solvent) (stream) 
Y = Concentration of solute in gas, lb mol 

Y - Capacity parameter (Norton) 
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V = Concentration of solute in gas in equilibrium 
with liquid, lb mol solute/lb mol solute free 
(solvent, stream) 

y = Mole fraction of solute in gas, or mol fraction 
of more volatile component in vapor phase 

y* = Mole fraction gas phase composition in equi- 
librium with a liquid composition, x 

Z = Height of packed section in tower, ft 

Subscripts 

A,B = Refer to different items, gases, etc. 
a =Air 
f = Flooding condition, or flood 

C = Gas or vapor, v or \’ 
L = Liquid, or 1 

V = Vapor, or v 
w =Water 
1 = Refers to inlet, or condition one (1) 
2 = Refers to outlet, or condition 2 

OC = Overall gas phase 

Greek Symbols 

ct = Relative volatility 
all) = Average relative volatility, light to heaty compo- 

nent 

components 
a = Constant, or relative volatility between two 

fi = Constant 
v = Constant 
A = Ratio of two slopes (equilibrium and operating 

lines) 
x = Total absolute pressure, or 3.141, as appropri- 

ate for calculation 
AM or Amid& = Driving force at middle position on gas or liq- 

uid basis. 
Am or Amean = Mean driving force on gas or liquid basis 

E = Void fraction of packing under operating con- 
ditions; = void fraction of dry packing minus 
the total hold-up (not the free volume of dry 
packing) 

p = Viscosity of liquid, centipoise 
p‘ = Absolute viscosity, lb/sec/ft 
pa = Viscosity, Ib/(hr) (ft) 

or PL = Viscosity of liquid, lb/(hr) (ft) 
p~~ = Gas viscosity, lb/(hr) (ft) 

Y = Kinematic viscosity, liquid; centistokes 
p = Density, lb/ft3 

p’ = Liquid density, g/cc 
p~ = Liquid density, lb/ft3 
p ~ ,  = Gas density, lb/ft3 
cs = Surface tension, dynes/cm 
2:, = Ratio of density of water to density of new liq- 

uid (dimensionless); or parameter for a pack- 
ing from Figures 9-21D, 9-93, and 9-94. 

= = Proportional to 
e = Angle of flow channel from horizontal 
I$ = For Equation 9-24, and Table 941, or Figure 

9-90 or 9-91. 

References 

1. “Acceptance Test Procedure for WaterCooling Towers, 
ATP-105,” Cooling Tower Institute, Palo Alto, Calif. 

2. Air Conditioning Refipat ing Data Book, 10th Ed. (1958), 
American Society of Heating, Refrigerating and Air-Condi- 
tioning Engineers, Inc., 234 Fifth Ave., New York 1, N.Y. 

3. Baker, T., C. H. Chilton, and H. C. Vernon. “The Course of 
Liquor Flow Packed Towers,” Tram. Amm Inst. C h a .  Engrs. 
31,296 (1935). 

4. Bulletin, “Fluor Aerator Cooling Towers,” The Fluor Corp. 
Ltd., Los Angeles, Calif. (1944). 

3. Bulletin TP-54, Tower Packings, U.S. Stoneware Co., Akron, 
Ohio. 

6. Bulletin $29, Intalox Saddle Packing, The United States 
Stoneware Co., Akron, Ohio. 

7. Campbell, J. M. and R L. Huntington, “Heat Transfer and 
Pressure Drop in Fixed Beds of Spherical and Cylindrical 
Solids,” Pet. Ref, 30, 12, 127 (1951). 

8. Chilton, C. H., ”Drift or Mist Eliminator LOSS,” Tmns. Inst. 
Chern. Engrs. 30,235 (London) (1952). 

9. Chilton, T. H. and A. P. Colburn, Part 11, “Pressure Drop in 
Packed hbes,”  Trans. A.1.Ch.E. 26, 178 (1931). 

10. Colburn, A. P., “The Simplified Calculation of Diffusional 
Processes, General Considerations of Two Film Resistance,” 
Tram. A.I.Ch.E. 35, 211 (1939). 

11. Colburn, A. P., “Simplified Calculation of Diffusional 
Processes,” Ind. En6 Chem. 33,459 (1941). 

12. Cornell, Knapp, and Fair, Chem. En@ Prop 56 (’7) (1960) p. 
68. 

13. Cornell, et al., ChemEngx h g x ,  (58) (8) 1960, p. 68. 
14. Fair, J., C i a a  Engrhg. ,  76, (15) uuly 1969). 
15. Cooling Tower Performance, Bulletin CT-43-2, Foster 

Wheeler Corp., New York, N.Y. 
16. “Cooling Tower Wood Maintenance, TSG302,” Cooling 

Tower Institute, Palo Alto, Calif. 
1’7. Cooper, C.  M., R J. Christl and L. C. Perry, “Packed Tower 

Performance at High Liquor Rates,” Tram. A m  Inst. Chem. 
En@ 37,979 (1941). 

18. Coulson, J. M. and J. F. Richardson, Chemical Engimm’ng, 
Vol. 11, 719 (1955), McGraw-Hill Book Co., KewYork, N.Y. 

19. “Counterflow Cooling Tower Performance,” J. F. Pritchard 
and Co. of California, Kansas City, Mo. (1957). 

20. Czermann, J. J., S. L. Gyokhegyi, and J. J. Hay, “Design 
Packed Towers Graphically,” Pet. &j 37, No. 4, 165, (1958). 

21. Dwyer, 0. E., and B. F. Dodge, “Rate of Absorption of 
Ammonia by Water in a Packed Tower,” Ind. Eng. Chem. 36, 
485 (1941). 

22. Eckert, J., U.S. Stonemre Go., private communication. 
23.Eckert, J. S., E. H. Foote and R L. Huntington, “Pall- 

Rings-Ymv Tjpe of Tower Packing,” Chem. Engx hp, 
34, No. 1,70 (1958). 

24. Eckert, R G., and Walter, Hjdrocudon Processing, 43 (2) 
(1964) p. 107. 

23. Ellis, Chem. En@ News, 31 (44) (1953) p. 4613. 
26. Elgin, J. C. and F. B. Weiss, “Liquid Hold-up and Flooding in 

27. Fellinger, L., Sc. D. Thesis, Mass. Inst. Technol. (1941). 
28. Furnas, C. C. and F. Bellinger, “Operating Characteristics of 

Packed Columns,” Tram. A.I. Ch.E 34, 251 (1938). 
29. Gambill, W. R., “How To Estimate Mass Transfer Factors,” 

Chem. Eng., Dec. p. 207 (1955). 

Packed Towers,” Ind. Eng. Chem. 31, 435 (1939). 



41 2 Applied Process Design for Chemical and Petrochemical Plants 

30. Goitein, E. E., “Selection and Application of Cooling Tow- 
ers,’’ Combustion, Nov., p. 38 (1957). 

31. “Grades of Redwood Lumber, Std.-101,” Cooling Tower 
Institute, Palo Alto, Calif. 

32. Griswold, J., D. Andres and V. A. Klein, “Determination of 
High Pressure Vapor-Liquid Equilibria. The Vapor-Liquid 
Equilibrium of Benzene-Toluene,” Trans. A m  Inst. Chem. 
Engrs. 39,223 (1943). 

33. Hands, C. H. G. and F. R. Whitt, “Design of Packed Distilla- 
tion Columns 11, Operating Vapor Rates for Packed Distilla- 
tion Columns,”J. AHl. Chem., Jan. 1, p. 19 (1951). 

34. Hands, C. H. G. and F. R. Whitt, “Design of Packed Distilla- 
tion Columns IV. An Empirical Method For the Estimation 
of Column Height Using the H.E.T.P. Concept,” J. ApPl. 
Chem., Mar. 1, p. 135 (1951). 

33. International Critical Tables, Ed. W. Washburn, Editor, Vol. V, 
p. 213, National Research Council, McGraw-Hill Book Co., 
New York, N.Y. 

36. Jesser, B. W. and J. C. Elgin, “Studies of Liquid Hold-up in 
Packed Towers,” Trans. Amm Inst. Chem. Engx, 39, No. 3 277 
(1943). 

37. Johnstone, H. F. and A. D. Singh, “Recovery of Sulfur Diox- 
ide from Waste Gases,” Ind. Eng. Chem., 29, 286 (1937). 

38. Kelly, N. W. and L. K. Swenson, “Comparative Performance 
of Cooling Tower Packing Arrangement,” Chem. Eng. h g . ,  
52, p. 265 (1956). 

39. Kern, D., Q., ProcessHeat Transjiq 1st Ed., McGraw-Hill Book 
Go., Inc., NewYork, N.Y. (1950) p. 600. 

40. Leva, M., “Tower Packings and Packed Tower Design,” 2nd 
Ed. US. Stoneware Co., Akron, Ohio (1953). 

41. Leva, M., Chemical Engineering Progress Sym. Series No. 10, 30, 
151 (1954). 

42. Leva, M., “Gas Absorption in Beds of Rings and Saddles,” 
A.I.Ch.E. Jour, No 2, p. 224 (1935). 

43. Leva, M., “Flow Through Packings and Beds,” Chem. Eng. 64, 
261 (1937). 

44. Leva, M., J. M. Lucas and H. H. Frahme, “Effect of Packing 
Supports on Mechanical Operation of Packed Towers,” Ind. 
Eng. Chem. 46, No. 6, 1225 (1954). 

45. Lerner, B. J., and C. S. Grove, Jr,, “Critical Conditions of 
TwePhase Flow in Packed Columns,” Ind. Eng. C h .  43, 1, 
p. 216 (1931). 

46. Lichtenstein, S., “Performance and Selection of Mechanical 
Draft Cooling Towers,” Trans. Amm SOC. Mech. Engrs., Oct. p. 
779 (1943). 

47. Lobo, W. E., L. Friend, F. Hashmall and F. Zenz, “Limiting 
Capacity of Dumped Tower Packings,” Trans. A m  Inst. 
Chem. Engrs. 41, 693 (1945). 

48. Mass Transfer, Inc., “Absorption, Distillation Optimization,” 
(1978) p. 14. 

49. Menta and Parekh, M. S. Thesis Chemical Engineering, 
Mass. Inst. Technology, Cambridge, Mass. (1939). 

50. Molstad, M. C., R G. Abbey, A. R. Thompson, and J. F. Mc 
Kinney, “Performance of Drippoint Grid Tower Packings,” 
Trans. A.I.Ch.E. 38, 387 (1942). 

51. Molstad, M. C., J. F. McKinney and R. G. Abbey, “Perfor- 
mance of Drippoint Grid Tower Packings,” Trans. Amm Inst. 
of Chem. Engx Vol. 39, No. 5, 605 (1943). 

52. Morns, R. and J. Jackson, Absoiption Towers, Butterworth Sci- 
entific Publications (1953), London, England. 

53. Murch, D. P., “Height of Equivalent Theoretical Plate in 
Packed Fractional Columns.” Ind. Eng. Chem., 45, 2616 
(1953). 

54. Norton Company, “Design Information for Packed Towers,” 
Bulletin D G l 1  (1977). 

55. Otake, T. and R Okada, “Liquid Hold-up in Packed Towers, 
Operating and Holdup Without Gas Flow,” SOC. Chem. Engrs. 
(Japan) 17, No. 7,176 (1933). 

56. Oldershaw, C. F., L. Simenson, T. Brown and F. Radcliffe, 
“Absorption and Purification of Hydrogen Chloride from 
Chlorination of Hydrocarbons,” C h .  Eng. hg. Trans. Sec- 
tion, 43, No. 7, 371 (1947). 

57. Planovski, Khimicheskay, Prom., 45, No. 3, p. 1620. 
58. Robinson, C. S. and E. R. Gilliland, Elements ofFractiona1 Dis- 

tillation, 4th Ed. (1950) McGraw-Hill Book co., Inc., New 
York, N.Y. 

59. Sakiadis, B. C. and A. I. Johnson, “Generalized Correlation 
of Flooding Rates,” Ind. Eng. Chem., 46, 1229 (1954). 

60. Sarchet, B. R., “Flooding in Packed Towers,” Trans. 
A.I.Ch.E., 38, No. 2, 293 (1942). 

61. Sherwood, T. K and F. A. L. Holloway, “Performance of 
Packed Towers-Experimental Studies of Absorption and 
Desorption,” Trans. A m  Inst. Chem. Eng., 36,21 (1940). 

62. Sherwood, T. K. and F. A. L. Hollaway, “Performance of 
Packed Towers, Liquid Flow Data For Several Packings,” 
Trans. Amm Inst. Chem. Engrs., 36, 39 (1940). 

63. Sherwood, T. R and R. L. Pigford, Absorption and Extraction, 
2nd Ed. (1952) McGraw-Hill Book Co., Inc., New York, N.Y. 
p. 161. 

64. Shulman, H. L., C. F. Ullrich and N.’Wells, “Performance of 
Packed Columns, Total, Static and Operating Holdups,” 
A m  Inst. Chem. Engx JOUK 1, No. 2,247 (1955). 

65. Shulman, H. L., C. F. Ullrich, A. Z. Proulx and J. 0. Zim- 
merman, “Wetted and Effective Interfacial Areas, Gas- and 
Liquid-phase Mass Transfer Rates,” A.I.Ch.E. Jour 1, No. 2, 
253 (1955). 

66. Shulman, H. L., C. F. Ullrich, N. Wells and A. Z. Proulx, 
“Holdup for Aqueous and Nonaqueous Systems,” A.I. Ch.E. 

67. Shulman, H. L. and J. E. Margolis, “Performance of Packed 
Columns,” A.I.Ch.E. Joux, Vol. 3, 157 (1957). 

68. Silvey and Keller, Proc. Intern. Symp. Dist. (Brighton, U.K.) 
(1970). 

69. Spector, N. A, and B. F. Dodge, “Removal of Carbon Diox- 
ide from Atmospheric Air,” Trans. A m  Inst. Chem. Engrs. 42, 
827 (1946). 

70. ”Structural Design Data, Std-102,” Cooling Tower Institute, 
Palo Alto, California. 

71. Teller, A. J., “Packing Performance Below and Above Flood- 
ing,” preprint copy prior to presentation at A.1.Ch.E. meet- 
ing 1933. 

72. Tepe, J. B. and B. F. Dodge, “Absorption of Carbon Dioxide 
Sodium Hydroxide Solutions in a Packed Column,” Trans. 
A m  Inst. C h .  E n p .  39,255 (1943). 

73. Tillson, Thesis, Mass. Inst. Technology, Cambridge, Mass. 
(1939). 

74. Treyball, R. E. Mass Transfer Operations, McGraw-Hill Book 
Co., New York, N.Y. (1935). 

75. Van Nuys, C. C., “Enthalpy and Heats of Dilution of the Sys- 
tem HCI-H20,” Trans. A m  Inst. C h .  Engrs. 39, 663 
(1943). 

76. Vivian, J. E. and R. P. Whitney, “Absorption of Chlorine in 
Water,” Chem. Eng. Prog., Trans. Sect., 43,691 (1947). 

77. Chin-Yung Wen, “Ammonia Absorption in Beds of Saddles,” 
Thesis, West Virginia University (1953). 

78. Whitesell, Jack, “How To Evaluate Variable in Counterflow 
Cooling Towers,” Chem. Eng. 62, Jan., p. 187 (1955). 

JOUX Vol. 1 NO. 2,-259 (1955). 



Packed Towers 41 3 

79. Whimey, R. P. and J. E. Vivian, “Absorption of Sulfur Diox- 
ide in Water,” Chem. Eng. h g .  45, 323 (1949). 

80. Whitt, F. R., “A Correlation For Absorption Column Pack- 
rings,” British Chem. Eng., July, p. 395 (1959). 

81. Zenz, F. A., “What Every Engineer Should Know About 
Packed Tower Operations, Chem. Eng., August, p. 176 
(1953). 

82. Strigle, R F. Jr., R a n h  PaGkings and Packed Towers, Gulf 
Publishing Co. Houston, Texas (1987). 

83. Korton Chemical Process Products, “Intalox@ High Perfor- 
mance Separation Systems,” Bulletin IHP-1, Norton Chemi- 
cal Process Products Corporation (1987). 

84. Kunesh, J. G., L. L., Lahm, and T., Yanagi, “Liquid Distribu- 
tion Studies in Packed Beds,” Ind. Eng. Chem. Res. 26 (1987) 
p. 1845. Presented at A.1.Ch.E. meeting, Chicago, Nov. 
(1983). 

85. Perry, D., D. E. Nutter, andA. Hale, “Liquid Distribution for 
Optimum Packing Performance,’’ Chem. Eng. Prog., Jan. 
(1990) p. 30. 

86. Hoek, P. J., and F. J. Zuiderweg, C h .  Eng. Res. Des., V. 64 
(1986) 431. 

87. Moore, F. D., “Distributor Design and the Effects on Tower 
Performance,” Norton Chemical Process Products Corp. 
(1984). 

88. Nutter, D. E., “Nutter RingsT”, A Random Packed Devel- 
oped for Consistent Performance,’’ Inst. of Chem. Engn. Sym. 
Series No. 104, (1987), p. A 129, Brighton, U.K; also pre- 
sented zt A.1.Ch.E. Annual meeting, Miami Beach, Fla. Nov. 
(1986). 

89. Perry, R H., and D. Green, Perry’s Chemical Engineers Hand- 
book, 6th Ed. McGraw-Hill, Inc., NewYork, N.Y. (1984). 

90. Kister, H. Z., DLtillQtionDesign, McGraw-Hill, Inc., NewYork, 
N.Y. (1992). 

91. Kister, 1% Z., DistiZZution Operation, McGraw-Hill, Inc. New 
York, N.Y. (1 990), 

92. Schmidt, R. I. C h m .  E. Sym. Fund., V. 6 (1967) p. 400. 
93. Kister, H. Z. and D. R. Gill, “Predict Flood Point and Pres- 

sure Drop for Modern Random Packings,” Chm.  Eng. Bog., 
1:. 87, No. 2 (1991) p. 32. 

94. Strigle, R F., and F. Rukovena, “Packed Distillation Column 
Design,” Chem. E n .  Bog., V. 75 March (1979) p. 86. 

95. Zenz, F. A, C h .  Eng, Aug. (1953) p. 176. 
96. Robbins, L. A, “Improve Pressure Drop Prediction with a 

New Correlation,” Cham. Eng. h g . ,  May (1991)g  87. 
97. Nutter Engineering, Harsco Corp. “Nutter Ring Random 

Packing,” Bulletin NR-2, and private communication. 
98. Nutter, D. E., primte communication. 
99. Nutter, D. E., and D. Perry, “Packing Capacity/Pressure 

Drop Models,” presented A.I.Ch.E., New Orleans, La. 
(1988). 

100. “Koch Sulzer Rectification Columns,” Bulletin -1, Koch 
Engineering Co., Inc., Wichita, Kansas. 

101. “Koch Flexipac@ Structured Packing,” Bulletin KFP-4, Koch 
Engineering Co., Inc. 

102. “Intalox* High Performance Structured Packing,” Bulletin 
ISIR Norton Chemical Process Products Corporation. 

103. Martin, C. L., J. L. Bravo, and J. R. Fair, “Performance of 
Structured Packing in Distillation Service-Experimental 
and Modeling Results,” presented at New Orleans, LA, 
A.1.Ch.E. Meeting,Mar. 7 (1988). 

104. “A Family of Gempak@ Packings for High Efficiency Frac- 
tionation,” Bulletin 5140 (1993), Glitsch, Inc. 

10.5. “Nutter Snap GridT“” Bulletin SG1, Nutter Engineering 
CO., HdrSCO COT. 

106. “Koch Flexigrid Structural Packing,” Bulletin KFG2, Koch 

107. “Glitsch-Grid,” Bulletin 217-5, 9-72, Glitsch, Inc. 
108. Fair, J. R., and J. L. Bravo, “Distillation Columns Containing 

Structured Packing,” Chem. Eng. Prog., Jan. (1990) p. 19. 
109. Billet, R, “Packed Column Analysis and Design,” Glitsch, 

Inc. Dallas, Texas (1986), confidential in-house report, not 
available to this author. 

110. Rukovena, E, “Effect of Pressure on Structured Packing Per- 
formance,” presented at A.1.Ch.E. meeting, Houston, Texas. 

111. Bravo, J. L., J. A Rocha, and J. R. Fair, Hydro. Processing, V. 
65, Jan. (1986) p. 45. 

112. Stihlman, J., J. L. Bravo, and J. R. Fair, Gas Sqbamtim Pun$- 
cation, V. 3 (1989) p, 19. 

113. Bravo, J. L., J. A. Rocha, and J. R. Fair, Hjdro. Processing, V. 
64, Jan. (1985) p. 91. 

114. Hatfield, J. A, “High Efficiency Tower Packings and 
Responsive Control Schemes,” C h .  Processing, Sept. (1988) 
p. 130. 

11 3. Bravo, J. L., J. X Rocha, and J. R Fair, “Pressure Drop in Struc- 
tured Packing,” Hydro. FroCRFsing, V. 65, Mar. (1986) p. 45. 

116. Shah, G. C., “Effectively Troubleshoot Sfructural Packing Dis 
tillation Systems,” Chem. Eng. h g ,  V. 87, Apr. (1991) p. 49. 

117. Dean, J. A., H. M. Turner, and B. C. Price, “How Packing 
Works in Dehydration,” Hydro. Processing, V. 70, No. 4 (1991) 

118. Hausch, G. W., P. K. Quotson, and K D. Seeger, “Structured 
Packing at High Pressure,” Hydro. Processing, V. 71, No. 4 
(1992) p. 67. 

119. “Packings Growing Role in Distillation,” Chm.  W&, June 13 
(1984) p. 18. 

120. Hufton, J. R, J. L. Bravo, and J. R Fair, ”Scale-up of Labe 
ratory Data for Distillation Columns Containing Corrugat- 
ed Metal-type Structured Packing,” Ind. and Eng. Chm.  Res., 
American Chem. SOC., V. 27, No. 11 (1988) p. 2096. 

121. Eckert, L. S., “A New Look at Distillation Tower Packings 
Comparative Performance,’’ Chem. Eng. f i g . ,  V. 59, No. 3 
(1963) p. 76. 

122. Eckert, J. S., “No Mystery in Packed-Bed Design,” Oil and 
GasJ., Aug. 24 (1970). 

123. Billet, R, “Gauze-Packed Columns for Vacuum Distillation,” 
C k  E%., V. 79, No. 4 (1972) p. 68. 

124. Hsu, Shih-liang, ”Packing Pressure Drop Estimated,” Hydro. 
B-~cessing, V. 64, No. 7 (1985) p. 89. 

125. Eckert, J. S., “Design Techniques for Sizing Packed Towers,” 
Chem. Eng. Prog., V. 57, No. 9 (1961) p. 54. 

126. Kunesh, J. G., “Practical Tips on Tower Packing,” Chem. Eng. 
V. 94, No. 18 (1987) p. 101. 

127. Koshy, T. D. and F. Rukovena, “Reflux and Surface Tension 
Effects on Distillation,” Hydro. Processing, 11. 65, No. 5 (1986) 
p. 64. 

128. Stadig, W. P., “Troubleshooting and Revamping Distillation 
Columns,” Chena procesSing, Feb. (1989). 

129. Bolles, W. L., and Fair, J. R., “Improved Mass-Transfer Model 
Enhances Packed-Column Design,” Cham. Eng. V. 89, No. 14 
(1982) p. 109. 

130. Ward, H. C. and J. T. Sommerfield, “New Flooding Equa- 
tion,” Hydro. Processing, V. 61, Oct. (1982) p. 99. 

131. Bonilla, J. A, “Don’t Neglect Liquid Distributors,” Chem. 
Eng. Prog., V. 89, No. 3 (1993) p. 47. 

132. Nutter, D. E., F. C. Silvey, and B. K. Stober, “Random Pack- 
ing Performance in Light Ends Distillation,” Inst. of Chem. 
E n p .  (England), publication date not given. 

Engineering Co. Inc. 

p. 47. 



414 Applied Process Design for Chemical and Petrochemical Plants 

133. Chen, G. K, “Packed Column Internals,” Chem. Eng., Mar. 5 
(1984) p. 40. 

134. Harrison, M. E., “Consider Three-phase Distillation in Packed 
Columns,” C h .  Eng. Prog., V. 86, No. 11 (1990) p. 80. 

135. Bravo, J. L., “Effectively Fight Fouling of Packing,” Chem. 
Eng. Prog., V. 89, No. 4 (1993) p. 72. 

136. Kister, H. Z., K F. Larson and T. Yanagi, “How Do Trays and 
Packings Stack Up?” C h .  Eng. Prog., V. 90, No. 2 (1994) p. 
23. 

137. Kister, H. Z., K. F. Larson, and T. Yanagi, “Capacity and Effi- 
ciency: How Trays and Packings Compare,” A.1.Ch.E. Spring 
meeting, Mar. (1993). 

138. Capps, R W., “Consider the Ultimate Capacity of Fractiona- 
tion Trays,” Chem. Eng. Prog., V. 89, No. 3 (1993) p. 37. 

139. Strigle, R F., Jr., Packed TowerDesign and Aplblicatim: Random 
and Strmctured Packings, 2nd Ed. Gulf Pub. Co., Houston, 
Texas (1994). 

140. Kaiser, V., “Correlate the Flooding of Packed Columns a 
New Way,” Chem. Eng. Prog., V. 90, No. 6 (1994) p. 55. 

141. Nutter Engineering Go., Harsco Corp., Bulletin El, “High 
Efficiency Structured Packings.” 

142. Vital, T. J., et al. Hydro Processing, V. 63, No. 12 (1984) p. 95. 
143. Porter, K E. and J. D. Jenkins, Institution of Chemical Engi- 

neers Symposium Serier No. 56;V. 3 (1979) p. 73. 
144. Hensley, J. C. (ed.), Cooling Tower Fundammtals, 2nd Ed., 

The Marley Cooling Tower Co., a United Dominion Co., 
Kansas City, MO (1983). 

145. Khodaparast, JL A, “Predict the Number of Transfer Units for 
Cooling Towers,” C h .  Eng. Frog., V. 88, No. 4 (1992) p. 67. 

146. Counter-jbw Cooling Tauer Perfmance, J. F. Pritchard Co. of 
California (Pritchard Corp. is a Black and Veatch Co.) (1957). 

147. Perry, R. H., and C. H. Chilton, Chemical Engineers Handbook, 
5th, Ed., McGraw-Hill Book Co., Inc., New York, N.Y. (1973). 

148. Bepr, A. H., “Choose the Right Cooling Tower Fill,” Chem. 
Eng. Prog., V. 89, No. 7 (1993), p. 42. 

149. Brooke, M., “Tables Speed Cooling Tower Calculations,” 
Rejn ingEnp,  V. 29, No. 12 (1957) p. C-23. 

150. Cheremisinoff, N. P. and P. N. Cheremisinoff, Cooling T m  
m, Selection, Design and Practice, Ann Arbor Science Publish- 
ers, Inc. (1981). 

151. Rukovena, F. and T. D. Koshy, “Packed Distillation Tower 
Hydraulic Design Method and Mechanical Considerations,” 
Ind. and Eng. Chem. Res., Vol. 32, No. 10 (1993) p. 2400 
(Used by permission, The American Chemical Society. All 
rights reserved.) 

152. Rukovena, F., private communication. 
153. Fitz, C. W., A. Shariat, and L. Spiegel, “Performance of 

Structured Packing at High Pressure,” presented at AIChE 
Spring National Meeting, Houston, Texas, March (1995). 

154. “Report of Tests of No. 2.5 Nutter Ringm at Reduced Load- 
ings, released to Nutter Engineering” per Fractionation 
Research, Inc. Note, author and date not given. 

155. Zuiderweg, F. J. and D. E. Nutter, “On the Evidence of 
Vapor Backmixing in Packed Columns in the Case of High 
Pressure Distillation,” copyright by Institution of Chemical 
Engineers. Note: undated and publication not given. 

156. Nutter, D. E., F. C. Silvey, and B. K Stober, “Random Pack- 
ing Performance in Light Ends Distillation,” copyright by 
Institution of Chemical Engineers, undated, and publica- 
tion not given. 

157. Kunesh, John G. and A. Shariat, “Packing Efficiency Testing 
on a Commercial Scale with Good Reflux Distribution,” 
Fractionation Research, Inc., presented at AIChE Spring 
National Meeting, Houston, Texas, March (1993). 

Bibliography 

Baker, W. J., “Direct Digital Control of Batch Processes Pays Off,” 
C h .  Eng. Dec. 15, (1969) p. 121. 

Bannon, R P. and S. Marple, Jr., “Heat Recovery in Hydrocarbon 
Distillation,” Chem. Eng. Prop  74, 7, p. 41 (1978). 

Biddulph, M. W. “Tray Efficiency is not Constant,” Hydrocarbon 
Processing, Oct., (1977) p. 145. 

Billet, R. “Cost Optimization of Towers” Chem. Eng. Prop, 66, 1, 
(1970) p. 41. 

Billet, R. “Development and Progress in the Design and Perfor- 
mance of Valve Trays,” British C h .  Eng., Apr. (1969). 

Bolles, W. L., “Distillation, The Solution of a Foam Problem,” 
Chem. Eng. Prop  63,9, (1967) p. 48. 

Bowman, J. D., “Troubleshoot Packed Towers with Radiois- 
topes,” Chem. Eng. Prog. V. 89, No. 9 (1993) p. 34. 

Bras, G. H. P., “Simpllfy Gas Cooling Tower Design,” Petroleum 
h j n q  March 91956) p. 191. 

Broughton, D. B. and K D. Uitti, “Estimate Tower For Naphtha 
Cuts,” Hydrocarbon Processing, Oct., 109, (1971). 

Buckley, P. S., R. K Cox and W. L. Luyben, “How to Use a Small 
Calculator In Distillation Column Design,” Chem. Eng. Prop  
74,6, (1978) p. 49. 

Chow, A., A. M. Fayon, and Bili Bauman, “Simulations Provide 
Blueprint For Distillation Operation,” Chem. Eng. June 7 
(1976) p. 1731. 

Coker, k K, “Understand the Basics of Packed-Column Design,” 
Chem. Eng. hog .  Nov. (1991) p. 93. 

Copigneaux, P., “Flooding in Packed Towers,” Hydro. Processing, 
Feb. (1981) p. 99. 

“Distillation Tray Features Low AP, High Efficiency,” Chem. E n p  
Jan. 20 (1975). 

Douglas, J. M. “Ruleaf-Thumb For Minimum Trays,” Hydrocarbon 
Processing Nov., (1977) p. 291. 

Eckhart, R. A. and A. Rose, “New Method For Distillation Pre- 
diction,” Hydrocar6on Processing, May, (1968) p. 165. 

Eckert, J. S. and L. F. Walter, “Controlling Packed-Column Stills,” 
Chem. Eng., Mar. 30 (1964) p. 79. 

Economopoulos, A. P., “A Fast Computer Method For Distilla- 
tion Calculations,” Chem. Eng., Apr. 24 (1978). 

Edmister, W. C., “Applied Hydrocarbon Thermodynamics, Part 
49” Hydrocarbon Processing, May, 169, (1973). 

Edmister, W. C., ibid, “Part 46,” Dec. 93 (1972). 
Eichel, F. G., “Capacity of Packed Columns in Vacuum Distilla- 

tion,” Chem. Eng. Sept. 12 (1966) p. 197. 
Ellerbe, R. M7., “Batch Distillation Basics,” Chem. Eng. May 28, 

(1973) p. 110. 
Ellerbe, R. W. “Steam-Distillation Basics,” Chem. Eng., Mar. 4, 

(1974) p. 105. 
Fair, J. R. and W. L. Bolles, “Modern Design of Distillation 

Columns,” Chem. Eng. Apr. 22, (1968) p. 178. 
Frank, J. C., G. R. Geyer and H. Kehde, “Styrene-Ethyl-benzene 

Separation with Sieve Trays,” C h .  Eng. Prop  65, 2, (1969) 

Frank, O., “Shortcuts For Distillation Design,” Chem. Eng. Mar. 
14, (1977) p. 111. 

Gallun, S. E. and C. D. Holland, “Solve More Distillation Prob 
lems, Part 5” Hydrocarbon Processing, Jan., 137, (1976). 

Garrett, G. R, R. H. Anderson and M. Van Winkle, “Calculation 
of Sieve and Valve Tray Efficiencies in Column Scale-up,” 
Ind. Eng. Chem., ProcessDes. Dm. 16, 1, (1977) p. 79. 

Garvin, R. G. and E. R .Norton, “Sieve Tray Performance Under G 
S Process Conditions,” Chem. Eng. Pro@, 64,3, (1968) p. 99. 

p. 79. 



Packed Towers 41 5 

Geyer, G. R. and P. E. Kline, “Energy Conservation Schemes For 
Distillation Process,” C h .  Eng. h g z ,  72,5, (1976) p. 49. 

Graf, ”Correlations €or Design and Evaluation of Packed Wxuum 
Towers,” Oil and Gas Jow May (1985). 

Guerreri, G., Bruno Pen, and F. Seneci, “Comparing Distillation 
Designs,” Hydroca7bon Processing, Dec. (1972), p. 78. 

Haman, S. E. M. et al, “Generalized Temperature-Dependent 
Parameters of the Redlich-Kwong of State for Vapor-Liquid 
Equilibrillm Calculations,* Ind. Eng. C h m  Process Des. Deu. 
16, 1, (1977) p. 51. 

Hanna, T., “Graphical Method, Find Mass Transfer Units,” C h .  
Eng. April 6 (19B9), p. 127. 

Hanson, D. h’. and J, Nervman, “Calculation of Distillation 
Columns at the Optimum Feed Plate Location,” Ind. Erg. 
C h m .  Process Des. Deu. 16, 1, (1977) p. 223. 

Ilattiangadi, U.S., “How to Interpret a Negative of Minimum 
Reflux Ratio,” Chem. En&, May 18 (1970) p. 178. 

Helling, R. K, and M. A. DesJardin: “Get the Best Performance 
from Structured Packing,” Chem. Eng. Progress, V. 90, No. 10, 
(1994) p. 62. 

Hess, F. E. et. al., “Solve More Distillation Problems,” Hydroca&on 
Processing, June, (1977) p. 183 May, (1977) p. 243. 

Holland, C. D., G. P. Pendon, and S. E. Gallun, “Solve More Dis- 
tillation Problems,” Hydrocar6on Processa’ng, June, 101 (1975). 

Holland, C. D and G. P, Pendon: ”Solve More Distillation Prob 
lems,” Hjdmcarbon Processing, July, (1974) p. 148. 

Huckabay, H. K. and R L. Garrison, ”Packed Tower Transfer 
Rate by Graphs,” Hydro. Processing, June (1969), pg. 133. 

Kaiser, V., “Correlate the Flooding of Packed Columns a New 
Way,” C h .  Eng. hgwss ,  V. 90, KO. 6 (1994), p. 55. 

Kemp, D. W., and I). G. Ellis, “Computer Control of Fractiona- 
tion Plants,” Chem. En& Dec. 5 ,  115, (1975). 

Kern, R “Layout Arrangements For Distillation Columns,” Cbm 
E%., -4ug. 15, (1977) p. 153. 

Kister, H. Z. aid I. D. Doig. “Entrainment Flooding Prediction,” 
Hjdrocadm Processing, Oct. (1977) p. 150. 

Koppel, P. M., “Fast Way to Solve Problems For Batch Distilla- 
tions,’’ C h m  Eng. Oct. 16, 109, (1972). 

Leach, M. J., “An Approach to Multiphase Vapor-Liquid Equilib- 
ria,” Chena. Eng. May 23, (1977) p. 137. 

Lemieux, E. J., “Data for Tower Baffle Design,” Hydro. Processing, 
Sept. (1983) p. 106. 

Lenoir, J. M. and C. R. Koppany, “Need Equilibrium Ratios? Do 
it Right,” Hydrocarbon Processing, Vol. 46, 249 (1967). 

Lenoir, J. M., “Predict Hash Points Accurately,” Hjidrocarbon Pro- 
cessing, Jan., 95 (1975). 

Leva, M., “Reconsider Packed-Tower Pressure-Drop Correla- 
tions,” Chem. Eng. .prOgrss, V. 88, No. 1 (1992), p. 65. 

Lieberman, N. P., “Packing Expands Low-Pressure Fractiona- 
tors,” Hydro. €%messing V. 63, No. 4 (1984) p. 143. 

Lieberman, N. P., “Change Controls to Save Energy,” Hjdrocarbon 
Processing, Feb., (1978) p. 93. 

Loud, G. D. and R. C. Waggoner, “The Effects of Interstage 
Backmixing on the Design of a Multicomponent Distilla- 
tion Column,” Znd.  Eng. Chem. Process Des &’ Dev., 17, 2, 
(1978) p. 149. 

Luyben, M? L., “Azeotropic Tower Design by Graph,“ H y d m d u n  
Processing, Jan., (1973) p. 109. 

Maas, J. H., “Optimum-Feedatage Location in Multicomponent 
Distillations,” C h .  Eng, Ap. 16, (1973) p. 96. 

Mzpstone, G. E., “Reflux krsus  Trays by Chart,” 47, 5, (1968) 
p. 159. 

Martinez-Ortiz, J. A, and D. B. Manley, “Direct Solution of the 
Isothermal Gibbs-Duhem Equation for Multicomponent Sys- 
tems,” Znd. En6 Chem. l3vmsDes. Dm., 17, 3, (1978) p. 346. 

MclVilliams, M. L., ‘‘An Equation to Relate K-Factors to Pressure 
and Temperature,” Chem. Enp., Oct. 29, (1973) p. 138. 

Michell, S. J., ‘Designing a Gas-C&ling Tower,“ Bn&h C h  Eng, 
rulv w m .  u , I  I 

Mix, T. J., et. al., “Energy Consenation In Distillation,” C h .  
En6 Prop, Apr. (1978) p. 49. 

Kemunaitis, R R., “Sieve Trays? Consider Viscosity,” Hydrocarbon 
h e s s i n g ,  Nov., 235 (1971). 

Osburn, J. O., “Transfer Unit Simplifies Calculations,” C h .  Eng. 
Aug. 11 (1958) p. 147. 

Petterson, W. C. and T. A. Wells, “Energy-Saving Schemes in Dis- 
tillation,” Chm. Eng., Sept. 26, (1977) p. 79. 

Pfeiffer, E. L., “Preliminary Cooling Tower Selection,” Foster 
Wheeler Corp., Bul. CT49-6, reprinted from Chem. Eng 
(date not given). 

Prater, N. H., “Designing Stripping Columns” Petroleum Refiner; V. 
33, No. 2 (1954) p. 96. 

Rao, A, El, “Rediction of Liquid Activity Coefficients,” Chem. 
En6 May9, (1977) p. 143. 

Robbins, L. A., “Improve Pressure-Drop Prediction with a New7 
Correlation,” Chm. Eng. Progress, V. 87, No. 3 (1991), p. 87. 

Robinson, D. E., et. al. “Capability of the Peng-Robinson Pro- 
grams,” Hydrocadon hcessing, Apr. (1978) p. 95. 

Ross, S. “Mechanisms of Foam Stabilization and Antifoaming 
Action,” C h m  E%. Pmgx 63,9: (1967) p. 41. 

Scheiman, A. D. “Find Minimum Reflux By Heat Balance,” 
H~drocar6on Pmrn*% Sept (1969) p. 187. 

Shah, G. C., “Troubleshooting Distillation Columns,” C h  Ens 
July 31, (1978) p. 70. 

Shinskey, F. G., ‘Energy Conserving Control Systems For Distilla- 
tion Units,” Chem. Engx Progx 72,5, (1976) p. 73. 

Silverman, N. and D. Tassios, “The Number of Roots in the Wilson 
Equation and its Effect on Vapor-Liquid Equilibrium Calcula- 
tions,” Znd Eng. C h m ,  Aocess Des. Dev., 16,l; (1977) p. 13. 

Sommer%$lle, R. R, “New Method Gives Quick, Accurate Estimate 
of Distillation Costs,“ Chem. Eng., May 1, (1972) p. 71. 

Strigle, R F., Jr., “Understand Flow Phenomena in Packed 
Columns,” Chem. Eng. Progress, V. 89, No. 8 (1993), p. 79. 

Thorngren, J. T., “Valve Tray Flooding Generalized,” Hydrocarbon 
Processing, 57, 8, (1978) p. 11 1.  

Tierney, Jr., L. F. Stuzman and R. L. Daileader, “Mass Transfer in 
Packed Towers,” Znd. Eng. Chemistry V. 46, Aug. (1934) p. 
1594. 

Treybal, R. E. “A Simple Method For Batch Distillation,” Chem. 
Eng,, Oct. 5,  (1970) p. 95. 

Van Winkle, M. and W. G. Todd, “Minimizing Distillation Costs via 
Graphical Techniques,” Chem. Eng., Mar. 6,  (1972) p. 105. 

Wade, H. L. and C. J. Ryskamp, “Tray Flooding Sets Crude 
Thruput,” Hydrocarbon Processing, Kov. (1977) p. 281. 

Wheeler, D. E., “Design Criteria For Chimney Trays,” Hjdrocarbon 
Processing, July, (1968) p. 119. 

Wichterle, 1. R Kobayashi, and P. S. Chappelear, “Caution! Pinch 
Point in Y-X Curve,” H9dm&n hmsing, Kov. 233, (1971). 

York, J. L., L. T. Barberio, M. b y n ,  E A. Zenz, and J. A. Zenz, 
“Solve All Column Flows with One Equation,” C k  Eng. 

Zanker, A. “Nomograph Replaced Gillifand Plot,” Hyirocadmn 
hg., Oct (1992) p. 93. 

Processing, May, (1977), p. 263. 



Appendix 
~ - 

A-1. 
Alphabetical Conversion Factors 

TO CONVERT INTO M ULTl PLY BY 

Abcoulomb 
Acre 
Acre 
Acre 
Acre 

acres 
acres 
acres 
acres 
acre-feet 
acre-feet 
ampereslsq cm 
ampereshq cm 
ampereslsq in. 
amperedsq in. 
ampereslsq meter 
ampereslsq meter 
ampere-hours 
ampere-hours 
ampere-turns 
ampere-turns/cm 
ampere-turns/cm 
ampere-turns/cm 
ampere-turns/ in. 
ampere-turns/ in. 
ampere-turns/in. 
ampere-turns/meter 
ampere-turns/meter 
ampere-turns/ meter 
Angstrom unit 
Angstrom unit 
Angstrom unit 
Are 
Ares 
ares 
ares 
Astronomical Unit 
Atmospheres 
atmospheres 
atmospheres 
atmospheres 
atmospheres 
atmospheres 
atmospheres 
atmospheres 

Barrels (US., dry) 
Barrels (U.S., dry) 
Barrels (U.S., liquid) 
barrels (oil) 
bars 
bars 
bars 
bars 
bars 
Batyl 
Bolt (US Cloth) 
BTU 
Btu 
Btu 
Btu 
Btu 
Btu 
Btu 
Btu 
Btu 
Btu/hr 

A 
Statcou lom bs 
Sq. chain (Gunters) 10 
Rods 160 
Square links (Gunters) 

2.998 x 1O1O 

1 x 105 
Hectare or 

sq feet 
sq meters 
sq miles 
sq yards 
cu feet 
gallons 
ampslsq in. 
amps/sq meter 
amps/sq cm 
amps/sq meter 
amps/sq cm 
amps/sq in. 
coulombs 
faradays 
gilberts 
amp-turnslin. 
amp-turns/meter 
gi l berts/cm 
amp-turns/cm 
amp-turnslmeter 
gi I bertslcm 
amplturnslcm 
amp-turnslin. 
gilberts/cm 
Inch 
Meter 
Micron or (Mu) 
Acre (US) 
sq. yards 
acres 
sq meters 
Kilometers 
Tonlsq. inch 
cms of mercurv 

sq. hectometer .4047 
43,560.0 
4,047. 

4,840. 
43,560.0 

1.562 x 10-3 

3.259 x 101 
6.452 

l(r 
0.1550 

10-4 
6.452 x 10-4 

0.03731 
1.257 
2.540 

1.257 

1,550.0 

3,600.0 

100.0 

0.3937 
39.37 
0.4950 
0.01 
0.0254 
0.01257 
3937 x lo-' 
1 x 10-10 

.02471 
1 x 10-4 

1 19.60 
0.02471 

100.0 
1.495 x lo" 
.007348 

76.0 
f t  of water (at 4.c) 
in. of mercury (at 0°C) 

33.90 
29.92 

kgslsq cm 
kgs/sq meter 
pounds/sq in. 
tonslsq ft 

B 
cu. inches 
quarts (dry) 
gallons 
gallons (oil) 
atmospheres 
dyneslsq cm 
kgslsq meter 
pounds/sq ft 
poundslsq in. 
Dynelsq. cm. 
Meters 
Liter-Atmosphere 
ergs 

gram-ca lories 
horsepower-hrs 
joules 
kilogramcalories 
kilogram-meters 
ki lowatt-hrs 
foot-poundslsec 

foot4 bS 

1.0333 
10,332. 

14.70 
1.058 

7056. 
105.0 
31.5 
42.0 
0.9869 

1.020 x l W  
lo" 

2,089. 
14.50 
1.000 

36.576 
10.409 
1.0550 x 10"J 

3.931 x lo-' 
0.2520 

778.3 
252.0 

1,054.8 

107.5 
2.928 x 10-4 
0.2162 

TO CONVERT INTO MULTIPLY BY 

Btu/hr 
Btulhr 
Btulhr 
Btulmin 
Btulmin 
Btu/min 
Btulmin 
Btu/sq ft/min 
Bucket (Br. dry) 
bushels 
bushels 
bushels 
bushels 
bushels 
bushels 
bushels 

grarncal/sec 
horsepower-hrs 
watts 
foot-I bs/sec 
horsepower 
kilowatts 
watts 
watts/sq in. 
Cubic Cm. 
cu ft 
cu in. 
cu meters 
l i ten 
pecks 
pints (dry1 
quarts (dry) 

0.0700 
3.929 x 10-4 
0.2931 

0.02356 
0.01757 

0.1221 
1.818 x 1v 
1.2445 

12.96 

17.57 

2.150.4 
0.03524 

35.24 
4.0 

64.0 
32.0 

Calories, gram (mean) 
Candlelsq. cm 
Candlehq. inch 
centares (centiares) 
Centigrade 
centigrams 
Centi I iter 
Centi I iter 
Centi I iter 
centi I iters 
centimeters 
centimeters 
centimeters 
centimeters 
centimeters 
centimeters 
centimeters 
centimeters 
centimeter-dynes 
cent imeter-dynes 
centimeter-dynes 
centimeter-grams 
centimeter-grams 
centimeter-grams 
centimeters of mercury 
centimeters of mercury 
centimeters of mercury 
centimeters of mercury 
centimeters of mercury 
centimeters / sec 
centimeters/sec 
centimeters/sec 
centimeterslsec 
centimeters/sec 
centimeters/sec 
centimeters/sec 
centimeterslseclsec 
centimeters/sec/sec 
centimeters/sec/sec 
centimeters/sec/sec 
Chain 
Chain 
Chains (surve rs' 

or Gunter's? 
circular mils 
circular mils 
Circumference 
circular mils 
Cords 
Cord feet 
Coulomb 
coulom bs 

C 
B.T.U. (mean) 
Lamberts 
Lamberts 
sq meters 
Fahrenheit 
grams 
Ounce fluid (US) 
Cubic inch 
drams 
liters 
feet 
inches 
kilometers 
meters 
miles 
millimeters 
mils 
yards 
cm-grams 
meter-kgs 
pourtrl-feet 
cm-dynes 
meter-kgs 
pound-feet 
atmospheres 
feet of water 
kgslsq meter 
poundslsq f t  
poundslsq in. 
feet/min 
feet/sec 
kilometers/ hr 
knots 
metersh in 
mileslhr 
mileslmin 
feetJsecJsec 
kms/hr/sec 
meters/sec/sec 
miles/hr/sec 
Inches 
meters 

Yards 
sq cms 
sq mils 
Radians 
sq inches 
cord feet 
cu. feet 
Statcoulombs 
faradays 

3.9685 x 10-3 
3.142 

1.0 

0.01 

.4870 

(C0x9/5)+32 

.3382 

.6103 
2.705 
0.01 
3.281 x 10-2 
0.3937 

0.01 
6.214 x l o - *  

1.094 x 10-2 
1.020 x 10-3 
1.020 x lo-' 
7.376 x 10-e 

10.0 
393.7 

980.7 
lo-' 

7.233 x 10-5 
0.01316 
0.4461 

136.0 
27.85 
0.1934 
1.1969 
0.03281 
0.036 
0.1943 
0.6 
0.02237 

0.03281 
3.728 x 10-4 

0.036 
a01 
0.02237 

792.00 
20.12 

22.00 
5.067 x 10-6 
0.7854 
6.283 
7.854 x lo-' 

2.998 x 101 
1.036 x 10-5 

8 
16 



Appendix 41 7 

A-1. 
(Continued). Alphabetical Conversion Factors 

INTO MULTIPLY BY TO CONVERT 

coulombslsq crn 
coulombslsq cm 
coulombslsq in. 
coulombslsq in. 
coulombslsq meter 
coulombslsq meter 
cubic centimeters 
cubic centimeters 
cubic Centimeters 
cubic centimeters 
cubic centimeters 
cubic centimeters 
cubic centimeters 
cubic centimeters 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet 
cubic feet/min 
cubic feetlmin 
cubic feetlmin 
cubic feetlmin 
cubic feetlsec 
cubic feetlsec 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic inches 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic meters 
cubic yards 
cubic yards 
cubic yards 
cu&ic yards 
cubic yards 
cubic yards 
cubic yards 
cubic yards 
cubic yards/min 
cubic yardslmin 
cubic yardshin 

Dalton 

decigrams 
deciliters 
decimeters 
degrees (angle) 
degrees (angle) 
degrees (angle) 

dars 

coulombslsq in. 
coulombslsq meter 
coulombslsq cm 
coulombslsq meter 
coulombslsq cm 
coulombs/sq in. 
cu feet 
cu inches 
cu meters 
cu yards 
gallons (U. S. liq.) 
liters 
pints (U.S. liq.) 
quarts (US. liq.) 
bushels (dry) 
cu cms 
cu inches 
cu meters 
cu yards 
gallons (U.S. liq.) 
liters 
pints (US. liq.) 
quarts (U.S. liq.) 
cu cmslsec 
gallonslsec 
I iters lsec 
pounds of waterlmin 
million gals/day 
gallonslmin 
cu cms 
cu feet 
cu meters 
cu yards 
gallons 
liters 
mil-feet 
pints U S .  liq.) 
quarts (US. liq.) 
bushels (dry) 
cu crns 
cu feet 
cu inches 
cu yards 
gallons (US. liq.) 
liters 
pints (US. liq.) 
quarts (US. liq.) 
cu crns 
cu feet 
cu inches 
cu meters 
gallons (US. liq.) 
liters 
pints (US. liq.) 
quaIts (US. liq.) 
cubic ft lsec 
ga I lons/sec 
I iterslsec 

D 
Gram 
seconds 
grams 
liters 
meters 
quadrants 
radians 
seconds 

64.52 
104 
0.1550 

6.452 x 10-4 
3.531 x 10-5 
0.06102 

10-6 
1.308 x 
2.642 x 10-4 
0.001 
2.113 x 1O-l 
1.057 x 1O-l 
0.8036 

1,550. 
10-4 

- 28,320.0 
1,728.0 

0.02832 
0.03704 
7.48052 
28.32 
59.84 
29.92 
472.0 
0.1247 
0.4720 

0.6463 17 
62.43 

448.831 
16.39 
5.787 x 10-4  
1.639 x 10-3 
2.143 x 10-5 
4.329 x 10-3 
0.01639 
1.061 x lo5 
0.03463 
0.01732 

10s 
28.38 

35.3I 
61,023.0 

264.2 
1,000.0 
2,113.0 
1,057. 

1.308 

7.646 x 101 
27.0 

46,656.0 

202.0 
764.6 

1,615.9 
807.9 

0.7646 

0.45 
3.367 
12.74 

1.650 x 10-Y 

0.1 
0.1 
0.1 
0.01 1 1 1 
0.01745 

3,600.0 

86,400.0 

TO CONVERT INTO MULTIPLY BY 

degreeslsec 
degrees / sec 
degreeslsec 
dekagrams 
de ka I i ters 
dekameterr 
Drams (a othecaries' 

or troy! 
Drams (a othecaries' 

or troy! 
Drams (US., 

fluid or apoth.) 
drams 
drams 
drams 
Dynelcm 
Dynelsq. cm. 
Dyne/sq. cm. 
Dynelsq. cm. 
dynes 
dynes 
dynes 
dynes 
dynes 
dynes 
dyneslsq cm 

Ell 
El I 
Em, Pica 
Em, Pica 
Erglsec 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergs 
ergslsec 
ergslsec 
ergslsec 
ergs/sec 
ergslsec 
ergslsec 

farads 
Faraday l sec 
faradays 
faradays 
Fathom 
fathoms 
feet 
feet 
feet 
feet 
feet 
feet 
feet 
feet of water 
feet of water 
feet of water 

radians lsec 
revolutionslmin 
revolutionslsec 
grams 
liters 
meters 

ounces (avoidupis) 

ounces (troy) 

cubic cm. 
gra,ms 
grains 
ounces 
Erglsq. millimeter 
Atmospheres 
Inch of Mercury at 0°C 
Inch of Water at 4°C 
grams 
jouleslcm 
jouleslmeter (newtons) 
kilograms 
poundals 
pounds 
bars 

E 

Cm. 
Inches 
Inch 
Cm. 
Dyne - cm/sec 
Btu 
dyne-cent i meters 
foot-pounds 
gram-calories 
gram-cms 
horsepower-hrs 
joules 
kg-calories 
kg-meters 
ki lowatt-hrs 
watt-hours 
Btulmin 
ft-lbslmin 

horsepower 
kg-calorieslmin 
kilowatts 

ft-l bs/sec 

F 

microfarads 
Ampere (absolute) 
ampere-hours 
coulombs 
Meter 
feet 
centimeters 
kilometers 
meters 
miles (naut.) 
miles (stat.) 
mi I I imeters 
mils 
atmospheres 
in. of mercury 
kgs/sq cm 

0.01745 
0.1667 
2.778 x 10-3 
10.0 
10.0 
10.0 

0.1371429 

0.125 

3.6967 
1.7718 
27.3437 
0.0625 
.01 
9.869 x 10-7 
2.953 x 10-5 
4.015 x 10-4 
1.020 x 10-3 

lo-' 
10-9 

1.020 x 10'6 
7.233 x 10-5 
2.248 x 10-6 

10-6 

114.30 
45 
.167 
.4233 

1 .ooo 
9.480 x 10-11 
1 .o 
7.367 x 10-8 
0.2389 x 10-7 
1.020 x 10-3 
3.7250 x 10-u 

10-7 
2.389 x lo-" 
1.020 x 10-B 
0.2778 x 10-lJ 
0.2778 x 10-lo 

4.427 x 10-6 
7.3756 x lo-' 
1.341 x 10-10 
1.433 x 10-9 

10-10 

5.688 x 10-9 

lo" 
9.6500 x 104 

9.649 x 104 
1.828804 
6.0 

3.048 x 10-4 

26.80 

30.48 

0.3048 
1.645 x 10-4 
1.894 x 10-4 

1.2 x 104 
0.02950 
0.8826 
0.03048 

304.8 

(Continued on next page) 
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A-1. 
(Continued). Alphabetical Conversion Factors 

TO CONVERT INTO MULTIPLY BY TO CONVERT INTO MULTIPLY BY 

feet of water 
feet of water 
feet of water 
feet/m i n 
feetlmin 
f e e t h i n  
feet/min 
feet/min 
feet/sec 
feet /sec 
feetlsec 
feet I sec 
feet Isec 
feet/sec 
feet/sec/sec 
feet Iseclsec 
feet /sec/sec 
feet/sec/sec 
feet/100 feet 
Foot - candle 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds 
foot-pounds/min 
foot-pounds/min 
foot-pounds/min 
foot-pounds / mi n 
foot-pounds/min 
foot-poundslsec 
foot-pounds/sec 
foot-pounds / sec 
foot-pounds/sec 
foot-pounds/sec 
Furlongs 
furlongs 
furlongs 

gal Ions 
gallons 
gallons 
gallons 
gal Ions 
gallons 
gallons (liq. Br. Imp.) 
gallons (US.) 
gallons of water 
gal Ions/ mi n 
gallonslmin 
gal lonslmin 
gausses 
gausses 
gausses 
gausses 
gilberts 
gi I berts/cm 
gilberts/cm 
gi I berts/cm 
Gills (British) 
gi I Is 
gills 
Grade 
Grains 

kgslsq meter 
pounds/sq ft 
poundslsq in. 
cmslsec 
feet/sec 
kms/hr 
meters/min 
mi les / hr 
cms/sec 
kms/hr 
knots 
meters / mi n 
mileslhr 
miles/min 
cms/sec/sec 
kmsl hr/sec 
meterslseclsec 
miles / hrlsec 
per cent grade 
Lumen/sq. meter 
Btu 

gram-calories 
hp-hrs 
joules 
kg-ca lories 
kg-meters 
kilowatt-hrs 
Btulmin 
foot-poundslsec 
horsepower 
kg-ca lories I m i n 
kilowatts 
Btu/hr 
Btu/min 
horsepower 
kg-calories / mi n 
kilowatts 
miles (U.S.) 
rods 
feet 

ergs 

0 

cu cms 
cu feet 
cu inches 
cu meters 
cu yards 
liters 
gallons (US. liq.) 
gallons (Imp.) 
pounds of water 
cu ft lsec 
I i ters I sec 
CIA ft/hr 
lines/sq in. 
weberslsq cm 
weberslsq in. 
webers/sq meter 
ampere-turns 
amp-turns/cm 
amp-turns/in 
amp-turns/meter 
cubic cm. 
liters 
pints (liq.) 
Radian 
drams (avoirdupois) 

304.8 
62.43 
0.4335 
0.5080 
0.01667 
0.01829 
0.3048 
0.01136 

1.097 
0.5921 

0.6818 
0.01136 

1.097 
0.3048 
0.6818 

30.48 

18.29 

30.48 

1 .o 
10.764 
1.286 x lo-' 
1.356 x lo7 
0.3238 
5.050 x lo-' 
1.356 
3.24 x 10-4 
0.1383 
3.766 x lo-' 
1.286 x 1O-l 
0.01667 
3.030 x 

2.260 x lo-' 
4.6263 
0.077 17 
1.818 x lo-' 
0.01945 

3.24 x 10-4 

1.356 x 
0.125 
40.0 
660.0 

3,785.0 

231.0 
0.1337 

3.785 x 10-3 
4.951 x lo-' 
3.785 
1.20095 
0.83267 
8.3453 
2.228 x 10-3 
0.06308 
8.0208 
6.452 
lo-' 
6.452 x 10-n 

0.7958 

10-4 
0.7958 

2.021 
79.58 
142.07 
0.1183 
0.25 

0.03657143 
.01571 

grains (troy) 
grains (troy) 
grains (troy) 
grains (troy) 
grainslU.S. gal 
grains/U.S. gal 
grainsllmp. gal 
grams 
grams 
grams 
grams 
grams 
grams 
grams 
grams 
grams 
grams 
grams/cm 
grams/cu cm 
gramslcu cm 
grams/cu cm 
grams/liter 
grams/ I iter 
grams/ liter 
grams/ I iter 
grams/sq cm 
gram-calories 
gram-calories 
gram-calories 
gram-calories 
gramcalories 
gram-ca lories 
gram-ca lories/sec 
gram-centimeters 
gram-centimeters 
gram-centimeters 
gram-centimeters 
gram-centimeters 

Hand 
hectares 
hectares 
hectograms 
hectoliters 
hectometers 
hectowatts 
henries 
Hogsheads (British) 
Hogsheads (U.S.1 
Hogsheads (US) 
horsepower 
horsepower 
horsepower 
horsepower (metric) 
(542.5 ft Ib/sec) 

horsepower 
(550 ft Iblsec) 

horsepower 
horsepower 
horsepower 
horsepower (boiler) 
horsepower (boiler) 
horsepower-hrs 
horsepower-hrs 
horsepower-hrs 
horsepower-hrs 
horsepower-hrs 

grains (avdp) 
grams 
ounces (avdp) 
pennyweight (troy) 
parts/million 
pounds/million gal 
parts/million 
dynes 
grains 
joules/cm 
joules / meter (newtor 
kilograms 
mi I I igrams 
ounces (avdp) 
orlhces (troy) 
pou nda Is 
pounds 
pounds/inch 
pounds/cu ft 
pounds/cu in  
pounds/mil-foot 
grai ns/gal 
pounds/.gal 
pounds/cu ft 
parts/million 
poundslsq ft 
Btu 
ergs 
foot-pounds 
horsepower-hrs 
ki lowatt-hrs 
watt-hrs 
Btu/hr 
Btu 
ergs 
joules 
kg-cal 
kg-meters 

H 
Cm. 
acres 
sq feet 
grams 
liters 
meters 
watts 
millihenries 
cubic ft. 
cubic ft. 
gallons (US) 
Btu/min 
foot-lbs/min 
foot-I bs/sec 
horsepower 
(550 ft I b/sec) 

horse wer (metric) 
(5g5 ft Ib/sec) 

kg-calories/min 
kilowatts 
watts 
Btulhr 
kilowatts 
Btu 
ergs 

gramcalories 
joules 

foot4 bs 

1.0 
0.06480 
2.0833 x 10-1 
0.04167 
17.118 

14.286 

15.43 
9.807 x 

is) 9.807 x 10-3 
0.001 

142.86 

980.7 

1,OOO. 
0.03.527 
0.03215 
0.07093 
2.205 x 10-3 
5.600 x 10-3 

0.03613 
3.405 x 10-7 

62.43 

58417 
8.345 

3.9683 x 10-3 

0.062427 

2.0481 

41868 x 107 
3.0880 
1.5596 x 10-6 
1.1630 x 10-6 

1,000.0 

1.1630 x 10-1 

9.297 x lo-' 

9.807 x lo-' 

14.286 

980.7 

2.343 x 10-8 
10-5 

10.16 
2.471 
1.076 x 1Q 

100.0 
100.0 
100.0 
100.0 

1,000.0 
10.114 

63 
42.44 

8.42184 

33,000. 
550.0 
0.9863 

1.014 

0.7457 
10.68 

33.479 
9.803 

745.7 

- 
2,547. 

2.6845 x 10" 
1.98 x 106 

641,190. 
2.684 x 106 
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All .  
(Continued). Alphabetical Conversion Factors 

TO CONVERT INTO MULTIPLY BY TO CONVERT INTO 

kg-calories 
kg-meters 
kilowatt-hrs 

weeks 
pounds 
tons (long) 
ounces (avoirdupois) 
pounds 
tons (metric) 
tons (long) 

days 

641.1 
2.737 x 101 
0.7457 
4.167 x lo-* 
5.952 x 
112 
0.05 
1600 
100 
0.0453592 
0.0446429 

kilogramslsq cm 
kilogramslsq cm 
kilograms/sq cm 
kilogramslsq meter 
kilogramslsq meter 
kilogramslsq meter 
kilograms/sq meter 
kilogramslsq meter 
kilograms/sq meter 
kilograms/sq mm 
k i  logramca lor i es 
kilonramcalories 

inches of mercury 
poundslsq ft 
poundslsq in. 
atmospheres 
bars 
feet of water 
inches of mercury 
poundslsq ft 
poundslsq in. 
kgslsq meter 
Btu 
fOOt-DOUndS 

horsepower-hrs 
horsepower-hrs 
horsepower-hrs 
hours 
hours 
Hundredweights (lone) 
Hundredweights (long) 
Hundredweights (short) 
Hundredweights (short) 
Hundredweights (short) 
Hundredweights (short) 

kilogramtalories hp-his 
kilogram-calories joules I 

inches centimeters 2.540 kilogram-calories kg-meters 
inches meters 2.540 x 10-2 kilogram-calories kilojoules 
inches miles 1.578 x 10-5 kilogramcalories kilowatt-hrs 
inches millimeters 25.40 kilogram meters Btu 
Inches mils 1,000.0 kilogram meters ergs 

inches of mercury atmospheres 0.03342 kilogram meters joules 
inches of mercury feet of water 1.133 kilogram meters kgca lories 
inches of mercury kgslsq cm 0.03453 kilogram meters kilowatt-hrs 
inches of mercury kgs/sq meter 345.3 ki lo1 i nes maxwells 
inches of mercury poundslsq ft 70.73 ki lo1 iters liters 

kilometers centimeters inches of mercury pounds/sq in. 0.4912 
kilometers feet inches of water (at 4°C) atmospheres 2.458 x 10-3 
kilometers inches inches of water (at 4%) inches of mercury 0.07355 
kilometers meters 

inches of water (at 4°C) kgslsq cm 2.540 x 10-8 
kilometers miles 

inches of water (at 4°C) ounceslsq in. 0.5781 
inches of water (at 4'C) poundslsq f t  5.204 
inches of water (at 4°C) pounds/sq in. 0.03613 kilometers mi I I imeters 

inches yards 2.778 x 10-1 kilogram meters foot-pounds 

International Ampere 
International Volt 
International volt 
International volt 

joules 
joules 
joules 
joules 
joules 
joules 
jouleslcm 
joules I cm 
jouleslcm 
jouleslcm 
joules/cm 

kilograms 
kilograms 
kilograms 
kilograms 
kilograms 
kilograms 
kilograms 
kilograms 
kilograms/cu meter 
kilogramslcu meter 
ki logramslcu meter 
kilogramslcu meter 
kilograms/meter 
Kilogramlsq. cm. 
kilogramslsq cm 
kilograms/sq cm 

Ampere (absolute) .9998 
Volts (absolute) 1.0003 

Joules 9.654 x 101 
Joules (absolute) 1-593 X lo-'' 

J 
Btu 
ergs 

kg-calories 
kg-meters 
watt-hrs 
grams 
dynes 
jou I es/meter (newtons) 
poundals 
pounds 

foOt-pOUndS 

K 
dynes 
grams 
joules/cm 
joules/meter (newl 
poundals 
pounds 
tons (long) 
tons (short) 
gramslcu cm 
poundslcu ft 
poundsku in. 
pounds / mi I-foot 
poundslft 
Dynes 
atmospheres 
feet of water 

9.480 x 10-4 
107 
0.7376 
2.389 x 10-4 
0.1 020 
2.778 x 10-4  
1.020 x 101 
1W 

22.48 

100.0 
723.3 

980,665. 

:ons) 9.807 

1,000.0 
0.09807 

70.93 
2.205 

1.102 x 10-3 
9.842 x 10-4 

0.001 
0.06243 
3.613 x 
3.405 x 
0.6720 

0.9678 
980,665 

32.81 

kilometers 
kilometers/ hr 
kilometers/ hr 
kilometers/ hr 
kilometers l h r  
ki  lometersl hr 
ki lometersl hr 
ki lometersl hrlsec 
kilometers/ hr/sec 
kilometerslhrlsec 
kilometers/ hr/sec 
kilowatts 
kilowatts 
kilowatts 
kilowatts 
kilowatts 
kilowatts 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 
kilowatt-hrs 

kilowatt-hrs 

knots 
knots 
knots 
knots 

MULTIPLY BY 

28.96 

14.22 

98.07 x lo-' 

2,048. 

9.678 x lo-' 

3.281 x lo-' 
2.896 x 10-8 
0.2048 
1.422 x 10-3 
lW 

3.968 

1.560 x 10-3 

4.186 
1.163 x 10-3 
9.294 x 10-3 
9.804 x 101 
7.233 

3,088. 

4,186. 
426.9 

9.804 
2.342 x lo-' 
2.723 x 10-6 

1,000.0 
1,000.0 

3,281. 

1,000.0 

1@ 

3.937 x l(r 

0.6214 
10 

yards 1,094. 
cmslsec 27.78 
feetlmin 54.68 
feet lsec 0.9113 
knots 0.5396 
meterslmin 16.67 
rnileslhr 0.6214 
cmsfseclsec 27.78 
ftlseclsec 0.9113 
meterslseclsec 0.2778 
mileslhrlsec 0.6214 
Btulmin 56.92 
foot4 bslmin 4.426 x 101 
foot-I bslsec 737.6 
horsepower 1.341 
kg-calories/ m i n 14.34 
watts 1,000.0 
Btu 3,413. 
ergs 3.600 x 10l1 

2.655 x 10 
gram-calories 859,850. 
horsepower-hrs 1.341 
joules 3.6 x 101 
kg-ca lories 860.5 
kg-meters 3.671 x lo5 
pounds of water 
evaporated from and 
at 212" F. 3.53 
pounds of water raised 
from 62" to 212" F. 22.75 
feet/hr 6,080. 
k i  lometersl hr 1.8532 
nautical miles/hr 1 .o 
statute mileslhr 1.151 

foot-1 bs 

(Continued on next page) 
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A-1. 
(Continued). Alphabetical Conversion Factors 

TO CONVERT INTO MULTIPLY BY 

knots 
knots 

league 
Light year 
Light year 
lineslsq cm 
lineslsq in. 
lineslsq in. 
lines/sq in. 
lineslsq in. 
links (engineer's) 
I i nks (surveyor's) 
liters 
liters 
liters 
liters 
liters 
liters 
liters 
liters 
liters 
liters/min 
literslmin 
lumens/sq ft 
Lumen 
Lumen 
Lumenlsq. ft. 
I ux 

maxwells 
maxwells 
megal i nes 
megohms 
megohms 
meters 
meters 
meters 
meters 
meters 
meters 
meters 
meters 
meters 
metershin 
mkters/min 
meters/min 
meters/min 
meters/min 
meters/min 
meterslsec 
meters I sec 
meters/sec 
meterslsec 
meterslsec 
meters / sec 
meters/sec/sec 
meterslseclsec 
meterslsec /sec 
meters /sec 1 sec 
meter-ki lograms 
meter-ki lograms 
meter-kilograms 
microfarad 
micrograms 
microhms 

yards/hr 
feet/sec 

L 
miles lapprox.) 
Miles 
Kilometers 

2,027. 
1.689 

3.0 
5.9 x 10" 
9.46091 x lou 

gausses 1 .o 
gausses 0.1550 
weberslsq cm 1.550 x 10-9 
weberslsq in. 10-8 
weberslsq meter 1.550 x lo-' 
inches 12.0 
inches 7.92 
bushels (US. dry) 0.02838 
cu cm 1,000.0 
cu feet 0.03531 
cu inches 61.02 
cu meters 0.001 
cu yards 1.308 x 10-J 
gallons (US. liq.) 0.2642 
pints (US. liq.) 2.113 
quarts lU.S. liq.) 1.057 
cu ft/sec 5.886 x 10-4 
gals/sec 4.403 x 10-3 
footcandles 1 .o 
Spherical candle wwer -07958 

.0014% 
10.76 
0.0929 

watt 
Lumenlsq. meter 
fwt-candles 

hl 
kilolines 
webers 
maxwells 
microhms 
ohms 
centimeters 
feet 
inches 
kilometers 
miles (naut.) 
miles (stat.) 
millimeters 
yards 
varas 
cms/sec 
feet/min 
feet/sec 
kmslhr 
knots 
mileslhr 
feet /min 
feet/% 
kilometers/ hr 
kilometershin 
miles/hr 
rniles/min 
cmslsec lsec 
7% /sec/sec 
kmslhrlsec 
miles/ hr/sec 
cm-dynes 
cmgrams 
pound-feet 
farads 
grams 
megohms 

0.001 
lo-' 
lo( 
10" 
106 

3.28 1 
39.37 
0.001 
5.396 x 10-4 
6.214 x 10-4 

1.094 
1.179 
1.667 
3.281 
0.05468 
0.06 
0.03238 
0.03728 

196.8 
3.281 
3.6 
0.06 
2.237 

100.0 

1 ,OoO.o 

0.03728 

3.281 
100.0 

3.6 
2.237 
9.807 x 101 
101 

7.233 
10-6 
10-6 
10-12 

TO CONVERT INTO MULTIPLY BY 

microhms 
microliters 
Microns 
miles (naut.) 
miles (naut.) 
miles (naut.) 
miles (naut.) 
miles (naut.) 
miles (statute) 
miles (statute) 
miles (statute) 
miles (statute) 
miles (statute) 
miles (statute) 
miles (statute) 
mileslhr 
miles1 hr 
mileslhr 
miles/hr 
miles/hr 
miles / hr 
miles/hr 
miles/hr 
miles/hr/sec 
mileslhrlsec 
miles/hr/sec 
miles/ hr/sec 
mileslmin 
mileslmin 
miledmin 
mi leshin 
mi les/m in 
mil-feet 
mi I I iers 
Millimicrons 
Milligrams 
milligrams 
milligrams/liter 
millihenries 
mil I il i ters 
millimeters 
mi II imeters 
millimeters 
millimeters 
millimeters 
mi I I imeters 
millimeters 
mi I I imeters 
million galslday 
mils 
mils 
mils 
mils 
mils 
miner's inches 
Minims (British) 
Minims (US,  fluid) 
minutes (angles) 
minutes (angles) 
minutes (angles) 
minutes (angles) 
myriagrams 
myriameters 
myriawatts 

ohms 
liters 
meters 
feet 
kilometers 
meters 
miles (statute) 
yards 
centimeters 
feet 
inches 
kilometers 
meters 
miles (naut.) 
yards 
cms/sec 
feetlmin 
feetlsec 
kmslhr 
kms/min 
knots 
meters/min 
mileslmin 
crns/sec/sec 
feetlseclsec 
kms/ hr/sec 
meters/sec/sec 
crnslsec 
feet/sec 
kmslmin 
knotslmin 
miles/hr 
cu inches 
kilograms 
meters 
grains 
grams 
parts/million 
henries 
liters 
centimeters 
feet 
inches 
kilometers 
meters 
miles 
mils 
yards 
cu ft/sec 
centimeters 
feet 
inches 
kilometers 
Yards 
cu ft/min 
cubic cm. 
cubic cm. 
degrees 
quadrants 
radians 
seconds 
kilograms 
kilometers 
kilowatts 

lo-' 
10-6 
1 x lo-' 

1.853 

1.1516 

1.609 x 101 

6.336 x lo( 
1.609 

0.8684 

6,080.27 

1,853. 

2.027. 

5,280. 

1,609. 

1,760. 
4.70 
88 
1.467 
1.609 
0.02682 
0.8684 

0.1667 

1.467 
1.609 
0.4470 

1.609 
0.8684 

9.425 x lo-' 

1 x lo-' 
0.01543236 
0.001 
1 .o 
a001 
0.001 

26.82 

44.70 

2,682. 
88 

60.0 

1 ,OOo. 

ai 
3.281 x 
0.03937 
lo-' 
0.001 
6.214 x lo-' 

1.094 x 10-3 
1.54723 
2.540 x 
8.333 x 
0.001 
2.540 x lo-' 
2.778 x lo-' 
1.5 
0.0591 92 
0.061612 
0.01667 
1.852 x 10-4 
2.909 x lo-' 

39.37 

60.0 
10.0 
10.0 
10.0 

nepers 
Newton 

N 
decibels 
Dynes 

8.686 
1 x 105 
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All.  
(Continued). AIphabetical Conversion Factors 

TO CONVERT INTO M ULTl PLY BY TO CONVERT INTO MULTIPLY BY 

OHM (International) 
ohms 
ohms 
ounces 
ounces 
ounces 
ounces 
ounces 
ounces 
ounces 
ounces (fluid) 
ounces (fluid) 
ounces (troy) 
ounces (troy) 
ounces (troy) 
ounces (troy) 
ounces (troy) 
Ouncelsq. inch 
ounceslsq in. 

Parsec 
Parsec 
partslrnillion 
parts/mi I I ion 
parts l m i I I ion 
Pecks (British) 
Pecks (British) 
Pecks (US.) 
Pecks (US.) 
Pecks (U.S.) 
Pecks (U.S.) 
pennyweights (troy) 
pennyweights (troy) 
pennyweights (troy) 
pennyweights (troy) 
pints (dry) 
pints (liq,) 
pints (liq.) 
pints (liq.) 
pints (liq.) 
pints {liq.) 
pints (liq.) 
pints (liq.) 
pints (liq.) 
Planck's quantum 
Poise 
Pounds (avoirdupois) 
poundals 
poundals 
poundals 
poundals 
poundals 
poundals 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds 
pounds (troy) 
pounds (troy) 

0 
OHM (absolute) 
megohms 
microhm 
drams 
grains 
grams 
pounds 
ounces (troy) 
tons (long) 
tons (metric) 
cu inches 
liters 
grains 
grams 
ounces (avdp.) 
pennyweights (troy) 
pounds (troy) 
Dyneslsq. cm. 
poundslsq in. 

P 
Miles 
Kilometers 
grains/U.S. gal 
grainsllmp. gal 
pounds/ mi I I ion gal 
cubic inches 
liters 
bushels 
cubic inches 
liters 
quarts (dry) 
grains 
ounces (troy) 
grams 
pounds (troy) 
cu inches 
cu crns. 
cu feet 
cu inches 
cu meters 
cu yards 
gallons 
liters 
quarts (liq.) 
Erg - second 
Gramlcm. sec. 
ounces (troy) 
dynes 
grams 

1.0005 
10-6 
106 

16.0 
437.5 
28.349527 
0.0625 
0.9115 
2.790 x 10-5 
2.835 x 10-5 
1.805 
0.02957 

3 1.103481 
1.09714 

480.0 

20.0 
0.08333 
4309 
0.0625 

19 x 10" 
3.084 x 1013 
0.0584 
0.07016 
8.345 

554.6 
9.091901 
0.25 

537.605 
8.809582 
8 

24.0 
0.05 
1.55517 
4.1667 x 10-1 

0.01671 

4.732 x 10-4 
6.189 x 10-4 

33.60 
473.2 

28.87 

0.125 
0.4732 
0.5 
6.624 x 10-27 
1.00 
14.5833 

14.10 
13,826. 

joules/crn -1.383 x 10-3 
jouleslmeter (newtons) 0.1383 
kilograms 0.01410 
pounds 0.03108 
drams 256. 
dynes 44.4823 x l(r 
grains 7,000. 
grams 453.5924 
jouleslcm 0.04448 
jouleslmeter (newtons) 4.448 
kilograms 0.4536 
ounces 16.0 
ounces (troy) 14.5833 
poundals 32.17 
pounds (troy) I .2 1528 
tons (short) 0.0005 
grains 5,760. 
grams 373.24177 

pounds (troy) 
pounds (troy) 
pounds (troy) 
pounds (troy) 
pounds (troy) 
pounds (troy) 
pounds (troy) 
pounds of water 
pounds of water 
pounds of water 
pounds of waterlmin 
pound-feet 
pou nd-feet 
pound-feet 
poundslcu ft 
poundslcu ft 
poundslcu ft 
poundslcu ft 
poundslcu in. 
poundslcu in. 
poundslcu in. 
poundslcu in. 
pounds l ft 
pounds/ in. 
pounds I mi I-foot 
pounds/sq ft 
poundslsq ft 
poundslsq ft 
poundslsq f t  
poundslsq ft 
poundslsq in. 
poundslsq in. 
poundslsq in. 
poundslsq in. 
poundslsq in. 

quadrants (angle) 
quadrants (angle) 
quadrants (angle) 
quadrants (angle) 
quarts (dry) 
quarts (liq.) 
quarts (liq.) 
quarts (liq.) 
quarts (liq.) 
quarts (liq.) 
quarts (liq.) 
quarts (liq.) 

radians 
radians 
radians 
radians 
radianslsec 
radianslsec 
radians lsec 
radianslseclsec 
radianslseclsec 
radianslseclsec 
revolutions 
revolutions 
revolutions 
revolutionslmin 
revolutionslmin 
revolutionslmin 

ounces (avdp.) 
ounces (troy) 
pennyweights (troy) 
pounds (avdp.) 
tons (long! 
tons (metric) 
tons (short) 
cu feet 
cu inches 
gallons 
cu ftlsec 
cm-dynes 
cm-grams 
meter-kgs 
gramslcu cm 
kgslcu meter 
poundslcu in. 
poundslmil-foot 
grnslcu cm 
kgslcu meter 
poundslcu ft 
pounds /mi I-foot 
kgslmeter 
gmslcm 
gmslcu cm 
atmospheres 
feet of water 
inches of mercury 
kgslsq meter 
poundslsq in. 
atmospheres 
feet of water 
inches of mercury 
kgslsq meter 
poundslsq ft 

Q 
degrees 
minutes 
radians 
seconds 
cu inches 
cu cms 
cu feet 
cu inches 
cu meters 
cu yards 
gallons 
liters 

R 
degrees 
minutes 
quadrants 
seconds 
degreeslsec 
revolutionslmin 
revolut ionslsec 
revs/ mi nlmin 
revslrninlsec 
revslseclsec 
degrees 
quadrants 
radians 
degrees lsec 
radians lsec 
revs lsec 

13.1657 
12.0 
240.0 
0.822857 
3.6735 x IO-' 
3.7324 x 10-4 
4.1143 x lo-' 
0.01602 

0.1198 
2.670 x 10-4 
1.356 x lo' 

27.68 

13,825. 
0.1383 
0.01602 

16.02 
5.787 x lo-' 
5.456 x 10-9 

2.768 x 1 0  

9.425 x lo-' 

27.68 

1,728. 

1.488 

2.306 x 106 
4.725 x 10-4 
0.0 1602 
0.01414 
4.882 
0.06804 6.944 x 10-3 

2.307 
2.036 

178.6 

703.1 
144.0 

90.0 
5,400.0 

1.571 
3.24 x 101 
67.20 

0.03342 
57.75 
9.464 x 10-4 
1.238 x 10-3 
0.25 

946.4 

0.9463 

57.30 
3,438. 

0,6366 
2.063 x 105 

9.549 
0.1592 

9.549 
0.1592 

57.30 

573.0 

360.0 
4.0 
6.283 
6.0 
0.1047 
0.01667 

(Continued on next page) 
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A-I. 
(Continued). Alphabetical Conversion Factors 

TO CONVERT INTO MULTIPLY BY 

revolutionslrninlmin 
revolutions/min/min 
revolutions/min/min 
revolutions lsec 
revolutionslsec 
revolutionslsec 
revolutions lsec lsec 
revolutionslsec/sec 
revolutions/sec/sec 
Rod 
Rod 
Rods (Surveyors' meas.) 
rods 

Scruples 
seconds (angle) 
seconds (angle) 
seconds (angle) 
seconds (angle) 
Slug 
Slug 
Sphere 
square Centimeters 
square centimeters 
square centimeters 
square centimeters 
square centimeters 
square centimeters 
square centimeters 
square feet 
square feet 
square feet 
square feet 
square feet 
square feet 
square feet 
square feet 
square inches 
square inches 
square inches 
square inches 
square inches 
square inches 
square kilometers 
square kilometers 
square kilometers 
square kilometers 
square kilometers 
square kilometers 
square kilometers 
square meters 
square meters 
square meters 
square meters 
square meters 
square meters 
square meters 
square miles 
square miles 
square miles 
square miles 
square miles 
square millimeters 
square millimeters 
square mill imeters 
square millimeters 
square mils 

radianslseclsec 
revs / mi n /sec 
revslseclsec 
degreeslsec 
radians/sec 
revs/ m i n 
radianslsec lsec 
revs/m i n / mi n 
revs/ mi n /sec 
Chain (Gunters) 
Meters 
yards 
feet 

S 
grains 
degrees 
minutes 
quadrants 
radians 
Kilogram 
Pounds 
Sterad ia ns 
circular mils 
sq feet 
sq inches 
sq meters 
sq miles 
sq millimeters 
sq yards 
acres 
circular mils 
sq cms 
sq inches 
sq meters 
sq miles 
sq millimeters 
sq yards 
circular mils 
sq cms 
sq feet 
sq millimeters 
sq mils 
sq yards 
acres 
sq cms 
sq ft 
sq inches 
sq meters 
sq miles 
sq yards 
acres 
sq cms 
sq feet 
sq inches 
sq miles 
sq millimeters 
sq yards 
acres 
sq feet 
sq kms 
sq meters 
sq yards 
circular mils 
sq cms 
sq feet 
sq inches 
circular mils 

1.745 x lo-' 
0.01667 
2.778 x lo-"  
6.283 

6.283 

360.0 

60.0 

3,600.0 
60.0 

.25 
5.029 
5.5 

16.5 

20 
2.778 x 10-4 
0.01667 
3.087 x 10-6 
4.848 x lo-' 

14.59 
32.17 
12.57 
1.973 x 10s 
1.076 x 10-3 
0.1550 
0.0001 
3.861 x 10-l1 

1 .196~ 1 0 - 4  
2.296 x 10-5 
1.833 x lo"  

100.0 

929.0 
144.0 

0.09290 
3.587 x IO-' 
9.290 x l W  
0.1111 
1.273 x lo" 
6.452 
6.944 x 1 0 - 3  

TO CONVERT INTO MULTIPLY BY 

square mils 
square mils 
square yards 
square yards 
square yards 
square yards 
square yards 
square yards 
square yards 

temperature 

temperature 

temperature 
( O F )  +460 

temperature (OF) -32 
tons (long) 
tons (long) 
tons (long) 
tons (metric) 
tons (metric) 
tons (short) 
tons (short) 
tons (short) 
tons (short) 
tons (short) 
tons (short) 
tons (short) 
tons (short)/sq ft 
tons (shortllsq ft 
tons of water124 hrs 
tons of water/24 hrs 
tons of waterl24 hrs 

('C) +273 

("C) f 17.78 

Volt1 inch 
Volt (absolute) 

10'0 

106 

10.76 x 1oL 
1.550 x 10' 

0.3861 
1.196 x lo6 
2.471 x 10-4 
lo" 

10.76 

106 

1,550. 
3.861 x lo- '  
1.196 

640.0 
27.88 x 1od 

2.590 
2.590 x lo"  
3.098 x IO6 

0.01 
1.076 x 

1,973. 

1.550 x 
1.273 

WttS 
watts 
watts 
watts 
watts 
watts 
watts 
watts 
watts 
Watts (Abs.) 
Watts (Abs.) 
watt-hours 
watt-hours 
watt-hours 
watt-hours 
watt-hours 
watt-hours 
watt-hours 
watt-hours 
Watt (International) 
webers 
webers 

sq cms 6.452 x 1 0 - 6  
sq inches 10'' 
acres 2.066 x 10-4 
sq cms 8,361. 
sq feet 9.0 
sq inches 1,296. 
sq meters 0.8361 
sq miles 3.228 x lo-' 
sq millimeters 8.361 x 1Or 

T 
absolute temperature ('C) 1.0 

temperature (On 1.8 

absolute temperature (OF) 1.0 

temperature ("C) 
kilograms 
pounds 
tons (short) 
kilograms 
pounds 
kilograms 
ounces 
ounces (troy) 
pounds 
pounds (troy) 
tons (long) 
tons (metric) 
kgslsq meter 
pounds/sq in. 
pounds of water/ hr 
gallons/min 
cu ft/hr 

V 
Voltlcrn. 
Statvolts 

W 
Btulhr 
Btulmin 
ergslsec 
foot-lbslmin 
foot-I bs/sec 
horsepower 
horsepower (metric1 
kg-calories / mi n 
kilowatts 
B.T.U. (meanllrnin. 
joules/ sec. 
Btu 
ergs 
foot-pounds 
gram-calories 
horsepower-hrs 
kilogram-calories 
kilogram-meters 
kilowatt-hrs 
Watt (absolute) 
maxwells 
kilolines 

519 

1.120 

907.1848 

1,016, 
2,240. 

1,000, 
2,205. 

32,000. 
29,166.66 
2,000. 
2,430.56 

0.89287 
0.9078 

9,765. 
2,000. 

83.333 
0.16643 
1.3349 

39370 
.OW336 

3.4129 
0.05688 

107. 
44.27 

0.7378 
1.341 x lo-' 
1.360~ lo-* 
0.01433 
0.001 
0.056884 
1 

3.413 
3.60 X lon 

2,656. 
859.85 

1.341 x 1 0 - 2  
0.8605 

0.001 
1.0002 

lo" 
105 

367.2 
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A-2. 
physicrrl Property Conversion Factors 

Acceleration of gravity = 32.172 ft./sec./sec. 
= 980.6 cm./sec./sec 

Electrical conductance; 
1 mho = 1 ohm-' 

= 10" megamho 
= 10' micromho 

Heat Value of Fuel 

Lower heating value 
= Higher heating value - 10.3 (9Hp 4- HzO), Btu/lb. 
where: H, = weight % hydrogen in fuel 
HoO = weight % water vapor in fuel 
GPM = (pounds/hour) /(500 X Sp.Gr.) 

0.321 (GPM) 
(Flow Area, sain. 1 Velocity, feet/sec. = 

- *  - 
Head, feet = 2.31 (Pkssure or head, psi) /Sp.Gr. 

(GPM) (Sp.Gr.) (Head, feetj 
3960 (Efficiency, fraction) Brake horsepower, BHP = 

Weight/Volume (avoirdupois unless otherwise stated) 

Density of sea water = 1.025 grams/cc. 
1 gram-molecular volume of a gas at 760 mm Hg and 
Oo C. = 22.4 liters 
1 U. S. gallon = (8.34 X Sp.Gr. of fluid), pounds 
Weight of one cu.ft. liquid = (62.32 pounds x Sp.Gr. 
of fluid), pounds/cu.ft. 
1 pound avoirdupois = 1.2153 pound apothecaries' 
1 grain avoirdupois = 1 grain troy =1 grain apothe- 
caries' weight 

Air Analysis" 
By Weight % By Volume % 

Nitrogen 75.41 78.2 
oxygen 23.19 21.0 

*Neglects trace gases such as argon, xenon, helium, krypton and 
assumes djy basis. 

Gas Constants, (R), Universal 

R = 0.0821 ( a m )  (liter)/(g-mol) (OK) 
= 1.987 (g-cd.) / (g-mol) ( OK) 
= 1.987 Btu/ (1b.-mol) (OR) 
= 1.987 (Chu)/(lb.-mol) (OK) 
= 8.314 joules/ (g-mol) (OK) 
= 1,546 (ft.) (lb.force)/(Ib.-mol) (OR) 

= 10.73 (1b.-force/sq. in abs.) (cu.ft.)/ (1b.-mol) ( O R )  

= 18,510 (1b.-force/sq.in.) (cu.in.) / (Ib.-mol) (OR) 
= 0.7302 (Atm) (cuft)/(lb.-mol) ( O R )  

R1 = R/mol.wt. gas 
where: Rt = individual gas constant 

Avogadro Constant, N, = 6.02252 X lops molecules/ 
mol 

Density, Vapor or Gases (Ideal), p 

14'7 + *" + 32 , lbs./cu.ft. mol. wt., vapor .-( 359 )(T)(rn) 
where:p = gage pressure at actual condition, psig 

OF = fahrenheit temperature at  actual condition 

p = -, 144 P pounds/cu.ft. 
R, = 

where: P = absolute pressure, pounds/sq. in. abs. 
T = absolute temperature, "Rankine, "R 
o = standard conditions (0°C 8c 760 mm Hg) 

_ .  v = v, (PJP") (T/T,) 

P"V = 1543 nT; P" = PSF abs.; V = cu. ft. 

T = O R ;  n = Lb. moles 

lb 273 + O C  cu.ft. = - (359) - - 
M w  ( 273 ) (p yii.7) at " OC 

Sp&c Volume, Gas or Vapor 
- 
V = l / p ,  cu.ft./pound 

Velocity of sound in dry air @ Oo C. and 1 atm. = 
1,089 ft./sec. 
Density of dry air @ Oo C. and 1 atm. 

= 0.001293 gm/cu.cm. 
= 0.0808 lb./cu.ft. 

Viscosity (Dynamic) 

1 Poise = 1 gram/cm.-sec. = 1 dyne-sec./sq:cm. 
= 0.1 kg/meter-sec. 
1 Poise x 100 = Centipoise ( p )  
Poise x 2.09 X 
= pounds (force) -sec./sq.ft. 
Poise X 0.10 = pascal-sec. 

= slugs/ft.-sec. 

(continued on nexr page) 
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A-2. 
(Continued). Physical Property Conversion Factors 

Poise X 0.0672 = pounds (mass)/(ft.-sec.) 
= poundal-sec./sq.ft. 
Poise X 0.10 = Newton-sec./sq. meter 
Centipoise X 0.01 = gm./cm.-sec. 
Centpoise X 6.72 X lo-' = pound/ft.-sec . 
Centipoise X 2.4 = pound/ft.-hr. 
Millipoise X 1000 = poise 
Micropoise X 1,OOO,OOO = poise 
Slugs/ft.-sec. X 47,900 = centipoise 
1 centistoke = 1.076 X ft.*/sec. 
1 centipoise (cp) = 0.01 gm./cm. sec. 
Slugs/ft.-sec. x 32.2 = pounds (mass)/ft.-sec. 
Pounds/ft.-sec. x 3600 = lb./ft.-hr. 
Pounds (mass) /ft.-sec. X 1487 = centipoise 
Pounds (mass) /ft.-sec. X 0.031 1 = slugs/ft.-sec. 
= pounds (force) -sec./sq.ft. 
Viscosity of air @ 68O F. = 180.8 X poise 
Viscosity of water @ 6 6 O  F = 0.010087 poise 

V i i s i t y  (Kinematic) 

Kinematic viscosity, 
centistokes X 1.076 X 10-5 = ft.'/sec. 

Dynamic viscosity, centipoise 
Fluid density, gm./cu.cm. 

Kinematic viscosity, centistokes ( v )  - 
- Centipoise 

Centistokes X 0.01 = stokes, sq.cm./sec. 

Centistokes X 1.076 X lo-' = sq.ft./sec. 
Centistokes X 0.01 = Stokes, sq.cm./sec. 

- 
Sp.Gr. d liquid relative to water at  39.2" F. (4" C.) 

Thermal Conductivity (through a homogeneous material) 

Btu (ft.) (&-cal.) (m.1 
(sq.ft.) (OF.) (hr.) X 4.134 X 'p = (sq.cm.) ("c.) (sec.) 

(Bt.4 (in.) 
1.200 lo= (sq.ft.) ("F.) (hr.) 

(kilowatt hrs.) (in.) 
3'518 (sqft.) ("E'.) (hr.) 

(g.-d.) (-1 'Btu (in.) 
(sq.cm.) ("C.) (hr.) lo-' = (sq.ft.) (OF.) (hr.) 

Btu (ft.) 
6'719 X 1 O - * =  (sq.ft.) (OF.) (hr.) 

(g.-Cal.) (cm.) Btu (in.) 
(sq.cm.) ("C.) (sec.) 2.903 'Os = (sq.ft.) ("F.) (hr.) 

Specific Gravity (Liquid) 

of liquid @ 60° F.* 
of water @ 60° F.* = 

or at other specified temperature 

Oil 

141.5 
sa t  60" F./60" F. = 131.5 + deg- API 

Liquids Lighter Than Water 

Liquids Heavier Than Water 

Specific Gravity (Gases) 

Rof air 53.3 
S E = ~  =- whereR= gas constant 

mol. wt. (gas) mol. wt. (gas) 
29 

- 
sg = mol. wt. (air) - 

Density, Liquid p 

Density liquid, p = (62.3 Ib./cu. ft. water) (Sp. Gr. liquid), 
pounds /a. ft. 

Metric 

1 gram= 10 decigrams 
= 100 centigrams 
= 1,000 milligrams 
= 1,000,OOO microgram 

= 10" megagram 
= 0.001 kilogram 

1 liter = 10 deciliters = 1.0567 liquid quarts 
10 liters = 1 dekaliter = 2.6417 liquid gallons 
10 dekaliters = 1 hectoliter = 2.8375 U. S. bushels 

(Continued on next page) 
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A-2. 
(Concluded). Physical Property Conversion Factors 

1 meter = 10 decimeters = 39.37 inches 
= 100 centimeters 
= 1,000 millimeters 
= 1,000,000 miscrons = 1,000,000 micrometers 
= 1/1,000 kilometer 
= 1O'O Angstrom units 

10 millimeters = 1 centimeter = 0.3937 inches 
10 centimeters = 1 decimeter = 3.937 inches 
25.4 millimeters = 1 inch 

Specific Heat 

(gram-cal.) Btu 
(gram) ("C.1 X 1.8= (pound) ("C.)- 

Btu 
(pound) (OF.) x 1.0= 

joules 
X 1055= (pound) ( P.) 

kilowatt-houra 
= (kilogram) ("C.) 

kilowatt-houre 
x 2.930 x 10-r = (pound) (OF.) 

Specific heat of water at 1 am.  = 0.238 cal./gm-OC. 
Btu/lb. - O F. X 0.2390 = Btu/Ib. - O R 

Heat Transfer C d u e n t  

PCU/(hr.) (sq. ft.) ("C.) x 1.0 
= Btu/ (hr.) (sq.ft.) (OF) 

Kg-d./  (hr.) (sq. m.) ( "C.) X 0.2048 
= Btu/ (hr.)(sq.ft.) (OF) 
G-cal./ (sec.) (sq. un.) ( "C.) X 7,380 
= Btu/(hr.)(sq.ft,)(OF) 
Watts/ (sq. in.) (OF.) x 490 = Btu/ (hr.) (sq. ft.) ( O F . )  

Energy units 

Pound-Centigrade-Unit (PCU) X 1.8 = Btu 
X 0.45359 = calorie 

x 0.0005276= 

X 1899.36 = joules 

X 1400.4 = ft.-lb. 

kilowatt-hr. 

Calories x 3.9683 = Btu 
X 3091.36 = ft.-lb. 
X 0.001559 = horsepower-hr. 
x 0,001163 = kilowatt-hr. 
x 4187.37 = joules 

Pressure 

1 mm H g =  1,333 dynes/sq. cm. 
750 mm Hg = 10 dyneslsq. cm. = 1 megabar Q OC. 

and g = 980.6 
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4 

6 

8 

__.______. -- 
FREOUEMCY 

1800 

1200 

900 

10 

12 

14 

1500 

lo00 

750 

720 600 

600 500 

514.3 428.6 

28 

30 

32 

34 

36 

38 

40 

16 450 

18 

257.1 214.3 

240 200 

225 187.5 

211.8 176.5 

200 166.7 

189.5 157.9 

180 150 

333.3 I 375 

Udb 01 
karH 

I inch 

750 

500 

375 

MuHlplr r n h  in Id d u m  by mom kcla klon 

I I 0.0833 I 0.0278 1 - I 25.40 I 2.540 0.0254 I - 

300 

250 

214.3 

187.5 

166.7 

22 327.2 272.7 

24 

136.4 

125 

26 I 276.9 I 230.8 I 115.4 

107.1 

100 

93 .7 

88.2 

83.3 

78.9 

75 

A-4. 

FREQUENCY 

? o l r  I 60 cycl. I so cvcl. 

42 

44 

46 

48 

M 

52 

54 

56 

58 

60 

62 

64 

66 

0 

70 

72 

74 

76 

78 

80 

171.4 

163.6 

156.5 

150 

144 

138.5 

133.3 

128.6 

124.1 

120 

116.1 

112.5 

109.1 

105.9 

102.9 

100 

97.3 

94.7 

92.3 

90 

142.9 

136.4 

130.4 

125 

I20 

115.4 

111.1 

107.1 

103.5 

100 

96.8 

93.7 

90.9 

88.2 

85.7 

83.3 

81 . I  

78.9 

76.9 

75 

I foot I I I I 0.3333 1 - I 304.8 I 30.48 1 0.m I - 
1 yard 1 3 6 1 3 1  1 I -  I 914.4 I 91.44 I 0.9144 I - 

1 

IO 

- - 1 millimeter 0.0394 0.0033 

I centimeter 0.3937 0.0328 0.0109 - 
I meter 39.37 3.281 1.094 - IOM 0.001 

I kllomefcr - 3281 1094 0.6214 - loa, I 

Courtery I~gua~ll-Rand CO. 
(1 nkon - 0.001 millhem> 

(Continued on next pew) 
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28.35 

0.0005 - I  453.6 

I ounce 437.5 I I 0.0625 

I pound 1 7000 I 

A-4. 
(Continued). Conversion Factors 

0.0283 - 
0.4536 l -  

Mul t iJ~  unh In IeR column bv D ~ D U  hclor below I 

Ib/w. in. I Ib/w. R. 

I pound/cu. in. i 1728 

unlk of 
Wd* 

Ib/gal. dw. em. s/litr 

231 .O 27.68 27,680 

1 grain I T I -  I -  I -  I 0.0648 I - I -  

- 
0-00433 

I 0.1337 0.0160 16.019 

7.481 0.1198 119.83 

I ton I -  I 32,000 1 I 1 1 -  I 907.2 1 0.9072 

1 sram/cu. em. 0.0361 

1 gram/llter I-- 

l -  
1 I 0.001 

I gram 15.43 I 0.0353 I - 1 

I kiloaram I -  I 35.27 1 2.205 I - 

62.43 0.345 I 1wo.o 
0.0624 0.00835 1 0.001 

I metric ton I - 1 35,274 I 2205 1 1.1023 ' - I 1000 i 

1 sq. foot 

1 dCW 

Muhiply o n k  in I& colomn by propet kaop below 
Units OF Density I .- 

1 4 4 1  I ( -  - I 929.0 I 0.0929 - 
- I Q560 I I 0.0016 I - 4047 0.4047 

1 sq. mile 259.0 - 

I M ~ l t i ~ l ~  unllr in 1 6  column bv #OMI haor below . .  .~ . 
Units of I 

Area 

1 sq. meter I 1550 I 10.76 I - I -  I 10,000 I I I -  

Multlply units In IeR column by proper fador below 
Units of 
Volume 

~~ - - 1 cu. inch - I 16.387 I - 0.0164 

1 cu. foot 1 1728 1 1 0.0370 I 28,317 I 0.0283 1 28.32 1 7.401 I 6.229 ~ 

1 cu. yard 1 46.656 1 27 I 1 I -  I 0.7646 I 764.5 ! 202.0 I 168.2 

1 cu. centlmefrr I 0.0610 I - I -  I 1 1 -  I 0.0010 1 - I -  
1 cu. meter I 61,023 1 35.31 1 1.308 1 I,OW,OOO 1 1 I 999.97 1 264.2 1 220.0 

1 liter I 1000.028 I 0.0010 I I I 0.2642 1 0.2200 

1 US. gallon 231 0.1337 3785.4 I - I 3.785 1 0.8327 

1 Imperial gallon I 277.4 I 0.1605 I - I 4.546 I 
(Continued on next page) 



(Concluded). Conversion Factors 

1.000165 I 1 
4.1840 4. I833 

4.1867 4.1860 

I I Int. h le /s ram 

1 Pound/sa If. 0.00694 I I 1 - 0.3591 0.01414 1 0.01602 

1 intern. elmomhere 

I kifosrdsq. an. 14.223 2048.1 0.9678 735.56 28.958 32.81 

0.239M I 0.23892 0.43000 

1 

1.00085 1 
0.99935 1.7988 

1 I .8ooo 
I 

I - 1 - 1  1 mil l lmetcr-mcmnr I 0.0193 I 2.785 
I fwr (t4YrrkeIlf)- 

I 1.3412 I int. kilowatt-hour I 2,655,656 I 3412.8 I 860,569 I - I 1 

I horsepower-hour I I,ssO,ooO 1 2544.5 1 641,617 -1 - I 0.7456 I I 

I Btu/lb. 1 2.3260 I 2.9256 I 0.55592 I 0.55556 1 1 

1 1 wan - 
1 kilowaft 1.3410 lo00 1 1.360 

1 Btu Der mlnutc - - 
-- 

I - 
1 aebk hp 1 0.4869 I 735.5 I 0.7355 1 41.83 1 2509.6 1 542.5 I 32.550 I 175.7 I I 
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A-5. 
Temperature Conversion 

NOTE: The center column of numbers in boldface refers to the temperature in degrees, either Centigrade or Fohrenheit, which It Is desired to m o r t  inta the 
other scale. If convertlng from Fahrenheit to Centlgrade degrees, the equivalent temperature wlll be found in the lefi column; while If canverHng ham degrem 
Centigrade tu degrees Fahrenhiet, the onswer will be found in the column on the right. 

-273.17 
-268 
-262 
-257 
-251 
-246 
-240 
-234 

-229 
-223 
-218 
-212 
-207 
-201 
-196 
-1 90 

-1 84 
-1 79 
-173 
-1 69 
-1 68 
-162 
-I57 
-151 

-1 46 
-140 
-1 34 
-1 29 
-1 23 
-118 
-1 12 
-1 07 

-1 01 
-96 
-90 
-84 
-79 
-73.3 
-67.8 
-62.2 

-59.4 
-56.7 
-53.9 
-51.1 
-48.3 
-45.6 
-42.8 
-40 .o 
-37.2 
-34.4 
i l l  .7 
-28.9 
-26.1 
-23.3 

-459.7 
-450 
-440 
-430 
-420 
-410 
-400 
-390 

-310 
-370 
-360 
-350 
-340 
-330 

-310 

-300 
-290 
-210 
-273 
-270 
-260 
-250 
-240 

-230 
-220 
-210 
-200 
-190 
-180 
-170 
-160 

-150 
-140 
-130 
-120 
-110 
-100 
-90 
-10 

-75 
-70 
-65 
-60 
-55 
-50 
-45 
-40 

-35 
-30 
-25 
-20 
-15 

-320 

-459.4 
-454 
-436 
-418 
-400 

-382 
-364 
-346 
-328 
-310 
-292 
-274 
-256 

-238 
-220 
-202 
-1 84 
-1 66 
-148.0 
-130.0 
-112.0 

-103.0 
-94.0 
-85.0 
-76 .O 
-67.0 
-58 .o 
-49.0 
-40.0 

-31 .O 
-22 .o 
-13.0 
-4.0 
5.0 

-20.6 
-17.8 

-17.2 
-16.7 
-16.1 
-15.6 
-15.0 
-14.4 
-13.9 
-13.3 

-12.8 
-12.2 
-11.7 
-11.1 
-10.6 
-10.0 
-9.4 
-8.9 

-8.3 
-7.8 
-7.2 
-6.7 
-6.1 
-5.6 
-5.0 
-4.4 

-3.9 
-3.3 
-2.8 
-2.2 
-1.7 
-1.1 
-0.6 
0 .o 
0.6 
1.1 
1.7 
2.2 
2.8 
3.3 
3.9 
4.4 

5 .O 
5.6 
6.1 
6.7 
7.2 
7.8 
8.3 
8.9 

9.4 
10.0 
10.6 

-5 
0 

1 
2 
3 
4 
5 
6 
7 
8 

9 
10 
11 
12 
13 
14 
15 
16 

17 
18 
19 
20 
21 
22 
23 
24 

25 
26 
27 
28 
29 
30 
31 
32 

33 
34 
35 
36 
37 
38 
39 
40 

41 
42 
43 
44 
45 
46 
47 
48 

49 
50 
51 

23.0 
32.0 

33.8 
35.6 
37.4 
39.2 
41 .O 
42.8 
44.6 
46.4 

48.2 
50 .O 
51.8 
53.6 
55.4 
57.2 
59.0 
60.8 

62.6 
64.4 
66.2 
68 .O 
69.8 
71.6 
73.4 
75.2 

77.0 
78.8 
80.6 
82.4 
84.2 
86.0 
87.8 
89.6 

91 .4 
93.2 
95.0 
96.8 
98.6 

100.4 
102.2 
104 .O 

105.8 
107.6 
109.4 
111.2 
113.0 
114.8 
116.6 
118.4 

120.2 
122.0 
123.8 -10 .4.0 

Centlgrade Fahrenheit 

11.1 
11.7 
12.2 
12.8 
13.3 

13.9 
14.4 
15.0 
15.6 
16.1 
16.7 
17.2 
17.8 

18.3 
18.9 
19.4 
20 .o 
20.6 
21.1 
21.7 
22.2 

22.8 
23.3 
23.9 
24.4 
25.0 
25.6 
26.1 
26.7 

27.2 
27.8 
28.3 
28.9 
29.4 
30 .O 
30.6 
31 .1 

31.7 
32.2 
32 .8 
33.3 
33.9 
34.4 
35 .O 
35.6 

36.1 
36.7 
37.2 
37.8 
40.6 
43.3 
46.1 
48.9 

52 
53 
54 
55 
56 

57 
58 
59 
60 
61 
62 
69 
64 

65 
66 
67 
68 
69 
70 
71 
72 

73 
74 
75 
76 
77 
78 
79 
80 

81 
82 
83 
84 
85 
86 
87 
88 

89 
90 
91 
92 
93 
94 
95 
96 

97 
98 
99 

100 
105 
110 
115 
120 

51.7 125 

125.6 
127.4 
129.2 
131 .O 
132.8 

134.6 
136.4 
138.2 
140.0 
141.8 
143.6 
145.4 
147.2 

149.0 
150.8 
152.6 
154.4 
156.2 
158.0 
159.8 
161.6 

163.4 
165.2 
167.0 
168.8 
170.6 
172.4 
174.2 
176.0 

177.8 
179.6 
181.4 
183.2 
185.0 
186.8 
188.6 
190.4 

192.2 
194.0 
195.8 
197.6 
199.4 
201.2 
203.0 
204.8 

206.6 
208.4 
210.2 
212.0 
221 
230 
239 
248 
257 

Centlgrade Fahrenhelt 

54.4 
57.2 
60 .O 
62.8 
65.6 
68.3 
71 .1 

73.9 
76.7 
79.4 
82.2 
85.0 
87.8 
90.6 
93.3 
96.1 
98.9 

100.0 
102 
1 04 
107 
110 
113 
116 

118 
121 
124 
127 
129 
132 
135 
138 
141 
143 
146 
149 
1 54 
160 
166 
171 
177 

182 
188 
193 
199 
204 
210 
216 
221 

227 
232 
238 
243 
249 
254 

1 30 
135 
140 
145 
1 50 
155 
160 

165 
170 
175 
180 
185 
190 
195 
200 
205 
210 
212 
215 
220 
225 
230 
235 
240 

24s 
250 
255 
260 
265 
270 
275 
280 
285 
290 
295 
300 
310 

330 
3.10 
350 

360 
370 
380 
390 
400 
410 
420 
430 

440 
450 
460 
470 
480 
490 

320 

266 
275 
284 
293 
302 
31 1 
320 

329 
338 
347 
356 
365 
374 
383 
392 
401 
410 
41 4 
41 9 
428 
437 
446 
455 
464 

473 
482 
491 
500 
509 
518 
527 
536 
545 
554 
563 
572 
590 
608 
626 
644 
662 

680 
698 
71 6 
734 
752 
770 
788 
a06 

824 
842 
860 
878 
896 

9 Degrees Fahr., OF = 5 ('C + 40) -40 tie formulas at  the right may alsa be used 
w converting Centigrade or Fahrenheit 
egrees Into the other scales. 

5 
Degrees Cent., 'C = 5 (OF + 40) -40 

= VF-32) =! c +32 
5 

Degrees KeMn, OK = O C  + 273.2 Degrees Rankine, O R  =+F+459.7 

lourtesy Ingersoll-Rand Co. 



Ad. 
Altitude and Atmospheric Pressures 

6.41-* 
2.53- 
8.92-1 
3.674 
9 .491  

1 .60-5 
3.564 

4.06-7 
1.30-7 

1 . 5 0 4  

Altftude abow 
Sea Level 

--- - - - - 
- - 
-- - - 

Feet* 

-m 
-4500 
-4000 
-3500 
-3000 

-2500 
-2000 
-1 500 
-low 
-500 

0 
500 

1000 
1500 
2000 

2500 
3000 
3500 
4000 
4500 

5000 
6000 
7000 
8000 
9000 

10,000 
15.000 
20,000 
25,000 
30,000 

35.000 
40,000 
45,000 
50,000 
55,000 

W @ O  
70,000 
80,000 
90,000 

100,000 
120,000 
140,000 
160,000 
180,000 
200,000 

220,000 
240,000 
260,000 
280,000 
300,000 

400,000 
500,000 
600,000 
800,000 
I,000,000 

1,200.000 
1 ,400,000 
1,600,000 
1 #800,000 
2,000,000 

Miles 

- - 
0.95 
1 . 1  
1.3 
1 .5 
1.7 

1.9 
2.8 
3.8 
4 .7  
5.7 

6.6 
7 .6  
8 .5  
9 .5  

10.4 

11.4 
13.3 
15.2 
17.1 
18.9 
22.8 
26.6 
30.4 
34.2 
37.9 

41.7 
45.5 
49.3 
53.1 
56.9 

75.9 
94.8 

114 
152 
I89 

228 
266 
304 
342 
379 

M e t e d  

-1 526 
-1 373 
-1 220 
-1068 
-91 5 

-763 
4 1 0  
-458 
-305 
-1 53 

0 
153 
305 
458 
61 0 

763 
915 

1068 
1220 
1373 

1526 
1831 
2136 
244 1 
2746 

3050 
4577 
6102 
7628 
9153 

1 0,679 
12,204 
13,730 
15,255 
1 678 1 

18,306 
21,357 
24,408 
27,459 
30,510 
36,612 
4271 4 
48,816 
54,918 
61,020 

67,122 
73,224 
79,326 
85,428 
91,530 

122,040 
152,550 
1 83,060 
244,080 
305,i oo 

3 6 6 ~  20 
427,14C 
400.1 6C 
549,18C 
61 0,200 

Tempera- 
ture** 
- 

O F  - 
77 
75 
73 
71 
70 

68 
66 
64 
63 
61 

59 
57 
55 
54 
52 

50 
48 
47 
45 
43 

41 
38 
34 
31 
27 

23 
6 

-1 2 
-30 
-48 

-66 
-70 
-70 
-70 
-70 

-70 
-67 
-62 
-57 
-5 1 
-26 

4 
28 
19 
-3 

-44 
-86 

-1 29 
-1 35 
-1 27 

- - - -- 

- 

.C 

25 
24 
23 
22 
21 

20 
19 
18 
17 
I6 

I5 
14 
13 
12 
1 1  

IO 
9 
8 
7 
6 

5 
3 
1 

-1 
-3 

-5 
-1 4 
-24 
-34 
-44 

- 

-57 
-57 
-57 
-57 

-57 
-55 
-52 
-59 
-46 
-40 
-1 6 
-2 
-7 

-1 9 

-42 
-66 
-90 
-93 
-88 

- - - - 
- 
- - - 
- - 

Barometer+ 

Inches 
Hg Abs. 

15.58 
I5 .oo 
14.42 
13.84 
13.27 

12.70 
12.14 
11.58 
11.02 
10.47 

!9.92 
!9.38 
?8.86 
18.33 
17.82 

17.32 
16.82 
16.33 
15.84 
25.37 

14.90 
13.99 
23.10 
22.23 
21.39 

20.58 
16.89 
13.76 
I 1  .I2 
8.903 

7.060 
5.558 
4.375 
3.444 
2.712 

2.135 
1.325 

t8.273-1 
5.200-1 
3.290-1 
1.358" 
5.9474 
2.746-2 
1.2044 
5.8464 

2.5234 
9.955-4 
3.513-4 
1.1434 
3.737-5 

6.3-7 
1.4-7 
5 . 9 4  
1.6- 
5.1-9 

2 .o+ 
8 .2-10 
3 .8-10 
1 .8-10 
9 .2-11 

mm 
Hg Ab% 

03 .7  
189.0 
174.3 
159.5 
145.1 

130.6 
116.4 
102.1 
'87.9 
7 3 . 9  

'60 .O 
'46.3 
'33.0 
'19.6 
'06.6 

193.9 
i81.2 
i68.8 
556.3 
544.4 

532.5 
509. 3 
586.7 
564.6 
543.3 

122.7 
129.0 
349.5 
282.4 
226.1 

179.3 
141.2 
111.1 
87.5 
68.9 

54.2 
33.7 
21 .o 
13.2 
8.36 
3.45 
1.51 

t6.97-1 
3.26-1 
1.484 

AhnorphHk 
Pressure 

PSIA 

17.48 
17.19 
16.90 
16.62 
16.34 

16.06 
15.78 
15.51 
15.23 
14.96 

14.696 
14.43 
14.16 
13.91 
13.66 

13.41 
13.17 
12.93 
12.69 
12.46 

12.23 
11.78 
1 1  -34 
10.91 
10.50 

10.10 
8.29 
6.76 
5.46 
4.37 

3.47 
2.73 
2.15 
1.69 
1.33 

1 .05 
.651 
.406 
.255 
.I62 

-_. 1- 
- 
-- 

5.084 
2.084 
9.65" 
4.57-9 
2.34+ 

Kg/sq 
em Abs. 

1.229 
1.209 
1 .I88 
1.169 
1 .I49 

1 .I29 
1 .I09 
1.091 
1.071 
1 .os2 

1.0333 
1.015 

.956 
-978 
.960 

.943 
-926 
.909 
.E92 
.E76 

.a60 

.E28 

.797 

.767 

.738 

.710 

.583 

.475 

.384 

.307 

.244 

.192 

.151 

.119 

.0935 

.0730 
-0458 
.0285 
.0179 
.0114 

Data from NASA Standard Ahnosphere (19621. 
Temperature and barometer are approximate for negative altltudes. 

tNegative exponent shows number of spacer the decimal point must be moved ta the left. 
**Temperatures are average existing at 40' latitude and are rounded to even numbers. 

Courtesy IngerSoll-R~d GO. 
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A-8. 
Pressure Conversion Chart 

k g d d  

bar 

I I I I 

2.5400 7.3554~10-' 1.8683 2.4sOeX:O' 

1.4224~10' 3.Q371xld l.oooo3xloJ 2.8959~10' 7.355sxld 9.8060xlp Q.806Oxlo' 1.oooO Q.g080xlO-' Q.876~10-' 2.0482~109 3.2WQxlO' 

1.45~~10'  4.oi47xioZ l.oig7xid 2.9630~10~ 7.soOSxl0? 1.oOo0xtd r.ooooxld 1.0197 1 .moo Q.8892xlO-' 2.0865~109 3.3456~10' 

1 .oooo 2RQ5BxlO-' 0.7355 Q.8064Xld 

- 

6.9445~10-~ 1 .Q223xlO-' 4.882x10-' 1.413BxlO-' 

(at"+pm[ 4.3352~10-' 1 .2oooX10' 3.0480xlO' 8.626xlO-' 

8 4.Q116xlO-' 1.35Q6xlO' 84532x10' 1.oooO 25400x10' 3.3664~10' 

2 'Tdmw!m l.Q337xlO-' 5.3525xlO-' 1.3595 3.997Ox10-' 1.oooO 1.3332x109 
E 

3.591 xl0-' 4,708Oxld 4.788ox10' 4.8624x10-' 4.788Ox10-' 4.7254~10-' 1 .aooO 1.801Qx10-' 

2.2419xlO' 2Q89oxl0' 2.sssOX109 3.0479~10-~ 2.9eeox10-' 2Q499~10-' 6.2427~10' 1.ooW 

I 7.0308x10-' I a8847xlO-' I 6.8045~10-' I 1.4400x1d i 2.3087 I 
2.4sOSxld !LXWQxlO-' 2.4908x10-' 2.4562xlO-' 5.2022 a3393~10-~ 

Q.0064xlO' Q.QQQ7xlW4 Q.g084xlO-' Q.8781 xlO-' 2.0481 3.2608Xl0-' 

3.3664xld 3.4532~10-* 3.3664~10-' 3.3421~10-~ 7.0727~10' 1.1330 

1.3332xld 1.3695x10-' 1 .XEX?xlO-' 1.31 58x10-' 2.7845 4.4605~10-~ 

-.&,) 1 1.46Q6xlO' ] 4.067QxlO' I l.O333xl@ ] 2.9921~10' I 7 . m l d  ] 1.0133xld I 1.OlsSXlb ] 1.0332 I 1.0133 I 1.oooO I 2.1162~109 I 3.3900~10' 1 



Appendix 

Absolute Pressure 
Torr 1 Inches Hg 

MicronsHg [ MmHg (Ab.) 

433 

Vacuum* 
Inches Hg 

A-9. 
Vacuum Conversion 

1 .o 
0.5 
1 x 10-1 
5 x 10-2 
1 x 10-2 
5 x 10-8 
1 x 10-3 
1 x 10-4 
1 x 10-6 to 

1 x 10-6 
I x 10-9 
1 x 10-D 
and beyond 

to 

*Refers to 30" Barometer 

1000 
500 
100 
50 
10 
5 
1 

762 
750 
700 
650 
600 
550 
500 
450 
400 
350 
300 
250 
200 
150 
100 
50 
40 
30 
20 
10 
5 
4 
3 
2 
1 
0.50 
0.10 
0.050 
0.010 
0.005 
0.001 

30.00 
29.53 
27.56 
25.59 
23.62 
21.65 
19.68 
17.72 
15.75 
13.78 
11.81 
9.84 
7.84 
5.91 
3.94 
1.97 
1.57 
1.181 
0.787 
0.394 
.197 
.158 
.1181 
.0787 
.0392 
.0197 
.0039 

14.74 
14.50 
13.54 
12.57 
11.60 
10.64 
9.67 
8.70 
7.74 
6.77 
5.80 
4.84 
3.87 
2.900 
1.934 
.967 
.774 
.580 
.3868 
.1934 
.0967 
.0774 
.0580 
.0387 
.0193 

Conversion Factors: 
1 millimeter = 1000 microns 1 inch H g  = 25.4 mm H g  
1 Torr = 1 mm H g  Abs. 1 atmosphere = 14.7 pounds per sq. in. = 760 mm H g  = 29.92 in. H g  

- 
0.47 
2.44 
4.41 
6.38 
8.35 
10.32 
12.28 
14.25 
16.22 
18.19 
20.16 
22.13 
24.09 
26.06 
28.03 
28.43 
28.82 

Low Vacuum 

High Vacuum 

Very High Vac. 

Ultra High Vac. 

Courtesy Pfaudler Co., Div. of Sybron Corp. 



434 A-10. 
Decimal and Millimeter Equivalents of Fractions 

lnoQl 

RMUOM 

1/44 . . . . . . . . . . . . . . . . 
1/52 . . . . . . . . 

. . . . . . . . . . . . . . . . 
M6.s 

544. . . . . . . . . . . . . . . 
3/42 . . . . . . . . 

744. . . . . . . . . . . . . . . 
1% .. 

944. . . . . . . . . . . . . . . 
5/42 . . . . . . . . 

1 1 4 4  . . . . . . . . . . . . . . . 
1u4. . . . . . . . . . . . . . . 

7/42.. . . . . . . . 
1%. . . . . . . . . . . . .' . . 

% .. 
1744. . . . . . . . . . . . . . . 

9/42 . . . . . . . . 
'944 . . . . . . . . . . . . . . . 

5/46. . 
a h . .  . . . .. .. .. .. * .  

11/42.. . ... # .  

ah. . . . . . . . . . . . . . . 
Yi .. 

%4. . . . . . . . . . . . . . . 
13/42 . . . . . . . . 

m44 . . . . . . . . . . . . . . . 
R6.. 

%4. . . . . . . . . . . . . . n 

1%. . . . . . . . , 
% 4 .  . . . . . . . . . . . . . . 

H .. 

q 6 - m  

.01!%2!3 

.[Dl25 

.=9 

.06a5 

.OZ8115 

.ow75 

.10€3i9 

.la9 

.14MMs 

.15825 

.171875 

.1m 

.awl25 
aims 
.134319 
.m 
.a896a5 
.a125 
.29sm 
.3125 
.=la5 
34375 
.3593?s 
379 
.390619 
.4062s 

.421m 

.a75 

.45312S 

.m 

.484379 

.m 

37 
.794 
1.191 
1.9BB 
1.984 
231 
a m  
3.175 
3.572 
3.969 
4iw 

4.763 
9.159 
9.958 
9.953 

8.350 
6.747 
7.144 
7341 
7.930 
8.324 
a m  
9.128 
9.525 
9.922 
10.319 
10.716 
11.113 
11.508 
11.908 
12303 
12.700 

hwhw 
Fraetlonr 

%. . . . . . . . . . * . . . . 
%4 . . . . . . . . . . . . . . . 
=7.44. . . . . . . . . . . . . . . 

19/42. . . . . . . . 
m44 . . . . . . . . . . . . . . . 

% .. 
4144. . . . . . . . . . . . . . . 

% 2 .  . . . . . . . 
ah. . . . . . . . . . . . . . . 

11/46 . . 
4%4 . . . . . . . . . . . . . . . 

vu. . . . . . . . 
4%. . . . . . . . . . . . . . . 

% .. 
4.44. . . . . . . . . . . . . . . 

%2. . . . . . . . 
5144. . . . . . . . . . . . . . . 
5%. . . . . . . . . . . . .. . . 

Va. . . . . . . . 
%4 . . . . . . . . . . . . . . . 

Ya .. 
5% . . . . . . . . . . . . . . . 

m/42 . . . . . . . . 
?44. . . . . . . . . . . . . . . 

15/46. . 
6%4 . . . . . . . . . . . . . . . 

51/42 . . . . . . . . 
%. * . . . .. .. . . .. .. 

l . . .  

17/42.. ... .. .. 
%6.. 

%6.. 

A-11. 
Particle S i  Measurement 

Meshes/Lineal lnch Actual Opening US and ASTM 
Std. Sieve No. Inches M mons 

10 .0787 2000 
12 .0661 1/6 1680 
14 -0555 1410 
16 .0469 3/64 1190 
18 .0394 1000 
20 .0331 1/32 840 
25 .0280 710 
30 .0232 590 
35 .0197 1/64 500 
40 . o m  420 
45 .0138 350 
50 .0117 297 
60 .0098 250 
70 .OM3 210 
80 .0070 177 
100 .0059 149 
120 .0049 145 
140 .OOel 105 

31- 
33125 

.5825 

.smias 
39375 
.a9375 
.Bas 
.-9 

.65839 
,671875 
.a79 
.703129 
.716X9 
.-I34379 

.m 

.?SWS 

.m125 

.'196(n5 

ai= 
.828123 
.a3479 
.-75 
.679 

.8906a5 

.806a5 

.921673 

.93m 

.85312S 

. W 9  

.s4375 
Loo0 

13.m 
13.404 
13.891 
14.m 
14.684 
19.081 
19.418 
1 u n  
lam 
16.669 
17.088 
17.m 
17.859 
18.W 
10.663 
19.m 
19.447 
19.644 
ZU.241 
20.638 
21.m 
21.431 
21.828 
a2225 
22.622 
23.019 
23.416 
23.613 
24.m 
24.a 
2mo3 
2!3.m 

- 

Actual Opening Meshes/Lineal Inch 
US and ASTM 
Std. Sieve No. Inches Microns 

170 .0035 88 
200 .0029 74 

.0026 65 
230 .0024 62 
270 .002 1 53 

.0020 50 
325 .0017 44 

.0016 40 
400 BO142 36 

.00118 30 
550 .00099 25 
625 .00079 20 

.00059 15 
1,250 .OW394 10 
1,750 .000315 8 
2,500 .000197 5 
5,000 .000099 2.5 

12,000 .0000394 1 

it 1 micron ( p )  = 1 micrometer (m), new National Bureau of Standards terminology 
1 micron = one-millionth of a meter 
Inches X 25,400 = microns or micrometers 
Reference ASTM E 11-70 



A-12. 
Viscosity Conversions. (By permission, Tube Turns Div., Chemetron Corp., Bull. 'IT 725.) 

D 
P 
0 

To convert other unit8 in- 
to kinematic vircosify in 
English units u (q ft per 
sec) or in Metric units Y'  

(centimtokes), uae the 
chart or the formulas to 
the xighk 

~~ __ 

To convert: 

from Metric units (centistokw) 
from E n g l i i  units (sq ft per mc) 

from Saybolt Univeaal (seconds) 

from Saybolt Fur01 (seconds) 

from Engler (aeconda) 

from Redwood standard (seconds) 

from abmlute viscosity 

~ 

into sq ft per Sec ( u )  into centiatokem (u') I 
...................... 

v ' = 9 2 9 0 0 u  
me Table I in ASTM Spec. D-446-39 
(plotted for basic temperature 100 F) 
see Table I in ASTM Spec. D-666-44 
(plotted for mtd temp of 122 F) 

374 
u' -- 0.147 Engler - - Engler 

u' = 0.260 Redwood - 171.5 
Redwood 

, - centipoisea 
u -  density 

u = 0.000 010 76 u' 

.................... 
converted from ASTM Spec. D-446-39 

convemted from ASTM Spec. D-666-44 

0.00403 
u = O.OO0 001 58 Engler - - Engler 

0.00185 
Redwood u = O.OO0 002 80 Redwood - 

lb sec per sq ft) 
v = 32.2 p ( p (lb per cu f t )  

Liquida lighter than water (MI F m u l a )  1 Liquids heawier than water (U.S. Bureau of Stds.) To convert degrees API 
and Baum6 into Specific 

145 

Q Specific gravity = Gravity, use the formulas 141.5 

to lighk 
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Appendlx 
A-14. 

C o m m d a l  Wrmgbt Steel Pipe Data 
(Based on ANSI B36.10 wall thicbesse!~) 

14 
16 
18 
20 
24 
30 
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0.250 
0.250 
0.250 
0.250 
0.250 
0.312 

I . ~ -  
Nominal 

Pipe 
Size 

13.5 
15.5 
17.5 
19.5 
23.5 
29.376 

'nchcs_-- 
14 
16 
18 
20 
24 
30 
8 

10 
12 
14 
16 
18 
20 
24 
30 
8 

10 
12 
14 
16 
18 
20 
24 
30 

_- . - 

YS 
'h 
% 
?La 
3/4 

1 'h 
1 '/2 
2 
2% 
3 
3% 
4 
5 
6 
8 

10 
12 
14 
16 
18 
20 
24 
8 

10 
12 
14 
16 
18 
20 
24 

- 

1 
. . - 

. -. _._- 

- -..- 

__.._-- 

YE 
?4 
YE 
=h 
3k 
1% 

-- 

1 

1.125 182.25 
1.291 240.25 
1.4583 306.25 
1.625 380.25 
1.958 552.25 
2.448 862.95 

_ _  . -- 
Outside 
Diam- 

eter 

__ ..-_. 
16 
18 
20 
24 
30 

10.75 
12.75 
14 
16 
18 
20 
24 
30 

8.625 

-_ .. --.- 

. - - _ . _. 
Thick- 
ness 

. . . - 
0.312 
0.312 
0.375 
0.375 
0.500 
0.277 
0.307 
0.330 
0.375 
0.375 
0.438 
0.500 
0.562 
0.625 

. .. . . - 

17.376 
19.250 
23.25 
29.00 
8.071 

10.136 
12.09 
13.25 15..25.-. 

17.124 
19.00 
22.876 
28.75 

0.675 I 0.091 
0.840 0.109 
1.050 1 0.113 

-- - . . . . 

1.448 301.92 
1.604 370.56 
1.937 540.56 
2.417 841.0 
0.6726 65.14 
0.8447 102.74 
1.0075 146.17 
l,2708 1.1042 't32'.56- 175.56 

1.4270 293.23 
1.5833 361.00 
1.9063 523.31 
2.3958 826.56 

1.315 I 0.133 

-. .. . 

0.622 
0.824 
1.049 
1.380 
1.610 
2.067 
2.469 
3.068 

- .- . . - . 1.660 I 0.140 
1.900 0.145 
2.375 1 0.154 

. - .. . . . . . 

0.0518 - 0.3869 
0.0687 0.679 
0.0874 1,100 
0.1150 1.904 
0.1342 2.592 
0.1722 4.272 
0.2057 6.096 
0.2557 9.413 

. . - .. .. . . - . . . -. . 

-.-_---___ 
4.000 
4.500 
5.563 
6.625 
8.625 

- 
10.75 
12.75 
14.0 
16.0 
18.0 
20.0 
24.0 

10.75 
12.75 
14.0 

. ._ - .. -- 

8.625 

- ._-__ ._ 
16.0 0.656 
18.0 i 0.750 

0.226 
0.237 
0.258 
0.280 
0.322 
0.365 
0.406 
0.438 
0.500 
0.562 
0.593 
0.687 
0.406 
0.500 
0.562 
0.593 

- . - 

. . . . - 

20.0 
24.0 
0.405 
0.540 
0.675 

0.719 
1.283 

.-. .- 
0.840 
1 .os0 

0.00499 
0.00891 

1.315 
1.660 

0.812 
0.968 
0.095 
0.119 
0.126 
0.147 
0.154 
0.179 
0.191 

- 
- 

- 

Inside 
Diameter 

.. 13.376 . ii.111 . i178.92 ..- - 
15.376 11.281 1236.42 

6.065 l0.50541 36.78 
7.981 10.66511 63.70 

-- ... . . ._ 

13.124 - 11.09371 172.24 
15.000 11.250 1225.0 

0.5% 10~0455 I.": 2981 
0.742 0.0618 0.5506 
0.957 0.0797 0.9158 
1.278 0.1065 1.633 

Inside Diameter Functions Transverse 
(In Inches) I Internal Area 

da 

2460.4 
3723.9 
5359.4 
7414.9 

....... ~ _... 

12977. 
25350. 

536.38 
1076.9 
1838.3 
2393.2 
3635.2 
5246.3 
7133.3 

-.- - 

12568. 
24389. 

525.75 
1041.4 
1767.2 

-_. 2326.2 354616 

5021.3 
6859.0 

11971. 
23764, 

0.0195 
0.0482 
0.1198 
0.2406 
0.5595 
1.154 
2.628 

8.831 
15.051 
28.878 
44.663-- 
65.256 

- ... .. 

- .  
4.175- 

- . . -. .. 

128.56 
223.10 
508.36"'-' 

-. - . - .- 
1006.0 
1701.3 
2260.5 
3375.0 
4806.3 
6659.5 

_.* 

11583. 
476.93 
926.86 

1571.4 
2104.0 
3168.8 
4492.1 
6205.2 

L0741. 

-. .- -. _- 

0.0099 
0.0275 
0.0757 
0.1628 
0.4085 
0.8765 
2.087 

-- .- 

- . 

d' 

33215. 
57720. 
93789. 

144590. 
304980. 
744288. 

11038. 
22518. 
32012. 
55894. 
91156. 

137317. 
292205. 
707281. 

10555. 
21366. 
30821. 
54084. 
85984. 

130321. 
273853. 

_. ... . , . . 

4359.3 

- .. . -. - - 

4243.2 

-. . . . . - 

683201. 
0.00524: 
0.01756 
0 .OS905 
0.1497- 
0.4610 
1.210 
3.625 
6.718 

18.250 
37.161 
88.605 

__ . . - .. 

. -__ 

- I .. . -. .. 
158.51 
262.76 
648.72 

1352.8 
4057.7 

- . .. . . .. -- 
10080. 
20306. 
29666. 
50625. 
81111. 

125320. 
262040. 

- - __ _. - . - 

3725.9 
9036.4 

18268. 
26962. 
46544. 
74120. 

114028. 
236994. 

_. -. 

0 .002134 
0.00831; 
0.03200 
0.08886 
0.3032 
0.8387 
2.6667 

-. . . . - 

- - .. _. -- 
448400. 1143.14 
894660. 

1641309. 
2819500. 
7167030. 

21 864218. 
35409. 

113141. 
275855. 
428185. 
859442.- 

1583978. 
2643352. 
6793832. 

10511149. 

__ . 

188.69 
240.53 
298.65 
433.74 
677.76 
51.85 
82.52 

117.86 
140.52 
185.69 
237.13 
291.04 
424.56 
660.52 

----- 

34248. 
106987. 
258304. 
408394, 
824801;--'-- 

1472397. 
2476099. 
6264703. 
I9642 160. 

0.00141 
0.00639 
0.02912 
0.093 10- 
0.3799 
1.270 
5.005 

.. . . - . . 

. .. . -_ 
10.82 
37.72 
91.75 

271.8 
562.2 

-. . . -. __ 

1058. 
3275. 
8206. 

32380. 
101000. 
242470. 
389340. 
759375. 

1368820. 
2357244. 
5929784. 

291 13. 
88110. 

212399. 
345480. 
683618. 

1222982. 
2095342. 
5229036. 

- . __. - . . 

__ . ._ 

- . . _. . ._ -- 

0.000459 
0.002513 
0.01354 
0.04852 
0.2249 
0.8027 
3.409 

__ - _ . . . . . ._ ._ 

- 
51.16 
80.69 

114.80 
137.88 
182.65 
230.30 
283.53 
411.00 
649.18 

-- 

0.057 
0.104 
0.191 
0.304 
0.533 
0.864 
1.495 
2.036 
3.355 
4.788 
7.393 
9.886 

12.730 
20.006 
28.891 
50.027 
78.855 

- - .- - 

--.. - 

. 

-- - .. - _- 

111.93 
135.28 
176.72 
223.68 
278.00 
402.07 
47 4 94 
74.66 

106.16 
128.96 
169.44 
213.83 
265.21 
382.35 

--- 

-- 

- 
0.036 
0.072 

A 
Sq. Ft. 
0.994 
1.310 
1.670 
2.074 
3.012 
4.707 
0,3601 
0.5731 
0.8185 
0.9758 
1.290 
1.647 
2.021 
2.948 
4.587 

0.5603 
0.7972 
0.9575 
1.268 
1.599 
1,969 
2.854 
4.508 

0.00072 
0.00133 
D.00211 
0.00371 
0.00600 
0.01040 
0.01414 
0.02330 
0.03322 -- 0.05130 
0.06870 
D .M)840 
0.1390 
D .2006 
D .3474 
D .5475 
D .7773 
0.9394 

1.5533 
1 .9305 
2.7921 

D.5185 
D .7372 
0.8956 
1.1766 
1.4849 
1.8417 
2.6552 

D .00050 
D .OM98 

- -__- -- - 

- 

-- 

0.3553 

--- 

0.00040 

-.__- 

----- 

1.2272 

D.3329 

0.00025 

Courtesy Crane Co., Technical Manual 410, Flow of Fluids. (Contlnued on next page) 
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-_ .- . . 
1.500 
1.939 
2.323 
2.900 
3.364 
3.826 
4.813 
5.761 
7.625 
9.564 

11.376 
12.500 
14.314 
16.126 
17.938 

-_. ... . _- 

- ... -. 

__ . . . - 

A-14. 
(Continued). Commercial Wrought Steel Pipe Data 

( S a d  on ANSI B36.10 walI thickoesses) 

- - .. . _- 
0.1250 
0.1616 
0.1936 
0.2417 
0.2803 
0.3188 
0.4011 
0.4801 
0.6354 
0.7970 
0.9480 
1.0417 
1.1928 
1.3438 
1.4948 

-- - .  . - 

--__ _ . . . - 

__ - - . . ... . _ _ _  

Nominal 
Pipe 
Size 

1.767 
2.953 
4.238 
6.605 

Inches 
1% 
2 
2% 
3 
3% 
4 
5 
6 
8 

10 
12 
14 
16 
18 
20 
24 
8 

10 
12 
14 
16 
18 
20 
24 
4 
5 
6 
8 

10 
12 
14 
16 
18 
20 
24 
8 

10 
12 
14 
16 
18 
20 
24 

-.-- 

.-. -_-. 

--- 

% 
3/r 

1% 
1% 
2 
2% 
3 
4 
5 
6 
8 

10 
12 
14 
16 
18 
20 
24 

1 
--- 

. -- 

0.01225 
0.02050 
0.02942 
0.04587 

Qutside 
Diam- 

eter 

Inches 
1.900 
2.375 
2.875 
3.5 
4.0 
4.5 
5.563 
6.625 

___I 

I.- 

._. - - 
8.625 

10.75 
12.75 
14.0 
16.0 
18.0 
20.0 
24.0 

10.75 
12.75 
14.0 
16.0 
18.0 
20.0 
24.0 

.__.- 

- 
8.625 

" - 

- 
4.50 
5.563 
6.625 
8.625- 

_.. . 

10.75 
12.75 
14.0 
16.0 
18.0 
20.0 
24.0 

10.75 
12.75 
14.0 
16.0 
18.0 
20.0 
24.0 

--- 

- 
8.625 

- 

0.840 
1 .os0 
1.315 
1.660 
1.900 
2.375 
2.875 
3.50 
4.50 
5.563 
6.625 
8.625 

--._ - 

- 

-. ---- 
10.75 
12.75 
14.0 
16; 0-- 
18.0 
20.0 
24.0 

23.77 .._ , . . -- 

Thick. 
ness 

- Inch5 
0.200 
0.218 
0.276 
0.300 
0.318' 
0.337 
0.375 
0.432 

0,593 
0.687 
0.750 

0.937 
1.031 
1.218 
0.593 
0.718 
0.843 
0,937 
1.031 
1,156. 
1.281 
1,531 
0,438 
0.500 
0.562 
0.718- 
0.843 
1 .ooo 
1.093 

1.375 
1 S O 0  
1.812 
0.812 
1 .OM) 
1.125 
1.250 
1.438- 
1.562 
1.750 
2.062 
0.187 
0.218 
0.250 
0.250 

0.343 
0.375 
0.438 
0.531 
0.625 
0.718 
0.906' 
1.125 
1.312 
1.406 
1.593 
1.781 
1.968 
2.343 

- 

- -- 

0.500' 

-O'I'843- 

- 

". . 

- 
- ... 

- .  
1.218' 

- 

- . 

- 

0.28i  

-. -. .. . 

.. . . 

- 

0.1650 

182.66 
226.98 
326.08 

21.564 I 1.7970 m 

1.2684 
1 .ti762 
2.2645 

11.064 0.9220 
12,126 I 1.0105 
13,938 
15.688 

__ __ , -_ 
135.28 
173.80 
213.82 
310.28 

0.1706 
0.2961 
0.5217 
1.057 .--_ . 

17.438 
20,938 
3.624 
4.563 
5.501 

9.064 
10.750 
11.814 
13.564 
15.250 
17.000 
20.376 
7.001 
8.750 

10.500 
11.500 
13.124- 
14.876 
16.5 
19.876 
0.466 
0.614 
0.815 
1.160 
1.338 
1.689 
2.125 
2.624 
3.438 
4.313 
5.189 
6.813 
8.500 

10.126 
11.188 
12.814 
14.438 
16.064 
19.314 

- .  
7.iSS- 

_- .. 

--__ 

, . ._. . . -. . . . - 

~ ... . .. 

. ..-____- 
0.9394 
1.2070 
1.4849 
2.1547 
0,00118 
0.00206 
0.00362 
0.00734 - . 

1.1615 
1.3057 
1.4532 
1.7448 
0.302 
0.3802 
0.4584 

0.7553 
0.8959 
0.9845 
1,1303 
1.2708 
1.4166 
1.6980 
0.5834 
0.7292 
0.8750 
0.9583 
1.0937 
1.2396 
1.3750 
1.6563 
0.0388 
0.0512 
0.0679 
0.0%6 
0.1115 
0.1407 
0.1771 
0.2187 
0.2865- 
0.3594 
0.4324 
0.5671 
0.7083 
0.8438 
0.9323 
170678 
I .2032 
1.3387 
1 .6095 

015991" 

. _  

_ _  

__ 
1.406 
2.241 
3.546 
5.408 

da 

2.250 
3.760 
5.396 
8.410 

-- - 

-. -. - 
11.32 
14.64 
23.16 
33,19 
58.14 
91.47 
29.41 
56.25 
04.89 
60.05 

-. 

... 

821.77 
,65.01 
55.34 
86.75 
22.41 
47.04 
94.27- 
46.11 
104.08 
38.40 
13.133 
20.82 
30.26 
51.68 
82.16 
15.56 
39.57 
83.98 
L32.56 
89.00 
i15.18 
49.01 
76.56 
.10.25 
.32.25 
.72.24 
!21.30 
!72.25 
i95.06 

. . . . -  

-- _.. - 

- 
0.217; 
0.377( 
0.664; 
1.346 

2,853 
4.516 
6.885 

---- 
1,790- 

__ . ... .. 
11.82 
18.60 
26.93 
46.42 
72.25 
!02.54 
125.17 
164.20 
108.45 
158 .os 
173.03 

-. .. -. - . - 

-.- 

0,00976- 
0.01556 
0.02463 
0.03755 

Inside Diameter Functions 
(In Inches) 

56.75 
80.53 
98.31 

da 

3.375 
7.290 

12.536 
24.389 
38.069 
56.006 

-. _ - . - 

111.49 
191.20 

874.82 

----. 
443.32- 

1472.2 
1953.1 
2932.8 
4193.5 
5771.9 

LOO27, 

-. . _- 

411.66 
807.99 

1354.4 
1783.0 
2707.7 
3861 .O 
5302.6 
9179.2 

.- ._ 

47.595 
95.006 

166.47 
371.54 
744.66 

-. . .. . . __ 

1242.3 
1648.9 
2495.5 
3546.6 
4913.0 
8459.7 

_. ... . ___. . ___ 

343.15 
669.92 

1157.6 
1520.9 
2260.5 
3292.0 
4492.1 
7852.1 

- - 

0.101: 
0..231! 
0.541: 
1.561 
2.395 
4.818 
9.5% 

18.067 
40.637 
80.230 

- , -. .. .. .- - - 

139.72 
316.24 
614.12 

... . -. 

1038.3 
1400.4 
2104.0 
3009.7 
4145.3 
7204.7 

- . . .  . 

0.3941 
0.5592 
0.6827 

-_ -. 

d4 

5.062 
14.136 
29.117 
70.728 __ - . _- 

128.14 
214.33 
536.38 

1101.6 
3380.3 
8366.8 

- . - ... . . .. ._ 

16747. 
24414. 
41980. 
67626. 

103536. 
116234. 

3062. 
7526. 

14985. 
21621. 
37740. 
60572. 
92467. 

192195. 

- .  . ... --- 

-. . . . .- 

172.49 
433.5 
915.7 - 

2671. 
6750. 

13355. 
19480. 
33849. 
54086. 
83521. 

172375. 
2402. 
5862. 

12155. 
17490. 
29666. 
48972. 
74120. 

156069. 

__ 

__ . .. .. .- 

0.0471t 
0.1421 
0.4412 
1.811 
3.205 
8.138 

... ._ _- 

20.39 
47.41 . . . . . . - , . 

139.7 
346.0 
725.0 ._ .- 

2155. 
5220. 

10514. 
15668. 
26961. 
43454. 
66590. 

139152. 

. . 

--- 
d' 

7.594 
-- 

27.41 
67.64 

205.1 
430.8 

I-_. 

819.8 
2583. 
6346. 

25775, 
80020. 

190523. 
305176. 
600904. 
090518. 
857248. 

22781. 
69357. 

165791. 
262173. 
526020. 
950250. 
612438. 

-.. . . -. . -.- 

. . .. .- -. - 

,662798. 

. - .. . - 

1024179 I 
625.1 

1978. 
5037. 

19202. 
61179. 

143563. 
230137. 
459133. 
824804. 
41 9857. 
1512313. 

16819. 
51291. 

127628. 
201136. 
389340. 
728502. 
,222981. 
1102022. 

. - . -_-- -- 

_. - . . -- - - - 

-. --- 

0.02197 
0.08726 
0.3596 
2.100 
4,288-- 

.- - -- .. 

13.74 
43.33 

124.4 
480; 3 - . '-- 

-14.679.~-'- 3762. ..- 

4437 1 . 
106461. 
175292. 
345482. 
627387. 
IO6971 5. 
!6875f42 I 

-- 
1492. 

. . ._ - _ _  

---- 

101.64 
122.72 

204.24 
252.72 
365.22 
43.46 
68.13 
96.14 

115.49 
152 .-Sa- 
193.30 
238.83 
344,32 

ib0.92 

- 

- 
10.315 
16.35. 

0.3171 
0.4989 
0.7058 
0. H 52 2 
1.1175 
1.41143 
1.7550 
2.5362 
0.3018 
0.4732 
0.6677 
0.8020 

1.3423 
1.6585 
2.3911 
0.07163 
0.1136 

i .'0596'- 

- 

64.53 0.4481 
90.76 10.6303 

109.62 i44 ~50-'i 10.7612 , oo35.- 

21.15 ! 0.1469 
36.46 10.2531'- 

- _. . - _ _  .- .. , . 



Nominal 
Pipe 
Size 
Inches 

0.2957 
0.3355 

- . .. . .. .... 
'43 
'A 

. % .  . 
'h 
3h 

._ .-.l.'A 
1 'h 

2% 

3% 

1 

2 

3 

4 
5 
6 

8 

.... - - .. _ _  

_ _ _ _  

. - . . . .- .. 

IO 
._ . . . . - .. . . 

12 

12.59 44.663 
16.21 65.256 

Outsidl 
Diam- 

eter 
Inches 

0.4206 25.47 
0.5054 I 36.78 . -.. . 

... . - . 
0.405 
0.540 
0.675 

' 0.040 
J.050 
1.315 
1.660 
1.900 
2.375 
2.875 

. _. 3,500 
4.000 
4.500 
5.563 
6.625 
8.625 
8.625: 

10.75 
10.75 
10.75s 
12.75 
12.755 

. . . .. 

- - _. . . -_ 
0.405 
0.540 
0.675. . . 
0.840 
1.050 
1.315 
1,660 
1.900 
2.375 
2.875 
3.500 
4.000 
4.500 
5.563 
6.625 
8.625 

- - ... . . 

- - . .. . . .. . 

. - . . - ..- 

10.75 
12.75 

128.56 
223.10 

.. . . 
0.840 
1 .os0 
1.315 
1.660 
1 .goo 
2.375 
2.875 
3.500 

4.500 
5.563 
6.625 
8.625 

_. 

4.000- 

0.0455' -0.2981 0.1628 
0.0618 0.5506 0.4085 
0.0797 0.9158 0.8765 

0.1250 2.250 3.375 
0.1616 3.760 7.290 
0.1936 5.396 12.536 

011065 . 1.633 . - --- 2.087 

0.2417 . _  8.410 ._ 24.389 
Oi2803 11.32 38.069 

0.4801 . 33.19 - 191.20 

0.3188 14.64 56.006 
0.4011 23.16 111.49 

0.6354 a i 4  ~ i . 3 2  
0.8125 95.06 926.86 
0.9792 138.1 1622.2 

A-14. 439 
(Concluded). Commercial Wrought Steel Pipe Data 

(Based on ANSI B36.10 wall thicknesses) 
---- __ . . - - - - - - - - - - -. -- 

Inside Diameter Functions Transverse I (In Inches) I I n t e r n a l h a  
rhick-1 Inside 
ness Diameter 

0.08886 
0.3032 
0.8387 

5.062 
14.136 
29.117 

Q.6667 - 

70-728-. 
i28.14 

__ 1101,6-.--- . .. 

214.33 
536.6 

3380.3 
9036.4 

19072. 

- 

inchcs I Inchcs . _. 

0.068 
0.088 
0.091 
0.109 
0.113 
0.133 
0.140 
0.145 
0.154 
0.203 
0.216 
0.226 
0.237 
0.258 

0.277 
0.322 
0.279 
0.307 
0.365 
0.330 
0.375 

0.28? 

- 

0.095 
0.119 
0.126 
0.147 
0.154 
0.179 
0.191 
0.200 
0.218 
0.276 

0.318 
0.337 
0.375 
0.432 

0.500 
0.500 

0.300 

0,500 

- 
- .  

0.294 
0.308 
0.358 

- 0.382 .. 

0.400 
0.436 
0.552 
0.600 
-0  -636- 
0.674 
0.750 
0.864 
0.875 

0.269 
0.3h4 
0.493 
0.622 
0.824 
1 .049 
1.380 
1.610 
2.067 
2.469 
3.068 
3.548 
4.026 
5.047 
6.065 
8.071 
7.981 

10.192 
IO. I36 
10.020 
12.090 
12.000 

. .  

. .  

-. . ._ .. .. . . 
0.215 
0.302 
0.423 
0.546 
0.742 
0.957 
1.278 
1 s o 0  
1.939 
2.323 
2.900 

3.826 
4.813 
5.761 
7.625 
9.750 

11.750 

.... 

3.364- 

-0.252 
0.434 
0.599 
0.896 
1.100 
1.503 
1.771 
2.300 
2.728 
3.152 
4.063 
4.897 
6.875 

Standard Wall Pipe 
. 

0.0224 0.0724 0.0195 .- 
0.0303 I . 0.1325,l 0.0482 
0.0411 0.2430 0.1198,- 
0.0518 0.3869 0.2406 
0.0687 1 0.679 I 0.5595 
0.0874 1.100 1.154 
0.1150 I 1.904 I 2.628.- 
0.1342-1---2.592'-'1--- 4.173 

. 

0.00524 --. 
0.01 756 
0.05905 . 
0.1497''" 
0.4610 
1.210 
3.625 
6.718 

18.250 
37.161 

.- . . . . 

-88 I605 
158.51 
262.76 
648.72 

.-.I3 5 2 1  _ _  
4243.0 
4057.7 . - .. - 

10789. 
10555. 

21366. 
20736. 

.10080- 

.. . .  . 
0.0210 
0.0362 
0.0499 
0.0747 
0.0917 
0.1252 
0.1476 
0.1917 
0.2273 
0.2627 
0.3386 
0.4081 
0.5729 

-. . . - -- - - .- _. .... .- . . . . 

0.0160 0.004032 ::;::: 1 0.0817 1 0.03549 
0.3588 0.2149 0.1287 
0.8028 . . I 0.7193 1 _-0.6445 ... 
i .210 .33i I 1.4641 
2.259 
3.136 
5.290 
7.442 
9.935 

_ .  

16.51 
23.98 
47.27 

3.395 5.1031 
5.554 9.8345 

27.984 - 1 12.167 I 
20.302 
31.315 98.704 
67.072 272.58 

117.43 575.04 

55 -383- - - 

. . . .. 

0.00141- 
0.00639 
0.0291 2 
0.0931--- 
0.3799 
1.270 
5.005 

. ... .. 

-. . . . . . . 
10.82 
37.72 
91.75 

27L,(I 
562.2 

1058. 
3275. 

34248. 
32380. 

109876. 
106987. 

258300. 
248800. 

8206. . 

101000. . . 

__ . . . __ . 
0.000459 
0.002513 
0.01354 
0.04852 
0.2249 
0.8027 

.. - . .- 

3.409 . 

7.594 
27.41 
67.64 

205.1 
430.8 

_ _  . . - 

819.8 
2583. 

25775. 
88110. 

223970. 

- 63461. 

- _- - 
0.057 
0.104 

. .. . 0,191 . - .- 
0,304 
0.533 
0.864 
1.495 
2.036 
3.355 
4.788 

9.886 
12.730 
20.066 

51.161 

81.585 
80.691 

- _. . 78,855 . . ._- 
114.80 
113.10 

_- . - ._ ._ - 

7,393 

-_28.891- 

-5o,o??- 

- 
0.036 
0.072 
0.141 
0.234 
0.433 
0.719 

- .. 1 .283- 
1.767 
2.953 
4.238 
6.605 
8.888 

11.497 
18.194 

45.663 
74.662 

108.434 

-. - _. . - 

-26.!06?. 

- 

, . . ._ .- 
0.00040 
0.00072 
0,00133 . . . 

0.0021 1 
0.00371 
0.00600 
0.01040 
0.01414 
- . , . . .. .- 

0.02330 
0.03322 
0.05130 
0.06870 
0.08840 
0.1390 
0.2006 
0.3553 

0.5666 
0.5604 
0,5475 

0.7854 

-- 

-. .. 

0.3474- . 

'0.7972- 

0.00025 
0.00050 
0.00098 
0,00163 
0.00300 
0.00499 

--. . __ 

- 0.00891 .. 

o.olzz5-' 
0.02050 
0.02942 
_. 0.04587 - .. . 
0.06170 
0.07986 
0.1263 
-. 0.1810 
0.3171 
0.5185 
0.7528 

- _. 

1.774 0.01232 
2.464 0.01710 

. _.. . . ... 

. 

7.670 
17.42 
64.36 . .. 

151.1 
311.1 

1107. 
2816. 



- ___-___-_ __ __ . __ __ .. ............. -. 

OSL'ZI 
OSL'OI 
sz9-8 

sz9-9 
P9S'S 
OOS'P 
OOO'P 

OOS'E 
SL8'Z 
SLC'Z 
006'1 

099'1 
SIE'I 
OSO'I 
098 ' 0 

SL9'0 
OPS'O 
SOb'O 

~ 

ZLCS'O 
CZ6S'O 
P8LC.O 

VOZZ'O 
6ZSI'O 
66860'0 
z ILL0 '0 

96LS0.0 
LRLEO'O 
8CSZO'O 
EPSIO'O 

PFI 10'0 
9S900'0 
9ZPOO'O 
8PZOO'O 

Z9100'0 
Z6000'0 
ISOOO'O 

4 1  
01 
? 
9 
S 
P 

Vi.€ 

E 
%Z 
z 

%I 

%I 
1 

YE 

VI 

B/% 
YI 
% 

8CPS.O 
Ph6S.O 
SS8f '0 

6SEZ'O 
8SS I '0 
MOI '0 

L1080'0 

99090 '0 
P00b0'0 
6PLZO-0 
60L10'0 

LLZ 10 - 0 
99LOO'O 
19POO '0 
SLZOO'O 
- -.-- 

9'021 
62 ' S8 
W'PS 

PL'IF 
ZO'ZZ 
9Z'PT 
11-11 

LPC'8 
ESP'S 
PS9.E 
ZZZ - Z 
fE9'1 
St6'0 
P19'0 
LSC'O 

ECZ'O 
ZFI'O 
PLO'O -- 

os - I21 
SlC.98 
ZIS'SS 

IPZ'ZE 
CM7'ZZ 
OSL'PT 
SPS'II 

ECL'B 
P9L s 
8S6'E 
19V-Z 

6t8'1 
COI'I 
P99 '0 
96E'O 

'Z86I6Z 
'OPRZZI 
'C800P 

'Z8COI 
'Z91P 
'COPT 

S.lSL 

Z'89C 
O'LZI 
69 ' 9P 
9P'EI 

srz-9 
68S'l 
86CS'O 
16CI.O 

808bO'O 
6S110'0 
ELZOO ' 0 
- 

'289L6Z 

'9661) 

'.96LO I 
'f9fP 
'6ZSI 

ws9z I 

V'8Z8 

6'11P 
6'SPI 
EO'LS 
LE'LI 

P8C.8 
LPC'Z  
6S9'0 

P081'0 
---. 

'99SPZ 
'68LI I 
'e 1w 
'fE91 

I '98L 
C'6ZC 
6'661 

6'711 
lZ'8P 
S9'1Z 

P00'8 

VZC'P 
8PP.1 
L019'0 
P90Z'O 

22880'0 
9ZUZO'O 
88800 * 0 

'EC66cz 
'ZLOZI 
'S66P 

'S891 
2.918 
8'ZSC 
1.912 

9'PZI 
98'CS 
OP'SZ 

S18'6 

OSP'S 
ZL6'1 
91L'O 
PSZ'O 

'2061 
' IEII  

8'LLS 

6'9% 
S.'8PI 
IF 'LL 
91'ES 

S9'PE 
OE'8I 
P O ' O I  
6SL'P 

866'2 
OZC'I 
8069'0 
Z90C'O 

6191'0 
6890'0 
68ZO'O ___ 

S'CSI 
9.801 
LE'69 

IP'OP 
P0'8Z 
S1.81 
PI'PI 

C9'0I 
EP6'9 
TS9.P 
628'2 

6LO ' Z 
EOZ'I 

S18L.O 
EPSP'O 

OL62'0 
1891'0 
ZP60'0 
...... - 

3261 
'ZSI I 
Z'P6S 

O'C9Z 
L'ZSI 
IP'18 
9r-9s 

90'LE 
88'61 
IC'II  

SPS'S 

Z8S'C 
P99'1 
6LL'O 
8SE'O 

- 
SZEOO'I 
E898'0 
IP69'0 

86ZS'O 
FIPP'O 
OSSC'O 
EEIP'O 

LILZ'O 
9612'0 
86LI'O 
ZOPI'O 

ZOZ1'0 
PIbO'O 
LELO'O 
Z9SO'O 

PSW'O 
ZPCO'O 
9SZ0'0 

L'PSI s9co-I 
6'601 SLC8'0 

89'0L 900L'O 

SO'IP 6FES'O 
L9'82 PS#'O 
8L.81 Z19C.O 
OL'PI S61C'O 

Z l ' I I  8LLZ'O 
6CC'L 89ZZ.0 
OPO'S IL81'0 
CEI'E SLPI'O 

IPE'Z SLZI'O 
POP'I 8860'0 
9P8.0 L9LO.O 
POS'O Z6SO'O 

......... - 

- 
36f'ZI 
DZP'OI 
bZC'8 

LSE.9 
S6Z ' S 
092'9 
D9L.C 

09z-r 
sr9.z 
L S I ' Z  
289'1 

Z#* I 
LbO'I 
t88'0 
PL9 0 

SPS'O 
OIP'O 
LOE'O 
--. 

8fV'Zl 
ZSP'OI 
LOP'8 

LOP'9 
SPE 'S 
PFC'P 
PF8'E 

PEC .F 
60L'Z 
SPZ'Z 
OLL - I 

OPS'I 
SSI 1 
026'0 
OIL'O 

- 
081'0 
s91-0 
8frI '0 

PCI '0 
PEI'O 
OZI'O 
OZI'O 

021 '0 
021-0 
601'0 
601'0 

601 '0 
601'0 
f80'0 
E80'0 

S90'0 
S90'O 
6PO'O 

...--- 

9Sl-0 
bC1.0 
601 '0 

601 '0 
601'0 
f8O'O 
f80'0 

f80'0 
E80'0 
S90'0 
9 0 - 0  

990'0 
990'0 
590'0 
S90'0 

OSL'ZI 
OSL'OI 
SZJ'S 

SZ9'9 
f9s-s 
OOS'P 
000'b 

OOS'E 
SL8.Z 
SLE'Z 
006'1 

099'1 
SIE'I 
OSO'I 
OP8'0 



Appendlx 

Inside 
Weight 

per 
Foot 

441 

verse 
wt. of sq. sq- H. I A: 
Wakr Outside Inside in.2 

per R. Surface Surface 
of Pipe Der Ft. Der Ft. 

A-16. 
Properties of Pipe 

~ 

.1550 

.1316 

.lo13 
,0740 
.0216 

.2660 

.2301 

.1875 

.1280 

.0633 

.4090 

.3740 

3112 
.2261 
.1221 

.7080 

.6471 

S 5 5 3  
.4575 
.2732 

Tabulated below are the most generally required data 
used in piping design. This table is believed to be the 
most comprehensive published up to this time. Many 
thicknesses traditionally included in such tables have 
been omitted because of their having become obsolete 
through disuse and lack of coverage by any Standard. 
Sizes and thicknesses listed herein are covered by 

the following Standards:- 
1) American National Standard Institute B36.10 
2) American National Standard Institute B36.19 
3) American Petroleum Institute Standard API 5L 
4) American Petroleum Institute Standard API 5LX Moment of Inertia: I = RZ A 

~~ ~~~ 

220 .1764 
-220 .1637 

.220 .1433 

.220 .1220 
220 .0660 

.275 .2314 
275 .2168 

.275 .1948 

.275 .1607 

.275 .1137 

.344 -2872 

.344 .2740 

.344 .2520 

.344 .2134 

.344 .1570 

.434 .3775 

.434 .3620 

.434 .3356 

.434 ,3029 

.434 .2331 

- 

Sizes and thicknesses to which no Standard desig- 
nation applies are largely the more commonly used 
dimensions to which Taylor Forge Electric Fusion 
Welded Pipe is produced for a wide variety of applica- 
tions including river crossings, penstocks, power plant 
and other piping. 

All data is computed from the nominal dimensions 
listed and the effect of tolerances is not taken into 
account. Values are computed by application of the 
following formulas: 

JDZ + d2 Radius of Gyration: R =- ---- 
A 

.01430 

.01710 

.02010 

.02213 

.02424 

.02970 

.03704 

.04479 

.05270 

.05792 

.07560 

.08734 

.lo560 

.12516 

.l4050 

,1606 
.1947 

.2418 

.2833 
3411 

I 
Section Modulus: 2 = -- Plate Gauges. 0.5 D 

5) New United States Legal Standard for Steel 

- -  

.03410 .2692 

.04070 .2613 

.04780 .2505 

.05269 .2402 

.05772 .2192 

.05660 .3430 

.07055 .3337 

.OB531 .3214 

.lo038 .3041 

.11030 .2840 

.1150 .4282 

.1328 .4205 

.1606 .4066 
,1903 .3868 
.2136 .3613 

.1934 S499 

.2346 5397 

.2913 5237 

.3421 .5063 
,4110 .4716 

ANSI American National Standards Institute 

X-Stg. 

XX-Stg. 
160 

10s 
Std. 

Naminal I I I I I I I I Radius1 

.179, ,957 2.171 

358 .599 3.659 
.250 ,815 2.850 

.lo9 1.442 1.806 

.140 1.380 2.272 

,191 1.278 2.996 
.250 1.160 3.764 
.382 .896 5.214 

__-_..----- 
Outride 

- 
Pipe 
Size 

Wall 
Desig- Thick- 
nation ness 

Diam. 

.307 .186 .0320 .lo6 .0804 .0740 

.269 .244 .0246 .lo6 .0705 .0568 
,215 1 .314 1 ,0157 1 .lo6 1 .0563 .0364 

~ 

.OS48 
,0720 
.0925 

.405 
~~ 333; r 7 0  1-z 1 :1077:132TT 

.045 1 .0955 .lo41 .1250 
,302 335 .0310 .141 .0794 .0716 .1574 

.00280 ,01030 1 1 

.00331 .01230 

.00378 .01395 .1547 
.540 

2 s  1 ;it: 
X-Stg. .126 

-~ ~~ 

.545 I .423 I .lolo I .177 1 . 1 4 2 7 7 3 G  

.493 .567 .OB27 .177 .1295 ,1910 

.423 -738 .0609 .177 -1106 .1405 

~~ 

,00590 .01740 .2160 
.02160 .2090 :::::: I .02554 I -1991 I .1245 

.1670 

.2 173 
.675 

.670--1 AO; 

.622 

.546 1.087 
A64 1.310 
.252 1.714 

384 .a57 
.824 1.130 

.742 1.473 

.612 1.940 

.434 2.440 

- 
.3568 
,3040 

.2340 

.1706 

.0499 

A138 
,5330 

.4330 
,2961 . 1 479 
.9448 
,8640 

- 

- 

. 1 974 

.2503 

.3200 

.3836 
SO43 

.2522 

.3326 

.4335 
S698 
.7180 

.4129 

.4939 

.6388 
A364 
1.0760 

S314 
.6685 

.8815 
1.1 070 
1 S340 

- 

- 
-- 

- 

H .840 

1 .OS0 

~~~ 

10s ).lop -/lo91 1.404 
Std. ,133 1.049 1.678 

1 8.315 .7190 
.52 17 
.28 18 

1.633 
1 .a95 

1.283 
1.057 
.6305 

- 
1.660 

Courtesy Taylor Forge Division, Energy Products Group, Gulf and Western Mfg. Co., by permission. 
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Desig- 
nation 

10s 
Std. 

X-Stg. 

[X-Stg. 
160 

10s 
Std. 

X-Stg. 

- - 
[X-Stg. 
160 

10s 
Std. 

K-Stg. 

:X-Stg. 
160 

10s 
API 
API 

API 
Std. 
API 

API 

160 
W-Stg. 

X-Stg. 

10s 
API 
API 

API 
Std. 
API 

API 
K-Stg. 
X-Stg. 

10s 
API 
API 

Nominal 

(Continued). Properties of Pipe 
Trans- Area Moment 
verse of of 

in.' 
Inside Wt. of Sq* Ft. %* Area Mwal Inertia 
~i~,,,. Weight Water Outride Inside in.z in.z 

T per per Ft. Surface Surface - 
ness d Foot of Pipe per Ft. per Ft. A I 
.lo9 1.682 2.085 .9630 .497 .4403 2.221 .613 .2469 
.145 1.610 2.717 .8820 .497 ,4213 2.036 B O O  3099 - _- 
.200 1.500 3.631 ,7648 .497 3927 1.767 1.068 3912 

.400 1.100 6.408 .4117 .497 ,2903 .950 1.885 S678 

.281 1.337 4.862 ,6082 .497 ,3519 1.405 1.430 .4826 

,109 2.1 57 2.638 1.583 ,622 ,5647 3.654 .775 SO03 
,154 2.067 3.652 1.452 .622 .5401 3.355 1.075 .6657 
,218 1.939 5.022 1.279 ,622 ,5074 2.953 1.477 .8679 

,250 1.875 5.673 1.196 .622 .4920 2.761 1.669 .9555 

,436 1.503 9.029 .7?9 .622 .3929 1.774 2.656 1.31 1 

_. 

344 1.687 7.450 .970 .622 .4422 2.240 2.190 1.162 

,120 2.635 3.53 2.360 .753 .6900 5.453 1.038 .9878 
.203 2.469 5.79 2.072 .753 .6462 4.788 1.704 1.530 

,276 2.323 7.66 1.834 .753 ,6095 4.238 2.254 1.924 

S52 1.771 13.69 1.067 ,753 .4627 2.464 4.028 2.871 
375 2.125 10.01 1.535 .753 ,5564 3.547 2.945 2.353 

.120 3.260 4.33 3.62 .916 .853 8.346 1.272 1.821 
,125 3.250 4.52 3.60 .916 .851 8.300 1.329 1.900 
.156 3.188 5.58 3.46 .916 .E35 7.982 1.639 2.298 

.188 3.125 6.65 3.34 ,916 .819 7.700 1.958 2.700 
,216 3.068 7.57 3.20 .916 .802 7.393 2.228 3.017 
.250 3.000 8.68 3.06 .916 ,785 7.184 2.553 3.388 

.281 2.938 9.65 2.94 .916 .769 6.780 2.842 3.819 

.438 2.624 14.32 2.34 .916 .687 5.407 4.214 5.044 1 3 0 0  2.900 10.25 2.86 .916 .761 6.605 3.016 3.892 

.600 2.300 18.58 1.80 .916 .601 4.155 5.466 5.993 , 

,120 3.760 4.97 4.81 I 1.047 .984 11.10 1.46 2.754 
.125 3.750 5.18 4.79 1.047 .982 11.04 1.52 2.859 
.156 3.688 6.41 4.63 1.047 .966 10.68 1.88 3.485 

,188 3.624 7.71 4.48 1.047 .950 10.32 2.27 4.130 
.226 3.548 9.1 1 4.28 1.047 .929 9.89 2.68 4.788 
,250 3.500 10.02 4.17 1.047 -916 9.62 2.94 5.201 

.281 3.438 11.17 4.02 1.047 .900 9.28 3.29 5.715 ' 

__ 

218 3.364 12.51 3.85 1.047 .e80 8.89 3.68 6.280 
,636 2.728 22.85 2.53 1.047 J16 5.84 6.72 9.848 

.120 4.260 5.61 6.18 1.178 1.115 14.25 1.65 3.97 

.125 4.250 5.84 6.15 1.178 1.113 14.19 1.72 4.12 

.156 4.188 7.24 5.97 1.178 1.096 13.77 2.13 5.03 

Ovhida 

Size 

11% 1.900 

2 2.375 

2% 

3 

3% 

2.875 

3.500 

4.000 

API 
API 
Std. 

.6872 
1.064 

1.339 
1.638 
1.997 

1.041 
1.086 
1.313 

1.545 
1.724 
1.936 

2.182 
2.225 
2.882 
3.424 

1.377 
1.430 
1.743 

2.065 
2.394 
2.601 

2.858 
3.140 
4.924 

1.761 
1.829 
2.235 

API 
API 
API - 

K-Stg. 
120 

.9755 

.9474 

.9241 

.8938 
3442 

1.196 
1.195 
1.184 

1.175 
1.164 
1.152 

1.142 
1.136 
1.094 
1.047 

1.372 
1.371 
1.360 

1.350 
1.337 
1.329 

1.319 
1.307 
1.210 

1.550 
1.548 
1.537 

.188 4.124 

.219 4.062 

.237 4.026 

4 

10.02 

11.35 
12.67 
14.00 

14.98 
19.00 

4.500 

5.80 
5.62 
5.5 1 

' . l / U  . Y I O  Y.02 0.18 l i t . / /  

1.178 .900 9.28 6.62 13.27 
1.178 326 7.80 8.10 15.28 

5.45 
5.27 
5.1 2 

4.98 
4.47 

3.0/0 1.4L3 

5.900 1.416 
6.793 1.374 

160 .531 3.438 22.60 4.02 
X-Stg. .674 3.152 27.54 3.38 

1.178 1.082 
1.178 1.063 
1.178 1.055 

. .-.. I.. 

12.1 7 
1 1.80 

11.50 

5.86 
6.77 
7.23 

7.56 
8.33 
9.05 

9.61 
11.65 . -- 

Section 
Modulus 

in.= 

2 
.2599 
3262 

-41 18 
-5080 
5977 

- 
-- 

.4213 
5606 
.7309 

3046 
.9790 
1.1040 

Radiui 
of Gyro 

lion 
in. 

R 
.6344 
.6226 

-6052 
5809 
.5489 

3034 
.7871 
.7665 

.7565 

.7286 

.7027 

- - 
-_ 

- 

2.600 
3.867 
3.2 14 

3.360 
3.703 
4.020 

4.271 
5.177 - 1-1 

1.525 
1.516 
1510 

1 S O 5  
1.495 
1.482 

1.477 
1.444 . A # . , .  



Appendix 

A-Id. 
(Contimed). Properties of Pipe 

Trans- Area Moment 
veme of of Section 

wt. of %* fi. sq- Ft* Area Metal Inertia Modulus Intide 
Wall D~~,,,, Weight Water Outside in.' in.' Inside in.z in.z 

Desig- Thick- per per Ft. Surface Surface - 
nation ness d Foot of Pipe per Ff. per R. II A 1 2 
10s ,134 5.295 7.77 9.54 1.456 1.386 22.02 2-29 6-42 3.028 
API .156 5.251 9.02 9.39 1.456 1.375 21.66 2.65 9.70 3.487 
API .188 5.187 10.80 9.16 1.456 1.358 21.13 3.17 11.49 4.129 

API .219 5.125 12.51 8.94 1.456 1.342 20.63 3.68 13.14 4.726 
Std. .258 5.047 14.62 8.66 1.456 1.321 20.01 4.30 15.16 5.451 
API .281 5.001 15.86 8.52 1.456 1.309 19.64 4.66 16.31 5.862 

API 312 4.939 17.51 8.31 1.456 1.293 19.16 5.15 17-81 6.402 
API 344 4.875 19.19 8.09 1.456 1.276 18.67 5.64 19-26 6.932 

120 S O 0  4.563 27.10 7.08 1.456 1.195 16.35 7.95 25.74 9.253 
160 .625 4.313 32.96 6.32 1.456 1.129 14.61 9.70 30.03 10.800 

X-Stg. .375 4.813 20.78 7.87 1.456 1.260 18.19 6.1 1 20.67 7.431 

(X-Stg. .750 4.063 38.55 5.62 1.456 1.064 12.97 11.34 33.63 12.090 

12 Ga. .lo4 6.417 7.25 14.02 1.734 1.680 32.34 2.13 11.33 3.42 
10s .134 6.357 9.29 13.70 1.734 1.660 31.75 2.73 4.34 14.38 
8 Ga. .164 6.297 11.33 13.50 1.734 1.649 31.14 3.33 17.38 5.25 

API .188 6.249 12.93 13.31 1.734 1.639 30.70 3.80 19.71 5.95 1 
6 Ga. .194 6.237 13.34 13.25 1.734 1.633 30.55 3.92 20.29 6.1 2 

API .219 6.187 15.02 13.05 1.734 1.620 30.10 4.41 22.66 6.84 

API .250 6.125 17.02 . 12.80 1.734 1.606 29.50 5.01 25.55 7.7 1 
API .277 6.071 18.86 12.55 1.734 1.591 28.95 5.54 28.00 8.46 

I 

Std. I .280 I 6.065 I 18.97 j 12.51 j .1.734 I 1.587 I 28.90 I 5.58 I 26-14 I 8.50 I 

443 

Nominal - 
Pipe 
Size - 

5 

- 

6 

- 

8 

- 
Outsid 
Diam 

D 
- - 

5.56: 

- 

6.62! 

- 

8.625 

ii;' x-stg. 

- -  
- 

X-Stg. 

- 
21.05 12.26 1.734 1.571 28.28 6.19 30.91 9.33 
23.09 12.00 1.734 1.554 27.68 6.79 33.51 10.14 
25.10 11.75 1.734 1.540 27.10 7.37 36.20 10.90 

28.57 11.29 1.734 1.510 26.07 8.40 40.49 12.22 
32.79 10.85 1.734 1.475 24.85 9.63 45.60 13.78 
36.40 10.30 1.734 1.470 23.77 10.74 49.91 15.07 

45.30 9.16 1.734 1.359 21.15 13.36 58.99 17.81 
53.16 8.14 1.734 1.280 18.83 15.64 66.33 20.02 

- 

- 

Rodiui 

tion 
in. 

of ovra- 

R 
1.920 
1.913 
1.902 
1.891 
1.878 
1.870 
1 .E60 
1.849 
1.839 
1.799 
1.760 
1.722 

2.3 1 
2.29 
2.28 
2.28 
2.27 
2.27 
2.26 
2.25 
2.24 

- 

- 
2.23 
2.22 
2.2 1 
2.1 9 
2.16 
2.1 5 
2.10 
2.06 

- 

- 

2.172 

-~ 55.6 1-2.78 , I  115. 
54.8 3.57 32.2 
54.5 3.94 35.4 

54.1 4.36 
53.5 5.00 44.5 
53.3 5.14 451 

- 3.00 

2.99 
10.30 
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5.50 
6.20 
6.43 

6.71 
7.24 
7.89 

8.26 
9.18 
10.07 

11.25 
11.91 
14.19 

16.10 
18.91 
22.62 

23.56 
26.23 
30.63 
34.01 

4.13 
5.31 
6.48 

7.11 
7.65 
7.99 

8.52 
9.39 
9.84 

11.01 
12.19 
12.88 

13.46 
14.58 
15.74 

16.95 
19.24 
21.52 

23.81 
26.03 
28.27 

31.53 
32.64 
36.91 

41.08 
45.16 
47.14 

49.14 
53.01 

Applied Process Design for Chemical and Petrochemical Plants 
A-16. 

(Cmtimled). Propertces of Pipe 

76.8 14.29 
86.5 16.10 
89.7 16.68 

93.3 17.35 
100.5 18.70 
109.2 20.32 

113.6 21.12 
125.9 23.42 
137.4 25.57 

152.3 28.33 
160.7 29.90 
188.8 35.13 

212.0 39.43 
244.9 45.56 
286.2 53.25 

296.2 55.10 
324.3 60.34 
367.8 68.43 
399.4 74.31 

82.6 12.9 
105.7 16.6 
128.4 20.1 

140.4 22.0 
150.9 23.7 
157.2 24.7 

167.6 26.3 
183.8 28.8 
192.3 30.2 

214.1 33.6 
236.0 37.0 
248.5 39.0 

259.0 40.7 
279.3 43.8 
300.3 47.1 

321.0 50.4 
361.5 56.7 
400.5 62.8 

438.7 68.8 
475.2 74.6 
510.7 80.1 

561.8 88.1 
578.5 90.7 
641.7 100.7 

700.7 109.9 
755.5 118.5 

' 781.3 122.6 

807.2 126.6 
853.8 133.9 

12Ga. 
10Ga. 
8 Go. 

10s 
API 

6 Ga. 

API 
API 

3 Ga. 

20 
API 
30 

API 
Std. 
API 

X-Stg. 
80 
100 

- -  
120 
140 
160 

12Ga. 
10Ga. 
8 Go. 

10s 
6 Ga. 

API 

API 
3 Ga. 

20 

API 
API 
30 

API 
Std. 
40 

API 

60 

80 

100 

120 

140 - -  
160 

X-Stg. 

- -  
- - 
- -  

- - - - 

.lo4 
,134 
.164 

.165 
,188 
.1.94 

.203 
,219 
.239 

.250 
,279 
,307 

.344 
365  
.a38 

SO0 
.594 
.719 

,750 
.844 
1.000 
1.125 

.lo4 

.134 

.164 

.180 

.194 
,203 

.219 

.239 

.250 

.281 
,312 
.330 

.344 
375 
.a06 

.438 

.562 

A88 
.750 
.844 
.875 
1.000 

1.125 
1.250 
1.312 

1.375 
1.500 

,500 

A25 

10.420 
10.374 
10.362 

10.344 
10.310 
10.272 

10.250 
10.192 
10.136 

10.062 
10.020 
9.874 

9.750 
9.562 
9.312 

18.65 
21.12 
21.89 

22.86 
24.60 
28.05 

28.03 
31.20 
34.24 

38.26 
40.48 
48.28 

54.74 
64.40 
77.00 

34.5 
34.1 
33.2 

32.3 
31.1 
29.5 

29.1 
27.9 
26.1 
24.6 

2.81 2.63 
2.81 2.62 
2.81 2.58 

2.81 2.55 
2.81 2.50 
2.81 2.44 

2.81 2.42 
2.81 2.37 
2.81 2.29 
2.81 2.22 

9.250 
9.062 
8.750 
8.500 

80.10 
89.20 
104.20 
116.00 

37.5 
35.8 
34.9 

34.0 
32.4 

3.34 2.75 
3.34 2.68 
3.34 2.65 

3.34 2.62 
3.34 2.55 

10.500 
10.250 
10.126 

140.0 
153.6 
161.0 

- 
Radius 
of Gyro 

tion 
in. 

R 
3.76 
3.75 
3.74 

3.74 
3.74 
3.73 

3.73 
3.72 
3.72 

- - 

- 
Trans- 
verse 
Area 
in.' - 
a - 

87.3 
86.3 
85.3 

85.3 
84.5 
84.3 

84.0 
83.4 
82.9 

82.6 
81.6 
80.7 

79.5 
78.9 
76.6 

- 

- 

- ~ 

Nominal Area Moment 

Metal Inertia Modulur 
in.' Pip. 

Size - 

10 

- 

12 

- 

Outside 
Diam. 

D 
- - 

10.751 

- 

I2.75( 

- 

10.542 11.83 
10.482 15.21 
10.422 18.56 

36.9 2.81 2.73 :2z I ::2! 1 2.72 
2.7 1 

3.71 
3.70 
3.69 

3.68 
3.67 
3.65 

3.63 
3.60 
3.56 

35.9 2.68 

74.7 
71.8 
68.1 

67.2 
64.5 
60.1 
56.7 

123.5 
122.4 
121.2 

120.6 
120.0 
1 1  9.9 

- 
- 

3.54 
3.5 1 
3.46 
3.43 

4.47 
4.46 
4.45 

- 
12.422 

12.344 

4.44 
4.44 
4.43 

4.43 
4.42 
4.42 

4.4 1 
4.40 
4.39 

~ 

12.312 
12.272 
12.250 

29.3 
32.0 
33.4 

119.1 
118.3 
1 18.0 

1 16.7 
115.5 
114.8 

1 14.5 
113.1 
1 1  1.9 

- 
3.22 

3.1 2 

3.1 9 
3.17 

3.34 
3.34 

12.188 37.4 
12.126 41.5 
12.090 43.8 

4.38 
4.37 
4.37 

4.35 
4.33 
4.3 1 

1 1  1.0 
108.4 
106.2 

103.8 
101.6 
99.4 
96.1 
95.0 
90.8 
86.6 
82.5 
80.5 

78.5 
74.7 

- 

- 
- 

4.29 
4.27 
4.25 

4.22 
4.2 1 
4.17 

4.1 3 
4.09 
4.07 

4.05 
4.01 
7 
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A-16. 
(Continued). Properties of Pipe 

nation 

IO Ga. 
8 Ga. 
6Ga.  
- 

API 
API 

3 Ga. 

10 
API 
20 

API 
Std. 
40 
- 
K-Stg. 

60 - -  
80 _ _  
100 

- - 
120 - -  
140 

160 
- - 
- - 

0 Ga. 
3 Ga. - - 
5 Ga. 
API 

445 

ness d 
.134 13.732 
.164 13.672 
.194 13.612 - 
.210 i3.58a 
.219 13.562 
2 3 9  13.522 

.250 13.500 
2 8 1  13.438 
.312 13.375 

.344 13.312 

.375 13.250 

.438 13.124 

___ 

.500 13.000 

.594 12.812 

.625 12.750 

.750 12.500 
,875 12.250 
.938 12.124 

1.000 12.000 
1.094 11.812 
1.125 11.750 

1.250 11,500 

1.406 11.188 

-_ 

1.375 11.250 

1.500 11.000 

.134 15.732 

.164 15.672 

.188 15.624 
- 

.194 15.612 
2 1 9  15.562 

- 
Trans- 
verse 
Area 
in.2 

0 

148.1 
146.8 
145.5 

- - 

3Ga. I 2 3 9  

- 
Area 

of 
Metal 

in.2 

A 
5.84 
7.13 
8.4 1 

- - 

15.522 

256.0 
285.2 
314.9 

344.3 
372.8 
429.6 

483.8 
562.4 
588.5 

687.5 
780.1 
820.5 

868.0 
929.8 
950.3 

1027.5 
1099.5 
1 1  16.9 
1166.5 

210 
256 
294 

30 1 
338 
368 

385 
430 
474 

_. 

-- 

-- 

-- 

36.6 4.86 
40.7 4.85 
45.0 ' 4.84 

49.2 4.83 
53.2 4.82 
61.4 4.80 

69.1 4.78 
80.3 4.74 
84.1 4.73 

98.2 4.69 
1 1  1.4 4.65 
117.2 4.63 

124.0 4.61 
132.8 4.58 
135.8 4.57 

146.8 4.53 
157.1 4.49 

I 159.6 4.48 
166.6 4.45 

26.3 5.61 
32.0 5.60 
36.7 5.59 

37.6 5.59 
42.3 5.58 
45.9 5.57 

48.1 5.57 
53.8 5.56 
59.2 5.55 

.- 

3.67 
3.67 
3.67 

3.67 
3.67 
3.67 

3.67 
3.67 
3.67 

3.67 
3.67 
3.67 
3.67 

4.19 
4.19 
4.19 

4.19 
4.19 
4.19 

4.19 
4.19 
4.19 

4.19 
4.19 
4.19 

4.19 
4.19 
4.19 

- 

3.40 
3.35 
3.34 

3.27 
3.21 
3.17 

3.14 
3.09 
3.08 

3.01 
2.94 
2.93 
2.88 

4.12 
4.10 
4.09 

4.09 
4.07 
4.06 

4.06 
4.04 
4.03 

4.01 
4.00 
3.96 

3.93 
3.86 
3.85 

- -- 

107 
123 
131 

139 
151 
155 

171 
186 
190 
200 

23 
28 
32 

33 
37 
40 

42 
47 
52 

57 
63 
73 

51.2 
51.1 
50.0 

49.0 
47.5 
47.0 

45.0 
43.1 
42.6 
41.2 

84.3 
83.6 
83.3 

83.0 
82.5 
82.0 

82.1 
81.2 
80.1 

80.0 
79.1 
78.2 

- 

- 

SO0 
.625 
.656 

15.000 
14.750 
14.688 

1047 
1157 
1192 

1331 
1366 
1463 

1556 
1586 
1704 

1761 
1816 
1893 

130.9 5.40 
144.6 5.37 
149.0 5.35 

166.4 5.31 
170.7 5.30 
182.9 5.27 

194.5 5.24 
198.3 5.23 
213.0 5.19 

220.1 5.17 
227.0 5.15 
236.6 5.12 

Nominal Moment Radius 

140.4 
170.7 
200.6 

- 
Pipe 
Size - 

14 

- 

16 

wt. of 
Neight Water 

per per Ft. 
Foot of Pipe 

20 64.2 
24 63.6 
29 63.1 

31 62.8 
32 62.6 
35 62.3 

37 62.1 
41 61.5 
46 60.8 

- 

Outside 
Diam. 

D 
- - 

14.000 

I Wall 
Desig- Thick- 

144.8 
144.5 
143.6 

9.10 
9.48 

10.33 

2 16.2 30.9 4.87 
225.1 I l3:: 1 4.87 
244.9 4.87 

143.0 
141.8 
140.5 

139.2 
137.9 
135.3 

10.82 
12.1 1 
13.44 

3.54 

3.44 

14.76 
16.05 
18.66 

E 1 
89 55.3 

132.7 
129.0 
127.7 

21.21 
24.98 
26.26 

31.22 
36.0'8 
38.47 

40.84 
44.32 
45.50 

50.07 
54.54 
55.63 
58.90 

6.68 
8.16 
9.39 

-- 

7 

122.7 
117.9 
115.5 

113.1 
109.6 
108.4 

103.9 
99.4 
98.3 
95.0 

194.4 
192.9 
192.0 

_- 

- 

191.4 
190.2 
189.2 

9.63 
10.86 
11.83 

10 
API 
20 

API 
Std. 
API 

- 

1 89.0 
187.0 
185.6 

184.1 
182.6 
1 80.0 

-.- 

12.40 
13.90 
15.40 

16.94 
18.41 
2 1.42 

519 
562 
650 

Mtg. 

60 
- -  1:: 1 E:? 

108 73.4 

176.7 
170.9 
169.4 

24.35 
30.19 
3 1.62 

732 

5.43 
6.000 

,750 
-844 
.875 

14.500 
14.31 2 
14.250 

122 71.5 
137 1 69.7 
141 69.1 

165.1 
160.9 
159.5 

35.93 
40.1 4 
41.58 

1 .ooo 
1.031 
1.1 25 

14.000 
13.938 
13.750 

E 1 ti:: 
179 64.4 

t:;; 1 3::; 
4.19 3.60 

153.9 
152.6 
148.5 

47.1 2 
48.49 
52.57 

120 
I -  _ _  

1.219 
1.250 
1.375 

13.562 
13.500 
13.250 

t:;; 1 E: 
4.19 3.47 

144.5 
143.1 
137.9 

56.56 
57.92 
63.1.7 59.8 

57.4 
55.9 

140 

160 
_ _  1.438 

1 SO0 
1.594 

13.1 24 
13.000 
12.812 

135.3 
132.7 
129.0 - 

65.79 
68.33 
72.10 - 



Moment 
of 

Inertia 
in.' 

I 
300 
366 
430 

526 
550 
570 

679 
744 
807 

869 
963 

1053 

1177 
1290 

, 1515 

- 

Radivr 
Section of Gym 

in.' in. 
Modulus tion 

2 R 
33.4 6.32 
40.6 6.31 
47.8 6.29 

58.4 6.28 
61.1 6.28 
63.4 6.27 

75.5 6.25 
82.6 6.24 
89.6 6.23 

96.6 6.22 
107.0 6.21 
117.0 6.19 

130.9 6.17 
143.2 6.14 
168.3 6,lO 

per Ft. 

4.71 
4.71 
4.71 

4.71 
4.71 
4.71 

4.71 
4.71 
4.71 

4.71 
4.71 
4.71 

per Ft. a A 
4.64 246.9 7.52 
4.63 245.3 9.139 
4.61 243.6 10.85 

4.59 241.1 13.34 
4.58 241.0 13.96 
4.56 240.0 14.49 

4.55 237.1 17.36 
4.53 235.4 19.08 
4.51 233.7 20.76 

4.50 232.0 22.44 
4.48 229.5 24.95 
4.45 227.0 27.49 

- 

.134 

.I64 

.194 

.239 

.250 

.281 

.312 
3 4 4  
3 7 5  

.406 
.438 
.SO0 

.562 

.625 

.750 

.875 

.938 
1.000 

1.125 
1.156 
1.250 

~ _ _  
17.732 
17.672 
17.612 

17.522 
17.500 
17.438 

17.375 
17.31 2 
17.250 

17.188 
17.124 
17.000 

16.876 
16.750 
16.500 

16.250 
16.124 
16.000 

15.750 
15.688 
15.500 

79.2 
76.6 
75.3 
71.0 

132.6 
131.8 
131.0 

129.8 
130.0 
128.6 

128.1 
127.0 
126.0 

125.4 
125.1 
122.8 

120.4 
119.5 
114.9 

4.71 
4.71 
4.71 
4.71 

5.24 
5.24 
5.24 

5.24 
5.24 
5.24 

5.24 
5.24 
5.24 

5.24 
5.24 
5.24 

5.24 
5.24 
5.24 

3.99 
3.93 
3.89 
3.78 

5.17 
5.15 
5.13 

5.1 1 
5.1 1 
5.09 

5.08 
5.06 
5.04 

5.02 
5.01 
4.97 

4.93 
4.91 
4.81 

4.78 
, 4.71 

4.80 

~ 4.65 
1 4.58 
~ 4.56 

~ 4.52 
4.45 
4.32 
4.21 

- 

182.7 71.82 2498 277.5 5.90 
176.7 77.75 2668 296.5 5.86 
173.8 80.66 2750 305.5 5.84 
163.7 90.75 3020 335.5 '5.77 

305.8 8.36 41 3 41.3 7.02 
303.9 10.22 503 50.3 7.01 
302.1 12.07 592 59.2 7.00 

299.3 14.84 725 72.5 6.99 
299.0 15.52 759 75.9 6.98 
296.8 17.41 846 84.6 6.97 

295.0 19.36 937 93.7 6.95 
292.9 21.24 1026 102.6 6.95 
291.1 23.12 1113 111.3 6.94 

289.2 24.99 1200 120.0 6.93 
288.0 26.95 1290 129.0 6.92 
283.5 30.63 1457 145.7 6.90 

278.0 36.15 1704 170.4 6.86 
276.1 38.04 1787 178.7 6.85 
265.2 48.95 2257 225.7 6.79 

261.6 52.57 2409 240.9 6.77 
254.5 59.69 2702 270.2 6.73 
252.7 61.44 2771 277.1 6.72 

247.4 66.71 2981 298.1 6.68 
240.5 73.63 3249 324.9 6.64 
238.8 75.34 3317 331.7 6.63 

233.7 80.45 3508 350.8 6.60 
227.0 87.18 3755 375.5 6.56 
213.8 100.33 4217 4 l l . 7  6.48 
202.7 1 1  1.49 4586 458.6 6.4l 

- 
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A-16. 
(Contimed). Propertiel3 of Pipe - 
Veight 

Per 
Foot 

26 
31 
37 

45 
47 
49 

59 
65 
71 

76 
82 
93 

105 
116 
138 

160 
171 
182 

203 
208 
224 

- 
_I 

- 

- 

- 

- 

1 ~ I Trans- I Area Nominal 

Pipe 
Size 

- 
Outside 
Diam. - 

D - 

'8.OOa 

wt. of 
Water 
per Ft. 
sf Pipe 

107.1 
106.3 
105.6 

104.5 
104.6 
104.0 

102.5 
102.0 
101.2 

100.6 
99.5 
98.2 

- nation I ness I d 
~ 

10 Go, 
8 Go. 
6 Go. 

3 Go. 
10 

API 

20 
A PI 
Std. 

API 
30 

_.__ 

- 

- 

K-Stg. - 
40 

60 
.- 
- 
-. 
80 
I -  - 
- -  
100 - -  

97.2 
95.8 
92.5 

$06 
6.04 
6.02 

192.3 
203.8 
2 15.0 

237.0 
242.3 
257.7 

4.25 
4.22 
4.1 9 

4.1 2 
4.1 1 
4.06 

5.98 
5.97 
5.94 

84.5 

81.8 
83.7 

120 

140 
160 

I O  Go. 
8 Go. 
6 Go. 

- -  

- 
244 
265 
275 
309 

28 
35 
41 

50 
53 
59 

66 
72 
79 

85 
92 

105 

123 
129 
167 

- 
.__ 

- 

- 

- 

1.375 
1.500 
1.562 
1.78 1 

15.250 
15.000 
14.876 
14.438 - 
19.732 
19.672 
19.612 

19.522 
19,500 
19.438 

- 
.134 
.164 
.194 

3 Ga. 
10 
API 

.239 

.250 

.281 

179 
203 
209 

227 
250 
256 

107.3 
104.3 

274 
297 
342 
379 - 5.24 . .- 



Appendix 

A-16. 
(Continued). Properties of Pipe 

Radius 

tion 
in. 

R 
7.72 

o f  G v -  

Derig- 
nation 

8 Ga. 
6 Gu. 
3 Go. 

API 
API 
API 

API 1 API 
API 

API 
API _ _  
_ _  _ _  - -  
- -  - -  - -  .- 

8 Ga. 
6 Ga. 
3 Go. 

10 
API 
API 

API 
Std. 
API 

API 
X-Stg. 
30 
- -  
40 - -  
- -  
60 - -  
- - 
80 - -  
-. 
_ -  
100 

120 
140 
160 

8 Ga. 
6 Ga. 
3 Ga. 

API 
API 
API 

.- 

-- 

Wall 
Thick 
ness 

.16r 

.I91 

.231 

.25( 

.281 
-31: 

.344 

.37! 
,404 

.438 

.500 

.625 

,750 
.a75 

1 .ooa 
1.125 
1.250 
1.375 
1 S O 0  

.I64 

.194 

.23P 

.250 

.281 

.312 

.344 

.375 

.406 

.438 
SO0 
362 

.625 

.688 

.750 

375 
.969 

1 .ooo 
1.125 
1.219 
1.250 

1.375 
1 SO0 
1.531 

1.812 
2.062 
2.344 

.164 

.I94 

.239 

.250 

.281 

.312 

, 

-- 

Trans- Area 
verse of 
Area Metal 
in., in.* 

a A 

Momenl 
Of 

Inertia 
in.' 

I 
21.672 
21.612 
21.522 

38 
45 
56 

20.500 
20.250 
20.000 

19.750 
19.500 
19.250 
19.000 

23.672 
23.612 
23.522 

23.500 
23.438 
23.376 

23.312 
23.250 
23.188 

23.124 
23.000 
22.876 

170 
198 
224 

251 
277 
303 
329 

42 
49 
61 

63 
71 
79 

87 
95 
102 

110 
125 
141 

7.39 
7.35 
7.3 1 
7.27 

8.43 
8.42 
8.40 

8.40 
8.38 
8.38 

8.36 
8.35 
8.34 

8.33 
8.3 1 
8.28 

8.27 
8.25 
8.22 

8.18 
8.1 5 
8.14 

8.10 
8.07 
8.05 

8.0 1 
7.97 
7.96 

7.87 
7.79 
7.70 

9.1 3 
9.12 
9.1 1 

9.10 
9.09 
9.08 

-- 

189.0 
187.0 
186.9 

185.0 
183.8 
183.1 

182.1 
181.0 
178.5 

6.28 6.15 
6.28 6.14 
6.28 6.12 

6.28 6.10 
6.28 6.09 
6.28 6.07 

6.28 6.05 
6.28 6.02 
6.28 5.99 

- 

435.0 
431.5 
430.0 

426.8 
424.6 
422.3 

420.0 
416.0 
411.0 

406.5 
402.1 
397.6 

388.8 
382.3 
380.1 

18.67 1320 
20.94 1472 
23.20 1630 

25.57 1789 
27.83 1942 
30.09 2095 

32.42 2252 
36.90 2550 
41.40 2840 

45.90 3137 
50.30 3422 
54.78 3705 

63.57 4257 ~ 

70.04 4652 1 
72.26 4788 

- 

354.7 97.73 
346.4 106.03 
344.3 108.07 

326.1 126.30 
310.3 142.10 
293.1 159.40 

517.6 13.31 
515.2 15.73 
511.6 19.34 

510.7 19.85 

505.8 25.18 
508.2 22.70 

6275 522.9 
6740 561.7 
6847 570.6 

7.823 651.9 
8627 718.9 

- 
9457 7138.1 

1 1 1 1  135.4 
1310 100.7 
1605 123.4 

1646 126.6 

2076 159.7 
11377 144.4 

Nominal 
Section 

Modului 
in.3 

z 
- 

wt. of 
Water 
per Ft. 
of Pipe 

159.9 
159.0 
157.7 

- 
Sq. Ft. 

Outside 
Surface 
per Ft. 

5.76 
5.76 
5.76 

- 
Sq. Ft. 
Inside 

Surfacc 
per Ft. 

5.67 
5.66 
5.63 

- 
Outridc 
Diam. 

D - 

22.00( 

368.9 11.25 671 
366.8 13.29 790 
363.8 1 16.34 I 967 

61.0 
71.8 
87.9 

f 
21.312 
2 1.250 
21.188 

21.124 101 
21.000 115 
20.750 143 

363.1 17.18 1010 
361.0 19.17 1131 
358.9 21.26 1250 

356.7 23.40 1373 
354.7 25.48 1490 
352.6 27.54 1607 

350.5 29.67 1725 
346.4 33.77 1953 
338.2 41.97 2400 

330.1 50.07 2829 
322.1 58.07 3245 
314.2 65.97 3645 

91.8 
102.8 
1 13.6 

124.8 
135.4 
146.1 

156.8 
177.5 
2 18.2 

257.2 
295.0 
33 1.4 

366.3 
400.0 
432.6 
463.9 122.9 4.97 

72.7 
85.7 

105.0 

110.0 
122.7 
136.0 

149.1 
161.9 
174.6 

137.7 
2 1 3.0 
237.0 

261.4 
285.2 
308.8 

354.7 
3 8 7.7 
399.0 

22.750 
22.624 
22.500 

156 
171 
186 

175.9 
174.2 
172.1 

~ 

5.96 
5.92 
5.89 

6.28 
6.28 
6.28 

24.00C 

22.250 
22.062 
22.000 

216 
238 
246 

371.5 80.85 5302 ' 
365.2 87.17 
363.1 189.34 I :% 1 441.8 

472.8 
483.0 

21.750 275 

21.500 304 
21.562 297 1 

153.8 
150.2 
149.3 6.28 

141.4 
134.4 
127.0 

15.61 2 
15.522 

15.500 
l6.000 

221.4 6.68 

2 19.2 6.64 
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A-16. 
(Continued). Properties of Pipe 

31.124 
3 1 .OOO 
30.750 

30.500 
30.250 
30.000 

29.750 
29.500 
29.250 
29.000 

--- 

- 

Yeighl 
Per 

Foot 

94 
103 
1 1 1  

120 
136 
169 

202 
235 
267 

299 
362 
393 

52 
62 
76 

79 
89 
99 

- 
- 

- 

- 

- 

- 

Inside 
Diam. 

d 
25.3 12 
25.250 
25.1 88 

- - 

- 
WI. of 
Water 
per Ft. 
,f Pips 

2 18.2 
217.1 
2 1 6.0 

24.500 
24.250 
24.000 

23.750 
23.250 
23.000 

29.672 
29.612 
29.522 

29.500 
29.438 
29.376 

- 

- 
Wall 
rhick- 
ness 

344  
.375 
.406 

.438 

.500 

.625 

.750 
-875 

1 .ooo 

1.125 
1.375 
1.500 

.164 

.194 

.239 

.250 

.28 1 
3 1  2 

- 
- 

- 

- 

- 

- 

Sq. Ft. 
Outside 
Surface 
per Ft. 

6.81 
6.81 
6.81 

6.81 
6.81 
6.81 

6.8-1 
6.81 
6.81 

6.81 
6.81 
6.81 

7.85 
7.85 
7.85 

- 
Radiur 
if Gym 
tion 
in. 

R 
9.07 
9.06 
9.05 

9.04 
9.02 
8.98 

8.93 
8.89 
8.85 

- - 
- 

- 

Trans- 
verse 

Sq. Ft. 
Inside in.' 

Surface 
per Ft. a 
6.63 503.2 
6.61 500.7 
6.59 498.3 

6.58 495.8 
6.54 490.9 
6.48 481.1 

6.41 471.4 
6.35 461.9 
6.28 452.4 

6.22 443.0 
6.09 424.6 
6.02 415.5 

7.77 691.4 
7.75 688.6 
7.73 684.4 

API 
API .- 
- -  24.000 
- -  - -  
- -  
- I  

.- 

8 Ga. 
6 Ga. 
3 Ga. 

API 
API 
10 

API 
API 
API 

30.000 ApI 
20 
30 

- -  - -  - -  
- I  - -  - .  -. 

API 
API 
API 

API 
API 
API 

API 
API 

32.000 _ _  
- -  - -  -. 
- -  _ _  _ _  - _  

35.17 
40.06 
49.82 

59.49 
69.07 
78.54 

87.91 
106.37 
115.45 

15.37 
18.17 
22.35 

23.37 
26.24 
29.19 

32.04 
34.90 
37.75 

40.68 
46.34 
57.68 

68.92 
80.06 
91.11 

102.05 
112.90 
123.65 
134'.30 

24.93 
28.04 
31.02 

34.24 

-. - 

2674 
3259 
4013 

4744 
5458 
6149 

6813 
8088 
8695 

1711 
2017 
2474 

2585 
2897 
3201 

3524 
3823 
4132 

4442 
5033 
6213 

7371 
8494 
9591 

10653 
11682 
12694 
13673 

3141 
3525 
3891 

4287 

Section 
Modulus 

in.3 

2 
175.4 
190.6 
205.6 

- - 
Nominal 

Desig- 

API 
API 

- 
Pipe 
Size - 

26 
con t. 

- 

30 

- 

32 

* 32.64 

25.1 24 
25.000 
24.750 

2 14.9 
212.8 
208.6 

204.4 
200.2 
196.1 

192.1 
184.1 
1 80.1 

299.9 
298.6 
296.7 

296.3 
295.1 
293.7 

- 

- 

- 

- 

221.1 
250.7 
308.7 

364.9 
41 9.9 
473.0 

~~ 

524.1 
622.2 
668.8 

8.80 
8.72 
8.68 

10.55 
10.53 
10.52 

10.52 
10.5 1 
10.50 

10.49 
10.48 
10.46 

10.45 
10.43 
10.39 

10.34 
10.30 
10.26 

10.22 
10.17 
10.13 
10.09 

- 

- 

- 

- 

-- 

- 

1 14.0 
134.4 
165.0 

7.85 
7.85 
7.85 

7.72 683.4 
7.70 1 680.5 
7.69 I 677.8 

172.3 
193.1 
2 13.4 

235.0 
254.8 
275.5 

296.2 
335.5 
414.2 

49 1.4 
566.2 
639.4 

71 0.2 
778.8 
846.2 
91 1.5 

-- 

3 4 4  
275 
.406 

.438 

.500 

.625 

.750 

.875 
I .ooo 

1.125 
1.250 
I .375 
I .500 

.250 

.28 1 
3 1 2  

344 
, 3 7 5  
.406 

- 

- 

- 

- 

- 

29.31 2 
29.250 
29.188 

109 
119 
130 

292.6 
291.2 
290.7 

7.85 
7.85 
7.85 

7.67 
7.66 
7.64 

674.8 
672.0 
669.0 

138 
158 
196 

288.8 
286.2 
281.3 

29.1 24 
29.000 
28.750 

28.500 
28.250 
28.000 

660.5 

234 
272 
310 

276.6 
271.8 
267.0 

7.85 
7.85 
7.85 

7.46 
7.39 
7.33 

637.9 
620.7 
615.7 

~ 

27.750 
27.500 
27.250 
27.000 

3 47 
384 
42 1 
457 

85 
95 

106 

116 
127 
137 

148 
168 
209 

- 

- 

- 

262.2 
257.5 
252.9 
248.2 

337.8 
336.5 
335.2 

- 

7.85 
7.85 
7.85 
7.85 

7.26 
7.20 
7.1 3 
7.07 

604.7 
593.9 
583.1 
572.5 

11.22 
11;21 
11.20 

11.19 
11.18 
11.17 

- 

3 1.500 
3 1.438 
3 1.376 

t:38 1 E3 
8.38 8.21 

779.2 
776.2 
773.2 

196.3 
220.3 
243.2 

268.0 
291.0 
314.1 

~ 

31.312 
3 1.250 
31.188 

333.8 
332.5 
33 1.2 

329.8 
327.2 
32 1.9 

764.0 

8.38 754.7 
11.16 
11.14 
1 1.09 

.438 

.SO0 
A25 

.750 
375  

1 .ooo 

1.125 
1.250 
1.375 
1.500 

- 

- 

337.9 
383.8 
473.6 

561.9 
648.0 
730.0 

1 1.05 
11.01 
10.95 

10.92 
10.88 
10.84 
10.80 

- 

- 

250 
29 1 
33 1 

37 1 
410 
450 
489 

- 
3 16.7 
31 1.5 
306.4 

301.3 
296.3 
291.2 
286.3 

- 

- 

8.38 
8.38 
8.38 

7.98 
7.92 
7.85 

730.5 
718.6 
706.8 

I I 

7.79 
7.72 
7.66 
7.59 

695.0 
680.5 
671.9 
660.5 

8 1 2.7 
899.9 
970.4 

1047.0 

8.38 
8.38 
8.38 
8.38 



Appendix 

A-16. 
(Concluded). Properties of Pipe 

Section 
Modulus 

in.3 

2 
221.9 
248.8 
275.3 

302.8 
329.2 
355.7 

382.4 
434.4 
536.7 

637.0 
731.9 
830.2 

923.7 
1014.5 
1104.1 
1191.0 

165.3 
194.4 
238.5 

249.5 
279.1 
309.1 

- 

449 

Radius 
of Gym 

tion 
in. 

R 
11.93 
11.92 
11.91 

11.90 
11.89 
11.87 

11.86 
11.85 
11.80 

11.76 
11.71 
11.67 

11.63 
11.58 
11.54 
11.50 

12.67 
12.66 
12.64 

12.64 
12.63 
12.62 

157 
179 
223 

266 
308 
353 

373.6 8.90 8.67 861.7 
370.8 8.90 8.64 855.3 
365.0 8.90 8.57 . 841.9 

359.5 8.90 8.51 829.3 
354.1 8.90 8.44 816.8 
348.6 8.90 8.38 804.2 

- 
395 
437 
479 
521 

63 
74 
91 

96 
107 
119 

131 
143 
154 

- 

-- 

343.2 8.90 8.31 791.6 
337.8 8.90 8.25 779.2 
332.4 8.90 8.18 766.9 
327.2 8.90 8.11 754.7 

433.2 9.42 9.34 999.3 
431.8 9.42 9.32 996.0 
429.6 9.42 9.30 991.0 

429.1 9.42 9.29 989.7 
427.6 9.42 9.28 986.4 
426.1 9.42 9.26 982.9 

424.6 9.42 9.24 979.3 
423.1 9.42 9.23 975.8 
421.6 9.42 9.21 972.5 

- ---- - -- 
340.4 
370.2 
399.5 

429.9 
488.1 
604.0 

716.5 
828.1 
936.2 

1042.6 
1145.8 
1247.3 
1346.5 

339.3 
506.1 
668.4 

827.3 
985.2 

1137.9 

1289.5 
1437.8 
1582.5 

1725.7 
1865.7 

12.60 
12.59 
12.58 

12.57 
12.55 
12.51 

12.46 
12.42 
12.38 

12.34 
12.29 
12.25 
12.21 

14.73 
14.71 
14.67 

14.62 
14.59 
14.54 

14.50 
14.45 
14.41 

14.37 
i 14.33 

166 
190 
236 

282 
329 
374 

419 
464 
509 
553 

112 
167 
222 

276 
331 
385 

438 
492 

- 

420.1 9.42 9.19 968.9 
417.1 9.42 9.16 962.1 
411.1 9.42 9.10 948.3 

405.3 9.42 9.03 934.7 
399.4 9.42 8.97 921.2 
393.6 9.42 8.90 907.9 

387.8 9.42 8.83 894.5 
382.1 9.42 8.77 88.1.3 
376.4 9.42 8.70 868.2 
370.8 9.42 8.64 855.3 

586.4 10.99 10.86 1352.6 
579.3 10.99 10.80 1336.3 
572.3 10.99 10.73 1320.2 

565.4 10.99 10.67 1304.1 
558.4 10.99 10.60 1288.2 
551.6 10.99 10.54 1272.3 

544.8 10.99 10.47 1256.6 
537.9 10.99 10.41 1240.9 

-- 

- - - -  
- -  

_ _  _ -  _ _  
_ _  _ _  _ _  
_ _  _ _  

.250 41.500 
, .375 41.250 

.SO0 41.000 

.625 40.750 

.750 40.500 
,875 40.250 

1.000 40.000 
1.125 39.750 
1.250 39.500 

1.375 39.250 
1.500 39.000 

1 I I I Trans- Moment 
of 

Inertia 
in.' 

I 
- - 

3773 
4230 
4680 

Nominal Ama 
of 

Metal 
in.' 

A 
26.50 
29.77 
32.99 

36.36 
39.61 
42.88 

46.1 8 
52.62 
65.53 

78.34 
90.66 

- - 
- 

-- 

-- 

103.6 

116.1 
128.5 
140.9 
153.1 - 
18.53 
2 1.83 
26.86 

28.1 1 
3 1.49 
34.95 

--- 

verse 
per 1 Wt. of I Sq. Ft. I Sq. Ft. I A: 

per Ft. Surface Surface 
Foot of Pipe per Ft. per Ft. 

Weight Water Outside Inside in.z 

- 
Pipe 
Size - 

34 

- 

36 

- 

42 

- 

Outside 
Diam. 

Inside 
Wall Diam. 

Desig- I Thick- 1- 
D - 

34.ooa 

nation1 ness I d 

API 
API 
API 

~~ 

.250 

.28 1 
2 1 2  

33.500 
33.438 
33.376 

--I--+- 
51 47 
5597 
6047 

650 1 
7385 
91 24 

10829 
12442 
141 14 

15703 
17246 
18770 
20247 

-- 

--- 

-- 

33.31 2 
33.250 
33.1 88 

API 
API - -  

.438 
SO0 
.625 

33.1 24 
33.000 
32.750 

.750 

.875 
1 .ooo 

32.500 
32.250 
3 2.000 

1.1 25 
1.250 
1.375 
1,500 

.164 
,194 
.239 

- 
3 1.750 
3 1 .SO0 
3 1.250 
3 1.000 

35.672 
35.61 2 
35.522 

2975 
3499 
4293 

449 1 
5023 
5565 

61 27 
6664 
7191 

7737 
8785 

10872 

12898 
14906 
1685 1 

18766 
20624 
822451 
24237 

-- 

API 
API 
A PI 

.250 

.28 1 

.312 

.344 

.375 

.406 

-.-- 

35.500 
35.438 
35.376 

35.3 12 
35.250 
35.1 88 

API 
API 
API 

38.56 
42.01 
45.40 

48.93 
55.76 
69.50 

83.0 1 
96.60 
09.9 

23.3 . 
36.5 
49.6 
62.6 

32.82 
49.08 
65.18 

.-- 

- 

API 
API 

.438 

.SO0 

.625 

35.1 24 
35.000 
34.750 

33.750 
33.500 
33.250 
33.000 

1.250 
1.375 
1.500 

71 26 
10627 
14037 

17373 
20689 
23896 

27080 
301 93 
33233 

36240 
39181 

-- 

81.28 
97.23 
13.0 

28.8 
44.5 
60.0 

75.5 
90.8 

l2.000 



450 

STANDARD STEAM AND GAS PIPES 

6 7 8 9 IO 11 IS 13 14 15 -_ - -_ - .-.- ~-- . -  --- 
(EX) !)I8 1292 17(i7 248X 3014 37x6 41104 5W7 7X21 
273 405 5(i!) 77!1 IO!)li lX2X 1NiH 2101 21il6 32% 
133 I!)X 278 380 5 3 i  64!l XI5 1070 1203 1576 

:39.2 58.1 81.7 112 157 1!)0 a39 310 375 463 

19.6 2!).0 40.8 55.X 7H.5 95.1 119 155 1x7 231 
11.7 17.4 24.4 33.4 47.0 56.!) 71.6 !EL6 112 138 
ci.39 !).4X 13.3 20.9 23.7 31.2 3!Ll 50.6 (11.1 75.5 
3.02 4.48 G.30 8.61 12.1 14.7 18.5 23.9 28.9 35.7 
1.65 2.44 3.43 4.69 6.fN 8.00 10.0 13.0 15.7 19.4 

* * * 1.48 2.09 2.85 4.02 4.86 8.11 7.91 9.56 11.8 
1.51 * * * 1.41 1.93 2.71 3.28 4.12 5.34 6.45 7.07 
2.18 1.43 * * * 1.35 1.!)3 3.83 2.!U 3.79 4.57 5.67 
2.9X 1.!)5 1.37 * * * 1.41 1.71 2.14 2.77 3.35 4.14 
3.93 2.57 1.80 1.32 * * * 1.2) 1.52 1.97 2.38 2.94 

6.34 4.15 2.91 2.13 1.61 I,!!(\ * * * 1.30 1.57 1.93 
7.75 5.07 3.56 2.630 1.98 1.53 1.22 * * * 1.21 1.4!) 
9.48 (i.21 4.35 3.1% 2.41 1.88 1.50 1.22 * * * 1.24 

11.5 7.52 5.27 3.85 2.!U 2.27 1.81 1.48 121 * * * 
18.4 8.78 6.15 4.51 3.41 2.fili 2.12 1.73 1.42 1.18 
15.7 10.3 7.20 5%' :%.!I9 3.11 2.47 2.03 1.M 1.37 
18.2 11.9 8.35 6.11 4.M 3.60 2S7 '2.35 1.92 1.59 
23.!) 15.6 10.8 8.02 6.07 4.73 3.76 3.08 2.52 2.08 
38.2 25.0 17.5 12.8 9.70 7.55 6.01 4.92 4.02 3.32 

67.6 14.2 31.0 Z2.7 17.2 18.4 10.7 8.72 7.14 5.88 
lOS 70.4 49.3 36.1 27.3 21.3 18.9 13.9 11.3 9.37 
159 104 73.0 53.4 40.5 31.5 25.1 '20.5 16.8 13.9 
223 146 102 75.0 56.8 44.2 352 28.8 23.5 19.4 
6 7 8 9 10 11 12 13 14 15 

5.05 :MI 2.32 1.70 1.2s * * * 1.20 1 . w ~  1.88 2.43 

------- ------- 

Applled Process Design for Chemical and Petrochemical Plants 

16 17 - 
8535 9717 
R7til 4282 
1837 2032 
539 614 

209 307 
161 184 

88.0 100 
41.6 47.4 
22.6 25.8 

13.8 15.6 
9.31 10.6 
6.60 7.5: 
4.83 5.X 
3.43 3.91 

2.83 3.a; 
2.20 2.5) 
1.74 1.91 
1.44 1.61 
1.17 1.31 

* * * 1 . l r  
1.17 * * 
1.36 1.11 
1.78 1.5: 
2.84 2.4: 

5.03 4.3( 
8.01 6.8! 

11.1) 10.1 
16.6 14.2 

16 17 

A-17. 
Equation of P i p  

The table below gim the numllcr of jipca of one size required to equal in delivery other larger pipes of mino length and under ~ a m c  
conditions. The upper portion above the siagonal line of stam pertains to "standard" steam and gas pilm, wliile the lowcr portion is for 
pipes of the ACTUAL intrrnal dinmetnm given. The figures given in tlie table opposite t.he intcrswtion of any two sizm k the numhcr 
of the smaller-siwd p i p  required to equal one of tho Irtrmr. Thw, it qu ires  Rbndnrd %inch pipea to equal one standard 7-1nch pipe. 

1.21; 

' * * 
1.87 
3.11 
fI.87 
2.5 

!0.4 

- - 
Dim. 

!4 N 
1% 

_L 

1 

2 

fM 
4 
5 

6 
7 
8 
9 

10 

11 
12 
13 
14 
15 

16 
17 
18 
20 
24 

30 
36 
42 
48 
Dia. 
-- 

3.34 6.18 13.0 23.8 

1.B7 3.06 6.47 11.9 
* * * 1.83 3.87 7.11 

3.07 2.al 1.84 
6.70 4.03 1.83 * * * 

10.1) tl.56 2.97 lx:! 

l.tirr* * * * I *  2.12 * 3.89 
54.8 

loa 
170 
376 
686 

21.0 7.25 
3!1.4 13.6 
65.4 22.6 

144 49.8 
263 90.9 

1116 
1707 
2435 
3335 
4793 

429 
6563 
!I36 

1281 
1688 

148 
320 
322 
440 
582 

717 
938 

1146 
1103 
1 (XI8 

1!IM 
2:3!?L? 
2(i!)l 
.h32 
6844 

!)!)IN) 
l.5!)02 
2:35:3 1 

1 

0 r. ' 

33020 -- 
- 

11.2 
4.5 
10.8 
i0.4 

103 

158 
129 

- -- 
1% - 

15.8 
K!)7 
3.45 

2.2(1 
4.23 
7.03 

* * *  

15.5 
28.3 

4(i.O 
70.5 

101 
137 
181 

233 
a!):% 
358 
43% 
530 

619 
724 
840 

11m 
1761 

3117 
4!& 1 
731 1 
10801 
1% 
- 
- 

l(l.6 10.0 4.54 2.4! 
23.8 14.3 6.48 3.54 
x2.5 l!L5 8.85 4.85 
42.9 25.8 11.7 0.4C 

55.1 33.1 15.0 8.22 

84.5 50.7 23.0 12.6 
69.2 4i.ti ix.8 m.:j 

5642 
7087 
8057 

216s 
2723 
33a(i 

10600 
12824 

14978 
17537 
20Qa7 
26676 
42624 

75453 
l20100 

4070 
4927 

575s 
6738 
7810 

10249 
16376 

28990 
463143 

- - 
Dia. 

Hi 
% 

1% 
1 

2 

4 
5 

6 
7 
8 
9 

10 

11 
12 
1.7 
14 
15 

16 
17 
18 
20 
24 

30 
36 
42 
48 - - 

1!)3 
234 

2i-1 
X20 
317 
187 
778 

378 
!l!H 
1'245 
t554 
2 

By permission, Buffalo Tank Div., Bethlehem Steel Corp. 

103 (i2.2 2x2 15.4 
126 75.8 34.1 18.7 

146 MY.0 39.9 21.8 
171 103 40.6 25.6 
1!I8 119 54.1 29.6 
260 157 70.!) 38.9 
416 250 113 62.1 

736 443 201 110 
1172 705 319 175 
1734 1044 473 259 
2434 14(i5 663 363 ---.-- 
2% 3 1 4  5 



A-18. 
Circumferences and Areas of Circles 

(Advancing by eighths) 

A-18. 
(Continued). C i d e r e n a s  and Areas of Circles 

(Advancing by eighths) 

Circiim. 

.04909 

.09818 

.14726 
-19635 
.s9452 
.39170 
.49087 
.5S005 
.6S722 

.iS.i-IO 

.Kt357 

.9S175 
1.0799 
1.1781 
1.2763 
1.3544 
l.4i26 

1 .5iOS 
1.6690 
1.5ti71 
1,4653 
1.9635 
2.061i 
2.1598 
2.25so 

2.3562 
2.4544 
2.5525 
2.6507 
2.7489 
2.8471 
2.9452 
3.0434 

3.1416 
3.3379 
3.5343 
3.7306 
3.9270 
4.1233 
4.3197 
4.5160 
4.7124 
4.9087 
5.1051 
5.3014 
5.4978 
5.6941 
5.8905 
6.0868 

6.2832 
6.4795 

Area* 

.00019 

.00077 

.00173 

.00307 

.OO690 

.01527 

.01917 

.0"761 

.03758 

.04!109 

.OlC213 
:OiGiO 
.O!E 8 1 
.11045 
.E962 
.EO33 
.17257 

.19635 
2 2  166 
.24850 
27688 
.30680 
.33s24 
37122 
.405i4 

A4179 
Ai937 
,51849 
,55914 
Si0132 
.64504 
.69029 
,73708 

. I  ha4 

.SS66 

.994o 
1.1075 
1.2272 
1.3530 
I .4s49 
1.6330 
l.iG71 
1.9175 
1.0739 
2.236.5 
2.4053 
?.SO2 
2.7612 
2.9483 

3.1416 
3.3410 

- 1 -  

Circum. 

6.6759 
6.8722 
7.0686 
7.2649 
7.4618 
i.6576 
7.S540 
8.0503 
8.2467 
8.4430 
8.6394 
8.8357 
9.0321 
9.2284 

9.4248 
9.6211 
9.8175 

10.014 
10.210 
10.407 
10.603 
10.i99 
10.996 
11.192 
11.388 
11 .585 
11.581 
11.977 
12.174 
12.370 

12.566 
12.763 
12.959 
13.155 
18.352 
13.548 
13.744 
13.941 
14.137 
14.334 
14.530 
14.726 
14.923 
15.119 
15  315 
15.512 

15.708 
15.904 
16.101 
16.297 
16.493 
16.690 

Area* 1 Dia. I Circum. --- 
3.5466 
3.7583 
3.9761 
4.2000 
4.4301 
4.6664 
4.9087 
5.1572 
5.4119 
5.6727 
5.9396 
6.2126 
6.491 8 
6.7771 

7.0050 
7.3662 
7.6699 
7.9798 
8.2958 
S.6179 
8.9462 
9.2S06 
9.6211 
9.9678 

10.321 
10.6.50 
11.045 
11.416 
11.793 
12.177 

12.566 
12.962 
13.364 
13.772 
14.186 
14.607 
15.033 
15.466 
15.904 
16.349 
16.SOO 
17.257 
17.728 
18 190 
18.665 
19.147 

19.635 
20.129 
20.629 
21.135 
21.648 
22.166 

16.886 
17.082 
17.279 
17.475 
17.671 
17.868 
18.064 
18.261 
lS.457 
18.653 

18.850 
19.242 
19.635 
20.028 
20.420 
20.813 
21.206 
21.598 

21.991 
22.384 
22.776 
23.169 
23.562 
23.955 
24.347 
24.740 

25.133 
25.525 
25.918 
26.311 
36.704 
27.096 
27.489 
27.882 

28.274 
28.667 
29.060 
29.452 
29.845 
30.238 
30.631 
31.023 

31.416 
31.809 
32.201 
32.594 
32.987 
33.379 
33.772 
34.165 

Area* 

22.691 
23.221 
23.758 
24.301 
24.850 
25.406 
25.967 
26.535 
27.109 
27.688 

28.274 
29.465 
30.680 
31.919 
33.183 
34.472 
35.785 
37.122 

38.485 
39.871 
41.282 
42.718 
44.179 
45.664 
47.173 
48.707 

50.265 
51.849 
53.456 
55.088 
56.745 
58.426 
60.132 
61.862 

63.617 
65.397 
67.201 
69.029 
70.882 
72.760 
74.662 
76.589 

78.540 
80.516 
82.516 
84.541 
86.590 
88.664 
90.763 
92.886 

- 
Dia. 

11. 
34 w 
N 
?4 N 

?4 

M 
94 
% w 
?4 w 
94 
% w 
?4 
%i 

H 

12. 

g 

13. 

14. 

15. 
H 

% 
N 
% 
% 

xi 
2i 
35 
M 
% 
% w 
?4 

E 

16. 

17. 

Circum. 

34.558 
34.950 
35.343 
35.736 
36.128 
36.521 
36.914 
37.306 

37.699 
38.092 
38.485 
38.877 
39.270 
39.663 

40.448 

40.841 
41.233 
41.626 
42.019 
42.412 
42.804 
43.197 
43.590 

43.982 
44.375 
44.768 
45.160 
45.553 
45.946 
46.338 
46.731 

47.124 
47.517 
47.909 
48.302 
48.695 
49.087 
49.480 
49.873 

50.265 
50.658 
51.051 
51.444 
51.836 
52.229 
52.622 
53.014 

53.407 
53.800 

40.055 

Area* I Dis. 1 Circum. 

95.033 
97.205 
99.402 

101.62 
103.87 
106.14 
108.43 
110.75 

113.10 
115.47 
117.86 
120.28 
122.72 
125.19 
127.68 
130.19 

132.73 
135.30 
137.89 
140.50 
143.14 
145.80 
148.49 
151.20 

153.94 
156.70 
159.48 
162.30 
1G5.13 
167.99 
170.87 
173.78 

176.71 
179.67 
182.65 
185.66 
188.69 
191.75 
194.83 
197.93 

201.06 
204.22 
207.39 
210.60 
213.82 
217.08 
220.35 
223.65 

226.98 
230.33 

17% 
% 

N 
% 

% 
?4 
% 
M 
5/s 
94 N 

?4 w 
% M 
94 
N w 
?4 

% 
!% 
N w 
% 
%i 
% 
M 
% 
?4 
% 

% 
%i 
% 
M 
%i 
N w 
34 
%i 
35 

18. 

19. 

20. 

# 

21. 

22. 

23. 

54.192 
54.585 
54.978 
55.371 
55.763 
56.156 

56.549 
56.941 
57.334 
57.727 
58.119 
58.512 
58.905 
59.298 

59.690 
60.083 
60.476 
60.868 
61.261 
61.654 
62.046 
62.439 

62.832 
63.225 
63.617 
64.010 
64.403 
64.795 
65.188 
65.581 

65.973 
66.366 
66.759 
67.152 
67.544 
67.937 
68.330 
68.722 

69.115 
69.508 
69.900 
70.293 
70.686 
71.079 
71.471 
71.864 

72.257 
72.649 
73.042 
73.435 

380.13 
384.46 
388.82 
393.20 
397.61 
402.04 
406.49 
410.97 

415.48 
420.00 
424.56 
429.13 

28. 
?4 
?4 
N 
M 
% 
94 w 
?4 
% 
96 
' 1  

29. 

Circiim. 

73.827 
74.220 
74.613 
75.006 

75.398 
i5.791 
76.184 
76.576 
76.969 
77.362 
77354 
78.147 

78.540 
78.933 
79.325 
79.718 
80.111 
80,503 
80.896 
81.289 

81.081 
82.074 
82.467 
82.860 
83.252 
83.645 
84.038 
84.430 

84.823 
85.216 
85.608 
86.001 
86.394 
86.786 
87.179 
87.572 

87.965 
88.357 
88.750 
89.143 
89.835 
89.928 
90.321 
90.713 

91.108 
91.499 
91.892 
92.284 
Y2.6i7 

Area* 

488.74 
43B.36 
443 -01 
447.69 

452.39 
457.11 
461.86 
466.64 
47 1.44 
476.26 
481.11 
485.98 

490.87 
495.79 
600.74 
505.71 
510.71 
515.72 
520.77 
525.84 

530.93 
536.05 
54'1.19 
546.35 
551.55 
556.76 
562.00 
567.27 

572.56 
577.87 
583.21 
588.57 
593.96 
599.37 
604.81 
610.27 

615.75 
621.26 
626.80 
632.36 
637.94 
643.55 
649.18 
654.84 

660.52 
066.23 
671.96 
677.71 
6S3.49 

*Approximate area. sufficiently accurate for practical purpoees, including estimating. 
By permission, Buffalo Tank Div., Bethlehem Steel Corp. 

lufficimtly accurate lor practical purpmer. including estimstmg. 



A-18. 
(Continued). Ciraunfereaces and Areas of Circles 

A-18. 
(Continued). Circumferences and A r m  of Circles 

(Advancing by eighths) (Advancing by eighths) - - 
Dirt. 

- - 
Dk. 

61 ?4 
% 
M 
N 
% w 
M M 
N M 
N 
N 
M 

%i M 

N 
?4 
M 

% w 
N 
M 
% 
?4 w 
lg 
M 
N 
M 
%i 
?4 w 
M 

w 
% 
?4 
M 

M 

- 

62. 

63. 

ti 

64. 

65. 

66. 

g 

67. 

g 

-- 
Area'* 

2375.8 
2386.6 
2397.5 
2408.3 
2419.2 
2430.1 
2441.1 
2452.0 

2463.0 
2474.0 
2485.0 
2496.1 
2507.2 
2518.3 
2529.4 
2540.6 

2551.8 
2563.0 
2574.2 
2585.4 
2596.7 
2605.0 
2619.4 
2630.7 

2642.1 
2653.5 
2664.9 
2676.4 
2687.8 
2699.3 
2710.9 
2122.4 

2734.0 
2745.6 
2757.2 
2768.8 
2780.5 
2792.2 
2803.9 
2815.7 

2827.4 
2839.2 
2851.0 
2862.9 
2874.8 
2586.6 
2898.6 
2910.5 

2922.5 
2934.5 

- 
- - 
Dia. 

- - 
Dh. - 
@sH 

49. 
M 
M 

N 
?4 w 
%i 
?4 

% 
N w 
?4 

3 

50. 

51. 

% 5 

# 
52. 

% 

M 
% 
?4 w 
49 

H 
54 

53. 

a 
E 

2 
54. 

49 

% 
N 

- - 
Dia. 

42 % 

% 
% M 

% 

M 
%i 

- 

2 

43. 

# 
# 

E 

u 
g 

E 

44. 
M 

M 
N 

45. 

5% 
M 
N 

46. 
48 

M 
N 
?4 w 
XI 

47. 

N g 

# 
48. 

%i 

M - 
sstima 

- 
C' mum 

- 
Dia. Area* Circum. Circum. Area* 

1402.0 
1.410.3 
1418.6 
1427.0 
1435.4 
1443.8 

1452.2 
1460.7 
1469.1 
1477.6 
1486.2 
1494.7 
1503.3 
1511.9 
1520.5 
1529.2 
1537.9 
1546.6 
1555.3 
1564.0 
1572.8 
1581.6 

1590.4 
1599.3 
1608.2 
1617.0 
1626.0 
1634.9 
1643.9 
1652.9 

1661.9 
1670.9 
1680.0 
1689.1 
1695.2 
1707.4 
1716.5 
1725.7 
1734.9 
1744.2 
1753.5 
1762.7 
1772.1 
1781.4 
1790.8 
1800.1 

1809 6 
1819.0 
1828.5 
1837.9 
1847.5 

Circuin. 

152.760 
153.153 
153.545 

153.938 
154.331 
154.723 
155.116 
155.509 
155.902 
156.294 
156.687 

157.080 
157.472 
157.865 
158.258 
155.650 
159.043 
159.436 
159.829 

160.221 
160.614 
161.007 
161.399 
161.792 
162.185 
162.577 
162.970 

163.363 
163.756 
164.148 
164.541 
164.934 
165.326 
185.719 
166.112 
16tL.501 
166.897 
107.290 
1137.683 
16.075 
168.4G8 
1GS.XGl 
160.253 
169.646 
150.039 
170.431 
170.824 
171.217 
171.609 
172.002 
172.395 

Area' Circum. 

132.732 
133.125 
133.518 
133.910 
134.303 
134.696 

135.088 
135.481 
135.874 
136.267 
136.659 
137.052 
137.445 
137.837 

138.230 
138.623 
139.015 
139.408 
139.801 
140.194 
140.586 
140.979 

141.372 
141.764 
142.157 
142.550 
142.942 
143.335 
143.728 
144.121 
144.513 
144.906 
145.299 
145.691 
146.084 
146.477 
146.869 
147.262 

147.655 
148.048 
148.440 
148.833 
149.226 
149.618 
150.011 
150.404 

150.796 
151.189 
151.582 
151.975 
152.367 

Circum. Area* 

1857 .O 
1866.5 
1876.1 

1885.7 
1895.4 
1905.0 
1914.7 
1924.4 
1934.2 
1943.9 
1953.7 

1963.5 
1973.3 
1983.2 
1993.1 
2003.0 
2012.9 
2022.8 
2032.8 

2012.8 
2052.8 
2062.9 
2073.0 
2083.1 
2093.2 
2103.3 
2113.5 
2123.7 
2133.9 
2144.2 
2154.5 
2164.8 
2175.1 
2135.4 
219.5.8 
2206.2 
2216.6 
2327.0 
2237.5 
2248.0 
2258.5 
2269.1 
2279.6 
2290.2 
2300.8 
231 1 ..5 
2322.1 
2332.8 
2:343,.5 
23.54.3 
2365.0 

55. 
M 

M 
H 
?4 w 
48 

M 
H 
?4 w 
% 
M 
N M 
N 
?4 w 
% 
M 
N w 
36 vi w 
w 
?4 

b/$ 
J/4' w 
% w 
N 
?4 
% 
% w 
M 

# 

56. 

fi 

57. 

58. 

59. 

pj 

60. 

01. 

172.788 
173.180 
173.573 
173.966 
174.358 
174.751 
175.144 
175.536 

175.929 
176.322 
176.715 
177.107 
177.500 
177.893 
178.285 
178.678 

179.071 
179.463 
179.856 
180.249 
180.642 
181.034 
181.427 
151.820 

182.212 
182.605 
182.998 
183.390 
183.783 
181.176 
184.569 
184.961 

185.354 
185.747 
156.139 
186.925 186.532 

187.317 
187.710 
188.103 

188.496 
188.888 
189.281 
189.674 
190.066 
190.469 
190.862 
191.244 

191.037 
192.030 

192.423 
192.815 
193.208 
193.601 
193.993 
194.386 

194.779 
195.171 
195.564 
195.957 
196.350 
196.742 
197.135 
197.528 

197.920 
198.313 
198.706 
199.098 
199.491 199.884 

200.277 
200.669 

201.062 
201.455 
201.847 
202.240 
202.633 
203.025 
203.418 
203.811 

201.204 
204.596 
204.989 
205.382 
205.774 
206.167 
306.5G0 
2oG.9.32 

207.345 
207.738 
208.1 31 
203.523 
209.309 208.9 16 

209.701 
210.094 

210.487 
210.879 
211.272 
21 1 .ti65 

2946.5 
2958.5 
2970.6 
2982.7 
2994.8 
3006.9 

3019.1 
3031.3 
3043.5 
3055.7 
3068.0 
3080.3 
3092.6 
3104.9 

31 17.2 
3129.6 
3142.0 
3154.5 
3166.9 
3179.4 
3191.9 
3204.4 

3217.0 
3229.6 
3242.2 
3254.8 
3267.5 
3280.1 
3292.8 
3305.6 

3318.3 
3331.1 
3343.9 
3356.7 
3369.6 
3382.4 
3395.3 
3408.2 

3421.2 
3434.2 
3447.2 
3460.2 
3473.2 
3486.3 
3499.4 
3512.5 

3525.7 
3538.8 
3552.0 
3565.2 

93.070 
93.462 
93.855 

94.248 
94.640 
95.033 
95.426 
95.s19 
96.211 
96.604 
96.997 

97.389 
97.782 
98.175 
98.567 
98.960 
99.353 
99.746 

100.138 

100.531 
100.924 
101.316 
101.709 
102.102 
102.494 
102.887 
103.280 

103.673 
104.065 
104.458 
104.851 
105.243 
105.636 
106.029 
106.421 

106.814 
10i.207 
107.600 
107.992 
108.385 
108.778 
108.170 
109.563 

109.956 
110.348 
110.741 
11 1.134 
111.527 
111.919 
112.312 
112.705 

689 30 
695.13 
700.98 

706.86 
712.76 
718.69 
724.64 
730.62 
736.62 
742.64 
748.69 

754.77 
760.87 
766.99 
773.14 
779.31 
785.51 
791.73 
797.98 

804.25 
810.54 
816.86 
823.21 
829.58 
835.97 
842.39 
848.83 

855.30 
861.79 
868.31 
874.85 
851.41 
885.00 
894.62 
901.26 

907.92 
914.61 
921.32 
928.06 
934.82 
941.61 
948.42 
955.25 

962.11 
969.00 
975.91 
982.84 
989.80 
996.78 

1003.8 
1010.8 

1 la .097 
113.490 
113.883 
114.275 
114.668 
115.061 
115.454 
115.846 

116.239 
116.632 
117.024 
117.417 
117.810 
118.202 
118.596 
118.988 

119.381 
119.773 
120.166 
120.559 
120.951 
121.344 
121.737 
122.129 

122.522 
122.915 
123.308 
123.700 
124.093 
124.486 
124.878 
125.271 

125.664 
126.056 
126.449 
12 6.8 4 2 
127.235 
127.627 
128.020 
128.413 

128.805 
129.198 
129.591 
129.983 

130.769 
131.161 
131.554 

131.947 
132.340 

,130.376 

1017.9 
1025.0 
1032.1 
1039.2 
1046.3 
1053.5 
1060.7 
1068.0 

1075.2 
1082.5 
1089.8 
1097.1 
1104.5 
1111.8 
1119.2 
1126.7 

1134.1 
1141.6 
1149.1 
1156.6 
1164.2 
1171.7 
1179.3 
1186.9 

1194.6 
1202.3 
1210.6 
1217.7 
1225.4 
1233.2 
1241.0 
1248.8 

1256.6 
1264.5 
1272.4 
1280.3 
1288.2 
1296.2 
1304.2 
1312.2 

1320.3 
1328.3 
1336.4 
1344.5 
1352.7 
1360.8 
1369.0 
1377.2 

1385.4 
1393.7 

29% 

30. 
A 

% 
N 
?4 w 
% 
% 
N 
M 
N 
% w 
w 
?4 
?d 
% 
94 

f i  

31. 

32. 

# 
33. 
M M 
N M w 
54 w 
M w 
96 
?4 
s/Q 
?;i w 
44 w 
?4 

% w 

34. 

35. 

2 

-78. 
% 

5.8 3 
87. 

% 
% 
N 
!4 
N 
?4 w 
% 

M 
N 
% w 
M 

H 
5.8 

38. 

# 

39. 

# 
E 

E 
40. w 

M 

N 
N w 
% Pi 

5.8 
% w 
M 

41. 

E 

42. 

- - 
-Approximate area. sufticiently I E. *Approximate area iu5ciently accurate for practid purpaaes. indudi 18. urata for praoticrl PU ess, including eatima 



A-18. 
(Continued). Circumfereaces and Areas of Circles 

(Advancing by eighths) 

67% 
54 
% 
M 

M 
% 

68. 

A-18. 
(Continued). CIrclupferemxo d Arena of Circles 

(Advancing by eighths) 

212.058 
212.450 
212.843 
213.236 

213.628 
214.021 
214.414 

Dia. I Cirrum. 

.-  
% 
N 
J/4' 

215.199 
215.592 
215.984 
210.377 

1 214.806 

70. 
% 
?4 
M 
N 
% 

fg 
% 

71. 

219.911 
220.304 
220.6!)7 
221.090 
221.482 
221.875 
222.268 
222.660 

223.053 
223.446 
223.838 

2 17.948 
218.341 
218.733 
219.126 

M 
N 
3/4' N 

231.231 
221.624 
225.017 
225.409 
225.802 

72. 
% W 
36 
% 
5/1; 
% 

226.195 
226.587 
226.980 
227.373 
227.765 
228.158 
228.551 
228.944 

% 
% 
% 
H 

*Approximate u e i  

229.729 
230.122 
230.514 
230.907 
231.300 

Area* 

3578.5 
8591.7 
3605.0 
3618.3 

8031.7 
3645.0 
3658.4 
3671.8 
3685.3 
3698.7 
3712.2 
3i25.7 

3739.3 
3752.8 
3766.4 
3780.0 
3793.7 
3807.3 
3821 .O 
3534.7 

3848.5 
3862.2 
3876.0 
3889.8 
3903.6 
3917.5 
3931.4 
3945.3 

3959.2 
3973.1 
3987.1 
4001.1 
4015.2 
4029.2 
4043.3 
40.57.4 

4071.5 
4085.7 
4099.8 
4114.0 
4128.2 
4142.5 
4156.8 
4171.1 

418.5.4 
4199.7 
4214.1 
4228.5 
4242.9 
4257.4 

- - 
Dirt. 

73% 
M 

74. 
% W 
N 
M 
N 
94 N 

?4 

M 
N w 
M 

% 

3; 
N 
N 
M 

?4 
ki 
N 
?4 
% 
5% M 

% 
% 

N w 
M 

?4 

vi 
% 
?4 
M 

- 

75 * 

E 

76. 

# 

77. 

78. 

79. 

6 

Circum. 

231.692 
232.085 

232.478 
232.87 1 
233.263 
233.656 
234.049 
234.441 
234.834 
235.227 

235.619 
236.012 
236.405 
236.798 
237.190 
237.583 
237.976 
238.368 

238.761 
289.154 
239.546 
239.939 
240.332 
240.725 
241.117 
241.510 

241 .!IO3 
242.295 
242.688 
243.081 
243.473 
243.866 
244.259 
a44.652 

245.044 
245.437 
245.830 
246.222 
246.615 
247.008 
247.400 
247.793 

248.186 
248.579 
248.971 
249.364 
249.757 
250.149 
250.542 
250.935 

Area * 

4271.8 
4286.3 

4300.8 
4315.4 
4329.9 
4344.5 
4359.2 
4373.8 
4388.5 
4403.1 

4417.9 
4432.6 
4447.4 
4462.2 
4477.0 
4491.8 
4506.7 
4521.5 

4536.5 
4551.4 
4566.4 
4581.3 
4596.3 
4611.4 
4626.4 
4641.5 

4656.6 
4671.8 
4686.9 
4702.1 
4717.3 
4732.5 
4747.8 
4763.1 

4778.4 
4793.7 
4809.0 
4824.4 
4ScC9.8 
4855 2 
4870.7 
4586.2 

4901.7 
4917.2 
4932.7 
4948.3 
4963.9 
4979.5 
4995.2 
5010.9 

- - 
Dia. 

80. 
% 

M 
54 
K N 

% 
M w 
ki 
94 

81. 

3 

2 
82. 

% 

M 
N 

83. 
?4 

M 
%i 
94 
M 

48 
98 

84. 

Y 
E 
E 

85. 
% 
5i 
% 
% 
N E 

86. 
% 

sea, including estimst 

Circom. 

251.327 
251.720 
252.113 
252.506 
252.898 
253.291 
253.684 
254.076 

254.469 
254.862 
255.254 
255.647 
256.040 
256.433 
256.825 
257.218 

257.611 
258.003 
258.396 
258.789 
259.181 
259.574 
259.967 
260.359 

260.752 
261.145 
261.538 
261.930 
262.323 
262.716 
263.108 
263.501 

263.894 
264.286 
2 G 4.6 7 9 
265.072 
265.465 
265.857 
266.250 
206.643 

267.035 
267.428 
267.821 
268.213 
268.606 
268.999 
269.392 
269.784 

270.177 
270.570 

Area* 

5026.5 
5042.3 
5058.0 
5073.8 
5089.6 
5105.4 
5121.2 
5137.1 

5153.0 
5168.9 
5184.9 
5200.8 
5216.8 
5232.8 
5248.9 
5264.9 

5281 .O 
5297.1 
5313.3 
5329.4 
5345.6 
5361.8 
5378.1 
5394.3 

5410.6 
5426.9 
5443.3 
5459.6 
5476.0 
5492.4 
5508.8 
5525.3 

5511.8 
5558.3 
5574.8 
5591.4 
5607,9 
5624.5 
5641.2 
5657.8 

5674.5 
5691.2 
5707.9 
5724.7 
5741.5 
5758.3 
5775.1 
5791.9 

5808.8 
5825.7 

- - 
Dia. 

86 M 

% 

I_ 

# 
87. 

% 
% 

94 # 

i2 
# 

88. 
% 
% 

96 

89. 
48 

M 
% 
N w 
48 x 

96 
N N 

48 
M 

%i 
5% N 

% 

90. 

pj 

91. 

pj 

92. 

E 

Circum. 

270.962 
271.355 
271.748 
272.140 
272.533 
272.926 

273.319 
273.711 
274.104 
274.497 
274.889 
275.282 
275.675 
276.067 

276.460 
276.853 
277.246 
277.638 
278.031 
278.424 
278.816 
279.209 

279.602 
279.994 
280.387 
280.780 
281.173 
281.565 
281.958 
282.351 

282.743 
283.136 
283.529 
283.921 
284.314 
284.707 
285.100 
285.492 

285.885 
286.278 
286.670 
28i.063 
287.456 
287.848 
288.241 
288.634 

289.027 
289.419 
289.812 
290.205 

Area* Dia. I- Circum. 

290.597 
290.990 
291.383 
291.775 

292.168 
292.561 
292.954 
293.346 
293.739 
294.132 
294.524 
294.917 

295.310 
295.702 
296.488 296.093 

296.881 
297.273 
297.666 
298.059 

298.451 
298.844 
299.237 
299.629 
300.022 
300.415 
300.807 
301 -200 

301.593 
301.986 
302.378 
302.771 
303.164 
303.556 
303.949 
304.342 

304.734 
305.127 
305.520 
305.91 3 
306.305 
306.698 
307.091 
307.483 

807.876 
308.269 
308.661 
309.054 
309.447 
309.840 

-- Area* 

6720.1 
6738.2 
6756.4 
6774.7 

6792.9 
6811.2 
6829.5 
6847.8 
6866.1 
6884.5 
6902.9 
6921.3 

6939.8 
6958.2 
6976.7 
6995.3 
7013.8 
7032.4 
7051 .O 
7069.6 

7088.2 
7106.9 
7125.6 
7144.3 
7163.0 
7181.8 
7200.6 
7219.4 

7238.2 
7257.1 
7276.0 
7294.9 
7313.8 
7332.8 
7351.8 
7370.8 

7389.8 
7408.9 
7428.0 
7447.1 
7466.2 
7485.3 
7504.5 
7523.7 

7543.0 
7562.2 
7581.5 
7600.8 
7620.1 
7639.5 

- - 
Dia. 

98% 
M 

99. 
?4 M 

%i 

- 

# 

# 
00. 

% 

M 
% 
N 
% 

?4 

M 
%i w xi 
?4 N 
% 
% 
% 
?4 N 

?4 

M 
N 
% 
M 

?4 
M 

% 

01 * 

62. 

03. 

04. 

E 

Circum. 

310.232 
310.625 

311.410 311.018 

311.803 
312.196 
312.588 
312.981 
313.374 
313.767 

314.16 
314.55 
314.95 
315.34 
315.73 
316.12 
316.52 
316.91 

317.30 
317.69 
318.09 
318.48 
318.87 
319.27 
319.66 
320.05 

320.44 
320.84 
321.23 
321.62 
322.01 
322.41 
322.80 
323.19 

323.59 
323.98 
324.37 
324.76 
325.16 
325.55 
325.94 
326.33 

326.73 
327.12 
327.51 
327.91 
328.30 
328.69 
32c08 
329.48 

Area* 

7658.9 
7678.3 

7697.7 
7717.1 
7736.6 
7756.1 
7775.6 
7795.2 
7814.8 
7834.4 

7854 
7673 
7893 
7913 
7933 
7952 
7972 
7992 

8012 
8032 
8052 
8071 
8091 
8111 
8131 
8151 

8171 
8191 
8211 
8231 

8272 
8292 
8312 

8332 
5352 
6372 
8393 
8413 
8434 
5454 
8474 

8495 
8515 
8536 
8556 
8577 
8597 
8618 
8638 

a252 



- - 
Dia. 

105. 
?4 
?4 

N 
2 
2 
E 

106. 
48 

M 
$4 

107. 

ki 

N 
M M 

?4 

% 
% 

108. 

fi 

109. 
M M 
%i M 
H 
N w 
%i 
?4 
% 
M 
H 
?4 N 

?4 

110. 

111. 

A-18. 
(~tinued).CirrnrmtermcesandAreasofcircles 

(Advancing by eighths) 

Circum. 

329.87 
330.26 
330.65 
331.05 
331.44 
331.83 
332.22 
332.62 

333.01 
333.40 
333.80 
334.19 
334.58 
334.97 
335.37 
335.76 

336.15 
336.54 
336.94 
337.33 
337.72 
338.12 
338.51 
338.90 

339.29 
339.69 
340.08 
340.47 
340.86 
341.26 
341.65 
342.04 

342.43 
342.83 
343.22 
343.61 
344.01 
344.40 
344.79 
345.18 

345.58 
345.97 
346.36 
346.75 
347.15 
347.54 
347.93 
348.33 

348.72 
349.11 

Area* 

8659 
8679 
8700 
8721 
8741 
8762 
5783 
5804 

8825 
8845 
8866 
8887 
8908 
8929 
8950 
8971 

8992 
9014 
9035 
9056 
9077 
9098 
9119 
9140 

9161 
9183 
9204 
9225 
9246 
9268 
9289 
9310 

9331 
9353 
9374 
9396 
9417 
9439 
9460 
9481 

9503 
9525 
9546 
9568 
9589 
9611 
9633 
9655 

9677 
9698 

Circum. 

349.50 
349.90 
350.29 
350.68 
351.07 
351.47 

361.86 
352.25 
352.65 
353.04 
353.43 
353.82 
354.22 
354.61 

355.00 
355.39 
355.79 
356.18 
356.57 
356.96 
357.36 
357.75 

358.14 
358.54 
358.93 
359.32 
359.71 
360.11 
360.50 
360.89 

361.28 
361.68 
362.07 
362.46 
362.86 
363.25 
363.64 
364.03 

364.43 
364.82 
365.21 
365.60 
366.00 
366.39 
366.78 
367.18 

367.57 
367.96 
368.35 
368.75 

Area* 

9720 
9742 
9764 
9786 
9808 
9830 

9852 
9874 
9897 
9919 
9941 
9963 
9985 

10007 

10029 
10052 
10074 
10097 
10119 
10141 
10163 
10185 

10207 
10230 
10252 
10275 
10297 
10320 
10342 
10365 

10387 
10410 
10432 
10455 
10477 
10500 
10522 
10545 

10568 
10590 
10613 
10636 
10659 
10682 
107Q5 
10728 

10751 
10774 
10798 
10821 

- - 
Dia. 

117% 
N 

118. 
44 
?4 

$4 
M N 

?4 
?4 
%i M 
N 

119. 

f i  

E 
120. 

?4 w 
H 
K w 
M w 
H 
% w 
?4 
?4 w 
?4 
H 
K w 
?4 
?4 
% 
M 

121. 

2 

In. 

.23. 

Circum. 

369.14 
369.53 
369.92 
370.32 

370.71 
371.11 
371.49 
371.89 
372.28 
372.67 
373.07 
373.46 

373.85 
374.24 
374.64 
375.03 
375.42 
375.81 
376.21 
376.60 

376.99 
377.39 
377.78 
378.17 
378.56 
378.96 
379.35 
379.74 

380.13 
380.53 
380.92 
381.31 
381.70 
382.10 
382.49 
382.88 

383.28 
383.67 
384.06 
384.45 
384.85 
385.24 
385.63 
386.02 

386.42 
386.81 
357.20 
387.60 
387.99 

*Approximate area, sufecientb accurate f& practical purp&. including estimating. 

--- - - .- 
Area' 

10844 
10867 
10890 
10913 

10936 
10960 
10983 
11007 
11030 
11063 
11076 
11099 

11122 
11146 
11169 
11193 
11216 
11240 
11263 
11287 

11310 
11334 
11357 
11381 
11404 
11428 
11451 
11475 

11499 
11522 
11546 
11570 
11594 
11618 
11642 
11666 

11690 
11714 
11738 
11762 
11786 
11810 
11834 
11858 

11882 
11907 
11931 
11956 
11980 

- .- - 

A-1%. 
(Codmed). CIrePaferenas d Areas ofcirdes 

(Advancing by eighths) 

Dia. I Circum. - 
123% 388.38 

386.77 
N 359.17 

124. 389.56 
% 389.95 
% 390.34 
?.8 390.74 
% 391.13 
% 391.52 
K 391.92 M 392.31 

125. I 392.70 
$$ 393.09 

N 393.88 
% 394.27 

?4 393.49 

126. I 395.84 
% 396.23 

386.63 
3/e 397.02 M 397.41 
% 397.81 
% 398.20 
M 398.59 

127. 398.98 
M 399.38 
?4 399.77 
% I 400.16 
2 400.55 

$4' 401.34 
401.73 

H 400.95 

128. I 402.13 
% 402.52 
% 402.91 
a '  403.30 

403.70 1 
54 404.00 
M 404.48 M 404.87 

129. 405.27 
$$ 405.66 
l4 406.05 

406.44 
M 406.84 
!4 407.23 

407.62 
5 408.02 

Area* 0 Dia. Circum. 

408.41 
408.80 
409.19 
409.59 
409.98 
410.37 
410.76 
411.16 

411.55 
411.94 
412.34 
412.73 
413.12 
413.51 
413.91 
414.30 

414.69 
415.08 
415.48 
415.87 
416.26 
416.66 
417.05 
413.44 

417.83 
418.23 
418.62 
419.01 
419.40 
419.80 
420.19 
420.58 

420.97 
421.37 
421.76 
422.15 
422.55 
422.04 
423.33 
423.72 

424.12 
424.51 
424.90 
425.29 
426.69 
426.08 
426.47 
426.87 

427.26 
427.65 

A m *  

13273 
13299 
13324 
13350 
13375 
13401 
13426 
13452 

13478 
13504 
13529 
13555 
13581 
13607 
13633 
13659 

13685 
13711 
13737 
13763 
13769 
13S15 
13841 
13867 

13893 
13919 
13946 
13972 
13999 
14025 
14051 
14077 

14103 
14130 
14156 
14153 
14209 
14236 
14262 
14258 

14314 
14341 
11367 
14394 
14420 
14447 
14473 
14500 

14527 
14553 

- - 
Diit. 

136% 

- 

w 
M 
N 
K 
M 

?4 
?4 
36 
M 
N 

37. 

38. 
?4 
?4 
N 
96, 
H 
% 
N 

?4 w 
34 M 
N 

39. 

E 
40. 

48 w 
34 vi 
94 
K 
% 

?4 

?4 
%i 

41. 

3 
5 

42. 
34 

Circum. 

428.04 
428.44 
428.83 
429.22 
429.61 
430.01 

430.40 
430.79 
431.19 
431.58 
431.97 
432.36 
432.76 
433.15 

433.54 
433.93 
434.33 
434.72 
435.11 
435.50 
435.90 
436.29 

436.68 
437.08 
437.47 
437.86 
438.25 
438.6.5 
439.04 
439.43 

439.82 
440.22 
440.61 
441 .oo 
441.40 
441.79 
442.15 
442.57 

442.97 
443.36 
443.75 
444.14 
444.54 
444.93 
445.32 
445.72 

446.11 
446.50 
446.89 
447.29 -- 

5. 

Area* 

14580 
14607 
14633 
14660 
14687 
14714 

14741 
14768 
14795 
14822 
14849 
14876 
14903 
14930 

14957 
14984 
15012 
15039 
15067 
15094 
15121 
15148 

15175 
15203 
15230 
15258 
15285 
15313 
15340 
16367 

15394 
15422 
15449 
15477 
15504 
15532 
15559 
15587 

15615 
15642 
15670 
15697 
15725 
15753 
15781 
15809 

15837 
15865 
15893 
15921 



- 
Dia. 

142% w w 
N 

?4 

M 
% 
?4 'N 

48 
% 
?4 

- 

143. 

144. 

E # 
145. 

48 
?4 

# 
146. 

?4 
?=i w 
31 
34 
M 
N 

48 w 
N 

w w 
% 

x N 

147. 

2 

2 
148. 

A-18. 
(Continued). Circumferences and Areas of Circles 

(Advancing by eighths) 

A-18. 
(Continued). Cimferenm and Areas of Circles 

(Advancing by eightbs) 

Circum. 

447.68 
448.07 
448.46 
448.86 

449.25 
449.64 
450.03 
430.43 
4R0.82 
451.21 
451.61 
452.00 

452.39 
452.78 
453.18 
463.57 
453.96 
454.35 
454.75 
455.14 

455.53 
455.93 
456.32 
456.71 
457.10 
457.50 
457.89 
458.28 

458.67 
459.07 
459.46 
459.85 
460.24 
460.64 
4G1.03 
461.42 

461.82 
462.21 
462.60 
462.99 
463.39 
463.78 
464.17 
464.56 

464.96 
465.35 
465.74 
466.14 
466.53 
466.92 

Area* I Dia. Circum. 

467.31 
467.71 

468.10 
468.49 
468.88 
469.28 
469.67 
470.06 
470.46 
470.85 

47 1.24 
471.63 
472.03 
472.42 
472.81 
473.20 
473.60 
473.99 

474.38 
474.77 
475.17 
475.56 
475.95 
476.35 
476.74 
477.13 

477.52 
477.92 
478.31 
478.70 
479.09 
479.49 
479.88 
480.27 

480.67 
481.06 
481.45 
481.84 
482 -24 
452.63 

483.41 

483.81 
484.20 
484.59 
484.99 
455.38 
455.77 
486.16 
486.56 

-.- 

4L93.02 

Area* 

17379 
17108 

17437 
17466 
17496 
17525 
17555 
17584 
17614 
17643 

17672 
17702 
17731 
17761 
17790 
17820 
17849 
17879 

17908 
17938 
17967 
17997 
18026 
18056 
18086 
18116 

18146 
18175 
18205 
18235 
18265 
18295 
18325 
18355 

18385 
18415 
18446 
18476 
18507 
18537 
18567 
18597 

18627 
18658 
18688 
18719 
18749 
18779 
18809 
18839 

Circum. 

486.95 
487.34 
487.73 
488.13 
488.52 
488.91 
489.30 
489.70 

490.09 
490.48 
490.88 
491.27 
491.66 
492.05 
492.45 
492.84 

493.23 
493.62 
494.02 
494.41 
494.80 
495.20 
495.59 
495.98 

496.37 
496.77 
497.16 
497.55 
497.94 
498.34 
498.73 
499.12 

499.51 
499.91 
500.30 
500.69 
501.09 
501.48 
501.87 
502.26 

502.66 
503.05 
503.44 
503.83 
504.23 
504.62 
505.01 
505.41 

505.80 
506.19 

t 

Area * 

18869 
18900 
18930 
18961 
1899 1 
19022 
19052 
19083 

19113 
19144 
19174 
19205 
19235 
19266 
19297 
19328 

19359 
19390 
19421 
19452 
19483 
19514 
19545 
19576 

19607 
19638 
19669 
19701 
19732 
19763 
19794 
19825 

19856 
19887 
19919 
19950 
19982 
20013 
20044 
20075 

20106 
20138 
20169 
20201 
20232 
20264 
20295 
20327 

20358 
20390 

Dia. 

161% 

34 
% 
% 

hi 
?4 
56 w 
% 

-- - 

g 

162. 

g 
163. 

48 
% 
% M 
% w N 
?4 
?4 
N M w 
% 
% 

?4 w 
% 
% N 

164. 

165. 

g 

166. 8 
%i 
%i 
?4 
N 

hi 
?4 
%i 

167. 

Circum. 

506.58 
506.98 
507.37 
507.76 
508.15 
508.55 

508.94 
509.33 
509.73 
510.12 
510.51 
510.90 
511.30 
511.69 

512.08 
512.47 
512.87 
513.26 
513.65 
514.04 
514.44 
514.83 

515.22 
515.62 
516.01 
516.40 
516.79 
517.19 
517.58 
517.97 

518.36 
518.76 
519.15 
519.54 
519.94 
520.33 
520.72 
521.11 

521.51 
521.90 
522.29 
522.68 
523.08 
523.47 
523.86 
524.26 

524.65 
525.04 
525.43 
525.83 

Area* 

20421 
20453 
20484 
20516 
20548 
20580 

20612 
20644 
20675 
20707 
20739 
20771 
20803 
20835 

20867 
20899 
20931 
20964 
20996 
21028 
21060 
21092 

21124 
21157 
21189 
21222 
21254 
21287 
21319 
21351 

21383 
21416 
21448 
21481 
21513 
21546 
21578 
21610 

21642 
21675 
21707 
21740 
21772 
21805 
21838 
21871 

21904 
21937 
21969 
22002 

Circum. 

526.22 
526.61 
527.00 
527.40 

527.79 
528.18 
528.57 
528.97 
529.36 
529.75 
530.15 
530.54 

530.93 
531.32 
531.72 
532.11 
532.50 
532.89 
533.29 
533.68 

534.07 
534.47 
534.86 
535.25 
535.64 
536.04 
536.43 
536.82 

537.21 
537.61 
538.00 
538.39 
538.78 
539.18 
539.57 
539.96 

540.36 
540.75 
541.14 
541.53 
541.93 
542.32 
542.71 
543.10 

543.50 
543.89 
544.28 
544.68 
545.07 
545.46 

Circum. 

545.85 
546.25 

546.64 
547.03 
547.42 
547.82 
548.21 
548.60 
549.00 
549.39 

549.78 
550.17 
550.57 
550.96 
,551.33 
5.51.74 
552.14 
552.53 

552.92 
553.31 
553.71 
554.10 
554.49 
554.89 
555.28 
555.67 

556.06 
556.46 
556.85 
557.24 
557.63 
558.03 
558.42 
558.81 

559.21 
559.60 
559.99 
560.38 
560.78 
561.17 
561.56 
561.95 

562.35 
562.74 
563.13 
563.53 
563.92 
564.31 
564.70 
565.10 

Area* 

23711 
23745 

23779 
23813 
23848 
23882 
23917 
23951 
23985 
24019 

24053 
24087 
24122 
24156 
24191 
24225 
24260 
24294 

24329 
24363 
24398 
24432 
24467 
24501 
24536 
24571 

24606 
24640 
24675 
24710 
24745 
24780 
24815 
24850 

24885 
24920 
24955 
24990 
25025 
25060 
25095 
25130 

25165 
25200 
25236 
25271 
25307 
25342 
25377 
25412 



A-18. 
(Conthmed). Ciimferwees and Areas of circles 

A-18. 
(Concluded). C i e r e n c e s  and Areas of circles 

(Advancing bj (Advancing b eighths) 
Area* 

- - 
Dia. 

- .  

Circum. 

- 

Circum. 

- 

Area* 
- 

Area* 
- - 

Die. 

- 
Dia. 

- 
Dia. Circum. 

565.49 
565.88 
566.27 
566.67 
567.06 
567.45 
567.84 
568.24 

568.63 
569.02 
569.42 
569.81 
570.20 
570.59 
570.99 
571.38 

571.77 
572.16 
572.56 
572.95 
573.34 
573.74 
574.13 
574.52 

574.91 
575.31 
575.70 
576.09 
576.48 
576.88 
577.27 
577.66 

578.05 
578.45 
578.84 
579.23 
579.63 
580.02 
580.41 
580.80 

581.20 
581.59 
581.98 
582.37 
582.77 
583.16 
583.55 
583.95 

584.34 
584.73 

Circum. Area* C' mum. Circum. Area* 

25447 
25482 
25518 
25,553 
25589 
25624 
25660 
25695 

25730 
25765 
25801 
25836 
25872 
25908 
25944 
25980 

26016 
26051 
26087 
26122 
26158 
26194 
26230 
26266 

26302 
26338 
26374 
26410 
26446 
26482 
26518 
26554 

26590 
26626 
26663 
26699 
26736 
26772 
26808 
26844 

26880 
26916 
26953 
26989 
27026 
27062 
27099 
27135 

27172 
27208 

585.12 
585.52 
585.91 
586.30 
586.59 
587.09 

587.48 
587.87 
588.27 
688.66 
589.05 
589.44 
589.84 
590.23 

590.62 
591.01 
591.41 
591.80 
592.19 
592.58 
592.98 
593.37 

593.76 
594.16 
594.55 
594.94 
595.33 
595.73 
596.12 
596.51 

596.90 
597.29 
597.68 
598.08 
598.47 
598.86 
599.25 
599.64 

600.04 
600.44 
600.83 
601.22 
601.62 
602.01 
602.40 
602.79 

603.19 
603.58 
603.97 
604.36 

27245 
27281 
27318 
27354 
27391 
27428 

27465 
27501 
27538 
27574 
27611 
27648 
27685 
27722 

27759 
27786 
27833 
27870 
27907 
27944 
27981 
28015 

25055 
28092 
28130 
28167 
28205 
28242 
28279 
28316 

28353 
28390 
28428 
28465 
28503 
28540 
28578 
25615 

28052 
23689 
28727 
28764 
28802 
28839 
28877 
28915 

28953 
28990 
29028 
29065 

29103 
29141 
29179 
29217 

29255 
29293 
29331 
29369 
29407 
29445 
29483 
29521 

29559 
29597 
29636 
29674 
29713 
29751 
29789 
29827 

29865 
29903 
29942 
29980 
30019 
30057 
30096 
30134 

30172 
30210 
30249 
30287 
30326 
30364 
30403 
30442 

30481 
30519 
30558 
30596 
30635 
30674 
30713 
30752 

30791 
30830 
30869 
30908 
30947 
30986 

624.40 
824.79 

625.18 
625.58 
025.97 
626.36 
6'26.76 
627.15 
627.54 
627.94 

628.32 
628.72 
629.11 
629.51 
629.90 
630.29 
630.58 
631.08 

631.46 
631.86 
632.26 
632.65 
633.05 
633.43 
633.83 
634.29 

634.60 
635.00 
635.40 
635.79 
636.18 
636.57 
636.97 
637.36 

637.74 
638.15 
638.54 
638.93 
639.32 
639.72 
640.11 
640.50 

640.88 
641.28 
641.67 
642.07 
642.46 
642.85 
643.24 

3 1025 
31064 

31103 
31142 
31181 
31220 
3 1260 
31299 
31338 
31377 

31416 
31455 
31495 
31534 
31574 
31613 
31653 
31692 

31731 
31770 
31510 
31849 
31SS9 
31928 
31968 
32007 

33047 
32086 
32126 
32166 
32206 
32246 
32286 
32326 

32366 
32405 
32445 
32485 
32525 
32665 
32605 
32646 

32685 
32725 
32766 
32806 
32846 
32886 
32926 

643 -63 

644.03 
644.43 
641.82 
645.21 
646.61 
646.00 
646.39 
646.78 

647.17 
647.57 
647.96 
648.35 
648.75 
649.14 
649.53 
649.93 

650.31 
650.71 
651.10 
6.51.50 
651.89 
652.28 
6.52.57 
653 07 

653.45 
653.86 
654.25 
654.64 
655.04 
655.42 
655.82 
656.28 

6.56.59 
656.99 
657.39 
667.78 
658.17 
658.56 
658.96 
659.35 

659.73 
660.14 
660.53 
660.92 
661.31 
661.71 
662.10 
662.49 

32966 

33006 
33046 
33087 
33127 
33168 
33208 
33249 
33289 

33329 
33369 
33410 
33450 
33491 
33531 
33572 
33613 

33654 
33694 
33735 
33175 
33816 
33857 
33898 
33939 

33980 
34020 
31061 
34102 
34143 
34184 
34225 
34266 

34307 
34348 
34389 
34431 
34472 
34513 
34554 
31595 

34636 
34677 
34719 
34760 
34802 
34843 
34885 
34926 

662.88 
663.28 
663.67 
664.07 
664.46 
664.85 
665.24 
665.63 

666.02 
666.43 
666.82 
067.21 
667.61 
668.00 
668.39 
GSS.78 

669.16 
669.57 
669.96 
670.35 
670.75 
671.14 
671.53 
671.93 

672.30 
672.71 
673.10 
673.50 
673.89 
674.28 
674.57 
675.07 

675.44 
675.85 
676.25 
676.64 
677.04 
677.42 
677.82 
678.28 

678.58 
678.09 
679.39 
679.78 
680.17 
680.56 
680.g6 
681.36 

31967 
35008 
35050 
35091 
35133 
35174 
35216 
35257 

35299 
35340 
35382 
35423 
A5465 
35507 
35549 
35591 

35633 
35674 
35716 
35758 
35800 
35842 
35884 
35926 

35968 
36010 
30052 
36094 
36137 
36179 
36221 
36263 

36305 
36347 
36390 
36432 
36475 
36517 
36560 
36602 

36644 
36686 
36729 
36771 
36814 
36856 
36899 
36941 

186% 

N 
E 
$ 

87. 
46 

M 
M w 
H 

M 

M 
% 
94 N 

46 
M 

N 
N 
H 

46 
?4 
% 

88. 

# 

88. 

2 

90. 

01. 
M # 
94 M 

% 
92. 

92% 
96 
?4 w 
44 

M 
N 

33. 

4 
g 

a4. 
?4 u 
38 M 
N 

35. 
?4 
3i 
N 
M 
N 
N 
?4 

?4 
% 

N 

36. 

E 
# 

# 
37. 

Yi 

M 
M w N 
M 

B. 

mtim8 

604.76 
605.15 
605.54 
605.94 

606.33 
606.72 
607.11 
607.51 
607.90 
608.29 
608.58 
609.08 

609.47 
609.86 
610.26 
610.65 
611.05 
61 1.43 
611.83 
612.29 

612.61 
613.00 
613.40 
613.79 
614.18 
614.57 
614.97 
615.36 

615.75 
616.15 
616.54 
616.93 
617.32 
617.72 
618.11 
618.50 

618.89 
619.29 
619.68 
620.08 
620.47 
620.86 
621.25 
621.64 

622.04 
622.44 
622.83 
623.22 
623.62 
624.01 

a. 

180. 
% 

M 
% 
?4 
H 

M 
?4 

H 

# 

181. 

182. 
M x 

w 8 
183. 

M 
% 
96 

?4 w 
M 
M 

N 
N N 

!4 

M 
N 
% w 
M 

184. 

g 

185. 

# 

186. 

- 

198% 
N 

290. w u 
H 

?4 
N 

w 
2i 

54 
N 
% 

w 

# 

200. 

201. 

N # 
202. 

M u w Y 
N 
?4 
N 

M 

?4 
54 

203. 

E 
g 

204. 
Lg t$j 
N 
?4 

!04lg 

05. 
46 
?4 
N 

3.4' 
% 

M 
3i w 
M w 
N N 

Yi 
5i 
?4 
M 
N 
% N 

46 

?4 
N 
?4 
% 

M 

M 
H 

06. 

07. 

08. 

09. 

10. 
46 

M 
% 

g 

'11. 
M 

w 
N 

2 
# 

# 

'12. 
M 
% 
?4 

34 
% 

M 
M 
N 

94 w 
% 
?4 
N 

113. 

2 

'14. 

E 
5 

15. 
% 1 
N # 

16. 
?4 
?4 
% M 
N 

1. 



467 



Cu. Ft. 
par 

Foot d 
Cylinder - 
2290.2 
231 1.5 
2332.8 
2354.3 
2375.8 
2397.5 
2419.2 
2441.1 
2463.0 
2485.0 
2507.2 
2529.4 
2551.8 
2574.2 
2596.7 
261 9.4 
2642.1 
2664.9 
2687.8 
271 0.9 
2734.0 
2757.2 
2780.5 
2803.9 
2827.4 
2851 .O 
2874.8 
2898.6 
2922.5 
2946.5 
2970.6 
2994.8 
3019.1 
3043.5 
3068.0 
3092.6 

31 17.: 
~ 3142.( 
31 66.! 
3191 .! 
321 7.( 
3242.: 
3267.! 
3292.1 

3318.: 
3343.! 
3369.1 

I3395.: 

Gallons 
Per 

Foot d 
Cylinder - 
25592 
25787 
25982 
261 77 
26374 
26571 
26769 
26967 
271 67 
27367 
27568 
27769 
27972 
281 75 
28379 
28583 
28788 
28994 
29201 
29409 
2961 7 
29826 
30035 
30246 
30457 
30669 
30881 
31 095 
31 309 
31 524 
31739 
31 956 
321 73 
32390 
32609 
32828 

33048 
~ 33269 
33490 
3371 2 

341 59 
34383 
34608 

34834 
35061 
35288 
3551 6 

~ 33935 

107.91 
111.69 
115.49 
119.32 
123.15 
127.01 
130.88 
134.77 
138.68 
142.61 
146.55 
150.51 
154.49 
158.48 
162.50 
166.53 
170.57 
174.64 
178.72 
182.82 
186.94 
191.08 
195.23 
199.40 
iO3.59 
i07.79 
i12.02 
i16.26 

i20.51 i24.79 
i29.08 
533.39 
i37.72 
i42.06 
i46.43 
550.81 

9160. 
9245. 
9331. 
9417. 
9503. 
9589.' 
9676.' 
9764. 
96521 
9940.: 

10029 
10118 
10207 
10297 
10387 
10477 
10568 
lo660 
10751 
10843 
10936 
11029 
11 122 
11216 
11310 
11404 
11499 
11594 

11690 11 786 
11882 
11979 
12076 
12174 
12272 
12370 

W.34 
i13.97 
i18.61 
i23.27 

13685 
13789 
13893 
13998 

i27.95 
i32.64 
i37.35 
i42.08 
i46.83 
51.59 
i56.38 
i61.18 
i65.99 
170.83 
i75.68 
i80.55 
85.44 
i90.31 
i95.27 
'00.21 
'05.16 
'10.14 
'15.13 
'20.14 
'25.17 
'30.21 
'35.27 
'40.35 
'45.45 
'50.56 
'55.70 
'60.85 
'66.01 
'71.20 
'76.40 
'81.62 

14103 
14208 
14314 
14420 
14527 
14634 
14741 
14849 
14957 
15066 
15175 
15284 
15394 
15504 
15615 
15725 
15837 
15948 
16061 
16173 
16286 
16399 
16513 
16627 
16742 
16856 
16972 
17087 
17203 
17320 
1.7437 
17554 

34 . 
34% 

34% 
35 
35% 
35% 
35% 
36 
36J/ 
3 6 4  
36% 
37 

3 7 p  37/4 
37% 
38 
38% 

38% 

34% 

38% 

907.92 6791.7 161.71 
921.32 6892.0 164.09 

948.42 7094.7 168.92 
962.11 7197.1 171.36 
975.91 7300.3 173.82 
989.80 7404.2 176.29 

1003.8 7508.9 178.78 
1017.9 7614.2 181.29 
1032.1 7720.4 183.82 
1046.3 7827.2 186.36 
1060.7 7934.8 188.92 
1075.2 W3.1 191.50 
1089.8 8152.2 194.10 
1104.5 8262.0 196.71 
1119.2 8372.5 199.35 
1134.1 8483.8 201.99 
1149.1 8595.8 204.66 
1164.2 8708.5 207.35 
1179.3 8822.0 210.05 

934.82 6992.9 166.50 

555.21 
559.62 
564.05 
568.50 
572.97 
577.46 
581.96 
586.48 

12469 
12568 
12668 
12768 
12868 
12969 
13070 
13171 

786.86 
792.11 
797.38 
802.67 
807.98 
813.30 
818.64 
824.00 

17671 
1778s 
17901 
1802; 
1814f 
1826! 
1838! 
185Of 

41 

:: ii 
41x 

1320.3 9876.2 235.1: 
1336.4 9997.0 238.05 
1352.7 10119. 240.92 
1369.0 10241. 243.82 

591.02 
595.57 
600.14 
604.73 

13273 
13376 
13478 
13581 

829.38 
834.77 
840.19 
845.62 

1862; 
18741 
1886! 
1899' 

A-19. 
(Contlnued). Capacitieg of Cylinders and Spherw 

A-19. 
(Continued). Capacitia of Cylinders and Spheres - 

12 Gal101 
Barrels 

POT 
Fool or 

Cylinder 

246.76 
249.70 
252.67 
255.65 
258.65 
261.66 
264.70 
267.75 
270.82 
273.90 
277.01 
280.1 3 
283.27 
286.42 
289.60 
292.79 
296.00 
299.22 
302.47 
305.73 
309.01 
312.30 
31 5.62 
31 8.95 
322.30 
325.66 
329.05 
332.45 
335.86 
339.30 
342.75 
346.23 
349.71 
353.22 
356.74 
360.28 
363.84 
367.42 
371.01 
374.62 
378.25 
381 -90 
385.56 
389.24 
392.94 
396.65 
400.39 
404.14 

- 

- 
Sphere 
surfaw 

in 
Sq. Ft. 

5541.8 
5607.9 
5674.5 
5714.5 
5808.8 
5876.5 
5944.7 
6013.2 
6082.1 
61 51.4 
6221.1 
6291.2 
6361.7 
6432.6 
6503.9 
6575.5 
6647.6 
6720.1 
6792.9 
6866.1 
6939.R 
701 3.8 
7088.2 
71 63.0 
7238.2 
7313.8 
7389.8 
7466.2 
7543.0 
7620.1 
7697.7 
7775.6 
7854.0 
7932.7 
801 1.8 
8091.4 
81 71 .? 
8251.6 
8332.3 
841 3.4 
8494.9 
8576.7 

8741.7 
8824.7 
8908.2 
8992.0 
9076.3 

- 

8659.0 

- 
Sphsro 
slnlace 

in 
Sq. Ft. 

2827.4 

2922.5 
2970.6 
301 9.1 

31 17.2 
31 66.9 
321 7.0 
3267.5 
3318.3 
3369.6 
3421.2 
3473.2 
3525.7 
3578.5 
3631.7 
3685.3 
3739.3 
3793.7 
3848.5 
3903.6 
3959.2 
401 5.2 
1071.5 
1128.2 
41 85.4 
1242.9 
1300.8 
1359.2 
141 7.9 
1477.0 
1536.5 
1596.3 
1656.6 
171 7.3 
4778.4 
4839.8 
4901.7 
4963.9 
5026.5 
5089.6 

- 
2874.8 

3068.0 

51 53.0 
5216.a 
5281 .a 

5476.0 

5345.6 
5410.6 

- 
Cu. Ft. 
pw 

Foot d 
Cylinder - 
1385.4 
1402.0 
1418.6 
1435.4 
1452.2 
1 469.1 
1486.2 
1503.3 
1520.5 
1537.9 
1555.3 
1572.8 
1590.4 
1608.2 
1626.0 
1643.9 
1661.9 
1680.0 
1698.2 
1716.5 
1734.9 
1753.5 
1772.1 
1790.8 
1809.6 
1828.5 
1847.5 
1866.5 
1885.7 
1905.0 
1924.4 
1943.9 
1963.5 
1983.2 
2003.0 
2022.8 
2042.8 
2062.9 
2083.1 
21 03.3 
2123.7 
2144.2 
2164.8 
21 85.4 
2206.2 
2227.0 
2248.0 
2269.1 

- 
Qalluns 

per 
Fwt of 

Cylinder - 
10364 
lo488 
10612 
10737 
0863 
0990 
1117 
1245 
1374 
1504 
1634 
1765 
1897 
2030 
2163 
2297 

12432 
12567 
12704 
12841 
12978 
13117 
13256 
13396 
13536 
13678 
13820 
13963 
14106 
14251' 
14396 
14541 
14688 
14835 
14983 
151 32 
15281 
15432 
15582 
15734 
15887 
16040 
161 93 
16348 
16503 
16659 
1681 6 
16974 

- 
sphere 
VO!umS 

In 
Cu. Ft. 

150533 
152250 
153980 
155723 
157479 
159249 
161031 
162827 
164636 
166459 
168295 
1701 44 
172007 
173883 
I75773 
177677 
I79594 
181 525 
183470 
185429 
187402 
I89388 
191389 
193404 
195432 
197475 
199532 
201 603 
203689 
205789 
207903 
21 0032 
21 21 75 
21 4332 
21 6505 
218692 
220893 
223110 
225341 
227587 
229847 
2321 23 
234414 
236719 

239040 
241 376 
243727 
246093 

- 
D h .  

in 
Feet 

Sphere 
Yo!ume 

in 
Cu. Ft. 

Diam. 
in 

Fset 

Cu. Ft. 
par 

Foot d 
Cylinder 

3421.2 
3447.2 
3473.2 
3499.4 
3525.7 
3552.0 
3578.5 
3605.0 
3631.7 
3658.4 
3685.3 
3712.2 
3739.3 
3766.4 
3793.7 
3821 .O 
3848.5 
3876.0 
3903.6 
3931.4 
3959.2 
3987.1 
401 5.2 
4043.3 
4071.5 
4099.8 
4128.2 
41 56.8 
41 85.4 
4214.1 
4242.9 
4271.8 
4300.8 
4329.9 
4359.2 
4388.5 

4417.! 
4447.' 
4477.f 
4506 i 
4536.! 

' 4566.' 
4596.: 

,4626.' 
4656A 
4686.! 
471 7.: 
4747.1 

__. 

Sphere 

In 
Cu. Ft. 

141 37 
14494 
14856 
15224 
15599 
15979 
16366 
16758 
171 57 
17563 
17974 
18392 
18817 
19247 
19685 
20129 
20580 
21 037 
21 501 
21 972 
22449 
22934 
23425 
23924 
24429 
24942 
25461 
25988 
26522 
27063 
2761 2 
281 68 
28731 
29302 
29880 
30466 
31 059 
31 660 
32269 
32886 
3351 0 
34143 
34783 
35431 
36087 
36751 
37423 
381 04 

VOIUms 
Sphere 
VOlUma 

in 
Cu. Ft. 

Gallons 

Foot d 
Cylinder 

17132 
17291 
17451 
17611 
17772 
17934 
18097 
18260 

18589 
18755 
18921 
19088 
19256 
19425 
19594 
19764 
19935 
201 06 
20279 
20452 
20625 
20800 
20975 
21 151 
21 327 
21 505 
21 683 
21 862 
22041 
22221 
22402 
22584 
!22767 
22950 
231 34 
2331 9 
23504 
23690 
23877 
24065 
24253 
24442 
24632 

24823 
,2501 4 
25206 
25399 

per 

18245 

38792 
39489 
401 94 
40908 
41630 
42360 
43099 
43846 
44602 
45367 
461 40 
46922 
4771 3 
4851 3 
49321 
501 39 
50965 
51 800 
52645 
53499 
54362 
55234 
56115 
57006 
57906 
5881 5 
59734 
60663 
61 601 
62549 
63506 
64473 
65450 
66437 
67433 
68439 
69456 
70482 
71 51 9 
72565 
73622 
74689 
75766 
76854 
77952 
79060 
801 79 
81 308 

am8 
83598 
84759 
85931 
87114 
88307 
8951 1 
90726 
91 952 
93189 
94437 
95697 
96967 
98248 
99541 
00845 
021 60 
03487 
04825 
061 75 
07536 
08909 
10293 
1 1690 
13097 
14517 
15948 
17392 
18847 
2031 4 
21 793 
I23285 
24788 
I26304 
I27832 
129372 
130921 
13248! 
13406( 
135651 
1372% 
13887, 
14050 
14214 

14379: 
14545! 
14713 
148821 

66 
66% 
66% 
66% 
67 
6 7 X  
67 % 
67% 
68 
68% 
68% 
68% 
69 

69% 
70 

70% 
70% 
71 

71 % 
71 % 
72 
72% 
72% 
72% 
73 

70% 

71 x 

73 % 
74 
74% 
74 w 
74% 
75 
7531 
75% 
75% 
76 . 
76 % 
76% 
76% 
77 
77% 
77% 
77% 

32 804.25 6016.2 143.24 
32% 816.86 6110.6 145.49 
32% 829.58 6205.7 147.75 
32% I l l  842.39 6301.5 150.04 



A-19. 
(Conthud). Capadtb of Cylinders a d  Spheres 

____ 
Diani. 

in 
Foe1 

114 
114!.i 
1 1 4 g  
114% 
115 
115!i 
11555 
115% 
116 
116.!$ 
116;s 
116?< 
117 
1171j 
117$5 
117% 
118 

118!4 
118% 
119 
119 j i  
119% 
119% 
120 
12055 
12055 
120% 
121 
121Ji 
12155 

122 
122!/; 
12295 
122% 
123 
123!4 
12355 
123% 
124 
124!$ 
124% 
124% 

125 
125Jg 
125% 
125% 

. .. 

118!i 

121% 

A-19. 
(Continued). Capadtres of Cylinders and Spberes 

.. -. . . 
cu. Ft, 

per 

l;$t 
10207 
10251 
10297 
1034; 
10387 
10431 
10477 
10523 
10566 
10G14 
1OG6C 
10701 
10751 
1079i 
1084: 
108N 
1093t 
10982 
11025 
11075 
1112: 
11165 
1121t 
11262 
1131C 
11351 
11404 
11452 
1149: 
1154i 
11594 
1164; 
1169C 
1173f 
1178E 
11834 

11882 
11931 
11979 
12028 
12076 
12125 
12174 
12223 

12272 
12321 
12370 
12420 

.. . 

- 
Sphere 
Volume 

in 
Cu. Ft. 

775735 
780849 
785986 
791 146 
796328 
BO1 533 
BO6760 
81 201 0 
81 7283 
822579 
827897 
833238 
838603 
843990 
849400 
854833 
860290 
865769 
871 272 
876798 
082347 
887920 
89351 6 
8991 36 
904779 
910445 
916136 
921 850 
927587 
933349 
9391 34 
944943 
950776 
956633 
962514 
76841 9 
374348 
380301 
386278 
392280 
398306 
304356 
310431 
31 6530 

322654 
328802 
234975 
W1172 

..- 

1455.4 
1462.5 
1469.7 
1476.8 
1484.0 
1491.3 
1498.5 
1505.7 
1513.0 
1520.3 
1527.6 
1534.9 
1542.2 
1549.6 
1557.0 
1564.3 

' 32685 
32846 
33006 
3316E 
33325 
33491 
33654 
33816 
33979 
34143 
34301 
34471 
34636 
34801 
34967 
35133 

103 
103J.i 
10356 
1 0 3 j i  
104 
104!.j 

8332.3 6233C 
8372.8 62633 
8413.4 62936 
8454.1 63241 
8494.9 63546 
8535.8 63852 

104!$ 8576.7 
104%l 8617.8 

64159 
64466 

1571.8 
1579.2 
1586.6 
1594.1 

3529s 
35466 
35633 
358OC 

107 

107% 
107% 
108 
108!6 

108% 
109 
109'; 
109!.(L 
109% 
110 
l l O ! j  

1 10% 
111 
11 1 !:i 
111% 
111% 
112 
112!i 
11236 
11235 
113 
113!1 

11396 

io7!6 

108?/2 

1lOJ.h 

8992.0 67265 

9076.3 67895 
9118.5 68211 
9160.9 68528 
9203.3 68846 

9288.6 69483 
9331.3 69803 
9374.2 70124 
9417.1 70445 
9460.2 70767 
9503.3 7109C 
9546.6 71413 

9633.4 72062 

9676.9 72388 
9720.5 72715 
9764.3 73042 
9808.1 73370 
9852.0 73698 
9896.1 74028 
9940.2 74358 
9984.4 74689 

10029 75020 
10073 75353 

113x10118 75686 
10162 76019 

9034.1 

9245.9 69164 

9589.9 71737 

1662.0 
1669.6 
1677.3 
1684.9 
1692.6 
1700.3 
1708.0 
715.8 

723.5 
731.3 
739.1 
746.9 
754.7 
762.6 
1770.4 
1778.3 

1786.2 
1794.1 
1802.0 
1810.0 

37325 
37497 
37668 
37841 
38013 
38186 
3836C 
38533 

38708 
38882 
39057 
39232 
39408 
39584 
39761 
39938 

40115 
40293 
40471 
40649 

7854.0 
7893.3 
7932.7 
7972.2 

Bo11.8 
8051.6 
8091.4 
5131.3 

58752 
59046 
59341 
59636 

59933 
60230 
60528 
60826 

- 
Sphera 
surfau 

in 
Sq. Ft. 

._ . . . .._ . .- , .. I __ 
Sphare 
Volume 

in 
Cu. Ft. 

555641 
559742 
56385'3 
567994 
5721 51 
576327 
580522 
58474C 
588971 
59323t 
59751: 
601812 
606131 
610471 
614831 
61921: 
62361 C 
628031 
632481 
63694: 
641431 
64593 
65046: 
65501 4 
659584 
6641 7: 
668787 
673421 
67807E 
682752 
68745C 
6921 6E 
69691 C 
701 67: 
706457 
.711262 

116090 
720939 
72581 0 
730704 
735619 
740556 
74551 5 
750496 

755499 
760525 
765572 
770642 

.- 

. 
Gallons 

gsr 
Foot of 
Cylindei 
.. .. . 

76354 
76689 
77025 
77362 
77699 
78038 
78376 
7871 6 
79057 
79398 
79739 
80082 
80425 
80769 
81 114 
81460 
81806 
821 53 
82501 
82849 
831 99 
83548 
83899 
84251 
84603 
84956 
85309 
85664 
8601 9 
86374 
86731 
87088 
87446 
87805 
881 65 
98525 

58886 
59247 
B9610 
89973 
30337 
W701 
91 067 
91433 

91 800 
921 67 
92536 
42905 

I- 

Cu. Ft. 
w r  

Foot of 
Cylinder 

6361.7 
6397.1 
6432.6 
6468.2 
6503.9 
6539.7 
6575.5 
661 1.5 
6647.6 
6683.8 
6720.1 
6756.4 
6792.9 
6829.5 
6866.1 
6902.9 
6939.8 
6976.7 
701 3.8 
7051 .O 
7088.2 
71 25.6 
71 63.0 
7200.6 
7238.2 
7276.0 
7313.8 
7351.8 
7389.8 
7428.0 
7466.2 
7504.5 
7543.0 
7581.5 
7620.1 
7658.9 

7697.7 
7735.6 
7775.6 
7814.8 

Diam, 
in 

Feet 

Cu. Ft. 

Foot 01 
Cylinds 

per 

2 QalL 
Barrel! 

wr 
Foot o, 
blind@ 

851 .C 
856.5 
862.C 
8672 
873.C 
878.5 
884.1 
889.E 
895.1 
9oo.E 
906.4 
912.1 
91 7.1 
923.4 
929.1 
934.8 
940.5 
946.3 
952.C 
957.8 
963.6 
969.4 
975.3 
981.1 

992.9 
998.8 
004.7 
01 0.7 
016.6 
022.6 
028.6 
034.6 
040.6 
046.7 
)52.7 

b58.8 
H.9 
)71 .O 
57.1 
b83.3 
M9.4 
M5.6 
IO1 .8 

'08.0 
114.3 
120.5 
126.8 

- 

987.a 

Sphere 
Volume 

in 
Cu. Ft. 

Diam 
in 

Feet 

Oallon 
per 

Foot o 
Cy!indc - 
4758! 
478% 
481 l! 
4838! 
4865: 
4892( 
491 8I 
4945t 
49721 
49991 
5027( 
5054: 
5081 1 
51 08l 
51 36: 
51 63i 
51 91 2 
521 9C 
52461 
52741 
53024 
5330: 
5 3 m  
53864 
541 4f 
5442f 
5471 1 
54991 
5528C 
5 5 a  
55851 
561 3E 
56425 
!Xi714 
57003 
i7292 

i7583 
57874 
581 66 
58458 

12 Galla 
Barrela 

Foot 01 
Cylinde 

per. 
Sphere 
Volume 

In 
Cu. Ft. 

381 704 
384893 
388101 
391 326 
394569 
397830 
401 109 
404405 
407720 
41 1053 
414404 
41 7773 
421160 
424566 
427990 
431 432 
434893 
438372 
441 870 
445386 
448920 
452474 
456046 
459637 
463247 
466875 
470523 
4741 89 
477874 
481 579 
485302 
489045 
492807 
496588 
500388 
io4208 

io8047 
i l l906 
il5784 
il9682 
i23599 
i27536 
i31492 
i35468 

i39464 
i43480 
i47516 
i51572 

_._I 

Sphere 
Surface 

in 
Sq. Ft. 

40828 
41007 
41187 
41 367 
41548 
41728 
41 91 0 
42091 
42273 
42456 
42638 
42822 
43005 
431 89 
43374 
43558 
43744 
43929 
441 15 
44301 
44488 
44675 
44863 
45051 
45239 
45428 
45617 
45806 
45996 
46186 
46377 

46759 
46951 
47144 
47336 

47529 
47723 
4791 6 
481 11 
48305 
48500 
48695 
48891 

49087 
49284 
49481 
49678 

_- - ._ ... 

46568 

2 Callo 
Barrels 

Cylinrlel 

per 
~ 0 0 1  or 

.. 

181 8.0 
1825.9 
1833.9 
1841.9 
1850.C 

1866.1 
1874.2 
1882.3 
1890.4 
1898.E 
1906.7 
1914.8 
1923.1 
1931 .3 
1939.5 
1947.E 
1956.C 
1964.3 
1972.E 
1980.5 
1989.2 
1997.E 
2006.c 
2014.3 
2022.E 
2031 -4 
2039.E 
2048.1 
2056.5 
2065.C 
2073.5 
2082.1 
2090.€ 
2099.2 
?107.7 

21 16.3 
2124.9 
21 33;6 
21 42.2 
21 50.9 
21 59.6 
2168.3 
?177.0 

2185.7 
k194.5 
2203.2 
221 2.0 

m8.a 

Sphera 
Surfau 

in 
Sq. Ft. 

4778.d 
4809.( 
4839.t 
4870.i 
4901 .i 
4932.7 
4963.5 
4995.: 
rn.! 
5058.( 
5089.f 
5121.2 
5153.( 
5184.: 
521 6.t 
5248.5 
5281 .[ 
531 3.: 
5345.t 
5378.1 
541 0.t 
5443.: 
5476.C 
55G8.i 
5541 .i 
5574.i 
m 7 . t  
5641.: 
5674.! 
5707.5 
5741.: 
5775.1 
5808.i 
5842.f 
5876.F 
591 0.6 

5944.7 
5978.9 
501 3.2 
5047.6 
5082.1 
51 16.7 
51 51.4 
51 86.2 

5221.1 
5256.1 
5291.2 
6326.4 

35745 
35974 
36204 
36435 
36667 
36899 
37133 
37367 
37601 
37837 
38073 
3831 0 
38547 
38785 
39024 
39264 
39505 
39746 
39988 
40231 
40474 
40718 
40963 
41 209 
41 455 
41 702 
41 950 
421 99 
42448 
42698 
42949 
43201 
43453 
43706 
43960 
4421 4 

44469 
44725 
44982 
45239 
45497 
45756 
4601 6 
46276 

46537 
46799 
47062 
47325 

19113 
1923E 
1935% 
19482 
19601 
19731 
19856 
19981 
201 OE 
20235 
2035E 
20488 
2061 2 
20739 
20867 
20998 
21124 
21253 
21382 
21 51 2 
21642 
21 773 
21 904 
22035 
221 67 
22299 
22432 
22565 
22698 
22832 
22966 
23100 
23235 
23371 
23506 
?3642 

23779 
!3916 
?4053 
!4190 
!4328 
!e467 
E4606 
!4745 

?4885 
25025 
!5165 
?a06 

248475 
250872 
253284 
25571 2 
2581 55 
26061 3 
263087 
265577 
268083 
270604 
2731 41 
275693 
278262 
280846 
283447 
286063 
288696 
291 344 
294009 
296690 
299387 
3021 00 
304830 
307576 
310339 
313118 
31 5914 
31 8726 
321 555 
324401 
327263 
3301 42 
333038 
335951 
338881 
I41 828 

I44791 
I47772 
I50770 
153785 
15681 8 
I59868 
I62935 
Em19 

169121 
$72240 
175377 
178531 

1133.1 
1 139.4 
1145.7 
11 52.( 
1158.' 
11 64.i 
1171.: 
11 77.t 
1 184.( 
1 190.' 
11 96.5 
1203.4 
1209.1 
121 6.4 
1222.E 
1229.1 
1236.1 
1242.E 
1249.2 
1255.E 
1262.5 
1269.1 
1 275. 8 
1 282.8 
1289.Z 
1295.9 
1302.f 
1309.4 
1316.2 
1323.C 
1329.8 
1336.6 
1343.8 
1350.3 
1357.2 
1364.1 

I371 .O 
1377.9 
1384.9 
'391.9 
398.9 
405.9 
i412.9 
1419.9 

1427.0 
1434.0 
1441.1 
1448.2 

25447 
25588 
25730 
25873 
2601 6 
261 59 
26302 
26446 
265W 
26735 

27026 
271 72 
273 I8 
27465 
2761 2 
27759 
27907 
28055 
28204 
28353 
28502 
28652 
28802 
28953 
291 04 
29255 
29407 
29559 
29712 
29865 
30018 
301 72 
30326 
30481 
30635 

30791 
30946 
31103 
3 1 259 
31 41 6 
31 573 
31731 
31 889 
32047 
32206 
32365 
32525 

268811 

1601.5 
1609.0 
1616.6 
1624.1 
1631.6 
1639.2 
1646.8 
1654.4 

35968 
361 36 
36305 
36474 
36644 
3G813 
36984 
371 54 



460 

Diam 
in 

Feet 
-- 
126 
126% 
126% 
126% 
127 
127% 
127% 
127% 
128 
128Ji 
12856 
128% 
129 
129>i. 
129% 
129% 
130 
130!4 
130% 
130% 
131 
13114 
131 % 
131 % 
132 
1325i 
132% 
132% 
133 
133% 
133% 
133% 
134 
134Ji 
134!4 
134% 

Appiled Process Design for Chemical and Petrochemical Plants 

Ft. 

Foot d 
Cytindcl 

12469 
12519 
12568 
12618 
12668 
12718 
12768 
12818 
12868 
12918 
12969 
13019 
13070 
13121 
13171 
13222 
13273 
13324 
13376 
13427 
13478 
13530 
13581 
13633 
13685 
13737 
13789 
13841 
13893 
13945 
13998 
14050 
14103 
14155 
14208 
14261 

047394 
053641 
059913 
066209' 
072531 
078877 

091645 
098066 
104513 
110985 
117481 
124004 
130551 
137124 
143723 
150347 

163671 
170371 
177098 
183850 
190627 
197431 
204260 
211116 
217997 
224904 
231838 
238797 
245783 
252795 

085248 

156996 

. - - 
138 14957 111887 
138% 15011 112293 
138% 15066 112699 
138% 15120 113107 
139 15175 113514 
139!i 15229 113923 

139% 15339 114743 
140 15394 115154 
140j.j 15449 115565 
140 2 15504 115978 

141 15615 116805 
141;i 15670 117219 
14135 15725 117634 
141% 15781 118050 
142 15837 118467 

14254 15948 119303 
142% 16005 119722 
143 16061 120142 
143!; 16117 120562 
14336 16173 120983 
143?4 16230 121405 
144 16286 121828 
144!;; 16343 122251 
144!4 16399 122675 
144% 16456 123100 
145 16513 123526 
l45!,' 16570 123952 
145>4 16627 124379 
145% 16684 124807 

139!,$ 15284 114333 

140A r 15559 116391 

142j.i 15893 118885 

A-19, 
(Concluded). Capadties of Cylinders and Spheres 

_- 
93274 
93645 
94016 
94388 
94761 
95134 
95508 
95883 
96259 
96635 
97013 
97390 
97769 
98148 
98528 

99291 
99673 
00056 
IN440 
00824 
01209 
01595 
01982 
02369 
02757 
03146 
03536 
03926 
04317 
04709 
05102 
05495 
05889 
06284 

98909 

06679 

__. 

2220.8 
2229.6 
2238.5 
2247.3 
2256.2 
2265.1 
2274.C 
2282.9 
2291.9 
2300.8 
2309.8 
2318.8 
2327.8 
2336.9 
2345.9 

2364.1 
2373.2 
2382.3 
2391.4 
2400.6 
2409.7 
2418.9 
2428.1 
2437.4 
2446.6 
2455.9 
2465.1 
2474.4 
2483.7 
2493.1 
2502.4 
2511.8 
2521.2 
2530.6 

2355.0 

2540.a 
07075 
07472 
07870 
08268 
08667 
09067 
09468 

10271 
10674 
1 1078 
11482 

09869 

135 

135% 
135% 
136 
136!:i 
136% 
136% 
137 
137% 
137% 
137% 

135!6 
2549.4 
2558.9 
2568.3 
2577.8 
2587.3 
2596.8 
2606.4 

~ 2615.9 

14314 

14420 
14473 
14527 
14580 
14634 
14687 
14741 
14795 
14649 
14903 

14367 

~ 2625.5 
~ 2635.1 
' 2644.7 
2654.3 

__ 
*has 

i n  
Sq. Ft. 

49876 
50074 
50273 
50471 
50671 
50870 
51071 
51 271 
51472 
51 673 
51 875 
52077 
52279 
52482 
52685 
52889 
53093 
53297 
53502 
53707 
5391 3 
54119 
54325 
54532 
54739 
54947 
551 55 
55363 
55572 
55781 
55990 
56200 
56410 
56621 
56832 
57044 
57256 
57468 
57680 
57893 
581 07 
58321 
58535 
58750 

58965 
59180 
59396 
59612 

Surfna, 

_. _. .. __ .. 

Sphoro 0iam Cu. Ft. Gallons 

"$:" // I F o T d  1 Fsof 
Cu. FI. Cylinder Cylinder 

-- 
12 Gallot 
Barrels 

Der 
Foot of 

Cylinder 

2664.0 
2673.6 
2683.3 
2693.0 
2702.7 
2712.5 
2722.2 
2732.0 
2741.8 
2751.6 
2761.4 
2771.2 
2781.1 
2790.9 
2800.8 
2810.7 
2820.6 
2830.6 
2840.5 
2850.5 
2860.5 
2870.5 
2880.6 
2890.6 
2900.7 
2910.7 
2920.8 
2931 .O 
2941.1 
2951.2 
29G1.4 
2971.6 
2981.8 
2992.0 
3002.3 
3012.5 
3022.8 
3033.1 
3043.4 
3053.7 
3064.0 
3074.4 
3084.8 
3095.2 
31 05.6 
31 16.0 
3126.5 
3136.9 
3147.4 

Sphae 
suflaea 

in 
Sq. Ft. 

59828 
60045 
60263 
60481 
60699 
6091 7 
61136 
61 356 
61 575 
61 795 
6201 6 
62237 
62458 
62680 
62902 
631 24 
63347 
63570 
63794 
6401 8 
64242 
64467 
64692 
6491 8 
65144 
65370 
65597 
65824 
66052 
66280 
66508 
66737 
66966 
671 9G 
67426 
67656 

68118 
68349 
68581 
6881 3 
69046 
69279 
6951 3 
69746 
69981 
7021 5 
70450 
70686 

-.. .- 

67887 

- 
smae 
Volulne 

in 
Cu. FI. 

1376055 
1383547 
1391067 
1398613 
1406187 
1413788 
1421 41 6 
1429072 
1436755 
1444466 
1452204 
1459970 
1467763 
1475584 
1483433 
1491310 
149921 4 
1 5071 46 
1515107 
1523095 
1531 11 1 
15391 56 
1547228 
1555329 
1563458 
1571 61 5 
1579800 
1588014 
1596256 
1604527 
161 2826 
1621154 
162951 1 
1637896 
164631 0 
1654752 
1663224 
1671 724 
1680253 
1688811 
1697398 
170601 5 
171 4660 
1723334 
1732038 
1740771 
1749533 
1758325 
1767146 

_. . .. . 



Appendix 

bn mrln 
a f h d  
inrhrs 

A-20. 
Tank Capacities, Horbntal Cyliidrid- 

Contents of Tanks with Mat Ends 
When Faed to Various Depths 

Depth nf liquid. in inchm - h "" 
3" I 6.1 9'1 12.1 

Tn ascertain the cnntenta of a tank over 
one-half full: 1at i - dcpth of unfilled 
pnrtion. Find from the table the quantity 

Contents in U.S. gallons per 1 foot of length. 
By permission, The Permutit Go., Inc., Data Book, 1953. 

- 

12- 
18" 
24' 

t o 0  
36" 

48- 
54- 
cow 

66" 
72- 
78' 

84' 
90- 
w m  
102" 
IOW 
114" 
120' 

. 

42' .- 

...... 

.. _. 

A-2 1. 
Tank Capacitim, Horizontal Cyliidrical- 

Contents of Standard Disbed Heads 
When Filled to Various Depths 

-- I 

0.40 0.05 0.20 .......... 
1.36 0.07 0.32 0.611 ..... * 
3.22 n.ns 0.41 0.95 1.61 16. 18' 21. 

6.30 0.10 0.49 1.18 2.10 3.15 .......... 
imn n.11 0.56 I N  2.54 3.92 5-44 ...... 

25.76 0.13 0.811 1.75 3-w 5.29 7.62 10.19 12.89 ........... 
311.72 0.14 0.74 1.m 3.54 5-91 8.80 11.6.5 14.95 111.311 ...... - 
50.37 0.14 0.82 2.07 3.98 11.49 9.54 13.03 10.87 zn.9~ ~5.18 33' 

67.04 0.15 0.113 2.19 4.28 IIJH 1n .x  14.30 18.m 2x43 2~.42 33.52 
~7.04 (1.16 0.811 2.32 4.52 7.47 I I J R  15.48 20.38 25.74 31.46 37.43 

110.66 0.17 n.03 2.44 4.79 7.97 11.94 I G A ~  22.02 27.97 34.39 41.i6 

138.22 0.18 0.98 2.59 5.07 8.44 12.G0 17.78 D.II0 30.11 37.19 44.55 
m . n i  0.18 1.0 2.m 6.m 8.91 13.44 18.86 z.i.12 32.18 39.00 4t1.22 
m1..32 O.M i.n7 2s 5.59 9.36 14.1.4 i n m  ?t,.fio 34.17 42.52 ~I.F,R 

247.48 0.22 1.14 3.m 5.89 9.87 14.02 m i  28.11 3fi.i~ 45.19 54.91 
203.77 0.20 1.13 3 . ~ 3  0.04 1n.21 I R . ~  21.w 20.47 :w.m 47.5~ 57.97 
345.51 0.21 1.16 8.12 6.25 10.521 1G.w 2 2 . ~ 1  30.70 :39.7:3 m i  60.811 
402.27 0.21 1.18 3.23 6.47 10.93 1~. ( i8  23.70 mti 41.43 ~2.04 63.73 

I --_- 

17.28 0.12 0.G3 159 2.94 4.64 G.57 8.M 24' 27' 30' -- ....... ... - 

.- . - - I - 

-. .. __ - - ._ - 

.... -- .- . 

Rdims = Diameter 

-To a m t a i n  the contents of a head o w  
onchalf full: Let h = depth of unfilled 
pnrtion. Vind from the table the quantity 
camrponclmg to a depth h. Subtract this 
quamtity from the eontents of a full head. 

13.52 ...... 

S2.67 
56.W 
61.13 

G9.14 
72.s 
76.40 

m.83 
66.14 
71.z 

7II.n 

85.61 
89.95 

81.11: 

- 

G9.11 
...... 

.... 

...... 



462 A-22. 
Miscellaneous Formulas 

(Courtesy of Chicago Bridge and Iron Co.) 
1. Area of Roofs. 

Umbrella Roofs: 
D = diameter of tank in feet. 
Surface area in 

conical Roofi3: 
Surface area in 

2. Average weights. 

= 0.842 D' (when radius = diameter) 
aquare feet ] { = 0.882 D' (when radius = 0.8 diameter) 

square feet ] { = 0.792 P (when pitch is 1% in 12) 
= 0.787 W (when pitch is % in 12) 

Steel 4 9 0  pounds per cubic foot-specific gravity 7.85 
Wrought iron -485 pounds per cubic foot--specific gravity 7.77 
Cast iron -450 pounds per cubic foot-specific gravity 7.21 
1 cubic foot air or gas at 32" F., 760 m.m. barometer = mole- 

cular weight x 0.0021855 pounds. 

3. Expansion in steel pipe = 0.78 inch per 100 heal  
feet per 100 degrees Fahr. change in temperature = 
0.412 inch per mile per degree Fahr. temperature 
change. 

4 Linear coefficients of expansion per degree increase 

Per De ee Per Degree 
Fahrenfkt Centigrade 

70" to 200" F .............................. O.OoooO67 
2 1 . 1 O  to 93" c ___________.__.__._________ - 0 . m 1 2 1  

32" to 932" F._ .................. -....... O.ooOo102 
0" to 500" .- ........................... - 0.0000184 

in temperature : 

STRUCTURAL STEEL-A-7 - 
- STAINLESS STEEGTYPE 304 

- ALUMINUM 
-76" to 68" F ............................ 0.0000120 
-60" to 20" c ............................ - 0.0000216 

5. To determine the net thickness of shells for horizontal 
Cylindrical pressure tanks : 
T = 6 p D  

S 
P =working p ~ s a n r e  in pounds per square inch 
D = &am- of cylinder in feet 
S = allowable unit working streas in pounds per square inch 
T = Net thickness in inches 
Resulting net thickness must be corrected to gross or actual 
thickness by dividing by joint efficiency. 

6. To determine the net thickneas of heads for cylindrical 
pressure tanks: 
(6111 Ellipsoidal or Bumped Heads: 

T = Z  
S 

T, P and D as in formula 5 

(6b) Dished or Basket Heads: 
10.6P(MR) 

S T -  

T, S and P as in formula 5 
MR = principal radius of head in feet 

Resulting net thickness of heads is both net and gross thick. 
ness if one piece seamless heads are used, otherwise net thick- 
ness must be corrected to gross thickness as above. 
Formulas 5 and 6 must often be modified to comply with 
various engineering codes, and state and municipal regulations. 
Calculated gross flate thicknesses are sometimes arbitrarily 
increased to provi e an additional allowance for corrosion. 

7. Heads for Horizontal Cylindrical Tanks: 
Hemi-ellipsoidal Heads have an ellipsoidal cross rection, usuall 
with minor axis equal to one half the major ax ie tha t  is, depd 
= 1/4 D, or mom. 
Dished or Basket Heads consist of a spherical segment nor- 

mally dished to a radius equal to the inside diameter of the 
tank Cprinder (or within a ra of 6 inches pIus or minus) 
and connected to the straight c%&cal flange by a "knuckle" 
whose inside radius is usually not less than 6 per cent of the 
inside diameter of the cylinder nor less than 3 times the thick- 
ness of the head plate. Basket heads closely approximate hemi- 
ellipsoidal heads. 

Bumped Heads consist of a spherical segment joining the 
tank cylinder directly without the transition "knuckle." The 
radius = D, or lees. This type of head is used only for pressures 
of 10 pounds per square inch or less, excepting where a com- 
pression ring is placed at the junction of head and shell. 

Surface Area oj Hcculs: 
(?a) Hemi-ellipsoidd Heads: 

S = r R' [I + K'(2-K)J 
S = surface area in square feet 
R = radius of cylinder in feet 
K = ratio of the depth of the head (not including the 

straight flange) to the radius of the cylinder 
The a h  formula is not exact but is within limits of 
practical accuracy. 

(7b) Dished or Basket Heads: 

(7c) Bumped Heads: 
Formula (7a 1 gives surface area within practical limits. 

S = u R L  (1 + b?) 
S, R, and K as in formula (?a) 

Volume of Heads: 
(7d) Hemiellipsoidal Heads: 

V = % u K R '  
R = radius of cylinder in feet 
K = ratio of the depth of the head (not including the 

straight flange) to the radius of the cylinder 
(7e) Dished or Basket Heads: 

(7f) Bumped Heads: 
Formula (7d) gives volume within practical limits. 

V = '/2 r K R* (1 + 5 IC) 
V, K and R as in formula (7d) 

Hemi-ellipsoidal heads-K is known 
DishedHeads-IC = M- J (M-1) (M + 1 - 2m) 
Bumped Heads- K = [M- V ~ ~ . - i ]  

Note: K in above formulas may be determined as follows: 

- 
MR = principal radius of head in feet 
mR radius of knuckle in feet 

R = radius of cylinder in feet 
mR m=- MR 
R M=- R 

For bumped heads m = o 

8. Total volume or length of shell in cylindrical tank 
with ellipsiodal or hemispherical heads: 

V = Total volume 
L = Le;$h of cylindrical 

KD = Depth of head 
Yr  D' 

W W  L =  (V+-) -1'/5KD 
4 



Appendix 

A-22. 
(Continued). Miscellaneous F o d a s  

9. Volume or contents of partially filled horizontal cylin- 
drical tanks : 
(9a) Tank cylinder or shell. (straight 

Q = R Z  [ ( s o ) - s i n  e cos e 
Q =partially filled volume or 

contents in cubic feet 
R = radius of cylinder in feet 
L = length of straight portion of cylinder in feet 

portion only) 

1 

The straight portion or flange of the heads must be considered 
a part of the cylinder. The length of flange depends upon the 
diameter of tank and thickness of head but ranges usually be- 
tween 2 and 4 inches. 

a = A R = depth of liquid in feet 
A = 3- = a ratio 

R 
R-a 

Cos e = 1 -A, or - R 
0=degreeB 

Q = % V A' (1  -?r$ A) 
(9b) Hemi-ellipsoidal Heads: 

Q = partially filled volume or 

V = total volume of one bead 

A = a = a ratio 

a = A R = depth of liquid in feet 
R = radius of cylinder in feet 

contents in cubic feet 

per formula (7dl 

R 

(9c) Dished or Basket Heads: 
Formula (9b) gives partially filled volume within 
practical limits, and formula (7d) gives V ipithin 
practical limits. 

Formula (9b) gives partially filled volume within 
practical limits, and formula (7f) g i m  V. 

Note: To obtain the volnme or quantity of liguid in partidy 
filled tanks, add the voIume per formula (9a) for the cylinder 
or straight portion to twice (for 2 heads) the volume per 
formula (9b), (9c)  or (9d) for the type of head concerned. 

(9d) Bumped Heads: 

10. Volume or contents of partially filled hemi-ellipsoidal 
heads with major axis vertical: 

Q = Partially filled vol- 
ume or contents in 
cubic feet 

V = Total volume of one 
head per formula 
(7d) 

in fed 
R = Radius of cylinder 

( 10a Upper Head : 
Q = 1% V A(l-gA*) 
A = &  =tiratio 

a = A KR = depth 
of liquid in feet. 

( lob) Lower Head: 
Q = 1% V A'(l-gA) 
A =  a = aratio KR 
a = A KR = depth 

of liquid in feet 

A-23. 
Decimal Equh 

Feet and 
Decimuls 

0156 
.0313 .w 
.0625 
.0781 

.0938 

.lo94 

.1250 

.1406 

.1563 

.1719 
S875 
2031 
.2188 
.2344 

.2500 
2656 
.2813 
2969 
.3125 

.3281 

.3438 

.3594 

.3750 
.3906 

a63 
.4219 
.4375 
A531 
.4688 

.4844 
S O 0 0  
.5156 
5313 
.5469 

5625 
5781 
.5938 
.6094 
.6250 

.6406 

.a63 

.6719 

.6875 

.7031 

.7188 

.7344 

.7500 
-7656 
.7813 

.7969 

.8125 
A281 
a438 
.8594 

.8750 

.8906 

.go63 
9219 
.9375 

-9531 
.9688 
.9844 

1.0000 

entsinIaches, 
[illimetew 
Millimeter Equiu 
Dr Decimal of In 

0.397 
0.794 
1.191 
1.588 
1.984 

2.381 
2.778 
3.175 
3572 
3.969 

4.366 
4.763 
5.159 
5.556 
5.953 

6.350 
6.747 
7.1& 
7.541 
7.938 

8.334 
8.731 
9.128 
9.525 
9.922 

10.319 
10.716 
11.113 
11.509 
11.906 

12303 
12.700 
13.097 
13.494 
13.891 

14.288 
14684 
15.081 
15.478 
15.875 

16.272 
16.669 
17.066 
17.463 
17.859 

18256 
18.653 
19.050 
19.447 
19.844 

20.241 
20.638 
21.034 
21.431 
21.828 

22.225 
22.622 
23.019 
23.416 
23.813 

24.209 
24.606 
25.003 
25.400 

463 



e A-24. A-24. 
(By pcrmissiW of M a l o  Tank Div., Bethlehem Steel Corp.) (Continued). 

PROPERTIES OF THE CIRCLE 

Circumference = 8.28318 r - 3.14159 d 
Oiameter 0.31831 circumference 
Area - 3.14169 r* 

A n  a - F&z - 0.017453 r AQ 

Angle A* - 'e - 57.49578 

4 ba + ca R i d i u a r  = - 8 b  
A Chord Q - 2 4 2 b r - b n  = 2 r a l n ~  

Rho b - r - % d 4 r * - c * - $ t . n ~  A 

- -2r01n*T=r+y -  A 4 f l - x ~  

y -b-r+d- 
I - d r * - ( r + y - b ) *  

Olamater of circle of equal perlphery as aquam - 1.27324 old. d aquam 
Side of aquare of equal pcripher as circle - 0.78540 diameter of circle 
Diameter of circle cinumscribed(rbout square = 1.41421 sido of square 
Side of square inscribed in circle - 0.70711 diameter of clrcle 

r - radiur of circle Y = a n a h  ncr, In dearerr 
CIRCULAR SECTOR 

- .  
Area of Sector ncpo - 4L (lenath of aro nOp X r) 

CIRCULAR SEGMENT 
r = radiua of clrcle 

Area of Seamant nop-Aroa of Sector ncpo-Area of trlangle nop 

x - chord b - r i l e  

(Length of arc nop X r) - I (r - b) 
2 

I 

Aru of Segment nap- A m  of Circle - A m  of Sagmein nom W 

AREA OF PLANE FIGURES 
TrLngIe: l3m x M perpendicular Iicight. 

1/ s(s-a) (~-b) (s-c), 

8nin of area of the two triaiiglw. 
36 sum of parallel sides x pcrpendicular height. 

s = 8um of the tliroc sidm a, b and c. 
Trapezium: 
Trapezoid : 
Parallelogram: Uuw! x perpendicular height,. 
Regular Polygon: !4 sum of sides x inside radius. 
Clrcle: s r* 

T PA" Sector of Clrcle: -- = 0.00H7!!OGr~A0 = nrc x M radius. 
360 

3 0.78.540 x din.1 = 0.07958 x circumference* 

segment of circle: -- ld (---- r A "  - sin A') 
a 180 

Circle of same area as square: di:imctur = Ride 
Square of same area as circle: side 
El I ipse: 
Parabola: Base x perpendicular height. 

x 1.128R8 
= dinmctcr x O.XX(123 

Long dinrncter x short di:rmeter x 0.78540 

Izregular plane aurfece 

Divide anv ~ h n c ?  Riirf:we A, 13, C, I), :dong a hue a-1) into an wen number, n, of perallel 
and Riifficinntfy sriiall strips, (1, WIIONP. orcliriatcjs :we ti,. hr, h ti h . . Iln- hn, lin+l, and 
considering contours bctowecn three ordinntcs BR pard)olic eu&~: t i &  for seadon AUCD, 
A m  =d [hi + hn+l+4(br+ hr 4-11,. . . +Ian) +2(h, +h, +h, . . , +hn-,)] 

3 
or, approximnkly, Area Sum of ordinates x width, d. 

VOLUME OF A WEDGE 

This formula is useful in ol,binitig the coxitenta of 
special, wetlgc4iaped, .tank bottoms. 
Volume=--, wh (I + m + n) 

b 
W 

,p - --I--+ 



A-24. A-24. 
( Continud). (Contiuud). 

a, be A 

arbPC 

TRIGONOMETRIC FORMULAS 

b d n A  sin B- -.-- 
a sin C t 8 n A - m c  

T R I G O N O M E T R I C  
FUNCTIONS 

b s i n  C 
sin B 

da*+b*-Zabco.C 

-- 

H a 

'' 
0 

------ _. . .. .. .- 

RIGHT A N G L E D  
TR I A NG LE5 

/l 
Known 

. .. 

. . . . . . . . . . . . . .. . .. . . .... . . .. - . .__ .. . . . _.- . . - - . . 

RadiusAF - 1 
= sin* A + cos1 A - sin A ccsec A - c o r A r e o A - . t a n A c o t A  

81neA =-- :zi - A -to. A tan A- d l - c o s *  A - BC 

Cosine A - tanA = rA - sin A cct A = dl-sin*A = AC 

Tangent A - FD 

Cotangent A - 2s = t& - co. A cwff i  A - HG 

- AD tanA 1 BecantA - -=- sin A cos A 

Cosecant A - cz = 1 - AO cosA 8 inA 

sin A 1 

:s = c& = .In A see A 

3:= 

a* CI c1 -b* 

b l  I) ~1 -a* 

c l  -a.+b* 

A B a b C 

tan A - i tan B = d m  
e 1 n A - A  c w ~ - - i  4;caz 

- 900-A A ei:A, 

b 
90' - A b tan A 

Area 

ab 
2 

2 
81 Cot A 

2 
b* tan A 

2 

I 

8 4- 

- 

c * s t n 2 A  

PROPERTIES OF SECTIONS 

S Q U A R E  

Axis d nloments through eanter A - d* 

d 
e - -  2 

d 

SQUARE 

Axia of momenta on  b.80 A - d* 

e - d  

SQUARE 

AXIS of moment8 on diagonal 
A - d. 

RECTANGLE 

Axis of moments throuah center 
A - b d  

c , d  

' - 12 

2 

S r T  bd* 



A-24. 
(Continued). 

A-24. 
(Continued). 

PROPERTIES OF SECTIONS 

RECTA N 6 LE 

Axla of moments on baaa A - W  

e - d  

bda 
I - -  3 

9 

d 

8 - E  

r - TT - .577850d 

RECTANGLE 

Axia of monnnts on  dlaponrl 

.I 

I 

A - b d  

~~~ 

RECTANGLE 
Axla of moments any line 
through center of gravity A - bd 

e -  b s i n  a + d M. a 
2 

HOLLOW RECTA N G LS 

Axla d momrnts through contor A - W-bbrdr 

PROPERTIES OF SECTIONS 

EQUAL RECTANGLES 
Axis of moments through 

center of aravity A 9 b(d-dr) 

d 
2 c 9 -  

I I b(dr-dl') 7 :'I---- 12 

UNEQUAL RECTANGLES 

A - b t  fbbrtbr 

TRIANGLE 

Axis of momenta through 
center of gravity 

A c d  
2 

r 
ilr 

d 
r - Tx - ,235702d 

TRIANGLE 

Axis of moments on  b.w 



A-24. 
(Continued). 

A-24. 
(Continued). 

~~ 

PROPERTIES OF SECTIONS 

TRAPEZOID 
Axis of moment8 through 

canter of gravity 

I I da (bz 4-4 bbi +bra) 

~ I d* (bz+4  bbi 4- his) 

36 (b + bi) 

12 (2b + bi)  

I d d 2 ( b * + 4 b b r + b r a )  
6(b + bi) 

CIRCLE 

Axi l  of moments 
through unter 

HOLLOW CIRCLE 

Axis of momenta 
through center 

HALF CIRCLE 

untsr of gravity 
- 1.570796 A* Axia of momants through 2 

c - R ( 1 - K )  4 - .575687R 

I - R4 (z-") - .109757R4 8 9, 

s I R' (w I .180687R¶ 
24 (3*-4) 

R 'M 9 .2W36R 
6% r -  

PROPERTIES OF SECTIONS 

PARABOLA 

A - l a b  

m - - a  

11 - Z r * b  

la - I s b a  

la - =saab 32 

3 

2 
5 

175 
m 

15 

HALF PARABOLA A - g a b  

2 
5 

8 

m - - 8  

n - A b  

11 - T5aab 8 

I 8  - G a b s  19 

16 

2 
15 

l a  - c58*b  

14 -ab* 

COMPLEMENT OF HALF 
PARABOLA 

A I l 8 b  2 a 
k - n 4  9 

m - L a  

n - - b  

11 - 2100a*b 

10 

3 
4 

37 

1 Ir -8ba 80 

t PARABOLIC FILLET IN 
RIGHT ANGLE 8 243- 

t 

Jp b 

A I ~ t *  1 

m - n  - 



A-u.  
(Continued). 

A-U. 
(Concluded). 

PROPERTIES OF SECTIONS 

* HALF ELLIPSE 

2 

A - l x a b  4 

4a 

* QUARTER ELLIPSE 

m - -- 2 4  
k.n-4 3x 
I .  

* ELLIPTIC COMPLEMENT 

*To obtain propertlei of half circle, quarter circle and clrcular complement aubstltutr a - b - R. 

PROPERTIES OF SECTIONS 

REGULAR POLYGON n - Number of eidee 

1800 
Axim of moments * - -  
through center 

ANGLE 

Axis of moments through 
Center of gravity 

K - PMdUCt of Inertia about X-X Y-Y 

abcdt + 4(b+c) 
- -- 

Ix - 4 (t(d-YP+byJ-a.[y-W) 

Ir - (t(b-x)a+dxa-ec[x-t)s) 

K le negative when hrrl of angle, wi th  rea act 
to  c Im In 1st or 3rd quadrant, posklve 
who; 7; 2nd or 4th quadrant. %-Z 1a axis of mini 

BEAMS AND CHANNELS 

Transwne force obllque 
through center of gravity 

-a 
where I is bending moment due to force F. 
Extromr fiber asaumed same as l o r  case 
t -0 .  If not, locate extreme fiber and find 

by usual method. 



Appendix 

Endimh 
Desrrrs 

Clark 
.o 1 
.I 

1.2 
1. 
.7 

or 

1.24 

S.60 

469 

~ ~ 

French German Milli-equiv8lenll 
D p p m  pwtitrrm D Q K ~  

OFrcnrh OGPrnun p.r Million 
I .OS0 . a 0  

1. A60 2 0  
1.71 .958 .s43 
1.43 .wn 486 
1. .m 2 0  

- - Equlvalmu 

1.19 1. .a57 

2.80 1. 

A-25. 
Wind CMI Equivalent Temperatures on 

Exposed Flesb at Varying Velocity 
WINO VELOCITY (MILES PER HOUR) 

45 35 25 20 15 10 5 3 2 1 0 

90 89.5 89 88.5 88 88.75 87.5 81 86 84.5 83 
82 81 80.5 80 19.5 18 76 1 4  12.5 70 60 
72 11 69.5 68 67 65 60 51 53.5 41.5 23 
63 61 59 51 55 52 44.5 39 34.5 20 - 11 

LL 51 49 41 45 42.5 38 28 18.5 11 0 - 21 
2 41 39 36 34 30.5 25 11 0 -9 -23.5 -38 a 

30 28 25 23 18 11 -5 -16.5 -40 Below -40 Below -40 
20 18 14 11 6 -2 - 19 -40 Below -40 do do 
10 1.5 3 0 -6 - 15 -35 Below -40 do do do 
0 - 2.5 -8 - 12 - 18 -29 Below -40 do do do do 

- 11 - 14 - 18 - 23 -30 Below -40 do do do do do 
- 21 - 24 - 30 -35 Below -40 do do do do do do 
- 32 - 35 - 40 - 40 do do do 

c 

f 
2 c 

~~ ~ ~ ~~ _ _ _ _ ~  _ _ _ _ ~  ~ 

Instructions for use of the table: 
(1) First obtain the temperature and wind velocity forecast data. 
(2) Locate the number at the top corresponding to the expected wind speed (or the number closest to this). 
(3) Read down this column until the number corresponding to the expected temperature (or the number closest to this) is reached. 
(4) From this point follow across to the right bn the same line until the last number is reached under the column marked zero (0) wind speed. 
(5) This is the equivalent temperature reading. Example: weather information gives the expected temperature (at a given time, such as midnight) to be 

35OF, and the expected wind speed (at the same time, midnight) to be 20 miles per hour (mph). Locate the 20 mph column at the top, follow down this 
column to the number nearest to 35OF. The nearest number is 34OF. From this point, move all the way to the right on the same line and find the last 
number, which is -38OF. This means that with a temperature of 35OF, and a windspeed of 20 mph the rate of cooling of all exposed flesh is the same as 
-38OF, with no wind. 

Reproduced by permission of the Department of the Army. do means ditto. 

A-26. 
Imparities in Water 

U. S. Systems of Expressing Impurities 
I grain per gallon . . . . . . . . . . . . = I grain calcium carbonate (CaC08) per U. S. gallon of water 
I part per million . . . . . . . . . . . . = I part calcium carbonate (CaCOs) per rpoo,ooo parts of water 
I part per hundred thousand.. = I part calcium carbonate (CaCO,) per 100,000 parts of water 

I English degree (or "Clark). . = I grain calcium carbonate (CaCOII) per British Imperial gal. of water 
I French degree . . . . . . . . . . . . . . = I part calcium carbonate (CaCOa) per IOO,OOO parts of water 
I Germandegree . . . .. . . , . . . . . = I part calcium oxide (CaO) per 100,000 parts of water 

Foreign Systems of Expressing Impurities 

Conversions 

I Part per Hundred Thnuaand 
1 Grain per 11. S. Callnn 
1 Enzlhh or CI8rk 
1 Flpnrh De:rwt 
1 Cnrrman Dwree 
I Milli-equivalent per Liter 

1 EquivdknL lier Millinn 

By permission, The Permutit Co., Inc., 

1. 
1.71 
1.4s 
1. 
1.79 

6. 

lata Book, 1 

.Ma 

339 
1. 

.5R3 
1.04 

2.92 

53. 
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1 Part p r  Million 1. 
1 Millizram pcr Liter 1. 
I G n m  per Liter iuno. 
1 Part 1h-r llundred Thoumnd in. 
1 Grain iicr US. Gallon 17.1 
1 Grain lrrr nritish Imp. Gallon 14.3 
1 Kilozrain Cuhie Foot 2294. 

Applied Process Design for Chemical and Petrochemical Plants 

1. .001 .I .OB13 .07 .Oll04 
1. .001 .1 3588 .07 .0004 

10. .01 1. S83  .7 .00436 
17.1 .017 1.71 1. 1.2 .W16 
14.8 .014 1.43 .a33 1. .00Q 

1000. 1. 100. G1.3 70. .43e 

2294. 2.294 229.4 134. 161. 1. 

A-27. 
Water Analysis Conversions for 
Units Employed: Equivalents 

~~~ 

NOTS: In practice, water analysis  sample^ are measured by volume, not by weight and corrections for variations in-specific gravity are practically never 
made. Therefore. parts per million arc a w m c d  to bc the same a5 milligrams per liter and h e m  the above relationships are, for practical pur-, true. 

By permission, The Permutit Co., Inc., Data Book, 1953. 

A-28, 
Parts Per Million to Grains Per U. S. Gallon 

A. To convert parts per million of 
hardness to grains pcr U. S. gal- 
lon, divide by the factor 17.1. 

Example; 
I.  242 parts/millior. 

14.1 grains/U. S. gallon --- =: 
17.1 

EqxrivacsfirJs 
Water analyses may also be expressed as: 

- (I)  Equivalents per million (epm) . . . . . . . . . . . . . . . . . - 
- 

(2 )  Milli equivalents per liter (mcq/l). . . . . . . . . . . . . - 
(3) Parts per million expressed as CaCO,. . . , . . . . . . . - - 

(4) Fiftieths of equivalents per million (epm/50) = 

B. To convert grains per U. S. gal- 
lons to parts per million of hard- 
ness, multiply by the factor 17.1. 

2. 24.3 grains/U. S. gallon X 17.1 = 4rG parts/million 

No. of ppm of substance present 
Equivalent weight of substance 

Equivalents per million 
No. of ppm CaCOs equivalent to No. of ppm of substance 
present 
No. of ppm of substance present X 

Equivalent wcight of substance 
Nmu: Numerically ( 2 )  and (I) are equal. 

Numcrkdly (3) and (4) art equal. 
Scctinn xxiii contains cquiralrnt wriphtr of a numhcr nf suhrtanccr. 
Scctinn x x i i i  contains factors fnr cnnvcrting varinus suhrtances to CaCOI. 
Srction xxi t i  contains factors for various chcmial conwrsionr. 

By permission, The Permutit Co., Inc., Data Book, 1953. 
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0.93  
0.56 

471 

1.08 
1.80 

A.29 . 
Formulas. Molecular and Equivalent Weights. and Conversion 

Factors to CaCO. of Substances Frequently Appearing 

1.01 

Mulfipfying Pacfor 

1.01 

in the Chemistry of Water Softening 

60.0 

0.40 

0.48 

drrarar tot . .. IO0 . 
Cd.0. 

rpvirafenl 
I O  . .*fanre 

0.02 

2.64 

2.08 

Subrtnnrr 
l o  CaCOa 

rouiroknl 
Molcrrrlar 

uleithf 

27.0 
I 3 1  . 
241 . 

Aluminum . . . . . . . . . . . . . . . .  A I  . . . . . . . . . . . . . . . .  
Aluminum Chlnride . . . . . . . . . . . . .  AICIt . . . . . . . . . . . . . . . .  
Aluminum Chloride . . . . . . . . . . . . .  AICIa.6Hfl. . . . . . . . . . . . . .  
Aluminum Sullals . . . . . . . . . . . . .  AldSCI, ) r  IRI l f l  . . . . . . . . . . . .  
Aluminum Sulfate . . . . . . . . . . . . .  A l , l S 0 , 1 ,  (anhydrous) . . . . . . . . . .  
Aluminum Hydrate . . . . . . . . . . . . .  AI(OH)a . . . . . . . . . . . . . . . .  

9.0 
44.4 
80.5 

I l l  1 
67.0 
26.0 

17.0 
27.3 

5.66 
1.13 
0.62 
0.45 
O.RR 
1.92 

2.94 
1.83 
0.83 
0.32 
2.94 
2.78 
0.94 
1.43 
0.76 

0.18 
0.89 
1.61 
2.22 
1-14 
0.62 

0.84 
0.65 
8.02 
8.12 
0.34 
0.36 
1.07 
0.70 
1.32 

661.4 
842.1 

78.0 

101 9 
163.9 

~~ ~~~~~~ ~~~~~~~ ~~ 

Alumina . . . . . . . . . . . . . . . . .  AltOr . . . . . . . . . . . . . . . . .  
Sodium Aluminate . . . . . . . . . . . . .  N.~Aldl .  . . . . . . . . . . . . . .  
Ammonium Alum . . . . . . . . . . . . .  AIdSO4)a (NHdfiO6.24H10 . . . . . . .  
Fotaarium Alum . . . . . . . . . . . . . .  A I ~ ~ S O . ) I K * ~ O ~ . ~ ~ H I ~ ~  . . . . . . . . .  
Ammonia . . . . . . . . . . . . . . . . .  NHv . . . . . . . . . . . . . . . .  
Ammonium ( Ion) . . . . . . . . . . . . .  N H  4 .  . . . . . . . . . . . . . . .  
Ammonium Chloride . . . . . . . . . . . .  N I l r U  . . . . . . . . . . . . . .  
Ammonium llydroxide . . . . . . . . . . .  NIIIOII . . . . . . . . . . . . . . .  
Ammonium Sulfate . . . . . . . . . .  ( N I I ~ ) I S O ~  . . . . . . . . . . . .  
Barium . . . . . . . . . . . . . . . . .  II a . . . . . . . . . . . . . . . . .  
Barium Carhnnate . . . . . . . . . . . . .  DsCOa . . . . . . . . . . . . . . .  
nnrium Chloride . . . . . . . . . . . . . .  n d : i l . 2 t i r o  . . . . . . . . . . . . . .  
Barium llydroxids . . . . . . . . . . . . .  IJs(011)~  . . . . . . . . . . . . . . .  
n w i u m  Oxide . . . . . . . . . . . . . . .  B a O  . . . . . . . . . . . . . . . . .  
Barium Sullatp . . . . . . . . . . . . .  BaSO, . . . . . . . . . . . . . . . .  

906.6 
94R.R 

151.1 
156 . I  

17.0 
18.0 
53.5 

17.0 
18.0 
53.5 
35.1 

132 . 
137.4 
197.4 

35.1 
66.1 

68.7 
98 7 

122.2 
R5.7 
76.7 

116.7 

20.0 
81.1 
60.1 
65 5 
37 1 
35 R 
2R.0 
68.1 
86.1 
82.1 
61.7 

1.37 
1.97 
2.44 
1.71 
1.63 
2.83 

0.40 
1.62 
1.00 
1.11 
0.74 
1.43 
0.66 
1.36 
1.72 
1.64 
1.03 

0.73 
0.61 
0.41 
0.69 
0.66 
0.43 

2.60 

244.3 
171 . 
153 . 
233.4 

~ ~ ~~~~~ 

Calrium . . . . . . . . . . . . . . . . . .  Ca . . . . . . . . . . . . . . . . . .  
Calcium nicarbonate . . . . . . . . . . . .  Ca(IICO,)t  . . . . . . . . . . . . . . .  
Calrium Cnrhonate . . . . . . . . . . . .  C ~ ( . l l ,  . . . . . . . . . . . . . . . . .  
Calrium Chloride . . . . . . . . . . . . . .  Ca(:lr . . . . . . . . . . . . . . . . .  
(:ilcium Hydra te  . . . . . . . . . . . . . .  C a ( 0 l I ) i  . . . . . . . . . . . . . . .  
Calrium Ilypaehlorlte . . . . . . . . . . . .  Cs(CI0)t . . . . . . . . . . . . . . .  
Calcium Oxide . . . . . . . . . . . . . . .  CaO . . . . . . . . . . . . . . . . . .  
Calrium Sullato . . . . . . . . . . . . . .  Cas04 (anhydroun) . . . . . . . . . . .  
Calrium Sullmte . . . . . . . . . . . . . .  CrSOI.211s0 (gyrwmn) . . . . . . . . .  
Calrium NitrDtn . . . . . . . . . . . . . .  C s ( N O d *  . . . . . . . . . . . . . . .  
Cdcium I’hasphate . . . . . . . . . . . .  CadI’Od, . . . . . . . . . . . . . .  
Carbon . . . . . . . . . . . . . . . . . .  C . . . . . . . . . . . . . . . .  

40.1 
162.1 

111.0 
74 1 

143.1 
66.1 

136.1 
172.2 
164.1 
810.3 

ion  08 
0.62 
I . 00 
0.90 
1.35 
0.70 
1.79 
0.74 
0.68 
0.61 
0.97 

12.0 8.00 16.67 0.06 

36.6 I 86.6 1.41 0.71 Chlorine (Ion) . . . . . . . . . . . . . . .  CI . . . . . . . . . . . . . . . . . .  
C w p c r  (Cupric) . . . . . . . . . . . . . .  Cu . . . . . . . . . . . . . . . . . .  
Copper Sullate (Cuprle) . . . . . . . . . . .  CuSO, 
Copper Sulfate (Cupric) . . . . . . . . . . .  (:uS0,.611#0 . . . . . . . . . . . . . .  
Irnn (Fernnu)  . . . . . . . . . . . . . . .  Fs” . . . . . . . . . . . . . . . . . .  
Iron (Fwrir)  . . . . . . . . . . . . . . .  F4“ . . . . . . . . . . . . . . . . . .  
Ferrous Ilydmxide . . . . . . . . . . . . .  F e  (OH), 
Fcrrous Oxide . . . . . . . . . . . . . . .  FeO . . . . . . . . . . . . . . . .  
Ferroua Sulfate . . . . . . . . . . . . . .  FeSO, (anhydrous) . . . . . . . . . . .  
Ferrous Sulfate . . . . . . . . . . . . . .  FeSO . .?I id) . . . . . . . . . . . . . .  
Ferroua Sulfate . . . . . . . . . . . . . .  FeSfla (anhydrous) . . . . . . . . .  
Ferric Chloride . . . . . . . . . . . . . . .  FeCli . . . . . . . . . . . . . . . .  
Ferric Chloride . . . . . . . . . . . . . . .  FcC1, .611& . . . . . . . . . . . . . .  
Ferric Ilydroxide . . . . . . . . . . . . . .  Fe ( 0 H ) n  
Ferric Oxide . . . . . . . . . . . . . . . .  Fed),  . . . . . . . . . . . . . . . . .  
Ferric Sullmts (Ferriaul) . . . . . . . . . .  Fei ( S O , ) ,  . . . . . . . . . . . . . . .  
Ferrous or Ferric . . . . . . . . . . . . .  Fe or Fs . . . . . . . . . . . . . . .  
~ e r r o u  . s u m s  . . . . . . . . . . . . . . .  F~SO, . . . . . . . . . . . . . . .  

. . . . . . . . . . . . . . . .  

Frrrous Carbonate . . . . . . . . . . . . .  FeCOa . . . . . . . . . . . . . . . .  . . . . . . . . . . . . . .  

. . . . . . . . . . . . . . .  

65.6 
160 . 
260 . 

81.8 
80.0 

126 . 
1.67 0.64 
0.63 1 1.60 
0.40 2.60 

27.9 
18.6 
57 9 
44.9 

1.79 0.66 
2.69 1 0.87 
0.86 1.16 

66.8 
66.8 

89.9 
71.R 

151.9 
278.0 
161.9 

162 . 
270 . 
107 . 

116 . 
1 . 1 1  1 0.90 

35 9 
76 0 

I39 0 

... 
1.39 0.72 
0.66 1 1.62 
0.36 2.78 

151.9 

54.1 
90.1 
85.6 
26.6 
66.7 
65.8 

151.9 

19.0 

1.41 0.71 

0.76 1.88 
1.88 1 0.63 160 . 

399.9 
55.8 

151.9 

19.0 

o a i d d o n  
oridstion 

2.66 I 0 . 3 ~  Fluorine . . . . . . . . . . . . . . . . . .  F . . . . . .  . . . . . . . .  
llvdrnncn (Ion) . . . . . . . . . . . . . .  H . . . . . . .  . . . . .  

. . . . . . .  ludine . . . . . . . . . . . . . . . . . .  I . . . . . . .  

hlwneslum . . . . . . . . . . . . . . . .  ME . . . . . . . . . . . . . . . . . .  
Magnesium Oxids . . . . . . . . . . . . .  MgO . . . . . . . . . . . . . . . . .  
Mwnesiurn Bicarbonate . . . . . . . . . . .  Mg ( H C O ~ I  . . . . . . . . . . . . . .  

_ -  
. . . . . . . . . . . . . . .  . . . . . . . . . . . . . . . .  h m d  : : : : Yb - 

4.10 0.24 

0.68 1.46 
40.3 20.2 

146.3 

u4.3 
95.2 

42.2 
47.6 

29.2 
74.2 
43.8 
60.2 

27.5 
1R.3 
62.9 
21.7 
44.4 
26.3 
a5.5 

hlamcsium Carbonate . . . . . . . . . . .  MgCOi . . . . . . . . . . . . . . .  
Magnesium Chloride . . . . . . . . . . . .  MyClr . . . . . . . . . . . . . . . .  
Magnesium I lydrs t s  . . . . . . . . . . . .  M g ( 0 H ) t  . . . . . . . . . . . . . . .  
h!.KnesiUm Nitrate . . . . . . . . . . . . .  hlz‘ lNOd~ . . . . . . . . . . . . . .  
hlmynesium Sullals . . . . . . . . . . . .  MUSOI . . . . . . . . . . . . . . .  

hlmasn- (Msngmic) . . . . . . . . . . .  Mn’” . . . . . . . . . . . . . . . . .  
Mmnusnmc Chloride . . . . . . . . . . . .  MnCli . . . . . . . . . . . . . . . .  
Mangawca Dioxide . . . . . . . . . . . .  M n 0 1  . . . . . . . . . . . . . . . . .  
Mmpanmo l lydra te  . . . . . . . . . . . .  Mn(OI1)n . . . . . . . . . . . . . . .  
Marng*nic Oxide hlntVi 
MmnEanolu Oxide . . . . . . . . . . . . .  . . . . . . . . . . . . . . . .  

h4aunesium I’hnslihmte . . . . . . . . . . .  h l c d F O d s  . . . . . . . . . . . . . . .  

hlmuanenr (Manganous) Me” 
- . . . . . . . . . .  . . . . . . . . . . . . . . . . .  

. . . . . . . . . . . . . .  . . . . . . . . . . . . . . . .  
MnO 

1.05 0.95 

58.3 
148.3 
262.9 
120.4 

64.9 
54.9 

125.8 
K6.9 
R9.0 

7u.9 
158 . 

0.55 
2.73 0.37 
0.80 
2.30 0.43 
1.13 0 8 9  
1 . 91) 0.53 

0.71 

continued on next page) By permission. The  Permutit Co., Inc., Data Book. 1953 . 
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B i a r b u n a t a . .  . . . . . . . . . . , . . . H C O I . .  . . . . . . . . . . . . . . . 
hbW8te. . . . . . . . . . . . . . . . . C08. . . . . . . . . . . . . . . . . . 
Carbon D i d d e  . . . . . , . . . . . . . . COS. . . . . . . . . . . . . . . . . . 
Iodlde . . . . . . . . . . . . . . . . . I . . . . . . . . . . . . . . . . . 
Ni t ra t e ,  . . . . . . . . . . . . . . . . . NO, . . . . . . . . . . . . . . . . .. 
Hydrate. . . . . . . . . , . . . . . , . , OH : . . . . . . . . . . . . . . , :. 
1'huph.U. . . . , . . . . . . . . . . . . 1'0,. . . . . . . . . . , , . . . , . . 
I' osphommO*d.. . . . . . . . . . . . . Pi&. . . . . . . . . . . . . . . . . . 
sulfate. . . . . . . . . . . . . , . . . . s o , .  ,.. . . , . , . . . , . . . , , . 
Yullur Trlodds. . , . . . , . . . , . . . , YOI . . . . . . . . . . , . . . . . , . 

Chloride. . . . . . . . . , . . . , . . . . Cl. . . , . . . . . . . , . . . . . . . 

Sifide . : : . . . . . . . . . . . . . . . S . . . . . . . . . . . . . . . . . . . 

Applled Process Deslgn for Chemlcal and Petrochemical Plants 

61.0 
60.0 
44.0 
85.5 

126.9 

62.0 
17.0 
95.0 

142.0 
SL.1 
96.1 
80.1 

A-29. 
(Concluded). Formdim, Molecular and Equivalent Weights, and 

Conversion Factors to CaCO, of Sobstaaces Frequently 
Appearing in the Chemistry of Water Softening 

Sodium Sulfate. , . . . . . . . . . . . . . Na9OvlOiirO . . . - . . . . . . . . . 
Sadlum Sulhtc. . . . . . . . . . . . . . . N.10, . . . . . . . . . . . . . . . . 
Sodium TbicsulkIa. . . . . . . . . . . . . N.9108. . . . . . . . . . . . . . . . 
Sodium TetmlliionaIa,. . . . . . , . . . . , Nag401 , . . . , . . . . . . . . . . . 
Sodium Sulfite , . . . . . , . . . , . . . . NatSOa . . . . . . . . . , . . . . . 
Sulfur (Valenre2) . . . . . . . . . . . . . S" . . . . . . . . . . . . . . . . . . 
Sulfur (Valence 4) . . . . . . . . . . . . . 6"" . . . . . . . . . . . . . . . . . . 
sulfur (valence 6) , . . . , . . . . , . . . 9""" . . . . . .. . . . . . . . . . . . 
Sullur Diaxide . . . . . . . . . . . , . . . SO, . . , . . . . . . . . . . . . . . . 
Tin . . . . . . . . . . . . . . . . . . . .  Sn . . . . . . . . . . . . . . . . . .  
W. ter......,............ H a . . . . . . . . . . . . . . . . . .  
Zlnc . . . . . . . . . . . . . . . . . . .  2n . . . . . . . . . . . . . . . . . .  

322.1 
14p.l 
15H.1 
270.2 
126.1 

S2.1 
92.1 
82.1 
64.1 

18.0 
65.4 

119. 

7 
71.0 

158.1 

H . 0 2  
5.34 

92.0 

9.m 
14.7 

Mulliplyin# Faelor 

0.81 
0.79 

10.8 
11.9 

6.25 

4.76 
H.83 

0.12 
0.67 
0.88 

t . tn 

-.. . 
0.35 
0.29 

1.67 
7.14 
2.18 
0.80 

0.94 
0.95 
0.85 
0.67 
1.25 
0.59 

0.73 
1.61 

0.40 
0.91 
0.42 
1.06 

1.09 
1.25 
1.47 

ryhd 
J 00. 

CuCOa 
qsiwlrnl 

IO 
rubilunrr 

1.24 
1.86 
0.093 
0.068 

0.16 
0.21 
0.12 
0.78 
1.3H 
1.49 
1.12 

3.40 

0.W 
0.14 
0.46 
1.68 

2 . ~ 7  

1.06 
2.86 
1.17 

1.49 
O.HO 
1.70 

I .3n 
0.62 

1.09 
2.39 
0.95 
0.W 

zsa 

U.HO 
0.68 - 

7 0.31 I 3.B. 
0.70 
0.63 

0.79 1.21 

8.13 0.82 
0.16 

9.10 0.1 1 

ACIDS 

Hyd-. . . . . . . . . . . . . . . . .  .................... 
Acetic Acid . . . , . . . . . . . , , . . , HCsliD: . . . , . . . , . . . . . . . 
Carbonic Add . . . . . . . . . . , . . . . 1isCOa. . . . . . . . . , . . . . . . . 
Bydmeblmlc Add . . . . . . . . . . . . . IICl . . . . . . . . . . . . . . . . . . 
Phuphoric Acid . . . . . . . . . . . . . . Hd'Oa. . . . . . . . . . . . . . . . . 
Sulluraua Acid. . , . . . . . . . . , . . . H 9 0 z .  . . . . , . . . . . . . . . . . 
SullurlcAcid. . . . . . . . . . . , . . . . HBOI.  . . . . . . . , . . . . . . . 

98.0 

82.1 
9H.l 

Ilydrogm Yulfida. . . . . . - . . . . . . . lie. . . . . . . . . . . . . . . . . . - 
Ma~~gnnounAcLd. . . . . . - . . . . . . . IIIMoOI. . . . 104.9 . . . . . . . . . . . I 

61.0 Q.82 1.42 
90.0 I 1.67 I -60 
2Y.O 2.21 A A  

16.0 a.11 0.32 
4W.O I 1.04 I 0.96 
40.0 1.26 0.M 

0.89 
91.0 0.62 

82.7 1.m 0.65 
86.6 1.37 0.78 

41.1 1.22 0.82 
49.0 

62.5 1.05 
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R l r a  Alum 
Ammami8 Alum 
P n t d  Alum 

Cn~~prms (fmaua nullate) 
Chlnrinatd Covimaa 

Suiluric Acid-9R?, 
Sulfuric Acid-93.2Cb (66. Be) 
Sulfuric Acid-77.770 (GO. Be) 
Snlt rmkr--95% 

Y w i c  Sulfate (100% FrdSOJS 
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AldSOS, * lR€IzO a45  0.43 0.61 0.40 0.16 
AI.(so.), - ( N i i w o .  - s41i.n a33 0.44 am 0.29 0.27 
Alz(SO3r K&OI . I4IinO 0.z 0.43 0.60 0.28 am 
FeSOa * 7HsO 0.m 0.36 0.61 0.81 0.1s 
FdOI * THIO+ (WCId 0.54 0.86 0.61 0.48 0.18 
FedSOJa 0.15 ais 1.07 0.M 0.27 

HSO. 1.00 1.00 1.42 0.88 0.24 
Illsol 0.96 0.95 1.35 0.R4 0.84 
l lBOl  0.19 0.79 1.18 0.70 0.28 
N..'OI - 0.66 a 9 5  - 1.00 

A-30. 
Grains Per U.S. Gallom+ 
Pounds Per lo00 Gallons 

A. To convert grains per U. S. gal- 
lans to pounds per 1000 gallons 
multiply by the factor 0.143. 

B. To convert pounds per io00 gal- 
lons to grains per U. S. gallons 
multiply by the factor 7.0. 

Exara pic: 
I. 4.5 grains/U. S. gallon x 0.143 = 0.644 Ibs./iotw)gals. 
2. 0.5 Ibs./rmo gl lons X 7.0 = 3.5 grains/U. S. gal. 

A-31. 
parts Per Miilion- 

Pounds Per lo00 Gallons 

A. To convert parts per million to 
pounds per 1000 gallons divide 
by the factor IN. 

B. To convert pounds pcr 1000 gal- 
lons to parts per million multi- 
ply by the factor 120. 

Example: 
I. 39 parts/rnillion 

2. 0.167 Ibs./iooo gals. X 120 = 20 parts/million 
= (1.325 Ihs./rom gals. 

1211 

A-32. 
Coagulant, Acid, and Sulfate-1 ppm Equivalents 
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N . m  
1 I'pm 

Sodium Barhunate 
Sod. Ash (54% NarO - 99.16% NasCOa) 
Camtic Soda (16% NnrO - 9R.fl65 NaOH) 

' Chrmicd Limo (Quirklime-I'mdly Sl% Can) 
Hydratrd l ime  (Ilnua'ly 9.77 Ca(OH)s) 

Applied Process Design for Chemical and Petrochemical Plants 

AIkdiniW A Free COI T.E. u a C 0 1  
Formula Inereson RcdUc(1nn lnerru 
1 4 m  ppm ppm p m  

NaHCOs 0.60 - - 
NaKCh 0.94 0.41 - 
NaOIi 1.23 1.08 - 
C.0 1.61 1.41 1.61 
C.(0111, 1.26 1.11 1.26 

A-33. 
Alkali and Lime-1 ppm Equivalents 

Sulfuric, Hydrochloric Acid Equivalent 
Sprdllc 

Name Fmmuln Gravity CnnntrsLinn Gnm/l.iter 
60"/WF. 

Sulfuric Add 60° Be HbO. 1.1059 11.61% la26 
Sulfuric Acid 66O Be HISO. 1.8364 B3.19% 1110 
Sulfuric Acid gnr70 IIAO. 1.R407 W.W% in04 
Hydmehlarlc Acid lR% Be i1Cl 1.1411 21.927, 919 

CSCOI Equivalmt 
lo one Ib Atid 

L k  GnlM 

.I926 6548 
. 9 l 9  6667 
1.0000 1000 
.ana 26P2 



A-35. 

114--P/*p 
116 7% 
118 7% 
120 7% 
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1945 1942 1939 1936 19-29-1926 1923 1919 1916 1 9 G  
1972 1969 1965 1962 1959 1956 1952 1949 1946 1943 1936 193 
1999 1995 1992 1989 1985 1982 19z9 1976 1972 1969 1963 195 
2025 2022 2019 2015 2012 2009 2005 2002 1999 1996 1989 198 

/ SF- 
# !  I 

I I THK-irl I 

1 I 
For "Overall Height" add length of straight flange to IDD given, plus thickness 
of material. 

ugewhen RD EQUALS DIAMETER 

ASME FLANGlED AND 
DISHED HEADS 
IDD CHART 
OD - Outside Diameter 
THK - Thickness 
OH - Overall Height 
SF - Straight Flange 
RD - Radius of Dish 
ICR - Inside Corner Radius 
IDD - Inside Depth of Dish 

By permission, Hackney-Brlghton, a division of Trinity Industries. 
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A-35. 

I 

t I i 
II I 

ELLIPTICAL HEADS 
(2A RATIO) 
ID - Inside Diameter 
THK - Thickness 
OH - Overall Height 
SF - Straight Flange 
IDD - Inside Depth of Dish 

X -STANDARD 
I - INQUIRE 

SIZES AND THICKNESSES OF HEADS 

By permission, Hackney-Brighton, a division of Trinity Indusbies. 
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Flgure 1. 

INTERNAL PRESSURE COMPARISON 

ICR = 10?4 OD 

40" ID 80" ID 80" ID loo" ID 120" ID 
Figure 2. 

EXTERNAL PRESSURE COMPARISON 

RD ==OD 
ICR = lO%OD 

40" ID 80" ID 80" ID loo" ID 120" ID 

80-10" HEADS 
OD - Outside Diameter 
THK - Thickness 
OH - Overall Height 
SF - Straight Flange 
RD - Radius of Dish 
ICR - Inside Corner Radius 
IDD - Inside Depth of Dish 
Meeting all A.S.M.E. Unfired Pressure Vessel 
Code requirements, the 80-10'' Head permits 
significantly higher pressures than other 
configurations selected for the same service. 
The 8O-1OL Head is named for its unique 
dimensions-the dish radius equals 80% of the 
head diameter and the inside corner radius 
equals 10% of the head diameter. These 
dimensions compare to 100% and 6% 
respectively for A.S.M.E. F&D Heads. 

By permission, Hackney-Brighton, Division of Trinity Industries. 



Absorbers, intercooling, 116 
Absorption, 108 

calculation procedure, 108, 109 
component absorption, 108 
diagram, 110 
Edmister method, 11 2 
efficiency, 118 
fraction absorbed, 108 
lean oil requirement, 112 

procedure, 109,113 
rich oil, 108 
theoretical trays, 108 
trays for specified absorption, 109, 113 

Absorption and stripping efficiency, 118 
Absorption equilibrium curve, 117 
Absorption factor, 108 

Actual number trays, plates, stages, 85 
Adjacent keys, constant overflow, 94 
Air-water system, 369 
Akers and Wade multicomponent tray-by-tray, 87,92 
Allowable mass velocity, tower design, 136 
American Institute of Chemical Engineers tray efficiency, 41 
Ammonia-air-water system, 367 

chart for Ea and Es, 11 2 

absorption data, 368 
effect of water temperature, 368 

Ammonia partial pressure over aqueous solution, 357 
Ammonia solution temperature rise, heats of solution, 359 
Ammonia vapor pressure-inerts data, 356 
Ammonia-water equilibrium curve, 358 
Ammonia-water overall gas film mass transfer, 353 
Ammonia-water Ponchon distillation, 66 
Atomic and molecular volumes, 333 
Azeotropes, 12-14 
Baffle tray columns, 213 

mass transfer efficiency, example, 215 
performance, 214 
pressure drop, 214 
tray arrangement, 213, 214 

Ballast ring, 238 
Batch distillation, 45 

constant cx with trays, reflux, 47 
constant reflux, after Block, 51 
constant reflux ratio, fured trays, 48,50 
diagram, 46 
differential, simple batch, 46 
fixed theoretical trays, constant reflux ratio, variable 

minimum reflux diagram, 49 
Raleigh equation, 47,53 
simple, no trays, 53 

variable reflux rate, fured theoretical plates, 50 
variable reflux ratio, various theoretical plates, 49,51 

transfer units, 377 

overhead, 48 

vapor boil-up, fixed trays, 53 

Benzene-toluene mixture, 27, 33, 35 

Benzene-toluene vapor-liquid equilibrium transfer units, 377 
Berl saddles, 237 
Binary mixture, fractionation, minimum reflux, 29 
Binary mixtures, 3 
Binary systems, 15 

minimum reflux at infinite plates, 23 
solution for trays, L/D, 23 

Boiling point diagram, 27 
Brown and Martin operating reflux, 83 
Bubble cap(s), 122, 123, 155 

cap and riser comparison dimensional data, 141-143 
layout, 134 
performance, diagram, 126 
shroud ring, 136 
slot dimensions, 158 
slot performance, 160 
slot seals, 158 
typical 4in. pressed, 134 
typical styles, design details, 140 

Bubble cap tray design guide, 138 
Bubble cap trays, 122, 123 

“ C  factor chart for diameter, 133 

478 
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cap area by tray type, 138 
cartridge assembly, 125 
design, 124 
design guide, 138 
effect of liquid and vapor loads, 155 
effect of liquid gradient on vapor distribution, 157 
layouts, 130,133,137 
schematic arrangement, 125 
sieve and bubble cap flooding comparison, 192 
tower diameter, 126 
turndown ratio, 155 

blowing, 158 
bottom tray seal pan, 170 
bubble cap pressure drop constant, 167 
cap slots, 160 
capacity vs. vapor-liquid loads, 156 
composite tower assembly, 219 
coning, 158 
correction for wet pressure drop, 167 
downcomer pressure drop, 167 
downcomer slot seal, 170 
dry tray pressure drop, 167 
effect of liquid gradient on vapor, 157 
effect of vapor load on cap slots, 157 
entrainment, 158,169 
example bubble cap tray design, 171 
flexibility, 137 
flooding, 157 
flooding comparison, sieve and bubble cap, 192 
free height in downcomer, 170 
inlet weir, 170 
liquid gradient, 161 

charts, 162-166 
correction, 166 

Bubble cap trays, performance design, 155,156 

liquid height in downcomer, 168 
liquid height over outlet weir, 158,159 
overdesign, 158 
pulsing, 137 
riser and reversal pressure drop, 166 

Bolles design, 166 
modified Dauphine design, 166 

slot opening, caps, 160 
slot seals, 158 
spacing of trays, 168 
stability, 137 
throw over outlet segmental weir, 170 
total pressure drop through tray, 158,167 
vapor distribution, 171 
weir correction factor, segmental, 159 

Bubble cap typical tray details, 139, 146 
genera1 purpose design details, 154 

Bubble point, 15, 16 
Carbon dioxide absorption, effect on carbonate Kga, 364,365 
Carbon dioxide in alkaline solution, 361 

absorption in sodium hydroxide, 364 
design procedure alkaline absorbers, 361 
from atmosphere, 362,363 
Kg, data and corrections, 361 
sulfur dioxide in alkaline solutions, 361 

Chempaka, 240 
Chlorine-water system (dilute gas), 367 

effect of liquor, rate, 369 
solubility in water, 369 

Chou and Yaws multicomponent method, 81 
Colburn minimum reflux, pinch temperatures, 74 

minimum factors, 78 
Column performance, 104 
Condensers, 2,19,20 

partial, 20 
total, 19, 20 
x-y diagram, 20 

Contacting trays, 123 
Convergence pressure, 4, 6 9  
Cooling tower(s), 379ff. 

blow-down, 395 
design/operating terminology, 382 

air pressure drop, 394 
alternate design of new tower, 396 
approach, 382 
atmospheric cooling tower water loss, 408 
blow-down, 382, 394 
characteristic performance charts, 399405 
comparison cooling efficiency of packing, 406 
contamination build-up, 394 
drift loss or windage loss, 382 
fan power required; 394 
graphical integration transfer units, 398 
make-up, 382 
performance evaluation of existing tower, 396 
pressure drop comparison, 407 
range, 382 
recirculation, 383 
tower characteristics vs. fan power, 394 
water rates, 393 

effect of performance variables on ground area, 393 
fan performance, 391 
general construction, 380 
ground area vs. height, 391 
packing efficiency, 406 
pressure drop comparison, 407 
specifications, 383 

form, 386 
terminology, 381 
types, 380-385 

atmospheric, 380-382 
forced draft, 380,383 
induced draft, 380,384,385 
natural draft, 380,381 
spray filled, 385 

typical performance, 387 
design gpm, 387 
diagram of counter-current tower, 388 
driving force diagram, 388 
effect of change in gpm on approach, 390 
effect of half-speed operation of fans, 390 
effect of hot water temperature, 390 
enthalpy of air operating line, 388 
fan horsepower, 392 
fan performance, 391 
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guide for recirculating water for film fill, 392 
pressure loss, 392 
tower characteristic, 387 
tower fill, 389 
transfer units, 388,396 
water loss, atmospheric tower, 380 

Cooling water with air, 379 
Counterflow cooling tower performance, 399-405 
Dalton’s Law, 2, 3, 26 

DePriester K-value light hydrocarbon systems, 1 0 , l l  
Dew point, 15,16 
Diagnostic study of column performance, 104 
Diffusion coefticient for gases, 351 

table, gases/liquids and liquid/liquid, 352 
Distillation, 1 

downcomer, 135 
heat balance, 63 
key components, 68 
nomenclature, 2,102,121,221 
operating diagrams, 21 
operating pressures, 18, 19 
in packed towers, 370,379 
Ponchon-Savarit method, binary, unequal molal 

overflow, 63, 64 
process performance, 1 
schematic tower/column arrangement, 2 
short-cut, multicomponent, 72 
tray specification data sheet, FRI, 220 
underwood multicomponent, 71 

HETP estimates various systems and packing, 379 

effects of liquid maldistribution, 266,267 
guide for selection, 264 
liquid, 246, 254, 260-265 
number of flow or drip points, 265,266 
patterns, 267 
redistribution, illustration, 271 

combined with Raoult’s Law, 2 

Distillation in packed towers, 370 

Distribution, packed towers, 246ff. 

Distribution of liquid, effect of under-irrigating wall, packed 

Distributor pan, packed towers, 257 
towers, 376 - 

guide for selection, 264 
multipan, 262, 263 
orifice pan, 262 
pipe orifice header, 265 
spray nozzle, 263, 264 
spray pipedheaders, 261,265 
trough, 261,265 
weir flow, 261 

free height, 170 
liquid height, 168 
pressure drop, 167 
residence time, 169 
seal, 168 
suggested velocities in, table, 169 

Drikamer and Bradford tray efficiency, 41 
Drip point tile, pressure drop, 293-295 

Downcomer, distillation, 135 

Drip points recommended, liquid, packed towers number, 265 

Dual flow tray, 123 
Edmister method, 112 
Effect of packing on COeodium hydroxide system, 366 
Effective absorption and stripping factors, 114 
Efficiency, absorption and stripping, 118 

Efficiency, comparative, sieve vs. bubble cap, 44 

table, points/ftZ random packing, 266 

table, 118 

Effect of liquid mixing on tray, 45 
Effect of vapor mixing on tray, 45 

Efficiency correlations, 41 
Entrainment 

bubble cap trays, 169 
comparison, 191 
sieve tray, correction, 177 

Entrainment flooding, sieve trays, 187, 189 
Fair’s method, 188, 189 

Equilibrium, basic considerations, 1 
Equilibrium, hydrocarbon, 4 
Erbaq Joyner, and Maddox improved Underwood method, 71 
Estimating multicomponent recoveries, 85 

Non-key components, 86 
Yaw’s method, 85 

Ethanol-water diagram, minimum reflux, 52 
Examples 

absorption of hydrocarbon with lean oil, 114 
alternate evaluation of tower condition, 313 
baf€le tray column mass transfer, 215 
batch distillation, constant reflux, 51 
batch distillation, vapor boil-up, fixed trays, 53 
binary batch differential distillation, 54 
boiling point curve and equilibrium, 26 
bubble cap tray design, 171 
bubble point and dew point, 17 
change performance with change in existing tower 

Colburn equation, minimum reflux ratio, 76 
Colburn minimum reflux, pinch temperature, 74 
component absorption, fixed tray tower, 119 
continuous steam flash, 61 
design of ammonia absorption tower, 332 

design packed tower removing carbon dioxide 

determining blowdown for cooling tower, 395 
estimated multicomponent recoveries, Yaw’s method, 87 
estimating distillation tray efficiency, 42 
evaluation tower condition and pressure drop, 313 
Fair’s recommended tower diameter, 199 
flash vaporization, hydrocarbon mixture, 27 
flashing composition, 17 
graphical design, binary system, 33 
heavy gas oil fractionation using GempakB, 331 
hydrocarbon stripper, 302 
K-values, 27 
Koch-Sulzer packing tower sizing, 326 
minimum reflux ratio, Underwood equation, 73 
minimum theoretical plates at total reflux, 38 

packing, 315 

performance interpretation, 357 

w/caustic, 364 
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minimum trays, Winn’s method, 24 
multicomponent batch distillation, 55 
multicomponent design by Yaw’s method, 70 
multicomponent steam flash, 59 
multicomponent study of reflux ratio, 99 
number of transfer units for concentrated solution, 348 
number of transfer units for dilute solution, 346 
number of trays for specified absorption, 118 
open steam stripping of heavy rich oil, 62 
operating reflux mtio, 84 
operation at low rate, random liquid hold-up, 320 
perforated plate, no downcomers, 206 
Ponchon-Savant unequal overflow design charts, 63 
Raoult’s Law, 14 
relative volatility estimate, Wagle’s method, 29 
Scheibel-Montross minimum reflux, 80 
sieve tray design with downcomer, 195 
solve Gilliland’s equation, 32 
stacked packing pressure drop, 316 
stripping dissolved organics from water, method of Li and 

thermal condition of feed, 35 
transfer units in distillation, 377 
trajLby-tray, multicomponent mixture using computer, 95 
tray-to-tray design multicomponent mixture, 90 
wood-packed cooling tower, induced draft, 396 

Hsiao, 100 

Fair’s method, dry sieve tray pressure drop, 181 
Fan horsepower, cooling towers, 392 
Feed thermal condition, 20 

Feed tray location, 85 
Fenske equation, 22 
Fenske minimum theoretical trays at total reflux, 80 
Fenske-Underwood-Gilliland multicomponent trays, 72 
Flash vaporization, 15 
Flashing composition, 17 
Flexiringm, 238, 240 
Flood point, random packing, 288 

Kister’s study, 288 
Flooding, sieve trays, maximum hole velocity, 193 
Flooding correlation, Sherwood chart, 283 
Flooding on perforated support plates, 314 
Foaming liquid systems, 280 
Fraction absorbed, 108 
Fractional entrainment, 190 
Fractionation Research, Inc. (FRI), 122,176 
Francis weir formula, 159 
Fugacity, 3,12 
Gas and liquid-phase coefficients, 349 
Gas Processors Suppliers Association, 4 
Gilliland plot, plates vs. reflux ratio, 30 

Glitsch Ballast vdve tray, 123 
Glitsch Cascade@, 241 
Glitsch Nye tray, 124 
Graphical integration 

diagram, 21 

nomogram, 31 

batch distillation, 52, 54 
transfer units, 348,349 

cooling tower, 398 

Grid packing, metal, 34‘7,348 
Glitsch-GridT”, 338 

Koch FlexigridB, 335 
comparison performance charts, 339 

comparison capacities with random packing, 337 
pressure drop charts, 337 

Norton Intalox@ Grid, 247 
Nutter Snap-Grida, 247,333 

HETP, 335 
pressure drop, 337 

Hausbrand vapor pressure diagram, steam distillation, 38 
Heat balance, distillation, 63 

adjacent key system, 94 
Ponchon-Sawrit method, 63-63 

Heats of absorption, 116 
Height of gas film transfer unit, estimate, 351 

Height of individual transfer unit, 330 
Height of liquid film transfer unit estimate, 351 
Height of overall transfer unit, 350 
Henry’s Law, 3, 4 
HE” (height equivalent to a theoretical plate), 370-377 

charts, 373 
correlation equation, 372,378 
correlation factor “n” €or HETP, 380 
estimates for distillation, 379 
HETP and HTC correlation, random packing, 374 
HETP guidelines, use, selection, 375 
influence on, 375 
relationship to HTU, 376 
typical operating and design, 288 

typical operating and design chart, 288 

bed limiters, 269 

diffusion coefficient of gases, 351, 352 

HETP random packing comparison, 280 

Holddown grids, 269,271 

Hold-up, liquid, ceramic tower packings, 316 
Horton-Franklin method, 113 
Hutchinson, A.J.L., 117 
Hydrocarbon absorption and stripping, 108 
Hydrogen chloride-water system, 369 

adiabatic absorption of, effect of inert gases, 370 
graphite absorption tower, 371 
preliminary selection charts, 372 

x-y diagram adiabatic absorption, 370 
Hy-Pak@, 238 

Ideal systems, 2 
Inralox saddles, 2317-238 
Interfacial area, effective (random), 320 

Jaeger Tri-PaksR, 241 
K-Factor hydrocarbon equilibrium, 4, 6 
Key components, multicomponent, 68 

random ceramic packing, 321 

estimating chart, recovery, 86 
heavy, 68 
light, 68 

Kister, H.Z., 188 
chart, 299 
correlation pressure drop, 287,298 

Koch Fleximam, 240,241 
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Koch Flexitrap, (valve tray), 123 
Koch HcKp, 240 
Kremser-Brown-Sherwood method, 108 
Lean oil requirement(absorption), 112 
Lessing rings, 237 
Liquid distribution into packed tower, 231 
Liquid distribution patterns, packed tower, 267 

effect of maldistribution on efficiency, 218 
illustration, 271 
redistribution, 267,269 

Liquid hold-up, random packing, 317 
Loading and flooding regions, random packing, 310 

liquid rate, liquid continuous mode (packing), 31 1 
pressure drop at flooding, 31 1 
pressure drop below and at flood point, continuous 

range, 311 
Mass and heat transfer, 343 
Mass transfer diagram, types of operation, 344 
Mass transfer equation, 343 

function values to use with equation, 346 
Mass transfer with chemical reaction, 361 
Materials of construction, random packing, 280 
Maximum operating capacity (MOC), random 

packing, 299 
comparison of various packings, 300 
Strigle’s table, 300 

Binary mixture, 3 
McCabe-Thiele diagram, 3 

Mechanical arrangement, distillation tower, 2 
Mechanical designs for tray performance, 122 
Mechanical tolerances for construction self-supporting 

towers, 218 
composite tray assembly, 219 

Metal VSRB, 239 
Minimum plates at total reflux, 21 
Minimum reflux ratio, infinite plates, 29 
Minimum total trays, 22 
Minimum trays, total reflux, constant volatility, 80 
Montz-Nutter structured packing, 246,342 
Multicomponent distillation, 68 

Akers and Wade method, 87,92 
algebraic plate-teplate method, 70 
Chou and Yaws multicomponent method, 81-89 
key components, 68 
minimum reflux ratio, 68 
minimum reflux ratio/infinite plates, 68 
tray-by-tray, 87 
Underwood algebraic method, 71 
Yaw’s short-cut method, 6 

Murphree tray efficiency, 41-43 
Nomenclature 

distillation 
absorption and stripping, 121 
mechanical designs, tray performance, 221 
process performance, 2,102 

packed towers, 408-41 1 
Non-ideal systems, 5 
Norton Intaloxa, 241 

Norton trays 
bubble cap tray, 124 
valve tray, 124 

Norton’s packing capacity chart, IMTP@ random metal 
packing, non-foaming, 287 

Norton’s pressure drop correlation for IMTP@ random 
packing, 286 

Nutter MVG tray, 123 
Nutter Ring@, 239 
O’Connell tray efficiency, 41 
Open steam stripping, 62 
Operating line, equilibrium diagram, 3 
Packed tow7er mass transfer countercurrent diagram and 

symbols, 343 
Packed towers, 230ff. 

basic features, 230 
bell and spigot ceramic construction, 234,235 
brick and membrane-lined shell, 232,233 
distillation in, 370 
distribution, 246ff. 
distributor pan, 257 
drip points, recommended, 265-266 
grid, 231,248,249 
packing supports, 236 
random packing, 234 
reinforced plastic shell construction, 236 
rubber-lined, 232,233 
shell, 234 
structured packing, 234 
typical arrangement internal components, 

cross-section, 234, 235 
Packing, fouling, 280 
Packing, random, recommended design capacity and 

Packing data 
pressure drop, 292 

Berl saddles, ceramic, 250 

ChempakB, metal, 253 
cross partition tile, ceramic, 251 
Drip point tile, ceramic, 253 
HyPak’, metal, 252 
Intalox@, ceramic, 251 
Lessing rings, metal, 250 

Pall rings, metal, 252 

Raschig rings, ceramic, 248 

metal, 251 

ceramic, 250 

plastic, 252 

carbon, 249 
metal, 249 

plastic, 252 
Super IntaloxB, ceramic, 252 

Tellerette, plastic, 252 
Packing factors, wet and dumped, random, 289-291 

flooding vs. packing factors, 291 
special packing, 292 

Packing installation, 270 
dumped, 270,272 
stacked, 270,272 
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Packing performance, random 
capacity basis for design, 300 
capacity parameter, 282 
comparison at flood, tray 1%. packing, 273 
contacting efficiency, HEW, HTU, Kga, 276 
design efficiency and capacity, various packings, 300 
efficiency, random vs. structural, 2’74 
flooding capacity, 273 
flow parameters, 282 
fouling, 280 
fraction packing wetted, 317 
generalized correlation, loading, flooding pressure 

generalized pressure drop correlation (s) ,283-285 
HETP, 274 

drop, 284 

comparison at design point, various packing, 302 
comparison of 2-ft rings, 280 

Kister correlation, 299 
liquid hold-up, 307 
liquid hold-up variation with surface tension, 318 
loading point/loading region, 282 
minimum liquid wetting rates, 281 

minimum rate, 281 
wetting rates vs. surface conditioning, 281 

Norton’s packing capacity correlation for IMTPB 
metal, 287 

packing size for various column diameters, 271, 279, 297 
pressure drop, 280 

comparison, valve tray vs. Nutter r ing,  276 
design and guide, 293-298 

relative performance characteristics, 277 
Sherwood flooding correlation, 283. 

Strigle’s latest generalized pressure drop correlation, 286 
Strigle’s maximum operating capacity, 299 
surface tension effects, 289 
typical HETP curve, operating and design relationship, 288 
typical performance comparison, random vs. 

static hold-up, 318 

structural, 279,280 
Packing related to column diameter (random), 279 
Packing service application, 234 
Packing supports, 236,256-259 

flooding on perforated supports, 314 
pressure drop in various designs, 313 

Packing ty-pe application, 255 
Packing vs.trays 

capacity at flood, 273 
FRI studies, 273 
guidelines, 272 
Kister studies, 273 
practical packing, 273 
practical tray, 273 

Packing wetted area (random), 320 
Pall rings, 237-238 
Perforated plates (sieve) without downcomers, 202 

calculatior_ summary, 202-206 
dump point, load point, 204 
efficiency, 204 

tray layout, 202 
vapor and liquid rates for tray activation, 205 

Perforated sieve plates/trays, 196 
number holes in plate, 196 
percent open hole area, 196 

Perforated trays with downcomers, 122,123 
Perforated trays without downcomers (dual flow), 122,123 
Performance structured packings, 323 

Size selection 
ACS woven knitted mesh, 323-325 
Glitsch Gempacn structured packing, 331,335: 336 
Koch Flexipac* structured packing, 328-329 
Koch Sulzer woven wire packing, 325,327 
Norton IntaloxB structured packing, 328-331 

Pinch conditions, x y  diagram, 32 
PonchonSavarit binary mixture, 63 

graphical method, 63-67 
perfonnance/design charts, 64-66 
unequal overflow distillation, 65 

Prausnitz, 5 
Pressure, distillation operating, 18 

algorithm for establishing, 19 
Pressure drop, bubble cap tray, 167 
Pressure drop, design guide random packing, 293-298 

drip point tile, 293-295 
Pressure drop, random packing, 283-286 

across packing supports and redistribution plates, 312,313 
comparison of various packings, 300 
constants below flooding region, 31 2 
correlation at flood point, 310 
Norton’s proprietary correlation (GPDC) for metal IMTP 

Strigle’s correlation, (GPDC), 286 
packing only, 286 

Pressure drop, sieve tray with downcomers, 182 
Fair’s method, 182 
Hughmark and O’Connell method, 182 
through downcomer, 183 
total wet tray, 182 

Proprietary valve tray design, 207-21 1 
comparison valve tray pressure drop, 210 
correlation of aerated tray liquid pressure drop chart, 209 
dry tray pressure drop, 208 
materials used for valves, 209 
typical operating valve tray pressure drop, 208 

Psychrometric chart for air, 397-398 
Radial liquid spreading coefficients, 268 
Random packing, 234ff. 

loading/flooding regions, 310 
materials of construction, 280 
maximum operating capacity, 299 
packing types, shapes, 237-242 

Ceramic, 237 
Metal, 237-241 
Plastic, 238-242 

Glitsch Cascade metal Mini-Rinp, 309 
Norton metal Intalox M P @ ,  301-302 
Nutter Ring“’, 305-308 

proprietary design guidelines 
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Raoult's Law, 2 

Rauschert Hiflow@, 241 
Recovery, multicomponent system, 85-86 

Yaw's method, 88 
Redistribution of liquid, 267,269 

wall wipers, 269,270 
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distillation/absorption/mechanical tray design, 223 
packed towers, 411414 

Colburn minimum, pinch temperature, 74 
Fenske equation, 22 
minimum chart, 23 
minimum plates, 21, 23 
operating, Brown and Martin, 83 
theoretical trays relationship, 40 
total, 21, 23 
vs. trays, Gilliland, 31 

effects on overhead and bottoms, chart, 99 
minimum infinite plates, 29 
theoretical plates, chart, 30 

Relative volatility, 22 
quick estimate, 28 

Residence time in downcomer, 169 
rich oil, 108 

Robbin's pressure drop correlation, 297 
Robinson and Gilliland, 63 
Scheibel-Montross multicomponent system, 79 
Schematic tower arrangement with performance 

nomenclature, 2 
Seal pan, bottom tray, 154 
Sieve and bubble tray flooding comparison, 192 
Sieve tray vapor cross-flow channeling, 194, 195 
Sieve trays, 122 

arrangement with downcomer, 126 
layout, 127 
tray spacing, 177 

Sieve trays with downcomers, 174ff. 
aeration factor, 180 
alternate downcomer weirs, 178 
composite tower assembly, 219 
design, 187 

combined with Dalton's Law, 2 

Reflux 

Reflux ratio 

calculations, 195,199 
hole velocity, 193 

downcomer, 177 
dry tray pressure drop, 181 
dynamic liquid seal, 182 
effective liquid head, with downcomer, 182 
entrainment calculations, 178 
entrainment flooding, 187 
equivalent hole diameter, 184 
Fair method, dry tray, 181 
Fair method entrainment flooding, 188,189 
fractional entrainment, 190 
free height in downcomer, 183 
friction factor for froth crossflow, 180 

graphical correlation ultimate capacity, 212 
height of liquid over outlet weir, 179 
hydraulic gradient, 179, 180 
liquid backup, or height in downcomer, 183 
maximum hole velocity, flooding, 193 
minimum vapor velocity, weep point, 183 
number holes in plate, 196 
percent open hole area, 196 
pressure drop through downcomer, 183 
selection guide, 175 
static liquid seal on tray, submergence, 181 
terminology, 175, 176 
total wet tray pressure drop, 182 
tower diameter, 176,197 
tray components, 175 
tray hydraulics, 179 
tray stability, 193, 194 
typical operating curves, 179 
vs. bubble cap trays, 44 
weep point velocity, 186 
weeping calculations, correlations, 183, 184 
weeping comparison Koch valves and sieve 

trays, 185 
SoudemBrown, 176 
Specification data sheet, 220 

process tray performance, 220 
mechanical tray performance, 220 

Specification form for tower details (shell), 354 
internal tower detail, spray or packed, 355 

Spray distributor, 263,264 
Static hold-up, 318 

effects of surface tension, density, viscosity, 319 
Steam distillation, 5'7 

calculations, 57, 58 
continuous differential, 60 
continuous flash, 59,60 
Hausbrand vapor pressure chart, 58 
open live steam, with trays, 60 
open stem stripping diagram, 62 
phase rule, 57 

Stripping, 110-1 11 
Stripping dissolved organics from water, method of Li and 

Hsiao, 100 
Stripping tower using air, 102 
Structured packing, 242-247,322,337 

packing types, shapes, etc., 242-247 
ACS knitted wire mesh, 243 
features, 322 
Glitsch Gempakm, corrugated metaI, 245 
Goodloe wiremesh (Glitsch, Inc.), 242 
Koch ceramic FlexiramicB, 247 
Koch FlexipacB, 244 
Koch-Sulzer corrugated sheets, 244 
Metal Max-PaP, corrugated sheets, 245 
Montz-Nutter"", corrugated metal, 246 
Norton Intalox@ wire gauze, 245 
Nutter BHS'" expanded metal textured, 246 
Panapak, 242 
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Sprdypak, 242 
York-twist'", 243 

performance features, 242-247, 323, 337 
capacity correlation €or structured IntaloxB, 331 
characteristics comparison table, 340 
comparison of flooding data charts, 340 
comparison of structured gauze vs. Pall rings, 341 
flooding, 337 
guidelines for structured packings, 342 
HETP for Montz-Nuttefl packing, chart, 343 
pressure drop, 338 

at flood vs. loading, 341 
for Montz-Nuttefl packing, 343 

scale-up, 342 
Sulfur dioxide-water system (dilute gas), 368 
Support, packing, 236,256-239 
Teller Rosette, 242 
Theoretical trays at operating (actual) reflux, 3,30,83,85 
Thermal condition of feed, 20 
Total reflux, minimum plates, 21 
Tower diameter, sieve trays, 176 
Tower specifications, 215 

composite tower-tray assembly, 219 
mechanical internal specifications, tray columns, 217 
mechanical specifications form, trays, 216 
mechanical tolerances for construction, 218 

Tower/column diameter, 275, 292, 293, 300 
Brown-Souders tower diameter, 197 
bubble cap, 126 
calculations, 126, 129, 130, 195 
sieve trays, 176 

Transfer unit relationship to HETP, 375, 376 
Transfer units, 343, 375 

Colburn plot, 347 
concentrated solutions, 345 
cooling towers, 387 
general applications, 345 
graphical integration, 348,349 
liquid film control, 345 
number, 343,344 
overall mass transfer, ammonia-water, 353 
relationship to HETP 376 
system film control, 345 
use of k~ and kL, 349 
vapor-liquid diagram for benzene-toluene transfer 

units, 377 
Tray-by-tray multicomponent distillation, 87,90 
Tray designs for liquid paths(bubb1e cap), 137 
Tray efficiency, 40,41 

AKhE distillation tray efficiency, 41 
effects of npor  mixing and liquid respectively on tray 

efficiency, 45 
Murphree, 41,42 
Sieve vs. bubble cap, 44 

Tray layout, 131,133,154 
bottom seal pan, 154 
bubble cap layout form, 144,145 

bubble cap typical design details, 139, 146-153 
liquid weep, drainage, 154 
Nutter valve, 129 
sieve tray with downcomers, 126, 127, 174, 195 
sieve tray without downcomer, 205 
spacing, 168 

Tray liquid drainage, 154 
Tray performance, mechanical designs, 122 
Tray stability, sieve charts, 193, 194 
Tray types, 122 

bubble cap, 122,123 
comparison of major contacting, 123 
sieve or perforated, 122, 123 

classification of tray areas, 137 
guide for tray type selection, 137 

Tray types for liquid paths (bubble cap), 137 

Troubleshooting, distillation tray, predictive maintenance, 

Underwood algebraic distillation, 71 
adjacent key systems, 71 
improved alternate method, 71 
minimum reflux ratio, example, 73 
procedure, 71 
split-key system, constant volatility, 72 
variable a, adjacent key, 71 

Unequal molal overflow, distillation, 63 
Vapor distribution, bubble cap, 171 
Vapor-liquid equilibrium curve, 3 
Weep holes, 154 
Weep point, sieve trays with downcomers 

101,220,221 

calculations, 184 
correlations, 184, 286 
minimum vapor velocity, 183 
performance comparison, 186 
velocity, 186 
weeping correlations, 183 

Weeping correlations, Koch valve tray, 184,186 
chart comparison with sieve trays, 185,186 
weep point velocity, 186 
weir height performance comparison, 186 

calculations, 184 
charts, 183 

bottom tray seal pan, 170 
correction factor for segmental, 159 
height liquid over, 159 
inlet, 170 
length, design chart, 156 
throw over outlet segmental, 170 

M'etted packing, fraction, 317 
Winn, F.W., 24,25 
x-y diagram, benzene-toluene, 26 
x-y diagram, ethanol-water, 73 
Yaw's recovery of non-key components, 86 
Yaw's shortcut multicomponent distillation, 69 

Weeping correlations for sieve tmys w/downcomers 

M'eirs, 134 
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